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Preface to the Second Edition 



T his book deals with the design and integration of chemical 
processes. The Second Edition has been rewritten, restruc¬ 
tured and updated throughout from the First Edition. At the heart 
of the book are the conceptual issues that are fundamental to the 
creation of chemical processes and their integration to form 
complete manufacturing systems. Compared with the First 
Edition, this edition includes much greater consideration of 
equipment and equipment design, including materials of con¬ 
struction, whilst not sacrificing understanding of the overall 
conceptual design. Greater emphasis has also been placed on 
physical properties, process simulation and batch processing. 
Increasing environmental awareness has dictated the necessity 
of a greater emphasis on environmental sustainability through¬ 
out. The main implication of this for process design is greater 
efficiency in the use of raw materials, energy and water and a 
greater emphasis on process safety. Consideration of integration 
has not been restricted to individual processes, but integration 
across processes has also been emphasized to create environ¬ 
mentally sustainable integrated manufacturing systems. Thus, 
the text integrates equipment, process and manufacturing 
system design. This edition has been rewritten to make it 
more accessible to undergraduate students of chemical engineer¬ 
ing than the First Edition, as well as maintaining its usefulness to 


postgraduate students of chemical engineering and to practicing 
chemical engineers. 

As with the first edition, this edition as much as possible 
emphasizes understanding of process design methods, as well as 
their application. Where practical, the derivation of design equa¬ 
tions has been included, as this is the best way to understand the 
limitations of those equations and to ensure their wise application. 

The book is intended to provide a practical guide to chemical 
process design and integration for students of chemical engineering 
at all levels, practicing process designers and chemical engineers 
and applied chemists working in process development. For under¬ 
graduate studies, the text assumes basic knowledge of material and 
energy balances and thermodynamics, together with basic spread¬ 
sheeting skills. Worked examples have been included throughout 
the text. Most of these examples do not require specialist software 
and can be solved either by hand or using spreadsheet software. A 
suite of Excel spreadsheets has also been made available to allow 
some of the more complex example calculations to be performed 
more conveniently. Finally, a number of exercises has been added at 
the end of each chapter to allow the reader to practice the calculation 
procedures. A solutions manual is available. 


Robin Smith 
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(N ■ m 4 ■ kmol -2 ), or 

correlating coefficient (units depend on 

application), or 

cost law coefficient ($), or 
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correlating coefficient (units depend on 
application), or 
order of reaction (—) 

bj Bottoms flowrate of Component i (kmol • s -1 , 

kmol • h -1 ) 

B Baffle spacing in shell-and-tube heat exchangers 
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Bottoms flowrate in distillation (kg • s -1 , 
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constant in vapor pressure correlation 

(N ■ K ■ m -2 , bar • K), or 

moles remaining in batch distillation (kmol) 


B c Baffle cut for shell-and-tube heat exchangers 

(-) 

BOD Biological oxygen demand (kg • m -3 , mg • l -1 ) 

c Capital cost law coefficient (—), or 

correlating coefficient (units depend on 
application), or 
order of reaction (—) 
c D Drag coefficient (—) 

Cf Fanning friction factor (-) 

Cfs Smooth tube Fanning friction factor (—) 

c L Loss coefficient for pipe or pipe fitting (—) 
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constant in vapor pressure correlation (K), or 
number of components (separate systems) in 
network design (—) 

C B Base capital cost of equipment ($) 

Ce Environmental discharge concentration (ppm) 

C E Equipment capital cost ($), or 

unit cost of energy ($ • kW -1 , $ • MW -1 ) 

C F Fixed capital cost of complete installation ($) 

C P Specific heat capacity at constant pressure 

(kJ • kg -1 ■ K -1 , kJ ■ kmol -1 ■ K -1 ) 

~Cp Mean heat capacity at constant pressure 

(kJ • kg -1 • K -1 , kJ ■ kmol -1 ■ K -1 ) 

C s Corrected superficial velocity in distillation 

(m ■ s -1 ) 

Cy Specific heat capacity at constant volume 

(kJ • kg -1 • K -1 , kJ ■ kmol -1 ■ K -1 ) 

C* Solubility of solute in solvent (kg ■ kg solvent -1 ) 

CC Cycles of concentration for a cooling tower (—) 

CC steam Cumulative cost ($ • t -1 ) 
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COP Coefficient of performance (—) 

COPahp Coefficient of performance of an absorption heat 

pump (-) 

COP AHT Coefficient of performance of an absorption heat 

transformer (—) 

COP A r Coefficient of performance of absorption 

refrigeration (—) 

COPchp Coefficient of performance of a compression 
heat pump (—) 

COP H p Coefficient of performance of a heat pump (—) 

COP ref Coefficient of performance of a refrigeration 

system (—) 

CP Capacity parameter in distillation (m • s - ) or 

heat capacity flowrate (kW ■ K -1 , MW ■ K -1 ) 
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CP E x 

CW 

d 


dc 

di 

di 

dp 

dR 

D 

D b 

D s 

DCFRR 

e 

E 


Eo 


EP 

f 

ft 


fp 

fr 

F 


PFOAM 

Flv 

Frad 

Esc 

F t 


Heat capacity flowrate of heat engine exhaust 

Etc 

Correction factor for tube count in shell-and- 

(kW • K -1 , MW • K -1 ) 


tube heat exchangers (—) 

Cooling water 

ETmin 

Minimum acceptable F T for noncountercurrent 

Diameter (pm, m), or 


heat exchangers (—) 

correlating coefficient (units depend on 

Fxy 

Factor to allow for inclination in structured 

application) 


packing (—) 

Column inside diameter (m) 

Eo 

Factor to allow for inadequate wetting of 

Distillate flowrate of Component i (kmol • s -1 , 


packing (—) 

kmol • h -1 ) 

8 

Acceleration due to gravity (9.81 m ■ s -2 ) 

Inside diameter of pipe or tube (m) 

8ij 

Energy of interaction between Molecules i 

Distillation and absorption packing size (m) 


and j in the NRTL equation (kJ • kmol - ) 

Outside tube diameter for a finned tube at the 

G 

Free energy (kJ), or 

root of fins (m) 


gas flowrate (kg • s -1 , kmol • s -1 ) 

Distillate flowrate (kg • s , kg ■ h - , kmol • s. 

Gi 

Partial molar free energy of Component i 

kmol • h -1 ) 


(kJ ■ kmol -1 ) 

Tube bundle diameter for shell-and-tube heat 

G° 

Standard partial molar free energy of 

exchangers (m) 

l 

Component i (kJ • kmol -1 ) 

Inside shell diameter for shell-and-tube heat 

GCV 

Gross calorific value of fuel (J ■ m - , kJ • m - , 

exchangers (m) 


J • kg -1 , kJ ■ kg -1 ) 

Discounted cash flowrate of return (%) 

h 

Settling distance of particles (m) 

Wire diameter (m) 

h B 

Boiling heat transfer coefficient for the tube 

Activation energy of reaction (kJ ■ kmol -1 ), or 


bundle (W • m -2 • K -1 , kW • m -2 • K -1 ) 

entrainer flowrate in azeotropic and extractive 

he 

Condensing film heat transfer coefficient 

distillation (kg • s -1 , kmol • s -1 ), or 


(W ■ m -2 • K -1 , kW ■ m -2 • K -1 ) 

exchange factor in radiant heat transfer (—), or 

hi 

Film heat transfer coefficient for the inside 

extract flowrate in liquid-liquid extraction 


(W ■ m -2 • K -1 , kW • m -2 ■ K -1 ) 

(kg • s , kmol • s -1 ), or 

hiF 

Fouling heat transfer coefficient for the inside 

stage efficiency in separation (— ) 


(W ■ m -2 • K -1 , kW • m -2 • K -1 ) 

Overall stage efficiency in distillation and 

h L 

Head loss in a pipe or pipe fitting (m) 

absorption (— ) 

hfjB 

Nucleate boiling heat transfer coefficient 

Economic potential ($ • y - ) 


(W ■ m -2 • K -1 , kW • m -2 • K -1 ) 

Fuel-to-air ratio for gas turbine (— ) 

h 0 

Film heat transfer coefficient for the outside 

Capital cost installation factor for Equipment 


(W • m -2 • K -1 , kW • m -2 • K -1 ) 

i (-), or 

hoF 

Fouling heat transfer coefficient for the outside 

feed flowrate of Component i (kmol • s -1 , 


(W ■ m -2 • K -1 , kW • m -2 • K -1 ) 

kmol • h -1 ), or 

hRAD 

Radiant heat transfer coefficient (W ■ m -2 ■ K -1 , 

fugacity of Component i (N • m - , bar) 


kW ■ m -2 • K -1 ) 

Capital cost factor to allow for design 

h\v 

Heat transfer coefficient for the tube wall 

pressure (— ) 


(W • m -2 • K -1 , kW • m -2 • K -1 ) 

Capital cost factor to allow for design 

H 

Enthalpy (kJ, kJ ■ kg -1 , kJ • kmol -1 ), or 

temperature (—) 


height (m), or 

Feed flowrate (kg • s , kg • h - , kmol • s. 


Henry’s Law Constant (N ■ m - , bar, atm), or 

kmol • h -1 ), or 


stream enthalpy (kJ • s, MJ • s -1 ) 

future worth a sum of money allowing for 

H f 

Height of fin (m) 

interest rates ($), or 

H, 

Tray spacing (m) 

number of degrees of freedom (—), or 


Standard heat of formation of Component i 

volumetric flowrate (m 3 • s -1 , m 3 ■ h -1 ) 

(kJ ■ kmol -1 ) 

Foaming factor in distillation (—) 

AH° 

Standard heat of reaction (J, kJ) 

Fiquid-vapor flow parameter in distillation (—) 

AFIcomb 

Heat of combustion (J ■ kmol -1 , kJ • kmol -1 ) 

Fraction of heat absorbed in fired heater radiant 

API 0 

urL COMB 

Standard heat of combustion at 298 K 

section (—) 


(J ■ kmol -1 , kJ ■ kmol -1 ) 

Correction factor for shell construction in shell- 

AFIfuel 

Heat to bring fuel to standard temperature 

and-tube heat exchangers (—) 


(J ■ kmol -1 , kJ ■ kg -1 ) 

Correction factor for noncountercurrent flow in 

a H IS 

Isentropic enthalpy change of an expansion 

shell-and-tube heat exchangers (—) 


(J ■ kmol -1 , kJ ■ kg -1 ) 
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A H P 

Heat to bring products from standard 

m 

Mass flowrate (kg • s _1 ), or 


temperature to the final temperature 


molar flowrate (kmol • s -1 ), or 


(J • kmol -1 , kJ • kg -1 ) 


number of items (—) 

A H r 

Heat to bring reactants from their initial 

m c 

Mass flowrate of water contaminant 


temperature to standard temperature 


(g-h -i , g .d -1 ) 


(J • kmol -1 , kJ • kmol -1 ) 

m COND 

Mass of condensate (kg) 

A H steam 

Enthalpy difference between generated steam 

m EX 

Mass flowrate of exhaust (kg ■ s -1 ) 


and boiler feedwater (kW, MW) 

m FUEL 

Mass of fuel (kg) 

A H VA p 

Latent heat of vaporization (kJ ■ kg -1 , kJ ■ kmol -1 ) 

Mlfnax 

Maximum mass flowrate (kg • s -1 ) 

HETP 

Height equivalent of a theoretical plate (m) 

'HSTEAM 

Mass flowrate of steam (kg • s -1 ) 

HP 

High pressure 

m w 

Mass flowrate of pure water (t • h, t • d -1 ) 

HR 

Heat rate for gas turbine (kJ ■ kWh -1 ) 

m WL 

Limiting mass flowrate of pure water 

i 

Fractional rate of interest on money (—), or 


(t - h -1 , td -1 ) 


number of ions (—) 

™ Wmin 

Minimum mass flowrate of fresh water 

I 

Total number of hot streams (—) 


(t-h -1 , t d -1 ) 

J 

Total number of cold streams (—) 

niwr 

Target mass flowrate of fresh water (t • h -1 , t ■ d -1 ) 

k 

Reaction rate constant (units depend on order of 

m WTLOSS 

Target mass flowrate of fresh water involving a 


reaction), or 


water loss (t • h, t ■ d -1 ) 


step number in a numerical calculation (—), or 

M 

Constant in capital cost correlations (—), or 


thermal conductivity (W ■ m -1 ■ K - , 


molar mass (kg • kmol -1 ), or 


kW-m -1 -K -1 ) 


number of variables (—) 

k F 

Fin thermal conductivity (W ■ m -1 • K -1 , 

MP 

Medium pressure 


kW-m -1 -K -1 ) 

STEAM 

Marginal cost of steam ($ • t -1 ) 

k C.i 

Mass transfer coefficient in the gas phase 

n 

Number of items (—), or 


(kmol ■ m -2 ■ Pa -1 ■ s -1 ) 


number of years (—), or 

kjj 

Interaction parameter between Components i 


polytropic coefficient (—), or 


and j in an equation of state (—) 


slope of Willans Line (kJ • kg -1 , MJ • kg -1 ) 

k-L,i 

Mass transfer coefficient of Component i in the 

N 

Number of compression stages (—), or 


liquid phase (m ■ s -1 ) 


number of independent equations (—), or 

k Q 

Frequency factor for heat of reaction (units 


number of moles (kmol), or 


depend on order of reaction) 


number of theoretical stages (—), or 

k w 

Wall thermal conductivity (W • m - ■ K - , 


rate of transfer of a component 


kW • in 1 - K ') 


(kmol ■ s -1 • m -3 ), or 

K 

Overall mass transfer coefficient 


rotational speed (s -1 , min -1 ) 


(kmol ■ Pa - • m - • s -1 ), or 

N F 

Number of fins per unit length (m -1 ) 


rate constant for fouling (m~ ■ K • W -1 • day -1 ), or 

N, 

Number of moles of Component i (kmol) 


total number of enthalpy intervals in heat 

Nio 

Initial number of moles of Component i (kmol) 


exchanger networks (—) 

N ■ 

min 

Minimum number of theoretical stages (—) 

K a 

Equilibrium constant of reaction based on 

N P 

Number of tube passes (—) 


activity (—) 

N r 

Number of tube rows (—) 

Ki 

Ratio of vapor-to-liquid composition at 

N SHELLS 

Number of number of 1-2 shells in shell-and- 


equilibrium for Component i (—) 


tube heat exchangers (— ) 

Kmj 

Equilibrium partition coefficient of membrane 

N r 

Number of tube rows (— ) 


for Component i (— ) 

N s 

Specific speed of centrifugal pump (— ) 

K P 

Equilibrium constant of reaction based on 

N t 

Number of tubes (-) 


partial pressure in the vapor phase (—) 

n tr 

Number of tubes per row (—) 

K t 

Parameter for terminal settling velocity (m • s -1 ) 

N UNITS 

Number of units in a heat exchanger 

K x 

Equilibrium constant of reaction based on mole 


network (-) 


fraction in the liquid phase (—) 

NC 

Number of components in a multicomponent 

Ky 

Equilibrium constant of reaction based on mole 


mixture (—) 


fraction in vapor phase (—) 

NCV 

Net calorific value of fuel (J • m -3 , kJ • m -3 , 

L 

length (m), or 


I-kg -1 , kl-kg -1 ) 


liquid flowrate (kg • s, kmol ■ s -1 ), or 

NPSH 

Net positive suction head (m) 


number of independent loops in a 

NPV 

Net present value ($) 


network (—) 

Nu 

Nusselt number (—) 

L w 

Distillation tray weir length (m) 

P 

Partial pressure (N • m -2 , bar), or 

LP 

Low pressure 


helical pitch (m) 
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Pc 

Pt 

P 


Pc 

p 

1 max 

Pm.i 


Pmj 

Pn-2N 

P 1-2 

pSAT 

Pr 

AP 

APFLOOD 

q 


qc 

qc\ 


q> 


qRAD 

Q 

Qabs 

Qc 

Qc 

min 

Qcond 

Qconv 

Qevap 

Qex 

Qfeed 

Qfuel 

Qgen 

Qh 

QHmin 

Qhe 

Qhen 


Pitch configuration factor for tube layout (— ) Qinput 

Tube pitch (m) Q HP 

Present worth of a future sum of money ($), or 
pressure (N ■ m - , bar), or Q LP 

probability (-), or Q LOSS 

thermal effectiveness of 1-2 shell-and-tube heat 
exchanger (-) Qoutput 

Critical pressure (N • m -2 , bar) Qrad 

Maximum thermal effectiveness of 1-2 shell- Qreact 

and-tube heat exchangers (—) Qreb 

Permeability of Component i for a membrane Qrec 

(kmol • m • s -1 • m -2 • bar -1 , Qsite 

kg solvent • m -1 • s -1 • bar -1 ) Qsteam 

Permeance of Component i for a membrane r 

(m 3 • m -2 • s -1 • bar -1 ) 

Thermal effectiveness over Nshells number of 
1-2 shell-and-tube heat exchangers in series (—) r. 


Thermal effectiveness over each 1-2 shell-and- 
tube heat exchanger in series (—) 

Saturated liquid-vapor pressure (N • m -- , bar) 

Prandtl number (—) 

Pressure drop (N ■ m -2 , bar) 

Pressure drop under flooding conditions R 

(N • m -2 , bar) 

Heat flux (W ■ m -2 , kW ■ m -2 ), or 
thermal condition of the feed in distillation (—), or 
Wegstein acceleration parameter for the 
convergence of recycle calculations (—) 

Critical heat flux (W • m -2 , kW ■ m -2 ) 

Critical heat flux for a single tube (W • m -2 , 


kW ■ m -2 ) 

Individual stream heat duty for Stream i 
(kJ • s -1 ), or 

pure component property measuring the 

molecular van der Waals surface area for 

Molecule i in the UNIQUAC Equation of R AF 

UNIFAC Model (-) R min 

Radiant heat flux (W • m -2 , kW • m -2 ) R F 

Heat duty (kW, MW) 

Absorber heat duty (kW, MW) 

Cooling duty (kW, MW) Rsite 

Target for cold utility (kW, MW) ROI 

Condenser heat duty (kW, MW) Re 

Convective heat duty (kW, MW) s 

Evaporator heat duty (kW, MW) 

Heat duty for heat engine exhaust S 

(kW, MW) 

Heat duty to the feed (kW, MW) 

Heat from fuel in a furnace, boiler, or gas 
turbine (kW, MW) 


Heat pump generator heat duty (kW, MW) 
Heating duty (kW, MW) 

Target for hot utility (kW, MW) 

Heat engine heat duty (kW, MW) 

Heat exchanger network heat duty 
(kW, MW) 


Heat input from fuel (kW, MW) 

Heat duty on high-pressure steam (kW, MW), or 
heat pump heat duty (kW, MW) 

Heat duty on low-pressure steam (kW, MW) 
Stack loss from furnace, boiler, or gas turbine 
(kW, MW) 

Heat output to steam generation (kW, MW) 
Radiant heat duty (kW, MW) 

Reactor heating or cooling duty (kW, MW) 
Reboiler heat duty (kW, MW) 

Heat recovery (kW, MW) 

Site heating demand (kW, MW) 

Heat input for steam generation (kW, MW) 
Molar ratio (—), or 
pressure ratio (—), or 
radius (m) 

Pure component property measuring the 
molecular van der Waals volume for Molecule i 
in the UNIQUAC Equation and UINFAC 
Model (-), or 

rate of reaction of Component i (kmol -1 • s -1 ), or 
recovery of Component i in separation (—) 
Fractional recovery of a component in 
separation (—), or 

heat capacity ratio of 1-2 shell-and-tube heat 
exchanger (—), or 

raffinate flowrate in liquid-liquid extraction 

(kg • s -1 , kmol • s -1 ), or 

ratio of heat capacity flowrates (—), or 

reflux ratio in distillation (—), or 

removal ratio in water treatment (—), or 

residual error (units depend on application), or 

universal gas constant (8314.5 

N • m • kmol -1 ■ K -1 = J ■ kmol -1 ■ K -1 , 8.3145 

kJ • kmol -1 ■ K -1 ) 

Mass ratio of air to fuel (—) 

Minimum reflux ratio (—) 

Fouling resistance in heat transfer 
(m -2 ■ K ■ W -1 ), or 

ratio of actual to minimum reflux ratio (—) 

Site power-to-heat ratio (—) 

Return on investment (%) 

Reynolds number (—) 

Reactor space velocity (s -1 , min -1 , h -1 ), or 
steam-to-air ratio for gas turbine (—) 

Entropy (kJ ■ K -1 , kJ ■ kg -1 ■ K -1 , 

kJ • kmol -1 ■ K -1 ), or 

number of streams in a heat exchanger 

network (—), or 

reactor selectivity (—), or 

reboil ratio for distillation (—), or 

selectivity of a reaction (—), or 

slack variable in optimization (units depend on 

application), or 

solvent flowrate (kg • s -1 , kmol • s -1 ), or 
stripping factor in absorption (—) 
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S c Number of cold streams (—) 

Sh Number of hot streams (—) 

Svy Dimensionless swirl parameter (—) 

t Batch time (s, h), or 

time (s, h) 

T Temperature (°C, K) 

Tabs Absorber temperature (°C, K) 

Tbpt Normal boiling point (°C, K) 

Tc Critical temperature (K), or 

temperature of heat sink (°C, K) 

Tcond Condenser temperature (°C, K) 

T e Equilibrium temperature (°C, K) 

T EVA p Evaporation temperature (°C, K) 

Tfeed Feed temperature (°C, K) 

Tgen Heat pump generator temperature (°C, K) 

T h Temperature of heat source (°C, K) 

T r Reduced temperature T/T c (—) 

Treb Reboiler temperature (°C, K) 

T s Stream supply temperature (°C) 

T S at Saturation temperature of boiling liquid (°C, K) 

T t Stream target temperature (°C) 

T tft Theoretical flame temperature (°C, K) 

T w Wall temperature (°C, K) 

T W bt Wet bulb temperature (°C) 

T* Interval temperature (°C) 

AT LM Logarithmic mean temperature difference 

(°C, K) 

XT mi „ Minimum temperature difference (°C, K) 

AT threshold Threshold temperature difference (°C, K) 

TAC Total annual cost ($ • y -1 ) 

TOD Total oxygen demand (kg ■ m -3 , mg • l _l ) 

Ujj Interaction parameter between Molecule i and 

Molecule j in the UNIQUAC Equation 
(kJ • kmol -1 ) 

U Overall heat transfer coefficient ( W • m -2 • K -1 , 

kW • m -2 • K -1 ) 

v Velocity (m • s -1 ) 

v D Downcomer liquid velocity (m • h -1 ) 

v s Shell-side fluid velocity (m ■ s -1 ), or 

superficial vapor velocity (m ■ s -1 ) 

Vj Terminal settling velocity (m ■ s -1 ), or 

tube-side tube velocity (m ■ s -1 ) 
v v Superficial vapor velocity in empty column 

(m ■ s- 1 ) 

V Molar volume (m 3 • kmol -1 ), or 

vapor flowrate (kg • s , kmol • s - ), or 
volume (nr), or 

volume of gas or vapor adsorbed (m 3 • kg - ) 
V min Minimum vapor flow (kg ■ s -1 , kmol ■ s -1 ) 

VF Vapor fraction (—) 

w Mass of adsorbate per mass of adsorbent (—) 

W Shaft power (kW, MW), or 

shaft work (kJ, MJ) 

Wqen Power generated (kW, MW) 

W G t Power generated by gas turbine (kW, MW) 

W INT Intercept of Willans Line (kW, MW) 


Wloss Power loss in gas or steam turbines (kW, MW) 

Wsite Site power demand (kW, MW) 

x Control variable in optimization problem (units 

depend on application), or 
liquid-phase mole fraction (—) 

x F Final value of control variable in optimization 

problem (units depend on application), or 
mole fraction in the feed (—) 

x B Mole fraction in the distillation bottoms (—) 

x D Mole fraction in the distillate (—) 

x 0 Initial value of control variable in optimization 

problem (units depend on application) 

X Reactor conversion (—), or 

wetness fraction of steam (—) 

X E Equilibrium reactor conversion (—) 

X OPT Optimal reactor conversion (—) 

X P Fraction of maximum thermal effectiveness 

P,nax allowed in a 1-2 shell-and-tube heat 
exchanger (—) 

XP Cross-pinch heat transfer in heat exchanger 

network (kW, MW) 

y Integer variable in optimization (—), or 

twist ratio for twisted tape (—), or 
vapor-phase mole fraction (—) 
y F Distance between fins (m) 

Z Elevation (m), or 

feed mole fraction (—) 

Z Compressibility of a fluid (—) 

Greek Letters 

a Constant in cubic equation of state (—), or 

constants in vapor pressure correlation (units depend 
on which constant), or 
fraction open of a valve (—), or 
helix angle of wire to the tube axis (degrees), or 
relative volatility between a binary pair (—) 
ay Ideal separation factor or selectivity of membrane 

between Components i and j (—), or 
parameter characterizing the tendency of Molecule i 
and Molecule j to be distributed in a random fashion 
in the NRTL equation (—), or 
relative volatility between Components i and j (—) 
a LH Relative volatility between light and heavy key 
components (—) 

a P Packing surface area (m 2 • m 3 ) 

Pij Separation factor between Components i and j (—) 

y Logic variable in optimization (—), or 

ratio of heat capacities for gases and vapors (—) 

Yi Activity coefficient for Component i (—) 

5 Thickness (m) 

5 F Fin thickness (m) 

5 m Membrane thickness (m) 

e Emissivity (—), or 

extraction factor in liquid-liquid extraction ( —), or 
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pipe roughness (mm) 

e 

Enhanced, or 

V 

Carnot factor (— ), or 


end zone on the shell side of a heat exchanger, or 


efficiency (— ) 


environment, or 

>lAHP 

Absorber heat pump efficiency (— ) 


equivalent 

>1aht 

Absorber heat transformer efficiency (— ) 

E 

Evaporation, or 

>1BOILER 

Boiler efficiency (— ) 


extract in liquid-liquid extraction 

nc 

Carnot efficiency (— ) 

EVAP 

Evaporator conditions 

dCHP 

Compression heat pump efficiency (— ) 

EX 

Exhaust 

UCOGEN 

Cogeneration efficiency (— ) 

final 

Final conditions in a batch 

*If 

Fin efficiency (— ) 

F 

Feed, or 

1GT 

Efficiency of gas turbine (—) 


final, or 

dis 

Isentropic efficiency of compression or 


fluid 


expansion (—) 

FIN 

Fin on a finned tube 

>1mech 

Mechanical efficiency of steam turbine (—) 

FG 

Flue gas 

>1p 

Poly tropic efficiency of compression or expansion (— ) 

G 

Gas phase 

>1 POWER 

Power generation efficiency (—) 

H 

Hot stream 

1st 

Efficiency of steam turbine (—) 

HP 

Heat pump, or 

>1w 

Weighted fin efficiency (— ) 


high pressure 

0 

Angle (degrees), or 

i 

Component number, or 


fraction of feed permeated through membrane (—), or 


stream number 


root of the Underwood Equation (—) 

in 

Inlet 

9 

Logic variable in optimization (—) 

I 

Inside 

A 

Ratio of latent heats of vaporization (—) 

IF 

Inside fouling 

Ay 

Energy parameter characterizing the interaction of 

IMP 

Impeller 


Molecule i with Molecule j (kJ ■ kmol -1 ) 

IS 

Isentropic 

0 

Fluid viscosity (kg ■ m - • s , mN ■ s • m - “ = cP) 

J 

Component number, or 

n 

Osmotic pressure (N • m - , bar) 


stream number 

P 

Density (kg ■ m -3 , kmol • m 3 ) 

K 

Enthalpy interval number in heat exchanger 

a 

Stephan-Boltzmann constant (W • m 3 ■ K 4 ), or 


networks 


surface tension (mN ■ m - 1 = mJ ■ m - “ = dyne • cm - ) 

L 

Liquid phase 

z 

Reactor space time (s, min, h), or 

LP 

Low pressure 


residence time (s, min, h) 

M 

Stage number in distillation and absorption 

z w 

Wall shear stress (N • m -2 ) 

max 

Maximum 

A 

Number of interaction Groups k in Molecule i (—) 

min 

Minimum 

a> 

Fugacity coefficient (—), or 

M 

Makeup 


logic variable in optimization (—) 

MIX 

Mixture 

CO 

Acentric factor (—) 

N 

Stage number in distillation and absorption 



out 

Outlet 



O 

Outside, or 

Subscripts 


standard conditions 



OF 

Outside fouling 

axial 

Axial direction 

P 

Stage number in distillation and absorption 

B 

Blowdown, or 

prod 

Products of reaction 


bottoms in distillation 

P 

Particle, or 

BFW 

Boiler feedwater 


permeate 

BW 

Bridgewall 

PINCH 

Pinch conditions 

cont 

Contribution 

react 

Reactants 

C 

Cold stream, or 

R 

Raffinate in liquid-liquid extraction 


contaminant 

REACT 

Reaction 

CN 

Condensing 

ROOT 

Root of a finned tube 

COND 

Condensing conditions 

S 

Solvent in liquid-liquid extraction 

CP 

Cold plane, or 

SAT 

Saturated conditions 


continuous phase 

SF 

Supplementary firing 

cw 

Cooling water 

SUP 

Superheated conditions 

D 

Distillate in distillation 

sw 

Swirl direction 

DS 

De-superheating 

T 

Treatment 
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Te 

Tube side enhanced 

TW 

Treated water 

V 

Vapor phase 

w 

Window section on the shell side of a heat 
exchanger 

IV 

Conditions at the tube wall, or 

water 

WBT 

Wet bulb conditions 

WW 

Waste water 

00 

Conditions at distillate pinch point 


Superscripts 

I Phase I 

II Phase II 

III Phase III 

IDEAL Ideal behavior 
L Liquid phase 

O Standard conditions 

V Vapor phase 

* Adjusted parameter 




Chapter 1 


1 


The Nature of Chemical 
Process Design and 
Integration 


1.1 Chemical Products 

Chemical products are essential to modem living standards. 
Almost all aspects of everyday life are supported by chemical 
products in one way or another. However, society tends to take 
these products for granted, even though a high quality of life 
fundamentally depends on them. 

When considering the design of processes for the manufacture 
of chemical products, the market into which they are being sold 
fundamentally influences the objectives and priorities in the 
design. Chemical products can be divided into three broad classes: 

1 ) Commodity or bulk chemicals. These are produced in 
large volumes and purchased on the basis of chemical compo¬ 
sition, purity and price. Examples are sulfuric acid, nitrogen, 
oxygen, ethylene and chlorine. 

2) Fine chemicals. These are produced in small volumes and 
purchased on the basis of chemical composition, purity and 
price. Examples are chloropropylene oxide (used for the 
manufacture of epoxy resins, ion-exchange resins and 
other products), dimethyl formamide (used, for example, 
as a solvent, reaction medium and intermediate in the manu¬ 
facture of pharmaceuticals), n-butyric acid (used in beverages, 
flavorings, fragrances and other products) and barium titanate 
powder (used for the manufacture of electronic capacitors). 

3) Specialty or effect or functional chemicals. These are pur¬ 
chased because of their effect (or function), rather than their 
chemical composition. Examples are pharmaceuticals, pesti¬ 
cides, dyestuffs, perfumes and flavorings. 

Because commodity and fine chemicals tend to be purchased on 
the basis of their chemical composition alone, they can be 
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considered to be undifferentiated. For example, there is nothing 
to choose between 99.9% benzene made by one manufacturer and 
that made by another manufacturer, other than price and delivery 
issues. On the other hand, specialty chemicals tend to be purchased 
on the basis of their effect or function and therefore can 
be considered to be differentiated. For example, competitive 
pharmaceutical products are differentiated according to the effi¬ 
cacy of the product, rather than chemical composition. An adhesive 
is purchased on the basis of its ability to stick things together, rather 
than its chemical composition, and so on. 

However, in practice few products are completely un¬ 
differentiated and few completely differentiated. Commodity 
and fine chemical products might have impurity specifications 
as well as purity specifications. Traces of impurities can, in some 
cases, give some differentiation between different manufacturers 
of commodity and fine chemicals. For example, 99.9% acrylic 
acid might be considered to be an undifferentiated product. 
However, traces of impurities, at concentrations of a few parts 
per million, can interfere with some of the reactions in which it is 
used and can have important implications for some of its uses. Such 
impurities might differ between different manufacturing processes. 
Not all specialty products are differentiated. For example, phar¬ 
maceutical products like aspirin (acetylsalicylic acid) are 
undifferentiated. Different manufacturers can produce aspirin, 
and there is nothing to choose between these products, other 
than the price and differentiation created through marketing of 
the product. Thus, the terms undifferentiated and differentiated are 
more relative than absolute terms. 

The scale of production also differs between the three classes of 
chemical products. Fine and specialty chemicals tend to be pro¬ 
duced in volumes less than lOOOt-y -1 . By contrast, commodity 
chemicals tend to be produced in much larger volumes than this. 
However, the distinction is again not so clear. Polymers are 
differentiated products because they are purchased on the basis 
of their mechanical properties, but can be produced in quantities 
significantly higher than 1000t-y _l . 
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When a new chemical product is first developed, it can often be 
protected by a patent in the early years of its commercial exploi¬ 
tation. For a product to be eligible to be patented, it must be novel, 
useful and unobvious. If patent protection can be obtained, this 
effectively gives the producer a monopoly for commercial exploi¬ 
tation of the product until the patent expires. Patent protection lasts 
for 20 years from the filing date of the patent. Once the patent 
expires, competitors can join in and manufacture the product. If 
competitors cannot wait until the patent expires, then alternative 
competing products must be developed. 

Another way to protect a competitive edge for a new product is 
to protect it by secrecy. The formula for Coca-Cola has been kept a 
secret for over 100 years. Potentially, there is no time limit on such 
protection. However, for the protection through secrecy to be 
viable, competitors must not be able to reproduce the product 
from chemical analysis. This is likely to be the case only for certain 
classes of specialty chemicals and food products for which the 
properties of the product depend on both the chemical composition 
and the method of manufacture. 

Figure 1.1 illustrates different product life cycles (Sharratt, 
1997; Brennan, 1998). The general trend is that when a new 
product is introduced into the market, the sales grow slowly until 
the market is established and then more rapidly once the market is 
established. If there is patent protection, then competitors will not 
be able to exploit the same product commercially until the patent 
expires, when competitors can produce the same product and 
take market share. It is expected that competitive products will 
cause sales to diminish later in the product life cycle until sales 
become so low that a company would be expected to withdraw 
from the market. In Figure 1.1, Product A appears to be a poor 


Product 



Figure 1.1 

Product life cycles. (Adapted from Sharratt PN, 1997, Handbook of Batch 
Process Design, Chapman & Hall, reproduced by permission.) 


product that has a short life with low sales volume. It might be that 
it cannot compete well with other competitive products and 
alternative products quickly force the company out of that busi¬ 
ness. However, a low sales volume is not the main criterion to 
withdraw a product from the market. It might be that a product with 
low volume finds a market niche and can be sold for a high value. 
On the other hand, if it were competing with other products with 
similar functions in the same market sector, which keeps both the 
sale price and volume low, then it would seem wise to withdraw 
from the market. Product B in Figure 1.1 appears to be a better 
product, showing a longer life cycle and higher sales volume. This 
has patent protection but sales decrease rapidly after patent pro¬ 
tection is lost, leading to loss of market through competition. 
Product C in Figure 1.1 is an even better product. This shows high 
sales volume with the life of the product extended through 
reformulation of the product (Sharratt, 1997). Finally, Product 
D in Figure 1.1 shows a product life cycle that is typical of 
commodity chemicals. Commodity chemicals tend not to exhibit 
the same kind of life cycles as fine and specialty chemicals. In the 
early years of the commercial exploitation, the sales volume grows 
rapidly to a high volume, but then volume does not decline and 
enters a mature period of slow growth, or, in some exceptional 
cases, slow decline. This is because commodity chemicals tend to 
have a diverse range of uses. Even though competition might take 
away some end uses, new end uses are introduced, leading to an 
extended life cycle. 

The different classes of chemical products will have very 
different added value (the difference between the selling price 
of the product and the purchase cost of raw materials). Commodity 
chemicals tend to have low added value, whereas fine and specialty 
chemicals tend to have high added value. Commodity chemicals 
tend to be produced in large volumes with low added value, while 
fine and specialty chemicals tend to be produced in small volumes 
with high added value. 

Because of this, when designing a process for a commodity 
chemical, it is usually important to keep operating costs as low as 
possible. The capital cost of the process will tend to be high relative 
to a process for fine or specialty chemicals because of the scale of 
production. 

When designing a process for specialty chemicals, priority 
tends to be given to the product, rather than to the process. This 
is because the unique function of the product must be protected. 
The process is likely to be small scale and operating costs tend to 
be less important than with commodity chemical processes. The 
capital cost of the process will be low relative to commodity 
chemical processes because of the scale. The time to market for the 
product is also likely to be important with specialty chemicals, 
especially if there is patent protection. If this is the case, then 
anything that shortens the time from basic research, through 
product testing, pilot plant studies, process design, construction 
of the plant to product manufacture will have an important influ¬ 
ence on the overall project profitability. 

All this means that the priorities in process design are likely to 
differ significantly, depending on whether a process is being 
designed for the manufacture of a commodity, fine or specialty 
chemical. In commodity chemicals, there is likely to be relatively 
little product innovation, but intensive process innovation. Also, 
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equipment will be designed for a specific process step. On the other 
hand, the manufacture of fine and specialty chemicals might 
involve: 

• selling into a market with low volume; 

• a short product life cycle; 

• a demand for a short time to market, and therefore less time is 

available for process development, with product and process 

development proceeding simultaneously. 

As a result, the manufacture of fine and specialty chemicals is often 
carried out in multipurpose equipment, perhaps with different 
chemicals being manufactured in the same equipment at different 
times during the year. The life of the equipment might greatly 
exceed the life of the product. 

The development of pharmaceutical products demands that 
high-quality products must be manufactured during the devel¬ 
opment of the process to allow safety and clinical studies to be 
carried out before full-scale production. Pharmaceutical produc¬ 
tion represents an extreme case of process design in which the 
regulatory framework controlling production makes it difficult 
to make process changes, even during the development stage. 
Even if significant improvements to processes for pharmaceut¬ 
icals can be suggested, it might not be feasible to implement 
them, as such changes might prevent or delay the process from 
being licensed for production. 

1.2 Formulation of 
Design Problems 

Before a process design can be started, the design problem must be 
formulated. Formulation of the design problem requires a product 
specification. If a well-defined chemical product is to be manufac¬ 
tured, then the specification of the product might appear straight¬ 
forward (e.g. a purity specification). However, if a specialty 
product is to be manufactured, it is the functional properties 
that are important, rather than the chemical properties, and this 
might require a product design stage in order to specify the product 
(Seider et al., 2010; Cussler and Moggridge, 2011). 

The initial statement of the design problem is often ill defined. 
For example, the design team could be asked to expand the 
production capacity of an existing plant that produces a chemical 
that is a precursor to a polymer product, which is also produced by 
the company. This results from an increase in the demand for the 
polymer product and the plant producing the precursor currently 
being operated at its maximum capacity. The design team might 
well be given a specification for the expansion. For example, the 
marketing department might assess that the market could be 
expanded by 30% over a two-year period, which would justify 
a 30% expansion in the process for the precursor. However, the 
30% projection can easily be wrong. The economic environment 
can change, leading to the projected increase being either too large 
or too small. It might also be possible to sell the polymer precursor 
in the market to other manufacturers of the polymer and justify an 
expansion even larger than 30%. If the polymer precursor can be 
sold in the marketplace, is the current purity specification of the 


company suitable for the marketplace? Perhaps the marketplace 
demands a higher purity than the current company specification. 
Perhaps the current specification is acceptable, but if the specifi¬ 
cation could be improved, the product could be sold for a higher 
value and/or at a greater volume. An option might be to not expand 
the production of the polymer precursor to 30%, but instead to 
purchase it from the market. If it is purchased from the market, is it 
likely to be up to the company specifications or will it need some 
purification before it is suitable for the company’s polymer pro¬ 
cess? How reliable will the market source be? All these uncer¬ 
tainties are related more to market supply and demand issues than 
to specific process design issues. 

Closer examination of the current process design might lead to 
the conclusion that the capacity can be expanded by 10% with a 
very modest capital investment. A further increase to 20% would 
require a significant capital investment, but an expansion to 30% 
would require an extremely large capital investment. This opens up 
further options. Should the plant be expanded by 10% and a market 
source identified for the balance? Should the plant be expanded to 
20% similarly? If a real expansion in the marketplace is anticipated 
and expansion to 30% would be very expensive, why not be more 
aggressive and, instead of expanding the existing process, build an 
entirely new process? If a new process is to be built, then what 
should be the process technology? New process technology might 
have been developed since the original plant was built that enables 
the same product to be manufactured at a much lower cost. If a new 
process is to be built, where should it be built? It might make more 
sense to build it in another country that would allow lower 
operating costs, and the product could be shipped back to be 
fed to the existing polymer process. At the same time, this might 
stimulate the development of new markets in other countries, in 
which case, what should be the capacity of the new plant? 

Thus, from the initial ill-defined problem, the design team 
must create a series of very specific options and these should then 
be compared on the basis of a common set of assumptions 
regarding, for example, raw materials and product prices. Having 
specified an option, this gives the design team a well-defined 
problem to which the methods of engineering and economic 
analysis can be applied. 

In examining a design option, the design team should start out 
by examining the problem at the highest level, in terms of its 
feasibility with the minimum of detail to ensure the design option is 
worth progressing (Douglas, 1985). Is there a large difference 
between the value of the product and the cost of the raw materials? 
If the overall feasibility looks attractive, then more detail can be 
added, the option re-evaluated, further detail added, and so on. 
Byproducts might play a particularly important role in the eco¬ 
nomics. It might be that the current process produces some 
byproducts that can be sold in small quantities to the market. 
However, as the process is expanded, there might be market 
constraints for the new scale of production. If the byproducts 
cannot be sold, how does this affect the economics? 

In summary, the original problem posed to process design 
teams is often ill defined, even though it might appear to be 
well defined in the original design specification. The design 
team must then formulate a series of plausible design options to 
be screened by the methods of engineering and economic analysis. 
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These design options are formulated into very specific design 
problems. In this way, the design team turns the ill-defined problem 
into a series of well-defined design options for analysis. 

1.3 Synthesis and 
Simulation 


In a chemical process, the transformation of raw materials into 
desired chemical products usually cannot be achieved in a single 
step. Instead, the overall transformation is broken down into a 
number of steps that provide intermediate transformations. These 
are carried out through reaction, separation, mixing, heating, 
cooling, pressure change, particle size reduction or enlargement 
for solids. Once individual steps have been selected, they must 
be interconnected to carry out the overall transformation 
(Figure 1.2a). Thus, the synthesis of a chemical process involves 
two broad activities. First, individual transformation steps are 
selected. Second, these individual transformations are intercon¬ 
nected to form a complete process that achieves the required 
overall transformation. A flowsheet or process flow diagram 
(PFD) is a diagrammatic representation of the process steps 
with their interconnections. 

Once the flowsheet structure has been defined, a simulation of 
the process can be carried out. A simulation is a mathematical 
model of the process that attempts to predict how the process would 
behave if it was constructed (Figure 1.2b). Material and energy 
balances can be formulated to give better definition to the inner 
workings of the process and a more detailed process design can be 
developed. Having created a model of the process, the flowrates, 
compositions, temperatures and pressures of the feeds can be 
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(a) Process design starts with the synthesis of a process to convert raw 
materials into desired products. 
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(b) Simulation predicts how a process would behave if it was 
constructed. 


Figure 1.2 

Synthesis is the creation of a process to transform feed streams into 
product streams. Simulation predicts how it would behave if it was 
constructed. 


assumed. The simulation model then predicts the flowrates, com¬ 
positions, temperatures, pressures and properties of the products. 
It also allows the individual items of equipment in the process to be 
sized and predicts, for example, how much raw material is being 
used or how much energy is being consumed. The performance of 
the design can then be evaluated. 

1) Accuracy of design calculations. A simulation adds more 
detail once a design has been synthesized. The design calcula¬ 
tions for this will most often be carried out in a general purpose 
simulation software package and solved to a high level of 
precision. However, a high level of precision cannot usually be 
justified in terms of the operation of the plant after it has been 
built. The plant will almost never work precisely at its original 
design flowrates, temperatures, pressures and compositions. 
This might be because the raw materials are slightly different 
from what is assumed in the design. The physical properties 
assumed in the calculations might have been erroneous in some 
way, or operation at the original design conditions might create 
corrosion or fouling problems, or perhaps the plant cannot be 
controlled adequately at the original conditions, and so on, for a 
multitude of other possible reasons. The instrumentation on the 
plant will not be able to measure the flowrates, temperatures, 
pressures and compositions as accurately as the calculations 
performed. High precision might be required in the calculations 
for certain specific parts of the design. For example, a polymer 
precursor might need certain impurities to be very tightly 
controlled, perhaps down to the level of parts per million, or 
it might be that some contaminant in a waste stream might be 
exceptionally environmentally harmful and must be extremely 
well defined in the design calculations. 

Even though a high level of precision cannot be justified in 
many cases in terms of the plant operation, the design calcula¬ 
tions will normally be carried out to a reasonably high level of 
precision. The value of precision in design calculations is that 
the consistency of the calculations can be checked to allow 
errors or poor assumptions to be identified. It also allows the 
design options to be compared on a valid like-for-like basis. 

Because of all the uncertainties in carrying out a design, the 
specifications are often increased beyond those indicated by 
the design calculations and the plant is overdesigned , or 
contingency is added, through the application of safety factors 
to the design. For example, the designer might calculate the 
number of distillation plates required for a distillation separa¬ 
tion using elaborate calculations to a high degree of precision, 
only to add an arbitrary extra 10% to the number of plates for 
contingency. This allows for the feed to the unit not being 
exactly as specified, errors in the physical properties, upset 
conditions in the plant, control requirements, and so on. If too 
little contingency is added, the plant might not work. If too 
much contingency is added, the plant will not only be 
unnecessarily expensive but too much overdesign might 
make the plant difficult to operate and might lead to a less 
efficient plant. For example, the designer might calculate the 
size of a heat exchanger and then add in a large contingency and 
significantly oversize the heat exchanger. The lower fluid 
velocities encountered by the oversized heat exchanger can 
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cause it to have a poorer performance and to foul-up more 
readily than a smaller heat exchanger. 

Too little overdesign might lead to the plant not working. 
Too much overdesign will lead to the plant becoming 
unnecessarily expensive, and perhaps difficult to operate 
and less efficient. A balance must be made between different 
risks. 

2) Physical properties in process design. Almost all design 
calculations require physical properties of the solids, liquids 
and gases being fed, processed and produced. Physical 
properties can be critical to obtaining meaningful, economic 
and safe designs. When carrying out calculations in com¬ 
puter software packages there is most often a choice to be 
made for the physical property correlations and data. How¬ 
ever, if poor decisions are made by the designer regarding 
physical properties, the design calculations can be meaning¬ 
less or even dangerous, even though the calculations have 
been performed to a high level of precision. Using physical 
property correlations outside the ranges of conditions for 
which they were intended can be an equally serious problem. 
Appendix A discusses physical properties in process design 
in more detail. 

3) Evaluation of performance. There are many facets to the 
evaluation of performance. Good economic performance is 
an obvious first criterion, but it is certainly not the only one. 
Chemical processes should be designed to maximize the 
sustainability of industrial activity. Maximizing sustainability 
requires that industrial systems should strive to satisfy human 
needs in an economically viable, environmentally benign and 
socially beneficial way (Azapagic, 2014). For chemical process 
design, this means that processes should make use of materials 
of construction that deplete the resource as little as practicable. 
Process raw materials should be used as efficiently as is 
economic and practicable, both to prevent the production of 
waste that can be environmentally harmful and to preserve the 
reserves of manufacturing raw materials as much as possible. 
Processes should use as little energy as is economic and 
practicable, both to prevent the build-up of carbon dioxide 
in the atmosphere from burning fossil fuels and to preserve 
the reserves of fossil fuels. Water must also be consumed in 
sustainable quantities that do not cause deterioration in the 
quality of the water source and the long-term quantity of 
the reserves. Aqueous and atmospheric emissions must not 
be environmentally harmful and solid waste to landfill must be 
avoided. The boundary of consideration should go beyond 
the immediate boundary of the manufacturing facility to maxi¬ 
mize the benefit to society to avoid adverse health effects, 
unnecessarily high burdens on transportation, odour, noise 
nuisances, and so on. 

The process must also meet required health and safety 
criteria. Start-up, emergency shutdown and ease of control 
are other important factors. Flexibility, that is, the ability to 
operate under different conditions, such as differences in 
feedstock and product specification, may be important. Avail¬ 
ability, that is, the portion of the total time that the process meets 
its production requirements, might also be critically important. 


Uncertainty in the design, for example, resulting from poor 
design data, or uncertainty in the economic data might guide the 
design away from certain options. Some of these factors, such 
as economic performance, can be readily quantified; others, 
such as safety, often cannot. Evaluation of the factors that are 
not readily quantifiable, the intangibles, requires the judgment 
of the design team. 

4) Materials of construction. Choice of materials of construc¬ 
tion affects both the mechanical design and the capital cost of 
equipment. Many factors enter into the choice of the materi¬ 
als of construction. Among the most important are (see 
Appendix B): 

• mechanical properties (particularly yield and tensile 
strength, compressive strength, ductility, toughness, hard¬ 
ness, fatigue limit and creep resistance); 

• effect of temperature on mechanical properties (both low 
and high temperatures), 

• ease of fabrication (machining, welding, and so on); 

• corrosion resistance; 

• availability of standard equipment in the material; 

• cost (e.g. if materials of construction are particularly 
expensive, it might be desirable to use a cheaper material 
together with a lining on the process side to reduce the 
cost). 

Estimation of the capital cost and preliminary specification 
of equipment for the evaluation of performance requires 
decisions to be made regarding the materials of construction. 
The discussion of the more commonly used materials of 
construction is given in Appendix B. 

5) Process safety. When evaluating a process design, 
process safety should be the prime consideration. Safety 
considerations must not be left until the design has been 
completed. Safety systems need to be added to the design later 
for the relief of overpressure, to trip the process under danger¬ 
ous conditions, etc. However, by far the largest impact on 
process safety can be made early in the design through mea¬ 
sures to make the design inherently safer. This will be dis¬ 
cussed in detail in Chapter 28. Inherently safer design means 
avoiding the need for hazardous materials if possible, or using 
less of them, or using them at lower temperatures and pressures 
or diluting them with inert materials. One of the principal 
approaches to making a process inherently safer is to limit the 
inventory of hazardous material. The inventories to be avoided 
most of all are flashing flammable or toxic liquids, that is, 
liquids under pressure above their atmospheric boiling points 
(see Chapter 28). 

6) Optimization. Once the basic performance of the design 
has been evaluated, changes can be made to improve the 
performance; the process is optimized. These changes might 
involve the synthesis of alternative structures, that is, structural 
optimization. Thus, the process is simulated and evaluated 
again, and so on, optimizing the structure. Each structure can be 
subjected to parameter optimization by changing operating 
conditions within that structure. This is illustrated in Figure 1.3. 
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Figure 1.3 

Optimization can be carried out as sturctural or paramenter optimization 
to improve the evaluation of the design. 


From the project definition an initial design is synthesized. This 
can then be simulated and evaluated. Once evaluated, the 
design can be optimized in a parameter optimization through 
changing the continuous parameters of flowrate, composition, 
temperature and pressure to improve the evaluation. However, 
this parameter optimization only optimizes the initial design 
configuration, which might not be an optimal configuration. So 
the design team might return to the synthesis stage to explore 
other configurations in a structural optimization. Also, if the 
parameter optimization adjusts the settings of the conditions to 
be significantly different from the original assumptions, then 
the design team might return to the synthesis stage to consider 
other configurations in the structural optimization. The differ¬ 
ent ways this design process can be followed will be considered 
later in this chapter. 

7) Keeping design options open. To develop a design concept 
requires design options to be first generated and then eval¬ 
uated. There is a temptation to carry out preliminary evalua¬ 
tion early in the development of a design and eliminate 
options early that initially appear to be unattractive. How¬ 
ever, this temptation must be avoided. In the early stages of a 
design the uncertainties in the evaluation are often too serious 
for early elimination of options, unless it is absolutely clear 
that a design option is not viable. Initial cost estimates can be 
very misleading and the full safety and environmental impli¬ 
cations of early decisions are only clear once detail has been 
added. If it was possible to foresee everything that lay ahead, 
decisions made early might well be different. There is a 
danger in focusing on one option without rechecking the 
assumptions later for validity when more information is 
available. The design team must not be boxed in early by 
preconceived ideas. This means that design options should be 
left open as long as practicable until it is clear that options can 
be closed down. All options should be considered, even if 
they appear unappealing at first. 


1.4 The Hierarchy of 
Chemical Process 
Design and Integration 

Consider the process illustrated in Figure 1.4 (Smith and Linnh- 
off, 1988). The process requires a reactor to transform the FEED 
into PRODUCT (Figure 1.4a). Unfortunately, not all the FEED 
reacts. Also, part of the FEED reacts to form BYPRODUCT 
instead of the desired PRODUCT. A separation system is needed 
to isolate the PRODUCT at the required purity. Figure 1.4b 
shows one possible separation system consisting of two distil¬ 
lation columns. The unreacted FEED in Figure 1.4b is recycled 
and the PRODUCT and BYPRODUCT are removed from the 
process. Figure 1.4b shows a flowsheet where all heating and 
cooling is provided by external utilities (steam and cooling 
water in this case). This flowsheet is probably too inefficient 
in its use of energy and heat should be recovered. Thus, heat 
integration is carried out to exchange heat between those 
streams that need to be cooled and those that need to be heated. 
Figure 1.5 (Smith and Linnhoff, 1988) shows two possible 
designs for the heat exchanger network , but many other heat 
integration arrangements are possible. 

The flowsheets shown in Figure 1.5 feature the same reactor 
design. It could be useful to explore the changes in reactor 
design. For example, the size of the reactor could be increased to 
increase the amount of FEED that reacts (Smith and Linnhoff, 
1988). Now there is not only much less FEED in the reactor 
effluent but also more PRODUCT and BYPRODUCT. However, 
the increase in BYPRODUCT is larger than the increase in 
PRODUCT. Thus, although the reactor has the same three 
components in its effluent as the reactor in Figure 1.4a, there 
is less FEED, more PRODUCT and significantly more 
BYPRODUCT. This change in reactor design generates a dif¬ 
ferent task for the separation system and it is possible that a 
separation system different from that shown in Figures 1.4 and 

1.5 is now appropriate. Figure 1.6 shows a possible alternative. 
This also uses two distillation columns, but the separations are 
carried out in a different order. 

Figure 1.6 shows a flowsheet without any heat integration for 
the different reactor and separation system. As before, this is 
probably too inefficient in the use of energy, and heat integration 
schemes can be explored. Figure 1.7 (Smith and Linnhoff, 1988) 
shows two of the many possible flowsheets involving heat 
recovery. 

Different complete flowsheets can be evaluated by simulation 
and costing. On this basis, the flowsheet in Figure 1.5b might be 
more promising than the flowsheets in Figures 1.5a and 1.7a and b. 
However, the best flowsheet cannot be identified without first 
optimizing the operating conditions for each. The flowsheet in 
Figure 1.7b might have greater scope for improvement than that 
in Figure 1.5b, and so on. 

Thus, the complexity of chemical process synthesis is two¬ 
fold. First, can all possible structures be identified? It might be 
considered that all the structural options can be found by 
inspection, at least all of the significant ones. The fact that 
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Figure 1.4 

Process design starts with the reactor. The reactor design dictates the separation and recycle problem. (Reproduced from Smith R and Linnhoff B, 1998, Trans 
IChemE ChERD, 66: 195 by permission of the Institution of Chemical Engineers.) 


even long-established processes are still being improved bears 
evidence to just how difficult this is. Second, can each structure 
be optimized for a valid comparison? When optimizing the 
structure, there may be many ways in which each individual 
task can be performed and many ways in which the individual 
tasks can be interconnected. This means that the operating 
conditions for a multitude of structural options must be simulated 
and optimized. At first sight, this appears to be an overwhelm¬ 
ingly complex problem. 

It is helpful when developing a methodology if there is a clear 
picture of the nature of the problem. If the process requires a 
reactor, this is where the design starts. This is likely to be the only 
place in the process where raw material components are con¬ 
verted into components for the products. The chosen reactor 
design produces a mixture of unreacted feed materials, products 
and byproducts that need separating. Unreacted feed material is 
recycled. The reactor design dictates the separation and recycle 
problem. Thus, design of the separation and recycle system 
follows the reactor design. The reactor and separation and recycle 
system designs together define the process for heating and cool¬ 
ing duties. Thus, the heat exchanger network design comes next. 
Those heating and cooling duties that cannot be satisfied by heat 
recovery dictate the need for external heating and cooling utilities 


(furnace heating, use of steam, steam generation, cooling water, 
air cooling or refrigeration). Thus, utility selection and design 
follows the design of the heat recovery system. The selection and 
design of the utilities is made more complex by the fact that the 
process will most likely operate within the context of a site 
comprising a number of different processes that are all connected 
to a common utility system. The process and the utility system 
will both need water, for example, for steam generation, and will 
also produce aqueous effluents that will have to be brought to a 
suitable quality for discharge. Thus, the design of the water and 
aqueous effluent treatment system comes last. Again, the water 
and effluent treatment system must be considered at the site level 
as well as the process level. 

This hierarchy can be represented symbolically by the layers of 
the “onion diagram” shown in Figure 1.8 (Linnhoff et al., 1982). 
The diagram emphasizes the sequential, or hierarchical, nature of 
process design. Other ways to represent the hierarchy have also 
been suggested (Douglas, 1985). 

Some processes do not require a reactor, for example, some 
processes just involve separation. Here, the design starts with 
the separation system and moves outward to the heat exchanger 
network, utilities, and so on. However, the same basic hierarchy 
prevails. 
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Figure 1.5 

For a given reactor and separator design there are different possibilities for heat integration. (Reproduced from Smith R and Linnhoff B, 1998, Trans IChemE 
ChERD, 66: 195 by permission of the Institution of Chemical Engineers.) 


The synthesis of the correct structure and the optimization of 
parameters in the design of the reaction and separation systems 
are often the most important tasks of process design. Usually 
there are many options, and it is impossible to fully evaluate 
them unless a complete design is furnished for the “outer layers” 
of the onion model. For example, it is not possible to assess 
which is better, the basic scheme from Figure 1.4b or that from 
Figure 1.6, without fully evaluating all possible designs, such as 
those shown in Figures 1.5a and b and 1.7a and b, all completed, 
including utilities. Such a complete search is normally too time- 
consuming to be practical. 

Later, in Chapter 17, an approach will be presented in which 
some early decisions (i.e. decisions regarding reactor and separator 
options) can be evaluated without a complete design for the “outer 
layers”. 


1.5 Continuous and 
Batch Processes 

When considering the processes in Figures 1.4 to 1.6, an 
implicit assumption was made that the processes operated 
continuously. Flowever, not all processes operate continuously. 
In a batch process, the main steps operate discontinuously. In 
contrast with a continuous process, a batch process does not 
deliver its product continuously but in discrete amounts. This 
means that heat, mass, temperature, concentration and other 
properties vary with time. In practice, most batch processes are 
made up of a series of batch and semi-continuous steps. A semi- 
continuous step runs continuously with periodic start-ups and 
shutdowns. 
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Figure 1.6 

Changing the reactor dictates a different separation and recycle problem. (Reproduced from Smith R and Linnhoff B, 1998, Trans IChemE ChERD, 66: 195 by 
permission of the Institution of Chemical Engineers.) 


(a) 



Figure 1.7 

A different reactor design not only leads to a different separation system but additional possibilities for heat integration. (Reproduced from Smith R and 
Linnhoff B, 1998, Trans IChemE ChERD , 66: 195 by permission of the Institution of Chemical Engineers.) 
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Figure 1.8 

The onion model of process design. A reactor is needed before the 
separation and recycle system can be designed, and so on. 


Consider the simple process shown in Figure 1.9. Feed material 
is withdrawn from storage using a pump. The feed material is 
preheated in a heat exchanger before being fed to a batch reactor. 
Once the reactor is full, further heating takes place inside the 
reactor by passing steam into the reactor jacket before the reaction 
proceeds. During the later stages of the reaction, cooling water is 
applied to the reactor jacket. Once the reaction is complete, the 
reactor product is withdrawn using a pump. The reactor product is 
cooled in a heat exchanger before going to storage. 

The first two steps, pumping for reactor filling and feed 
preheating, are both semi-continuous. The heating inside the 
reactor, the reaction itself and the cooling using the reactor jacket 
are all batch. The pumping to empty the reactor and the product¬ 
cooling step are again semi-continuous. 



The hierarchy in batch process design is no different from that in 
continuous processes and the hierarchy illustrated in Figure 1.8 
prevails for batch processes also. However, the time dimension 
brings constraints that do not present a problem in the design of 
continuous processes. For example, heat recovery might be con¬ 
sidered for the process in Figure 1.9. The reactor effluent (which 
requires cooling) could be used to preheat the incoming feed to 
the reactor (which requires heating). Unfortunately, even if the 
reactor effluent is at a high enough temperature to allow this, the 
reactor feeding and emptying take place at different times, meaning 
that this will not be possible without some way to store the heat. 
Such heat storage is possible but usually uneconomic, especially 
for small-scale processes. 

If a batch process manufactures only a single product, then 
the equipment can be designed and optimized for that product. 
The dynamic nature of the process creates additional challenges 
for design and optimization. It might be that the optimization 
calls for variations in the conditions during the batch through 
time, according to some profile. For example, the temperature in 
a batch reactor might need to be increased or decreased as the 
batch progresses. 

Multiproduct batch processes, with a number of different 
products manufactured in the same equipment, present even bigger 
challenges for design and optimization (Biegler, Grossman and 
Westerberg, 1997). Different products will demand different 
designs, different operating conditions and, perhaps, different 
trajectories for the operating conditions through time. The design 
of equipment for multiproduct plants will thus require a compro¬ 
mise to be made across the requirements of a number of different 
products. The more flexible the equipment and the configuration of 
the equipment, the more it will be able to adapt to the optimum 
requirements of each product. 

Batch processes: 

• are economical for small volumes; 

• are flexible in accommodating changes in product formulation; 

• are flexible in changing the production rate by changing the 

number of batches made in any period of time; 



Figure 1.9 

A simple batch process. 
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• allow the use of standardized multipurpose equipment for the 
production of a variety of products from the same plant; 

• are best if equipment needs regular cleaning because of fouling 
or needs regular sterilization; 

• are amenable to direct scale-up from the laboratory and 

• allow product identification. Each batch of product can be 
clearly identified in terms of when it was manufactured, 
the feeds involved and conditions of processing. This is partic¬ 
ularly important in industries such as pharmaceuticals and 
foodstuffs. If a problem arises with a particular batch, then 
all the products from that batch can be identified and withdrawn 
from the market. Otherwise, all the products available in the 
market would have to be withdrawn. 

One of the major problems with batch processing is batch-to- 
batch conformity. Minor changes to the operation can mean slight 
changes in the product from batch to batch. Fine and specialty 
chemicals are usually manufactured in batch processes. However, 
these products often have very tight tolerances for impurities in 
the final product and demand batch-to-batch variation to be 
minimized. 

Batch processes will be considered in more detail in Chapter 16. 

1.6 New Design and 
Retrofit 

There are two situations that can be encountered in process design. 
The first is in the design of new plant or grassroot design. In the 
second, the design is carried out to modify an existing plant in 
retrofit or revamp. The motivation to retrofit an existing plant could 
be, for example, to increase capacity, allow for different feed or 
product specifications, reduce operating costs, improve safety or 
reduce environmental emissions. One of the most common moti¬ 
vations is to increase capacity. When carrying out a retrofit, 
whatever the motivation, it is desirable to try and make as effective 
use as possible of the existing equipment. The basic problem with 
this is that the design of the existing equipment might not be ideally 
suited to the new role that it will be put to. On the other hand, if 
equipment is reused, it will avoid unnecessary investment in new 
equipment, even if it is not ideally suited to the new duty. 

When carrying out a retrofit, the connections between the items 
of equipment can be reconfigured, perhaps adding new equipment 
where necessary. Alternatively, if the existing equipment differs 
significantly from what is required in the retrofit, then in addition to 
reconfiguring the connections between the equipment, the equip¬ 
ment itself can be modified. Generally, the fewer the modifications 
to both the connections and the equipment, the better. 

The most straightforward design situations are those of grass- 
root design as it has the most freedom to choose the design options 
and the size of equipment. In retrofit, the design must try to work 
within the constraints of existing equipment. Because of this, the 
ultimate goal of the retrofit design is often not clear. For example, 
a design objective might be given to increase the capacity of a 
plant by 50%. At the existing capacity limit of the plant, at least 
one item of equipment must be at its maximum capacity. Most 


items of equipment are likely to be below their maximum capacity. 
The differences in the spare capacity of different items of equip¬ 
ment in the existing design arises from different design allowances 
(or contingency) in the original design, changes to the operation of 
the plant relative to the original design, errors in the original 
design data, and so on. An item of equipment at its maximum 
capacity is the bottleneck to prevent increased capacity. Thus, to 
overcome the bottleneck or debottleneck , the item of equipment is 
modified, or replaced with new equipment with increased capac¬ 
ity, or a new item is placed in parallel or series with the existing 
item, or the connections between existing equipment are recon¬ 
figured, or a combination of all these actions is taken. As the 
capacity of the plant is increased, different items of equipment will 
reach their maximum capacity. Thus, there will be thresholds in 
the plant capacity created by the limits in different items of 
equipment. All equipment with capacity less than the threshold 
must be modified in some way, or the plant reconfigured, to 
overcome the threshold. To overcome each threshold requires 
capital investment. As capacity is increased from the existing 
limit, ultimately it is likely that it will be prohibitive for the 
investment to overcome one of the design thresholds. This is likely 
to become the design limit, as opposed to the original remit of a 
50% increase in capacity in the example. 

Another important issue in retrofit is the downtime required to 
make the modifications. The cost of lost production while the 
plant is shut down to be modified can be prohibitively expensive. 
Thus, one of the objectives for retrofit is to design modifications 
that require only a short shutdown. This often means designing 
modifications that allow the bulk of the work to be carried out 
while the process is still in operation. For example, new equipment 
can be installed with final piping connections made when the 
process is shut down. Decisions whether to replace a major process 
component completely, or to supplement with a new component 
working in series or parallel with the existing component, can be 
critical to the downtime required for retrofit. 

1.7 Reliability, Availability 
and Maintainability 

As already discussed, availability is often an important issue in 
process design. Unless the plant is operating in its intended way, it 
is not productive. Availability measures the portion of the total 
time that the process meets its production requirements. Availa¬ 
bility is related to reliability and maintainability. Reliability is the 
probability of survival after the unit/system operates for a certain 
period of time (e.g. a unit has a 95% probability of survival after 
8000 hours). Reliability defines the failure frequency and deter¬ 
mines the uptime patterns. Maintainability describes how long 
it takes for the unit/system to be repaired, which determines 
the downtime patterns. Availability measures the percentage of 
uptime the process operates at its production requirements over the 
time horizon, and is determined by reliability and maintainability. 

Availability can be improved in many ways. Maintenance 
policy has a direct influence. Preventive maintenance can be 
used to prevent unnecessary breakdowns. Condition monitoring 
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of equipment using techniques such as monitoring vibration of 
rotating equipment like compressors can be used to detect mechan¬ 
ical problems early, and again prevent unnecessary breakdowns. 
In design, using standby components (sometimes referred to as 
spare or redundant components) is a common way to increase 
system availability. Instead of having one item of equipment on 
line and vulnerable to breakdown, there may be two, with one on¬ 
line and one off-line. These two items of equipment can be sized 
and operated in many ways: 

• 2 X 100% one on-line, one off-line switched off; 

• 2 X 100% one on-line, one off-line idling; 

• 2 X 50% both on-line, with system capacity reduced to 50% if 
one fails; 

• 2x75% both on-line operating at 2/3 capacity when both 
operating, but with system capacity 75% if one fails; 

• and so on. 

Over-sizing equipment, particularly rotating equipment like 
pumps and compressors, can make it more reliable in some cases. 
Determining the optimum policy for standby equipment involves 
complex trade-offs that need to consider capital cost, operating 
cost, maintenance costs and reliability. 

1.8 Process Control 

Once the basic process configuration has been fixed, a control 
system must be added. The control system compensates for the 
influence of external disturbances such as changes in feed flowrate, 
feed conditions, feed costs, product demand, product specifica¬ 
tions, product prices, ambient temperature, and so on. Ensuring 
safe operation is the most important task of a control system. This is 
achieved by monitoring the process conditions and maintaining 
them within safe operating limits. While maintaining the operation 
within safe operating limits, the control system should optimize the 
process performance under the influence of external disturbances. 
This involves maintaining product specifications, meeting produc¬ 
tion targets and making efficient use of raw materials and utilities. 

A control mechanism is introduced that makes changes to the 
process in order to cancel out the negative impact of disturbances. 
In order to achieve this, instruments must be installed to measure 
the operational performance of the plant. These measured varia¬ 
bles could include temperature, pressure, flowrate, composition, 
level, pH, density and particle size. Primary measurements may be 
made to directly represent the control objectives (e.g. measuring 
the composition that needs to be controlled). If the control objec¬ 
tives are not measurable, then secondary measurements of other 
variables must be made and these secondary measurements related 
to the control objective. Having measured the variables that need to 
be controlled, other variables need to be manipulated in order to 
achieve the control objectives. A control system is then designed 
that responds to variations in the measured variables and manipu¬ 
lates other variables to control the process. 

Having designed a process configuration for a continuous 
process and having optimized it to achieve some objective (e.g. 
maximize profit) at steady state, is the influence of the control 


system likely to render the previously optimized process to now be 
nonoptimal? Even for a continuous process, the process is always 
likely to be moving from one state to another in response to the 
influence of disturbances and control objectives. In the steady- 
state design and optimization of continuous processes, these 
different states can be allowed for by considering multiple oper¬ 
ating cases. Each operating case is assumed to operate for a 
certain proportion of the year. The contribution of the operating 
case to the overall steady-state design and optimization is 
weighted according to the proportion of the time under which 
the plant operates at that state. 

While this takes some account of operation under different 
conditions, it does not account for the dynamic transition from one 
state to another. Are these transitory states likely to have a 
significant influence on the optimality? If the transitory states 
were to have a significant effect on the overall process perform¬ 
ance in terms of the objective function being optimized, then the 
process design and control system design would have to be carried 
out simultaneously. Simultaneous design of the process and the 
control system presents an extremely complex problem. It is 
interesting to note that where steady-state optimization for con¬ 
tinuous processes has been compared with simultaneous optimi¬ 
zation of the process and control system, the two process designs 
have been found to be almost identical (Bansal et al., 2000a, 
2000b; Kookos and Perkins, 2001). 

Industrial practice is to first design and optimize the process 
configuration (taking into account multiple states, if necessary) and 
then to add the control system. However, there is no guarantee that 
design decisions made on the basis of steady-state conditions will 
not lead to control problems once process dynamics are consid¬ 
ered. For example, an item of equipment might be oversized for 
contingency, because of uncertainty in design data or future 
debottlenecking prospects, based on steady-state considerations. 
Once the process dynamics are considered, this oversized equip¬ 
ment might make the process difficult to control, because of the 
large inventory of process materials in the oversized equipment. 
The approach to process control should adopt an approach that 
considers the control of the whole process, rather than just the 
control of the individual process steps in isolation (Luyben, Tyreus 
and Luyben. 1999). 

The control system arrangement is shown in the piping and 
instrumentation diagram (P & I D) for the process (Sinnott and 
Towler, 2009). The piping and instrumentation diagram shows all 
of the process equipment, piping connections, valves, pipe fittings 
and the control system. All equipment and connections are shown. 
This includes not only the main items of equipment and connec¬ 
tions but also standby equipment, equipment and piping used for 
start-up, shutdown, maintenance operations and abnormal opera¬ 
tion. Figure 1.10a illustrates a very simple process flow diagram. 
This shows only the main items of equipment and the normal 
process flows. The information shown on such process flow 
diagrams, and their style, vary according to the practice of different 
companies. As an example. Figure 1.10a shows the component 
flowrates and stream temperatures and pressures. By contrast 
Figure 1.10b shows the corresponding piping and instrumentation 
diagram. This shows all of the equipment (including the standby 
pump in this case), all piping connections and fittings, including 
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Figure 1.10 

Process flow diagrams (PFD) and piping and instrumentation diagrams (P&ID). 


those used for start-up, shutdown, maintenance and abnormal 
operation. It also shows the layout of the control system. Addi¬ 
tional information normally included would be identification 
numbers for the equipment, piping connections and control equip¬ 
ment. Information on materials of construction might also be 
included. But information on process flows and conditions would 
not normally be shown. As with process flow diagrams, the style of 
piping and instrumentation diagrams varies according to the 
practice of different companies. 

This text will concentrate on the design and optimization of 
the process configuration and will not deal with process control. 
Process control demands expertise in different techniques and 
will be left to other sources of information (Luyben, Tyreus and 
Luyben, 1999). Thus, the text will describe how to develop a 
flowsheet or process flow diagram, but will not take the final step 
of adding the instrumentation, control and auxiliary pipes and 
valves required for the final engineering design in the piping and 
instrumentation diagram. 

Batch processes are, by their nature, always in a transitory state. 
This requires the dynamics of the process to be optimized, and will 
be considered in Chapter 16. However, the control systems 
required to put this into practice will not be considered. 


1.9 Approaches to 
Chemical Process 
Design and Integration 

In broad terms, there are three approaches to chemical process 
design and integration: 

1) Creating an irreducible structure. The first approach follows 
the “onion logic”, stalling the design by choosing a reactor and 
then moving outward by adding a separation and recycle 
system, and so on. At each layer, decisions must be made on 
the basis of the information available at that stage. The ability to 
look ahead to the completed design might lead to different 
decisions. Unfortunately, this is not possible and, instead, 
decisions must be based on an incomplete picture. 

This approach to creation of the design involves making a 
series of best local decisions. This might be based on the use 
of heuristics or rules of thumb developed from experience 
(Douglas, 1985) or on a more systematic approach. Equipment 
is added only if it can be justified economically on the basis 
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of the information available, albeit an incomplete picture. 
This keeps the structure irreducible and features that are 
technically or economically redundant are not included. 

There are two drawbacks to this approach: 

a) Different decisions are possible at each stage of the design. 
To be sure that the best decisions have been made, the other 
options must be evaluated. However, each option cannot be 
evaluated properly without completing the design for that 
option and optimizing the operating conditions. This means 
that many designs must be completed and optimized in 
order to find the best. 

b) Completing and evaluating many options gives no guaran¬ 
tee of ultimately finding the best possible design, as the 
search is not exhaustive. Also, complex interactions can 
occur between different parts of a flowsheet. The effort to 
keep the system simple and not add features in the early 
stages of design may result in missing the benefit of 
interactions between different parts of the flowsheet in a 
more complex system. 


The main advantage of this approach is that the design team 
can keep control of the basic decisions and interact as the design 
develops. By staying in control of the basic decisions, the 
intangibles of the design can be included in the decision making. 

2) Creating and optimizing a superstructure. In this approach, a 
reducible structure, known as a superstructure, is first created 
that has embedded within it all feasible process options and all 
feasible interconnections that are candidates for an optimal 
design structure. Initially, redundant features are built into the 
superstructure. As an example, consider Figure 1.11 (Kocis and 
Grossmann, 1988). This shows one possible structure of a 
process for the manufacture of benzene from the reaction 
between toluene and hydrogen. In Figure 1.11, the hydrogen 
enters the process with a small amount of methane as an 
impurity. Thus, in Figure 1.11, the option of either purifying 
the hydrogen feed with a membrane or of passing it directly to 
the process is embedded. The hydrogen and toluene are mixed 
and preheated to reaction temperature. Only a furnace has been 
considered feasible in this case because of the high temperature 



Figure 1.11 

A superstructure for the manufacture of benzene from toluene and hydrogen incorporating some redundant features. (Reproduced from Kocis GR and 
Grossman IE, Comp Chem Eng , 13: 797, with permission from Elsevier.) 
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Figure 1.12 

Optimization discards many structural features leaving an optimized structure. (Reproduced from Kocis GR and Grossman IE, Comp Chem Eng, 13: 797, 
with permission from Elsevier.) 


required. Then the two alternative reactor options, isothermal 
and adiabatic reactors, are embedded, and so on. Redundant 
features have been included in an effort to ensure that all 
features that could be part of an optimal solution have been 
included. 

The design problem is next formulated as a mathematical 
model. Some of the design features are continuous, describing 
the operation of each unit (e.g. flowrate, composition, temper¬ 
ature and pressure) and its size (e.g. volume, heat transfer area, 
etc.). Other features are discrete (e.g. whether a connection in 
the flowsheet is included or not, a membrane separator is 
included or not). Once the problem is formulated mathemati¬ 
cally, its solution is carried out through the implementation of 
an optimization algorithm. An objective function is maximized 
or minimized (e.g. profit is maximized or cost is minimized) in 
a structural and parameter optimization. The optimization 
justifies the existence of structural features and deletes those 
features from the structure that cannot be justified economi¬ 
cally. In this way, the structure is reduced in complexity. At the 
same time, the operating conditions and equipment sizes 
are also optimized. In effect, the discrete decision-making 
aspects of process design are replaced by a discrete/continuous 
optimization. Thus, the initial structure in Figure 1.11 is opti¬ 
mized to reduce the structure to the final design shown in 
Figure 1.12 (Kocis and Grossmann, 1988). In Figure 1.12, the 
membrane separator on the hydrogen feed has been removed 


by optimization, as has the isothermal reactor and many other 
features of the initial structure shown in Figure 1.11. 

There are a number of difficulties associated with this 
approach: 

a) The approach will fail to find the optimal structure if 
the initial structure does not have the optimal structure 
embedded somewhere within it. The more options included, 
the more likely it will be that the optimal structure has been 
included. 

b) If the individual unit operations are represented accurately, 
the resulting mathematical model will be extremely large and 
the objective function that must be optimized will be 
extremely irregular. The profile of the objective function 
can be like the terrain in a range of mountains with many 
peaks and valleys. If the objective function is to be maxi¬ 
mized (e.g. maximize profit), each peak in the mountain 
range represents a local optimum in the objective function. 
The highest peak represents the global optimum. Optimiza¬ 
tion requires searching around the mountains in a thick fog to 
find the highest peak, without the benefit of a map and only a 
compass to tell the direction and an altimeter to show the 
height. On reaching the top of any peak, there is no way of 
knowing whether it is the highest peak because of the fog. 
All peaks must be searched to find the highest. There are 
crevasses to fall into that might be impossible to climb out of. 
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Such problems can be overcome in a number of ways. 
The first way is by changing the model such that the solution 
space becomes more regular, making the optimization 
simpler. This most often means simplifying the mathemati¬ 
cal model. A second way is by repeating the search many 
times, but starting each new search from a different initial 
location. A third way exploits mathematical transforma¬ 
tions and bounding techniques for some forms of mathe¬ 
matical expression to allow the global optimum to be found 
(Floudas, 2000). A fourth way is by allowing the optimiza¬ 
tion to search the solution space so as to allow the possibility 
of going downhill, away from an optimum point, as well as 
uphill. As the search proceeds, the ability of the algorithm 
to move downhill must be gradually taken away. These 
problems will be dealt with in more detail in Chapter 3. 
c) The most serious drawback of this approach is that the 
design engineer is removed from the decision making. 
Thus, the many intangibles in design, such as safety and 
layout, which are difficult to include in the mathematical 
formulation, cannot be taken into account satisfactorily. 
On the other hand, this approach has a number of advan¬ 
tages. Many different design options can be considered at 
the same time. The complex multiple trade-offs usually encoun¬ 
tered in chemical process design can be handled by this 
approach. Also, the entire design procedure can be automated 
and is capable of producing designs quickly and efficiently. 

3) Creating an initial design and evolving through structural and 
parameter optimization. The third approach is a variation on 
creating and optimizing a superstructure. In this approach, an 
initial design is first created. This is not necessarily intended to 
be an optimal design and does not necessarily have redundant 
features, but is simply a starting point. The initial design is then 
subjected to evolution through structural and parameter opti¬ 
mization, using an optimization algorithm (see Chapter 3). As 
with the superstructure approach, the design problem is for¬ 
mulated as a mathematical model. The design is then evolved 
one step at a time. Each step is known as a move. Each move in 
the evolution might change one of the continuous variables in 
the flowsheet (e.g. flowrate, composition, temperature or pres¬ 
sure) or might change the flowsheet structure. Changing the 
flowsheet structure might mean adding or deleting equipment 
(together with the appropriate connections), or adding new 
connections or deleting existing connections. 

At each move, the objective function is evaluated (e.g. profit or 
cost). New moves are then carried out with the aim of improv¬ 
ing the objective function. Rules must be created to specify the 
moves. The same structural options might be allowed as 
included in the superstructure approach, but in this evolu¬ 
tionary approach the structural moves are carried out to add 
or delete structural features one at a time. In addition to the 
structural moves, continuous moves are also carried out to 
optimize the flowsheet conditions. 

The difficulties associated with this approach are similar to 
those for the creation and optimization of a superstructure: 

a) The approach will fail to find the optimal structure if the 
structural moves have not been defined such that the 


sequence of moves can lead to the optimal structure from 
the initial design. 

b) The objective function that must be optimized will be 
extremely irregular. Thus, again there are difficulties find¬ 
ing the global optimum. The optimization methods nor¬ 
mally adopted for this approach allow the search to proceed 
even if the objective function deteriorates after a move. The 
ability of the algorithm to accept the deteriorating objective 
function is gradually taken away as the optimization pro¬ 
ceeds. This approach will be dealt with in more detail in 
Chapter 3. 

c) Again, this approach has the disadvantage that the design 
engineer is removed from the decision making. 

In summary, the three general approaches to chemical 
process design have advantages and disadvantages. However, 
whichever is used in practice, there is no substitute for under¬ 
standing the problem. 

This text concentrates on developing an understanding of 
the concepts required at each stage of the design. Such an 
understanding is a vital part of chemical process design and 
integration, whichever approach is followed. 

1.10 The Nature of 
Chemical Process Design 
and Integration - Summary 

Chemical products can be divided into three broad classes: 
commodity, fine and specialty chemicals. Commodity chemicals 
are manufactured in large volumes with low added value. Fine 
and specialty chemicals tend to be manufactured in low volumes 
with high added value. The priorities in the design of processes 
for the manufacture of these three classes of chemical products 
will differ. 

The original design problem posed to the design team is often 
ill defined, even if it appears on the surface to be well defined. 
The design team must formulate well-defined design options from 
the original ill-defined problem, and these must be compared on the 
basis of consistent criteria. 

Design starts by synthesizing design options, followed by 
simulation and evaluation. The simulation allows further detail 
to be added to the design. Care should be taken when carrying out 
simulation to choose appropriate physical property correlations 
and data. Safety should be considered as early as possible in the 
development of the design to make the design inherently safe. 
Both structural and parameter optimization can be carried out to 
improve the evaluation. Design options should be left open as far as 
practicable to avoid potentially attractive options being eliminated 
inappropriately on the basis of uncertain data. 

The design might be new or retrofit of an existing process. If the 
design is a retrofit, then one of the objectives should be to maximize 
the use of existing equipment, even if it is not ideally suited to its 
new purpose. Another objective is to minimize the downtime 
required to carry out the modification. 
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Both continuous and batch process operations can be used. 
Batch processes are generally preferred for small-scale and spe¬ 
cialty chemicals production. 

When developing a chemical process design, there are two basic 
problems: 

• Can all possible structures be identified? 

• Can each structure be optimized such that all structures can be 
compared on a valid basis? 

Design starts at the reactor, because it is likely to be the only 
place in the process where raw materials are converted into the 
desired chemical products. The reactor design dictates the 
separation and recycle problem. Together, the reactor design 
and separation and recycle dictate the heating and cooling duties 
for the heat exchanger network. Those duties that cannot be 
satisfied by heat recovery dictate the need for external heating 
and cooling utilities. The process and the utility system both 
have a demand for water and create aqueous effluents, giving 
rise to the water system. This hierarchy is represented by the 
layers in the “onion diagram” of Figure 1.8. Both continuous 
and batch process design follow this hierarchy, even though the 
time dimension in batch processes brings additional constraints 
in process design. 

There are three general approaches to chemical process design: 

• creating an irreducible structure; 

• creating and optimizing a superstructure; 

• creating an initial design and evolving through structural and 
parameter optimization. 

Each of these approaches have advantages and disadvantages. 
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Chapter 2 


2 


Process Economics 


2.1 The Role of Process 
Economics 

The purpose of chemical processes is to make money. An under¬ 
standing of process economics is therefore critical in process 
design. Process economics has three basic roles in process design: 

1) Evaluation of design options. Costs are required to evaluate 
process design options; for example, should a membrane or an 
adsorption process be used for a purification? 

2) Process optimization. The settings of some process variables 
can have a major influence on the decision making in develop¬ 
ing the flowsheet and on the overall profitability of the process. 
Optimization of such variables is usually required. 

3) Overall project profitability. The economics of the overall 
project should be evaluated at different stages during the design 
to assess whether the project is economically viable. 

Before discussing how to use process economics for decision 
making, the most important costs that will be needed to compare 
options must first be reviewed. 

2.2 Capital Cost for 
New Design 

The total investment required for a new design can be broken down 
into four main parts that add up to the total investment: 

• Battery limits investment 

• Utility investment 

• Off-site investment 

• Working capital. 

1) Battery limits investment. The battery limit is a geographic 
boundary that defines the manufacturing area of the process. 
This is that part of the manufacturing system that converts raw 
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materials into products. It includes process equipment and 
buildings or structures to house it but excludes boiler-house 
facilities, site storage, pollution control, site infrastructure, and 
so on. The term battery limit is sometimes used to define the 
boundary of responsibility for a given project, especially in 
retrofit projects. 

The battery limits investment required is the purchase of 
the individual plant items and their installation to form a 
working process. Equipment costs may be obtained from 
equipment vendors or from published cost data. Care should 
be taken as to the basis of such cost data. What is required for 
cost estimates is delivered cost, but cost is often quoted as 
FOB (free on board). Free on board means the manufacturer 
pays for loading charges on to a shipping truck, railcar, barge 
or ship, but not freight or unloading charges. To obtain a 
delivered cost requires typically 5 to 10% to be added to the 
FOB cost. The delivery cost depends on location of the 
equipment supplier, location of site to be delivered to, size of 
the equipment, and so on. 

The cost of a specific item of equipment will be a function of: 

• size, 

• materials of construction, 

• design pressure, 

• design temperature. 

Cost data are often presented as cost versus capacity charts, 
or expressed as a power law of capacity: 

c '= c *(i)“ <21) 

where C E = equipment cost with capacity Q 

C B = known base cost for equipment with capacity 
Qb 

M = constant depending on equipment type 

A number of sources of such data are available in the 
open literature (Guthrie, 1969; Anson, 1977; Hall, Matley 
and McNaughton, 1982; Ulrich, 1984; Hall, Vatavuk and 
Matley, 1988; Remer and Chai, 1990; Gerrard, 2000; Peters, 
Timmerhaus and West, 2003). Published data are often old, 
sometimes from a variety of sources, with different ages. Such 



20 Chemical Process Design and Integration 


data can be brought up-to-date and put on a common basis using 
cost indexes: 


Ci _ INDEXi 
C 2 ~~ INDEX 2 


( 2 . 2 ) 


where C] 

C 2 

INDEX 1 
INDEX 2 


equipment cost in year 1 
equipment cost in year 2 
cost index in year 1 
cost index in year 2 


Commonly used indexes are the Chemical Engineering 
Indexes (1957-1959 index =100) and Marshall and Swift 
(1926 index = 100), published in Chemical Engineering mag¬ 
azine, and the Nelson-Farrar Cost Indexes for refinery con¬ 
struction (1946 index =100), published in the Oil and Gas 
Journal. The Chemical Engineering (CE) Indexes are particu¬ 
larly useful. CE Indexes are available for equipment covering: 

• Heat Exchangers and Tanks 

• Pipes, Valves and Fittings 

• Process Instruments 

• Pumps and Compressors 

• Electrical Equipment 

• Structural Supports and Miscellaneous. 

A combined CE Index of Equipment is available. CE 
Indexes are also available for: 

• Construction and Labor Index 

• Buildings Index 

• Engineering and Supervision Index. 

All of the above indexes are combined to produce a CE 
Composite Index. 

Table 2.1 presents data for a number of equipment items 
on the basis of January 2000 costs (Gerrard, 2000) (CE 
Composite Index = 391.1, CE Index of Equipment = 435.8). 
A guide to the selection of materials of construction can be 
found in Appendix B. 

Cost correlations for vessels are normally expressed in terms 
of the mass of the vessel. This means that not only a preliminary 
sizing of the vessel is required but also a preliminary assess¬ 
ment of the mechanical design (Mulet, Corripio and Evans, 
1981a, 1981b). 

Materials of construction have a significant influence on the 
capital cost of equipment. Table 2.2 gives some approximate 
average factors to relate the different materials of construction 
for equipment capital cost. 

It should be emphasized that the factors in Table 2.2 are 
average and only approximate and will vary, amongst other 
things, according to the type of equipment. As an example, 
consider the effect of materials of construction on the capital 
cost of distillation columns. Table 2.3 gives materials of 
construction cost factors for distillation columns. 

The cost factors for shell-and-tube heat exchangers are made 
more complex by the ability to construct the different compo¬ 
nents from different materials of construction. Table 2.4 gives 
typical materials of construction factors for shell-and-tube heat 
exchangers. 


The operating pressure also influences equipment capital 
cost as a result of thicker vessel walls to withstand increased 
pressure. Table 2.5 presents typical factors to account for the 
pressure rating. 

As with materials of construction correction factors, the 
pressure correction factors in Table 2.5 are average and only 
approximate and will vary, amongst other things, according 
to the type of equipment. Finally, its operating temperature 
also influences equipment capital cost. This is caused by, 
amongst other factors, a decrease in the allowable stress for 
materials of construction as the temperature increases. 
Table 2.6 presents typical factors to account for the operating 
temperature. 

Thus, for a base cost for carbon steel equipment at moder¬ 
ate pressure and temperature, the actual cost can be estimated 
from: 


C E = C B 



M 

/ m /pf T 


(2.3) 


where C E 

C B 

M 

/m 

fp 

h 


equipment cost for carbon steel at moderate 
pressure and temperature with capacity Q 
known base cost for equipment with capacity 
Qb 

constant depending on equipment type 
correction factor for materials of construction 
correction factor for design pressure 
correction factor for design temperature 


In addition to the purchased cost of the equipment, invest¬ 
ment is required to install the equipment. Installation costs 
include: 

• cost of installation, 

• piping and valves, 

• control systems, 

• foundations, 

• structures, 

• insulation, 

• fire proofing, 

• electrical, 

• painting, 

• engineering fees, 

• contingency. 

The total capital cost of the installed battery limits equip¬ 
ment will normally be two to four times the purchased cost of 
the equipment (Lang, 1947; Hand, 1958). 

In addition to the investment within the battery limits, 
investment is also required for the structures, equipment and 
services outside the battery limits that are required to make the 
process function. 

2) Utility investment. Capital investment in utility plant could 
include equipment for: 

• electricity generation, 

• electricity distribution, 
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Table 2.1 

Typical equipment capacity delivered capital cost correlations. 


Equipment 

Material of 

construction 

Capacity 

measure 

Base 
size Q b 

Base cost 
C„($) 

Size range 

Cost 

exponent M 

Agitated reactor 

CS 

Volume (m 3 ) 

1 

1.15 xlO 4 

1-50 

0.45 

Pressure vessel 

SS 

Mass (t) 

6 

9.84 xlO 4 

6-100 

0.82 

Distillation column (empty shell) 

CS 

Mass (t) 

8 

6.56 xlO 4 

8-300 

0.89 

Sieve trays (10 trays) 

CS 

Column diameter 
(m) 

0.5 

6.56 xlO 3 

0.5-4.0 

0.91 

Valve trays (10 trays) 

CS 

Column diameter 
(m) 

0.5 

1.80 xlO 4 

0.5-4.0 

0.97 

Structured packing (5 m height) 

SS (low grade) 

Column diameter 
(m) 

0.5 

1.80 xlO 4 

0.5-4.0 

1.70 

Scrubber (including random packing) 

SS (low grade) 

Volume (m 3 ) 

0.1 

4.92 xlO 3 

0.1-20 

0.53 

Cyclone 

CS 

Diameter (m) 

0.4 

1.64xl0 3 

0.4-3.0 

1.20 

Vacuum filter 

CS 

Filter area (m 2 ) 

10 

8.36 xlO 4 

10-25 

0.49 

Dryer 

SS (low grade) 

Evaporation rate 
(kg H 2 O h-‘) 

700 

2.30 x10 s 

700-3000 

0.65 

Shell-and-tube heat exchanger 

CS 

Heat transfer 
area (m 2 ) 

80 

3.28 xlO 4 

80-4000 

0.68 

Air-cooled heat exchanger 

CS 

Plain tube heat 
transfer area (m 2 ) 

200 

1.56x10 s 

200-2000 

0.89 

Centrifugal pump (small, including 
motor) 

SS (high grade) 

Power (kW) 

1 

1.97 x10 s 

1-10 

0.35 

Centrifugal pump (large, including 
motor) 

CS 

Power (kW) 

4 

9.84 x10 s 

4-700 

0.55 

Compressor (including motor) 


Power (kW) 

250 

9.84 xlO 4 

250-10,000 

0.46 

Fan (including motor) 

CS 

Power (kW) 

50 

1.23 xlO 4 

50-200 

0.76 

Vacuum pump (including motor) 

CS 

Power (kW) 

10 

l.lOxlO 4 

10-45 

0.44 

Electric motor 


Power (kW) 

10 

1.48 x10 s 

10-150 

0.85 

Storage tank (small atmospheric) 

SS (low grade) 

Volume (m 3 ) 

0.1 

3.28 x10 s 

0.1-20 

0.57 

Storage tank (large atmospheric) 

CS 

Volume (m 3 ) 

5 

1.15 xlO 4 

5-200 

0.53 

Silo 

CS 

Volume (m 3 ) 

60 

1.72 xlO 4 

60-150 

0.70 

Package steam boiler (fire-tube 
boiler) 

CS 

Steam generation 
(kgh- 1 ) 

50,000 

4.64 x10 s 

50,000-350,000 

0.96 

Field erected steam boiler 
(water-tube boiler) 

CS 

Steam generation 
(kgh- 1 ) 

20,000 

3.28 x10 s 

10,000-800,000 

0.81 

Cooling tower (forced draft) 


Water flowrate 
(m 3 h-‘) 

10 

4.43 x 10 3 

10-40 

0.63 


CS = carbon steel; SS (low grade) = low-grade stainless steel, for example, type 304; SS (high grade) = high-grade stainless steel, for example, type 316. 
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Table 2.2 

Typical average equipment materials of construction capital cost factors. 


Material 

Correction factor f M 

Carbon steel 

1.0 

Aluminum 

1.3 

Stainless steel (low grades) 

2.4 

Stainless steel (high grades) 

3.4 

Hastelloy C 

3.6 

Monel 

4.1 

Nickel and inconel 

4.4 

Titanium 

5.8 

Table 2.3 

Typical materials of construction capital cost factors for pressure vessels and 
distillation columns (Mulet, Corripio and Evans, 1981a, 1981). 

Material 

Correction factor f M 

Carbon steel 

1.0 

Stainless steel (low grades) 

2.1 

Stainless steel (high grades) 

3.2 

Monel 

3.6 

Inconel 

3.9 

Nickel 

5.4 

Titanium 

7.7 


• steam generation, 

• steam distribution, 

• process water, 

• cooling water, 

• firewater, 

• effluent treatment, 

• refrigeration, 

• compressed air, 

• inert gas (nitrogen). 

The cost of utilities is considered from their sources within 
the site to the battery limits of the chemical process served. 
3) Off-site investment. Off-site investment includes: 

• auxiliary buildings such as offices, medical, personnel, 
locker rooms, guardhouses, warehouses and maintenance 
shops, 

• roads and paths, 

• railroads. 


Table 2.4 


Typical materials of construction capital cost factors for shell-and-tube heat 
exchangers (Anson, 1977). 


Material 

Correction factor f M 

CS shell and tubes 

1.0 

CS shell, aluminum tubes 

1.3 

CS shell, monel tubes 

2.1 

CS shell, SS (low grade) tubes 

1.7 

SS (low grade) shell and tubes 

2.9 


Table 2.5 

Typical equipment pressure capital cost factors. 


Design pressure (bar absolute) 

Correction factor f P 

0.01 

2.0 

0.1 

1.3 

0.5-7 

1.0 

50 

1.5 

100 

1.9 


Table 2.6 

Typical equipment temperature capital cost factors. 


Design temperature (°C) 

Correction factor f T 

0-100 

1.0 

300 

1.6 

500 

2.1 


• fire protection systems, 

• communication systems, 

• waste disposal systems, 

• storage facilities for end product, water and fuel not directly 
connected with the process, 

• plant service vehicles, loading and weighing devices. 

The cost of the utilities and off-sites (together sometimes 

referred to as services ) ranges typically from 20 to 40% of 
the total installed cost of the battery limits plant (Bauman, 
1955). In general terms, the larger the plant, the larger will 
tend to be the fraction of the total project cost that goes to 
utilities and off-sites. In other words, a small project will 
require typically 20% of the total installed cost for utilities 
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and off-sites. For a large project, the figure can be typically 
up to 40%. 

4) Working capital, Working capital is what must be invested to 
get the plant into productive operation. This is money invested 
before there is a product to sell and includes: 

• raw materials for plant start-up (including wasted raw 
materials), 

• raw materials, intermediate and product inventories, 

• cost of transportation of materials for start-up, 

• money to carry accounts receivable (i.e. credit extended to 
customers) less accounts payable (i.e. credit extended by 
suppliers), 

• money to meet payroll when starting up. 

Theoretically, in contrast to fixed investment, this money is 

not lost but can be recovered when the plant is closed down. 

Stocks of raw materials, intermediate and product invento¬ 
ries often have a key influence on the working capital and are 
under the influence of the designer. Issues relating to storage 
will be discussed in more detail in Chapters 14 and 16. For an 
estimate of the working capital requirements, take either (Hol¬ 
land, Watson and Wilkinson, 1983): 

a) 30% of annual sales or 

b) 15% of total capital investment. 

5) Total capital cost. The total capital cost of the process, services 
and working capital can be obtained by applying multiplying 
factors or installation factors to the purchase cost of individual 
items of equipment (Lang, 1947; Hand, 1958): 

C F = Y.fi C Ti (2.4) 

i 

where C F = fixed capital cost for the complete system 
C E i = cost of equipment i 
f = installation factor for equipment i 

If an average installation factor for all types of equipment is 
to be used (Lang, 1947), 

C F =f,Y J C E , i (2.5) 

i 

where fj = overall installation factor for the complete system. 

The overall installation factor for new design is broken 
down in Table 2.7 into component parts according to the 
dominant phase being processed. The cost of the installation 
will depend on the balance of gas and liquid processing versus 
solids processing. If the plant handles only gases and liquids, it 
can be characterized as fluid processing. A plant can be 
characterized as solids processing if the bulk of the material 
handling is solid phase. For example, a solid processing plant 
could be a coal or an ore preparation plant. Between the two 
extremes of fluid processing and solids processing are pro¬ 
cesses that handle a significant amount of both solids and 
fluids. For example, a shale oil plant involves preparation of the 
shale oil followed by extraction of fluids from the shale oil and 
then separation and processing of the fluids. For these types of 
plant, the contributions to the capital cost can be estimated 


Table 2.7 

Typical factors for capital cost based on delivered equipment costs. 


Item 

Type of process 

Fluid 

processing 

Solid 

processing 

Direct costs 



Equipment delivered cost 

1 

1 

Equipment erection, f ER 

0.4 

0.5 

Piping (installed), f PIP 

0.7 

0.2 

Instrumentation and controls 
(installed), f/ NST 

0.2 

0.1 

Electrical (installed), f E LEC 

0.1 

0.1 

Utilities, f UTIL 

0.5 

0.2 

Off-sites, fos 

0.2 

0.2 

Buildings (including services), 

fBUILD 

0.2 

0.3 

Site preparation, fsp 

0.1 

0.1 

Total capital cost of installed 
equipment 

3.4 

2.7 

Indirect costs 



Design, engineering and 
construction, foEC 

1.0 

0.8 

Contingency (about 10% of fixed 
capital costs), fcoNT 

0.4 

0.3 

Total fixed capital cost 

4.8 

3.8 

Working capital 



Working capital (15% of total 
capital cost), f W c 

0.7 

0.6 

Total capital cost, fj 

5.8 

4.4 


from the two extreme values in Table 2.7 by interpolation in 
proportion of the ratio of major processing steps that can be 
characterized as fluid processing and solid processing. 

A number of points should be noted about the various 
contributions to the capital cost in Table 2.7. The values 
are: 

• based on carbon steel, moderate operating pressure and 
temperature; 

• average values for all types of equipment, whereas in practice 
the values will vary according to the type of equipment; 

• only guidelines and the individual components will vary 
from project to project; 

• applicable to new design only. 
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When equipment uses materials of construction other than 
carbon steel, or operating temperatures are extreme, the 
capital cost needs to be adjusted accordingly. Whilst the 
equipment cost and its associated pipework will be changed, 
the other installation costs will be largely unchanged, 
whether the equipment is manufactured from carbon steel 
or exotic materials of construction. Thus, the application of 
the factors from Tables 2.2 to 2.6 should only be applied to 
the equipment and pipework: 

Cf = \fndf,pf V(1 +fpip)]jCE,i 

+ ifER +fINST +/ELEC +/UTIL + /OS + fBUILD (2-6) 
+ fsp +/DEC + fcONT + fws ) CE,i 

Thus, to estimate the fixed capital cost: 

1) List the main plant items and estimate their size. 

2) Estimate the equipment cost of the main plant items. 

3) Adjust the equipment costs to a common time basis using a 
cost index. 

4) Convert the cost of the main plant items to carbon steel, 
moderate pressure and moderate temperature. 

5) Select the appropriate installation subfactors from Table 2.7 
and adjust for individual circumstances. 

6) Select the appropriate materials of construction, operating 
pressure and operating temperature correction factors for 
each of the main plant items. 

7) Apply Equation 2.6 to estimate the total fixed capital cost. 
Equipment cost data used in the early stages of a design 

will by necessity normally be based on capacity, materials of 
construction, operating pressure and operating temperature. 
However, in reality, the equipment cost will depend also on a 
number of factors that are difficult to quantify (Brennan, 
1998): 

• multiple purchase discounts, 

• buyer-seller relationships, 

• capacity utilization in the fabrication shop (i.e. how busy the 
fabrication shop is), 

• required delivery time, 

• availability of materials and fabrication labor, 

• special terms and conditions of purchase, and so on. 

Care should also be taken to the geographic location. 

Costs to build the same plant can differ significantly between 
different locations, even within the same country. Such 
differences will result from variations in climate and its 
effect on the design requirements and construction condi¬ 
tions, transportation costs, local regulations, local taxes, 
availability and productivity of construction labor, and so on 
(Gary and Handwerk, 2001). For example, in the United 
States of America, Gulf Coast costs tend to be the lowest, 
with costs in other areas typically 20 to 50% higher, and 
those in Alaska two or three times higher than the US Gulf 
Coast (Gary and Handwerk, 2001). In Australia, costs tend to 
be the lowest in the region of Sydney and the other metro¬ 
politan cities, with costs in remote areas such as North 


Queensland typically 40 to 80% higher (Brennan, 1998). 
Costs also differ from country to country. For example, 
relative to costs for a plant located in the US Gulf Coast, 
costs in India might be expected to be 20% cheaper, in 
Indonesia 30% cheaper, but in the United Kingdom 15% 
more expensive, because of labor costs, cost of land, and so 
on (Brennan, 1998). 

It should be emphasized that capital cost estimates using 
installation factors are at best crude and at worst highly 
misleading. When preparing such an estimate, the designer 
spends most of the time on the equipment costs, which 
represents typically 20 to 40% of the total installed cost. 
The bulk costs (civil engineering, labor, etc.) are factored 
costs that lack definition. At best, this type of estimate can be 
expected to be accurate to ±30%. To obtain greater accuracy 
requires detailed examination of all aspects of the investment. 
Thus, for example, to estimate the erection cost accurately 
requires knowledge of how much concrete will be used for 
foundations, how much structural steelwork is required, and 
so on. Such detail can only be included from access to a large 
database of cost information. 

The shortcomings of capital cost estimates using installation 
factors are less serious in preliminary process design if used to 
compare options on a common basis. If used to compare 
options, the errors will tend to be less serious as the errors 
will tend to be consistent across the options. 


Example 2.1 A new heat exchanger is to be installed as part of 
a large project. Preliminary sizing of the heat exchanger has 
estimated its heat transfer area to be 250 m 2 . Its material of 
construction is low-grade stainless steel and its pressure rating 
is 5 bar. Estimate the contribution of the heat exchanger to the total 
cost of the project (CE Index of Equipment = 682.0). 

Solution From Equation 2.1 and Table 2.1, the capital cost of a 
carbon steel heat exchanger can be estimated from: 


Ce = Cb 



= 3.28 x 10 4 



0-68 


= $7.12 X 10 4 

The cost can be adjusted to bring it up-to-date using the ratio of cost 
indexes: 


C E = 7.12 x 10 4 


682.0\ 
435.8 J 


= $1.11 x 10 5 


The cost of a carbon steel heat exchanger needs to be adjusted for 
the material of construction. Because of the low pressure rating, no 
correction for pressure is required (Table 2.5), but the cost needs to 
be adjusted for the materials of construction. From Table 2.4, 
f M = 2.9, and the total cost of the installed equipment can be 
estimated from Equation 2.6 and Table 2.7. If the project is a 
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complete new plant, the contribution of the heat exchanger to the 
total cost can be estimated to be: 

Cf = /m(1 + f PIp)Ce + (fER+ fINST + fELEC + f UTIL + fOS 
+/BUILD +fsp + f DEC + /C0ATT +fws)^E 

= 2.9(1+0.7)1.11 x 10 5 +(0.4+ 0.2+ 0.1 +0.5+ 0.2) 

+ 0.2 + 0.1 + 1.0 + 0.4 + 0.7)1.11 x 10 5 
= 8.73 x 1.11 X 10 5 
= $9.69 x 10 5 

Had the new heat exchanger been an addition to an existing plant 
that did not require investment in electrical services, utilities, off¬ 
sites, buildings, site preparation or working capital, then the cost 
would be estimated from: 

Cf =/m0 +/ PIp)Ce + {f ER +flNST + /DEC +/ CONt)Ce 

= 2.9(1+0.7)1.11 x 10 s + (0.4 + 0.2+ 1.0 + 0.4)1.11 x 10 5 
= 6.93 x 1.11 X 10 s 
= $7.69 x 10 5 

Installing a new heat exchanger into an existing plant might require 
additional costs over and above those estimated here. Connecting 
new equipment to existing equipment, modifying or relocating 
existing equipment to accommodate the new equipment and down¬ 
time might all add to the costs. 


2.3 Capital Cost for Retrofit 

Estimating the capital cost of a retrofit project is much more difficult 
than for new design. In principle, the cost of individual items of new 
equipment will be the same, whether it is a grassroot design or a 
retrofit. By contrast, installation factors for equipment in retrofit can 
be completely different from grassroot design, and could be higher 
or lower. If the new equipment can take advantage of existing space, 
foundations, electrical cabling, and so on, the installation factor 
might in some cases be lower than in new design. This will 
especially be the case for small items of equipment. However, 
most often, retrofit installation factors will tend to be higher than in 
grassroot design and can be very much higher. This is because 
existing equipment might need to be modified or moved to allow 
installation of new equipment. Also, access to the area where the 
installation is required is likely to be much more restricted in retrofit 
than in the phased installation of new plant. Smaller projects (as the 
retrofit is likely to be) tend to bring higher cost of installation per 
unit of installed equipment than larger projects. 

As an example, one very common retrofit situation is the 
replacement of distillation column internals to improve the per¬ 
formance of the column. The improvement in performance sought 
is often an increase in the throughput. This calls for existing 
internals to be removed and then to be replaced with the new 
internals. Table 2.8 gives typical factors for the removal of old 
internals and the installation of new ones (Bravo, 1997). 

As far as utilities and off-sites are concerned, it is also difficult to 
generalize. Small retrofit projects are likely not to require any 
investment in utilities and off-sites. Larger-scale retrofit might 


Table 2.8 

Modification costs for distillation column retrofit (Bravo, 1997). 


Column modification 

Cost of modification (multiply 
factor by cost of new hardware) 

Removal of trays to install 
new trays 

0.1 for the same tray spacing 

0.2 for different tray spacing 

Removal of trays to install 
packing 

0.1 

Removal of packing to 
install new trays 

0.07 

Installation of new trays 

1.0-1.4 for the same tray spacing 

1.2— 1.5 for different tray spacing 

1.3— 1.6 when replacing packing 

Installation of new structured 
packing 

0.5-0.8 


demand a major revamp of the utilities and off-sites, which can be 
particularly expensive because existing equipment might need to 
be modified or removed to make way for new utilities and off-sites 
equipment. 

Working capital is also difficult to generalize. Most often, there 
will be no significant working capital associated with a retrofit 
project. For example, if a few items of equipment are replaced to 
increase the capacity of a plant, this will not significantly change 
the raw materials and product inventories, money to carry accounts 
receivable, money to meet payroll, and so on. On the other hand, if 
the plant changes function completely, significant new storage 
capacity is added, and so on, there might be a significant element of 
working capital. 

One of the biggest sources of cost associated with retrofit can be 
the downtime (the period during which the plant will not be 
productive) required to carry out the modifications. The cost of 
lost production can be the dominant feature of retrofit projects. The 
cost of lost production should be added to the capital cost of a 
retrofit project. To minimize the downtime and cost of lost 
production requires that as much preparation as possible is carried 
out whilst the plant is operating. The modifications requiring the 
plant to be shut down should be minimized. For example, it might 
be possible for new foundations to be installed and new equipment 
put into place while the plant is still operating, leaving the final 
pipework and electrical modifications for the shutdown. Retrofit 
projects are often arranged such that the preparation is carried out 
prior to a regular maintenance shutdown, with the final modifica¬ 
tions coinciding with the planned maintenance shutdown. Such 
considerations often dominate the decisions made as to how to 
modify the process for retrofit. 

Because of all of these uncertainties, it is difficult to provide 
general guidelines for the capital cost of retrofit projects. The basis 
of the capital cost estimate should be to start with the required 
investment in new equipment. Installation factors for the installa¬ 
tion of equipment for grassroot design from Table 2.7 need to be 
adjusted according to circumstances (usually increased). If old 
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equipment needs to be modified to take up a new role (e.g. move an 
existing heat exchanger to a new duty), then an installation cost 
must be applied without the equipment cost. In the absence of 
better information, the installation cost can be taken to be that for 
the equivalent piece of new equipment. Some elements of the 
total cost breakdown in Table 2.7 will not be relevant and should 
not be included. In general, for the estimation of capital cost for 
retrofit, a detailed examination of the individual features of retrofit 
projects is necessary. 


Example 2.2 An existing heat exchanger is to be repiped to a 
new duty in a retrofit project without moving its location. The only 
significant investment is piping modifications. The heat transfer area 
of the existing heat exchanger is 250 m 2 . The material of construc¬ 
tion is low-grade stainless steel and its design pressure is 5 bar. 
Estimate the cost of the project (CE Index of Equipment = 682.0). 

Solution All retrofit projects have individual characteristics and 
it is impossible to generalize the costs. The only way to estimate costs 
with any certainty is to analyze the costs of all of the modifications in 
detail. However, in the absence of such detail, a very preliminary 
estimate can be obtained by estimating the retrofit costs from the 
appropriate installation costs for a new design. In this case, piping 
costs can be estimated from those for a new heat exchanger of 
the same specification, but excluding the equipment cost. For 
Example 2.1, the cost of a new stainless steel heat exchanger 
with an area of 250 m 2 was estimated to be $ 1.11 X 10 s . The piping 
costs (stainless steel) can therefore be estimated to be: 

Piping cost = f M fpipC E 

= 2.9 X 0.7 x 1.11 X 10 5 
= 2.03 x 1.11 xlO 5 
= $2.25 x 10 s 

This estimate should not be treated with any confidence. It will give 
an idea of the costs and might be used to compare retrofit options on 
a like-for-like basis, but could be veiy misleading. 


Example 2.3 An existing distillation column is to be 
revamped to increase its capacity by replacing the existing sieve 
trays with stainless steel structured packing. The column shell is 46 
m tall and 1.5 m diameter and currently fitted with 70 sieve trays 
with a spacing of 0.61 m. The existing trays are to be replaced with 
stainless steel structured packing with a total height of 30 m. 
Estimate the cost of the project (CE Index of Equipment = 682.0). 


Solution First, estimate the purchase cost of the new structured 
packing from Equation 2.1 and Table 2.1, which gives costs for a 
5 m height of packing: 


Cf. = Ci 


, 30 /1.5 

= 1.8 x 10 4 x — — 


= $6.99 x 10 5 


5 V 0.5 


Adjusting the cost to bring it up-to-date using the ratio of cost 
indexes: 


C E 


6.99 x 10 5 


682.0\ 
435.8 J 


$1.09 x 10 6 


From Table 2.8, the factor for removing the existing trays is 0.1 and 
that for installing the new packing is 0.5 to 0.8 (say 0.7). Estimated 
total cost of the project: 


= (1 +0.1 +0.7)1.09 x 10 6 
= $1.96 x 10 6 


2.4 Annualized Capital 
Cost 


Capital for new installations may be obtained from: 

a) Loans from banks 

b) Issue by the company of common stock (ordinary shares), 
preferred stock (preference shares) or bonds 

c) Accumulated net cash flow arising from company profit over 
time. 

Interest on loans from banks, preferred stock and bonds is paid 
at a fixed rate of interest. A share of the profit of the company is paid 
as a dividend on common stock and preferred stock (in addition to 
the interest paid on preferred stock). 

The cost of the capital for a project thus depends on its source. 
The source of the capital often will not be known during the early 
stages of a project and yet there is a need to select between process 
options and carry out optimization on the basis of both capital and 
operating costs. This is difficult to do unless both capital and 
operating costs can be expressed on a common basis. Capital costs 
can be expressed on an annual basis if it is assumed that the capital 
has been borrowed over a fixed period (for large projects, usually 5 
to 10 years) at a fixed rate of interest, in which case the capital cost 
can be annualized according to: 


Annualized capital cost = Capital cost x 


i( 1 + if 

(1 + 0"-i 


(2.7) 


where i = fractional interest rate per year 
n = number of years 

The derivation of Equation 2.7 is given in Appendix C. 

As stated previously, the source of capital is often not known, 
and hence it is not known whether Equation 2.7 is appropriate to 
represent the cost of capital. Equation 2.7 is, strictly speaking, only 
appropriate if the money for capital expenditure is to be borrowed 
over a fixed period at a fixed rate of interest. Moreover, if 
Equation 2.7 is accepted, then the number of years over which 
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the capital is to be annualized is known, as is the rate of interest. 
However, the most important thing is that, even if the source of 
capital is not known, and uncertain assumptions are necessary. 
Equation 2.7 provides a common basis for the comparison of 
competing projects and design alternatives within a project. 

Example 2.4 The purchased cost of a new distillation column 
installation is $1 million. Calculate the annual cost of installed 
capital if the capital is to be annualized over a five-year period at a 
fixed rate of interest of 5%. 

Solution First calculate the installed capital cost (Table 2.7): 

Cf = UC E 

= 5.8 X (1,000,000) 

= $5,800,000 

/(1 + if 

Annualization factor = -—- 

(1 + if - 1 

_ 0.05(1 + 0.05) 5 

"" (1 +0.05) 5 - 1 
= 0.2310 

Annualized capital cost = 5,800,000x0.2310 
= $1,340,000 y 1 

When using annualized capital cost to carry out optimization, the 
designer should not lose sight of the uncertainties involved in the 
capital annualization. In particular, changing the annualization 
period can lead to very different results when, for example, carrying 
out a trade-off between energy and capital costs. When carrying out 
optimization, the sensitivity of the result to changes in the assump¬ 
tions should be tested. 


2.5 Operating Cost 

1) Raw materials cost. In most processes, the largest individual 
operating cost is raw materials. The cost of raw materials and 
the product selling prices tend to have the largest influence on 
the economic performance of the process. The cost of raw 
materials and price of products depends on whether the materi¬ 
als in question are being bought and sold under a contractual 
arrangement (either within the same company or outside the 
company ) or on the open market. Open market prices for some 
chemical products can fluctuate considerably with time. Raw 
materials might be purchased and products sold below or above 
the open market price when under a contractual arrangement, 
depending on the state of the market. Buying and selling on the 
open market may give the best purchase and selling prices but 
give rise to an uncertain economic environment. A long-term 
contractual agreement may reduce profit per unit of production 
but gives a degree of certainty over the project life. 

The values of raw materials and products can be found in 
various on-line sources and trade journals. However, the values 
reported in such sources will be subject to short-term 


fluctuations, and long-term forecasts will be required for 
investment analysis. 

2) Catalysts and chemicals consumed in manufacturing other 
than raw materials. Catalysts will need to be replaced or 
regenerated though the life of a process (see Chapter 6). The 
replacement of catalysts might be on a continuous basis if 
homogeneous catalysts are used (see Chapters 5 and 6). 
Heterogeneous catalysts might also be replaced continuously 
if they deteriorate rapidly, and regeneration cannot fully 
reinstate the catalyst activity. More often for heterogeneous 
catalysts, regeneration or replacement will be carried out on an 
intermittent basis, depending on the characteristics of the 
catalyst deactivation. 

In addition to the cost of catalysts, there might be significant 
costs associated with chemicals consumed in manufacturing 
that do not form part of the final product. For example, acids and 
alkalis might be consumed to adjust the pH of streams. Such 
costs might be significant. 

3) Utility operating cost. Utility operating cost is usually the most 
significant variable operating cost after the cost of raw materi¬ 
als. This is especially the case for the production of commodity 
chemicals. Utility operating cost includes: 

• fuel, 

• electricity, 

• steam, 

• cooling water, 

• refrigeration, 

• compressed air, 

• inert gas. 

Utility costs can vary enormously between different proc¬ 
essing sites. This is especially true of fuel and power costs. Not 
only do fuel costs vary considerably between different fuels 
(coal, oil, natural gas) and geographic locations but costs also 
tend to be sensitive to market fluctuations. Contractual relation¬ 
ships also have a significant effect on fuel costs. The price paid 
for fuel depends very much on how much is purchased and the 
pattern of usage. 

When electricity is bought from centralized power-genera¬ 
tion companies under long-term contract, the price tends to be 
more stable than fuel costs, since power-generation companies 
tend to negotiate long-term contracts for fuel supply. However, 
purchased electricity prices (and sales price if excess electricity 
is generated and exported) are normally subject to tariff 
variations. Electricity tariffs can depend on the season of 
the year (e.g. winter versus summer), the time of the week 
(e.g. weekend versus weekday) and the time of day (e.g. night 
versus day). In hot countries, electricity is usually more 
expensive in the summer than in the winter because of the 
demand from air-conditioning systems. In cold countries, 
electricity is usually more expensive in the winter than in 
the summer because of the demand from space heating. The 
price structure for electricity can be complex, but should be 
predictable if based on contractual arrangements. If electricity 
is purchased from a spot market in those countries that have 
such arrangements, then prices can vary wildly. 
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Steam costs vary with the price of fuel and electricity. If 
steam is only generated at low pressure and not used for power 
generation in steam turbines, then the cost can be estimated 
from fuel costs assuming an efficiency of generation and 
distribution losses. The efficiency of generation depends on 
the boiler efficiency and the steam consumed in boiler feed- 
water production (see Chapter 23). Losses from the steam 
distribution system include heat losses from steam distribution 
and condensate return pipework to the environment, steam 
condensate lost to drain and not returned to the boilers and 
steam leaks. The efficiency of steam generation (including 
auxiliary boiler-house requirements, see Chapter 23) is typi¬ 
cally around 85 to 90% and distribution losses of perhaps 
another 10%, giving an overall efficiency for steam generation 
and distribution of typically around 75 to 80% (based on the net 
calorific value of the fuel). Care should be exercised when 
considering boiler efficiency and the efficiency of steam gen¬ 
eration. These figures are often quoted on the basis of gross 
calorific value of the fuel, which includes the latent heat of the 
water vapor from combustion. This latent heat is rarely recov¬ 
ered through condensation of the water vapor in the combustion 
gases. The net calorific value of the fuel assumes that the latent 
heat of the water vapor is not recovered and is therefore the 
most relevant value, yet figures are often quoted on the basis of 
gross calorific value. 

If high-pressure steam mains are used, then the cost of steam 
should be related in some way to its capacity to generate power 
in a steam turbine rather than simply to its additional heating 
value. The high-pressure steam is generated in the utility boilers 
and the low-pressure steam is generated by reducing pressure 
through steam turbines to produce power. This will be dis¬ 
cussed in more detail in Chapter 23. One simple way to cost 
steam is to calculate the cost of the fuel required to generate the 
high-pressure steam (including any losses), and this fuel cost is 
then the cost of the high-pressure steam. Although this neglects 
water costs, labor costs, and so on, it will be a reasonable 
estimate, as costs are normally dominated by fuel costs. Low- 
pressure mains have a value equal to that of the high-pressure 
mains minus the value of power generated by letting the steam 
down to the low pressure in a steam turbine. To calculate the 
cost of steam that has been expanded though a steam turbine, 
the power generated in such an expansion can be calculated. 
The simplest way to do this is on the basis of a comparison 
between an ideal and a real expansion though a steam turbine. 
Figure 2.1 shows a steam turbine expansion on an enthalpy- 
entropy plot. In an ideal turbine, steam with an initial pressure 
Pi and enthalpy II\ expands isentropically to pressure P 2 and 
enthalpy Hi js . In such circumstances, the ideal work output is 
(Hi — H 2 js). Because of the frictional effects in the turbine 
nozzles and blade passages, the exit enthalpy is greater than it 
would be in an ideal turbine, and the work output is conse¬ 
quently less, given by Hi in Figure 2.1. The actual work output 
is given by (H\ - Hi). The turbine isentropic efficiency rj IS 
measures the ratio of the actual to ideal work obtained: 

Hi -Hi 
Hi -Hijs 



Figure 2.1 

Steam turbine expansion. 


The output from the turbine might be superheated or partially 
condensed, as is the case in Figure 2.1. The following example 
illustrates the approach. 

Example 2.5 The pressures of three steam mains have been 
set to the conditions given in Table 2.9. High-pressure (HP) 
steam is generated in boilers at 41 barg and superheated to 
400 °C. Medium-pressure (MP) and low-pressure (LP) steam 
are generated by expanding high-pressure steam through a steam 
turbine with an isentropic efficiency of 80%. The cost of fuel is 
$4.00 G.L 1 and the cost of electricity is $0.07kW~ 1 -h~ l . Boiler 
feedwater is available at 100°C with a heat capacity of 
4.2kJ kg _l K _1 . Assuming an efficiency of steam generation 
of 85% and distribution losses of 10% of the fuel fired, estimate 
the cost of steam for the three levels. 


Table 2.9 

Steam mains pressure settings. 


Mains 

Pressure (barg) 

HP 

41 

MP 

10 

LP 

3 


Solution Cost of 41 barg steam. From steam tables, for 41 barg 
steam at 400 °C: 

Enthalpy = 3212 kj • kg -1 


’hs ~ 


( 2 . 8 ) 
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For boiler feedwater: 

Enthalpy = 4.2(100 - 0) (relative to water atO°C) 

= 420 kj • kg -1 

To generate 41 barg steam at 400 °C: 

Heat duty = 3212 - 420 = 2792 kJ • kg -1 
For 41 barg steam: 

Cost = 4.00 x 10“ 6 X 2792 x () ^ 

= 0.01489$-kg" 1 
= 14.89 $ - f 1 

Cost of 10 barg steam. Here 41 barg steam is now expanded to 
10 barg in a steam turbine. 

From steam tables, inlet conditions at 41 barg and 400 °C are: 

H\ = 3212 kJ kg" 1 
Si = 6.747 kJ • kg”' • K -1 

Turbine outlet conditions for isentropic expansion to 10 barg are: 

H 2js = 2873 kJ- kg" 1 
S 2 = 6.747 kJ • kg- 1 ■ K 1 

For single-stage expansion with isentropic efficiency of 80%: 

Hi = Hi i — Hijs) 

= 3212-0.8(3212-2873) 

= 2941 kJ ■ kg" 1 

From steam tables, the outlet temperature is 251 °C, which corre¬ 
sponds to a superheat of 67 °C. Although steam for process heating 
is preferred at saturated conditions, it is not desirable in this case to 
de-superheat by boiler feedwater injection to bring to saturation 
conditions. If saturated steam is fed to the main, then the heat losses 
from the main will cause a large amount of condensation in the 
main, which is undesirable. Hence, it is standard practice to feed 
steam to the main with a superheat of at least 10 °C to avoid 
condensation in the main. 

Power generation = 3212 - 2941 
= 271 kJ-kg- 1 

0.07 

Value of power generation = 271 x ^qq 

= 0.00527 $ • kg-' 

Cost of 10 barg steam = 0.01489 - 0.00527 
= 0.00962 $ • kg" 1 
= 9.62$ • r 1 

Cost of 3 barg steam. Here 10 barg steam from the exit of the first 
turbine is assumed to be expanded to 3 barg in another turbine. 
From steam tables, inlet conditions of 10 barg and 251 °C are: 

Hi = 2941 kJ • kg” 1 
Si = 6.880 kj kg" 1 K- 1 


Turbine outlet conditions for isentropic expansion to 3 barg are: 

Hus = 2732 kJ- kg- 1 
S 2 = 6.880 kJ -kg- 1 K- 1 

For a single-stage expansion with isentropic efficiency of 80%: 

Hi = Hi-, hs (Hi - H 2 j S ) 

= 2941 -0.8(2941 -2732) 

= 2774 kJ • kg- 1 

From steam tables, the outlet temperature is 160 °C, which is 
superheated by 16 °C. Again, it is desirable to have some superheat 
for the steam fed to the low-pressure main. 

Power generation = 2941 - 2774 
= 167 kJ kg 1 

Value of power generation = 167 x 

= 0.00325 $ ■ kg- 1 

Cost of 3 barg steam = 0.00962 — 0.00325 
= 0.00637 $ • kg- 1 
= 6.37 $ • r 1 


If the steam generated in the boilers is at a very high pressure 
and/or the ratio of power to fuel costs is high, then the value of 
low-pressure steam can be extremely low or even negative (see 
Chapter 23). This simplistic approach to costing steam is often 
unsatisfactory, especially if the utility system already exists. 
Steam costs will be considered in more detail in Chapter 23. 

The operating cost for cooling water tends to be low relative 
to the value of both fuel and electricity. The principal operating 
cost associated with the provision of cooling water is the cost of 
power to drive the cooling tower fans and cooling water 
circulation pumps. The cost of cooling duty provided by 
cooling water is in the order of 1% that of the cost of power. 
For example, if power costs $0.07kW _1 -h _1 , then cooling 
water will typically cost 0.07 X 0.01/3600 = $0.19 X 10“kJ _ 1 
or $0.19 GJ -1 . Cooling water systems will be discussed in more 
detail in Chapter 24. 

The cost of power required for a refrigeration system can be 
estimated as a multiple of the power required for an ideal 
system: 


Wideal _Th — Tc .. „ 

Qc ~ T c { ' 

where Wi DEAL = ideal power required for the refrigeration 
cycle 

Qc = the cooling duty 

T c = temperature at which heat is taken into the 
refrigeration cycle (K) 

T h = temperature at which heat is rejected from 
the refrigeration cycle (K) 
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The ratio of ideal to actual power is often around 0.6. Thus: 




( 2 . 10 ) 


where W is the actual power required for the refrigeration 
cycle. 


Example 2.6 A process requires 0.5 MW of cooling at -20 °C. 
A refrigeration cycle is required to remove this heat and reject it to 
cooling water supplied at 25 °C and returned at 30 °C. Assuming a 
minimum temperature difference (AT mi „) of 5 °C and both vapor¬ 
ization and condensation of the refrigerant occur isothermally, 
estimate the annual operating cost of refrigeration for an electri¬ 
cally driven system operating 8000 hours per year. The cost of 
electricity is $0.07kW _1 -h _l . 

Solution 

W 
T h 

T c = -20 - 5 = -25 °C = 248 K 

0.5 /308 - 248 

Vv = — - 

0.6 V 248 

= 0.202 MW 

Cost of electricity = 0.202 x 103 X 0.07 X 8000 
= $113,120 y“‘ 


_ Qc ( Th ~ T c \ 

0.6 i r c j 

= 30 + 5 = 35 °C = 308 K 


More accurate methods to calculate refrigeration costs will 
be discussed in Chapter 24. 

4) Labor cost. The cost of labor is difficult to estimate. It depends 
on whether the process is batch or continuous, the level of 
automation, the number of processing steps and the level of 
production. When synthesizing a process, it is usually only 
necessary to screen process options that have the same basic 
character (e.g. continuous), have the same level of automation, 
have a similar number of processing steps and have the same 
level of production. In this case, labor costs will be common to 
all options and hence will not affect the comparison. 

If. however, options are to be compared that are very 
different in nature, such as a comparison between batch and 
continuous operation, some allowance for the difference in the 
cost of labor must be made. Also, if the location of the plant has 
not been fixed, the differences in labor costs between different 
geographical locations can be important. 

5) Maintenance. The cost of maintenance depends on whether 
processing materials are solids on the one hand or gas and 
liquid on the other. Handling solids tends to increase main¬ 
tenance costs. Highly corrosive process fluids increase main¬ 
tenance costs. Average maintenance costs tend to be around 
6% of the fixed capital investment (Peters, Timmerhaus and 
West, 2003). 


2.6 Simple Economic 
Criteria 


To evaluate design options and carry out process optimization, 
simple economic criteria are needed. Consider what happens to 
the revenue from product sales after the plant has been commis¬ 
sioned. The sales revenue must pay for both fixed costs that are 
independent of the rate of production and variable costs, which do 
depend on the rate of production. After this, taxes are deducted to 
leave the net profit. 

Fixed costs independent of the rate of production include: 

• Capital cost repayments 

• Routine maintenance 

• Overheads (e.g. safety services, laboratories, personnel facili¬ 
ties, administrative services) 

• Quality control 

• Local taxes 

• Labor 

• Insurance. 

Variable costs that depend on the rate of production include: 

• Raw materials 

• Catalysts and chemicals consumed in manufacturing (other than 
raw materials) 

• Utilities (fuel, steam, electricity, cooling water, process water, 
compressed air, inert gases, etc.) 

• Maintenance costs incurred by operation 

• Royalties 

• Transportation costs. 

There can be an element of maintenance that is a fixed and an 
element that is variable. Fixed maintenance costs cover routine 
maintenance, such as statutory maintenance on safety equip¬ 
ment, that must be carried out irrespective of the rate of 
production. Variable maintenance costs result from certain items 
of equipment needing more maintenance as the production rate 
increases. Also, the royalties that cover the cost of purchasing 
another company’s process technology may have different 
bases. Royalties may be a variable cost, since they can some¬ 
times be paid in proportion to the rate of production or sales 
revenue. Alternatively, the royalty might be a single-sum pay¬ 
ment at the beginning of the project. In this case, the single-sum 
payment will become part of the project capital investment. As 
such, it will be included in the annual capital repayment, and this 
becomes part of the fixed cost. 

Two simple economic criteria are useful in process design: 
Economic potential (EP): 

EP = Value of products — Fixed costs 
— Variable costs — Taxes 

Total annual cost (TAC): 

TAC = Fixed costs + Variable costs + Taxes 


( 2 . 12 ) 
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When synthesizing a flowsheet, these criteria are applied at various 
stages when the picture is still incomplete. Hence, it is usually not 
possible to account for all the fixed and variable costs listed above 
during the early stages of a project. Also, there is little point in 
calculating taxes until a complete picture of operating costs and 
cash flows has been established. 

The preceding definitions of economic potential and total 
annual cost can be simplified if it is accepted that they will be 
used to compare the relative merits of different structural options in 
the flowsheet and different settings of the operating parameters. 
Thus, items that will be common to the options being compared can 
be neglected. 

2.7 Project Cash Flow and 
Economic Evaluation 


As the design progresses, more information is accumulated. The 
best methods of assessing the profitability of alternatives are based 
on projections of the cash flows during the project life (Allen, 
1980). 

Figure 2.2 shows the cash flow pattern for a typical project. The 
cash flow is a cumulative cash flow. Consider Curve 1 in 
Figure 2.2. From the start of the project at Point A, cash is spent 
without any immediate return. The early stages of the project 
consist of development, design and other preliminary work, which 
causes the cumulative curve to dip to Point B. This is followed 

Cumulative 
Cash Flow 



Figure 2.2 

Cash flow pattern for a typical project. (Reproduced from Allen DH. 
(1980) A Guide to the Economic Evaluation of Projects, by permission of 
the Institution of Chemical Engineers.) 


by the main phase of capital investment in buildings, plant and 
equipment, and the curve drops more steeply to Point C. Working 
capital is spent to commission the plant between Points C and D. 
Production starts at D , where revenue from sales begins. Initially, 
the rate of production is likely to be below design conditions until 
full production is achieved at E. At F, the cumulative cash flow is 
again zero. This is the project breakeven point. Toward the end of 
the project’s life at G, the net rate of cash flow may decrease owing 
to, for example, increasing maintenance costs, a fall in the market 
price for the product, and so on. 

Ultimately, the plant might be permanently shut down or given 
a major revamp. This marks the end of the project, H. If the plant is 
shut down, working capital is recovered and there may be salvage 
value, which would create a final cash inflow at the end of the 
project. 

The predicted cumulative cash flow curve for a project 
throughout its life forms the basis for more detailed evaluation. 
Many quantitative measures or indices have been proposed. In 
each case, important features of the cumulative cash flow curve 
are identified and transformed into a single numerical measure 
as an index. 

1) Payback time. Payback time is the time that elapses from the 
start of the project (A in Figure 2.2) to the breakeven point (F in 
Figure 2.2). The shorter the payback time, the more attractive is 
the project. Payback time is often calculated as the time to 
recoup the capital investment based on the mean annual cash 
flow. In retrofit, payback time is usually calculated as the time 
to recoup the retrofit capital investment from the mean annual 
improvement in operating costs. 

2) Return on investment (ROI). Return on investment (ROI) is 
usually defined as the ratio of average yearly income over the 
productive life of the project to the total initial investment, 
expressed as a percentage. Thus, from Figure 2.2: 


KH 100 . . 

ROI =- X-% per year 

KD LD F : 


(2.13) 


Payback and ROI select particular features of the project 
cumulative cash flow and ignore others. They take no account 
of the pattern of cash flow during a project. The other indices to 
be described, net present value and discounted cash flow return, 
are more comprehensive because they take account of the 
changing pattern of project net cash flow with time. They 
also take account of the time value of money. 

3) Net present value (NPV). Since money can be invested to earn 
interest, money received now has a greater value than money if 
received at some time in the future. The net present value of a 
project is the sum of the present values of each individual cash 
flow. In this case, the present is taken to be the start of a project. 

Time is taken into account by discounting the annual cash 
flow A C f with the rate of interest to obtain the annual discounted 
cash flow A dcf . Thus at the end of year 1: 


Adcfi — 


Acfi 
(1 + i) 
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at the end of year 2: 


Adcfi — 


A-cfi 

(1+0 2 


and at the end of year n: 

A °CF»=0tf C.U) 

The sum of the annual discounted cash flows over n years 2 
Adcf is known as the net present value (NPV) of the project: 

NPV = Y j Adcf (2.15) 


project NPV is equal to the final net cash position given by H. 
Curve 2 shows the effect of discounting at a fixed rate of interest 
and the corresponding project NPV is given by J. Curve 3 in 
Figure 2.2 shows a larger rate of interest, but it is chosen such 
that the NPV is zero at the end of the project. 

The greater the positive NPV for a project, the more 
economically attractive it is. A project with a negative NPV 
is not a profitable proposition. 

4) Discounted cashflow rate of return. The discounted cash flow 
rate of return is defined as the discount rate i, which makes the 
NPV of a project equal to zero (Curve 3 in Figure 2.2): 

NPV = Y^ a »cf = 0 (2.16) 


The value of NPV is directly dependent on the choice of the 
fractional interest rate i and project lifetime n. 

Returning to the cumulative cash flow curve for a project, 
the effect of discounting is shown in Figure 2.2. Curve 1 is 
the original curve with no discounting, that is, i = 0, and the 


The value of i given by this equation is known as the discounted 
cashflow rate of return (DCFRR). It may be found graphically 
or by trial and error. 


Example 2.7 A company has the alternative of investing in one 
of two projects, A or B. The capital cost of both projects is $10 
million. The predicted annual cash flows for both projects are shown 
in Table 2.10. Capital is restricted, and a choice is to be made on the 
basis of the discounted cash flow rate of return, based on a five-year 
lifetime. 


Solution Project A 

Start with an initial guess for DCFRR of 20% and increase as detailed 
in Table 2.11. 


Table 2.10 

Predicted annual cash flows. 



Cash flows ($10 6 ) 

Year 

Project A 

Project B 

0 

-10 

-10 

1 

1.6 

6.5 

2 

2.8 

5.2 

3 

4.0 

4.0 

4 

5.2 

2.8 

5 

6.4 

1.6 


Table 2.11 

Calculation of DCFRR for Project A. 




DCF 20% 

DCF 30% 

DCF 25% 

Year 

Acf 

Adcf 

' LAdcf 

Adcf 

—4 lx i 

Adcf 

2 Adcf 

0 

-10 

-10 

-10 

-10 

-10 

-10 

-10 

1 

1.6 

1.33 

- 8.67 

1.23 

- 8.77 

1.28 

- 8.72 

2 

2.8 

1.94 

- 6.73 

1.66 

- 7.11 

1.79 

- 6.93 

3 

4.0 

2.31 

- 4.42 

1.82 

- 5.29 

2.05 

- 4.88 

4 

5.2 

2.51 

- 1.91 

1.82 

- 3.47 

2.13 

- 2.75 

5 

6.4 

2.57 

0.66 

1.72 

- 1.75 

2.10 

- 0.65 
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Twenty percent is too low since 1A DCF is positive at the end of 
year 5. Thirty percent is too high since 2A DC/ ?is negative at the end of 
year 5, as is the case with 25%. The answer must be between 20 and 
25%. Interpolating on the basis of 1A DCF the DCFRR a 23%. 


Project B 

Again, start with an initial guess for DCFRR of 20% and increase 
as detailed in Table 2.12. 


Table 2.12 

Calculation of DCFRR for Project B. 




DCF 20% 

DCF 40% 

DCF 35% 

Year 

Acf 

Adcf 

— \ mi 

Adcf 

XA DC f 

Adcf 

2 A D cf 

0 

-10 

-10 

-10 

-10 

-10 

-10 

-10 

1 

6.5 

5.42 

- 4.58 

4.64 

- 5.36 

4.81 

- 5.19 

2 

5.2 

3.61 

- 0.97 

2.65 

- 2.71 

2.85 

- 2.34 

3 

4.0 

2.31 

1.34 

1.46 

- 1.25 

1.63 

- 0.71 

4 

2.8 

1.35 

2.69 

0.729 

- 0.521 

0.843 

0.133 

5 

1.6 

0.643 

3.33 

0.297 

- 0.224 

0.357 

0.490 


From 1A dcf at the end of year 5,20% is to low, 40% too high and 35% also too low. Interpolating on the basis of 1A DCF , the DCFRR « 38%. 
Project B should therefore be chosen. 


2.8 Investment Criteria 

Economic analysis should be performed at all stages of an 
emerging project as more information and detail become avail¬ 
able. The decision as to whether to proceed with a project will 
depend on many factors. There is most often stiff competition 
within companies for any capital available for investment in 
projects. However, in an efficient capital market there should be 
plenty of capital available, providing the returns are high 
enough. The decision as to where to spend capital on a particular 
project will, in the first instance, but not exclusively, depend on 
the economic criteria discussed in the previous section. Criteria 
that account for the timing of the cash flows (the NPV and 
DCFRR) should be the basis of the decision making. The higher 
the value of the NPV and DCFRR for a project, the more 
attractive it is. The absolute minimum acceptable value of the 
DCFRR is the market interest rate. If the DCFRR is lower than 
the market interest rate, it would be better to put the money in the 
bank. However, since the bank account is less risky than most 
technical projects, it is prudent to set a return target of at least 5 
to 10% higher than the return on a bank account. The essential 
distinction between NPV and DCFRR is: 

• Net present value measures profit but does not indicate how 
efficiently capital is being used. 

• DCFRR measures the rate of return that a project might 
achieve, but gives no indication of how competitive the 
project would be. 


When choosing between competing projects, these will have 
different cash flow patterns and different capital investments. If 
the goal is to maximize profit, then projects with the highest NPV 
should be selected. This does not necessarily equate with selecting 
the project with the highest DCFRR. A lower DCFRR on a larger 
investment could yield a higher NPV than a higher DCFRR on a 
smaller investment. NPV gives a direct cash measure of the 
attractiveness of a project. For competing projects with different 
capital investments, a quick way to compare between the projects is 
the investment efficiency: 

NPV 

Investment efficiency = --- (2.17) 

Capital investment 

Predicting future cash flows for a project is extremely difficult. 
There are many uncertainties, including the project life. Also, the 
appropriate interest rate will not be known with certainty. The 
acceptability of the rate of return will depend on the risks associ¬ 
ated with the project and the company investment policy. For 
example, a DCFRR of 20% might be acceptable for a low-risk 
project. A higher return of, say, 30% might be demanded of a 
project with some risk, whereas a high-risk project with significant 
uncertainty might demand a 50% DCFRR. 

The sensitivity of the economic analysis to the underlying 
assumptions should always be tested. A sensitivity analysis should 
be carried out to test the sensitivity of the economic analysis to: 

• errors in the capital cost estimate, 




34 Chemical Process Design and Integration 


• delays in the start-up of the project after the capital has been 

invested (particularly important for a high capital cost project), 

• changes in the cost of raw materials, 

• changes in the sales price of the product, 

• reduction in the market demand for the product, and so on. 

When carrying out an economic evaluation, the magnitude and 
timing of the cash flows, the project life and interest rate are not 
known with any certainty. However, providing that consistent 
assumptions are made for projections of cash flows and the 
assumed rate of interest, the economic analysis can be used to 
choose between competing projects. It is important to compare 
different projects and options within projects on the basis of 
consistent assumptions. Thus, even though the evaluation will 
be uncertain in an absolute sense, it can still be meaningful in a 
relative sense for choosing between options. Because of this, it is 
important to have a reference against which to judge any project or 
option within a project. 

However, the final decision to proceed with a project will 
be influenced as much by business strategy as by the economic 
measures described above. The business strategy might be to 
gradually withdraw from a particular market, perhaps because 
of adverse long-term projections of excessive competition, 
even though there might be short-term attractive investment 
opportunities. The long-term business strategy might be to 
move into different business areas, thereby creating investment 
priorities. Priority might be given to increasing market share in 
a particular product to establish business dominance in the 
area and achieve long-term global economies of scale in the 
business. 

2.9 Process Economics — 
Summary 

Process economics is required to evaluate design options, carry out 
process optimization and evaluate overall project profitability. 
Two simple criteria can be used: 

• economic potential, 

• total annual cost. 

These criteria can be used at various stages in the design without 
a complete picture of the process. 

The dominant operating cost is usually raw materials. However, 
other significant operating costs involve catalysts and chemicals 
consumed other than raw materials, utility costs, labor costs and 
maintenance. 

Capital costs can be estimated by applying installation factors to 
the purchase costs of individual items of equipment. However, 
there is considerable uncertainty associated with cost estimates 
obtained in this way, as equipment costs are typically only 20 to 
40% of the total installed costs, with the remainder based on 
factors. Utility investment, off-site investment and working capital 
are also needed to complete the capital investment. The capital cost 
can be annualized by considering it as a loan over a fixed period at a 
fixed rate of interest. 


As a more complete picture of the project emerges, the cash 
flows through the project life can be projected. This allows more 
detailed evaluation of project profitability on the basis of cash 
flows. Net present value can be used to measure the profit, taking 
into account the time value of money. The discounted cash flow 
rate of return measures how efficiently the capital is being used. 

Overall, there are always considerable uncertainties associated 
with an economic evaluation. In addition to the errors associated 
with the estimation of capital and operating costs, the project life or 
interest rates are not known with any certainty. The important thing 
is that different projects, and options within projects, are compared 
on the basis of consistent assumptions. Thus, even though the 
evaluation will be uncertain in an absolute sense, it will still be 
meaningful in a relative sense for choosing between options. 

2.10 Exercises 

1. A new agitated reactor with a new external shell-and-tube heat 
exchanger and new centrifugal pump are to be installed in an 
existing facility. The agitated reactor is to be glass-lined, which 
can be assumed to have an equipment cost of three times the 
cost of a carbon steel vessel. The heat exchanger, pump and 
associated piping are all high-grade stainless steel. The equip¬ 
ment is rated for moderate pressure. The reactor has a volume 
of 9 nr, the heat exchanger an area of 50 nr and the pump has a 
power of 5 kW. No significant investment is required in 
utilities, off-sites, buildings, site preparation or working capi¬ 
tal. Using Equation 2.1 and Table 2.1 (extrapolating beyond 
the range of the correlation if necessary), estimate the cost of 
the project (CE Index of Equipment = 680.0). 

2. Steam is distributed on a site via high-pressure and low- 
pressure steam mains. The high-pressure main is at 40 bar and 
350 °C. The low-pressure main is at 4 bar. The high-pressure 
steam is generated in boilers. The overall efficiency of steam 
generation and distribution is 75%. The low-pressure steam is 
generated by expanding the high-pressure stream through 
steam turbines with an isentropic efficiency of 80%. The cost 
of fuel in the boilers is 3.5 $GJ~' and the cost of electricity is 
$0.05 kW _ 1 -h _l . The boiler feedwater is available at 100 °C 
with a heat capacity of 4.2kI kg _l K _l . Estimate the cost of 
the high-pressure and low-pressure steam. 

3. A refrigerated distillation condenser has a cooling duty of 
0.75 MW. The condensing stream has a temperature of 
—10 °C. The heat from a refrigeration circuit can be rejected 
to cooling water at a temperature of 30 °C. Assuming a 
temperature difference in the distillation condenser of 5 °C 
and a temperature difference for heat rejection from refriger¬ 
ation to cooling water of 10°C, estimate the power require¬ 
ments for the refrigeration. 

4. Acetone is to be produced by the dehydrogenation of an 
aqueous solution of isopropanol according to the reaction: 

(CH 3 ) 2 CHOH -> CH 3 COCH 3 + H 2 

Isopropanol Acetone Hydrogen 
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Table 2.13 

Data for Exercise 4. 


Component 

Flowrate in 

vapor 
(kmol h" 1 ) 

Raw material 

value 

($ kmol" 1 ) 

Fuel value 
($ kmol" 1 ) 

Hydrogen 

51.1 

0 

0.99 

Acetone 

13.5 

34.8 

6.85 


The effluent from the reactor enters a phase separator that 
separates vapor from liquid. The liquid contains the bulk of 
the product and the vapor is a waste stream. The vapor stream 
is at a temperature of 30 °C and an absolute pressure of 1.1 bar. 
The component flowrates in the vapor stream are given in 
Table 2.13, together with their raw material values and fuel 
values. Three options are to be considered: 

a) Burn the vapor in a furnace. 

b) Recover the acetone by absorption in water recycled 
from elsewhere in the process with the tail gas being burnt 
in a furnace. It is expected that 99% will be recovered by 
this method at a cost of 1.8 $kmol 1 acetone recovered. 

c) Recover the acetone by condensation using 
refrigerated coolant with the tail gas being burnt in a 
furnace. It is anticipated that a temperature of — 10°C 
will need to be achieved in the condenser. It can be 
assumed that the hydrogen is an inert gas that will not 
dissolve in the liquid acetone. The vapor pressure of 
acetone is given by 


In P = 10.031 - 


2940.5 
T- 35.93 


where P = pressure (bara) 

T = absolute temperature (K) 

The cost of refrigerant is S11.5GJ -1 , the mean molal heat 
capacity of the vapor is 40 kJ-kmol " 1 KT 1 and the latent heat 
of acetone is 29,100kJkmor 1 . 

Calculate the economic potential of each option given the 
data in Table 2.13. 

5. A process for the production of cellulose acetate fiber 
produces a waste stream containing mainly air but with 
a small quantity of acetone vapor. The flowrate of air is 
300kmol-h _1 and that of acetone is 4.5kmoMT . It is 
proposed to recover the acetone from the air by absorption 
into water followed by distillation of the acetone-water 
mixture. The absorber requires a flow of water 2.8 times 
that of the air. 

a) Assuming acetone costs 34.8 $-kmol _1 , fresh water is to 
be used in the absorber at a cost of $0,004 kmol - and the 
process operates for 8000 hy - , calculate the maximum 
economic potential assuming complete recovery of the 
acetone. 


Table 2.14 

Cash flows for two competing projects. 


Year 

Cash flows $1000 

Project A 

Project B 

0 

-1000 

-1000 

1 

150 

500 

2 

250 

450 

3 

350 

300 

4 

400 

200 

5 

400 

100 


b) The absorber and the absorber and distillation column 
are both assumed to operate at 99% recovery of acetone. If 
the product acetone overhead from the distillation column 
must be 99% pure and there is assumed to be no loss of 
water in the air stream, sketch the flowsheet for the system 
and calculate the flows of acetone and water to and from 
the distillation column. 

c) Calculate the revised economic potential to allow for 
incomplete recovery in the absorption and distillation 
columns. In addition, the effluent from the bottom of 
the distillation column will cost $50 for each kmol of 
acetone plus $0,004 for each kmol of water to treat before 
it can be disposed of. 

d) How might the costs be decreased for the same 
recoveries and purities in the separations? 

6. A company has the option of investing in one of the two 
projects, A or B. The capital cost of both projects is 
$ 1,000,000. The predicted annual cash flows for both projects 
are shown in Table 2.14. For each project, calculate: 

a) The payback time for each project in terms of the average 
annual cash flow. 

b) The return on investment. 

c) The discounted cash flow rate of return. 

What do you conclude from the result? 

7. A company has the option of investing in one of the two 
projects, A or B. The capital cost of both projects is 
$ 1,000,000. The predicted annual cash flows for both projects 
are shown in Table 2.15. For each project, calculate: 

a) The payback time for each project in terms of the average 
annual cash flow. 

b) The return on investment. 

c) The discounted cash flow rate of return. 

What do you conclude from the result? 

8. A process has been developed for a new product for which the 
market is uncertain. A plant to produce 50,000 t-y - requires 
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Table 2.15 

Cash flows for two competing projects. 


Year 

Cash flows $1000 

Project A 

Project B 

0 

-1000 

-1000 

1 

150 

500 

2 

250 

450 

3 

350 

300 

4 

400 

200 

5 

400 

100 


an investment of $10,000,000 and the expected project life is 
five years. Fixed operating costs are expected to be 
750,000 $-y _1 and variable operating costs (excluding raw 
materials) are expected to be 40 $ t _1 product. The stoichio¬ 
metric raw material costs are 80 $-t — 1 product. The yield of 
product per ton of raw material is 80%. Tax is paid in the same 
year as the relevant profit is made at a rate of 20%. Calculate 
the selling price of the product to give a minimum acceptable 
discounted cash flowrate of return of 15% year. 

9. How can the concept of simple payback be improved to give a 
more meaningful measure of project profitability? 

10 . It is proposed to build a plant to produce 170,000 t-y 1 of a 
commodity chemical. A study of the supply and demand 
projections for the product indicates that current installed 
capacity in the industry is 6.8 x 10 6 t-y _1 , whereas total 
production is running at 5.0 X 10 6 ty _1 . Maximum plant 
utilization is thought to be around 90%. If the demand for 


the product is expected to grow at 8% per year and it will 
take 3 years to commission a new plant from the start of a 
project, what do you conclude about the prospect for the 
proposed project? 
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Chapter 3 


3 


Optimization 


3.1 Objective Functions 


The effect of the heat recovery is to decrease the energy require¬ 
ments. Hence, the energy cost of the process: 


Optimization will almost always be required at some stage in a 
process design. It is usually not necessary for a designer to 
construct an optimization algorithm in order to carry out an 
optimization, as general-purpose software is usually available 
for this. However, it is necessary for the designer to have some 
understanding of how optimization works in order to avoid 
the pitfalls that can occur. More detailed accounts of optimization 
can be found elsewhere (Floudas, 1995; Biegler, Grossmann and 
Westerberg, 1997; Edgar, Himmelblau and Lasdon, 2001). 

Optimization problems in process design are usually con¬ 
cerned with maximizing or minimizing an objective function. 
The objective function is a measure of the quality of the 
solution and might typically cause economic potential to be 
maximized or cost to be minimized. For example, consider the 
recovery of heat from a hot waste stream. A heat exchanger 
could be installed to recover the waste heat. The heat recovery 
is illustrated in Figure 3.1a as a plot of temperature versus 
enthalpy. There is heat available in the hot stream to be 
recovered to preheat the cold stream. However, how much 
heat should be recovered? Expressions can be written for the 
recovered heat as: 


Qrec — m HCpn(Tiu„ - T Hout ) (3.1) 

Qrec = m cCp.c.{T c.put ~ Tc,in) (3.2) 


where Qrec 
m H , m c 


Cp,H> Cp c 

T H.in, Th,„i,1 
Tc.in, Tc.out 


= recovered heat 

= mass flowrates of the hot and cold 
streams 

= specific heat capacity of the hot and cold 
streams 

= hot stream inlet and outlet temperatures 
= cold stream inlet and outlet temperatures 
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Energy cost = ( Q H - Q RE c)CEnergy (3.3) 

where Q H = process hot utility requirement prior to heat 
recovery from the waste stream 
Csnergy = unit cost of energy 


There is no change in cost associated with cooling as the hot 
stream is a waste stream being sent to the environment. An 
expression can also be written for the heat transfer area of the 
recovery exchanger (see Chapter 12): 


^ _ Qrec 
~UAT lm 


(3.4) 


where A = heat transfer area 

U = overall heat transfer coefficient 

ATlm = logarithmic mean temperature difference 

(T- T C ,out) ~ ( Tn,out ~ Tc,in) 

In 


Tn.in - Tc,out 

TH,out — Tc in 


In turn, the area of the exchanger can be used to estimate the 
annualized capital cost: 


Annualized capital cost = (a + bA c )AF (3.5) 

where a, b, c = cost coefficients 

AF = annualization factor (see Chapter 2) 

Suppose that the mass flowrates, heat capacities and inlet 
temperatures of both streams are fixed and the current hot utility 
requirement, unit cost of energy, overall heat transfer coefficient, 
cost coefficients and annualization factor are known. The five 
Equations 3.1 to 3.5, together with the specifications for the 13 
variables m H , m c , C PH , C PC , T H in , T c in , U , a, b, c, AF, Q H and 
CEnergy, constitute 18 equality constraints. In addition to these 13 
variables, there are a further six unknown variables Qrec-, Th.om , 
Tc.out , energy cost, annualized capital cost and A. Thus, there are 
18 equality constraints and 19 variables, and the problem cannot be 
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Figure 3.1 

Recovery of heat from a waste steam involves a trade-off between reduced energy cost and increased capital cost of heat exchanger. 


solved. For the system of equations (equality constraints) to be 
solved, the number of variables must be equal to the number of 
equations (equality constraints). It is underspecified. Another 
specification (equality constraint) is required to solve the problem; 
there is one degree of freedom. This degree of freedom can be 
optimized. In this case, it is the sum of the annualized energy and 
capital costs (i.e. the total cost), as shown in Figure 3.1b. 

If the mass flowrate of the cold stream through the exchanger 
had not been fixed, there would have been one fewer equality 
constraint, and this would have provided an additional degree of 
freedom and the optimization would have been a two-dimensional 
optimization. Each degree of freedom provides an opportunity for 
optimization. 

Figure 3.1b illustrates how the investment in the heat 
exchanger is optimized. As the amount of recovered heat 
increases, the cost of energy for the system decreases. On the 
other hand, the size and capital cost of the heat exchange equip¬ 
ment increase. The increase in size of heat exchanger results from 
the greater amount of heat to be transferred. Also, because the 
conditions of the waste stream are fixed, as more heat is recovered 
from the waste stream, the temperature differences in the heat 
exchanger become lower, causing a sharp rise in the capital cost. 
In theory, if the recovery was taken to its limit of zero temperature 
difference, an infinitely large heat exchanger with infinitely large 
capital cost would be needed. The costs of energy and capital cost 
can be expressed on an annual basis, as explained in Chapter 2, 
and combined as shown in Figure 3. lb to obtain the total cost. The 
total cost shows a minimum, indicating the optimum size of the 
heat exchanger. 

Given a mathematical model for the objective function in 
Figure 3.1b, finding the minimum point should be straightforward 
and various strategies could be adopted for this purpose. The 


objective function is continuous. Also, there is only one extreme 
point. Functions with only one extreme point (maximum or 
minimum) are termed unimodal. By contrast, consider the objec¬ 
tive functions in Figure 3.2. Figure 3.2a shows an objective 
function to be minimized that is discontinuous. If the search for 
the minimum is started at point X ], it could be easily concluded that 
the optimum point is at x 2 , whereas the true optimum is at jc 3 . 
Discontinuities can present problems to optimization algorithms 
searching for the optimum. Figure 3.2b shows an objective func¬ 
tion that has a number of points where the gradient is zero. 
These points where the gradient is zero are known as stationary 
points. Functions that exhibit a number of stationary points are 
known as multimodal. If the function in Figure 3.2b is to be 
minimized, it has a local optimum at jc 2 . If the search is started 
at X\, it could be concluded that the global optimum is at x 2 . 
However, the global optimum is at x 3 . The gradient is zero at x 4 , 
which is a saddle point. By considering the gradient only, this 
could be confused with a maximum or minimum. Thus, there is 
potentially another local optimum at x 4 . Like discontinuities, 
multimodality presents problems to optimization algorithms. It 
is clear that it is not sufficient to find a point of zero gradient in the 
objective function in order to ensure that the optimum has been 
reached. Reaching a point of zero gradient is a necessary condition 
for optimality but not a sufficient condition. 

To establish whether an optimal point is a local or a global 
optimum, the concepts of convexity and concavity must be 
introduced. Figure 3.3a shows a function to be minimized. In 
Figure 3.3a, if a straight line is drawn between any two points on 
the function, then the function is convex if all the values of this 
line lie above the curve. Similarly, if an objective function is to 
be maximized, as shown in Figure 3.3b, and a straight line drawn 
between any two points on the function, then if all values on this 
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(b) Multimodal function. 


Figure 3.2 

Objective functions can exhibit complex behavior. 


line lie below the curve, the function is concave. A convex or 
concave function provides a single optimum. Thus, if a mini¬ 
mum is found for a function that is to be minimized and is 
known to be convex, then it is the global optimum. Similarly, if a 
maximum is found for a function that is to be maximized and 
known to be concave, then it is the global optimum. On the other 
hand, a nonconvex or nonconcave function may have multiple 
local optima. 

Searching for the nonlinear optimum in Figures 3.1 to 3.3 
constitutes a one-dimensional search. If the optimization involves 
two variables, say x\ and X 2 corresponding to the functional, x 2 ), 
it can be represented as a contour plot, as shown in Figure 3.4. 
Figure 3.4 shows a function/lAi, x 2 ) to be minimized. The contours 
represent lines of uniform values of the objective function. The 



(a) A convex function to be minimized. 


Figure 3.3 

Convex and concave functions. 


objective function in Figure 3.4 is multimodal, involving a local 
optimum and a global optimum. The concepts of convexity and 
concavity can be extended to problems with more than one 
dimension (Edgar, Himmelblau and Lasdon, 2001). The objective 
function in Figure 3.4 is nonconvex. A straight line cannot 
be drawn between any two points on the surface represented by 
the contours to ensure that all points on the straight line are below 
the surface. These concepts can be expressed in a formal way 
mathematically, but is outside the scope of this text (Floudas, 1995; 
Biegler, Grossmann and Westerberg, 1997; Edgar, Himmelblau 
and Lasdon, 2001). 

The optimization might well involve more than two variables 
in a multivariable optimization, but in this case it is difficult to 
visualize the problem. 
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Figure 3.4 

A contour plot of a multimodal function to be minimized. 


3.2 Single-Variable 
Optimization 

Searching for the optimum (minimum) for the objective function 
in Figure 3.1b involves a one-dimensional search across a single 
variable. In the case of Figure 3.1b, a search is made for the 
amount of heat to be recovered. An example of a method for a 
single-variable search is region elimination. The function is 
assumed to be unimodal. Figure 3.5 illustrates the approach. 
In Figure 3.5 the search region is for convenience set between 0 
and 1. This is not a restriction on the approach, but for simplicity 
of explanation. The approach in Figure 3.5 has been to divide 
the solution space into four equal intervals and to evaluate the 
function at both the boundaries and the internal points, leading 
in Figure 3.5a to the minimum amongst these five evaluations 
at ,t|. It cannot yet be determined exactly where the minimum 


point is. However, if the function is assumed to be unimodal, 
the minimum point must lie somewhere between 0 and x 2 . 
The region between x 2 and 1 can therefore be eliminated. 
Figure 3.5b shows a different example with a different outcome 
from the five function evaluations in which the minimum point is 
at x 2 . In this case, because the function is assumed to be 
unimodal, the minimum point must lie between Xi and jc 3 , 
with the regions between 0 and xi and between jc 3 and 1 
eliminated. A third example with a different outcome is shown 
in Figure 3.5c, in which the minimum is located at jc 3 . In this case, 
the region between 0 and x 2 can be eliminated. In each of 
the cases in Figure 3.5, the search region has been halved by 
the evaluation of the function at five points. 

The simple strategy adopted for region elimination in 
Figure 3.5 can in some cases eliminate more than half of the 
search region. Figure 3.6a shows a different example in which the 
minimum of the five points is on the lower boundary. In this case, 
the minimum must lie somewhere between 0 and X\ and the 
region between x\ and 1 can be eliminated. Figure 3.6b shows an 
example where the minimum of the five points is on the upper 
boundary. In this case, the minimum must lie somewhere 
between x 3 and 1 and the region between 0 and x 3 can be 
eliminated. In Figure 3.6c the example shows two of the function 
evaluations being equal and minimum, in this case at X\ and x 2 . 
This might be an unusual circumstance, but if it happens the 
minimum can be located between x t and x 2 . Thus, in the cases 
shown in Figure 3.6, three-quarters of the search regions have 
been eliminated by the evaluation of the function at five points. 

The strategy shown in Figures 3.5 and 3.6 has allowed part of 
the search region to be eliminated and the location of the optimum 
point narrowed down. The location of the optimal point can be 
narrowed down further by repeating the strategy in the remaining 
region that has not been eliminated. The location of the optimum is 
identified once the region has been narrowed down to within the 
desired tolerance. 

For Figures 3.5 and 3.6, intervals were chosen to be equally 
spaced. In most cases, this allowed the search region to be halved. 
In special circumstances a greater part of the search region could be 
eliminated. However, a symmetrical location of the search points 
leads to a more efficient search method known as Golden Section. 



Figure 3.5 

Region elimination for the optimization of a single variable. 
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Figure 3.6 

Region elimination can in some cases eliminate much greater ranges. 


Consider Figure 3.7a. Again the search region is for convenience 
set between 0 and 1. In Figure 3.7a two search points have been 
located in such a way that the ratio of the whole region [/ + (1 — /)] 
to the larger subregion / is the same as the ratio of the ratio of the 
larger subregion / to the smaller region (1 — 1). Thus: 


Z + (l-Z) / 

/ ~ 1-1 

Since: 

/ + (1 -/)= 1 

substituting and rearranging gives: 
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(3.7) 


(3.8) 


This quadratic equation can be solved to give Z = 0.618. In 
Figure 3.7b, the function has been evaluated at these two search 
points. If the function is assumed to be unimodal, then in this case 
the region between x 2 and 1 can be eliminated. The remaining 
subregion of length l now has a search point located interior to 
it such that the symmetry of the search pattern is maintained. Hence 
in Figure 3.7c the new search point is located at x 3 = 0.382 X 
0.618 = 0.236. Evaluation of the function at this search point 
allows the region between X\ and x 2 to be further eliminated, 
assuming a unimodal function. This process can then be repeated in 
the remaining region in order to identify more precisely the 
location of the optimum. Each new search point reduces the region 
of the search space by 0.618. For most problems this is more 
efficient than the five-point method illustrated in Figure 3.5. 

A number of other methods for single-variable optimization is 
also possible (Edgar, Himmelblau and Lasdon, 2001). 




(1-0.618)' (0.618-0-382) 
= 0.382 ! f - , 0236 


0.618 




(0.382 x0.618); 

= 0.2361 ' 

:«-U: 

i ^38 1> 


(a) Setting the two initial points 
symetrically. 


(b) Eliminating the first sub-region 


(c) Location of the third inner 
point to maintain symmetry. 


Figure 3.7 

Golden section region elimination. 
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3.3 Multivariable 
Optimization 

The problem of multivariable optimization is illustrated in Fig¬ 
ure 3.4. Search methods used for multivariable optimization can 
be classified as deterministic and stochastic. Deterministic 
methods follow a predetermined search pattern and do not involve 
any guessed or random steps. On the other hand, stochastic search 
methods use random choice to guide the search. Stochastic 
search methods generate a randomized path to the solution on 
the basis of probabilities. 

1) Deterministic methods. Deterministic methods can be further 
classified into direct and indirect search methods. Direct 
search methods do not require derivatives (gradients) of 
the function. Indirect methods use derivatives, even though 
the derivatives might be obtained numerically rather than 
analytically. 

a) Direct search methods. An example of a direct search 
method is a univariate search, as illustrated in Figure 3.8. 
All of the variables except one are fixed and the remaining 
variable is optimized. Once a minimum or maximum point 
has been reached, this variable is fixed and another variable 
optimized, with the remaining variables being fixed. This is 
repeated until there is no further improvement in the 
objective function. Figure 3.8 illustrates a two-dimensional 
search in which x t is first fixed and x 2 optimized. Then x 2 is 
fixed and X\ optimized, and so on until no further improve¬ 
ment in the objective function is obtained. In Figure 3.8, the 
univariate search is able to locate the global optimum. It is 
easy to see that if the starting point for the search in 



Figure 3.8 

A univariate search. 


Figure 3.8 had been at a lower value of x 2 , then the search 
would have located the local optimum, rather than the 
global optimum. For searching multivariable optimization 
problems, often the only way to ensure that the global 
optimum has been reached is to start the optimization from 
different initial points. 

Another example of a direct search is a sequential 
simplex search. The method uses a regular geometric 
shape (a simplex ) to generate search directions. In two 
dimensions, the simplest shape is an equilateral triangle. 
In three dimensions, it is a regular tetrahedron. The 
objective function is evaluated at the vertices of the 
simplex, as illustrated in Figure 3.9. The objective func¬ 
tion must first be evaluated at the Vertices A, B and C. The 
general direction of search is projected away from the 
worst vertex (in this case Vertex A) through the centroid 
of the remaining vertices (B and C) (Figure 3.9a). A new 
simplex is formed by replacing the worst vertex by a new 
point that is the mirror image of the simplex (Vertex D), 
as shown in Figure 3.9a. Then Vertex D replaces Vertex 
A, as Vertex A is an inferior point. The simplex vertices 
for the next step are B, C and D. This process is repeated 
for successive moves in a zigzag fashion, as shown in 
Figure 3.9b. The direction of search can change, as 
illustrated in Figure 3.9c. When the simplex is close to 
the optimum, there may be some repetition of simplexes, 
with the search going around in circles. If this is the case, 
then the size of the simplex should be reduced, 
b) Indirect search methods. Indirect search methods use 
derivatives (gradients) of the objective function. The 
derivatives may be obtained analytically or numerically. 
Many methods are available for indirect search. An 
example is the method of steepest descent in a minimi¬ 
zation problem. The direction of steepest descent is the 
search direction that gives the maximum rate of change 
for the objective function from the current point. The 
method is illustrated in Figure 3.10. One problem with 
this search method is that the appropriate step size is not 
known and this is under circumstances when the gradient 
might change significantly during the search. Another 
problem is that the search can slow down significantly as 
it reaches the optimum point. If a search is made for the 
maximum in an objective function, then the analogous 
search is one of steepest ascent. 

One fundamental practical difficulty with both the direct 
and indirect search methods is that, depending on the shape 
of the solution space, the search can locate local optima, 
rather than the global optimum. Often, the only way to ensure 
that the global optimum has been reached is to repeat the 
optimization starting from different initial points and repeat 
the process. 

2) Stochastic search methods. In all of the optimization methods 
discussed so far, the algorithm searches the objective function 
seeking to improve the objective function at each step, using 
information such as gradients. Unfortunately, as already noted, 
this process can mean that the search is attracted towards a local 
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(a) Reflection of a simplex to a new (b) Search proceeds in a zig-zag (c) Change of direction, 
point. pattern. 


Figure 3.9 

The simplex search. 


optimum. On the other hand, stochastic search methods use 
random choice to guide the search and can allow deterioration 
of the objective function during the search. It is important to 
recognize that a randomized search does not mean a direction¬ 
less search. Stochastic search methods generate a randomized 
path to the solution on the basis of probabilities. Improvement 
in the objective function becomes the ultimate rather than the 
immediate goal, and some deterioration in the objective 



Figure 3.10 

Method of steepest descent. 


function is tolerated, especially during the early stages of 
the search. In searching for a minimum in the objective 
function, rather than the search always attempting to go down¬ 
hill, stochastic search methods allow the search to also some¬ 
times go uphill. Similarly, if the objective function is to be 
maximized, stochastic search methods allow the search to 
sometimes go downhill. This helps to reduce the problem of 
being trapped in a local optimum. 

Stochastic search methods do not need auxiliary informa¬ 
tion, such as derivatives, in order to progress. They only require 
an objective function for the search. This means that stochastic 
search methods can handle problems in which the calculation of 
the derivatives would be complex and cause deterministic 
methods to fail. 

Two of the most popular stochastic search methods are 
simulated annealing and genetic algorithms. 
a) Simulated annealing. Simulated annealing emulates the 
physical process of annealing of metals (Metropolis et al ., 
1953; Kirkpatrick, Gelatt and Vecchi, 1983). In the physical 
process, at high temperatures, the molecules of the liquid 
metal move freely with respect to one another. If the liquid is 
cooled slowly, thermal mobility is lost. The atoms are able 
to line themselves up and form perfect crystals. This crystal 
state is one of minimum energy for the system. If the liquid 
metal is cooled quickly, it does not reach this state but rather 
ends up in a polycrystalline or amorphous state having 
higher energy. Therefore the essence of the process is slow 
cooling, allowing ample time for redistribution of the atoms 
as they lose mobility to reach a state of minimum energy. 

With this physical process in mind, an algorithm can be 
suggested in which a system moves from one point to 
another. A move might be a change in the temperature, 
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pressure, flowrate, etc., in the problem. Rules must be 
defined to create the moves, for example the size of 
step change in temperature. The moves are then selected 
randomly. If the objective function from iteration i to 
(/ + 1) changes from £,■ to E i+I and the objective function 
is to be minimized, then a move in which (E i+I — E,) is 
negative (i.e. the objective function improves) is 
accepted. If (E i+I — £,) is positive, the objective function 
deteriorates, but this does not mean that the move will be 
rejected. The probability of accepting a change in which 
the objective function deteriorates can be assumed to 
follow a relationship similar to the Boltzmann probability 
distribution, maintaining the analogy with physical 
annealing (Metropolis et al., 1953): 


P = exp[-(£/+i -Ei)/T] (3.9) 


where P is the probability, E is the objective function (the 
analogy of energy) and T is a control parameter (the 
analogy of annealing temperature). To determine whether 
a move is accepted or not according to Equation 3.9, a 
random number generator creates random numbers 
between zero and unity. If Equation 3.9 predicts a prob¬ 
ability greater than the random number generator, then 
the move is accepted. If it is less, then the move is rejected 
and another move is attempted instead. It is evident from 
Equation 3.9 that when T is a large value, virtually all 
modifications made to the system are accepted. When T is 
close to zero, virtually all modifications that yield (E i+ \ 
— Ej)> 0 are rejected. Thus, Equation 3.9 dictates 
whether a move is accepted or rejected. In this way, 
the method will always accept a downhill step when 
minimizing an objective function, while sometimes it 
will take an uphill step. 

The algorithm starts with a high value of T, allowing a 
high probability of moves to be accepted that cause 
deterioration in the objective function. The value of T 
is gradually decreased as the search progresses. At any 
value of T a series of random moves is made that con¬ 
stitutes a. Markov chain. In a Markov chain, the algorithm 
moves from one state to another in a chain-like manner in 
a random process in which the next state depends only on 
the current state and not on the past. It is necessary to 
specify the length of the Markov chain. A short Markov 
chain length reduces the likelihood of achieving equili¬ 
brium at each value of T. A long Markov chain would 
make the computation excessively expensive. The appro¬ 
priate Markov chain length depends on the type of prob¬ 
lem to be solved. 

A cooling schedule needs to be proposed. Aarts and Van 
Laarhoven (1985) suggested a cooling schedule expressed 
in the form: 


Tk+\ = Tk 


( ln(l + 9)T k \ 

V 3 <7(7*) J 


(3.10) 


where T k = annealing temperature setting k for a 
Markov chain 

a = standard deviation of the objective 

functions generated at various Markov 
moves at annealing temperature T k 
6 = cooling parameter that controls how fast 
the annealing temperature is decreased 

The bigger the value of 0, the faster the cooling process, 
but the greater the likelihood of being trapped into a local 
optimum. The performance of the algorithm is greatly 
affected by the initial value of the annealing temperature 
T () . Too high a temperature will unnecessarily increase the 
time required for the algorithm to converge. On the other 
hand, too low a temperature will limit the number and 
magnitude of the uphill moves accepted, thus losing the 
ability of the algorithm to escape from local optima. The 
optimal initial annealing temperature depends on the nature 
of the problem and the scale of the objective function. 

Thus, the way the algorithm works is to set an initial 
value for the annealing temperature. At this setting, a 
series of random moves are made. Equation 3.9 dictates 
whether an individual move is accepted or rejected. The 
annealing temperature is lowered and a new series of 
random moves is made, and so on. As the annealing 
temperature is lowered, the probability of accepting 
deterioration in the objective function, as dictated by 
Equation 3.9, decreases. In this way, the acceptability 
for the search to move uphill in a minimization or down¬ 
hill during maximization is gradually withdrawn. 

Whilst simulated annealing can be extremely powerful 
in solving difficult optimization problems with many local 
optima, it has a number of disadvantages. Initial and final 
values of the annealing temperature, an annealing schedule 
and the number of random moves for each Markov chain 
must be specified, which depend on the class of problem, 
b) Genetic algorithms. Genetic algorithms draw their inspi¬ 
ration from biological evolution (Goldberg, 1989). Unlike all 
of the optimization methods discussed so far, which move 
from one point to another, a genetic algorithm moves from 
one set of points (termed a population ) to another set of 
points. Populations of strings called chromosomes are created 
to represent an underlying set of parameters (e.g. tempera¬ 
tures, pressures or concentrations). A simple genetic algo¬ 
rithm exploits three basic operators: reproduction (selection), 
crossover and mutation. 

Reproduction or selection is a process in which individ¬ 
ual members of a population are copied according to the 
value of the objective function in order to generate new 
population sets. The operator is inspired by “natural selec¬ 
tion” and the “survival of the fittest”. The easiest way to 
understand selection is to make an analogy with a roulette 
wheel. In a roulette wheel, the probability of selection is 
proportional to the area of the slots in the wheel. In a genetic 
algorithm, the probability of selection is proportional to the 
fitness (the objective function). Although the selection 
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procedure is stochastic, fitter chromosomes (with better 
values of the objective function) are given a better 
chance of selection (survival). The selection operator can 
be implemented in a genetic algorithm in many ways 
(Goldberg, 1989). 

Crossover involves the combination of genetic material 
from two successful parents to form two offspring (chil¬ 
dren). Crossover involves cutting two parent chromosomes 
at random points and combining them differently to form 
new offspring. The crossover point is generated randomly. 
Crossover spreads good properties amongst the population. 
The fraction of new population generated by crossover is 
generally large (as observed in nature) and is controlled 
stochastically. The crossover operator can be implemented 
in a genetic algorithm in many ways (Goldberg, 1989). 

Mutation creates new chromosomes by randomly 
changing (mutating) parts of chromosomes, but (as with 
nature) with a low probability of occurring. A random 
change is made in one of the genes in order to preserve 
diversity. Mutation creates a new solution in the neighbor¬ 
hood of a point undergoing mutation. However, the proba¬ 
bility of mutation is usually set to be low. If the probability 
of mutation is set too high, the search will turn into a 
primitive random search. 

Thus, a genetic algorithm works by first generating an 
initial population randomly. The population is evaluated 
according to its fitness (value of the objective function). A 
selection operator then provides an intermediate population 
using stochastic selection but biased towards survival of the 
fittest. Crossover and mutation operators are then applied to 
the intermediate population to create a new generation of 
population. The new population is evaluated according to 
its fitness and the search is continued with further selection, 
crossover and mutation until the population meets the 
required convergence criterion (e.g. maximum number of 
generations or the difference between the average and 
maximum fitness value). 

Consider the example of a function^, y) for which x and 
y must be manipulated to minimize the function, subject to 
0.5 <x < 7.5 and 20.3 <y < 80.0. Values of x and y can be 
normalized such that 0 < x < 1 and 0 < y < 1 ; for example, 
for, say, ( x , y) = (3.2, 52.8). Normalizing to four digits gives 
x = (3.2 -0.5)/(7.5- 0.5) = 0.3857 and y = (52.8 - 20.3)/ 
(80.0-20.3) = 0.5444. The two normalized values can 
then be encoded as genes [3857] and [5444] into the 
chromosome as {38575444}. This chromosome encodes 
(x, y) = (3.2, 52.8). The genetic algorithm starts by creating 
an initial population that is randomly generated, for exam¬ 
ple {27066372}, {83876194}, {48473693}, and so on. 
Although this initial population is normally generated 
randomly, chromosomes can be filtered out, representing 
undesirable pairs of values. On the other hand, values can be 
forced to be included in the chromosomes. This initial 
population is then ranked by fitness according to the 
function/(x, y). Fit chromosomes, which in this case means 
low values of the objective function, might be selected for 
reproduction by copying to the next generation according 


to, for example, the roulette wheel approach. Fit parents are 
also subject to crossover that attempts to combine portions 
of good individuals to possibly create even better individ¬ 
uals. Crossover sites along the chromosomes can be chosen 
in different ways. For example, the two chromosomes 
{27|0663|72} and {48|4736|93 } can be subject to crossover 
to give {27|4736|72} and {48|0663|93}. The offspring of 
these two parents are decoded, evaluated and possibly 
allowed into the next generation. Mutation alters one or 
more values in the chromosome from its initial state and 
helps to prevent the population from stagnating at a local 
optimum. For example, mutation of the chromosome 
{270|6j6372} might be to {270|9|6372}. After mutation, 
chromosomes are decoded, evaluated and possibly allowed 
into the next generation. The genetic algorithm searches 
over a specified number of generations to improve the 
population. 

The major strengths of stochastic search methods are that they 
can tackle the most difficult optimization problems with a high 
probability of locating solutions in the region of the global 
optimal. Another major advantage is that, if the solution space 
is highly irregular, they can produce a range of solutions with 
close to optimal performance, rather than a single optimal point. 
This opens up a range of solutions to the designer, rather than 
having just one option. However, there are also significant 
disadvantages with stochastic search optimization methods. 
They can be very slow in converging. The various operations 
in the stochastic search methods require parameters to be set. The 
most appropriate values for these parameters vary between 
different classes of problem and usually need to be adapted to 
solve particular problems. This means that the methods need 
tailoring to suit different applications. 


Most optimization problems involve constraints. For example, it 
might be necessary for a maximum temperature or maximum 
flowrate not to be exceeded. Thus, the general form of an optimi¬ 
zation problem involves three basic elements: 

1) An objective function to be optimized (e.g. minimize total cost, 
maximize economic potential, etc.). 

2) Equality constraints, which are equations describing the model 
of the process or equipment. 

3) Inequality constraints, expressing minimum or maximum lim¬ 
its on various parameters. 

These three elements of the general optimization problem can 
be expressed mathematically as: 

minimize/(xi ,X 2 , -.., x„) 

subject to hi(x\,X 2 , ■ ■ ■ ,x n ) = 0 (i = l,p) (3.11) 

gj(xi,x 2 ,...,x n )<0(j= 1 ,q) 


3.4 Constrained 
Optimization 
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In this case, there are n design variables, with p equality con¬ 
straints and q inequality constraints. The existence of such 
constraints can simplify the optimization problem by reducing 
the size of the problem to be searched or avoiding problematic 
regions of the objective function. In general, though, the exis¬ 
tence of the constraints complicates the problem relative to the 
problem with no constraints. 

Now consider the influence of the inequality constraints on the 
optimization problem. The effect of inequality constraints is to 
reduce the size of the solution space that must be searched. 
However, the way in which the constraints bound the feasible 
region is important. Figure 3.11 illustrates the concept of convex 
and nonconvex regions. Figure 3.1 la shows a convex region. In a 
convex region, a straight line can be drawn between any two points 
A and B located within the feasible region and all points on this 
straight line will also be located within the feasible region. By 
contrast. Figure 3.11b shows a nonconvex region. This time, when 
a straight line is drawn between two points A and B located within 
the region, some of the points on the straight line can fall outside 



(a) A convex region. 




(c) A set of linear constraints always provides a convex 
region. 

Figure 3.11 

Convex and nonconvex regions. 


the feasible region. Figure 3.11c shows a region that is constrained 
by a set of linear inequality constraints. The region shown in 
Figure 3.10c is convex, but it is worth noting that a set of linear 
inequality constraints will always provide a convex region (Edgar, 
Himmelblau and Lasdon, 2001). These concepts can be repre¬ 
sented mathematically for the general problem (Floudas, 1995; 
Biegler, Grossmann and Westerberg, 1997; Edgar, Himmelblau 
and Lasdon, 2001). 

Now superimpose the constraints on to the objective function. 
Figure 3.12a shows a contour diagram that has a set of inequality 
constraints imposed. The feasible region is convex and an appro¬ 
priate search algorithm should be able to locate the unconstrained 
optimum. The unconstrained optimum lies inside the feasible 
region in Figure 3.12a. At the optimum none of the constraints 
are active. By contrast, consider Figure 3.12b. In this case, the 
region is also convex, but the unconstrained optimum lies 
outside the feasible region. This time, the optimum point is on 
the edge of the feasible region and one of the constraints is active. 
When the inequality constraint is satisfied, as in Figure 3.12b, it 



(a) Unconstrained optimum can be reached. 



(b) Unconstrained maximum cannot be reached. 



(c) A non-convex region might prevent the global 
optimum from being reached. 

Figure 3.12 

Effects of constraint and optimization. 



Optimization 47 


becomes an equality constraint. Figure 3.12c illustrates the poten¬ 
tial problem of having a nonconvex region. If the search is initiated 
in the right-hand part of the diagram at high values of jcj, then it is 
likely that the search will find the global optimum. However, if the 
search is initiated to the left of the diagram at low values of .ty, it is 
likely that the search will locate the local optimum (Edgar, 
Himmelblau and Lasdon, 2001). 

It should be noted that it is not sufficient to simply have a convex 
region in order to ensure that a search can locate the global 
optimum. The objective function must also be convex if it is to 
be minimized or concave if it is to be maximized. 

The stochastic search optimization methods described previ¬ 
ously are readily adapted to the inclusion of constraints. For 
example, in simulated annealing, if a move suggested at random 
takes the solution outside the feasible region, then the algorithm 
can be constrained to prevent this by simply setting the probability 
of that move to zero. Other methods in stochastic search optimi¬ 
zation introduce penalties into the objective function if the con¬ 
straints are violated. 

3.5 Linear Programming 

An important class of the constrained optimization problems is 
one in which the objective function, equality constraints and 
inequality constraints are all linear. A linear function is one in 
which the dependent variables appear only to the first power. For 
example, a linear function of two variables xj and x 2 would be of 
the general form: 

f(x i, x 2 ) = a 0 + a\X\ + a 2 x 2 (3.12) 

where a 0 , a\ and a 2 are constants. Search methods for such 
problems are well developed in linear programming (LP). Solving 
such linear optimization problems is best explained through a 
simple example. 

Example 3.1 A company manufactures two products (Product 
1 and Product 2) in a batch plant involving two steps (Step I and 
Step II). The value of Product 1 is 3 $kg _1 and that of Product 2 is 2 
$ kg _1 . Each batch has the same capacity of 1000 kg per batch but 
batch cycle times differ between products. These are given in 
Table 3.1. 

Step I has a maximum operating time of 5000 h y _1 and Step II 
6000h-y _1 . Determine the operation of the plant to obtain the 
maximum annual revenue. 


Table 3.1 

Times for different steps in the batch process. 



Step I (h) 

Step II (h) 

Product 1 

25 

10 

Product 2 

10 

20 


Solution For Step I, the maximum operating time dictates that: 
25/ii + 10/?2 < 5000 

where n , and n 2 are the number of batches per year manufactur¬ 
ing Products 1 and 2 on Step I. For Step II, the corresponding 
equation is: 

10/t i + 20/12 < 6000 

The feasible solution space can be represented graphically by 
plotting the above inequality constraints as equality constraints: 

25/ii + I0n 2 = 5000 

10/ii + 20«2 = 6000 


This is shown in Figure 3.13. The feasible solution space in 
Figure 3.13 is given by ABCD. 



Figure 3.13 

Graphical representation of the linear optimization problem from 
Example 3.1. 


The total annual revenue A is given by: 

A = 3000//1 + 2000//2 

On a plot of n i versus n 2 as shown in Figure 3.13, lines of constant 
annual revenue will follow a straight line given by: 

3 A 
«2 - ~ 2 ni + 2000 

Lines of constant annual revenue are shown as dotted lines in 
Figure 3.13, with revenue increasing with increasing distance from 
the origin. It is clear from Figure 3.13 that the optimum point 
corresponds with the extreme point at the intersection of the two 
equality constraints at Point C. 


3 
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At the intersection of the two constraints: 

n\ = 100 
n 2 = 250 

As the problem involves discrete batches, it is apparently fortunate 
that the answer turns out to be two whole numbers. However, had 
the answer turned out not to be a whole number, then the solution 
would still have been valid because, even though part batches 
might not be able to be processed, the remaining part of a batch can 
be processed the following year. 

Thus the maximum annual revenue is given by: 

A = 3000 x 100 + 2000 X 250 
= $800,000 $ • y- 1 


Whilst Example 3.1 is an extremely simple example, it illus¬ 
trates a number of important points. If the optimization problem 
is completely linear, the solution space is convex and a global 
optimum solution can be generated. The optimum always occurs at 
an extreme point, as is illustrated in Figure 3.13. The optimum 
cannot occur inside the feasible region; it must always be at the 
boundary. For linear functions, running up the gradient can always 
increase the objective function until a boundary wall is hit. 

Whilst simple two-variable problems like the one in Example 
3.1 can be solved graphically, more complex problems require a 
more formal nongraphical approach. This is illustrated by returning 
to Example 3.1 to solve it in a nongraphical way. 

Example 3.2 Solve the problem in Example 3.1 using an 
analytical approach. 

Solution The problem in Example 3.1 was expressed as: 

A = 3000ni + 2000/12 
25«i + 10/72 < 5000 
lO/ii + 20/72 < 6000 

To solve these equations algebraically, the inequality signs must 
first be removed by introducing slack variables S i and S 2 such that: 

25//1 + 10«2 + .S'i .— 5000 
10/71 + 20/72 + $2 = 6000 

In other words, these equations show that if the production of both 
products does not absorb the full capacities of both steps, then the 
slack capacities of these two processes can be represented by 
the variables Si and S 2 . Since slack capacity means that a certain 
amount of process capacity remains unused, it follows that the 
economic value of slack capacity is zero. Realizing that negative 
production rates and negative slack variables are infeasible, 
the problem can be formulated as: 


3000//1 + 2000//2 + OSi + OS 2 = A 

(3.13) 

25//i 

+ 10/72 + lSi + 0S 2 = 5000 

(3.14) 

10/7] 

+ 20/72 + OSi + 1S 2 = 6000 

(3.15) 


Equations 3.14 and 3.15 involve four variables and can 
therefore not be solved simultaneously. At this stage, the solu¬ 
tion can lie anywhere within the feasible area marked ABCD in 
Figure 3.13. However, providing the values of these variables is 
not restricted to integer values; two of the four variables will 
assume zero values at the optimum. In this example, 771 , // 2 , 5j 
and S 2 are treated as real and not integer variables. 

The problem is started with an initial feasible solution that is 
then improved by a stepwise procedure. The search will be started 
at the worst possible solution when /7 j and n 2 are both zero. From 
Equations 3.14 and 3.15: 

51 = 5000 - 25//1 - 10//2 (3.16) 

5 2 = 6000 - 10/7! - 20//2 (3.17) 

When /// and n 2 are zero: 

51 = 5000 

5 2 = 6000 

Substituting in Equation 3.13: 

A = 3000 x 0 + 2000 x 0 + 0 x 5000 + 0 x 6000 

(3.18) 

= 0 

This is Point A in Figure 3.13. To improve this initial solution, 
the value of n { and/or the value of n 2 must be increased, because 
these are the only variables that possess positive coefficients to 
increase the annual revenue in Equation 3.13. However, which 
variable, n { or n 2 , should be increased first? The obvious strategy is 
to increase the variable that makes the greatest increase in the 
annual revenue, which is 771 . According to Equation 3.17 ,771 can be 
increased by 6000/10 = 600 before S 2 becomes negative. If //[ is 
assumed to be 600 in Equation 3.16, then 5, would be negative. 
Since negative slack variables are infeasible, Equation 3.16 is 
the dominant constraint on // 1 and it follows that its maximum value 
is 5000/25 = 200. Rearranging Equation 3.16: 

m = 200 - 0.4//2 - 0.04 Si (3.19) 

which would give a maximum when //1 and Si are zero. Substitut¬ 
ing the expression for 7/1 in the objective function. Equation 3.13 
gives: 

A = 600,000 + 800/72 - 120Si (3.20) 

Since n 2 is initially zero, the greatest improvement in the objective 
function results from making Si zero. This is equivalent to making 
//I equal to 200 from Equation 3.19, given that n 2 is initially zero. 
For / 71 = 200 and n 2 = 0, the annual revenue A = 600,000. This 
corresponds with Point B in Figure 3.13. However, Equation 3.20 
also shows that the profit can be improved further by increasing the 
value of n 2 . Substituting n { from Equation 3.19 in Equation 3.17 
gives: 

/72 = 250 + 0.025S] - 0.0625S 2 (3.21) 

This means that n 2 takes a value of 250 if both Si and S 2 are zero. 
Substituting n 2 from Equation 3.21 in Equation 3.19 gives: 

//I = 100 - 0.05Si + 0.025S 2 (3.22) 


where m , n 2 , Si, S 2 > 0 
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This means that ri\ takes a value of 100 if both Si and S 2 are zero. 
Finally, substituting the expression for n , and n 2 in the objective 
function. Equation 3.13 gives: 

A = 800,000 - 100Si - 50S 2 (3.23) 

Equations 3.21 to 3.23 show that the maximum annual revenue is 
$800,000 y _l when n 2 = 100 and n 2 = 250. This corresponds with 
Point C in Figure 3.13. 

It is also interesting to note that Equation 3.23 provides some 
insight into the sensitivity of the solution. The annual revenue 
would decrease by $100 for each hour of production lost through 
poor utilization of Step I. The corresponding effect for Step II 
would be a reduction of $50 for each hour of production lost. 
These values are known as shadow prices. If Si and S 2 are set to 
their availabilities of 5000 and 6000 hours respectively, then the 
revenue from Equation 3.23 becomes zero. 

While the method used for the solution of Example 3.1 is not 
suitable for automation, it gives some insights into the way linear 
programming problems can be automated. The solution is started 
by turning the inequality constraints into equality constraints by 
the use of slack variables. Then the equations are solved to obtain 
an initial feasible solution. This is improved in steps by searching 
the extreme points of the solution space. It is not necessary to 
explore all the extreme points in order to identify the optimum. 
The method usually used to automate the solution of such linear 
programming problems is the simplex algorithm (Biegler, 
Grossmann and Westerberg, 1997; Edgar, Himmelblau and Las- 
don, 2001). Note, however, that the simplex algorithm for linear 
programming should not be confused with the simplex search 
described previously, which is quite different. Here the term 
simplex is used to describe the shape of the solution space, which 
is a convex polyhedron, or simplex. 

If the linear programming problem is not formulated properly, 
it might not have a unique solution, or even any solution at all. 
Such linear programming problems are termed degenerate 
(Edgar, Himmelblau and Lasdon, 2001). Figure 3.14 illustrates 


some degenerate linear programming problems (Edgar, 
Himmelblau and Lasdon, 2001). In Figure 3.14a, the objective 
function contours are parallel with one of the boundary con¬ 
straints. Here there is no unique solution that maximizes the 
objective function within the feasible region. Figure 3.14b shows 
a problem in which the feasible region is unbounded. Hence the 
objective function can increase without bound. A third example 
is shown in Figure 13.14c, in which there is no feasible region 
according to the specified constraints. 

3.6 Nonlinear 
Programming 

When the objective function, equality or inequality constraints 
of Equation 3.11 are nonlinear, the optimization becomes a 
nonlinear programming (NLP) problem. The worst case is when 
all three are nonlinear. Direct and indirect methods that can be 
used for nonlinear optimization have previously been discussed. 
Whilst it is possible to include some types of constraints, the 
methods discussed are not well suited to the inclusion of 
complex sets of constraints. The stochastic search methods 
discussed previously can readily handle constraints by restrict¬ 
ing moves to infeasible solutions, for example in simulated 
annealing by setting their probability to 0. The other methods 
discussed are not well suited to the inclusion of complex sets of 
constraints. It has already been observed in Figure 3.12 that, 
unlike the linear optimization problem, for the nonlinear opti¬ 
mization problem the optimum may or may not lie on the edge of 
the feasible region and can, in principle, be anywhere within the 
feasible region. 

One approach that has been adopted for solving the general 
nonlinear programming problem is successive linear program¬ 
ming. These methods linearize the problem and successively apply 
the linear programming techniques described in the previous 
section. The procedures involve initializing the problem and 
linearizing the objective function and all of the constraints about 



(a) Objective function and 
constarints are parallel. 


Increasing Value 



(b) Feasible region only 
partially bounded. 



Figure 3.14 

Degenerate linear programming problems. 
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the initial point, so as to fit the linear programming format. Linear 
programming is then applied to solve the problem. An improved 
solution is obtained and the procedure repeated. At each successive 
improved feasible solution, the objective function and constraints 
are linearized and the linear programming solution repeated, until 
the objective function does not show any significant improvement. 
If the solution to the linear programming problem moves to an 
infeasible point, then the nearest feasible point is located and the 
procedure applied at this new point. 

Another method for solving nonlinear programming problems 
is based on quadratic programming (QP) (Edgar, Himmelblau and 
Lasdon, 2001). Quadratic programming is an optimization proce¬ 
dure that minimizes a quadratic objective function subject to linear 
inequality or equality (or both types of) constraints. For example, a 
quadratic function of two variables X\ and %2 would be of the 
general form: 

f(x i , X2) = ao + a\ x\ + 02X2 + an Xi + «22 x\ + 012 Xi X2 

(3.24) 

where ay are constants. Quadratic programming problems are 
the simplest form of nonlinear programming with inequality 
constraints. The techniques used for the solution of quadratic 
programming problems have many similarities with those used 
for solving linear programming problems (Edgar, Himmelblau 
and Lasdon, 2001). Each inequality constraint must either be 
satisfied as an equality or it is not involved in the solution of 
the problem. The quadratic programming technique can thus be 
reduced to a vertex searching procedure, similar to linear pro¬ 
gramming (Edgar, Himmelblau and Lasdon, 2001). In order to 
solve the general nonlinear programming problem, quadratic 
programming can be applied successively, in a similar way to 
that for successive linear programming, in successive (or 
sequential) quadratic programming (SQP). In this case, the 
objective function is approximated locally as a quadratic func¬ 
tion. For a function of two variables, the function would be 
approximated by Equation 3.24. By approximating the function 
as a quadratic and linearizing the constraints, this takes the form 
of a quadratic programming problem that is solved in each 
iteration (Edgar, Himmelblau and Lasdon, 2001). In general, 
successive quadratic programming tends to perform better than 
successive linear programming, because a quadratic rather than 
a linear approximation is used for the objective function. 

It is important to note that neither successive linear nor succes¬ 
sive quadratic programming are guaranteed to find the global 
optimum in a general nonlinear programming problem. The fact 
that the problem is being turned into a linear or quadratic problem, 
for which global optimality can be guaranteed, does not change the 
underlying problem that is being optimized. All of the problems 
associated with local optima are still a feature of the background 
problem. When using these methods for the general nonlinear 
programming problem, it is important to recognize this and to test 
the optimality of the solution by starting the optimization from 
different initial conditions. 

Stochastic search optimization methods described previously, 
such as simulated annealing, can also be used to solve the general 
nonlinear programming problem. These have the advantage that 


the search is sometimes allowed to move uphill in a minimization 
problem, rather than always searching for a downhill move. 
Alternatively, in a maximization problem, the search is sometimes 
allowed to move downhill, rather than always searching for an 
uphill move. In this way, the technique is less vulnerable to the 
problems associated with local optima. 


3.7 Structural Optimization 

1) Mixed integer linear programming. In Chapter 1, different 
ways were discussed that can be used to develop the structure 
of a flowsheet. In the first way, an irreducible structure is 
built by successively adding new features if these can be 
justified technically and economically. The second way to 
develop the structure of a flowsheet is to first create a 
superstructure. This superstructure involves redundant fea¬ 
tures but includes the structural options that should be 
considered. This superstructure is then subjected to optimi¬ 
zation. The optimization varies the settings of the process 
parameters (e.g. temperature, flowrate) and also optimizes 
the structural features. Thus, to adopt this approach, both 
structural and parameter optimization must be carried out. So 
far the discussion of optimization has been restricted 
to parameter optimization. Consider now how structural 
optimization can be carried out. 

The methods discussed for linear and nonlinear program¬ 
ming can be adapted to deal with structural optimization by 
introducing integer (binary) variables that identify whether a 
feature exists or not. If a feature exists, its binary variable takes 
the value 1. If the feature does not exist, then it is set to 0. 
Consider how different kinds of decisions can be formulated 
using binary variables (Biegler, Grossman and Westerberg, 
1997). 

a) Multiple choice constraints. It might be required to select 
only one item from a number of options. This can be 
represented mathematically by a constraint: 

£>,■=' (3-25) 

i= 1 

where y,- is the binary variable to be set to 0 or 1 and the 
number of options is J. More generally, it might be required 
to select only m items from a number of options. This can be 
represented by: 

j 

- m (3.26) 

j =1 

Alternatively, it might be required to select at most m items 
from a number of options, in which case the constraint can 
be represented by: 

j 

y2 y J - m (3-27) 

i= 1 
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On the other hand, it might be required to select at least m 
items from a number of options. The constraint can be 
represented by: 

./ 

j>m (3.28) 

} l 

b ) Implication constraints. Another type of logical constraint 
might be that if Item k is selected. Item j must be selected, 
but not vice versa, then this is represented by the constraint: 

y k -y } < o ( 3 - 29 ) 

A binary variable can be used to set a continuous variable 
to 0. If a binary variable y is 0, the associated continuous 
variable x must also be 0 if a constraint is applied such 
that: 


x — Uy < 0,x > 0 (3.30) 


where U is an upper limit to x. 
c) Either-or constraints. Binary variables can also be 
applied to either-or constraints, known as disjunctive con¬ 
straints. For example, either constraint gi(x)<0 or con¬ 
straint g 2 (x ) < 0 must hold: 

gl (x)-My< 0 (3.31) 

g 2 (x)-M( 1—y)<0 (3.32) 

where M is a large (arbitrary) value that represents an upper 
limit g i(x) and g 2 (x). If y = 0, then gi(x)<0 must be 
imposed from Equation 3.31. However, if y = 0, the left- 
hand side of Equation 3.32 becomes a large negative 
number whatever the value of g 2 (x) and. as a result. 
Equation 3.32 is always satisfied. If y=l, then the left- 
hand side of Equation 3.31 is a large negative number 
whatever the value of gi(x) and Equation 3.31 is always 
satisfied. However, now g 2 (x) < 0 must be imposed from 
Equation 3.32. 

Some simple examples can be used to illustrate the applica¬ 
tion of these principles. 


Example 3.3 A gaseous waste stream from a process contains 
valuable hydrogen that can be recovered by separating the hydro¬ 
gen from the impurities using pressure swing adsorption (PSA), a 
membrane separator (MS) or a cryogenic condensation (CC). The 
pressure swing adsorption and membrane separator can in principle 
be used either individually or in combination. Write a set of integer 
equations that would allow one from the three options of pressure 
swing adsorption, membrane separator or cryogenic condensation 
to be chosen, but also allow the pressure swing adsorption and 
membrane separator to be chosen in combination. 

Solution Let Vpsa represent the selection of pressure swing 
adsorption, y MS the selection of the membrane separator and y cc 


the selection of cryogenic condensation. First restrict the choice 
between pressure swing adsorption and cryogenic condensation: 

ypsA + ycc < i 

Now restrict the choice between membrane separator and cryo¬ 
genic condensation: 

yMs + ycc < i 

These two equations restrict the choices, but still allow the pressure 
swing adsorption and membrane separator to be chosen together. 


Example 3.4 The temperature difference in a heat exchanger 
between the inlet temperature of the hot stream T„, and the outlet 
of the cold stream T c , out is to be restricted to be greater than a 
practical minimum value of A T min , but only if the option of having 
the heat exchanger is chosen. Write a disjunctive constraint in the 
form of an integer equation to represent this constraint. 

Solution The temperature approach constraint can be written as: 

Tn.in ~ T c ,out > A T min 

However, this should apply only if the heat exchanger is selected. 
Let y HX represent the option of choosing the heat exchanger: 

T HM ~ T c ,out + M{\ — y HX ) > AT m j n 

where M is an arbitrary large number. If y HX = 0 (i.e. the heat 
exchanger is not chosen), then the left-hand side of this equation 
is bound to be greater than A T min no matter what the values of 
T H . in and Tc, out are. If yHx= 1 (i.e. the heat exchanger is 
chosen), then the equation becomes ( T H — T c ou j) > A T min and 
the constraint must apply. 


When a linear programming problem is extended to include 
integer (binary) variables, it becomes a mixed integer linear 
programming problem (MILP). Correspondingly, when a non¬ 
linear programming problem is extended to include integer 
(binary) variables, it becomes a mixed integer nonlinear pro¬ 
gramming problem (MINLP). 

First consider the general strategy for solving an MILP 
problem. Initially, the binary variables can be treated as 
continuous variables, such that 0 < y ( - < 1. The problem can 
then be solved as an LP. The solution is known as a relaxed 
solution. The most likely outcome is that some of the binary 
variables will exhibit noninteger values at the optimum LP 
solution. Because the relaxed solution is less constrained than 
the true mixed integer solution in which all of the binary 
variables have integer values, it will in general give a better 
value for the objective function than the true mixed integer 
solution. In general, the noninteger values of the binary var¬ 
iables cannot simply be rounded to the nearest integer value, 
either because the rounding may lead to an infeasible solution 
(outside the feasible region) or because the rounding may 
render the solution nonoptimal (not at the edge of the feasible 
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Figure 3.15 

Setting the binary variables to zero or one creates a tree structure. 
(Reproduced from Floudas CA, 1995, Nonlinear and Mixed-Integer 
Optimization, by permission of Oxford University Press.) 


region). However, this relaxed LP solution is useful in provid¬ 
ing a lower bound to the true mixed integer solution to a 
minimization problem. For maximization problems, the 
relaxed LP solutions form the upper bound to the solution. 
The noninteger values can then be set to either 0 or 1 and the LP 
solution repeated. The setting of the binary variables to be 
either 0 or 1 creates a solution space in the form of a tree, as 
shown in Figure 3.15 (Floudas, 1995). As the solution is 
stepped through, the number of possibilities increases by virtue 
of the fact that each binary variable can take a value of 0 or 1 
(Figure 3.15). At each point in the search, the best relaxed LP 
solution provides a lower bound to the optimum of a minimi¬ 
zation problem. Correspondingly, the best true mixed integer 
solution provides an upper bound. For maximization problems 
the best relaxed LP solution forms an upper bound to the 
optimum and the best true mixed integer solution provides the 
lower bound. A popular method of solving MILP problems is to 
use a branch and bound search (Mehta and Kokossis, 1988). 
This will be illustrated by a simple example from Edgar, 
Himmelblau and Lasdon (2001). 

Example 3.5 A problem involving three binary variables Vi, 
y 2 and y 3 has an objective function to be maximized (Edgar, 
Himmelblau and Lasdon, 2001): 

maximize : / = 86yj + 4y 2 + 40y 3 
subject to : 774y 3 + 76y 2 + 42y 3 < 875 

67y 3 + 21y 2 + 53y 3 < 875 * ' ' ’' 

yi,.v 2 ,.v 3 = 0,1 

Solution The solution strategy is illustrated in Figure 3.16a. First 
the LP problem is solved to obtain the relaxed solution, allowing y 1 , 
y 2 and y 3 to vary continuously between 0 and 1. Both y 3 = 1 and 
y 3 = 1 at the optimum of the relaxed solution but the value of y 2 is 


0.776, Node 1 in Figure 3.16a. The objective function for this 
relaxed solution at Node 1 is/= 129.1. From this point, y 2 can be set 
to be either 0 or 1. Various strategies can be adopted to decide 
which one to choose. A very simple strategy will be adopted here of 
picking the closest integer to the real number. Given that y 2 = 0.776 
is closer to 1 than 0, set y 2 = 1 and solve the LP at Node 2 in 
Figure 3.16a. Now y 2 = 1 and y 3 = 1 at the optimum of the relaxed 
solution but the value ofy, is 0.978, Node 2 in Figure 3.16a. Given 
that Vj = 0.978 is closer to 1 than 0, set yi = 1 and solve the LP at 
Node 3. This time yi and y 2 are integers, but y 3 = 0.595 is a 
noninteger. Setting y 3 = 1 yields an infeasible solution at Node 4 
in Figure 3.16a as it violates the first inequality constraint in 
Equation 3.33. Backtracking to Node 3 and setting v 3 = 0 yields 
the first feasible integer solution at Node 5 for which y i = 1, y 2 = 1, 
y 3 = 0 and/= 90.0. There is no point in searching further from Node 
4 as it is an infeasible solution or from Node 5 as it is a valid integer 
solution. When the search is terminated at a node for either reason, 
it is deemed to be fathomed. The search now backtracks to Node 2 
and sets yi = 0. This yields the second feasible integer solution at 
Node 6 for which yi = 0, y 2 = I, y 3 =l and /= 44.0. Finally, 
backtrack to Node 1 and set y 2 = 0. This yields the third feasible 
integer solution at Node 7 for which y 3 = 1, v 2 = 0, y 3 = I and 
/= 126.0. Since the objective function is being maximized, Node 7 
is the optimum for the problem. 

Searching the tree in the way done in Figure 3.16a is known as a 
depth first or backtracking approach. At each node, the branch was 
followed that appeared to be more promising to solve. Rather than 
using a depth first approach, a breadth first or jumptracking 
approach can be used, as illustrated in Figure 3.16b. Again start 
at Node 1 and solve the relaxed problem in Figure 3.16b. This gives 
an upper bound for the maximization problem of/= 129.1. How¬ 
ever, this time the search goes across the tree with the initial setting 
of y 2 = 0. This yields a valid integer solution at Node 2 with y i = 1, 
y 2 = 0,y 3 = 1 and/= 126.0. Node 2 now forms a lower bound andis 
fathomed because it is an integer solution. In this approach, the 
search now backtracks to Node 1 whether Node 2 is fathomed or 
not. From Node 1 now set y 2 =l. The solution at Node 3 in 
Figure 3.16b gives yj = 0.978, y 2 = 1, y 3 = 1 and/= 128.1, which 
is the new upper bound. Setting yi = 0 and branching to Node 4 
gives the second valid integer solution. Now backtrack to Node 3 
and setyi = 1. The solution at Node 5 hasyi = 1, y 2 = 1, y 3 = 0.595 
and/= 113.8. At this point, Node 5 is fathomed, even though it is 
neither infeasible nor a valid integer solution. The upper bound of 
this branch at Node 5 has a value of the objective function lower 
than that of the integer solution at Node 2. Setting the values to be 
integers from Node 5 can only result in an inferior solution. In this 
way, the search is bounded. 

In this case, the breadth first search yields the optimum with a 
fewer number of nodes to be searched. Different search strategies 
than the ones used here can readily be used (Taha, 1975). It is likely 
that different problems would be suited to different search 
strategies. 

Thus, the solution of the MILP problem is started by solving 
the first relaxed LP problem. If integer values are obtained for 
the binary variables, the problem has been solved. However, if 
integer values are not obtained, the use of bounds is examined 
to avoid parts of the tree that are known to be suboptimal. The 
node with the best noninteger solution provides a lower bound 
for minimization problems and the node with the best feasible 
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/= 129.1 f= 129.1 




(a) Depth first search. 


(b) Breadth first search. 


Figure 3.16 

Branch and bound search. 


mixed integer solution provides an upper bound. In the case of 
maximization problems, the node with the best noninteger 
solution provides an upper bound and the node with the best 
feasible mixed integer solution provides a lower bound. Nodes 
with noninteger solutions are fathomed when the value of the 
objective function is inferior to the best integer solution (the 
lower bound). The tree can be searched by following a depth 
first approach or a breadth first approach, or a combination of 
the two. Given a more complex problem than Example 3.5, the 
search could, for example, set the values of the noninteger 
variables to be 0 and 1 in turn and carry out an evaluation of the 
objective function (rather than an optimization). This would 
then indicate the best direction in which to go for the next 
optimization. Many strategies are possible (Taha, 1975). 

The series of LP solutions required for MILP problems can 
be solved efficiently by using one LP to initialize the next. An 
important point to note is that, in principle, a global optimum 
solution can be guaranteed in the same way as with LP problems. 

2) Mixed Integer Nonlinear Programming. The general strategy 
for solving mixed integer nonlinear programming problems 
is very similar to that for linear problems (Floudas, 1995). 
The major difference is that each node requires the solution of 
a nonlinear program, rather than the solution of a linear 
program. Unfortunately, searching the tree with a succession 
of nonlinear optimizations can be extremely expensive in 
terms of the computation time required, as information 
cannot be readily carried from one NLP to the next, as can 
be done for LP. Another major problem is that, because a 
series of nonlinear optimizations is being carried out, there is 
no guarantee that the optimum will even be close to the global 
optimum, unless the NLP problem being solved at each node 


is convex. Of course, different initial points can be tried to 
overcome this problem, but there can still be no guarantee of 
global optimality for the general problem. 

Another way to deal with such nonlinear problems is to first 
approximate the solution to be linear and apply MILP, and then 
apply NLP to the problem. The method then iterates between 
MILP and NLP (Biegler, Grossmann and Westerberg, 1997). 

In some cases, the nonlinearity in a problem can be isolated 
in a small number of the functions. If this is the case, then one 
simple way to solve the problem is to linearize the nonlinear 
function by a series of straight-line segments. Integer logic can 
then be used to ensure that only one of the straight-line 
segments is chosen at a time and MILP used to carry out the 
optimization. For some forms of nonlinear mathematical 
expressions, deterministic optimization methods can be tail¬ 
ored to find the global optimum through the application of 
mathematical transformations and bounding techniques (Flou¬ 
das, 2000). 

3) Stochastic Search Optimization. Stochastic search optimiza¬ 
tion can be extremely effective for structural optimization if the 
optimization is nonlinear in character. Consider again the 
approach to process design introduced in Chapter 1 in which 
an initial design is developed and then evolved through struc¬ 
tural and parameter optimization. This evolutionary approach 
is suited to stochastic search optimization. This does not require 
either a superstructure or a search through a tree as branch and 
bound methods require. For example, when using simulated 
annealing, at each setting of the annealing temperature, a series 
of random moves is performed. These moves can be either step 
changes to continuous variables or can be changes in structure 
(either the addition or removal of a structural feature). Thus, the 
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approach does not require a superstructure to be created, as the 
approach can add features as well as remove features. However, 
structural moves must be defined and these must ensure that 
those moves can somehow create all the structural options that 
might be candidates for the global optimum structure. In theory, 
the initialization of the structure does not matter and any initial 
feasible structure will do to start the optimization, as long as the 
stochastic search optimization parameters have been set to 
appropriate values. In practice, it tends to be better for most 
problems to create an initial design with at least some redundant 
features, rather like a superstructure, but not necessarily includ¬ 
ing all possible structural options. 

Because stochastic search optimization allows some deteri¬ 
oration in the objective function, it is not as prone to being 
trapped by a local optimum as MINLP. However, when 
optimizing a problem involving both continuous variables 
(e.g. temperature and pressure) and structural changes, stochas¬ 
tic search optimization algorithms take finite steps for the 
continuous variables and do not necessarily find the exact 
value for the optimum setting. Because of this, a deterministic 
method (e.g. SQP) can be applied after stochastic search 
optimization to fine-tune the answer. This uses the stochastic 
search method to provide a good initialization for the determi¬ 
nistic method. 

Also, it is possible to combine stochastic and determinis¬ 
tic methods as hybrid methods. For example, a stochastic 
search method can be used to control the structural changes 
and a deterministic method to control the changes in the 
continuous variables. This can be useful if the problem 
involves a large number of integer variables, because, for 
such problems, the tree required for branch and bound 
methods explodes in size. 


3.8 Solution of Equations 
Using Optimization 

It is sometimes convenient to use optimization to solve equa¬ 
tions, or sets of simultaneous equations. This arises from the 
availability of general-purpose optimization software, such as 
that available in spreadsheets. Root finding or equation solving 
is a special case for optimization, where the objective is to reach 
a value of 0. For example, suppose it is necessary to solve a 
function /( x) for the value x that satisfies f(x) = a, where a is a 
constant. As illustrated in Figure 3.17a, this can be solved for: 

/(*)-« = 0 (3.34) 

The objective of the optimization would be for the equality con¬ 
straint given by Equation 3.34 to be satisfied as nearly as possible. 
There are a number of ways in which this objective can be made 
specific for optimization. Three possibilities are (Williams, 1997): 

(i) minimize |/(.r) — a | (3.35) 

(ii) minimize[/(x) — a] 2 (3.36) 


(iii) minimize(5i + S 2 ) 

(3.37) 

subject to 

f(x) -a + S x -S 2 = 0 

(3.38) 

S U S 2 >0 

(3.39) 


where 5j and S 2 are slack variables 

Which of these objectives would be the best to use depends on 
the nature of the problem, the optimization algorithm being used 
and the initial point for the solution. For example, minimizing 
Objective (i) in Equation 3.35 can present problems to optimization 
methods as a result of the gradient being discontinuous, as 
illustrated in Figure 3.17b. However, the problem can be trans¬ 
formed such that the objective function for the optimization has no 
discontinuities in the gradient. One possible transformation is 
Objective (ii) in Equation 3.36. As illustrated in Figure 3.17c, 



(a) An equation to be solved. 



(b) Transforming the problem into an optimization problem. 



(c) Ttransformation of the objectix e function to make the 
gradient continuous. 


Figure 3.17 

Solving equations using optimization. 
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this now has a continuous gradient. However, a fundamental 
disadvantage in using the transformation in Equation 3.36 is that 
if the equations to be solved are linear, then the objective function is 
transformed from linear to nonlinear. Also, if the equations to be 
solved are nonlinear, then such transformations will increase the 
nonlinearity. On the other hand. Objective (iii) in Equation 3.37 
avoids both an increase in the nonlinearity and discontinuities in the 
gradient, but at the expense of introducing slack variables. Note that 
two slack variables are needed. Slack variable 5j in Equation 3.38 
for 5j > 0 ensures that: 

f(x) - a < 0 (3.40) 

whereas slack variable S 2 in Equation 3.38 for ^>0 ensures 
that: 

f(x) — a > 0 (3.41) 

Equations 3.40 and 3.41 are only satisfied simultaneously by 
Equation 3.34. Thus, x, 5j and S 2 can be varied simultaneously to 
solve Equations 3.37 to 3.39 without increasing the nonlinearity. 

The approach can be extended to solve sets of simultaneous 
equations. For example, suppose a solution is required for .nq andjc 2 
such that: 

fi(x\,x 2 ) = ai and f 2 (xi,x 2 ) = a 2 (3.42) 
Three possible ways to formulate the objective for optimization are: 

(i) minimize { \f l (*i ,x 2 )-a x \ + \f 2 (x x ,x 2 )-a 2 | } (3.43) 

(ii) minimize j [/) (x\ ,x 2 ) - a\]~ +\f 2 (xi 1 x 2 )-a 1 ] 2 ^ (3.44) 


(iii) minimize (S n + S n + S 2I + S 22 ) 4g) 

subject to 

f l (x u x 2 )-a l +Sn -Sn = 0 (3.46) 

f 2 (x u x 2 )-a 2 + S 2l -S 22 = 0 (3.47) 

Sn,S l2 ,S 2h S 22 >0 (3.48) 

where S X2 , S 2X and S 22 are slack variables 


As will be seen later, these techniques will prove to be useful 
when solving design problems in general-purpose software, such 
as spreadsheets. Many of the numerical problems associated with 
optimization can be avoided by appropriate formulation of the 
model. Further details of model building can be found elsewhere 
(Williams, 1997). 

3.9 The Search for Global 
Optimality 

From the discussion in this chapter, it is clear that the difficulties 
associated with optimizing nonlinear problems are far greater than 
those for optimizing linear problems. For linear problems, finding 
the global optimum can, in principle, be guaranteed. 


Unfortunately, when optimization is applied to most relatively 
large design problems, the problem usually involves solving 
nonlinear optimization. In such situations, standard deterministic 
optimization methods will find only the first local optimum 
encountered. Starting from different initializations can allow the 
optimization to explore different routes through the solution space 
and might help identify alternative solutions. However, there is no 
guarantee of finding the global optimum. For some forms of 
nonlinear mathematical expressions, deterministic optimization 
methods can be tailored to find the global optimum through the 
application of mathematical transformations and bounding tech¬ 
niques (Floudas, 2000). 

Alternatively, stochastic search optimization (e.g. simulation 
annealing or genetic algorithms) can be used. These have the 
advantage of, in principle, being able to locate the global opti¬ 
mum for the most general nonlinear optimization problems. 
They do not require good initialization and do not require 
gradients to be defined. However, they involve parameters that 
are system-dependent and might need to be adjusted for problems 
that are different in character. Another disadvantage is that they 
can be extremely slow in solving large complex optimization 
problems. The relative advantages of deterministic and stochastic 
search methods can be combined using hybrid methods by using 
stochastic search methods to provide a good initial point for a 
deterministic method. As mentioned previously, stochastic 
and deterministic methods can also be combined to solve struc¬ 
tural optimization problems. 

In Chapter 1, an objective function for a nonlinear optimiza¬ 
tion was likened to the terrain in a range of mountains. If the 
objective function is to be maximized, each peak in the moun¬ 
tain range represents a local optimum in the objective function. 
The highest peak represents the global optimum. Optimization 
requires searching around the mountains in a thick fog to find the 
highest peak, without the benefit of a map and only a compass to 
tell direction and an altimeter to show height. On reaching the 
top of any peak, there is no way of knowing whether it is the 
highest peak because of the fog. 

When solving such nonlinear optimization problems, it is not 
desirable to terminate the search at a peak that is grossly inferior to 
the highest peak. The solution can be checked by repeating the 
search but starting from a different initial point. 

However, the shape of the optimum for most optimization 
problems bears a greater resemblance to Table Mountain in South 
Africa rather than to Mount Everest. In other words, for most 
optimization problems, the region around the optimum is fairly 
flat. Although on one hand a grossly inferior solution should be 
avoided, on the other hand the designer should not be pre¬ 
occupied with improving the solution by tiny amounts in an 
attempt to locate exactly the global optimum. There will be 
uncertainty in the design data, especially economic data. Also, 
there are many issues to be considered other than simply max¬ 
imizing economic potential or minimizing cost. There could be 
many reasons why the solution at the exact location of the global 
optimum might not be preferred, while a slightly suboptimal 
solution might be preferred for other reasons, such as safety, ease 
of control, and so on. Different solutions in the region of the 
optimum should be examined, rather than considerable effort 
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being expended on finding the solution at the exact location of 
the global optimum and considering only that solution. In this 
respect, stochastic search optimization has advantages, as it can 
provide a range of solutions in the region of the optimum. 

3.10 Optimization - 
Summary 

Most design problems will require optimization to be carried out at 
some stage. The quality of the design is characterized by an 
objective function to be maximized (e.g. if economic potential 
is being maximized) or minimized (e.g. if cost is being minimized). 
The shape of the objective function is critical in determining the 
optimization strategy. If the objective function is convex in a 
minimization problem or concave in a maximization problem, then 
there is a single optimum point. If this is not the case, there can be 
local optima as well as the global optimum. 

Various search strategies can be used to locate the optimum. 
Indirect search strategies do not use information on gradients, 
whereas direct search strategies require this information. These 
methods always seek to improve the objective function in each 
step in a search. On the other hand, stochastic search methods, 
such as simulated annealing and genetic algorithms, allow some 
deterioration in the objective function, especially during the 
early stages of the search, in order to reduce the danger of being 
attracted to a local optimum rather than the global optimum. 
However, stochastic search optimization can be very slow in 
converging and usually needs to be adapted to solve particular 
problems. 

The addition of inequality constraints complicates the 
optimization. These inequality constraints can form convex or 
nonconvex regions. If the region is nonconvex, this means that the 
search can be attracted to a local optimum, even if the objective 
function is convex in the case of a minimization problem or 
concave in the case of a maximization problem. In the case where 
a set of inequality constraints is linear, the resulting region is 
always convex. 

The general case of optimization in which the objective func¬ 
tion, the equality and inequality constraints are all linear can be 
solved as a linear programming problem. This can be solved 
efficiently with, in principle, a guarantee of global optimality. 
However, the corresponding nonlinear programming problem 
cannot, in general, be solved efficiently and with a guarantee of 
global optimality. Such problems are solved by successive linear or 
successive quadratic programming. Stochastic search optimization 
methods can be very effective in solving nonlinear optimization, 
because they are less prone to be stuck in a local optimum than 
deterministic methods. 

One of the approaches that can be used in design is to carry out 
structural and parameter optimization of a superstructure. The 
structural optimization required can be carried out using mixed 
integer linear programming in the case of a linear problem or mixed 
integer nonlinear programming in the case of a nonlinear problem. 
Stochastic search optimization can also be very effective for 
structural optimization problems. 


3.11 Exercises 


1. The cost of closed atmospheric cylindrical storage vessels can 
be considered to be proportional to the mass of steel required. 
Derive a simple expression for the dimensions of such a 
storage tank to give minimum capital cost. Assume the top 
and bottom are both flat. What are the dimensions for the 
minimum capital cost if the tank has an open top? 

2. The overhead of vapor of a distillation column is to be 
condensed in a heat exchanger using cooling water. There is 
a trade-off involving the flowrate of cooling water and the size 
of the condenser. As the flowrate of cooling water increases, its 
cost increases. However, as the flowrate increases, the return 
temperature of the cooling water to the cooling tower decreases. 
This decreases the temperature differences in the condenser and 
increases its heat transfer area, and hence its capital cost. The 
condenser has a duty of 4.1 MW and the vapor condenses at a 
constant temperature of 80 °C. Cooling water is available at 
20 °C with a cost of $ 0.021 -1 . The overall heat transfer 
coefficient can be assumed to be 500 Wm _1 K _1 . The cost 
of the condenser can be assumed to be $2500 m -2 with an 
installation factor of 3.5. Annual capital charges can be 
assumed to be 20% of the capital costs. The heat capacity of 
the cooling water can be assumed constant at 4.2kI kg _1 K _1 . 
The distillation column operates for 8000 h-y“ . Set up an 
equation for the heat transfer area of the condenser, and hence 
the annual capital cost of the condenser, in terms of the cooling 
water return temperature. Using this equation, carry out a trade¬ 
off between the cost of the cooling water and the cost of the 
condenser to determine approximately the optimum cooling 
water return temperature. The maximum return temperature 
should be 50 °C. The heat exchange area required by the 
condenser is given by: 



UATlm 


where A 

Q 

u 


AT lm 


Tcond 

Tcwi 

Tcwi 


heat transfer area (m 2 ) 
heat duty (W) 

overall heat transfer coefficient 
(W-m-’-K -1 ) 

logarithmic mean temperature difference 
( Tcond — Tcwi) — {Tcond - Tcwi) 

j n f TCOND - T CW2\ 

\Tcond — Tcwi) 
condenser temperature (°C) 
inlet cooling water temperature (°C) 
outlet cooling water temperature (°C) 


3. A vapor stream leaving a styrene production process contains 
hydrogen, methane, ethylene, benzene, water, toluene, styrene 
and ethylbenzene and is to be burnt in a furnace. It is proposed 
to recover as much of the benzene, toluene, styrene and 
ethylbenzene as possible from the vapor using low-tempera¬ 
ture condensation. The low-temperature condensation 
requires refrigeration. However, the optimum temperature 
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Table 3.2 

Stream flowrates and component values. 


Component 

Flowrate (kmol s 1 ) 

Value ($ kmol ') 

Hydrogen 

146.0 

0 

Methane 

3.7 

0 

Ethylene 

3.7 

0 

Benzene 

0.67 

21.4 

Water 

9.4 

0 

Toluene 

0.16 

12.2 

Ethylbenzene 

1.6 

40.6 

Styrene 

2.4 

60.1 

Total 

167.63 



for the condensation needs to be determined. This involves a 
trade-off in which the amount and value of material recovered 
increases as the temperature decreases, but the cost of the 
refrigeration increases as the temperature decreases. The 
material flows in the vapor leaving the flash drum are given 
in Table 3.2, together with their values. 

The low-temperature condensation requires refrigeration, 
for which the cost is given by: 

Refrigeration cost = 0.033 Q CO nd (^— 

\i cond + 2os/ 

where Qcond = condenser duty (MW) 

Tcond = condenser temperature (°C) 

The fraction of benzene, toluene, styrene and ethylbenzene 
condensed can be determined from phase equilibrium 
calculations. The percent of the various components entering 
the condenser that leave with the vapor are given in Table 3.3 
as a function of temperature. The total enthalpy of the flash 


Table 3.4 

Stream enthalpy data. 


Temperature (°C) 

Stream enthalpy (MJ kmol ') 

40 

0.45 

30 

-1.44 

20 

-2.69 

10 

-3.56 

0 

-4.21 

-10 

-4.72 

-20 

-5.16 

-30 

-5.56 

-40 

-5.93 

-50 

-6.29 

-60 

—6.63 


drum vapor stream as a function of temperature is given in 
Table 3.4. 

Calculate the optimum condenser temperature. What practi¬ 
cal difficulties do you foresee in using very low temperatures? 

4. A tank containing 1500 m 3 of naphtha is to be blended with two 
other hydrocarbon streams to meet the specifications for gaso¬ 
line. The final product must have a minimum research octane 
number (RON) of 95, a maximum Reid vapor pressure (RVP) 
of 0.6 bar, a maximum benzene content of 2% vol and maxi¬ 
mum total aromatics of 25% vol. The properties and costs of the 
three streams are given in the Table 3.5. 

Assuming that the properties of the mixture blend are in 
proportion to the volume of stream used, how much reformate 
and alkylate should be blended to minimize cost? 

5. A petroleum refinery has two crude oil feeds available. The 
first crude (Crude 1) is high-quality feed and costs $30 per 


Table 3.3 

Condenser performance. 

? Percent of component entering condenser that leaves with the vapor (%) 


Condensation temperature (°C) 



40 

30 

20 

10 

0 

-10 

-20 

-30 

-40 

-50 

-60 

Benzene 

100 

93 

84 

72 

58 

42 

27 

15 

8 

3 

1 

Toluene 

100 

80 

60 

41 

25 

14 

7 

3 

1 

1 

0 

Ethylbenzene 

100 

59 

33 

18 

9 

4 

2 

1 

0 

0 

0 

Styrene 

100 

54 

29 

15 

8 

4 

2 

1 

0 

0 

0 





58 Chemical Process Design and Integration 


Table 3.5 

Blending streams. 



RON 

RVP (bar) 

Benzene (% vol) 

Total aromatics 
(% vol) 

Cost $ m 3 

Naphtha 

92 

0.80 

1.5 

15 

275 

Reformate 

98 

0.15 

15 

50 

270 

Alkylate 

97.5 

0.30 

0 

0 

350 


Table 3.6 

Refinery data. 



Yield (% volume) 

Value of product 

Maximum production 


Crude 1 

Crude 2 

(Sbbr 1 ) 

(bbl day -1 ) 

Gasoline 

80 

47 

75 

120,000 

Jet fuel 

4 

8 

55 

8,000 

Diesel 

10 

30 

40 

30,000 

Fuel oil 

6 

15 

30 

- 

Processing cost ($ bbl -1 ) 

1.5 

3 




barrel (1 barrel = 42 US gallons). The second crude (Crude 2) 
is a low-quality feed and costs $20 per barrel. The crude oil 
is separated into gasoline, diesel, jet fuel and fuel oil. The 
percent yield of each of these products that can be obtained 
from Crude 1 and Crude 2 are listed in Table 3.6, together with 
maximum allowable production flowrates of the products in 
barrels per day and processing costs. 

The economic potential can be taken to be the difference 
between the selling price of the products and the cost of the 
crude oil feedstocks. Determine the optimum feed flowrate of 
the two crude oils from a linear optimization solved graphically. 

6. Add a constraint to the specifications for Exercise 5 above such 
that the production of fuel oil must be greater than 
15,000 bblday -1 . What happens to the problem? How would 
you describe the characteristics of the modified linear program¬ 
ming problem? 

7. Devise a superstructure for a distillation design involving a 
single feed, two products, a reboiler and a condenser that will 
allow the number of plates in the column itself to be varied 
between 3 and 10 and at the same time vary the location of the 
feed tray. 

8. A reaction is required to be carried out between a gas and a 
liquid. Two different types of reactor are to be considered: an 
agitated vessel (AV) and a packed column (PC). Devise a 
superstructure that will allow one of the two options to be 


chosen. Then describe this as integer constraints for the gas and 
liquid feeds and products. 
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Chapter 4 


Chemical Reactors I - 
Reactor Performance 


S ince process design starts with the reactor, the first deci¬ 
sions are those that lead to the choice of reactor. These 
decisions are amongst the most important in the whole process 
design. Good reactor performance is of paramount importance in 
determining the economic viability of the overall design and 
fundamentally important to the environmental impact of the 
process. In addition to the desired products, reactors produce 
unwanted byproducts. These unwanted byproducts not only lead 
to a loss of revenue but can also create environmental problems. 
As will be discussed later, the best solution to environmental 
problems is not to employ elaborate treatment methods, but to 
not produce waste in the first place. 

Once the product specifications have been fixed, some deci¬ 
sions need to be made regarding the reaction path. There are 
sometimes different paths to the same product. For example, 
suppose ethanol is to be manufactured. Ethylene could be used 
as a raw material and reacted with water to produce ethanol. An 
alternative would be to start with methanol as a raw material and 
react it with synthesis gas (a mixture of carbon monoxide and 
hydrogen) to produce the same product. These two paths employ 
chemical reactor technology. A third path could employ a bio¬ 
chemical reaction (or fermentation ) that exploits the metabolic 
processes of microorganisms in a biochemical reactor. Ethanol 
could therefore also be manufactured by fermentation of a 
carbohydrate. 

Reactors can be broadly classified as chemical or biochemical. 
Most reactors, whether chemical or biochemical, are catalyzed. 
The strategy will be to choose the catalyst, if one is to be used, and 
the ideal characteristics and operating conditions needed for the 
reaction system. The issues that must be addressed for reactor 
design include: 

• Reactor type 
• Catalyst 


• Size (volume) 

• Operating conditions (temperature and pressure) 

• Phase 

• Feed conditions (concentration, temperature and pressure). 

Once basic decisions have been made regarding these issues, a 
practical reactor is selected, approaching as nearly as possible the 
ideal in order that the design can proceed. Flowever, the reactor 
design cannot be fixed at this stage since, as will be seen later, it 
interacts strongly with the rest of the flowsheet. The focus here will 
be on the choice of reactor and not its detailed sizing. For further 
details of sizing, see, for example, Levenspiel (1999), Denbigh and 
Turner (1984) and Rase (1977). 


4.1 Reaction Path 

As already noted, given that the objective is to manufacture a 
certain product, there are often a number of alternative reaction 
paths to that product. Reaction paths that use the cheapest raw 
materials and produce the smallest quantities of byproducts are to 
be preferred. Reaction paths that produce significant quantities of 
unwanted byproducts should especially be avoided, since they can 
create significant environmental problems. 

However, there are many other factors to be considered in the 
choice of reaction path. Some are commercial, such as uncertain¬ 
ties regarding future prices of raw materials and byproducts. Others 
are technical, such as safety and energy consumption. 

The lack of suitable catalysts is the most common reason 
preventing the exploitation of novel reaction paths. At the first 
stage of design, it is impossible to look ahead and see all of the 
consequences of choosing one reaction path or another, but 
some things are clear even at this stage. Consider the following 
example. 
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Example 4.1 Given that the objective is to manufacture vinyl 
chloride, there are at least three reaction paths that can be readily 
exploited (Rudd, Powers and Siirola, 1973). 


Oxygen is considered to be free at this stage, coming from the 
atmosphere. Which reaction path makes most sense on the basis of 
raw material costs, product and byproduct values? 


Path 1 


Path 2 


Path 3 


C 2 H 2 + HC1 -^C 2 H 3 C1 

acetylene hydrogen vinyl 

chloride chloride 


C 2 H 4 + Cl 2 —> C 2 H 4 C1 2 

ethylene chlorine dichloroethane 

C 2 H4C1 2 -—->C 2 H 3 C1 + HC1 

dichloroethane vinyl hydrogen 

chloride chloride 


Solution Decisions can be made on the basis of the economic 
potential of the process. At this stage, the best that can be done is to 
define the economic potential (EP) as (see Chapter 2): 

EP = (Value of products) — (Raw materials costs) 

Path 1 

EP = (62 x 0.46) - (26 x 1.0 + 36 X 0.39) 

= — 11.52 $-kmol -1 vinyl chloride product 

Path 2 


C 2 H 4 + l/ 2 0 2 + 2HC1 —> C 2 H 4 C1 2 + H 2 0 

ethylene oxygen hydrogen dichloroethane water 
chloride 


EP = (62 x 0.46 + 36 x 0.39) - (28 X 0.58 + 71 x 0.23) 
= 9.99 S-kmol -1 vinyl chloride product 


C 2 H4C1 2 -► C 2 H 3 C1 + HC1 

dichloroethane vinyl hydrogen 

chloride chloride 

The market values and molar masses of the materials involved are 
given in Table 4.1. 


This assumes the sale of the byproduct HC1. If it cannot be sold, 
then: 

EP = (62 x 0.46) - (28 X 0.58 + 71 x 0.23) 

= —4.05 $-kmol -1 vinyl chloride product 

Path 3 


Table 4.1 

Molar masses and values of materials in Example 4.1. 


Material 

Molar mass 
(kg kmol" 1 ) 

Value ($ kg -1 ) 

Acetylene 

26 

1.0 

Chlorine 

71 

0.23 

Ethylene 

28 

0.58 

Hydrogen chloride 

36 

0.39 

Vinyl chloride 

62 

0.46 


EP = (62 x 0.46) - (28 X 0.58 + 2 x 36 x 0.39) 

= -15.8 S-kmol -1 vinyl chloride product 

Paths 1 and 3 are clearly not viable. Only Path 2 shows a positive 
economic potential when the byproduct HC1 can be sold. In 
practice, this might be quite difficult, since the market for HC1 
tends to be limited. In general, projects should not be justified on the 
basis of the byproduct value. 

The preference is for a process based on ethylene rather than 
the more expensive acetylene, and chlorine, rather than the more 
expensive hydrogen chloride. Electrolytic cells are a much more 
convenient and cheaper source of chlorine than hydrogen chlo¬ 
ride. In addition, it is preferred to produce no byproducts. 


Example 4.2 Devise a process from the three reaction paths in 
Example 4.1 that uses ethylene and chlorine as raw materials and 
produces no byproducts other than water (Rudd, Powers and 
Siirola, 1973). Does the process look economically attractive? 

Solution A study of the stoichiometry of the three paths shows 
that this can be achieved by combining Path 2 and Path 3 to obtain a 
fourth path. 

Paths 2 and 3 

C 2 H 4 + Cl 2 —>• C 2 H 4 C1 2 

ethylene chlorine dichloroethane 

C 2 H 4 +l/ 2 0 2 + 2HC1 —- c 2 n 4 ci 2 +h 2 o 

ethylene oxygen hydrogen dichloroethane water 
chloride 


2C 2 H 4 C1 2 -»2C 2 H 3 C1+ 2HC1 

dichloroethane vinyl hydrogen 

chloride chloride 


These three reactions can be added to obtain the overall 
stoichiometry. 

Path 4 

2C 2 H 4 + Cl 2 + l/ 2 0 2 —+ 2C 2 H 3 C1 + H 2 0 

ethylene chlorine oxygen vinyl water 

chloride 

or 

c 2 h 4 + i/ 2 ci 2 + V 4 o 2 —> c 2 h 3 ci + i/ 2 h 2 o 

ethylene chlorine ox yg en vinyl water 

chloride 

Now the economic potential is given by: 

EP = (62 x 0.46)-(28 x0.58+ 1/2x71 x 0.23) 

= 4.12 $-kmol -1 vinyl chloride product 

In summary, Path 2 from Example 4.1 is the most attractive 
reaction path if there is a large market for hydrogen chloride. In 
practice, it tends to be difficult to sell the large quantities of 
hydrogen chloride produced by such processes. Path 4 is the usual 
commercial route to vinyl chloride. 
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4.2 Types of Reaction 
Systems 


or 


FEED 1 + FEED 2-> PRODUCT 

FEED 1 + FEED 2 -> BYPRODUCT 


Having made a choice of the reaction path, a choice of reactor type 
must be made, together with some assessment of the conditions in 
the reactor. This allows assessment of the reactor performance for 
the chosen reaction path in order for the design to proceed. 

Before proceeding to the choice of reactor and operating 
conditions, some general classifications must be made regarding 
the types of reaction systems likely to be encountered. Reaction 
systems can be classified into six broad types: 


and so on. 

An example of a parallel reaction system occurs in the 
production of ethylene oxide (Waddams, 1978): 


CH2=CH2+'/20 2 


H 2 C—CTT> 
“\/ “ 
O 


ethylene oxygen ethylene oxide 


1) Single reactions. Most reaction systems involve multiple 
reactions. In practice, the secondary reactions can sometimes 
be neglected, leaving a single primary reaction to consider. 
Single reactions are of the type: 


with the parallel reaction: 

CH 2 = CH 2 + 30 2 —> 2C0 2 + 2H 2 0 

ethylene oxygen carbon water 
dioxide 


FEED -r PRODUCT (4.1) 

or 

FEED --> PRODUCT + BYPRODUCT (4.2) 

or 

FEED 1 + FEED 2 -> PRODUCT (4.3) 

and so on. 

An example of this type of reaction that does not produce 
a byproduct is isomerization (the reaction of a feed to a 
product with the same chemical formula but a different 
molecular structure). For example, allyl alcohol can be 
produced from propylene oxide (Waddams, 1978): 


Multiple reactions might not only lead to a loss of materials 
and useful product but might also lead to byproducts being 
deposited on, or poisoning, catalysts (see Chapters 5 and 6 ). 
3) Multiple reactions in series producing byproducts. Rather than 
the primary and secondary reactions being in parallel, they 
can be in series. Multiple reactions in series are of the type: 

FEED -• PRODUCT 

(4.7) 

PRODUCT -v BYPRODUCT 

or 

FEED -» PRODUCT + BYPRODUCT 1 

(4.8) 

PRODUCT -» BYPRODUCT2 + BYPRODUCT'S 


CH,HC— CH, -» OHU =CHCH,OH 

\ / “ 

O 

propylene oxide allyl alcohol 

An example of a reaction that does produce a byproduct is 
the production of acetone from isopropyl alcohol, which 
produces a hydrogen byproduct: 

(CHj) 2 CHOH —* CH 3 COCH 3 + H 2 

isopropyl acetone 

alcohol 

2) Multiple reactions in parallel producing byproducts. Rather 
than a single reaction, a system may involve secondary 
reactions producing (additional) byproducts in parallel with 
the primary reaction. Multiple reactions in parallel are of the 
type: 


or 

FEED 1 + FEED 2-* PRODUCT 

PRODUCT -* BYPRODUCT 1 + BYPRODUCT 2 

(4.9) 

and so on. 

An example of a series reaction system is the production 
of formaldehyde from methanol: 

CH 3 OH+ l/ 2 0 2 —> HCHO + H 2 0 

methanol oxygen formaldehyde water 

A series reaction of the formaldehyde occurs: 

HCHO —* CO + H 2 

formaldehyde carbon hydrogen 

monoxide 


FEED -> PRODUCT 

(4.4) 

FEED -> BYPRODUCT 

or 

FEED -* PRODUCT + BYPRODUCT 1 

(4.5) 

FEED -» BYPRODUCT 2 + BYPRODUCT 3 


As with parallel reactions, series reactions might not only 
lead to a loss of materials and useful products but might also 
lead to byproducts being deposited on, or poisoning, 
catalysts (see Chapters 5 and 6 ). 

4) Mixed parallel and series reactions producing byproducts. 
In more complex reaction systems, both parallel and series 
reactions can occur together. Mixed parallel and series 
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reactions are of the type: 

FEED -* PRODUCT 

FEED » BYPRODUCT (4.10) 

PRODUCT -» BYPRODUCT 

or 

FEED -> PRODUCT 

FEED » BYPRODUCT 1 (4.11) 

PRODUCT -> BYPRODUCT 2 

or 


A propagation step involving growth around an active center 
follows: 

RCH 2 - CHC1 + CH 2 = CHC1-> 

RCH 2 - CHC1 - CH 2 - CHC1 
and so on, leading to molecules of the structure: 

R - (CH 2 - CHC1)„ - CH 2 - CHC1 

Eventually, the chain is terminated by steps such as the union of 
two radicals that consume but do not generate radicals: 


FEED 1 + FEED 2-> PRODUCT 

FEED 1 + FEED 2 -» BYPRODUCT 1 

PRODUCT -* BYPRODUCT 2 + BYPRODUCT 3 

(4.12) 

An example of mixed parallel and series reactions is the 
production of ethanolamines by reaction between ethylene 
oxide and ammonia (Waddams, 1978): 


HiC— CH> 
“\ / " 
O 


+ nh 3 


ethylene oxide ammonia 


NH 2 CH 2 CH 2 OH 

monoethanolamine 


NH 2 CH 2 CH 2 OH + H 2 C—CH 2 -»NH(CH 2 CH 2 OH ) 2 

O 

monoethanolamine ethylene oxide diethanolamine 


NH(CH 2 CH 2 OH ) 2 + H 2 C — CH 2 -» N(CH 2 CH 2 OH ) 3 

O 

diethanolamine ethylene oxide triethanolamine 

Here the ethylene oxide undergoes parallel reactions, whereas 
the monoethanolamine undergoes a series reaction to 
diethanolamine and triethanolamine. 

5) Polymerization reactions. In polymerization reactions, 
monomer molecules are reacted together to produce a high 
molar mass polymer. Depending on the mechanical proper¬ 
ties required of the polymer, a mixture of monomers might 
be reacted together to produce a high molar mass 
copolymer. There are two broad types of polymerization 
reactions, those that involve a termination step and those 
that do not (Denbigh and Turner, 1984). An example that 
involves a termination step is free-radical polymerization of 
an alkene molecule, known as addition polymerization. A 
free radical is a free atom or fragment of a stable molecule 
that contains one or more unpaired electrons. The polymer¬ 
ization requires a free radical from an initiator compound 
such as a peroxide. The initiator breaks down to form a 
free radical (e.g. »CH 3 or »OH), which attaches to a 
molecule of alkene and in so doing generates another free 
radical. Consider the polymerization of vinyl chloride from 
a free-radical initiator »R. An initiation step first occurs: 


R + CH 2 = CHC1 —► RCH 2 - CHC1 

initiator vinyl vinyl chloride 

chloride free radical 


R - (CH 2 - CHC1)„ - CH 2 - CHC1 + CHC1 - CH 2 

— (CHC1 — CH 2 ) m — R > 

R - (CH 2 - CHC1)„ - CH 2 - CHC1 - CHC1 

- CH 2 - (CHC1 - CH 2 ) m - R 

This termination step stops the subsequent growth of the 
polymer chain. The period during which the chain length 
grows, that is before termination, is known as the active life 
of the polymer. Other termination steps are possible. 

The orientation of the groups along the carbon chain, its 
stereochemistry, is critical to the properties of the product. The 
stereochemistry of addition polymerization can be controlled 
by the use of catalysts. A polymer where repeating units have 
the same relative orientation is termed stereoregular. 

An example of a polymerization without a termination 
step is polycondensation (Denbigh and Turner, 1984). 

HO - (CH 2 )„ - COOH + HO - (CH 2 )„ - COOH 

—* HO - (CH 2 )„ - COO - (CH 2 )„ - COOH + H 2 0, 

etc. 

Here the polymer grows by successive esterification with 
elimination of water and no termination step. Polymers 
formed by linking monomers with carboxylic acid groups 
and those that have alcohol groups are known as polyesters. 
Polymers of this type are widely used for the manufacture of 
artificial fibers. For example, the esterification of terephthalic 
acid with ethylene glycol produces polyethylene terephthalate. 

6 ) Biochemical reactions. Biochemical reactions, often referred 
to as fermentations, can be divided into two broad types. In 
the first type, the reaction exploits the metabolic pathways in 
selected microorganisms (especially bacteria, yeasts, moulds 
and algae) to convert feed material (often called substrate in 
biochemical reactor design) to the required product. The 
general form of such reactions is: 

microorganisms 

FEED - y PRODUCT + [More microorganisms] 

(4.13) 

or 


FEED 1 + FEED 2 


microorganisms 


•> PRODUCT 


+ [More microorganisms] 


(4.14) 


and so on. 
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In such reactions, the microorganisms reproduce them¬ 
selves. In addition to the feed material, it is likely that 
nutrients (e.g. a mixture containing phosphorus, magnesium, 
potassium, etc.) will need to be added for the survival of the 
microorganisms. Reactions involving microorganisms include: 

• hydrolysis, 

• oxidation, 

• esterification, 

• reduction. 

An example of an oxidation reaction is the production of 
citric acid from glucose: 

C 6 H 12 0 6 + X 0 2 —» HOOCCH 2 COH(COOH)CH 2 COOH 

glucose citric acid 

+ 2H 2 0 

In the second group, the reaction is promoted by enzymes. 
Enzymes are the catalyst proteins produced by microorganisms 
that accelerate chemical reactions in microorganisms. The 
biochemical reactions employing enzymes are of the general 
form: 


enzyme 

FEED --- •PRODUCT (4.15) 


and so on. 

Unlike reactions involving microorganisms, in enzyme 
reactions the catalytic agent (the enzyme) does not reproduce 
itself. An example in the use of enzymes is the isomerization 
of glucose to fructose: 

CH 2 OH(CHOH) 4 CHO — C "' y "' C • CH 2 OHCO(CHOH) 3 CH 2 OH 

glucose fructose 

Although nature provides many useful enzymes, they can also 
be engineered for improved performance and new applications. 
Biochemical reactions have the advantage of operating under 
mild reaction conditions of temperature and pressure and are 
usually carried out in an aqueous medium rather than using an 
organic solvent. 


4.3 Measures of Reactor 
Performance 


Before exploring how reactor conditions can be chosen, some 
measure of reactor performance is required. 

For polymerization reactors, the main concern is the character¬ 
istics of the product that relate to the mechanical properties. The 
distribution of molar masses in the polymer product, orientation of 
groups along the chain, cross-linking of the polymer chains, 
copolymerization with a mixture of monomers, and so on, are 
the main considerations. Ultimately, the main concern is the 
mechanical properties of the polymer product. 

For biochemical reactions, the performance of the reactor will 
normally be dictated by laboratory results, because of the 


difficulty of predicting such reactions theoretically (Shuler and 
Kargi, 2002). There are likely to be constraints on the reactor 
performance dictated by the biochemical processes. For example, 
in the manufacture of ethanol using microorganisms, as the 
concentration of ethanol rises, the microorganisms multiply 
more slowly until at a concentration of around 12% it becomes 
toxic to the microorganisms. 

For other types of reactors, three important parameters are used 
to describe their performance (Wells and Rose, 1986): 


(Reactant consumed in the reactor) 

Conversion =--- (4.16) 

(Reactant fed to the reactor) 


(Desired product produced) 

Selectivity = -—— -- 

(Reactant consumed in the reactor) 

X Stoichiometric factor 


(4.17) 


(Desired product produced) 

Reactor yield =- 

(Reactant fed to the reactor) 

X Stoichiometric factor 


(4.18) 


in which the stoichiometric factor is the stoichiometric moles of 
reactant required per mole of product. When more than one 
reactant is required (or more than one desired product produced). 
Equations 4.16 to 4.18 can be applied to each reactant (or product). 

The following example will help clarify the distinctions among 
these three parameters. 


Example 4.3 Benzene is to be produced from toluene accord¬ 
ing to the reaction (Douglas, 1985): 

CgHjCHj + IT, —> C 6 H 6 + CH 4 

toluene hydrogen benzene methane 

Some of the benzene formed undergoes a number of secondary 
reactions in series to unwanted byproducts that can be represented 
by the single reaction to diphenyl, according to the reaction: 

2C 6 H 6 C 12 H 10 + H 2 

benzene diphenyl hydrogen 

Table 4.2 gives the compositions of the reactor feed and effluent 
streams. 


Table 4.2 

Reactor feed and effluent streams. 


Component 

Inlet flowrate 
(kmol h -1 ) 

Outlet flowrate 
(kmol h _ ') 

h 2 

1858 

1583 

ch 4 

804 

1083 

c 6 h 6 

13 

282 

c 6 h 5 ch 3 

372 

93 

C 12 H 10 

0 

4 
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Calculate the conversion, selectivity and reactor yield with 

respect to the: 


a) toluene feed 

b) hydrogen feed. 


Solution 


a) Toluene 

(Toluene consumed in the reactor) 

conversion 

(Toulene fed to the reactor) 


372 - 93 


372 


= 0.75 

Stoichiometric 

factor 

Stoichiometric moles of toluene required 
per mole of benzene produced 

= 1 

(Benzene produced in the reactor) 

(Toluene consumed in the reactor) 

Benzene 
selectivity 
from toluene 


X Stoichiometric factor 

282 - 13 , 


= - X 1 

372 - 93 

= 0.96 

Reactor yield 
of benzene 

(Benzene produced in the reactor) 

from toluene 

(Toluene fed to the reactor) 


X Stoichiometric factor 

282 - 13 , 

372 X 


= 0.72 

b) Hydrogen 

(Hydrogen consumed in the reactor) 

conversion 

(Hydrogen fed to the reactor) 


1858 - 1583 


1858 


= 0.15 

Stoichiometric 

factor 

Stoichiometric moles of hydrogen 
required per mole of benzene produced 

= 1 

(Benzene produced in the reactor) 
(Hydrogen consumed in the reactor) 

Benzene 
selectivity 
from hydrogen 


X Stoichiometric factor 

282- 13 

“ 1858- 1583 X 1 


= 0.98 

Reactor yield 
of benzene 

(Benzene produced in the reactor) 

from hydrogen 

(Hydrogen fed to the reactor) 


X Stoichiometric factor 

282- 13 , 

1858 X 


= 0.14 

Because there are two feeds to this process, the reactor performance 
can be calculated with respect to both feeds. However, the principal 
concern is performance with respect to toluene, since it is more 
expensive than hydrogen. 


As will be discussed in the next chapter, if a reaction is 
reversible there is a maximum conversion, the equilibrium con¬ 
version , that can be achieved, which is less than 1.0. 

In describing reactor performance, selectivity is often a more 
meaningful parameter than reactor yield. Reactor yield is based 
on the reactant fed to the reactor rather than on that which is 
consumed. Part of the reactant fed might be material that has 
been recycled rather than fresh feed. Reactor yield takes no 
account of the ability to separate and recycle unconverted raw 
materials. Reactor yield is only a meaningful parameter when it 
is not possible for one reason or another to recycle unconverted 
raw material to the reactor inlet. However, the yield of the 
overall process is an extremely important parameter when 
describing the performance of the overall plant, as will be 
discussed later. 

4.4 Rate of Reaction 


To define the rate of a reaction, one of the components must be 
selected and the rate defined in terms of that component. The rate of 
reaction is the number of moles formed with respect to time, per 
unit volume of reaction mixture: 


n 


1 fdNA 

V \df) 


(4.19) 


where r, 

N, 

V 

t 


rate of reaction of Component i (kmolm -3 -s _1 ) 
moles of Component i formed (kmol) 
reaction volume (m 3 ) 
time (s) 


If the volume of the reactor is constant (R= constant): 


1 ( dN i\ _dNi/V _dCt 
V \ dt ) dt dt 


(4.20) 


where C { = molar concentration of Component i (kmol-m -3 ) 

The rate is negative if the component is a reactant and positive 
if it is a product. For example, for the general irreversible 
reaction: 


bB + cC+ -- sS + tT+ ••• (4.21) 

The rates of reaction are related by: 


r_B_ _ _rc_ _ _ 
be st 


(4.22) 


If the rate-controlling step in the reaction is the collision of the 
reacting molecules, then the equation to quantify the reaction rate 
will often follow the stoichiometry such that: 


-r B = k B CgC c c ■ ■ ■ 

(4.23) 

—r c = k c C b B C c c • • • 

(4.24) 

r s = k s C b B C c c ■■■ 

(4.25) 
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r T = k T C b B C c c • • • (4.26) 

where r, = reaction rate for Component i (kmol m _3 -s _1 ) 
kj = reaction rate constant for Component i 
(|kmolm Y c b c ''' s^ 1 ) 

NC = is the number of components in the rate 
expression 

Ci = molar concentration of Component i (kmol-m - ) 

The exponent for the concentration (b,c, ... ) is known as the 
order of reaction. The reaction rate constant is a function of 
temperature, as will be discussed in the next chapter. 

Thus, from Equations 4.22 to 4.26: 



Reactions for which the rate equations follow the stoichiometry 
as given in Equations 4.23 to 4.26 are known as elementary 
reactions. If there is no direct correspondence between the reaction 
stoichiometry and the reaction rate, these are known as non¬ 
elementary reactions and are often of the form: 


-r B = k B CiC s c ■ 

■ ■ c s c\ ■ ■ ■ 

(4.28) 

—r c — k c C B C s c ■ 

■■ c s c\• • • 

(4.29) 

r s = k s C B C s c ■ ■ 

■ c e s c\ ■ • • 

(4.30) 

r T = k T C B C s c • ■ 

• C s Cj ■ ■ ■ 

(4.31) 


where p, 5, e, £, = order of reaction 

The reaction rate constant and the order of reaction must be 
determined experimentally. If the reaction mechanism involves 
multiple steps involving chemical intermediates, then the form of 
the reaction rate equations can be of a more complex form than 


Equations 4.28 to 4.31. 

If the reaction is reversible, such that: 

bB + cC+ ■■■ , sS + tT+ ■■■ (4.32) 

then the rate of reaction is the net rate of the forward and reverse 
reactions. If the forward and reverse reactions are both elementary, 
then: 

—r B = k B C b B C c c - k B C s s C‘ T ■ ■ • (4.33) 

~r C = k c C b B C c c - k' c C s c C' T ■ ■ • (4.34) 

r s = k s C B C c c ■■■ - k' s C s s C’ T ■ ■ ■ (4.35) 

r T = k T C b B C c c ■■■ - k' T C s s C r T ■ ■ ■ (4.36) 


where k; = reaction rate constant for Component i for the 
forward reaction 

k[ = reaction rate constant for Component i for the 
reverse reaction 

If the forward and reverse reactions are nonelementary, perhaps 
involving the formation of chemical intermediates in multiple 


steps, then the form of the reaction rate equations can be more 
complex than Equations 4.33 to 4.36. 


4.5 Idealized Reactor 
Models 


Three idealized models are used for the design of reactors (Rase, 
1977; Denbigh and Turner, 1984; Levenspiel, 1999). In the first 
(Figure 4.1a), the ideal-batch model, the reactants are charged at 
the beginning of the operation. The contents are subjected to 
perfect mixing for a certain period, after which the products are 
discharged. Concentration changes with time, but the perfect 
mixing ensures that at any instant the composition and temperature 
throughout the reactor are both uniform. 

In the second model (Figure 4. lb), the mixed-flow or continuous 
well-mixed or continuous-stirred-tank reactor ( CSTR ), feed and 
product takeoff are both continuous and the reactor contents are 
assumed to be perfectly mixed. This leads to uniform composition 
and temperature throughout the reactor. Because of the perfect 
mixing, a fluid element can leave the instant it enters the reactor or 
stay for an extended period. The residence time of individual fluid 
elements in the reactor varies. 

In the third model (Figure 4.1c), the plug-flow model, a steady 
uniform movement of the reactants is assumed, with no attempt to 
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(a) Ideal-batch model. 
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(b) Mixed-flow reactor. 
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(c) Plug-flow reactor (PFR). 
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(d) A series of mixed-flow reactors approaches 
plug-flow 


Figure 4.1 

The idealized models used for reactor design. (Reproduced from Smith R 
and Petela EA (1992) Waste Minimization in the Process Industries Part 2 
Reactors, Chem Eng, Dec (509-510): 17, by permission of the Institution 
of Chemical Engineers.) 
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induce mixing along the direction of flow. Like the ideal-batch 
reactor, the residence time in a plug-flow reactor is the same for all 
fluid elements. Plug-flow operation can be approached by using a 
number of mixed-flow reactors in series (Figure 4. Id). The greater 
the number of mixed-flow reactors in series, the closer is the 
approach to plug-flow operation. 

1) Ideal-batch reactor. Consider a batch reactor in which the 
feed is charged at the beginning of the batch and no product 
is withdrawn until the batch is complete. It is given that: 

Moles of reactant 
converted 


1 dNj 
~ n ~ ~V~dt 


-r 1 (4.37) 


where C, 


C,o 

C u 


molar concentration of Component i 
initial molar concentration of Component i 
final molar concentration of Component i at 
time t 


Substituting Equation 4.41 into Equation 4.39 and noting 
that NJV = C,o gives: 


dCj 

dt 


= —re¬ 


integration of Equation 4.42 gives: 


(4.42) 


Integration of Equation 4.37 gives: 


t 


' Ni < dNi 

Ni0 nv 


(4.38) 


where t = batch time 

IV,o = initial moles of Component i 

N it = final moles of Component i after time t 


Alternatively, Equation 4.37 can be written in terms of 
reactor conversion X ,: 


dN i d[N m (\ - *,■)] __ dXi 

~dF= — it — =- Ni 0 ^r =nV 

Integration of Equation 4.39 gives: 


(4.39) 


t = Nfi 


vY ' dXi 
0 ^nV 


(4.40) 


Also, from the definition of reactor conversion, for the special 
case of a constant density reaction mixture: 


NiO —Ni, _ C/o - Cit 
NiO C,0 


(4.41) 


t = 


■ c " dQ 
cto ~n 


(4.43) 


2) Mixed-flow reactor. Consider now the mixed-flow reactor in 
Figure 4.2a in which a feed of Component i is reacting. A 
material balance for Component i per unit time gives: 


Moles of reactant in 
feed per unit time 


Moles of reactant 
converted per unit time 


Moles of reactant 
in product per unit time 


(4.44) 


Equation 4.44 can be written per unit time as: 


Nu„ - (-nV) = Ni, out (4.45) 


where N i in = inlet moles of Component i per unit time 
Nj ou , = outlet moles of Component i per unit time 

Rearranging Equation 4.45 gives: 

Ni, out = N ij n + nV (4.46) 


- t 

r, 



r 


r 

— o 

o 

- 




(a) Mixed-flow reactor. 


(b) Concentration versus reaction rate. 


Figure 4.2 

Rate of reaction in a mixed-flow reactor. 
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Substituting N iout = N i in ( 1 — X,) into Equation 4.46 gives: 

N ■ ■ X 

V = (4.47) 

~r t 

For the special case of a constant density system, Equation 4.41 
can be substituted to give: 


throughout the reactor. The shaded area in Figure 4.2b 
represents the space-time ( V/F ). 

3) Plug-flow reactor. Consider now the plug-flow reactor in 
Figure 4.3a, in which Component i is reacting. A material 
balance can be carried out per unit time across the 
incremental volume dV in Figure 4.3a: 


V = 


N ijn (C/ Z/j Ci.outJ 

t i Pi.in 


(4.48) 


Analogous to time as a measure of batch process performance, 
space-time ( z ) can be defined for a continuous reactor: 


x = [Time required to process one reactor volume of feed] 

(4.49) 


If the space-time is based on the feed conditions: 


V Cjj„V 
F N-, in 


(4.50) 


where F = volumetric flowrate of the feed (m 3 -s ') 
The reciprocal of space-time is space-velocity (s): 


'Moles of reactant 
entering incremental 
.volume per unit time 


"Moles of reactant ' 
converted per unit 
_ time 


"Moles of reactant 
leaving incremental 
.volume per unit time 


(4.53) 


Equation 4.53 can be written per unit time as: 


Ni - {-rflV) = Nj + dNi (4.54) 

where N t = moles of Component i per unit time 
Rearranging Equation 4.54 gives: 

dNi = ndV (4.55) 


1 

s = — 

T 

= [Number of reactor volumes processed in a unit time] 

(4.51) 


Substituting the reactor conversion into Equation 4.55 
gives: 


dNi = d [X,„(l - X;)] = n dV (4.56) 


Combining Equation 4.48 for the mixed-flow reactor with where N Un = inlet moles of Component i per unit time 

constant density and Equation 4.50 gives: Rearranging Equation 4.56, given dN Un = 0: 


Fj in ~ Ci c 


(4.52) 


Figure 4.2b is a plot of Equation 4.52. From Cu„ to C itOM , the 
rate of reaction decreases to a minimum at Cj >OMf . As the reactor 
is assumed to be perfectly mixed, C, iOMf is the concentration 
throughout the reactor; that is, this gives the lowest rate 


NundXi = -r,dV 
Integration of Equation 4.57 gives: 


V = Nun 


rX : 

0 


dXi 

—t'i 


(4.57) 


(4.58) 



Figure 4.3 

Rate of reaction in a plug-flow reactor. 
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Figure 4.4 

Use of mixed-flow and plug-flow reactors. 


Writing Equation 4.58 in terms of the space-time: 


T — Cijf 


' dXi 


(4.59) 


For the special case of constant density systems, substitution of 
Equation 4.50 gives: 


V = - 


N- ■ 

1 v i,in 

r 

i,in 


'dQ 


' Ci ° M dCi 



(4.60) 

(4.61) 


Figure 4.3b is a plot of Equation 4.61. The rate of reaction is 
high at C i in and decreases to C iMUt where it is the lowest. The 
area under the curve now represents the space-time. 

It should be noted that the analysis for an ideal-batch 
reactor is the same as that for a plug-flow reactor (compare 
Equations 4.43 and 4.61). All fluid elements have the same 
residence time in both cases. Thus 


tIdeal—batch — ^ Plug—f l ow (4.62) 

Figure 4.4a compares the profiles for a mixed-flow and 
plug-flow reactor between the same inlet and outlet 
concentrations, from which it can be concluded that the 
mixed-flow reactor requires a larger volume. The rate of 
reaction in a mixed-flow reactor is uniformly low as the 
reactant is instantly diluted by the product that has already 
been formed. In a plug-flow or ideal-batch reactor, the rate 
of reaction is high initially and decreases as the concentra¬ 
tion of reactant decreases. 

In an autocatalytic reaction, the rate starts low, as little 
product is present, but increases as product is formed. The 
rate reaches a maximum and then decreases as the reactant is 
consumed. This is illustrated in Figure 4.4b. In such a 
situation, it would be best to use a combination of reactor 


types, as illustrated in Figure 4.4b, to minimize the volume 
for a given flowrate. A mixed-flow reactor should be used 
until the maximum rate is reached and the intermediate 
product fed to a plug-flow (or ideal-batch) reactor. Alterna¬ 
tively, if separation and recycle of unconverted material is 
possible, then a mixed-flow reactor could be used up to 
the point where the maximum rate is achieved, then the 
unconverted material separated and recycled back to the 
reactor inlet. Whether this separation and recycle option is 
cost-effective or not will depend on the cost of separating 
and recycling material. Combinations of mixed-flow reactors 
in series and plug-flow reactors with recycle can also be used 
for autocatalytic reactions, but their performance will always 
be inferior to either a combination of mixed and plug-flow 
reactors or a mixed-flow reactor with separation and recycle 
(Levenspiel, 1999). 


Example 4.4 Benzyl acetate is used in perfumes, soaps, cos¬ 
metics and household items where it produces a fruity, jasmine-like 
aroma, and it is used to a minor extent as a flavor. It can be 
manufactured by the reaction between benzyl chloride and sodium 
acetate in a solution of xylene in the presence of triethylamine as 
catalyst (Huang and Dauerman, 1969): 

C 6 H 5 CH 2 C1 + CHiCOONa-*• CHjCOOCgHjOE + NaCl 

or 

A + B -> C+D 

The reaction has been investigated experimentally by Huang and 
Dauerman (1969) in a batch reaction carried out with initial 
conditions given in Table 4.3. 

The solution volume was 1.321 X 1CT 3 m 3 and the temperature 
was maintained to be 102 °C. The measured mole percent benzyl 
chloride versus time in hours are given in Table 4.4 (Huang and 
Dauerman, 1969). 

Derive a kinetic model for the reaction on the basis of the 
experimental data. Assume the volume of the reactor to be 
constant. 
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Table 4.3 

Initial reaction mixture for the production of benzyl acetate. 


Component 

Moles 

Benzyl chloride 

1 

Sodium acetate 

1 

Xylene 

10 

Triethylamine 

0.0508 


Table 4.4 

Experimental data for the production of benzyl acetate. 


Reaction time (h) 

Benzyl chloride (mole%) 

3.0 

94.5 

6.8 

91.2 

12.8 

84.6 

15.2 

80.9 

19.3 

77.9 

24.6 

73.0 

30.4 

67.8 

35.2 

63.8 

37.15 

61.9 

39.1 

59.0 


Solution The equation for a batch reaction is given by 
Equation 4.38: 

t _ dN A 
Jtfxo TaV 


Table 4.5 

Expressions for a batch reaction with different kinetic models. 


Order of 

reaction 

Kinetic 

expression 

Ideal-batch model 

Zero order 

4= 

II 

£ 

l 

^(NA0-N A ) = kAt 

First order 

II 

1 

In *" = * xf 

N A 

Second order 

~ r A — k aCa 



Initially, it could be postulated that the reaction could be zero order, 
first order or second order in the concentration of A and B. 
However, given that all the reaction stoichiometric coefficients 
are unity and the initial reaction mixture has equimolar amounts of 
A and B, it seems sensible to first try to model the kinetics in terms of 
the concentration of A. This is because, in this case, the reaction 
proceeds with the same rate of change of moles for the two 
reactants. Thus, it could be postulated that the reaction could be 
zero order, first order or second order in the concentration of A. In 
principle, there are many other possibilities. Substituting the 
appropriate kinetic expression into Equation 4.47 and integrating 
gives the expressions in Table 4.5. 

The experimental data have been substituted into the three 
models and presented graphically in Figure 4.5. From Figure 4.5, 
all three models seem to give a reasonable representation of the 
data, as all three give a reasonable straight line. It is difficult to tell 
from the graph which line gives the best fit. The fit can be better 
judged by carrying out a least squares fit to the data for the three 
models. The difference between the values calculated from the 
model and the experimental values are summed according to: 

i° r -i 2 

minimize R 2 = ^ [{N Aj ) calc ~ (N Aj ) exp \ 
j 

where R = residual 

(N A j) ca i c = calculated moles of A for Measurement j 
(. N A j) exp = experimentally measured moles of A for 
Measurement j 


* r i 
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(a) Zero order model. 


(b) First order model. 


(c) Second order model. 


Figure 4.5 

Kinetic model for the production of benzyl acetate. 
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Table 4.6 

Results of a least squares fit for the three kinetic models. 


Order of reaction 

Rate constant 

R 2 

Zero order 

k A V= 1.066 

26.62 

First order 

k A = 0.01306 

6.19 

Second order 

kfiJV = 0.0001593 

15.65 


However, the most appropriate value of the rate constant 
for each model needs to be determined. This can be deter¬ 
mined, for example, in a spreadsheet by setting up a function 
for R 2 and using the spreadsheet solver to minimize R~ by 
manipulating the value of k A . The results are summarized in 
Table 4.6. 

From Table 4.6, it is clear that the best fit is given by a first-order 
reaction model: r A = k A C A with k A = 0.01306 h _l . 


Example 4.5 Ethyl acetate is widely used in formulating 
printing inks, adhesives, lacquers and is used as a solvent in 
food processing. It can be manufactured from the reaction 
between ethanol and acetic acid in the liquid phase according to 
the reaction: 

CHCOOH+C 2 H 5 OH , CH 3 COOC 2 H 5 +H 2 O 

acetic acid ethanol ethyl acetate water 

or 

A+B , C+D 

Experimental data are available using an ion-exchange resin cata¬ 
lyst based on batch experiments at 60 °C (Helminen et al., 1998). 
These data are presented in Table 4.7 (Helminen et al., 1998). 

Molar masses and densities for the components are given in 
Table 4.8. 

Initial conditions are such that the reactants are equimolar with 
product concentrations of initially zero. From the experimental 
data, assuming a constant density system: 

Table 4.7 

Experimental data for the production of ethyl acetate. 


Table 4.8 

Molar masses for the components involved in the manufacture of ethyl 
acetate. 


Component 

Molar mass 
(kg kmol -1 ) 

Density at 60 °C 

(kg m -3 ) 

Acetic acid 

60.05 

1018 

Ethanol 

46.07 

754 

Ethyl acetate 

88.11 

847 

Water 

18.02 

980 


a) Fit a kinetic model to the experimental data. 

b) For a plant producing 10 tons of ethyl acetate per day, calculate 
the volume required by a mixed-flow reactor and a plug-flow 
reactor operating at 60 °C. Assume no product is recycled to 
the reactor and the reactor feed is an equimolar mixture of 
ethanol and acetic acid. Also, assume the reactor conversion 
to be 95% of the conversion at equilibrium. 




A 

B 

C 

D 

Sample 

Time 

(mass 

(mass 

(mass 

(mass 

point 

(min) 

%) 

%) 

%) 

%) 

1 

0 

56.59 

43.41 

0.00 

0.00 

2 

5 

49.70 

38.10 

10.00 

2.20 

3 

10 

46.30 

35.50 

15.10 

3.10 

4 

15 

42.50 

32.50 

20.70 

4.30 

5 

30 

35.40 

27.20 

30.90 

6.50 

6 

60 

28.10 

21.90 

41.40 

8.60 

7 

90 

24.20 

18.60 

47.60 

9.60 

8 

120 

22.70 

17.40 

49.80 

10.10 

9 

150 

21.20 

17.00 

51.10 

10.70 

10 

180 

20.90 

16.50 

51.70 

10.90 

11 

210 

20.50 

16.20 

52.30 

11.00 

12 

240 

20.30 

15.70 

52.90 

11.10 


Solution 

a) To fit a model to the data, first convert the mass percent data 
from Table 4.7 into molar concentrations. 

Volume of reaction mixture per kg of reaction mixture 
(assuming no volume change of solution) 

_ 0.566 0.434 

“ 1018 + 754 
= 1.1316 X 10“ 3 m 3 

Molar concentrations are given in Table 4.9. 

A reaction rate expression can be assumed of the form: 

-r A =k A C a A C fi B -kf A C s c C r D 

where a, /?, 8 , y can be 0 , 1 or 2 such that n\=a + f) and 
n 2 = S + y. Many other forms of model could be postulated. The 
equation for an ideal-batch reactor is given by Equation 4.38: 

,_\ Ca dC A 
Jc„„ ~ r A 

Substituting the kinetic model and integrating give the results in 
Table 4.10 depending on the values of the order of reaction. The 
integrals can be found from tables of standard integrals 
(Dwight, 1961). 
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Table 4.9 

Molar concentrations for the manufacture of ethyl acetate. 


Time(min| 

A (kmol m 3 ) 

B (kmol m 3 ) 

C (kmol m 3 ) 

D (kmol m 3 ) 

0 

8.3277 

8.3266 

0.0000 

0.0000 

5 

7.3138 

7.3081 

1.0029 

1.0789 

10 

6.8134 

6.8094 

1.5144 

1.5202 

15 

6.2542 

6.2339 

2.0761 

2.1087 

30 

5.2094 

5.2173 

3.0991 

3.1875 

60 

4.1352 

4.2007 

4.1522 

4.2174 

90 

3.5612 

3.5677 

4.7740 

4.7078 

120 

3.3405 

3.3376 

4.9946 

4.9530 

150 

3.1198 

3.2608 

5.1250 

5.2472 

180 

3.0756 

3.1649 

5.1852 

5.3453 

210 

3.0167 

3.1074 

5.2454 

5.3943 

240 

2.9873 

3.0115 

5.3055 

5.4434 


Note in Table 4.10 that many of the integrals are common to 
different kinetic models. This is specific to this reaction where 
all the stoichiometric coefficients are unity and the initial 
reaction mixture was equimolar. In other words, the change 
in the number of moles is the same for all components. Rather 
than determine the integrals analytically, they could have been 
determined numerically. Analytical integrals are simply more 
convenient if they can be obtained, especially if the model is to 
be fitted in a spreadsheet, rather than being purpose-written 
software. The least squares fit varies the reaction rate constants 
to minimize the objective function: 

411 2 
minimize R 2 = \( C ‘Aalc ~ (' c ij)exp] 

i= 1 M 

where R = residual 

(Cjj)caic = calculated molar concentration of 
Component i for Measurement j 
(Cjj) exp = experimentally measured molar 
concentration of Component i for 
Measurement j 

Again, this can be carried out, for example, in spreadsheet 
software, and the results are given in Table 4.11. 

From Table 4.11, there is very little to choose between the 
best two models. The best fit is given by a second-order model 
for the forward and a first-order model for the reverse reaction 
with: 

k A = 0.002688 m 3 kmol - ' min -1 

k A = 0.004644 min -1 

However, there is little to choose between this model and a 
second-order model for both forward and reverse reactions. 


b) Now use the kinetic model to size a reactor to produce 10 tons 
per day of ethyl acetate. First, the conversion at equilibrium 
needs to be calculated. At equilibrium, the rates of forward and 
reverse reactions are equal: 

kA C 2 a = kXCc 

Substituting for the conversion at equilibrium X E gives: 

k A [C A o(i ~X E )f =kXC A0 X E 
Rearranging gives: 

(i -x E f kx 

X E k A CAo 

Substituting k A = 0.002688, k' A = 0.004644 and C A o = 8.3277 
and solving for X E by trial and error gives: 

X E = 0.6366 

Assume the actual conversion to be 95% of the equilibrium 
conversion: 

X = 0.95 x0.6366 
= 0.605 

A production rate of 10 tons per day equates to 0.0788 kmol- 
min -1 . For a mixed-flow reactor with equimolar feed C A o = 
C B0 = 8.33 kmol m -3 at 60 °C: 

y _ N A ,mX A _ Nc ,out 

—r A k A C~ A0 (\ —X A ) 2 — k A C A oX A 
0.0788 

" 0.002688 x 8.33 2 x (1 - 0.605) 2 - 0.004644 x 8.33 x 0.605 
= 13.83 m 3 
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Table 4.10 

Kinetic models used to fit the data for the manufacture of ethyl acetate. 
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Table 4.11 

Results of model fitting for the manufacture of ethyl acetate. 


« 1 

«2 

k A 

k' A 

R 2 

1 

1 

0.01950 

0.01172 

1.01108 

2 

1 

0.002688 

0.004644 

0.3605 

1 

2 

0.01751 

0.002080 

1.7368 

2 

2 

0.002547 

0.0008616 

0.5554 


t = 120.3 min 

The reactor volume is given by: 

.. tN a0 tN c 120.3 X 0.0788 3 

V =-=-=-= 1.88 nr 

C A0 X a Cao 0.605 X 8.33 

Alternatively, the residence time in the plug-flow reactor could 
be calculated from the batch equations given in Table 4.10. 
This results from the residence time being equal for both. Thus 
the final concentration in a plug-flow reactor is given by 
(Table 4.10): 


For a plug-flow reactor: 

_ V Cao _ ' Xa CaocIXa 

T '^'Jo -k A C 2 A0 { 1 -X A f+k' A C A0 X A 

From tables of standard integrals (Helminen et al., 1998), this 
can be integrated to give: 

1. (2fc A CAo(l — X A ) + k' A - a)(2k A C A o + k' A + a) 

t — — — in 

a {2k A C A0 {\ - X A ) + k’ A + a)(2k A C A0 +k' A -a) 

where a = y/k' A k' A + 4k A k' A C A o- Substituting the values 
of k A , k' A , C A o and X A gives: 


c _ (k' A - a)(2k A C A0 + k' A + a) - (k' A + a)(2k A C A0 + k' A - q)exp(-aT) 
2k A (2k A C A o + k' A - n)exp(-ar) - 2k A (2k A C A0 + k’ A +a ) 

where a = ^jk' A k' A + 4k A k' A C A Q. The final concentration of 
C A from the conversion is 8.33 X 0.395 = 3.29 kmolm 1 
(assuming no volume change). Thus, the above equation can be 
solved by trial and error to give the residence time of 120.3 min. 

As expected, the result shows that the volume required by a 
mixed-flow reactor is much larger than that for a plug-flow 
reactor. 


A number of points should be noted regarding Examples 4.4 

and 4.5: 

1) The kinetic models were fitted to experimental data at 
specific conditions of molar feed ratio and temperature. The 
models are only valid for these conditions. Use for non- 
equimolar feeds or at different temperatures will not be valid. 

2) Given that kinetic models are only valid for the range of 
conditions over which they are fitted, it is better that the 
experimental investigation into the reaction kinetics and the 
reactor design are carried out in parallel. If this approach is 
followed, then it can be assured that the range of exper¬ 
imental conditions used in the laboratory cover the range of 
conditions used in the reactor design. If the experimental 
program is carried out and completed prior to the reactor 
design, then there is no guarantee that the kinetic model will 
be appropriate for the conditions chosen in the final design. 

3) Different models often give very similar predictions over a 
limited range of conditions. However, the differences between 
different models are likely to become large if used outside the 
range over which they were fitted to experimental data. 

4.6 Choice of Idealized 
Reactor Model 

Consider now which of the idealized models is preferred for the six 

categories of reaction systems introduced in Section 4.2. 

1) Single reactions. Consider the single reaction from 
Equation 4.1: 

FEED -* PRODUCT r = kC a FEED (4.63) 


where r = rate of reaction 

k = reaction rate constant 

C feed = molar concentration of FEED 

a = order of reaction 

Clearly, the highest rate of reaction is maintained by the 
highest concentration of feed ( C F eed , kmolm - ). As already 
discussed, in the mixed-flow reactor the incoming feed is 
instantly diluted by the product that has already been formed. 
The rate of reaction is thus lower in the mixed-flow reactor 
than in the ideal-batch and plug-flow reactors, since it 
operates at the low reaction rate corresponding with the 
outlet concentration of feed. Thus, a mixed-flow reactor 
requires a greater volume than an ideal-batch or plug-flow 
reactor. Consequently, for single reactions, an ideal-batch or 
plug-flow reactor is preferred. 

2) Multiple reactions in parallel producing byproducts. Con¬ 
sider the system of parallel reactions from Equation 4.4 with 
the corresponding rate equations (Rase, 1977; Denbigh and 
Turner, 1984; Levenspiel, 1999): 

FEED — PRODUCT n=k l cf EEED 
FEED -» BYPRODUCT r 2 = k 2 C%_ ED 

where r x , r 2 = rates of reaction for primary and secondary 
reactions 

k\, k 2 = reaction rate constants for primary and 
secondary reactions 

C F eed = molar concentration of FEED in the reactor 
a\, a 2 = order of reaction for primary and 
secondary reactions 
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The ratio of the rates of the secondary and primary reactions 
gives (Rase, 1977; Denbigh and Turner, 1984; Levenspiel, 
1999): 

y = (4.65) 

Maximum selectivity requires a minimum ratio r 2 /r x in 
Equation 4.65. A batch or plug-flow reactor maintains 
higher average concentrations of feed ( C FEED ) than a 
mixed-flow reactor, in which the incoming feed is instantly 
diluted by the PRODUCT and BYPRODUCT. If a, >a 2 in 
Equations 4.64 and 4.65 the primary reaction to PRODUCT 
is favored by a high concentration of FEED. If a x <a 2 the 
primary reaction to PRODUCT is favored by a low 
concentration of FEED. Thus, if: 

• a 2 < ci\. use a batch or plug-flow reactor, 

• a 2 >ai, use a mixed-flow reactor. 

In general terms, if the reaction to the desired product has a 
higher order than the byproduct reaction, use a batch or plug- 
flow reactor. If the reaction to the desired product has a lower 
order than the byproduct reaction, use a mixed-flow reactor. 

If the reaction involves more than one feed, the picture 
becomes more complex. Consider the reaction system from 
Equation 4.6 with the corresponding rate equations: 

FEED 1 + FEED 2-- PRODUCT n = k, C a E ' EEnl C% Enl 

FEED 1 + FEED 2-> BYPRODUCT r 2 = k 2 C% EDl C% En2 

(4.66) 

where C EEE r> i, = molar concentrations of FEED 1 and 
C feed! FEED 2 in the reactor 

di, b x = order of reaction for the primary reaction 
a 2 , b 2 = order of reaction for the secondary 
reaction 

Now the ratio that needs to be minimized is given by (Rase, 
1977; Denbigh and Turner, 1984; Levenspiel, 1999): 

\ ^ <1 1 ~b /a f\l\ 

— r ° FEED\ ° FEED! ) 

' 1 K \ 

Given this reaction system, the options are: 

• Keep both C FEEDl and C EEED2 low (i.e. use a mixed-flow 
reactor). 

• Keep both C FEEDl and C FEED2 high (i.e. use a batch or 
plug-flow reactor). 

• Keep one of the concentrations high while maintaining 
the other low (this is achieved by charging one of the 
feeds as the reaction progresses). 

Figure 4.6 summarizes these arguments to choose a reactor for 
systems of multiple reactions in parallel (Smith and Petela, 
1992). 


3) Multiple reactions in series producing byproducts. Consider 
the system of series reactions from Equation 4.7: 

FEED -> PRODUCT r, = k x C% :ED 

PRODUCT -> BYPRODUCT r 2 = k 2 C a p 2 RODUCT 

(4.68) 

where r h r 2 = rates of reaction for primary and 
secondary reactions 
k\, k 2 = reaction rate constants 
C FEE d = molar concentration of FEED 
Cproduct = molar concentration of PRODUCT 
«!, a 2 = order of reaction for primary and 
secondary reactions 

For a certain reactor conversion, the FEED should have a 
corresponding residence time in the reactor. In the mixed- 
flow reactor, FEED can leave the instant it enters or remains 
for an extended period. Similarly, PRODUCT can remain for 
an extended period or leave immediately. Substantial frac¬ 
tions of both FEED and PRODUCT leave before and after 
what should be the specific residence time for a given 
conversion. Thus, the mixed-flow model would be expected 
to give a poorer selectivity or yield than a batch or plug-flow 
reactor for a given conversion. 

A batch or plug-flow reactor should be used for multiple 
reactions in series. 

4) Mixed parallel and series reactions producing byproducts. 
Consider the mixed parallel and series reaction system from 
Equation 4.10 with the corresponding kinetic equations: 

FEED -* PRODUCT r, = k x C“' EEI) 

FEED -> BYPRODUCT r 2 = k 2 C EEED 

PRODUCT -> BYPRODUCT r 3 = k 3 C EK0DUCT 

(4.69) 

As far as the parallel byproduct reaction is concerned, for high 
selectivity, if: 

• a x > a 2 , use a batch or plug-flow reactor, 

• a i < a 2 , use a mixed-flow reactor. 

The series byproduct reaction requires a plug-flow reactor. 
Thus, for the mixed parallel and series system above, if: 

• a i > a 2 , use a batch or plug-flow reactor. 

However, what is the correct choice if a x < a 2 1 Now the parallel 
byproduct reaction calls for a mixed-flow reactor. On the other 
hand, the byproduct series reaction calls for a plug-flow reactor. 
It would seem that, given this situation, some level of mixing 
between a plug-flow and a mixed-flow reactor will give the best 
overall selectivity (Smith and Petela, 1992). This could be 
obtained by: 

• a series of mixed-flow reactors (Figure 4.7a), 

• a plug-flow reactor with a recycle (Figure 4.7b), 

• a series combination of plug-flow and mixed-flow reactors 
(Figures 4.7c and 4.7d). 
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Figure 4.6 

Reactor choice for parallel reaction systems. (Reproduced from Smith R and Petela EA (1992) Waste Minimization in the Process Industries Part 2 Reactors, 
Chem Eng, Dec (509-510): 17, by permission of the Institution of Chemical Engineers.) 


The arrangement that gives the highest overall selectivity can 
only be deduced by a detailed analysis and optimization of the 
reaction system. 

5) Polymerization reactions. Polymers are characterized mainly 
by the distribution of molar mass about the mean as well as 
by the mean itself. Orientation of groups along chains and 
cross-linking of the polymer chains also affect the properties. 
The breadth of distribution of molar mass depends on 
whether a batch or plug-flow reactor or a mixed-flow reactor 
is used. The breadth has an important influence on the 
mechanical and other properties of the polymer, and this is 
an important factor in the choice of reactor. 

Two broad classes of polymerization reactions can be 
identified (Denbigh and Turner, 1984): 
a) In a batch or plug-flow reactor, all molecules have the 
same residence time, and without the effect of 


termination (see Section 4.2) all will grow to 
approximately equal lengths, producing a narrow 
distribution of molar masses. By contrast, a mixed-flow 
reactor will cause a wide distribution because of the 
distribution of residence times in the reactor, 
b) When polymerization takes place by mechanisms 
involving free radicals, the life of these actively growing 
centers may be extremely short because of termination 
processes such as the union of two free radicals (see 
Section 4.2). These termination processes are influenced 
by free-radical concentration, which in turn is 
proportional to monomer concentration. In batch or 
plug-flow reactors, the monomer and free-radical 
concentrations decline. This produces increasing chain 
lengths with increasing residence time and thus a broad 
distribution of molar masses. The mixed-flow reactor 
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Figure 4.7 

Choice of reactor type for mixed parallel and series reactions when the 
parallel reaction has a higher order than the primary reaction. 


maintains a uniform concentration of monomer and thus a 
constant chain-termination rate. This results in a narrow 
distribution of molar masses. Because the active life of 
the polymer is short, the variation in residence time does 
not have a significant effect. 

6) Biochemical reactions. As discussed previously, there are 
two broad classes of biochemical reactions: reactions that 
exploit the metabolic pathways in selected microorganisms 
and those catalyzed by enzymes. Consider a microbial bio¬ 
chemical reactive of the type: 

A --- >R + C 

where A is the feed, R is the product and C represents the cells 
(microorganisms). The kinetics of such reactions can be 
described by the Monod Equation (Levenspiel, 1999; Shuler 
and Kargi, 2002): 


-fA 


, C c C A 
Ca + Cm 


(4.70) 


where r A = rate of reaction 
k = rate constant 

Cc = concentration of cells (microorganisms) 

C A = concentration of feed 

C M = a constant (Michaeli’s constant that is a function 
of the reaction and conditions) 


The rate constant can depend on many factors, such as 
temperature, the presence of trace elements, vitamins, toxic 
substances, light intensity, and so on. The rate of reaction 
depends not only on the availability of feed (food for the 
microorganisms) but also on the build-up of wastes from the 
microorganisms that interfere with microorganism multipli¬ 
cation. There comes a point at which their waste inhibits 
growth. An excess of feed material or microorganisms can 
slow the rate of reaction. Without poisoning of the kinetics 
due to the build-up of waste material. Equation 4.70 gives 
the same characteristic curve as autocatalytic reactions, as 
shown in Figure 4.4b. Thus, depending on the concentration 
range, mixed-flow, plug-flow, a combination of mixed-flow 
and plug-flow or mixed-flow with separation and recycle 
might be appropriate. 

For enzyme-catalyzed biochemical reactions of the form: 

enzymes 

A --- >R 


The kinetics can be described by the Monod Equation in the 
form (Levenspiel, 1999; Shuler and Kargi, 2002): 


~ r A = 


C E C A 
Cm + C A 


(4.71) 


where C E = enzyme concentration 

The presence of some substances can cause the reaction 
to slow down. Such substances are known as inhibitors. This 
is caused either by the inhibitor competing with the feed 
material for active sites on the enzyme or by the inhibitor 
attacking an adjacent site and, in so doing, inhibiting the 
access of the feed material to the active site. 

A high reaction rate in Equation 4.71 is favored by a high 
concentration of enzymes ( C E ) and a high concentration of 
feed (Ca). This means that a plug-flow or ideal-batch reactor 
is favored if both the feed material and enzymes are to be fed 
to the reactor. 


4.7 Choice of Reactor 
Performance 


It is now possible to define the goals for the choice of the reactor 
at this stage in the design. Unconverted material usually can be 
separated and recycled later. Because of this, the reactor con¬ 
version cannot be fixed finally until the design has progressed 
much further than just choosing the reactor. As shall be seen 
later, the choice of reactor conversion has a major influence on 
the rest of the process. Nevertheless, some decisions must be 
made regarding the reactor for the design to proceed. Thus, some 
initialization for the reactor conversion must be made in the 
knowledge that this is likely to change once more detail is added 
to the total system design. 

Unwanted byproducts usually cannot be converted back to 
useful products or raw materials. The reaction to unwanted 
byproducts creates both raw materials costs due to the raw 
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materials that are wasted in their formation and environmental 
costs for their disposal. Thus, maximum selectivity is required for 
the chosen reactor conversion. The objectives at this stage can be 
summarized as follows. 

1) Single reactions. In a single reaction, such as Equation 4.2, 
that produces a byproduct, there can be no influence on the 
relative amounts of product and byproduct formed. Thus, 
with single reactions such as Equations 4.1 to 4.3, the goal is 
to minimize the reactor capital cost, which often (but not 
always) means minimizing reactor volume, for a given 
reactor conversion. Increasing the reactor conversion 
increases size and hence cost of the reactor but, as will be 
discussed later, decreases the cost of many other parts of the 
flowsheet. Because of this, the initial setting for reactor 
conversion for single irreversible reactions is around 95% 
and that for a single reversible reaction is around 95% of the 
equilibrium conversion (Smith and Petela, 1992). Equili¬ 
brium conversion will be considered in more detail in the 
next chapter. 

For batch reactors, account must be taken of the time 
required to achieve a given conversion. Batch cycle time is 
addressed later. 

2) Multiple reactions in parallel producing byproducts. Raw 
materials costs usually will dominate the economics of the 
process. Because of this, when dealing with multiple 
reactions, whether parallel, series or mixed, the goal is 
usually to minimize byproduct formation (maximize selectiv¬ 
ity) for a given reactor conversion. Chosen reactor conditions 
should exploit differences between the kinetics and equili¬ 
brium effects in the primary and secondary reactions to favor 
the formation of the desired product rather than the 
byproduct, that is, improve the selectivity. Suggesting a 
reasonable initial setting for conversion is more difficult than 
with single reactions, since the factors that affect conversion 
also can have a significant effect on selectivity. 

Consider the system of parallel reactions from Equations 
4.64 and 4.65. A high conversion in the reactor tends to 
decrease C FE ed ■ Thus: 

• a 2 > a ! selectivity increases as conversion increases. 

• a 2 <a ! selectivity decreases as conversion increases. 

If selectivity increases as conversion increases, the initial 
setting for reactor conversion should be in the order of 
95% and that for reversible reactions should be in the 
order of 95% of the equilibrium conversion. If selectivity 
decreases with increasing conversion, then it is much 
more difficult to give guidance. An initial setting of 50% 
for the conversion for irreversible reactions or 50% of the 
equilibrium conversion for reversible reactions is as rea¬ 
sonable as can be suggested at this stage. However, these 
are only initial estimates and will almost certainly be 
changed later. 

3) Multiple reactions in series producing byproduct. Consider 
the system of series reactions from Equation 4.68. Selectivity 
for series reactions of the types given in Equations 4.7 to 4.9 
is increased by low concentrations of reactants involved in 


the secondary reactions. This means reactor operation with a 
low concentration of PRODUCT, in other words, with low 
conversion. For series reactions, a significant reduction in 
selectivity is likely as the conversion increases. 

Again, it is difficult to select the initial setting of the 
reactor conversion with systems of reactions in series. A 
conversion of 50% for irreversible reactions or 50% of the 
equilibrium conversion for reversible reactions is as reason¬ 
able as can be suggested at this stage. 

Multiple reactions also can occur with impurities that 
enter with the feed and undergo reaction. Again, such 
reactions should be minimized, but the most effective means 
of dealing with byproduct reactions caused by feed 
impurities is not to alter reactor conditions but to carry out 
feed purification. 

4.8 Reactor Performance - 
Summary 

Some initialization for the reactor conversion must be made in 
order that the design can proceed. This is likely to change later in 
the design because, as will be seen later, there is a strong interaction 
between the reactor conversion and the rest of the flowsheet. 

1) Single reactions. For single reactions, a reasonable initial 
setting is 95% conversion for irreversible reactions and 95% 
of the equilibrium conversion for reversible reactions. 

2) Multiple reactions. For multiple reactions, where the 
byproduct is formed in parallel, the selectivity may 
increase or decrease as conversion increases. If the 
byproduct reaction is a higher order than the primary 
reaction, selectivity increases for increasing reactor con¬ 
version. In this case, the same initial setting as single 
reactions should be used. If the byproduct reaction of the 
parallel system is a lower order than the primary reaction, 
a lower conversion than that for single reactions is 
expected to be appropriate. The best initial suggestion at 
this stage is to set the conversion to 50% for irreversible 
reactions or to 50% of the equilibrium conversion for 
reversible reactions. 

For multiple reactions, where the byproduct is formed in 
series, the selectivity decreases as conversion increases. In 
this case, lower conversion than that for single reactions is 
expected to be appropriate. Again, the best suggestion at this 
stage is to set the conversion to 50% for irreversible reactions 
or to 50% of the equilibrium conversion for reversible 
reactions. 

It should be emphasized that these recommendations for the 
initial settings of the reactor conversion will almost certainly 
change at a later stage, since reactor conversion is an extremely 
important optimization variable. 

When dealing with multiple reactions, selectivity or reactor 
yield is maximized for the chosen conversion. The choice of 
mixing pattern in the reactor and feed addition policy should be 
chosen to this end. 
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4.9 Exercises 

1. Acetic anhydride is to be produced from acetone and acetic 
acid. In the first stage of the process, acetone is decomposed at 
700 °C and 1.013 bar to ketene via the reaction: 

CH 3 COCH 3 —> CH 2 CO + CH 4 

acetone ketene methane 

Unfortunately, some of the ketene formed decomposes further 
to form unwanted ethylene and carbon monoxide via the 
reaction: 

ch 2 co —* y 2 C 2 H 4 + CO 

ketene ethylene carbon monoxide 

Laboratory studies of these reactions indicate that the ketene 
selectivity S (kmol ketene formed per kmol acetone converted) 
varies with conversion X (kmol acetone reacted per kmol 
acetone fed) follows the relationship (Jeffreys, 1964): 

5=1- 1.3X 

The second stage of the process requires the ketene to be 
reacted with glacial acetic acid at 80°C and 1.013 bar to 
produce acetic anhydride via the reaction: 

CH 2 CO + CH 3 COOH —► CH 3 COOCOCH 3 

ketene acetic acid acetic anhydride 

The values of the chemicals involved, together with their molar 
masses are given in Table 4.12. 

Assuming that the plant will produce 15,000 t-y -1 acetic 
anhydride: 

a) Calculate the economic potential assuming the side 
reaction can be suppressed and hence obtain 100 % yield, 
b ) Determine the range of acetone conversions ( X) over which 
the plant will be profitable if the side reaction cannot be 
suppressed. 


Table 4.12 

Data for acetic anhydride production. 



Molar mass 

Value 

Chemical 

(kg kmol -1 ) 

($ kg -1 ) 

Acetone 

58 

0.60 

Ketene 

42 

0 

Methane 

16 

0 

Ethylene 

28 

0 

Carbon monoxide 

28 

0 

Acetic acid 

60 

0.54 

Acetic anhydride 

102 

0.90 


Table 4.13 

Experimental data for a simple reaction. 


Time (min) 

Concentration (kg m 3 ) 

0 

16.0 

10 

13.2 

20 

11.1 

35 

8.8 

50 

7.1 


c) Published data indicates that the capital cost for the project 
will be at least $35 m. If annual fixed charges are assumed 
to be 15% of the capital cost, revise the range of 
conversions over which the plant will be profitable. 

2. Experimental data for a simple reaction showing the rate of 
change of reactant with time are given to Table 4.13. 

Show that the data gives a kinetic equation of order 1.5 and 
determine the rate constant. 

3. Component A reacts to Component B in an irreversible reaction 
in the liquid phase. The kinetics are first order with respect to A 
with reaction rate constant k A = 0.003 min - . Find the resi¬ 
dence times for 95% conversion of A for: 

a) a mixed-flow reactor, 

b) three mixed-flow reactors in series of equal volume, 

c) a plug-flow reactor. 

4. Styrene (A) and butadiene (B) are to be polymerized in a series 
of mixed-flow reactors, each of volume 50 m 3 . The rate of 
reaction of both A and B are given by: 

r = k C a Cb 

where k= 10 -5 m 3 -kmol _ 1 -s -1 

The initial concentration of styrene is 0.8 kmol m -3 and of 
butadiene is 3.6kmolm 3 . The feed rate of reactants is 
20th -1 . Estimate the total number of reactors required for 
polymerization of 70% of the styrene. Assume the density of 
reaction mixture to be 870 kg m -3 and the molar mass of 
styrene is 104kg-kmol - and that of butadiene is 
54kg-kmol -1 . 

5. It is proposed to react 10 t h -1 of a pure liquid A to a desired 
product B. Byproducts C and D are formed through series and 
parallel reactions: 

A--- >B --- >C 

n ^3 


k\ = ki = kj, = 0.1 min 

Assume rates of reaction to be first order, the average 
density to be 800 kg m -3 and an inlet concentration of A of 
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15kmolm 3 . Calculate the required residence time, volume 
and the yield for a reactor that will give the maximum yield of B: 

a) a single mixed-flow reactor, 

b) three equal-sized mixed-flow reactors in series. 

6 . What reactor configuration should be used to maximize the 
selectivity in the following parallel reactions: 

A + B - *R r R = 15 C^J' 5 Cfl 

A+B ->5 r s = 15 CaCb 

where R is the desired product and S is the undesired product. 

7. A desired liquid-phase reaction: 

A+B --- *R r R = k l C° A 3 C B 

is accompanied by a parallel reaction: 

A + B ---> 5 r s = k 2 C 1 A 5 C° B 5 

a) A number of reactor configurations are possible. Ideal- 
batch, semi-batch, plug-flow and semi-plug-flow could all 
be used. In the case of the semi-batch and semi-plug-flow 
reactors, the order of addition of A and B can be changed. 
Order the reactor configurations from the least desirable to 
the most desirable to maximize production of the desired 
product. 

b) The feed stream to a mixed-flow reactor is an equimolar 
mixture of pure A and B (each has a density of 
20kmolm -3 ). Assuming k\ =k 2 = 1.0kmolm _ 3 min _1 , 
calculate the composition of the exit stream from the 
mixed-flow reactor for a conversion of 90%. 


8 . For a free-radical polymerization and a condensation polym¬ 
erization process, explain why the molar mass distribution of 
the polymer product will be different depending on whether a 
mixed-flow or a plug-flow reactor is used. What will be the 
difference in the distribution of molar mass? 
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Watson and Ragatz, 1959; Coull and Stuart, 1964; Smith, 
1990): 

G = H — TS (5.3) 

where G = free energy (kj) 

H = enthalpy (kj) 

T = absolute temperature (K) 

S = entropy (kJK ') 


5.1 Reaction Equilibrium 

In the preceding chapter, the choice of reactor type was made on 
the basis of the most appropriate concentration profile as the 
reaction progressed, in order to minimize reactor volume for 
single reactions or maximize selectivity (or yield) for multiple 
reactions for a given conversion. However, there are still 
important effects regarding reaction conditions of temperature, 
pressure, phase and concentration to be considered. Before 
considering reaction conditions, some basic principles of chem¬ 
ical equilibrium need to be reviewed. 

Reactions can be considered to be either reversible or essen¬ 
tially irreversible. An example of a reaction that is essentially 
irreversible is: 

C 2 H 4 + Cl 2 C 2 H 4 C1 2 (5.1) 

ethylene chlorine dichloroethane 

An example of a reversible reaction is: 

3H 2 + N 2 , 2NH 3 (5.2) 

hydrogen nitrogen ammonia 

For reversible reactions: 

a) For a given mixture of reactants at a given temperature and 
pressure, there is a maximum conversion (the equilibrium 
conversion) that cannot be exceeded and is independent of 
the reactor design. 

b) The equilibrium conversion can be changed by appropriate 
changes to the concentrations of reactants, temperature and 
pressure. 

The key to understanding reaction equilibrium is the Gibbs 
free energy, or free energy, defined as (Dodge, 1944; Hougen, 
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Like enthalpy, the absolute value of G for a substance cannot be 
measured, and only changes in G are meaningful. For a process 
occurring at constant temperature, the change in free energy from 
Equation 5.3 is: 

AG = AH-T AS (5.4) 

A negative value of AG implies a spontaneous reaction of reactants 
to products. A positive value of AG implies the reverse reaction is 
spontaneous. This is illustrated in Figure 5.1. A system is in 
equilibrium when (Dodge, 1944; Hougen, Watson and Ragatz, 
1959; Coull and Stuart, 1964; Smith, 1990): 

AG = 0 (5.5) 


dG = —S dT + V dP (5.6) 

where V is the system volume. At constant temperature, dT= 0 and 
Equation 5.6 becomes: 

dG = V dP (5.7) 

For N moles of an ideal gas, PV=NRT, where R is the universal gas 
constant. Substituting this in Equation 5.7 gives: 

dP 

dG = NRT — (5.8) 


The free energy can also be expressed in differential form (Dodge, 
1944; Hougen, Watson and Ragatz, 1959; Coull and Stuart, 1964; 
Smith, 1990): 
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Free Energy 



Reactants 

Pure 

Products 


Figure 5.1 

Variation of free energy of a reaction mixture. 


Consider the general reaction: 

bB + cC + • • • , ■ sS + tT + • • • (5.12) 

The free energy change for the reaction is given by: 

A G = sG s + tG T + ■■■ - bG B -cG c - ■■■ (5.13) 

where A G = free energy change of reaction (kj) 

G, = partial molar free energy of Component i 
(kJkmol -1 ) 

Note that the partial molar free energy is used to designate 
the molar free energy of the individual component as it exists in 
the mixture. This is necessary because, except in ideal systems, 
the properties of a mixture are not additive properties of the pure 
components. As a result, G = ffjNiGj for a mixture. The free 
energy change for reactants and products at standard conditions 
is given by: 

A G° = sG° + tG° + • • • - bG° - cG° c - ■ ■ • (5.14) 


For a change in pressure from P | to Pi Equation 5.8 can be 
integrated to give: 

f P2 dP 

AG = G 2 - Gi = NRT / — (5.9) 

Jp i P 

Values for free energy are usually referred to the standard free 
energy G°. The standard state is arbitrary and designates the datum 
level. A gas is normally considered to be at a standard state if it is at 
a pressure of 1 bar for the designated temperature of an isothermal 
process. Thus, integrating Equation 5.9 from standard pressure P 0 
to pressure P gives: 

P 

G = G° + NRT In — (5.10) 

P O 


where A G° = free energy change of reaction when all of the 
reactants and products are at their respective 
standard conditions (kj) 

q° = partial molar free energy of Component i at 
standard conditions (kJ-kmoP 1 ) 

Combining Equations 5.13 and 5.14: 

AG - AG° = .s'(Gy - G°) + t(G r -(?£)+••• 

-b(G B -G°)-c(G c -G°) - 

(5.15) 

Writing Equation 5.11 for the partial molar free energy of Com¬ 
ponent i in a mixture: 

Gi - Gf = RT In a, (5.16) 


For a real system, rather than an ideal gas, Equation 5.10 is written 
as: 



G° + NRT \J- 
G° + NRT In a 


(5.11) 


where a t refers to the activity of Component i in the mixture. 
Substituting Equation 5.16 in Equation 5.15 gives: 

AG — A G° = sRT In as + tRT In a T + • ■ • 

— bRT In a B — cRT In a c — 


where / = fugacity (N-m 2 or bar) 

f° = fugacity at standard conditions (N-m 2 or bar) 
a = activity (—) 

= f/f° 

The concepts of fugacity and activity have no strict physical 
significance but are introduced to transform equations for ideal 
systems to real systems. However, it does help to relate them to 
something that does have physical significance. Fugacity can be 
regarded as an “effective pressure" and activity can be regarded 
as an “effective concentration” relative to a standard state 
(Smith. 1990). 


Since sin a s = lnuj, th\a T = In a‘ T , . . . , Equation 5.17 can be 
arranged to give: 

AG-AG° = j?rin(' fl f^"‘ N ) (5.18) 

\a B a c • ••J 

Note that in rearranging s In a s to In a s s , the units of RT In a s s remain 
kJ and a s s is dimensionless. At equilibrium, AG = 0 and 
Equation 5.18 becomes: 

A G° = -RTlnf ^ 0 ' 7 /" ) = -RT\nK a (5.19) 

\ a B a c c ■ ■ ■ J 
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where 


K a 


a S a T ‘ '' 

a b B a c c • • • 


2) Homogeneous liquid reactions. For homogeneous liquid 
reactions, the activity can be expressed as (see Appendix A 
(5.20) and Dodge, 1944; Hougen, Watson and Ragatz, 1959; Coull 

and Stuart, 1964; Smith, 1990): 


K a is known as the equilibrium constant. It represents the equili¬ 
brium activities for a system under standard conditions and is a 
constant at constant temperature. 

1) Homogeneous gaseous reactions. Substituting for the fugacity 
in Equation 5.20 gives: 


a t = YjXi (5.28) 

where a t = activity of Component i 

Yi = activity coefficient for Component i 
x, = mole fraction of Component i 


K 


a 


■ fsfr■■■ ) ( f°B h f°c--- \ 
/ b Bf C C---)\fs S /?'■■■) 


(5.21) 


The activity coefficient in Equation 5.28 (/,- = a,/x,) can be 
considered to be the ratio of the effective to actual concentra¬ 
tion. Substituting Equation 5.28 into Equation 5.20 gives: 


For homogeneous gaseous reactions, the standard state fugaci- 
ties can be considered to be unity, that is,/; = 1. If the fugacity 
is expressed as the product of partial pressure and fugacity 
coefficient (Dodge, 1944; Hougen, Watson and Ragatz, 1959; 
Coull and Stuart, 1964; Smith, 1990): 

fi = <PiPi (5.22) 


K n 


f fsfr • • • A AS4--- A 
\7b r c c ■ ■ ■ J V4 4 • • • / 


= K r K x 


(5.29) 


For ideal solutions, the activity coefficients are unity, giving: 


K 


a 


f xix' T • • • \ 

\4*C ' ‘ / 


(5.30) 


where f = fugacity of Component i 

4>i = fugacity coefficient of Component i 
Pi = partial pressure of Component i 


Substituting Equation 5.22 into Equation 5.21, assuming 
/''=!: 


K„ 


( t P s s < P , T--- \ ( P's p‘r ■■■ \ 
Wi ‘Pc'" ) \Pb Pc"') 


= K,p K P 


(5.23) 


Also, by definition (see Appendix A): 

Pi = yt p 


(5.24) 


where y,- = mole fraction of Component i 
P = system pressure 


Substituting Equation 5.24 into Equation 5.23 gives: 


K„ = 


<Pb <Pc " • 


<p s <pt---\( y s y T ••• \ P M = K ^ KyF 


' b B y c c ••• 


AN 


(5.25) 


where A N=s + t+ ••• —b — c — 
For an ideal gas /, = I, thus: 


Ka = K p = 


K a =K,P a 


f Ps p't ■ ■ ■ 
\PbPc-- 

:) 

(5.26) 

fysfr--' 

' \ pAN 

(5.27) 

U/c-‘ 

■r 


Note that whilst K a appears to be dimensional, it is actually 
dimensionless, since the (f B b fc c • • • " ') term i n 

Equation 5.21 goes to unity for/” = 1 bar, but retains the units 
of pressure. 


3) Heterogeneous reactions. For a heterogeneous reaction, the 
state of all components is not uniform, for example, a reaction 
between a gas and a liquid. This requires standard states to be 
defined for each component. The activity of a solid in the 
equilibrium constant can be taken to be unity. 

Consider now an example to illustrate the application of these 
thermodynamic principles. 


Example 5.1 A stoichiometric mixture of nitrogen and hydro¬ 
gen is to be reacted at 1 bar: 

3H 2 + N 2 , 2NH, 

hydrogen nitrogen ammonia 

Assuming ideal gas behavior (R = 8.3145 kJ-KT 1 kmoP 1 ), 
calculate: 

a) equilibrium constant 

b) equilibrium conversion of hydrogen 

c) composition of the reaction products at equilibrium 

at 300 K. Standard free energy of formation data for a standard 
pressure of 1 bar are given in Table 5.1 (Lide, 2010). 


Table 5.1 

Standard free energy of formation data for ammonia synthesis. 


Component 

Gjoo (kj.kmor 1 ) 

h 2 

0 

n 2 

0 

nh 3 

-16,223 
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Solution 

a) 


3H 2 + N 2 ; 


: 2NH 3 


-,0 


o 


AG" =2Gn H3 -3Gh 2 -< 
= -RT\nK n 


In AC = 


-(2G° - 3C° - G° 


n 2 / 


RT 


At 300 K: 


In K a 


-(-2 X 16223 - 0 - 0) 
8.3145 x 300 


= 13.008 

K a = 4.4597 x 10 5 


Also: 


/v a — o 

Ph 2 Pn 2 

Note again that whilst K a appears to be dimensional, it is 
actually dimensionless, since ff = 1 bar. Note also that K a 
depends on the specification of the number of moles in the 
stoichiometric equation. For example, if the stoichiometry is 
written as: 



It does not matter which specification is adopted as long as one 
specification is used consistently, 
b) The number of moles and mole fractions, initially and at 
equilibrium, are given in Table 5.2. 


_ y NH 3 n-: 

I’h.Vn 


For P= 1 bar: 

_ 16A 2 (2 -X) 2 
27(1-A) 4 


At 300 K: 


4.4597 x 10 s 


16A 2 (2 -X) 2 
27(1 -Xf 


This can be solved by trial and error or using spreadsheet 
software (see Section 3.8): 


X = 0.97 


c) To calculate the composition of the reaction products at 
equilibrium, A = 0.97 is substituted in the expressions from 
Table 5.2 at equilibrium: 

y H2 = 0.0437 
y N2 =0.0146 
>’nh, = 0.9418 

Some points should be noted from this example. Firstly, ideal gas 
behavior has been assumed. This is an approximation, but it is 
reasonable for the low pressure assumed in the calculation. Later, 
the calculation will be repeated at higher pressure when the ideal 
gas approximation will be poor. Also, it should be clear that the 
calculation is veiy sensitive to the thermodynamic data. Errors in 
the thermodynamic data can lead to a significantly different 
result. Thermodynamic data, even from reputable sources, 
should be used with caution. 


Table 5.2 

Moles and mole fractions for ammonia synthesis. 



h 2 

n 2 

nh 3 

Moles in 

initial mixture 

3 

1 

0 

Moles at 
equilibrium 

3-3X 

1 -X 

2X 

Mole fraction 
at equilibrium 

3(1-A) 

1 -X 

2X 

4-2X 

4-2X 

4-2X 


Equation 5.19 can be interpreted qualitatively to give guidance 
on the equilibrium conversion. If A G° is negative, the position of 
the equilibrium will correspond to the presence of more products 
than reactants (In K a > 0). If A G° is positive (In K a < 0), the 
reaction will not proceed to such an extent and reactants will 
predominate in the equilibrium mixture. Table 5.3 presents some 

Table 5.3 

Variation of equilibrium composition with A G° and the equilibrium constant at 
298 K. 


AG° (kj) 

Ka 

Composition of 
equilibrium mixture 

-50,000 

6x10 8 

Negligible reactants 

-10,000 

57 

Products dominate 

-5000 

7.5 


0 

1.0 


+5000 

0.13 


+10,000 

0.02 

Reactants dominate 

+50,000 

1.7 x 10~ 9 

Negligible products 


Source: Reproduced from Smith EB, 1990, Basic Chemical Thermo¬ 
dynamics, 3rd Edition, Oxford Chemistry Series, by permission of 
Oxford University Press. 
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guidelines as to the composition of the equilibrium mixture for 
various values of A G° and the equilibrium constant (Smith, 1990). 

When setting the conditions in chemical reactors, equilibrium 
conversion will be a major consideration for reversible reactions. 
The equilibrium constant K a is only a function of temperature, and 
Equation 5.19 provides the quantitative relationship. However, 
pressure change and change in concentration can be used to shift 
the equilibrium by changing the activities in the equilibrium 
constant, as will be seen later. 

A basic principle that allows the qualitative prediction of the 
effect of changing reactor conditions on any chemical system in 
equilibrium is Le Chatelier’s Principle: 

“If any change in the conditions of a system in equilibrium 
causes the equilibrium to be displaced, the displacement will 
be in such a direction as to oppose the effect of the change.” 

Le Chatelier’s Principle allows changes to be directed to increase 
equilibrium conversion. Now consider the setting of conditions in 
chemical reactors. 


5.2 Reactor Temperature 

The choice of reactor temperature depends on many factors. 
Consider first the effect of temperature on equilibrium conversion. 
A quantitative relationship can be developed as follows. Start by 
writing Equation 5.6 at constant pressure: 


clG = —S dT 


(5.31) 


Equation 5.31 can be written as: 



(5.32) 


Substituting Equation 5.31 into Equation 5.3 gives, after rearrang¬ 
ing: 


/ dG\ _G H 
\df)p~T~T 


(5.33) 


At standard conditions, G and 77 are not functions of pressure, by 
definition. Thus, Equation 5.33 can be written at standard condi¬ 
tions for finite changes in G° and H° as: 


d A G° _ A G° AH 0 
dT ~~T T^ 


(5.34) 


Also, because: 


d ( AG°\ 
dT V T ) 


1 dAG° 
T dT 
1 d AG° 
T dT 


+ A G° 


d(l/T) 

dT 


A G° 
T 2 


(5.35) 


Combining Equations 5.34 and 5.35 gives: 


d (AG°\ _ A77° 

dT V T J ~ T 2 


(5.36) 


Substituting A G° (kJ) from Equation 5.19 into Equation 5.36 
gives: 


d\nK a _ A77° 
dT ~ RT 2 

Equation 5.37 can be integrated to give: 


(5.37) 


1 f Tz AH° 

In K al - In K al =- —- dT (5.38) 

K jT\ 1 


If it is assumed that A H° is independent of temperature. 
Equation 5.38 gives: 


K a2 AH 0 / 1 
Kal R \T 2 



(5.39) 


In this expression, K al is the equilibrium constant at T\ and K a2 
is the equilibrium constant at T 2 . AH° is the standard heat of 
reaction (kJ) when all the reactants and products are at standard 
state, given by: 

AH 0 = (sH° + tH° + ■ ■ ■) - ( bH° + cH° + ■ ■ ■ ) (5.40) 

where H t is the molar standard enthalpy of formation of Compo¬ 
nent i (kJ kmol - ). 

Equation 5.39 implies that aplot of (In K a ) against (1/7) should 
be a straight line with a slope of (—AH°/R). For an exothermic 
reaction, AH° < 0 and K a decreases as temperature increases. For 
an endothermic reaction, A77° > 0 and K u increases with increas¬ 
ing temperature. 

Equation 5.39 can be used to estimate the equilibrium constant 
at the required temperature given enthalpy of formation data at 
some other temperature. Enthalpy of formation data is usually 
available at standard temperature, and therefore Equation 5.39 can 
be used to estimate the equilibrium constant at the required 
temperature given data at standard temperature. However, 
Equation 5.39 assumes A77° is constant. If data are available 
for A77° at standard temperature, together with heat capacity data, 
the equilibrium constant can be calculated more accurately using 
the thermodynamic path shown in Figure 5.2. Thus (Dodge, 1944; 
Hougen, Watson and Ragatz, 1959; Coull and Stuart, 1964; Smith, 
1990): 

A77« = A77« + / Cpp rocl dT — I C P . reacl dT (5.41) 

JT 0 JT 0 

where A Hj = standard enthalpy of formation at To 

Cp.prod = h eat capacity of reaction products as a 
function of temperature 

Tip, re act = heat capacity of reactants as a function of 
temperature 
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Figure 5.2 

Calculation of standard heat of fomation at any 
temperature from data at standard temperature. 



Heat capacity data are often available in some form of polyno¬ 
mial as a function of temperature, for example (Poling, Prausnitz 
and O’Connell, 2001): 


^ = do + «i T + a 2 T 2 + a 2 T 3 + a 4 T 4 
R 


(5.42) 


= heat capacity (kJ K 1 kmol ) 


= gas constant (kJ-K '-kmol ! ) 


where C P 
R 

T = absolute temperature (K) 

a 0 , ai, a 2 , a 3 , a 4 = constants determined by fitting 
experimental data 


From Equations 5.43 and 5.44: 


A H° = A H° o 


+ R [ (Aa 0 + Aa, T + A a 2 T 2 + Aa 3 T 3 + Aa 4 T 4 )dT 

Jt 0 


= A H° o +R 


IT 0 

Aa! T 1 Aa 2 T 3 Aa 3 T 4 Aa 4 T 3 
A “° T + 2 + l + 4 + ^ 


■5lT 


To 


„ ( A a, r 2 Aa 2 T 3 Aa 3 T 4 Aa 4 T 5 \ 

= \H° n +R[\a 0 T + —^ + — 2 r - + ^— + ^— J -/ 

(5.45) 


r ° ' "V ' 2 ' 3 


where 


Thus, Equation 5.41 can be written as: 

r T 


A H° = Atf £ o + 


/ 

Jt 0 


ACpdT 


(5.43) 


For the general reaction given in Equation 5.12: 
AC P 


R 


- = Aa 0 + Am T + Aa 2 T 2 + Aa 3 T 3 + Aa 4 T 4 (5.44) 


I = RyAaoTo + ^ 


Aa\To 2 Aa 2 To 3 Aa 2 T 0 4 Aa 4 T 0 ; 


- + - 


- + - 


(5.46) 


Substituting Equation 5.45 into Equation 5.38 gives: 


[In K a 


K aT„ 


R 


To 


AH' 


To 


R 


AaiT 2 A a 2 T 3 Aa/ A a 4 T 5 ' 
A(XqT H --- 1 --- 1 --- 1 --— 


~y- ut 


rT l^H° 

In K aT - In K aTo = J Tg ° 


RT 2 RT 1 


I Aao Aai Aa 2 T Aa 2 T~ Aa 4 T 3 . 

■ + —^- + —r 1 + — 2 — + —7-+- \dT 


ln- 


K„ 


K, 


aT 0 


AH'. 


-- H-1- Aao In T -I-1- 

RT RT 0 2 6 


12 


- + - 


20 


To 


(5.47) 


Substituting for K g t 0 : 


where 


In K nT = 


AH' 


To I , . AaiT 

+ — + Aao In T -\ --- 


Aa 2 T 2 A a 2 T 3 A a 4 T 


RT RT 


6 


- + 


12 


+ - 


20 


To 


AGl 

RTo 

(5.48) 


Aao = sao + tag + • • • — ba 0 — cao — • • ■ 
Aai = J«i +ta\+ • ■ • — ba\ — cai — • ■ ■ 


Given AGj , A H° and ao, ai, a 2 , a 3 , a 4 for each component. 
Equation 5.48 is used to calculate K aT . 

Alternatively, Equation 5.48 can be written for standard condi¬ 
tions at temperature T: 


AG° = AH° - TAS° 


and so on. 


(5.49) 






















































Chemical Reactors II - Reactor Conditions 87 


Substituting Equation 5.19 into Equation 5.47 gives: 


In AT 


A W 


A H° 
RT 


(5.50) 


The analogous expression to Equation 5.43 for A Hj for A S° is 
given by (Dodge, 1944; Hougen, Watson and Ragatz, 1959; Coull 
and Stuart, 1964; Smith, 1990): 

AS? = AS° o + I ^dT (5.51) 

JTo 1 


Substituting Equation 5.44: 


A S% = A+ f* g - (A a 0 + AonT + A a 2 T 2 + A a 3 T } + Aa 4 T*)dT 
= AS® o + R + A(X\ + Aa 2 T + Aa 3 T 2 + A a^T^clT 

[a«o In T + Aa\T + 


= A S" o + R 


A a 2 T 2 A a 3 T 3 AaJ^ 7 


^ J T 0 

(5.52) 


Thus, A Hj can be calculated from Equation 5.45 and AS® from 
Equation 5.52 and the results substituted in Equation 5.50. 


Example 5.2 Following Example 5.1: 

a) Calculate In K a at 300 K, 400 K. 500 K, 600 K and 700 K at 
1 bar and test the validity of Equation 5.39. Standard free 
energy of formation and enthalpy of formation data for NH 3 
are given in Table 5.4 (Poling, Prausnitz and O’Connell, 
2001). Free energy of formation data for H 2 and N 2 is zero. 

b) Calculate the values of In K a from Equations 5.39 and 5.48 
from standard data at 298.15 K and compare with values 
calculated from Table 5.4. Heat capacity coefficients are 
given in Table 5.5 (Poling. Prausnitz and O’Connell, 2001). 

c) Determine the effect of temperature on equilibrium conver¬ 
sion of hydrogen using the data in Table 5.4. 

Again assume ideal gas behavior and R = 8.3145 
kJK-'kmor 1 . 

Table 5.4 


Thermodynamic data for ammonia at various temperatures for a standard 
pressure of 1 bar (Lide, 2010). 


HK) 

g£ H 3 (kj kmor 1 ) 

H° (kJ kmol" 1 ) 

298.15 

-16,407 

-45.940 

300 

-16,223 

-45,981 

400 

-5980 

-48,087 

500 

4764 

-49,908 

600 

15,846 

-51,430 

700 

27,161 

-52,682 


Table 5.5 

Heat capacity data (Poling, Prausnitz and O’Connell, 200). 



Cp (kJ kmol - 1 K - *) 


«o 

«! X 10 3 

a 2 X 10 s 

a 3 X 10 s 

« 4 X 10° 

h 2 

2.883 

3.681 

-0.772 

0.692 

-0.213 

n 2 

3.539 

-0.261 

0.007 

0.157 

-0.099 

nh 3 

4.238 

-4.215 

2.041 

-2.126 

0.761 


Solution 

a) In K a = -(2G° NH3 - 3 G° 2 - G° 2 )/RT 


At 300 K 

400 K 
500 K 
600 K 
700 K 


In K a = 13.008 (from Example 5.1) 
In K a = 3.5961 
In K a = —2.2919 
In K a = —6.3528 
In K a = —9.3334 


Figure 5.3a shows a plot of In K a versus 1 IT. This is a straight 
line and appears to be in good agreement with Equation 5.39. 
From the slope of the graph it can be deduced that A H° has a 
value of —97,350 kJ. The standard heat of reaction for ammonia 
synthesis is given by: 


A H° 


2 H 


o 

nh 3 


-3 H 


o 

h 2 


- H 


o 

n 2 


= 2/C3-0-0 


This implies a standard enthalpy of formation of —48,675 
kj kmol From standard enthalpy of formation data, A H° 
varies from -45,981 kj-kmol -1 at 300 K to -52,682 kJ-kmol -1 
at 700 K. with an average value over the range of —49,332 
kJ-kmoP 1 . This again appears to be in good agreement with the 
average value from Figure 5.3a. However, this is on the basis of 
averages across the range of temperature. In the next calcula¬ 
tion, the accuracy of Equation 5.37 will be examined in more 
detail. 

b) As a datum, first calculate In K aT from the tabulated data for 
G° listed in Table 5.4: 


In K aJ ~ 


AGj 

RT 


where AG° = 2G^ H ,,- r - 3G„ 2 T - G^ l T 

Substituting values of G and T leads to the results in 
Table 5.6. Next calculate K aT for a range of temperatures from 
Equation 5.37: 
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In K„ t = -- 


A H° 


To 


*H?o 


To 

h 


+ In K, 


aT 0 


AG^ 

RTn 


AG° =2G° H3 -3G° Hl -< 
AG To = 2x (-16,407)-0-0 
= -32,814kJ 


A H° = 2H: 


■ 3H\: 


-h': 


J NH 3 ~'“H 2 

A H° o = 2x (-45,940) - 0 - 0 
= -91,880 kJ 

-91,880 /1 1 

3.3145 \T~ 298.15 


In K a j = — 


-32,814 
3.3145 x 298.15 


Substituting the values of Tleads to the results in Table 5.6. 
Next calculate K aT from Equation 5.46 using the coefficients in 
Table 5.5: 


Thus 


A a,- = 2aNH 3 — 3aH 2 — «n 2 


Aa 0 = -3.7120 
Aa, = -1.9212 x 10“ 2 
A a 2 = 6.3910 X 10“ 5 
Aa 3 = -6.4850 X 10“ 8 
Aa 4 = 2.2600 x 10 -11 


Substitute these values in Equation 5.46: 


I = -12,583 kJ.kmor 1 

Substituting the values of temperature into Equation 5.48 
leads to the results in Table 5.6. From Table 5.6, it can be 
seen that calculation of In K aT from heat capacity data on the 
basis of AHj o maintains a good agreement with In K aT 
calculated from tabulated values of G T , even for large ranges 



in temperature. On the other hand, calculation from 
Equation 5.39 assuming a constant value of A H° o can lead 
to significant errors when extrapolated over large ranges of 
temperature. 


c) 


At 

300 K 

K a = 4.4597 X 10 5 (from Example 5.1) 


400 K 

K a = 36.456 


500 K 

K a = 0.10107 


600 K 

K a = 1.7419 X 10~ 3 


700 K 

K a = 8.8421 X 10 -5 


Also from Example 5.1: 


K„ = 


16X 2 (2 -X) 2 


27(1 -X) 

Substitute K a and solve for X. This can again be conveniently 
carried out in spreadsheet software (see Section 3.9): 


At 

300 K 

A = 0.97 (from Example 5.1) 


400 K 

A = 0.66 


500 K 

A = 0.16 


600 K 

A = 0.026 


700 K 

A = 0.0061 


Figure 5.3b shows a plot of equilibrium conversion versus 
temperature. It can be seen that as the temperature increases, the 
equilibrium conversion decreases (for this reaction). This is 
consistent with the fact that this is an exothermic reaction. 
However, it should not necessarily be concluded that the 
reactor should be operated at low temperature, as the rate of 
reaction has yet to be considered. Also, catalysts and the 
deactivation of catalysts have yet to be considered. 

It should also be again noted that firstly ideal gas behavior 
has been assumed, which is reasonable at this pressure, and 
secondly that small data errors might lead to significant errors 
in the calculations. 



(a) Plot ofln/C,, versus 1/77 


T (K) 

(b) Variation of equilibrium conversion with temperature. 


Figure 5.3 

The effect of temperature on the ammonia synthesis reaction. 
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Table 5.6 

Comparison of the methods to calculate In K aT at various temperatures. 


T (K) 

In K„ r 

——T Cij from Table 5.4 

RT 

A H To ( 1 1 \ AG? 

R \T To) RT 0 

Equation 5.48 

300 

13.0078 

13.0084 

13.0083 

400 

3.5961 

3.7996 

3.5977 

500 

-2.2919 

-1.7257 

-2.2891 

600 

-6.3528 

-6.4092 

-6.3497 

700 

-9.3334 

-8.0403 

-9.3300 


Example 5.2 shows that for an exothermic reaction, the equi¬ 
librium conversion decreases with increasing temperature. This is 
consistent with Le Chatelier’s Principle. If the temperature of an 
exothermic reaction is decreased, the equilibrium will be displaced 
in a direction to oppose the effect of the change, that is, increase the 
conversion. 

Now consider the effect of temperature on the rate of reaction. A 
qualitative observation is that most reactions go faster as the 
temperature increases. An increase in temperature of 10°C from 
room temperature typically doubles the rate of reaction for organic 
species in solution. It is found in practice that if the logarithm of the 
reaction rate constant is plotted against the inverse of absolute 
temperature, it tends to follow a straight line. Thus, at the same 
concentration, but at different temperatures: 

In k = Intercept + Slope x — (5.53) 


If the intercept is denoted by In k Q and the slope by —E/R, where k Q 
is called the frequency factor , E is the activation energy of the 
reaction and R is the universal gas constant, then: 


In k = In kQ 


E 

RT 


(5.54) 


or 


k = ko exp 


E 

RT 


(5.55) 


At the same concentration, but at two different temperatures T, 
and T 2 . 


k\ R \T i T 2 J 


(5.56) 


This assumes E to be constant. 

Generally, the higher the rate of reaction, the smaller is the reactor 
volume. Practical upper limits are set by safety considerations, 
materials-of-construction limitations, maximum operating tempera¬ 
ture for the catalyst or catalyst life. Whether the reaction system 
involves single or multiple reactions, and whether the reactions are 
reversible, also affects the choice of reactor temperature. 


1) Single reactions 

a) Endothermic reactions. If an endothermic reaction is 
reversible, then Le Chatelier’s Principle dictates that 
operation at a high temperature increases the maximum 
conversion. Also, operation at high temperature increases 
the rate of reaction, allowing reduction of reactor volume. 
Thus, for endothermic reactions, the temperature should 
be set as high as possible, consistent with safety, materi- 
als-of-construction limitations and catalyst life. 

Figure 5.4a shows the behavior of an endothermic 
reaction as a plot of equilibrium conversion against 
temperature. The plot can be obtained from values of 
AG° over a range of temperatures and the equilibrium 
conversion calculated as illustrated in Examples 5.1 and 
5.2. If it is assumed that the reactor is operated adiabati- 
cally, a heat balance can be carried out to show the 
change in temperature with reaction conversion. If the 
mean molar heat capacity of the reactants and products 
are assumed constant, then for a given starting tempera¬ 
ture for the reaction T in , the temperature of the reaction 
mixture will be proportional to the reactor conversion X 
for adiabatic operation (Figure 5.4a). As the conversion 
increases, the temperature decreases because of the 
reaction endotherm. If the reaction could proceed as 
far as equilibrium, then it would reach the equilibrium 
temperature T E . Figure 5.4b shows how equilibrium 
conversion can be increased by dividing the reaction 
into stages and reheating the reactants between stages. 
Of course, the equilibrium conversion could also have 
been increased by operating the reactor nonadiabatically 
and adding heat as the reaction proceeds so as to maxi¬ 
mize conversion within the constraints of feasible heat 
transfer, materials of construction, catalyst life, safety, 
and so on. 

b) Exothermic reactions. For single exothermic irreversible 
reactions, the temperature should be set as high as possible, 
consistent with materials of construction, catalyst life and 
safety, in order to minimize reactor volume. 

For reversible exothermic reactions, the situation is 
more complex. Figure 5.5a shows the behavior of an 
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X, X, 




(a) Adiabatic equilibrium 


(b) Multi-stage adiabatic reaction with intermediate 
healing. 


Figure 5.4 

Equilibrium behavior with change in temperature for endothermic reactions. 


exothermic reaction as a plot of equilibrium conversion 
against temperature. Again, the plot can be obtained 
from values of A G° over a range of temperatures and 
the equilibrium conversion calculated as discussed pre¬ 
viously. If it is assumed that the reactor is operated 
adiabatically, and the mean molar heat capacity of the 
reactants and products is constant, then for a given 
starting temperature for the reaction T in , the temperature 
of the reaction mixture will be proportional to the 
reactor conversion X for adiabatic operation 
(Figure 5.5a). As the conversion increases, the temper¬ 
ature rises because of the reaction exotherm. If the 
reaction could proceed as far as equilibrium, then it 
would reach the equilibrium temperature T E (Figure 
5.5a). Figure 5.5b shows how equilibrium conversion 
can be increased by dividing the reaction into stages and 
cooling the reactants between stages. Rather than 


adiabatic operation, the equilibrium conversion could 
also have been increased by operating the reactor non- 
adiabatically and removing heat as the reaction proceeds 
so as to maximize conversion within the constraints of 
feasible heat transfer, materials of construction, catalyst 
life, safety, and so on. 

Thus, if an exothermic reaction is reversible, then Le 
Chatelier’s Principle dictates that operation at a low 
temperature increases maximum conversion. However, 
operation at a low temperature decreases the rate of 
reaction, thereby increasing the reactor volume. Then 
ideally, when far from equilibrium, it is advantageous to 
use a high temperature to increase the rate of reaction. 
As equilibrium is approached, the temperature should be 
lowered to increase the maximum conversion. For 
reversible exothermic reactions, the ideal temperature 
is continuously decreasing as conversion increases. 



X t 



(b) Multi-stage adiabatic reaction with intermediate 
cooling. 


Figure 5.5 

Equilibrium behavior with change in temperature for exothermic reactions. 
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2) Multiple reactions. The arguments presented for minimiz¬ 
ing reactor volume for single reactions can be used for the 
primary reaction when dealing with multiple reactions. 
However, the goal at this stage of the design, when dealing 
with multiple reactions, is to maximize selectivity or 
reactor yield, rather than to minimize volume, for a given 
conversion. 

Consider the following equations for parallel reactions: 
FEED -+ PRODUCT r, = k x C E ' EED 

(4.64) 

FEED ->• BYPRODUCT r 2 = k 2 Cf EED 

y = | C%Z (4.65) 

and for series reactions: 

FEED PRODUCT n = k\C a E ' EED 

(4.68) 

PRODUCT -+ BYPRODUCT r 2 = k 2 Cf RODUCT 

The rates of reaction for the primary and secondary reactions 
both change with temperature, since the reaction rate constants 
k\ and k 2 both increase with increasing temperature. The rate of 
change with temperature might be significantly different for the 
primary and secondary reactions. 

• If /f| increases faster than k 2 , operate at high temperature (but 
beware of safety, catalyst life and materials-of-construction 
constraints). 

• If k 2 increases faster than k\ , operate at low temperature (but 
beware of capital cost, since low temperature, although 
increasing selectivity, also increases reactor size). Here 
there is an economic trade-off between decreasing byprod¬ 
uct formation and increasing capital cost. 

Example 5.3 Example 4.4 developed a kinetic model for the 
manufacture of benzyl acetate from benzyl chloride and sodium 
acetate in a solution of xylene in the presence of triethylamine as 
catalyst, according to: 

C 6 H 5 CH 2 C1 + CHjCOONa -»• CH 3 COOC 6 H 5 CH 2 + NaCl 
or 

A + B -> C + D 

Example 4.4 developed a kinetic model for an equimolar feed at a 
temperature of 102 °C, such that: 

-r A —k A C A with k A = 0.01306 h -1 

Further experimental data are available at 117°C. The measured 
mole percent benzyl chloride versus time in hours at 117°C are 
given in Table 5.7. 


Table 5.7 

Experimental data for the production of benzyl acetate at 117 °C. 


Reaction time (h) 

Benzyl chloride (mole %) 

0.00 

100.0 

3.00 

94.5 

6.27 

88.1 

7.23 

87.0 

9.02 

83.1 

10.02 

81.0 

12.23 

78.8 

13.23 

76.9 

16.60 

69.0 

18.00 

69.4 

23.20 

63.0 

27.20 

57.8 


Again, assume the volume of the reactor to be constant. Deter¬ 
mine the activation energy for the reaction. 

Solution The same three kinetic models as in Example 4.4 can be 
subjected to a least squares fit given by: 

11 2 
minimize R 2 = ^ [(A^Lfe “ ( N Aj) e x P \ 
i 

where R = residual 

(N A j) ca ic = calculated moles of A for Measurement j 
(N A j) exp = experimentally measured moles of A for 
Measurement j 

As in Example 4.4, one way this can be carried out is by setting 
up a function for R 2 in the spreadsheet, and then using the spread¬ 
sheet solver to minimize R 2 by manipulating the value of k A (see 
Section 3.9). The results are given in Table 5.8. 

Table 5.8 

Results of a least squares fit for the three kinetic models at 117 °C. 


Order of reaction 

Rate constant 

R 1 

Zero order 

k A V= 1.676 

37.64 

First order 

k A = 0.02034 

7.86 

Second order 

k A /V= 0.0002432 

24.94 


Again it is clear from Table 5.8 that the best fit is given by a first- 
order reaction model: 


— r A — k A C A with k A = 0.02034 h 1 
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Next, substitute the results at 102 °C (375 K) and 117 °C (390 K) in 
Equation 5.56: 




0.02034 _ E f 1 1 \ 

11 0.01306 “ 8.3145 V375 _ 390y 

£ = 35,900kJxkmol“ 1 


5.3 Reactor Pressure 


Now consider the effect of pressure. For reversible reactions, 
pressure can have a significant effect on the equilibrium conver¬ 
sion. Even though the equilibrium constant is only a function of 
temperature and not a function of pressure, equilibrium conversion 
can still be influenced through changing the activities (fugacities) 
of the reactants and products. 

Consider again the ammonia synthesis example from Exam¬ 
ples 5.1 and 5.2. 


Example 5.4 Following Example 5.2, the reactor temperature 
will be set to 700 K. Examine the effect of increasing the reactor 
pressure by calculating the equilibrium conversion of hydrogen at 
1 bar, 10 bar, 100 bar and 300 bar. Assume initially ideal gas behavior. 


Solution From Equation 5.26 and 5.27: 



Pnh 3 

Ph 2 Pn 2 

TnH 3 p-2 


Note again that K a is dimensionless and depends on the specifica¬ 
tion of the number of moles in the stoichiometric equation. From 
Example 5.2 at 700 K: 


Thus: 


K a = 8.8421 x 10“ 5 


8.8421 X 10 ~ 5 - ^ NHi P~ 2 


8.8421 x 10“ 5 


16X\2-X) 2 p _ 2 
27(1 -Xf 


This can be solved by trial and error, as before. 


At 1 bar 

X = 0.0061 (from Example 5.2) 

lObar 

X = 0.056 

100 bar 

A=0.33 

300 bar 

A = 0.54 


It is clear that a very significant improvement in the equilibrium 
conversion for this reaction can be achieved through an increase 
in pressure. 


It should again be noted that ideal gas behavior has been 
assumed. Carrying out the calculations for real gas behavior using 
an equation of state and including could change the results 
significantly, especially at the higher pressures, as will now be 
investigated. 


Example 5.5 Repeat the calculations from Example 5.4 taking 
into account vapor-phase nonideality. Fugacity coefficients can be 
calculated from the Peng-Robinson Equation of State (see Poling, 
Prausnitz and O'Connell (2001) and Appendix A). 

Solution The ideal gas equilibrium constants can be corrected for 
real gas behavior by multiplying the ideal gas equilibrium constant 
by K$, as defined by Equation 5.23, which for this problem is: 

r _ ^nh, 

— ,3 j 

< l > H 1 < t > N 2 

The fugacity coefficients </>, can be calculated from the Peng- 
Robinson Equation of State. The values of <p f are functions of 
temperature, pressure and composition, and the calculations 
are complex (see Pohling, Prausnitz and O’Connell (2001) and 
Appendix A). Interaction parameters between components are here 
assumed to be zero. The results showing the effect of nonideality 
are given in Table 5.9. 


Table 5.9 

Equilibrium conversion versus pressure for real gas behavior. 


Pressure (bar) 

Aideal 

A* 

-Yreal 

1 

0.0061 

0.9990 

0.0061 

10 

0.056 

0.9897 

0.056 

100 

0.33 

0.8772 

0.34 

300 

0.54 

0.6182 

0.58 


It can be seen in Table 5.9 that as pressure increases, nonideal 
behavior changes the equilibrium conversion. Note that, like K a , 
K,p also depends on the specification of the number of moles in the 
stoichiometric equation. For example, if the stoichiometry is 
written as: 


then 


H 2 +iN 2 : 


. NH, 


K : _ ^NH 3 

' _ 

k; = 


The selection of reactor pressure for vapor-phase reversible 
reactions depends on whether there is a decrease or an increase in 
the number of moles. The value of AN in Equation 5.25 dictates 
whether the equilibrium conversion will increase or decrease with 
increasing pressure. If AN is negative, the equilibrium conversion 
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will increase with increasing pressure. If AN is positive, it will 
decrease. The choice of pressure must also take account of whether 
the system involves multiple reactions or not. 

Increasing the pressure of vapor-phase reactions increases the 
rate of reaction and hence decreases reactor volume both by 
decreasing the residence time required for a given reactor conver¬ 
sion and increasing the vapor density. In general, pressure has little 
effect on the rate of liquid-phase reactions. 

1) Single reactions 

a) Decrease in the number of moles. A decrease in the 
number of moles for vapor-phase reactions decreases 
the reactor volume as reactants are converted to products. 
For a fixed reactor volume, this means a decrease in 
pressure as reactants are converted to products. The effect 
of an increase in pressure of the system is to cause a shift 
of the composition of the gaseous mixture toward one 
occupying a smaller volume. Increasing the reactor pres¬ 
sure increases the equilibrium conversion. Increasing the 
pressure increases the rate of reaction and also reduces 
reactor volume. Thus, if the reaction involves a decrease 
in the number of moles, the pressure should be set as high 
as practicable, bearing in mind that the high pressure 
might be costly to obtain through compressor power, 
mechanical construction might be expensive and high 
pressure brings safety problems. 

b) Increase in the number of moles. An increase in the 
number of moles for vapor-phase reactions increases 
the volume as reactants are converted to products. Le 
Chatelier’s Principle dictates that a decrease in reactor 
pressure increases equilibrium conversion. However, 
operation at a low pressure decreases the rate of reaction 
in vapor-phase reactions and increases the reactor vol¬ 
ume. Thus, initially, when far from equilibrium, it is 
advantageous to use high pressure to increase the rate of 
reaction. As equilibrium is approached, the pressure 
should be lowered to increase the conversion. The ideal 
pressure would continuously decrease as conversion 
increases to the desired value. The low pressure required 
can be obtained by operating the system at reduced 
absolute pressure or by introducing a diluent to decrease 
the partial pressure. The diluent is an inert material (e.g. 
steam) and is simply used to lower the partial pressure in 
the vapor phase. For example, ethyl benzene can be 
dehydrogenated to styrene according to the reaction 
(Waddams, 1978): 

C 6 H 5 CH 2 CH3 . C 6 H 5 CH = CH 2 + H 2 

ethylbenzene styrene 

This is an endothermic reaction accompanied by an increase 
in the number of moles. High conversion is favored by high 
temperature and low pressure. The reduction in pressure is 
achieved in practice by the use of superheated steam as a 
diluent and by operating the reactor below atmospheric 
pressure. The steam in this case fulfills a dual purpose by 
also providing heat for the reaction. 


2) Multiple reactions producing byproducts. The arguments pre¬ 
sented for the effect of pressure on single vapor-phase reactions 
can be used for the primary reaction when dealing with multiple 
reactions. Again, selectivity and reactor yield are likely to be 
more important than reactor volume for a given conversion. 

If there is a significant difference between the effect of 
pressure on the primary and secondary reactions, the pressure 
should be chosen to reduce as much as possible the rate of the 
secondary reactions relative to the primary reaction. Improving 
the selectivity or reactor yield in this way may require changing 
the system pressure or perhaps introducing a diluent. 

For liquid-phase reactions, the effect of pressure on the 
selectivity and reactor volume is less pronounced, and the 
pressure is likely to be chosen to: 

• prevent vaporization of the products; 

• allow vaporization of liquid in the reactor so that it can be 
condensed and refluxed back to the reactor as a means of 
removing the heat of reaction; 

• allow vaporization of one of the components in a reversible 
reaction in order that removal increases maximum conver¬ 
sion (to be discussed in Section 5.5); 

• allow vaporization to feed the vapor directly into a distilla¬ 
tion operation to combine reactions with separation (to be 
discussed in Chapter 14). 

5.4 Reactor Phase 

Having considered reactor temperature and pressure, the reactor 
phase can now be considered. The reactor phase can be gas, liquid 
or multiphase amongst gas, liquid and solid. Given a free choice 
between gas and liquid-phase reactions, operation in the liquid 
phase is usually preferred. Consider the single reaction system: 

FEED PRODUCT r = kC a FEED 

Clearly, in the liquid phase much higher concentrations of C FEED 
(kmol-m -3 ) can be maintained than in the gas phase. This makes 
liquid-phase reactions in general more rapid and hence leads to 
smaller reactor volumes for liquid-phase reactors. 

However, a note of caution should be added. In many 
multiphase reaction systems, as will be discussed in the next 
chapter, rates of mass transfer between different phases can be 
just as important as, or even more important than, reaction 
kinetics in determining the reactor volume. Mass transfer rates 
are generally higher in gas-phase than liquid-phase systems. In 
such situations, it is not so easy to judge whether the gas or 
liquid phase is preferred. 

Very often the choice is not available. For example, if the 
reactor temperature is above the critical temperature of the chemi¬ 
cal species, then the reactor must be in the gas phase. Even if the 
temperature can be lowered below critical, an extremely high 
pressure may be required to operate in the liquid phase. 

The choice of reactor temperature, pressure and hence phase 
must, in the first instance, take account of the desired equilibrium 
and selectivity effects. If there is still freedom to choose between 
the gas or liquid phase, operation in the liquid phase is preferred. 
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5.5 Reactor Concentration 

When more than one reactant is used, it is often desirable to use an 
excess of one of the reactants. It is also sometimes desirable to feed 
an inert material to the reactor or to separate the product partway 
through the reaction before carrying out a further reaction. Some¬ 
times it is desirable to recycle unwanted byproducts to the reactor. 
These cases will now be examined. 

1) Single irreversible reactions. An excess of one feed compo¬ 
nent can force another component towards complete conver¬ 
sion. As an example, consider the reaction between ethylene 
and chlorine to dichloroethane: 

C 2 H 2 + C1 2 -»■ C 2 H 4 C1 2 

ethylene chlorine dichloroethane 

An excess of ethylene is used to ensure essentially complete 
conversion of the chlorine, which is thereby eliminated as a 


problem for the downstream separation system. In a single 
irreversible reaction (where selectivity is not a problem), the 
usual choice of excess reactant is to eliminate the component that 
is more difficult to separate in the downstream separation 
system. Alternatively, if one of the components is more hazard¬ 
ous (as is chlorine in this example), complete conversion has 
advantages for safety. 

2) Single reversible reactions. The maximum conversion in 
reversible reactions is limited by the equilibrium conversion, 
and conditions in the reactor are usually chosen to increase the 
equilibrium conversion: 

a) Feed ratio. If to a system in equilibrium, an excess of one of 
the feeds is added, then the effect is to shift the equilibrium to 
decrease the feed concentration. In other words, an excess of 
one feed can be used to increase the equilibrium conversion. 
Consider the following examples. 


Example 5.6 Ethyl acetate can be produced by the esterifica¬ 
tion of acetic acid with ethanol in the presence of a catalyst such as 
sulfuric acid or an ion-exchange resin according to the reaction: 

CH 3 COOH + C 2 H 5 OH < CH 3 COOC 2 H 5 +H 2 0 

acetic acid ethanol ethyl acetate water 

Laboratory studies have been carried out to provide design data on 
the conversion. A stoichiometric mixture of 60 g acetic acid and 
46 g ethanol was reacted and held at constant temperature until 
equilibrium was reached. The reaction products were analyzed and 
found to contain 63.62 g ethyl acetate. 

a) Calculate the equilibrium conversion of acetic acid. 

b) Estimate the effect of using a 50% and 100% excess of 
ethanol. 

Assume the liquid mixture to be ideal and the molar masses of 
acetic acid and ethyl acetate to be 60 kgkmol -1 and 88 kgkmol -1 , 
respectively. 

Solution 

a) Moles of acetic acid in reaction mixture = 60/60 =1.0 
Moles of ethyl acetate formed = 63.62/88 = 0.723 
Equilibrium conversion of acetic acid = 0.723 

b) Let r be the molar ratio of ethanol to acetic acid. Table 5.10 
presents the moles initially and at equilibrium and the mole 
fractions. 


Assuming an ideal solution (i.e. K r = 1 in Equation 5.29): 


K 


a 


x 2 

(1 -X)(r-X) 


For the stoichiometric mixture, r= 1 and A =0.723 from the 
laboratory measurements: 


K 


a 


0.723 2 
(1 - 0.723) 2 
6.813 


For excess ethanol: 


6.813 


X 2 

(1 -X)(r-X) 


Substitute r= 1.5 and 2.0 and solve for X by trial and error. The 
results are presented in Table 5.11. 

Increasing the excess of ethanol increases the conversion of 
acetic acid to ethyl acetate. To carry out the calculation more 
accurately would require activity coefficients to be calculated for 
the mixture (see Poling, Prausnitz and O’Connell (2001) and 
Appendix A). The activity coefficients depend on correlating 
coefficients between each binary pair in the mixture, the concentra¬ 
tions and temperature. 


Table 5.10 

Mole fractions at equilibrium for the production of ethyl acetate. 



CHjCOOH 

c 2 h 5 oh 

CH3COOC2H5 

h 2 o 

Moles in initial mixture 

1 

r 

0 

0 

Moles at equilibrium 

1 —X 

r-X 

X 

X 

Mole fraction at 

1 -X 

r-X 

X 

X 

equilibrium 

1 +r 

1 +r 

Y+r 

IT r 
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Table 5.11 

Variation of equilibrium conversion with feed ratio for the production of ethyl 
acetate. 


r 

X 

1.0 

0.723 

1.5 

0.842 

2.0 

0.894 


Example 5.7 Hydrogen can be manufactured from the 
reaction between methane and steam over a catalyst. Two principal 
reactions occur: 


ch 4 +h 2 o <= 

=± 3H 2 + CO 

methane water 

hydrogen carbon 


monoxide 

co +h 2 o^= 

= h 2 + co 2 

carbon water 

hydrogen carbon 

monoxide 

dioxide 


Assuming the reaction takes place at 1100K and 20 bar, calculate 
the equilibrium conversion for a molar ratio of steam to methane in 
the feed of 3, 4, 5 and 6. Assume ideal gas behavior (K^= 1, 
R = 8.3145kJK^kmoH 1 ). Thermodynamic data for a standard 
pressure of 1 bar are given in Table 5.12. 


Table 5.12 

Thermodynamic data for hydrogen manufacture (Lida, 2010). 



G?I 0 I) K (kJ.kmol -1 ) 

CH 4 

30,358 

H 2 0 

-187,052 

h 2 

0.0 

CO 

-209,084 

C0 2 

-359,984 


Solution For the first reaction: 

AG? = 3AG®, + A G° co - A G° CiU - AG® 0 

= 3 x0 + (-209,084) - 30, 358 - (-187,052) 

= -52,390kJ 
-RT\n K al = -52,390kJ 
K al = 307.42 

For the second reaction: 

AG? = AG® + AG? 02 - AG? 0 - AG? 20 

= 0 + (-359,984) - (-209,084) - (-187,052) 
= 36,152 kJ 
-RT In K a2 = 36, 152 

K a2 = 1.9201 X 1(T 2 

Let r be the molar ratio of water to methane in the feed, X[ be the 
conversion of the first reaction and X 2 be the conversion of the 
second reaction. 

CH 4 + HsO , 3H-i + CO 

1 -Xl r-X 1-X2 3 X] X1-X2 

CO + H.O > H 2 + COs 

X1-X2 ,—x,-x 2 x 2 x 2 

Total moles at equilibrium = (1 — Xj) + {r — X\ — X 2 ) + 3Xj + 

(X l -X 2 ) + X 2 +X 2 
= r + 1 + 2Xi 

Mole fractions are presented in Table 5.13. 


Table 5.13 

Mole fractions at equilibrium for the manufacture of hydrogen. 



ch 4 

h 2 o 

h 2 

CO 

co 2 

Moles at equilibrium 

1-Xi 

>< 

1 

>< 

1 

Sv, 

3Xi+X 2 

x,-x 2 

x 2 

Mole fraction at 

1 -X! 

r-Xi- X 2 

3Xr +X 2 

X, -x 2 

x 2 

equilibrium 

r + 1 + 2X, 

r+ 1 + 2X\ 

r + 1 + 2X\ 

r+ 1 + 2Xi 

r + 1 + 2X\ 
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K al = Vco P 2 
ycHt ,% 2 o 

3X, + X 2 


r + 1 + 2X] 


Xi -x 2 

r + 1 + 2X] 


1 -X, 


r-X i -X 2 
r+l+2X 1 J\r+l+2X 1 

(3X x + X 2 )\X l - X 2 ) 
(l-X 1 ){r-X l -X 2 )(r+l+2X l f 


K _ >H 2 yCQ 2 p Q 

yco y H2 o 


3*! + x 2 
r + 1 + 2X\ 
X\ -X 2 


f 1 + 2Zi 

(3Xi +X 2 )X 2 


X 2 

r + 1 + ~^1 / pO 

r-Xi -X 2 \ 

r+l+2xj 


(Xi -X 2 ){r-X x -X 2 ) 


-P° 


(5.57) 


(5.58) 


be zero. Also, K a2 can be taken to the right-hand side of 
Equation 5.58 and the right-hand side given a value of, say, 
Objective 2, which must also ultimately be zero. Values of X t 
and X 2 must then be determined such that Objective 1 and Objec¬ 
tive 2 are both zero. The spreadsheet solver can then be used to vary 
X t and X 2 simultaneously to search for (see Section 3.8): 

(i Objective l) 2 + (Objective 2) 2 = 0 (within a tolerance) 

The results are shown in Table 5.14. 

From Table 5.14, the mole fraction of CH 4 and H 2 decrease as 
the molar ratio of H 2 0/CH 4 increases. The picture becomes clearer 
when the results are presented on a dry basis, as shown in 
Table 5.15. 

From Table 5.15, on a dry basis as the molar ratio FFO/CFL; 
increases, the mole fraction of CH 4 decreases and that of H 2 
increases. 

The next two stages in the process carry out shift conversion at 
lower temperatures in which the second reaction above is used to 
convert CO to H 2 to higher conversion. 


Knowing P, K al and K a2 and setting a value for r, these two 
equations can be solved simultaneously forX! and X 2 . However, V) 
or X 2 cannot be eliminated by substitution in this case, and the 
equations must be solved numerically. This can be done by 
assuming a value for X t and substituting this in both equations, 
thus yielding values of X 2 from both equations. X t is then varied 
until the values of X 2 predicted by both equations are equal. 
Alternatively, X) and X 2 can be varied simultaneously in a non¬ 
linear optimization algorithm to minimize the errors in the two 
equations. If spreadsheet software is used, this can be done by 
taking K ai to the right-hand side of Equation 5.57 and giving the 
right-hand side a value of, say. Objective 1, which must ultimately 


Table 5.15 


Product mole fractions for the manufacture of hydrogen on a dry basis. 


h 2 o/ch 4 

yen, 

■ v h 2 

3 

0.0586 

0.7072 

4 

0.0389 

0.7221 

5 

0.0240 

0.7337 

6 

0.0183 

0.7383 


Table 5.14 

Equilibrium conversions and product mole fractions for the manufacture of hydrogen. 


H 2 0/CH4 

X, 

x 2 

>’ch 4 

fH,(> 

v h 2 

yco 

Vco 2 

3 

0.80 

0.015 

0.0357 

0.3902 

0.4313 

0.1402 

0.0027 

4 

0.86 

0.019 

0.0208 

0.4644 

0.3868 

0.1251 

0.0028 

5 

0.91 

0.025 

0.0115 

0.5198 

0.3523 

0.1132 

0.0032 

6 

0.93 

0.031 

0.0079 

0.5687 

0.3184 

0.1015 

0.0035 


b) Inert concentration. Sometimes, an inert material is present 
in the reactor. This might be a solvent in a liquid-phase 
reaction or an inert gas in a gas-phase reaction. Consider the 
reaction: 


A^^^B + C 

The effect of the increase in moles can be artificially 
decreased by adding an inert material. Le Chatelier’s Princi¬ 
ple dictates that this will increase the equilibrium conversion. 
For example, if the above reaction is in the ideal gas phase: 


K = pbPc = yBye p = n bN c p 
Pa Ta N a N t 


(5.59) 


where (V,- = number of moles of Component i 
N T = total number of moles 


Thus: 

N b N c = K a N T 
N a P 


(5.60) 


Increasing N T as a result of adding inert material will increase 
the ratio of products to reactants. Adding an inert material 
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causes the number of moles per unit volume to be decreased, 
and the equilibrium will be displaced to oppose this by 
shifting to a higher conversion. If inert material is to be 
added, then ease of separation is an important consideration. 
For example, steam is added as an inert to hydrocarbon 
cracking reactions and is an attractive material in this respect 
because it is easily separated from the hydrocarbon compo¬ 
nents by condensation. 

Consider the reaction: 

E + F < G 


For example, if the above reaction is in the ideal gas phase: 


Pc y ( ; 1 N g N t 1 
pePf y E yF p N E N F p 


(5.61) 


This reaction can be forced to effectively complete conver¬ 
sion by first carrying out the reaction to approach equilibrium. 
The sulfur trioxide is then separated (by absorption). Removal 
of sulfur trioxide shifts the equilibrium and further reaction of 
the remaining sulfur dioxide and oxygen allows effective 
complete conversion of the sulfur dioxide (Figure 5.6). 

Intermediate separation followed by further reaction is 
clearly most appropriate when the intermediate separation is 
straightforward, as in the case of sulfuric acid production. 

3) Multiple reactions in parallel producing byproducts. After the 
reactor type is chosen for parallel reaction systems in order to 
maximize selectivity or reactor yield, conditions can be altered 
further to improve selectivity. Consider the parallel reaction 
system from Equation 4.66. To maximize selectivity for this 
system, the ratio given by Equation 4.67 is minimized: 


Thus: 

—= — (5.62) 

N e N f N t 

Decreasing N T as a result of removing inert material will 
increase the ratio of products to reactants. Removing inert 
material causes the number of moles per unit volume to be 
increased and the equilibrium will be displaced to oppose 
this by shifting to a higher conversion. 

If the reaction does not involve any change in the number 
of moles, inert material has no effect on equilibrium 
conversion. 

c) Product removal during reaction. Sometimes the equili¬ 
brium conversion can be increased by removing the product 
(or one of the products) continuously from the reactor as the 
reaction progresses, for example, by allowing it to vaporize 
from a liquid-phase reactor. Another way is to carry out the 
reaction in stages with intermediate separation of the prod¬ 
ucts. As an example of intermediate separation, consider the 
production of sulfuric acid, as illustrated in Figure 5.6. 
Sulfur dioxide is oxidized to sulfur trioxide: 

2S0 2 + 0 2 < 2S0 3 

sulfur dioxide sulfur trioxide 


^ 2-ui y-162 —b\ /a f.n\ 

, — 7 '-'FEED 1 0 FEED! V+-U / ) 

1 1 x | 

Even after the type of reactor is chosen, excess of FEED 1 or 
FEED 2 can be used. 

• If (a 2 — ci \) > (£>2 — b\) use excess FEED 2 

• If (a 2 — ci\ ) < (£>2 — b[) use excess FEED 1. 

If the secondary reaction is reversible and involves a 
decrease in the number of moles, such as: 


FEED 1 + FEED 2 -> PRODUCT 

(5.63) 

FEED 1 + FEED 2 , BYPRODUCT 

then, if inerts are present, increasing the concentration of inert 
material will decrease byproduct formation. If the secondary 
reaction is reversible and involves an increase in the number of 
moles, such as: 

FEED 1 + FEED 2 -> PRODUCT 

FEED 1 ■ BYPRODUCT 1 + BYPRODUCT 2 

(5.64) 


H.O 


H.O 



II, SO, 


MjS0 4 


Figure 5.6 

The equilibrium conversion for sulfuric acid production can be increased by intermediate separation of the product followed by further reaction. 







98 Chemical Process Design and Integration 


then, if inert material is present, decreasing the concentration of 
inert material will decrease byproduct formation. If the sec¬ 
ondary reaction has no change in the number of moles, then 
concentration of inert material does not affect it. 

For all reversible secondary reactions, deliberately feeding 
BYPRODUCT to the reactor inhibits its formation at source by 
shifting the equilibrium of the secondary reaction. This is 
achieved in practice by separating and recycling BYPRODUCT 
rather than separating and disposing of it directly. 

An example of such recycling in a parallel reaction system is 
in the “Oxo” process for the production of C 4 alcohols. 
Propylene and synthesis gas (a mixture of carbon monoxide 
and hydrogen) are first reacted to n- and isobutyraldehydes 
using a cobalt-based catalyst. Two parallel reactions occur 
(Waddams, 1978): 


c 3 H 6 + 

CO 

+ h 2 <= 

=± CH3CH2CH2CHO 

propylene 

carbon 

hydrogen 

n-butyraldehyde 


monoxide 



c 3 h 6 + 

CO 

+ h 2 <= 

=± CH 3 CH(CH 3 )CHO 

propylene 

carbon 

hydrogen 

isobutyraldehyde 


monoxide 




The n-isomer is more valuable. Recycling the iso-isomer can be 
used as a means of suppressing its formation ( Waddams, 1978). 

4) Multiple reactions in series producing byproducts. For the 
series reaction system in Equation 4.68, the series reaction is 
inhibited by low concentrations of PRODUCT. It has been 
noted already that this can be achieved by operating with a low 
conversion. 

If the reaction involves more than one feed, it is not 
necessary to operate with the same low conversion on all the 
feeds. Using an excess of one of the feeds enables operation 
with a relatively high conversion of other feed material and still 
inhibits series reactions. Consider again the series reaction 
system from Example 4.3: 

C 6 H 5 CH 3 + H 2 -► C 6 H 6 + CH 4 

toluene hydrogen benzene methane 

2C 6 H 6 ^=5 C 12 H 10 + H 2 

benzene dyphenyl hydrogen 

It is usual to operate this reactor with a large excess of 
hydrogen (Waddams, 1978). The molar ratio of hydrogen to 
toluene entering the reactor is of the order 5:1. The excess of 
hydrogen encourages the primary reaction directly and dis¬ 
courages the secondary reaction by reducing the concentration 
of the benzene product. Also, in this case, because hydrogen is a 
byproduct of the secondary reversible reaction, an excess of 
hydrogen favors the reverse reaction to benzene. In fact, unless 
a large excess of hydrogen is used, series reactions that 
decompose the benzene all the way to carbon become signifi¬ 
cant, known as coke formation. 

Another way to keep the concentration of PRODUCT low is 
to remove the product as the reaction progresses, for example, 
by intermediate separation followed by further reaction. For 
example, in a reaction system such as Equation 4.68, 


intermediate separation of the PRODUCT followed by further 
reaction maintains a low concentration of PRODUCT as the 
reaction progresses. Such intermediate separation is most 
appropriate when separation of the product from the reactants 
is straightforward. 

If the series reaction is also reversible, such as 
FEED -, PRODUCT 

(5.65) 

PRODUCT , BYPRODUCT 

then, again, removal of the PRODUCT as the reaction prog¬ 
resses, for example, by intermediate separation of the PROD¬ 
UCT. maintains a low concentration of PRODUCT and at the 
same time shifts the equilibrium for the secondary reaction 
towards PRODUCT rather than BYPRODUCT formation. 

If the secondary reaction is reversible and inert material is 
present, then to improve the selectivity: 

• increase the concentration of inert material if the BYPROD¬ 
UCT reaction involves a decrease in the number of moles; 

• decrease the concentration of inert material if the BYPROD¬ 
UCT reaction involves an increase in the number of moles. 
An alternative way to improve selectivity for the reaction 

system in Equation 5.65 is again to deliberately feed BYPROD¬ 
UCT to the reactor to shift the equilibrium of the secondary 
reaction away from BYPRODUCT formation. 

An example of where recycling can be effective in improv¬ 
ing selectivity or reactor yield is in the production of benzene 
from toluene. The series reaction is reversible. Hence, recycling 
diphenyl to the reactor can be used to suppress its formation at 
the source. 

5) Mixed parallel and series reactions producing byproducts. As 
with parallel and series reactions, use of an excess of one of the 
feeds can be effective in improving selectivity with mixed 
reactions. As an example, consider the chlorination of methane 
to produce chloromethane (Waddams, 1978). The primary 
reaction is: 

CH 4 + Cl 2 - CH 3 CI + HC1 

methane chlorine chloro-methane hydrogen 

chloride 

Secondary reactions can occur to higher chlorinated com¬ 
pounds: 

CH 3 CI + Cl 2 -> CH 2 C1 2 + HC1 

chloromethane dichloro-methane 

CH 2 C1 2 + Cl 2 -> CHCI 3 + HC1 

dichloromethane chloroform 

CHCI 3 + Cl 2 -* CC1 4 + HC1 

chloroform carbon 

tetrachloride 

The secondary reactions are series with respect to the chloro¬ 
methane but parallel with respect to chlorine. A very large 
excess of methane (molar ratio of methane to chlorine is of the 
order 10:1) is used to suppress selectivity losses (Waddams, 
1978). The excess of methane has two effects. First, because it 
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is only involved in the primary reaction, it encourages the 
primary reaction. Second, by diluting the product chlorome- 
thane, it discourages the secondary reactions, which prefer a 
high concentration of chloromethane. Removal of the product 
as the reaction progresses is also effective in suppressing the 
series element of the byproduct reactions, providing the sepa¬ 
ration is straightforward. 

If the byproduct reaction is reversible and inert material is 
present, then changing the concentration of inert material if 
there is a change in the number of moles should be considered, 
as discussed above. Whether or not there is a change in the 
number of moles, recycling byproducts can in some cases 
suppress their formation if the byproduct-forming reaction is 
reversible. An example is in the production of ethyl benzene 
from benzene and ethylene (Waddams, 1978): 

C 6 H 6 + C 2 H 4 <=► C 6 H 5 CH 2 CH 3 

benzene ethylene ethylbenzene 

Polyethylbenzenes (diethylbenzene, triethylbenzene, etc.) are 
also formed as unwanted byproducts through reversible 
reactions in series with respect to ethyl benzene but parallel 
with respect to ethylene. For example: 

C 6 H 5 CH 2 CH 3 + C 2 H 4 <=► C 6 H 4 (C 2 H 5 ) 2 

ethylbenzene ethylene diethylbenzene 

These polyethylbenzenes are recycled to the reactor to inhibit 
formation of fresh polyethylbenzenes (Waddams, 1978). How¬ 
ever, it should be noted that recycling of byproducts is by no 
means always beneficial as byproducts can break down to cause 
deterioration in catalyst performance. 

5.6 Biochemical Reactions 

Biochemical reactions must cater for living systems and as a result 
are carried out in an aqueous medium within a narrow range of 
conditions. Each species of microorganism grows best under 
certain conditions. Temperature, pH, oxygen levels, concentra¬ 
tions of reactants and products and possibly nutrient levels must be 
carefully controlled for optimum operation. 

1) Temperature. Microorganisms can be classified according to 
the optimum temperature ranges for their growth (Madigan, 
Martinko and Parker, 2003): 

• Psychrophiles have an optimum growth temperature of 
around 15 °C and a maximum growth temperature below 
20 °C. 

• Mesophiles grow best between 20 and 45 °C. 

• Thermophiles have optimum growth temperatures between 
45 and 80 °C. 

• Extremphiles grow under extreme conditions, some species 
above 100 °C, other species as low as 0°C. 

Yeasts, moulds and algae typically have a maximum tempera¬ 
ture around 60 °C. 

2) pH. The pH requirements of microorganisms depend on the 
species. Most microorganisms prefer pH values not far from 


neutrality. However, some microorganisms can grow in 
extremes of pH. 

3) Oxygen levels. Reactions can be carried out under aerobic 
conditions in which free oxygen is required or under anaerobic 
conditions in the absence of free oxygen. Bacteria can operate 
under aerobic or anaerobic conditions. Yeasts, moulds and 
algae prefer aerobic conditions but can grow with reduced 
oxygen levels. 

4) Concentration. The rate of reaction depends on the concen¬ 
trations of feed, trace elements, vitamins and toxic substances. 
The rate also depends on the build-up of wastes from the 
microorganisms that interfere with microorganism multiplica¬ 
tion. There comes a point where their waste inhibits growth. 

5.7 Catalysts 

Most processes are catalyzed where catalysts for the reaction are 
known. The choice of catalyst is crucially important. Catalysts 
increase the rate of reaction but are ideally unchanged in quantity 
and chemical composition at the end of the reaction. If the catalyst 
is used to accelerate a reversible reaction, it does not by itself alter 
the position of the equilibrium. However, it should be noted if a 
porous solid catalyst is used, then different rates of diffusion of 
different species within a catalyst can change the concentration of 
the reactants at the point where the reaction takes place, thus 
influencing the equilibrium indirectly. 

When systems of multiple reactions are involved, the catalyst 
may have different effects on the rates of the different reactions. 
This allows catalysts to be developed that increase the rate of the 
desired reactions relative to the undesired reactions. Hence the 
choice of catalyst can have a major influence on selectivity. 

The catalytic process can be homogeneous, heterogeneous or 
biochemical. 

1) Homogeneous catalysts. With a homogeneous catalyst, the 
reaction proceeds entirely in either the vapor or liquid phase. 
The catalyst may modify the reaction mechanism by participa¬ 
tion in the reaction but is regenerated in a subsequent step. The 
catalyst is then free to promote further reaction. An example of 
such a homogeneous catalytic reaction is the production of 
acetic anhydride. In the first stage of the process, acetic acid is 
pyrolyzed to ketene in the gas phase at 700 °C: 

ch 3 cooh ch 2 = c = o + h 2 o 

acetic acid ketene water 

The reaction uses triethyl phosphate as a homogeneous catalyst 
(Waddams, 1978). 

In general, heterogeneous catalysts are preferred to homo¬ 
geneous catalysts because the separation and recycling of 
homogeneous catalysts often can be very difficult. Loss of 
homogeneous catalyst not only creates a direct expense through 
loss of material but also creates an environmental problem. 

2) Heterogeneous catalysts. In heterogeneous catalysis, the cat¬ 
alyst is in a different phase from the reacting species. Most 
often, the heterogeneous catalyst is a solid, acting on species in 
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the liquid or gas phase. The solid catalyst can be either of the 
following: 

• Bulk catalytic materials, in which the gross composition 
does not change significantly through the material, such as 
platinum wire mesh. 

• Supported catalysts, in which the active catalytic material is 
dispersed over the surface of a porous solid. 

Catalytic gas-phase reactions play an important role in many 
bulk chemical processes, such as in the production of methanol, 
ammonia, sulfuric acid and most petroleum refinery processes. 
In most processes, the effective area of the catalyst is critically 
important. Industrial catalysts are usually supported on porous 
materials, since this results in a much larger active area per unit 
of reactor volume. 

As well as depending on catalyst porosity, the reaction rate is 
some function of the reactant concentrations, temperature and 
pressure. However, this function may not be as simple as in the 
case of uncatalyzed reactions. Before a reaction can take place, 
the reactants must diffuse through the pores to the solid surface. 
The overall rate of a heterogeneous gas-solid reaction on a 
supported catalyst is made up of a series of physical steps as 
well as the chemical reaction. The steps are as follows: 

a) Mass transfer of reactant from the bulk gas phase to the 
external solid surface. 

b) Diffusion from the solid surface to the internal active sites. 

c) Adsorption on solid surface. 

d) Activation of the adsorbed reactants. 

e) Chemical reaction. 

f) Desorption of products. 

g) Internal diffusion of products to the external solid surface. 

h) Mass transfer to the bulk gas phase. 

All of these steps are rate processes and are temperature 
dependent. It is important to realize that very large temperature 
gradients may exist between active sites and the bulk gas phase. 
Usually, one step is slower than the others, and it is this that is 
the rate-controlling step. The effectiveness factor is the ratio of 
the observed rate to that which would be obtained if the whole 
of the internal surface of the pellet were available to the reagents 
at the same concentrations as they have at the external surface. 
Generally, the higher the effectiveness factor, the higher the rate 
of reaction. 

The effectiveness factor depends on the size and shape of the 
catalyst pellet and the distribution of active material within the 
pellet. 

a) Size of pellet. If active material is distributed uniformly 
throughout the pellet, then the smaller the pellet, the higher 
the effectiveness. However, smaller pellets can produce an 
unacceptably high pressure drop through packed bed 
reactors. For gas-phase reactions in packed beds, the pres¬ 
sure drop is usually less than 10% of the inlet pressure 
(Rase, 1990). 

b) Shape of pellet. Active material can be distributed on pellets 
with different shapes. The most commonly used shapes are 
spheres, cylinders and slabs. If the same amount of active 


material is distributed uniformly throughout the pellet, then 
for the same volume of pellet, the effectiveness factor is in 
the order: 

slab > cylinder > sphere 

c) Distribution of active material. During the catalyst prepa¬ 
ration, it is possible to control the distribution of the active 
material within the catalyst pellet (Rase, 1990). Nonuniform 
distribution of the active material can increase the conver¬ 
sion, selectivity or resistance to deactivation compared to 
uniformly active catalysts. It is possible, in principle, to 
distribute the active material with almost any profile by the 
use of suitable impregnation techniques (Shyr and Ernst, 
1980). Figure 5.7 illustrates some of the possible distribu¬ 
tions through the pellet. In addition to uniform distribution 
(Figure 5.7a), it is possible to distribute as egg shell, in which 
the active material is located towards the outside of the pellet 
(Figure 5.7b), or egg yolk, in which the active material is 
located towards the core of the pellet (Figure 5.7c). A middle 
distribution locates the active material between the core and 
the outside of the pellet (Figure 5.7d). For a single reaction 
involving a fixed amount of active material, it can be shown 
that for conditions in which there are no catalyst deactivation 
mechanisms, the effectiveness of a supported catalyst is 
maximized when the active sites are concentrated at a precise 
location with zero width as a Dirac Delta Function (Morbid- 
elli. Gavriilidis and Varma, 2001), as illustrated in 
Figure 5.7e. The optimal performance of the catalyst is 
obtained by locating the Dirac Delta catalyst distribution 
so as to maximize the reaction rate by taking advantage of 
both temperature and concentration gradients within the 
pellet. The Dirac Delta Function could be located at the 
surface, in the center or anywhere in between. Unfortunately, 
it is not possible from a practical point of view to locate the 
catalyst as a Dirac Delta Function. However, it can be 
approximated as a step function in a layered catalyst, as 
shown in Figure 5.7f. Providing the thickness of the active 
layer is less than ~5% of the pellet characteristic dimension 
(e.g. radius for a spherical pellet), the behavior of the Dirac 
Delta and step distributions is virtually the same (Morbidelli, 
Gavriilidis and Varma, 2001). The location of the active 
material needs to be optimized. However, it should be 
emphasized that if the catalyst is subject to degradation in 
its performance because of surface deposits, and so on, the 
Dirac Delta (and its step function equivalent) can be subject 
to a sharp deterioration in performance and is not necessarily 
the best choice under those conditions. 

More often than not, solid-catalyzed reactions are multiple 
reactions. For reactions in parallel, the key to high selectivity is 
to maintain the appropriate high or low concentration and 
temperature levels of reactants at the catalyst surface, to 
encourage the desired reaction and to discourage the byproduct 
reactions. For reactions in series, the key is to avoid the mixing 
of fluids of different compositions. These arguments for the 
gross flow pattern of fluid through any reactor have already 
been developed. 
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Figure 5.7 

Catalyst distribution within a pellet of supported catalyst. 


However, before extrapolating the arguments from the gross 
patterns through the reactor for homogeneous reactions to 
solid-catalyzed reactions, it must be recognized that in catalytic 
reactions the concentration and temperature in the interior of 
catalyst pellets may differ from the main body of the gas. Local 
nonhomogeneity caused by lowered reactant concentration or 
change in temperature within the catalyst pellets results in a 
product distribution different from what would otherwise be 
observed for a homogeneous system. Consider two extreme 
cases: 

a) Surface reaction controls. If the surface reaction is rate 
controlling, then the concentrations of reactant within the 
pellets and in the main gas stream are essentially the same. 
In this situation, the considerations for the gross flow pattern 
of fluid through the reactor would apply. 

b) Diffusion controls. If diffusional resistance controls, then 
the concentration of reactant at the catalyst surface would be 
lower than in the main gas stream. Referring back to 
Equation 4.64, for example, lowered reactant concentration 
favors the reaction of lower order. Hence, if the desired 
reaction is of lower order, operating under conditions of 


diffusion control would increase selectivity. If the desired 
reaction is of higher order, the opposite holds. 

For multiple reactions, in cases where there is no catalyst 
deactivation, as with single reactions, the optimal catalyst 
distribution within the pellet is a Dirac Delta Function (Shyr 
and Ernst, 1980). This time the location within the pellet needs 
to be optimized for maximum selectivity or yield. Again, in 
practice, a step function approximates the performance of a 
Dirac Delta Function as long as it is less than ~5% of the pellet 
characteristic dimension (Morbidelli, Gavriilidis and Varma, 
2001). However, a word of caution must again be added. As 
will be discussed in the next chapter, the performance of 
supported catalysts deteriorates through time for a variety of 
reasons. The optimal location of the step function should take 
account of this deterioration of performance through time. 
Indeed, as discussed previously, if the catalyst is subject to 
degradation in its performance because of surface deposits, and 
so on, the Dirac Delta (and its step function equivalent) might 
be subject to a sharp deterioration in performance and is not 
necessarily the best choice when considering the whole of the 
catalyst life. 
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Heterogeneous catalysts can thus have a major influence on 
selectivity. Changing the catalyst can change the relative 
influence on the primary and byproduct reactions. This might 
result directly from the reaction mechanisms at the active sites 
or the relative rates of diffusion in the support material or a 
combination of both. 

3) Biochemical catalysts. Some reactions can be catalyzed by 
enzymes. The attraction in using enzymes, rather than micro¬ 
organisms, is an enormous rate enhancement that can be 
obtained in the absence of the microorganisms. This is 
restricted to situations when the enzyme can be isolated and 
is also stable. In addition, the chemical reaction does not have to 
cater for the special requirements of living cells. However, 
just like microorganisms, enzymes are sensitive, and care must 
be exercised in the conditions under which they are used. A 
disadvantage in using enzymes is that use of the isolated 
enzyme is frequently more expensive on a single-use basis 
than the use of propagated microorganisms. Another dis¬ 
advantage in using enzymes is that the enzymes will most 
likely need to be removed from the product once the reaction 
has been completed, which might involve an expensive sepa¬ 
ration. Long reaction times may be necessary if a low concen¬ 
tration of enzyme is used to decrease enzyme cost. 

Some of these difficulties in using enzymes can be over¬ 
come by fixing, or immobilizing , the enzyme in some way. A 
number of methods for enzyme immobilization have been 
developed. These can be classified as follows: 

a) Adsorption. The enzyme can be adsorbed onto an ion- 
exchange resin, insoluble polymer, porous glass or acti¬ 
vated carbon. 

b) Covalent bonding. Reactions of side groups or cross-link¬ 
ing of enzymes can be used. 

c) Entrapment. Enzymes can be entrapped in a gel that is 
permeable to both the feeds and products, but not to the 
enzyme. Alternatively, a membrane can be used within 
which the enzymes have been immobilized, and feed 
material is made to flow through the membrane by creating 
a pressure difference across the membrane. 

There are many other possibilities. 

Whatever the nature of the reaction, the choice of catalyst 
and the conditions of reaction can be critical to the performance 
of the process, because of the resulting influence on the 
selectivity of the reaction and reactor cost. 


5.8 Reactor Conditions - 
Summary 

Chemical equilibrium can be predicted from data for the free 
energy. There are various sources for data on free energy: 

1) Tabulated data are available for standard free energy of forma¬ 
tion at different temperatures. 

2) Tabulated data are available for A H° and A S° at different 
temperatures and can be used to calculate AG° from 


Equation 5.4 written at standard conditions: 

A G° = A H° - TAS° 

3) Tabulated data are available for A G° and AH° at standard 
temperature. This can be extrapolated to other temperatures 
using heat capacity data. 

4) Methods are available to allow the thermodynamic properties 
of compounds to be estimated from their chemical structure 
(Poling, Prausnitz and O’Connell, 2001). 

The equilibrium conversion can be calculated from knowledge 
of the free energy, together with physical properties to account for 
vapor and liquid-phase nonidealities. The equilibrium conversion 
can be changed by appropriate changes to the reactor temperature, 
pressure and concentration. The general trends for reaction equi¬ 
librium are summarized in Figure 5.8. 



(a) I he effect of fed ration on equilibrium 
conversion. 


FEED 2 
FEED / 



phase reaction. 



(c) The effect of temperature on equilibium conversion. 



<d) fhe effect of pressure on equilibrium conversion for gas phase 
reactants. 


Figure 5.8 

Various measures can be taken to increase equilibrium conversion in 
reversible reactions. (Reproduced from Smith R and Petela EA (1992) Waste 
Minimization in the Process Industries Part 2 Reactors, Chem Eng, Dec (509- 
510): 17, by permission of the Institution of Chemical Engineers.) 
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Figure 5.9 

Choosing the reactor to maximize security for multiple reactants producing byproducts. (Reproduced from Smith Rand PetelaEA (1992) Waste Minimization 
in the Process Industries Part 2 Reactors, Chem Eng, Dec (509-510): 17, by permission of the Institution of Chemical Engineers.) 


For reaction systems involving multiple reactions producing 
byproducts, selectivity and reactor yield can also be enhanced by 
appropriate changes to the reactor temperature, pressure and 
concentration. The appropriate choice of catalyst can also influence 
selectivity and reactor yield. The arguments are summarized in 
Figure 5.9 (Smith and Petela, 1992). 

For supported layered catalysts, optimizing the location of the 
active sites within the catalyst pellets maximizes the effectiveness 
or the selectivity or reactor yield. 

Reactions can be catalyzed using the metabolic pathways in 
microorganisms or the direct use of enzymes in biochemical 
reactors. The use of enzymes directly can have significant advan¬ 
tages if the enzymes can be isolated and immobilized in some way. 

5.9 Exercises 

1. Ammonia is to be produced by passing a gaseous mixture 
containing hydrogen, nitrogen and an inert gas over a catalyst at 


a pressure of 50 bar for the reaction: 

N 2 + 3FF <- 2NH 3 

The system can be assumed to follow ideal gas behavior. If 
/T/> = 0.0125, estimate the maximum conversion if the feed 
contains: 

a) 60% H 2 , 20% N 2 and the remainder inert gas. 

b) 65% H 2 , 15% N 2 and the remainder inert gas. 

2. A gas mixture of 25 mole% C0 2 and 75% CO is mixed with the 
stoichiometric H 2 for the following reactions: 

C0 2 + 3H 2 < =-- CH 3 OH + H 2 Q K P = 2.82 xl0 “ 6 

CO + 2H 2 < CH 3 OH K P = 2.80 x 10 “ 5 

The conversion to equilibrium is carried out in the presence of 
a catalyst at a pressure of300 bar. Assuming the behavior to be 
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ideal, calculate the conversion for each reaction and hence the 
volume composition of the equilibrium mixture. 

3. For the reaction: 


0°C and 1 atm) and 3% vol oxygen. There is a reversible 
reaction in the gas phase between the two principal oxides of 
nitrogen according to: 


2CO + 4H 2 , C 2 H 5 OH + H 2 0 


NO +?0 2 < N0 2 


The feed consists of r moles of H 2 per mole of CO. The 

reaction takes place at 20 bar pressure and 573 K for which 

AG° = 8900 kJ kmol - for a standard pressure of 1 bar. 

a) Develop an expression for the fractional conversion 
of CO in the presence of excess hydrogen (i.e. for 
r> 2 ). 

b) Develop the corresponding expression for the fractional 
conversion of H 2 when CO is in excess. 

4. Table 5.16 presents conversion data obtained from the batch 
experiments in the gas phase for the isomerization of reactant A 
to product B. 

a) Develop an expression for the reactor conversion for a 
first-order reversible reaction. 

b) Show that the reaction data can be modelled as a first-order 
reversible reaction by fitting a first-order model at 100°C 
and 150 °C. 

c) Determine the activation energy for the forward and 
reverse reactions across the range 100°C to 150 °C. 
Assume i? = 8.3145kJ-K _l kmor'. 

5. The flow through a plug-flow reactor effecting a first-order 
forward reaction is increased by 20 %, and in order to maintain 
the fractional conversion at its former value, it has been 
decided to increase the reactor operating temperature. If 
the reaction has an activation energy of 18,000 kJ-kmol -1 
and the initial temperature is 150 °C, find the new operating 
temperature. Would the required elevation of temperature 
be different if the reactor was mixed-flow? Assume 
R = 8.3145 kJK-'kmor 1 . 

6 . The flue gas from a combustion process contains oxides of 
nitrogen NO v (principally NO and N0 2 ). The flow of flue gas is 
10N nr-s - and contains 0.1% vol NO A (expressed as N0 2 at 


Table 5.16 

Data for the isomerization reaction. 



Conversion 

Time (s) 

100 °C 

150 °C 

0 

0 

0 

100 

0.05 

0.15 

500 

0.21 

0.49 

1000 

0.35 

0.68 

2000 

0.52 

0.81 

5000 

0.73 

0.89 


The equilibrium relationship for the reaction is given by: 


K n 


-Pno 2 

PnoPoI 


where K a is the equilibrium constant for the reaction and p the 
partial pressure. At 25 °C the equilibrium constant is 1.4 X 10 6 
and at 725 °C is 0.14. Assuming ideal gas behaviour, the 
kilogram molar mass occupies 22.4 m 3 at standard conditions 
and the molar masses of NO and N0 2 are 30 and 46 kg-kmol -1 
respectively, calculate: 

a) The molar ratio of N0 2 to NO assuming chemical equi¬ 
librium at 25 °C and at 725 °C. 

b) The mass flowrate of N0 2 to NO assuming chemical 
equilibrium at 25 °C and at 725 °C. 

7. In the manufacture of sulfuric acid, a mixture of sulfur dioxide 
and air is passed over a series of catalyst beds, and sulfur 
trioxide is produced according to the reaction: 

2S0 2 + 0 2 < 2S0 3 


The sulfur dioxide enters the reactor with an initial concentra¬ 
tion of 10% by volume, the remainder being air. At the exit of 
the first bed, the temperature is 620 °C. Assume ideal gas 
behavior, the reactor operates at 1 bar and I? = 8.314 
kJ K ^kmol \ Assume air to be 21% 0 2 and 79% N 2 . 
Thermodynamic data at standard conditions at 298.15 K are 
given in Table 5.17 (Poling, Prausnitz and O’Connell, 2001). 

a) Calculate the equilibrium conversion and equilibrium 
composition for the reactor products after the first catalyst 
bed at 620 °C assuming A H° is constant over temperature 
range. 

b) Is the reaction exothermic or endothermic? 

c) From Le Chatelier’s Principle, how would you expect the 
equilibrium conversion to change as the temperature 
increases? 

d) How would you expect the equilibrium conversion to 
change as the pressure increases? 


Table 5.17 

Thermodynamic data at standard conditions of 298.15 K and 1 bar for sulfuric 
acid production. 



H°(kJ kmol _ *) 

G°(kJ kmol -1 ) 

0 2 

0 

0 

S0 2 

-296,800 

-300,100 

S0 3 

-395,700 

-371,100 
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Table 5.18 

Heat capacity data for sulfuric acid production. 



Cp (kj kmol -1 K" 1 ) 

«o 

a, X 10 3 

a 2 X 10 5 

a 3 X 10 s 

a 4 X 

10" 

0 2 

3.630 

-1.794 

0.658 

-0.601 

0.179 

so 2 

4.417 

-2.234 

2.344 

-3.271 

1.393 

so 3 

3.426 

6.479 

1.691 

-3.356 

1.590 


8 . Repeat the calculation in Exercise 7 for equilibrium conversion 
and equilibrium concentration, but taking into account varia¬ 
tion of A7/° with temperature. Again assume ideal gas behav¬ 
ior. Heat capacity coefficients for Equation 5.42 are given in 
Table 5.18 (Poling, Prausnitz and O’Connell, 2001). Compare 
your answer with the result from Exercise 7. 

9. In Exercises 7 and 8 it was assumed that the feed to the reactor 
was 10% S0 2 in air. However, the nitrogen in the air is an inert 
and takes no part in the reaction. In practice oxygen-enriched 
air could be fed. 

a) From Le Chateliers Principle, what would you expect to 
happen to the equilibrium conversion, if oxygen enriched 
air was used for the same 0 2 to S0 2 ratio? 

b) Repeat the calculation from Exercise 7 assuming the same 
0 2 to S0 2 ratio in the feed but using an air feed enriched 


from 21% purity to 50%, 70%, 90% and 99% purity and 
calculate the component mole fractions at each air purity, 

c) Apart from any potential advantages on equilibrium 
conversion, what advantages would you expect from 
feeding enriched air? 
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Chapter 6 


Chemical Reactors III 
- Reactor Configuration 


I n contrast to ideal models, practical reactors must consider 
many factors other than variations in temperature, concentration 
and residence time. Consider the temperature control of the 
reactor first. 


6.1 Temperature Control 

Before considering how to control the temperature, the heat 
input or heat output from the reaction needs to be determined. 
Reactions are exothermic when there is a decrease in enthalpy 
from feed to products, leading to an evolution of heat. Reactions 
are endothermic when there is an increase in enthalpy from feed 
to products, leading to heat being absorbed. In most cases the 
reactants and products will be at different temperatures. To 
calculate the heat released or absorbed from a reaction and 
the temperature of the products, the thermodynamic path shown 
in Figure 6.1 can be followed (Hougen et al, 1954). The actual 
reaction process goes from reactants at temperature T , to 
products at temperature T 2 . However, it is more convenient 
to follow the alternative path from reactants at temperature T\ 
that are initially cooled (or heated) to standard temperature of 
298 K. The combustion reactions are then carried out at a 
constant temperature of 298 K. Standard heats of reaction 
can be calculated from standard heats of formation (Hougen, 
Watson and Ragatz, 1954). The products of combustion are then 
heated (or cooled) from 298 K to the final temperature of T 2 . The 
actual heat of combustion is given by (Hougen, Watson 
and Ragatz, 1954): 


AH R = AH i + AH° + AH 2 (6.1) 


where AH R 
A Hi 


A H° 
A H 2 


Cp 

react 

Cpprod 


heat of reaction (J-kmol -1 ) 

heat to bring reactants from their initial 

temperature to standard temperature 

(J-kmol -1 ) 

r298 „ , T 

J / l '-'P react 

standard heat of reaction at 298 K (J-kmol -1 ) 
heat to bring products from standard 
temperature to the final temperature 
(J-kmol -1 ) 

Il 98 CPprod dT 

heat capacity of reactants (J-kmol -l -K -1 ) 
heat capacity of products (J-kmol -1 -K - ) 


For an adiabatic reaction, AH R = 0 and Equation 6.1 becomes: 


A H 2 = -AHi - AH° (6.2) 


The following example illustrates the approach. 



_ Figure 6.1 

Chemical Process Design and Integration, Second Edition. Robin Smith. The enthalpy change from initial to final state in a reaction process. 

©2016 John Wiley & Sons, Ltd. Published 2016 by John Wiley & Sons, Ltd. 

Companion Website: www.wiley.com/go/smith/chemical2e 
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Example 6.1 Ethylene oxide is produced in a reactor at a rate of 
100 tons per day from pure ethylene and oxygen by the following 
reaction: 

CH, = CH, +140,-> H,C-CH, 

\ / 

o 

ethylene oxygen ethylene oxide 
AH° =-1.20 xl0 5 kJ-kmol" 1 
A parallel reaction occurs leading to a selectivity loss: 

CH 2 = CH 2 + 30 2 —> 2C0 2 +2H 2 0 

ethylene oxygen carbon water 
dioxide 

XH° = —1.32 x 10 6 kJ ■ kmol -1 


Table 6.1 

Data for Exercise 1. 

Component 

Molar mass (kg kmol ') 

C 2 H 4 

28 

0 2 

32 

c 2 h 4 o 

44 

co 2 

44 

H,0 

18 


The reactor conversion can be assumed to be 20% and selectivity 
80%. Excess oxygen of 10% above stoichiometric is used. 

a) Determine the flowrates of the components entering and leaving 
the reactor. Molar masses are given in Table 6.1. 

b) If the oxygen enters at 150 °C, the ethylene at 200 °C and the 
products leave at 260 °C find the heat removal rate. Heat capacity 
data for Equation 5.42 are given in Table 6.2. 

Solution 

a) Let X designate the reactor conversion, S selectivity, A the kmol 
of ethylene and B the kmol of oxygen: - 

Reaction 1 CALL + 0.5O 2 -* C 2 H 4 0 

Moles in initial mixture A B 0 

Moles at outlet condition [A - AXS] [B - 0.5AXS] [AXS] 


Reaction 2 C 1 II 4 + 30 2 -» 2C0 2 + 2H 2 0 

Moles in initial mixture A B 0 0 

Moles at outlet conditions [A - AX( 1 - 5)] [B - 3AX(1 - 5)] [2AX(1 - S)] [2AX(1 - 5)] 


Since the reactor is required to produce 100 tons per day of At the outlet conditions: 


ethylene oxide: 

C 2 H 4 

0 2 

C 2 H 40 

co 2 h 2 o 

AXS = 100 t0n x 10 °° kg x kmGl x ld = 94.70kmol■ h -1 
d 1 ton 44 kg 24 h 

A -AXS -AX(l -S) 
= A(l-X) 

= 473.50 

B - 0.5AXS - 3AX(1 - S) 
= B - 3 AX + 2.5AXS 

= B- 118.38 

AXS 

= 94.70 

2AX(1 - S ) 2AX(\ - S ) 

= 47.35 =47.35 


Table 6.2 

Heat capacity data (Poling, 2001). 


C P (kJ kmol -1 K _1 ) 



«0 

X 10 3 

a 2 X 10 s 

a 3 x 10 s 

a 4 X 10 11 

C 2 LL 

4.221 

-8.782 

5.795 

-6.729 

2.511 

0 2 

3.630 

-1.794 

0.658 

-0.601 

0.179 

c 2 ilo 

-0.9043 

26.73 

-1.511 

0.3117 

0.0 

co 2 

3.259 

1.356 

1.502 

-2.374 

1.056 


H 2 0 


4.395 


-4.186 


1.405 


-1.564 


0.632 
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At the inlet conditions: 

94 70 

A =--- = 591.88 kmol-h -1 

0.2 x 0.8 

94.70 

Bread = 0.5 X yy = 236.75 kmol • h 1 
47 35 

Bread2 = 1-5 X yy = 355.13 kmol • h _1 

Accounting for O 2 in 10% excess: 

B = 1.1 x (236.75 + 355.13) = 651.07 kmol IT 1 

At outlet conditions: 

B = 651.07 - 118.38 =532.69 kmol-h -1 


AH,, =R 


a u T~ an T a 3i T 4 a 4i 7 ' 

—+ — + — + — 


Jr, 


AH, = ^rrnAHu 

i 

[T 2 

a «2 = / Cp prod dT 

J 298 


A/fi, = 7? 


Oli 7 a 2i r a 3 i 7 " 7 ’ 

«o,r + —+ — + — + — 


A77 2 = ^m,*A H 2l 

i 

Substituting the heat capacity coefficients and evaluating: 


Component 

Inlet flowrate (kmol h ') 

Outlet flowrate (kmol h ) 

C 2 H 4 

591.88 

473.50 

o 2 

651.07 

532.69 

c 2 h 4 o 

0 

94.70 

co 2 

0 

47.35 

h 2 o 

0 

47.35 


b) Heat balance (see Figure 6.1) 

A Hr = AH, + AH° + AH 2 

where A H R = heat of reaction 

AH, = enthalpy change to cool reactants to standard 
conditions 

AH° = standard heat of reaction 
A H 2 = enthalpy change to heat reactants to final 
conditions 

/.298 

A77, = / Cp reaa dT 

JTl 

—— = ao, + auT + « 2 ;7’ 2 + a^T 3 + a^T 4 

K 


AH i = mc 2 H„ A7/ C2 h 4 + m 02 AH 0l 

= 591.88 X -8954 + 651.07 x -3730 
= -7.728 X 1 0 6 kj • h 1 

AH 2 = mc 2 H4AHc 2 H 4 + mo 2 AHo 2 + mc 2 H 4 oA7/c 2 H 4 o 
+ mco 2 AHco 2 + mn 2 oAHn 2 o 
= 473.50 x 12699 + 532.69 x 7126 + 94.70 x 15173 
+ 47.35 x 9791 +47.35 x 8115 
= 12.094 x 10 6 kJ-h _1 

A H° = AH® + AH® 2 

= 94.7 x -1.2 x 10 5 + 4 Zt ? 5 x —1.32 x 10 6 
2 

= -42.615 x 10 6 kj • h _1 
Therefore the heat removal rate is given by: 

A H r = -7.728 X 10 6 - 42.615 x 10 6 + 12.094 x 10 6 
= -38.25 x 10 6 kJ • IT 1 


6 


a) Adiabatic operation. In the first instance, adiabatic operation 
of the reactor should be considered since this leads to the 
simplest and cheapest reactor design. If adiabatic operation 
produces an unacceptable rise in temperature for exothermic 
reactions or an unacceptable fall in temperature for end¬ 
othermic reactions, then methods of temperature control 
need to be considered. 

b) Cold shot and hot shot. The injection of cold fresh feed 
directly into the reactor at intermediate points, known as 
cold shot , can be extremely effective for control of temperature 
in exothermic reactions. This not only controls the temperature 
by direct contact heat transfer through mixing with cold 
material, but also controls the rate of reaction by controlling 
the concentration of feed material. If the reaction is endother¬ 
mic, then fresh feed that has been preheated can be injected at 
intermediate points, known as hot shot. Again, the temperature 


control is through a combination of direct contact heat transfer 
and control of the concentration. 

c) Indirect heat transfer with the reactor. Indirect heating or 
cooling can also be considered. This might be by a heat transfer 
surface inside the reactor, such as carrying out the reaction 
inside a tube and providing a heating or cooling medium 
outside of the tube. Alternatively, material could be taken 
outside of the reactor from an intermediate point to a heat 
transfer device to provide the heating or cooling and then 
returned to the reactor. Different arrangements are possible and 
will be considered in more detail later. 

d) Heat carrier. An inert material can be introduced with the 
reactor feed to increase its heat capacity flowrate (i.e. the 
product of mass flowrate and specific heat capacity) and to 
reduce the temperature rise for exothermic reactions or reduce 
temperature fall for endothermic reactions. Where possible, 
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one of the existing process fluids should be used as the heat 
carrier. For example, an excess of feed material could be used to 
limit the temperature change, effectively decreasing the con¬ 
version, but for temperature-control purposes. Product or 
byproduct could be recycled to the reactor to limit the temper¬ 
ature change, but care must be taken to ensure that this does not 
have a detrimental effect on the selectivity or reactor yield. 
Alternatively, an extraneous inert material such as steam can be 
used to limit the temperature rise or fall, 
e) Catalyst profiles. If the reactor uses a heterogeneous catalyst 
in which the active material is supported on a porous base, the 
size, shape and distribution of active material within the 
catalyst pellets can be varied, as discussed in Chapter 5. For 
a uniform distribution of active material, smaller pellets 
increase the effectiveness at the expense of an increased 
pressure drop in packed beds, and the shape for the same pellet 
volume generally provides effectiveness in the order: 

Slab > Cylinder > Sphere 

Cylinders have the advantage that they are cheap to manufac¬ 
ture. In addition to varying the shape, the distribution of the 
active material within the pellets can be varied, as illustrated in 
Figure 5.7. For packed-bed reactors, the size and shape of the 
pellets and the distribution of active material within the pellets 
can be varied through the length of the reactor to control the rate 
of heat release (for exothermic reactions) or heat input (for 
endothermic reactions). This involves creating different zones 
in the reactor, each with its own catalyst designs. 

For example, suppose the temperature of a highly exother¬ 
mic reaction needs to be controlled by packing the catalyst 
inside the tubes and passing a cooling medium outside of the 
tubes. If a uniform distribution of catalyst is used, a high heat 
release would be expected close to the reactor inlet, where the 
concentration of feed material is high. The heat release would 
then gradually decrease through the reactor. This typically 
manifests itself as an increasing temperature from the reactor 
inlet, because of a high level of heat release that the cooling 
medium does not remove completely in the early stages, reach¬ 
ing a peak and then decreasing towards the reactor exit as the 
rate of heat release decreases. Using a zone with a catalyst 
design with low effectiveness at the inlet and zones with 
increasing effectiveness through the reactor would control 
the rate of reaction to a more even profile through the reactor, 
allowing better temperature control. 

Alternatively, rather than using a different design of pellet in 
different zones through the reactor, a mixture of catalyst pellets 
and inert pellets can be used to effectively “dilute” the catalyst. 
Varying the mixture of active and inert pellets allows the rate of 
reaction in different parts of the bed to be controlled more 
easily. Using zones with decreasing amounts of inert pellets 
through the reactor would control the rate of reaction to a more 
even profile through the reactor, allowing better temperature 
control. 

As an example, consider the production of ethylene oxide 
examined in Example 6.1. This uses a silver-supported catalyst 
(Waddams, 1978). The reaction system is highly exothermic 


and is carried out inside tubes packed with catalyst, and a 
coolant is circulated around the exterior of the tubes to remove 
the heat of reaction. If a uniform catalyst design is used 
throughout the tubes, a high peak in temperature occurs close 
to the inlet. The peak in the temperature promotes the secondary 
reaction, leading to a high selectivity loss. Using a catalyst 
with lower effectiveness at the reactor inlet can reduce the 
temperature peak and increase the selectivity. It is desirable to 
vary the catalyst design in different zones through the reactor 
to obtain an even temperature profile along the reactor tubes. 

As another example, consider the application of a fixed-bed 
tubular reactor for the production of methanol. Synthesis gas (a 
mixture of hydrogen, carbon monoxide and carbon dioxide) 
is reacted over a copper-based catalyst (Supp, 1973). The main 
reactions are: 

CO + 2H 2 . CH 3 OH 

carbon hydrogen methanol 

monoxide 

co 2 + h 2 . co +h 2 o 

carbon hydrogen monoxide water 

dioxide 

The first reaction is exothermic and the second is endothermic. 
Overall, the reaction evolves considerable heat. Figure 6.2 
shows two alternative reactor designs (Supp, 1973). 
Figure 6.2a shows a shell-and-tube type of device that generates 
steam on the shell side. The temperature profile shows a peak 
shortly after the reactor inlet because of a high rate of reaction 
close to the inlet. The temperature then comes back into control. 
The temperature profile through the reactor in Figure 6.2a is 
seen to be relatively smooth. Figure 6.2b shows an alternative 
reactor design that uses cold-shot cooling. In contrast to the 
tubular reactor, the cold-shot reactor in Figure 6.2b experiences 
significant temperature fluctuations. Such fluctuations can, 
under some circumstances, cause accidental catalyst overheat¬ 
ing and shorten catalyst life. 

Even if the reactor temperature is controlled within accept¬ 
able limits, the reactor effluent may need to be cooled rapidly, or 
quenched, for example, to stop the reaction quickly in order to 
prevent excessive byproduct formation. This quench can be 
accomplished by indirect heat transfer using conventional heat 
transfer equipment or by direct heat transfer by mixing with 
another fluid. A commonly encountered situation is one in 
which gaseous products from a reactor need rapid cooling, 
which is accomplished by mixing with a liquid that evaporates. 
The heat required to evaporate the liquid causes the gaseous 
products to cool rapidly. The quench liquid can be a recycled, 
cooled product or an inert material such as water. 

In fact, cooling of the reactor effluent by direct heat transfer 
can be used for a variety of reasons: 

• The reaction is very rapid and must be stopped quickly to 
prevent excessive byproduct formation. 

• The reactor products are so hot or corrosive that if passed 
directly to a heat exchanger special materials of con¬ 
struction or an expensive mechanical design would be 
required. 
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Figure 6.2 

Two alternative reactor designs for methanol production give quite different thermal profiles. 


• The reactor product cooling would cause excessive fouling 
in a conventional exchanger. 

The liquid used for the direct heat transfer should be chosen 
such that it can be separated easily from the reactor product and 
hence recycled with minimum expense. Use of extraneous 
materials, that is, materials that do not already exist in the 
process, should be avoided if possible because of the following 
reasons: 

• Extraneous material can create additional separation prob¬ 
lems, requiring new separations that do not exist inherently 
within the process. 

• The introduction of extraneous material can create new 
problems in achieving product purity specifications. 

• It is often difficult to separate and recycle extraneous 
material with high efficiency. Any material not recycled 
can become an environmental problem. As shall be dis¬ 
cussed later, the best way to deal with effluent problems is 
not to create them in the first place. 


6.2 Catalyst Degradation 

The performance of most catalysts deteriorates with time (Butt 
and Petersen, 1988; Rase, 1990; Wijngaarden, Kronberg and 
Westerterp, 1998). The rate at which the deterioration takes place 
is not only an important factor in the choice of catalyst and reactor 
conditions but also the reactor configuration. 

Loss of catalyst performance can occur in a number of ways: 

a) Physical loss. Physical loss is particularly important with 
homogeneous catalysts, which need to be separated from 
reaction products and recycled. Unless this can be done 
with high efficiency, it leads to physical loss (and subsequent 
environmental problems). However, physical loss, as a prob¬ 
lem, is not restricted to homogeneous catalysts. It also can be a 
problem with heterogeneous catalysts. This is particularly the 
case when catalytic fluidized-bed reactors (to be discussed 
later) are employed. Catalyst particles are held in suspension 
and are mixed by the upward flow of a gas stream that is blown 
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through the catalyst bed. Attrition of the particles causes the 
catalyst particles to be broken down in size. Particles carried 
over from the fluidized bed by entrainment are normally 
separated from the reactor effluent and recycled to the bed. 
However, the finest particles are not separated and recycled, 
and are lost. 

b) Surface deposits. The formation of deposits on the surface of 
solid catalysts introduces a physical barrier to the reacting 
species. The deposits are most often insoluble (in liquid- 
phase reactions) or nonvolatile (in gas-phase reactions) 
byproducts of the reaction. An example of this is the 
formation of carbon deposits (known as coke ) on the surface 
of catalysts involved in hydrocarbon reactions. Such coke 
formation can sometimes be suppressed by suitable adjust¬ 
ment of the feed composition. If coke formation occurs, the 
catalyst can often be regenerated by air oxidation of the 
carbon deposits at elevated temperatures. 

c) Sintering. With high-temperature gas-phase reactions that use 
solid catalysts, sintering of the support or the active material 
can occur. Sintering is a molecular rearrangement that occurs 
below the melting point of the material and causes a reduction 
in the effective surface area of the catalyst. This problem is 
accelerated if poor heat transfer or poor mixing of reactants 
leads to local hot spots in the catalyst bed. Sintering can also 
occur during regeneration of catalysts to remove surface 
deposits of carbon by oxidation at elevated temperatures. 
Sintering can begin at temperatures as low as half the melting 
point of the catalyst. 

d) Poisoning. Poisons are materials that chemically react with, 
or form strong chemical bonds, with the catalyst. Such 
reactions degrade the catalyst and reduce its activity. Poisons 
are usually impurities in the raw materials or products of 
corrosion. They can either have a reversible or irreversible 
effect on the catalyst. 

e) Chemical change. In theory, a catalyst should not undergo 
chemical change. However, some catalysts can slowly change 
chemically, with a consequent reduction in activity. 

The rate at which the catalyst is lost or degrades has a major 
influence on the design of the reactor. Deterioration in performance 
lowers the rate of reaction, which, for a given reactor design, 
manifests itself as a lowering of conversion with time. An operat¬ 
ing policy of gradually increasing the temperature of the reactor 
through time can often be used to compensate for this deterioration 
in performance. However, significant increases in temperature can 
degrade selectivity considerably and can often accelerate the 
mechanisms that cause catalyst degradation. 

If degradation is rapid, the reactor configuration must make 
provision either by having standby capacity or by removing the 
catalyst from the bed on a continuous basis. This will be discussed 
in more detail later, when considering reactor configuration. In 
addition to the cost implications, there are also environmental 
implications, since the lost or degraded catalyst represents waste. 
While it is often possible to recover useful materials from the 
degraded catalyst and recycle those materials in the manufacture of 
new catalyst, this still inevitably creates waste since the recovery of 
material can never be complete. 


Gas 

Film 


P « 


Interface 

Gas 1 Liquid 



Figure 6.3 

The gas-liquid interface. 


6.3 Gas-Liquid and 
Liquid-Liquid Reactors 

There are many reactions involving more than one reactant, where 
the reactants are fed in different phases as gas-liquid or liquid- 
liquid mixtures. This might be inevitable because the feed material 
is inherently in different phases at the inlet conditions. Alterna¬ 
tively, it might be desirable to create two-phase behavior in order to 
remove an unwanted component from one of the phases or to 
improve the selectivity. If the reaction is two-phase, then it is 
necessary that the phases be intimately mixed so that mass transfer 
of the reactants between phases can take place effectively. The 
overall rate of reaction must take account of the mass transfer 
resistance in order to bring the reactants together as well as the 
resistance of the chemical reactions. The three aspects of mixing, 
mass transfer and reaction can present widely differing difficulties, 
depending on the problem. 

1) Gas-liquid reactors. Gas-liquid reactors are quite common. 
Gas-phase components will normally have a small molar mass. 
Consider the interface between a gas and a liquid that is 
assumed to have a flow pattern giving a stagnant film in the 
liquid and the gas on each side of the interface, as illustrated in 
Figure 6.3. The bulk of the gas and the liquid are assumed to 
have a uniform concentration. It will be assumed here that 
Reactant A must transfer from the gas to the liquid for the 
reaction to occur. There is diffusional resistance in the gas film 
and the liquid film. 

Consider an extreme case in which there is no resistance to 
reaction and all of the resistance is due to mass transfer. The rate 
of mass transfer is proportional to the interfacial area and the 
concentration of the driving force. An expression can be written 
for the rate of transfer of Component i from gas to liquid 
through the gas film per unit volume of reaction mixture: 

No., = k G j A,(p G; - p u ) (6.3) 
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where N G j 
kG,i 

A/ 

Pgj 


Pij 


rate of transfer of Component i in the gas 

film (kmols -1 m -3 ) 

mass transfer coefficient in the gas film 

(kmolPa _1 m _2 -s _1 ) 

interfacial area per unit volume (m 2 m -3 ) 

partial pressure of Component i in the bulk 

gas phase (Pa) 

partial pressure of Component i at the 
interface (Pa) 


An expression can also be written for the rate of transfer 
of Component i through the liquid hint, per unit volume of 
reaction mixture: 


N u = k u Ai(C/j - C u ) (6.4) 


where N L j 

k-L,i 

A/ 

C u 

C L , 


= rate of transfer of Component i in the liquid 
film (kmols -1 m -3 ) 

= mass transfer coefficient in the liquid film 
(m-s -1 ) 

= interfacial area per unit volume (m 2 -m -3 ) 

= concentration of Component i at the 
interface (kmolm -3 ) 

= concentration of Component i in the bulk 
liquid phase (kmol-m -3 ) 


If equilibrium conditions at the interface are assumed to be 
described by Henry’s Law (see Appendix A): 

Pu = HiXu 

Hi (6.5) 

= —C/i 

Pl 


where //, 
Xi,i 


Cu 

Pl 


= Henry’s Law constant for Component i (Pa) 
= mole fraction of Component i in the liquid at 
the interface (-) 

= concentration of Component i in the liquid at 
the interface (kmol m -3 ) 

= molar density of the liquid phase (kmol m -3 ) 


The Henry’s Law constant varies between different gases 
and must be determined experimentally. If steady state is 
assumed (N G j = N Li = Nj), then Equations 6.3, 6.4 and 6.5 
can be combined to obtain 


N> = 


1 


- + 


1 Hi 


kc.Ai k L[ A/p L 


Hi 

P Gi - -Cl 

Pl 


( 6 . 6 ) 


or 


Ni = K gl , iA, 




(6.7) 


where 

1 1 1 Hi 

-=-1- 

KgljA] k G jA[ kpiA, p L 


( 6 . 8 ) 


K GLi = overall mass transfer coefficient (kmol-Pa 1 m 2 -s ') 
and k Gi , k L i and A, are functions of physical properties and the 


contacting arrangement. The first term on the right-hand side of 
Equation 6.8 represents the gas-film resistance and the second 
term, the liquid-film resistance. If k G i is large relative to kjJHi, 
the mass transfer is liquid-film controlled. This is the case for 
low solubility gases (//, is large). If k L i /Hi is large relative to 
k Gi , it is gas-film controlled. This is the case for highly soluble 
gases (Hi is small). 

The solubility of gases varies widely. Gases with a low solu¬ 
bility (e.g. N 2 , 0 2 ) have large values of the Henry's Law 
coefficient. This means that the liquid-film resistance in Equa¬ 
tion 6.8 is large relative to the gas-film resistance. On the other 
hand, if the gas is highly soluble (e.g. C0 2 , NH 3 ), the Heniy ’ sLaw 
coefficient is small. This leads to the gas-film resistance being 
large relative to the liquid-film resistance in Equation 6.8. Thus: 

• liquid-film resistance controls for gases with low solubility; 

• gas-film resistance controls for gases with high solubility. 

The capacity of a gas to dissolve in a liquid is determined by 

the solubility of the gas. The capacity of a liquid to dissolve a 
gas is increased if it reacts with a species in the liquid. 

Now consider the effect of chemical reaction. If the reaction 
is fast, its effect is to reduce the liquid-film resistance. The result 
is an effective increase in the overall mass transfer coefficient. 
The capacity of the liquid is also increased. 

If the reaction is slow, there is a small effect on the overall 
mass transfer coefficient. The driving force for mass transfer 
will be greater than that for physical absorption alone, as a result 
of the dissolving gas reacting and not building up in the bulk 
liquid to the same extent as with pure physical absorption. 

Figure 6.4 illustrates some of the arrangements that can be 
used to carry out gas-liquid reactions. The first arrangement in 
Figure 6.4a shows a countercurrent arrangement where plug- 
flow is induced in both the gas and the liquid. Packing material 
or trays can be used to create an interfacial area between the gas 
and the liquid. In some cases, the packed bed might be a 
heterogeneous solid catalyst rather than an inert material. 

Figure 6.4b shows a packed-bed arrangement where plug 
flow is induced in both the gas and the liquid, but both phases 
are flowing cocurrently. This, in general, will give a poorer 
performance than the countercurrent arrangement in 
Figure 6.4a. However, the cocurrent arrangement, known as 
a trickle-bed reactor, might be necessary if the flow of gas is 
much greater than the flow of liquid. This can be the case for 
some gas-liquid reactions involving a heterogeneous catalyst 
with a large excess of the gas phase. A continuous gas phase and 
a liquid phase in the form of films and rivulets characterizes the 
flow pattern. Countercurrent contacting might well be preferred 
but a large flow of gas makes this extremely difficult. 

Another way to provide cocurrent plug flow for both phases 
is to feed both phases to a pipe containing an in-line static 
mixer, as shown in Figure 6.4c. Various designs of static mixer 
are available, but mixing is usually promoted by repeatedly 
changing the direction of flow within the device as the liquid 
and gas flow through. This will give a good approximation to 
plug flow in both phases with cocurrent flow. Static mixers are 
particularly suitable when a short residence time is required. 

Figure 6.4d shows a spray column. This approximates 
mixed-flow behavior in the gas phase and plug flow in the 
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(a) Countercurrent (b) Cocurrent (c) In-line static (d) Spray column. (e) Bubble column. (f) Agitated tanks, 

packed bed or plate packed bed. mixer, 

column. 


Figure 6.4 

Contacting patterns for gas-liquid reactors. 


liquid phase. The arrangement tends to induce a high gas-film 
mass transfer coefficient and a low liquid-film mass transfer 
coefficient. As the liquid film will tend to be controlling, the 
arrangement should be avoided when reacting a gas that has a 
low solubility (large values of Henry’s Law coefficient). The 
spray column will generally give a lower driving force than a 
countercurrent packed column, but might be necessary if, for 
example, the liquid contains solids, or solids are formed in the 
reaction. If the reaction has a tendency to foul a packed bed, a 
spray column might be preferred for reasons of practicality. 

Figure 6.4e shows a bubble column. This approximates plug 
flow in the gas phase and mixed flow in the liquid phase. The 
arrangement tends to induce a low gas-film mass transfer 
coefficient and a high liquid-film mass transfer coefficient. 
As the gas film will tend to be controlling, the arrangement 
should be avoided when reacting a gas with a high solubility 
(small values of Henry’s Law coefficient). Although the bubble 
column will tend to have a lower performance than a counter- 
current packed bed, the arrangement has two advantages over a 
packed bed. First, the liquid hold-up per unit reactor volume is 
higher than a packed bed, which gives a greater residence time 
for a slow reaction for a given liquid flowrate. Second, if the 
liquid contains a dispersed solid (e.g. a biochemical reaction 
using microorganisms), then a packed bed will rapidly become 
clogged. A disadvantage is that it will be ineffective if the liquid 
is highly viscous. 


Finally, Figure 6.4f shows an agitated tank in which the gas 
is sparged through the liquid. This approximates mixed-flow 
behavior in both phases. The driving force is low relative to a 
countercurrent packed bed. However, there may be practical 
reasons to use a sparged agitated vessel. If the liquid is viscous 
(e.g. a biochemical reaction using microorganisms), the agita¬ 
tor allows the gas to be dispersed as small bubbles and the liquid 
to be circulated to maintain good contact between the gas and 
the liquid. 

Of the contacting patterns in Figure 6.4, countercurrent 
packed beds offer the largest mass transfer driving force and 
agitated tanks the lowest. 

The influence of temperature on gas-liquid reactions is more 
complex than homogeneous reactions. As the temperature 
increases: 

• the rate of reaction increases, 

• solubility of the gas in the liquid decreases, 

• rates of mass transfer increase, 

• volatility of the liquid phase increases, decreasing the partial 
pressure of the dissolving gas in Equation 6.6. 

Some of these effects have an enhancing influence on the 
overall rate of reaction. Others will have a detrimental effect. 
The relative magnitude of these effects will depend on the 
system in question. To make matters worse, if multiple reactions 
are being considered that are reversible and that also produce 
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byproducts, all of the factors discussed in Chapter 5 regarding 
the influence of temperature also apply to gas-liquid reactions. 

Added to this, the mass transfer can also influence the 
selectivity. For example, consider a system of two parallel 
reactions in which the second reaction produces an unwanted 
byproduct and is slow relative to the primary reaction. The 
dissolving gas species will tend to react in the liquid film and 
not reach the bulk liquid in significant quantity for further 
reaction to occur there to form the byproduct. Thus, in this case, 
the selectivity would be expected to be enhanced by the mass 
transfer between the phases. In other cases, little or no influence 
can be expected. 

2) Liquid-liquid reactors. Examples of liquid-liquid reactions 
are the nitration and sulfonation of organic liquids. Much of the 
discussion for gas-liquid reactions also applies to liquid-liquid 
reactions. In liquid-liquid reactions, mass needs to be trans¬ 
ferred between two immiscible liquids for the reaction to take 
place. However, rather than gas- and liquid-film resistance, as 
shown in Figure 6.3, there are two liquid-film resistances. The 
reaction may occur in one phase or both phases simultaneously. 
Generally, the solubility relationships are such that the extent of 
the reactions in one of the phases is so small that it can be 
neglected. 

For the mass transfer (and, hence, reaction) to take place, 
one liquid phase must be dispersed in the other. A decision must 
be made as to which phase should be dispersed in a continuous 


phase of the other. In most cases, the liquid with the smaller 
volume flowrate will be dispersed in the other. The overall mass 
transfer coefficient depends on the physical properties of the 
liquids and the interfacial area. In turn, the size of the liquid 
droplets and the volume fraction of the dispersed phase in the 
reactor govern the interfacial area. Dispersion requires the input 
of power either through an agitator or by pumping of the 
liquids. The resulting degree of dispersion depends on the 
power input, interfacial tension between the liquids and their 
physical properties. While it is generally desirable to have a 
high interfacial area and, therefore, small droplets, too effective 
dispersion might lead to the formation of an emulsion that is 
difficult to separate after the reactor. 

Figure 6.5 illustrates some of the arrangements that can be 
used for liquid-liquid reactors. The first arrangement shown in 
Figure 6.5a is a packed bed in which the two liquids flow 
countercurrently. This is similar to Figure 6.4a for gas-liquid 
reactions. Plates can also be used to create the contact between 
the two liquid phases, rather than a packed bed. This arrange¬ 
ment will approximate plug-flow in both phases. 

Figure 6.5b shows a multistage agitated contactor. A large 
number of stages and low backmixing will tend to approximate 
plug flow in both phases. However, the closeness to plug flow 
will depend on the detailed design. 

Figure 6.5c shows an in-line static mixer. Dispersion is 
usually promoted by repeatedly changing the direction of flow 
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Figure 6.5 

Contacting patterns for liquid-liquid reactors. 
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locally within the mixing device as the liquids are pumped 
through. This will give a good approximation to plug-flow in 
both phases in cocurrent flow. As with gas-liquid reactors, 
static mixers are particularly suitable when a short residence 
time is required. 

Figure 6.5d shows a spray column in which the light liquid is 
dispersed. This approximates plug-flow in the light liquid phase 
and mixed-flow behavior in the heavy liquid phase. Figure 6.5e 
shows a spray column in which the heavy liquid is dispersed. 
This approximates mixed flow in the light liquid phase and plug- 
flow behavior in the heavy liquid phase. Spray columns will 
generally give a lower driving force than countercurrent packed 
columns, multistage agitated contactors and in-line static mixers. 

Figure 6.5f shows an agitated tank followed by a settler in a 
mixer-settler arrangement, which will exhibit mixed-flow in 
both phases. Although Figure 6.5f shows a single-stage agi¬ 
tated tank and settler, a number of agitated tanks, each 
followed by a settler, can be connected together. For such a 
cascade of mixer-settler devices, the two liquid phases can be 
made to flow countercurrently through the cascade. The more 
stages that are used, the more the cascade will tend to 
countercurrent plug-flow behavior. Rather than a counter- 
current flow arrangement through the cascade, a cross-flow 
arrangement can be used in which one of the phases is 
progressively added and removed at different points through 
the cascade. Such a flow arrangement can be useful if the 
reaction is limited by chemical equilibrium. If removal of the 
liquid removes the product that has formed, the reaction can be 
forced to a higher conversion than that of a countercurrent 
arrangement, as discussed in Chapter 5. 

6.4 Reactor Configuration 

Consider now the more common types of reactor configuration and 

their use: 

1) Tubular reactors. Although tubular reactors often take the 
actual form of a tube, they can be any reactor in which there is 
steady movement only in one direction. If heat needs to be 
added or removed as the reaction proceeds, the tubes may be 
arranged in parallel, in a construction similar to a shell-and-tube 
heat exchanger. Here, the reactants are fed inside the tubes and a 
cooling or heating medium is circulated around the outside of 
the tubes. If a high temperature or high heat flux into the reactor 
is required, then the tubes are constructed in the radiant zone of 
a furnace. 

Because tubular reactors approximate plug flow, they are 
used if careful control of residence time is important, as is the 
case where there are multiple reactions in series. A high ratio of 
heat transfer surface area to volume is possible, which is an ad¬ 
vantage if high rates of heat transfer are required. It is sometimes 
possible to approach isothermal conditions or a predetermined 
temperature profile by careful design of the heat transfer 
arrangements. 

Tubular reactors can be used for multiphase reactions, as 
discussed in the previous section. However, it is often difficult 


to achieve good mixing between phases, unless static mixer 
tube inserts are used. 

One mechanical advantage tubular devices have is when 
high pressure is required. Under high-pressure conditions, a 
small-diameter cylinder requires a thinner wall than a large- 
diameter cylinder. 

2) Stirrecl-tank reactors. Stirred-tank reactors consist simply of 
an agitated tank and are used for reactions involving a liquid. 
Applications include: 

• homogeneous liquid-phase reactions, 

• heterogeneous gas-liquid reactions, 

• heterogeneous liquid-liquid reactions, 

• heterogeneous solid-liquid reactions, 

• heterogeneous gas-solid-liquid reactions. 

Stirred-tank reactors can be operated in batch, semi-batch, 

or continuous mode. In batch or semi-batch mode: 

• operation is more flexible for variable production rates or for 
manufacture of a variety of similar products in the same 
equipment; 

• labor costs tend to be higher (although this can be overcome 
to some extent by use of computer control). 

In continuous operation, automatic control tends to be more 
straightforward (leading to lower labor costs and greater con¬ 
sistency of operation). 

In practice, it is often possible with stirred-tank reactors to 
come close to the idealized mixed-flow model, providing the 
fluid phase is not too viscous. For homogenous reactions, such 
reactors should be avoided for some types of parallel reaction 
systems (see Figure 4.6) and for all systems in which byproduct 
formation is via series reactions. 

Stirred-tank reactors become unfavorable if the reaction 
must take place at high pressure. Under high-pressure condi¬ 
tions, a small-diameter cylinder requires a thinner wall than a 
large-diameter cylinder. Under high-pressure conditions, use of 
a tubular reactor is preferred, although mixing problems with 
heterogeneous reactions and other factors may prevent this. 
Another important factor to the disadvantage of the continuous 
stirred-tank reactor is that, for a given conversion, it requires a 
large inventory of material relative to a tubular reactor. This is 
not desirable for safety reasons if the reactants or products are 
particularly hazardous. 

Heat can be added to or removed from stirred-tank reactors 
via external jackets (Figure 6.6a), internal coils (Figure 6.6b) or 
separate heat exchangers by means of a flow loop (Figure 6.6c). 
Figure 6.6d shows vaporization of the contents being con¬ 
densed and refluxed to remove heat. A variation on Figure 6.6d 
would not reflux the evaporated material back to the reactor, 
but would remove it as a product. Removing evaporated 
material in this way if it is a product or byproduct of a reversible 
reaction can be used to increase equilibrium conversion, as 
discussed in Chapter 5. 

If plug flow is required, but the volume of the reactor is large, 
then plug-flow operation can be approached by using stirred 
tanks in series, since large volumes are often more economi¬ 
cally arranged in stirred tanks than in tubular devices. This can 
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(a) Stirred tank with external jacket. (b) Stirred tank with internal coil. 




(c) Stirred tank with external heat exchanger. (d) Stirred tank with reflux for heat removal. 

Figure 6.6 

Heat transfer to and from stirred tanks. 


also offer the advantage of better temperature control than the 
equivalent tubular reactor arrangement. 

3) Fixed-bed catalytic reactors. Here, the reactor is packed with 
particles of solid catalyst. Most designs approximate to 
plug-flow behavior. The simplest form of fixed-bed catalytic 
reactor uses an adiabatic arrangement, as shown in 
Figure 6.7a. If adiabatic operation is not acceptable because 
of a large temperature rise for an exothermic reaction, or a 
large decrease for an endothermic reaction, then cold shot or 
hot shot can be used, as shown in Figure 6.7b. Alternatively, 
a series of adiabatic beds with intermediate cooling or 
heating can be used to maintain temperature control, as 
shown in Figure 6.7c. The heating or cooling can be 
achieved by internal or external heat exchangers. Tubular 
reactors similar to a shell-and-tube heat exchanger can be 
used, in which the tubes are packed with catalyst, as shown 
in Figure 6.7d. The heating or cooling medium circulates 
around the outside of the tubes. 

Generally, temperature control in fixed beds is difficult 
because heat loads vary through the bed. The temperature 
inside catalyst pellets can be significantly different from the 
bulk temperature of the reactants flowing through the bed, due 
to the diffusion of reactants through the catalyst pores to 
the active sites for reaction to occur. In exothermic reactors, 
the temperature in the catalyst can become locally excessive. 
Such “hot spots” can cause the onset of undesired reactions or 
catalyst degradation. In tubular devices such as shown in 
Figure 6.7d, the smaller the diameter of tube, the better is 
the temperature control. As discussed in Section 6.1, tempera¬ 
ture-control problems also can be overcome by using a profile 
of catalyst through the reactor to even out the rate of reaction 
and achieve better temperature control. 


If the catalyst degrades (e.g. as a result of coke formation 
on the surface), then a fixed-bed device will have to be taken 
off-line to regenerate the catalyst. This can either mean shutting 
down the plant or using a standby reactor. If a standby reactor is 
to be used, two reactors are periodically switched, keeping one 
online while the other is taken off-line to regenerate the catalyst. 
Several reactors might be used in this way to maintain an overall 
operation that is close to steady state. However, if frequent 
regeneration is required, then fixed beds are not suitable, and 
under these circumstances a moving bed or a fluidized bed is 
preferred, as will be discussed later. 

Gas-liquid mixtures are sometimes reacted in catalytic 
packed beds. Different contacting methods for gas-liquid 
reactions have been discussed in Section 6.3. 

4) Fixed-bed noncatalytic reactors. Fixed-bed noncatalytic 
reactors can be used to react a gas and a solid. For example, 
hydrogen sulfide can be removed from fuel gases by reaction 
with ferric oxide: 

Fe 2 0 3 + 3H 2 S —> Fe 2 S 3 +3H 2 0 

ferric oxide hydrogen ferric 

sulfide sulfide 

The ferric oxide is regenerated using air: 

2Fe 2 S 3 + 30 2 —- 2Fe 2 0 3 + 6S 

Two fixed-bed reactors can be used in parallel, one reacting 
and the other regenerating. However, there are many dis¬ 
advantages in carrying out this type of reaction in a packed 
bed. The operation is not under steady-state conditions, and 
this can present control problems. Eventually, the bed must 
be taken off-line to replace the solid. Fluidized beds (to be 
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Figure 6.7 

Heat transfer arrangements for fixed-bed catalytic reactors. 


discussed later) are usually preferred for gas-solid noncata- 
lytic reactions. 

Fixed-bed reactors in the form of gas absorption equipment 
are used commonly for noncatalytic gas-liquid reactions, ffere, 
the packed bed serves only to give good contact between the gas 
and liquid. Both cocurrent and countercurrent operations are 
used. Countercurrent operation gives the highest reaction rates. 
Cocurrent operation is preferred if a short liquid residence time 
is required or if the gas flowrate is so high that countercurrent 
operation is difficult. 

For example, hydrogen sulfide and carbon dioxide can be 
removed from natural gas by reaction with monoethanolamine 
in an absorber, according to the following reactions (Kohl and 
Riesenfeld, 1979): 

HOCH 2 CH 2 NH 2 + H 2 S , HOCH 2 CH 2 NH 3 HS 

monoethanolamine hydrogen monoethanolamine 

sulfide hydrogen sulfide 

HOCH 2 CH 2 NH 2 + C0 2 + H 2 Q :- H0CH 2 CH 2 NH 3 HC0 3 

monoethanolamine carbon monoethanolamine 

dioxide hydrogen carbonate 

These reactions can be reversed in a stripping column. The 
input of heat in the stripping column releases the hydrogen 
sulfide and carbon dioxide for further processing. The mono¬ 
ethanolamine can then be recycled. 

5) Moving-bed catalytic reactors. If a solid catalyst degrades 
in performance, the rate of degradation in a fixed bed 
might be unacceptable. In this case, a moving-bed reactor 


can be used. Flere, the catalyst is kept in motion by the 
feed to the reactor and the product. This makes it possible 
to remove the catalyst continuously for regeneration. An 
example of a refinery hydrocracker reactor is illustrated in 
Figure 6.8a. 

6) Fluidized-bed catalytic reactors. In fluidized-bed reactors, 
solid material in the form of fine particles is held in suspension 
by the upward flow of the reacting fluid. The effect of the rapid 
motion of the particles is good heat transfer and temperature 
uniformity. This prevents the formation of the hot spots that can 
occur with fixed-bed reactors. 

The performance of fluidized-bed reactors is not approxi¬ 
mated by either the mixed-flow or plug-flow idealized models. 
The solid phase tends to be in mixed flow, but the bubbles lead 
to the gas phase behaving more like plug flow. Overall, the 
performance of a fluidized-bed reactor often lies somewhere 
between the mixed-flow and plug-flow models. 

In addition to the advantage of high heat transfer rates, 
fluidized beds are also useful in situations where catalyst parti¬ 
cles need frequent regeneration. Under these circumstances, 
particles can be removed continuously from the reactor bed, 
regenerated and recycled back to the bed. In exothermic 
reactions, the recycling of catalyst can be used to remove heat 
from the reactor, or in endothermic reactions it can be used to add 
heat. 

One disadvantage of fluidized beds, as discussed previ¬ 
ously, is that attrition of the catalyst can cause the generation of 
catalyst fines, which are then carried over from the bed and lost 
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(a) Moving-bed hydrocracker reactor. 


(b) Fluidized-bed catalytic cracker reactor. 


Figure 6.8 

A moving bed or fluidized bed allows the catalyst to be continuously withdrawn and regenerated. 


from the system. This carryover of catalyst fines sometimes 
necessitates cooling the reactor effluent through direct contact 
heat transfer by mixing with a cold fluid, since the fines tend to 
foul conventional heat exchangers. 

Figure 6.8b shows the essential features of a petroleum 
refinery catalytic cracker. Large molar mass hydrocarbon 
molecules are made to crack into smaller hydrocarbon 
molecules in the presence of a solid catalyst. The liquid 
hydrocarbon feed is atomized as it enters the catalytic 
cracking reactor and is mixed with the catalyst particles 
being carried by a flow of steam or light hydrocarbon gas. 
The mixture is carried up the riser and the reaction is 
essentially complete at the top of the riser. However, the 
reaction is accompanied by the deposition of carbon (coke) 
on the surface of the catalyst. The catalyst is separated from 
the gaseous products at the top of the reactor. The gaseous 
products leave the reactor and go on for separation. The 
catalyst flows to a regenerator in which air is contacted with 
the catalyst in a fluidized bed. The air oxidizes the carbon 
that has been deposited on the surface of the catalyst, forming 
carbon dioxide and carbon monoxide. The regenerated cata¬ 
lyst then flows back to the reactor. The catalytic cracking 
reaction is endothermic and the catalyst regeneration is 
exothermic. The hot catalyst leaving the regenerator provides 
the heat of reaction to the endothermic cracking reactions. 
The catalyst, in this case, provides a dual function of both 
catalyzing the reaction and exchanging heat between the 
reactor and regenerator. 

7) Fluidized-bed noncatalytic reactors. Fluidized beds are also 
suited to gas-solid noncatalytic reactions. All the advantages 


described earlier for gas-solid catalytic reactions apply here. 
As an example, limestone (principally calcium carbonate) can 
be heated to produce calcium oxide in a fluidized-bed reactor 
according to the reaction: 

CaCC >3 -■* CaO + CO 2 

Air and fuel fluidize the solid particles, which are fed to the bed 
and burnt to produce the high temperatures necessary for the 
reaction. 

8) Kilns. Reactions involving free-flowing solid, paste and slurry 
materials can be carried out in kilns. In a rotary kiln, a 
cylindrical shell is mounted with its axis making a small angle 
to the horizontal and rotated slowly. The solid material to be 
reacted is fed to the elevated end of the kiln and tumbles down 
the kiln as a result of the rotation. The behavior of the reactor 
usually approximates plug flow. High-temperature reactions 
demand refractory lined steel shells and are usually heated by 
direct firing. An example of a reaction carried out in such a 
device is the production of hydrogen fluoride: 

CaF 2 + H2SO4 —► 2HF + CaS0 4 

calcium sulfuric hydrogen calcium 
flouride acid flouride sulfate 

Other designs of kilns use static shells rather than rotating shells 
and rely on mechanical rakes to move solid material through the 
reactor. 

Having discussed the choice of reactor type and operating 
conditions, consider two examples. 
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Example 6.2 Monoethanolamine is required as a product. 
This can be produced from the reaction between ethylene oxide 
and ammonia (Waddams, 1978): 

H,C-CH, + NH,->NH,CH,CH,OH 

2 w 2 

o 

ethylene oxide ammonia monoethanolamine 

Two principal secondary reactions occur to form diethanolamine 
and triethanolamine: 

NH 2 CH 2 CH 2 OH + H 2 C-CH 2 -> NH(CH 2 CH 2 OH) 2 

O 

monoethanolamine ethylene oxide diethanolamine 

NH(CH 2 CH 2 OH) 2 + H 2 C-CH 2 -> N(CH 2 CH 2 OH) 3 

O 

diethanolamine ethylene oxide triethanolamine 

The secondary reactions are parallel with respect to ethylene 
oxide but are in series with respect to monoethanolamine. Mono¬ 
ethanolamine is more valuable than both the di- and triethanol¬ 
amine. As a first step in the flowsheet synthesis, make an initial 
choice of a reactor that will maximize the production of mono¬ 
ethanolamine relative to di- and triethanolamine. 

Solution As much as possible, the production of di- and trie¬ 
thanolamine needs to be avoided. These are formed by series 
reactions with respect to monoethanolamine. In a mixed-flow 
reactor, part of the monoethanolamine formed in the primary 
reaction could stay for extended periods, thus increasing its 
chances of being converted to di- and triethanolamine. The ideal 
batch or plug-flow arrangement is preferred to carefully control the 
residence time in the reactor. 

Further consideration of the reaction system reveals that the 
ammonia feed takes part only in the primary reaction and in neither 
of the secondary reactions. Consider the rate equation for the 
primary reaction: 

t'l =k\ C e ‘ 0 C n ‘ H3 

where r t = reaction rate of primary reaction 

ki = reaction rate constant for the primary reaction 
C EO = molar concentration of ethylene oxide in the 
reactor 

Cnh 3 = molar concentration of ammonia in the reactor 
a i ,bi = order of primary reaction 


where r 2 , r 3 = rates of reaction to diethanolamine and 
triethanolamine respectively 
k 2 , k 2 = reaction rate constants for the diethanolamine 
and triethanolamine reactions respectively 
Cmea = molar concentration of monoethanolamine 
Cdea = molar concentration of diethanolamine 
a 2 , b 2 = order of reaction for the diethanolamine 
reaction 

a 3 , b 2 = order of reaction for the triethanolamine 
reaction 

An excess of ammonia in the reactor decreases the concen¬ 
trations of monoethanolamine, diethanolamine and ethylene 
oxide and decreases the rates of reaction for both secondary 
reactions. 

Thus, an excess of ammonia in the reactor has a marginal effect 
on the primary reaction but significantly decreases the rate of the 
secondary reactions. Using excess ammonia can also be thought 
of as operating the reactor with a low conversion with respect to 
ammonia. 

The use of an excess of ammonia is borne out in practice 
(Waddams, 1978). A molar ratio of ammonia to ethylene oxide 
of 10:1 yields 75% monoethanolamine, 21% diethanolamine and 
4% triethanolamine. Using equimolar proportions, under the 
same reaction conditions, the respective proportions become 12, 
23 and 65%. 

Another possibility to improve selectivity is to reduce the 
concentration of monoethanolamine in the reactor by using more 
than one reactor with an intermediate separation of the mono¬ 
ethanolamine. Considering the boiling points of the components 
given in Table 6.3, then separation by distillation is apparently 
possible. Unfortunately, repeated distillation operations are 
likely to be very expensive. Also, there is a market to sell 
both di- and triethanolamine even though their value is lower 
than monoethanolamine. Thus, in this case, repeated reaction 
and separation is probably not justified and the choice is a single 
plug-flow reactor. 

An initial setting for the reactor conversion is difficult to make. 
A high conversion increases the concentration of monoethanol¬ 
amine and increases the rates of the secondary reactions. A low 
conversion has the effect of decreasing the reactor capital cost but 
increasing the capital cost of many other items of equipment in the 
flowsheet. Thus, an initial value of 50% conversion is probably as 
good as can be suggested at this stage. 

Table 6.3 


Operation with an excess of ammonia in the reactor has the 
effect of increasing the rate due to the C^h 3 term. However, 
operation with excess ammonia decreases the concentration of 
ethylene oxide, and the effect is to decrease the rate due to the C E0 
term. Whether the overall effect is a slight increase or decrease in 
the reaction rate depends on the relative magnitude of cii and b { . 
Consider now the rate equations for the byproduct reactions: 


r 2 = k 2 C 
r 3 = k 2 C 


«2 r&l 
MEA'-'EO 

«3 

DEA^EO 


Normal boiling points of the components. 


Component 

Normal boiling point (K) 

Ammonia 

240 

Ethylene oxide 

284 

Monoethanolamine 

444 

Diethanolamine 

542 

Triethanolamine 

609 




Example 6.3 Tert -butyl hydrogen sulfate is required as an 
intermediate in a reaction sequence. This can be produced by the 
reaction between isobutylene and moderately concentrated sulfuric 
acid: 

CH 3 ch 3 

I I 

ch 3 —c=ch 2 + h 2 so 4 —> ch 3 —c—ch 3 

oso 3 h 

isobutylene sulfuric tert- butyl 

acid hydrogen sulfate 

Series reactions occur where the tert -butyl hydrogen sulfate reacts to 
form unwanted tert -butyl alcohol: 


CH 3 —C— CH 3 + H 2 0 —=—y CH 3 —C—CH 3 + H 2 S0 4 

OSOjH OH 

tert -butyl water ferf-butyl alcohol sulfuric acid 

hydrogen sulfate 

Other series reactions form unwanted polymeric material. Further 
information on the reaction is: 

• The primary reaction is rapid and exothermic. 

• Laboratory studies indicate that the reactor yield is maximum 
when the concentration of sulfuric acid is maintained at 63% 
(Morrison and Boyd, 1992). 

• The temperature should be maintained around 0 °C or excessive 
byproduct formation occurs (Albright and Goldsby, 1977; 
Morrison and Boyd, 1992). 

Make an initial choice of reactor. 

Solution The byproduct reactions to avoid are all series in 
nature. This suggests that a mixed-flow reactor should not be 
used; instead either a batch or plug-flow reactor should be used. 

However, the laboratory data seem to indicate that maintaining a 
constant concentration in the reactor to maintain 63% sulfuric acid 
in the reactor would be beneficial. Careful temperature control is 
also important. These two factors would suggest that a mixed-flow 
reactor is appropriate. There is a conflict. How can a well-defined 
residence time and a constant concentration of sulfuric acid be 
simultaneously maintained? 

Using a batch reactor, a constant concentration of sulfuric acid 
can be maintained by adding concentrated sulfuric acid as the 
reaction progresses, that is, semi-batch operation. Good tempera¬ 
ture control of such systems can be maintained. 

By choosing to use a continuous rather than a batch reactor, 
plug-flow behavior can be approached using a series of mixed- 
flow reactors. This again allows concentrated sulfuric acid to be 
added as the reaction progresses, in a similar way as suggested 
for some parallel systems in Figure 4.6. Breaking the reactor 
down into a series of mixed-flow reactors also allows good 
temperature control. 

To make an initial setting for the reactor conversion is again 
difficult. The series nature of the byproduct reactions suggests that 
a value of 50% is probably as good as can be suggested at this stage. 
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6.5 Reactor Configuration 
For Heterogeneous Solid- 
Catalyzed Reactions 

Heterogeneous reactions involving a solid supported catalyst form 
an important class of reactors and require special consideration. As 
discussed in the previous section, such reactors can be configured 
in different ways: 

• fixed-bed adiabatic, 

• fixed-bed adiabatic with intermediate cold shot or hot shot, 

• tubular with indirect heating or cooling, 

• moving bed, 

• fluidized bed. 

Of these, fixed-bed adiabatic reactors are the cheapest in terms g 

of capital cost. Tubular reactors are more expensive than fixed-bed 
adiabatic reactors, with the highest capital costs associated with 
moving and fluidized beds. The choice of reactor configuration for 
reactions involving a solid supported catalyst is often dominated by 
the deactivation characteristics of the catalyst. 

If deactivation of the catalyst is very short, then moving- or 
fluidized-bed reactors are required so that the catalyst can be 
withdrawn continuously, regenerated and returned to the reactor. 

The example of refinery catalytic cracking was discussed previ¬ 
ously, as illustrated in Figure 6.8b, where the catalyst is moved 
rapidly from the reaction zone in the riser to regeneration. Here, the 
catalyst deactivates in a few seconds and must be removed from the 
reactor rapidly and regenerated. If the deactivation is slower, then a 
moving bed can be used, as illustrated in Figure 6.8a. This still 
allows the catalyst to be removed continuously, regenerated and 
returned to the reactor. If the catalyst deactivation is slower, of the 
order of a year or longer, then a fixed-bed adiabatic or tubular 
reactor can be used. Such reactors must be taken off-line for the 
catalyst to be regenerated. Multiple reactors can be used with 
standby reactors, such that one of the reactors can be taken off-line 
to regenerate the catalyst, with the process kept running. However, 
there are significant capital cost implications associated with 
standby reactors. 

Thus, the objective of the designer should be to use a fixed-bed 
adiabatic reactor if possible. The reactor conditions and the catalyst 
design can be manipulated to minimize the deactivation. Reactor 
inlet temperature, pressure, composition of the reactants in the 
feed, catalyst shape and size, mixtures of inert catalyst, profiles of 
active material within the catalyst pellets, hot shot, cold shot and 
the introduction of inert gases in the feed can all be manipulated 
with this objective. There are often trade-offs to be considered 
between reactor size, selectivity and catalyst deactivation, as well 
as interactions with the rest of the process. If the temperature 
control requires indirect heating or cooling, then a tubular reactor 
should be considered, with the same variables being manipulated 
along with the heat transfer characteristics. If everything else fails, 
then continuous catalytic regeneration needs to be considered 
(risers, fluidized beds and moving beds). 
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6.6 Reactor Configuration 
Summary 


the decisions for the reactor must be made when the process 
design has progressed further to understand the full consequences 
of those decisions. 


In choosing the reactor, the overriding consideration is usually the 
raw materials efficiency (bearing in mind materials of construction, 
safety, etc.). Raw materials costs are usually the most important 
costs in the whole process. Also, any inefficiency in the use of raw 
materials is likely to create waste streams that become an environ¬ 
mental problem. The reactor creates inefficiency in the use of raw 
materials in the following ways: 

• If low conversion is obtained and unreacted feed material is 
difficult to separate and recycle. 

• Through the formation of unwanted byproducts. Sometimes, 
the byproduct has value as a product in its own right; sometimes, 
it simply has value as fuel. Sometimes, it is a liability and 
requires disposal in expensive waste treatment processes. 

• Impurities in the feed can undergo reaction to form additional 
byproducts. This is best avoided by purification of the feed 
before reaction. 


6.7 Exercises 

1. Chlorobenzene is manufactured by the reaction between ben¬ 
zene and chlorine. A number of secondary reactions occur to 
form undesired byproducts: 

C 6 H 6 + Cl 2 -» C 6 H 5 C1 + HC1 

C 6 H 5 C1 + Cl 2 -» QH 4 CI 2 + HC1 

C 6 H 5 C1 2 + Cl 2 -> C 6 H 3 C1 3 + HC1 

Make an initial choice of reactor type. 

2. lOOOkmol of A and 2000 kmol of B react at 400 K to form 
C and D , according to the reversible reaction: 

A+B , ' C+D 


Temperature control of the reactor can be achieved through: 

• cold shot and hot shot, 

• indirect heat transfer, 

• heat carriers, 

• catalyst profiles. 

In addition, it is common to have to quench the reactor effluent 
to stop the reaction quickly or to avoid problems with conventional 
heat transfer equipment. 

Catalyst degradation can be a dominant issue in the choice of 
reactor configuration, depending on the rate of deactivation. Slow 
deactivation can be dealt with by periodic shutdown and regenera¬ 
tion or by replacement of the catalyst. If this is not acceptable, then 
standby reactors can be used to maintain plant operation. If 
deactivation is rapid, then moving-bed and fluidized-bed reactors, 
in which catalyst is removed continuously for regeneration, might 
be the only option. 

When dealing with gas-liquid and liquid-liquid reactions, mass 
transfer can be as equally important a consideration as reaction. 

Reactor configurations for conventional designs can be catego¬ 
rized as: 


The reaction takes place in a gas phase. Component C is the 
desired product and the equilibrium constant at 400 K is K a = 1. 
Assuming ideal gas behavior, calculate the equilibrium 
conversion and explain what advantage may be gained by 
employing a reactor in which C is continuously removed from 
the reaction mixture so as to keep its partial pressure low. 

3. Components A and G react by three simultaneous reactions 
to form three products, one that is desired (D) and two that are 
undesired (U and W). These gas-phase reactions, together with 
their corresponding rate laws, are given below. 

Desired product: 


A + G- 


D 


r D = 0.0156 exp 


18,200 


1 1 
300 ~T 


C A C G 


First unwanted byproduct: 

A + G -> U 


r v = 0.0234 exp 


17,850 


1 1 
300 ~T 


ci 5 c G 


• tubular, 

• stirred-tank, 

• fixed-bed catalytic, 

• fixed-bed noncatalytic, 

• moving-bed catalytic, 

• fluidized-bed catalytic, 

• fluidized-bed noncatalytic, 

• kilns. 

The decisions made in the reactor design are often the most 
important in the whole flowsheet. The design of the reactor usually 
interacts strongly with the rest of the flowsheet. Hence, a return to 


Second unwanted byproduct: 


A + G 


W 


r w — 0.0588 exp 


3500 


1 1 
300 _ T 


c°- 5 c g 


T is the temperature (K) and Ca and Cq are the concentra¬ 
tions of A and G. 

The objective is to select conditions to maximize the yield 
of D. 

a) Select the type of reactor that appears appropriate for the 
given reaction kinetics. 
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b) It has been suggested to introduce inert material. What 
would be the effect of inerts on the yield? 

c) Assess whether the yield can be improved by operating the 
reactor at high or low temperatures. 

d) Assess whether the yield can be improved by operating the 
reactor at high or low pressures. 

4. Pure reactant A is fed at 330 K into an adiabatic reactor where it 
converts reversibly to useful product B: 

A . ■ B 


The reactor brings the reaction mixture to equilibrium at the 
outlet temperature. The reaction is exothermic and the equi¬ 
librium constant K a is given by: 


K a = 120, 000 exp 


- 20.0 


(T-295)- 


where T is the temperature in K. The heat of reaction is 
—60,000 kJ-kmol -1 . The heat capacities of A and B are 
190kJkmor'K _l . 

a) Use an enthalpy balance to calculate the temperature of the 
reaction mixture as a function of the conversion. Plot the 
temperature along the reactor length. 

b) Calculate the exit temperature and the equilibrium 
conversion. 

c) A choice is required from different reactors of volume V 
between a single adiabatic reactor, two adiabatic reactors in 
series or three adiabatic reactors in series. Which of these 
choices will lead to a better conversion? 

5. In the reaction of ethylene to ethanol: 

CH 2 = CH 2 + h 2 o < CH 3 - CH 2 - OH 

ethylene water ethanol 


a side reaction occurs, where diethyl ether is formed: 


2CH 3 - CH 2 - OH , CH 3 CH 2 - O - CH 2 CH 3 + H 2 0 

ethanol diethylether water 

a) Make an initial choice of reactor as a first step. How would 
the reactor be able to maximize selectivity to a desired 
product? 

b) What operating pressure would be suitable in this 
reactor? 

c) How would an excess of water (steam) in the reactor feed 
affect the selectivity of the reactor? 
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Chapter 7 


Separation of Heterogeneous 
Mixtures 


7.1 Homogeneous and 
Heterogeneous Separation 

Having made an initial specification for the reactor, attention is 
turned to separation of the reactor effluent. In some circum¬ 
stances, it might be necessary to carry out separation before the 
reactor to purify the feed. Whether before or after the reactor, the 
overall separation task might need to be broken down into a 
number of intermediate separation tasks. Consider now the 
choice of separator for the separation tasks. Later in Chapters 
10, 11, 14 and 16, consideration will be given to how separation 
tasks should be connected together and connected to the reactor. 
As with reactors, emphasis will be placed on the choice of 
separator, together with its preliminary specifications, rather 
than its detailed design. 

When choosing between different types of reactors, both continu¬ 
ous and batch reactors were considered from the point of view of the 
performance of the reactor (continuous plug-flow and ideal-batch 
being equivalent in terms of residence time). If a batch reactor is 
chosen, it will often lead to a choice of separator for the reactor effluent 
that also operates in batch mode, although this is not always the case, as 
intermediate storage can be used to overcome the variations with time. 
Batch separations will be dealt with in Chapter 16. 

If the mixture to be separated is homogeneous, separation can 
only be performed by the creation of another phase within the 
system or by the addition of a mass separation agent. For example, if 
a vapor mixture is leaving a reactor, another phase could be created 
by partial condensation. The vapor resulting from the partial 
condensation will be rich in the more volatile components and 
the liquid will be rich in the less volatile components, achieving a 
separation. Alternatively, rather than creating another phase, amass 
separation agent can be added. Returning to the example of a vapor 
mixture leaving a reactor, a liquid solvent could be contacted with 


the vapor mixture to act as a mass separation agent to preferentially 
dissolve one or more of the components from the mixture. Further 
separation is required to separate the solvent from the process 
materials so as to recycle the solvent, and so on. A number of 
physical properties can be exploited to achieve the separation of 
homogeneous mixtures (King, 1980; Rousseau, 1987). 

If a heterogeneous or multiphase mixture needs to be separated, 
then separation can be done physically by exploiting the differ¬ 
ences in density between the phases. Separation of the different 
phases of a heterogeneous mixture should be carried out before 
homogeneous separation, taking advantage of what already exists. 
Phase separation tends to be easier and should be done first. The 
phase separations likely to be carried out are: 

• Gas-liquid (or vapor-liquid) 

• Gas-solid (or vapor-solid) 

• Liquid-liquid (immiscible) 

• Liquid-solid 

• Solid-solid. 

A fully comprehensive survey is beyond the scope of this text, 
and many good surveys are already available (Foust et al., 1980; 
King, 1980; Rousseau, 1987; Walas, 1988; Coulson et al., 1991; 
Schweitzer, 1997). 

The principal methods for the separation of heterogeneous 
mixtures are: 

• Settling and sedimentation 

• Inertial and centrifugal separation 

• Electrostatic precipitation 

• Filtration 

• Scrubbing 

• Flotation 

• Drying. 
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7.2 Settling and 
Sedimentation 


In settling processes, particles are separated from a fluid by 
gravitational forces acting on the particles. The particles can be 
liquid drops or solid particles. The fluid can be a gas, vapor or 
liquid. 

Figure 7.1a shows a simple device used to separate by gravity a 
gas-liquid (or vapor-liquid) mixture. The velocity of the gas or 
vapor through the vessel must be less than the settling velocity of 
the liquid drops. 

When a particle falls under the influence of gravity, it will 
accelerate until the combination of the frictional drag in the fluid 
and buoyancy force balances the opposing gravitational force. If 
the particle is assumed to be a rigid sphere, at this terminal velocity, 
a force balance gives (Ludwig, 1977; Coulson et ah, 1991; 
Geankopolis, 1993; Schweitzer, 1997): 


ttd 3 nd 3 nd 1 p F vi 

Pp 6 * = Pf ^ 8 +CD ^r^- 

gravitational buoyancy drag 

force force force 


(7.1) 


where p P 

Pf 

d 

g 

Cd 

Vj 1 


density of particles (kg-m -3 ) 

density of dispersing fluid (kg-m -3 ) 

particle diameter (m) 

the gravitational acceleration (9.81 m-s -2 ) 

drag coefficient (—) 

terminal settling velocity (m-s -1 ) 


Rearranging Equation 7.1 gives: 




'4 gd 
3 c D 


Pp ~~ Pf 
Pf 


(7.2) 


More generally. Equation 7.2 can be written as: 


v t = K t (7.3) 

V Pf 

where K T = parameter for the terminal velocity (m-s -1 ) 

If the particles are assumed to be rigid spheres, then from 
Equations 7.2 and 7.3 (Ludwig, 1977; Coulson et ah, 1991; 
Geankopolis, 1993; Schweitzer, 1997): 


Kj = 


' 4 gd \ 1/2 

.3 c D ) 


(7.4) 


However, more general correlations can be found for K T in 
Equation 7.3. If in addition to assuming the particles to be rigid 
spheres it is also assumed that the flow is in the laminar region, 
known as the Stoke's Law region, for Reynolds number less than 1 
(but can be applied up to a Reynolds number of 2 without much 
error): 


24 _ 24 

Re dvjp F /p F 


0 < Re < 2 


where Re = Reynolds Number 

p F = fluid viscosity (kg-m-s - ) 


(7.5) 


Substituting Equation 7.5 into Equation 7.2 gives: 


Vj 


gd 2 (p P -p F ) 
18 p F 


0 < Re < 2 


(7.6) 


When applying Equation 7.6, there is a tacit assumption that there 
is no turbulence in the settler. In practice, any turbulence will mean 
that a settling device sized on the basis of Equation 7.6 will have a 
lower efficiency than predicted. 

Above a Reynolds number of around 2, Equation 7.5 will 
underestimate the drag coefficient and hence overestimate the 


Gas-liquid or 

Vapor-liquid Gas or Vapor 

Feed J 



liquid 


Light 



Heavy 

liquid 


Fluid-Soli d ^ [ 
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« o' 

O o 
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Fluid 


O o 
O o 
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(a) Gravily settler lor the separation of 
gas-liquid and vapor-liquid mixtures. 


(b) Gravity settler for the 
separation of liquid-liquid 
mixtures. 


(c) Gravity settler for the 
separation of fluid-solid 
mixtures. 


Figure 7.1 

Settling processes used for the separation of hetrogeneous mixtures. 
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settling velocity. Also, for Re > 2, an empirical expression must be 
used (Geankopolis, 1993): 


_ 18.5 
CD ~Re™ 


2 < Re < 500 


(7.7) 


Substituting Equation 7.7 into Equation 7.2 gives: 


( gd l 6 (p P -P F ) \ 
V13-875 p°fYf 6 ) 


2 < Re < 500 


(7.8) 


For higher values of Re (Geankopolis, 1993): 

c D = 0.44 500 < Re < 200,000 (7.9) 


Substituting Equation 7.9 into Equation 7.2 gives: 


Vj 


gd{p P ~ Pf ) 
3.03 p F 


500 < Re < 200,000 (7.10) 


When designing a settling device of the type in Figure 7.1a, the 
maximum allowable velocity in the device must be less than 
the terminal settling velocity. Before Equations 7.6 to 7.10 can 
be applied, the particle diameter must be known. For gas- 
liquid and vapor-liquid separations, there will be a range of 
particle droplet sizes. It is normally not practical to separate 
droplets less than 100 pm diameter in such a simple device. 
Thus, the design basis for simple settling devices of the type 
illustrated in Figure 7.1a is usually taken to be a vessel in 
which the velocity of the gas (or vapor) is the terminal settling 
velocity for droplets of 100 pm diameter (Woods, 1995; 
Schweitzer, 1997). 

The separation of gas-liquid (or vapor-liquid) mixtures can be 
enhanced by installing a mesh pad at the top of the disengagement 
zone to coalesce the smaller droplets to larger ones. If this is done, 
then the K T in Equation 7.3 is normally specified to be 0.11 m-s _1 , 
although this can take lower values down to 0.06 m s -1 for vacuum 
systems (Ludwig, 1977). 

Figure 7.1b shows a simple gravity settler or decanter for 
removing a dispersed liquid phase from another liquid phase. 
The horizontal velocity must be low enough to allow the low- 
density droplets to rise from the bottom of the vessel to the interface 
and coalesce and for the high-density droplets to settle down to the 
interface and coalesce. The decanter is sized on the basis that the 
velocity of the continuous phase should be less than the terminal 
settling velocity of the droplets of the dispersed phase. The velocity 
of the continuous phase can be estimated from the area of the 
interface between the settled phases (Ludwig, 1977; Woods, 1995; 
Schweitzer, 1997): 


Vcp 


F cp 

^7 


(7.11) 


where v CP = velocity of the continuous phase (m-s ') 

Fcp = volumetric flowrate of the continuous phase 
(m 3 -s _l ) 

Aj = decanter area of the interface (m 2 ) 


The terminal settling velocity is given by Equation 7.6 or 7.8. 
Decanters are normally designed for a droplet size of 150 pm 
(Woods, 1995; Schweitzer, 1997), but can be designed for droplets 
down to 100 pm. Dispersions of droplets smaller than 20 pm tend 
to be very stable. The band of droplets that collect at the interface 
before coalescing should not extend to the bottom of the vessel. A 
minimum of 10% of the decanter height is normally taken for this 
(Schweitzer, 1997). 

An empty vessel may be employed, but horizontal baffles can be 
used to reduce turbulence and assist the coalescence through prefer¬ 
ential wetting of the solid surface by the disperse phase. More elaborate 
methods to assist the coalescence include the use of mesh pads in the 
vessel or the use of an electric field to promote coalescence. Chemical 
additives can also be used to promote coalescence. 

In Figure 7.1c is a schematic diagram of a gravity settling 
chamber. A mixture of gas, vapor or liquid and solid particles 
enters at one end of a large chamber. Particles settle toward the 
base. Again the device is specified on the basis of the terminal 
settling velocity of the particles. For gas-solid particle separations, 
the size of the solid particles is more likely to be known than the 
other types discussed so far. The efficiency with which the particles 
of a given size will be collected from the simple settling devices in 
Figure 7.1c is given by (Dullien, 1989): 

h 

n = jj ( 7 . 12 ) 

where = efficiency of collection (—) 

h = settling distance of the particles during the residence 
time in the device (m) 

FI = height of the settling zone in the device (m) 

When high concentrations of particles are to be settled, the 
surrounding particles interfere with individual particles. This is 
particularly important when settling high concentrations of solid 
particles in liquids. For such hindered settling, the viscosity and 
fluid density terms in Equation 7.6 can be modified to allow for 
this. The walls of the vessel can also interfere with settling 
(Coulson et al., 1991; Woods, 1995). 

When separating a mixture of water and fine solid particles in a 
gravity settling device, such as the one shown in Figure 7.1c, it is 
common in such operations to add a flocculating agent to the 
mixture to assist the settling process. This agent has the effect of 
neutralizing electric charges on the particles that cause them to repel 
each other and remain dispersed. The effect is to form aggregates or 
floes, which, because they are larger in size, settle more rapidly. 

The separation of suspended solid particles from a liquid by 
gravity settling into a clear fluid and a slurry of higher solids 
content is called sedimentation. Figure 7.2 shows a sedimentation 
device known as a thickener, the prime function of which is to 
produce a more concentrated slurry. The feed slurry in Figure 7.2 is 
fed at the center of the tank below the surface of the liquid. Clear 
liquid overflows from the top edge of the tank. A slowly revolving 
rake serves to scrape the thickened slurry sludge toward the center 
of the base for removal and at the same time assists the formation of 
a more concentrated sludge. Again, it is common in such opera¬ 
tions to add a flocculating agent to the mixture to assist the settling 
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Figure 7.2 

A thickener for liquid-solid separation. 



Figure 7.3 

Simple gravity settling classifier. 


Gas-Solid or 



process. When the prime function of the sedimentation is to remove 
solids from a liquid rather than to produce a more concentrated 
solid-liquid mixture, the device is known as a clarifier. Clarifiers 
are often similar in design to thickeners. 

Figure 7.3 shows a simple type of classifier. In the device in 
Figure 7.3, a large tank is subdivided into several sections. A size 
range of solid particles suspended in gas, vapor or liquid enters the 
tank. The larger, faster-settling particles settle to the bottom close 
to the entrance and the slower-settling particles settle to the bottom 
close to the exit. The vertical baffles in the tank allow the collection 
of several fractions. 

This type of classification device can be used to carry out solid- 
solid separation in mixtures of different solids. The mixture of 
particles is first suspended in a fluid and then separated into fractions 
of different size or density in a device similar to that in Figure 7.3. 


Example 7.1 Solid particles with a size greater than 100 pm are 
to be separated from larger particles in a settling chamber. The flowrate 
of gas is 8.5m 3 s _1 . The density of the gas is 0.94 kg-m -3 and its 
viscosity is 2.18 X 10 _5 kg m _1 s _1 . The density of the particles is 
2780 kgm“ 3 . 

a) Calculate the settling velocity, assuming the particles are 
spherical. 

b) The settling chamber is to be box shaped, with a rectangular 
cross-section for the gas flow. If the length and breadth of the 
settling chamber are equal, what should the dimensions of the 
chamber be for 100% removal of particles greater than 

100 pm? 


Solution 

a) Assume initially that the settling is in the Stake’s Law 
region: 


= gd 2 (p P ~ p F ) 

18 [if 

_ 9.81 x (100 x 10- 6 ) 2 x (2780 - 0.94) 

~ 18 x 2.18 x 10 -5 

= 0.69 m-s -1 


Check the Reynolds number: 


Re = 


dv T p F 


Mf 

_ 100 x 10~ 6 x 0.69 x 0.94 
2.18 X 10~ 5 

= 3.0 


This is just outside the range of validity of Stake’s Law. Whilst 
the errors would not be expected to be too serious, compare 
with the prediction of Equation 7.8: 

/ jl6/ \\ 0.7143 

_ (gd °{pp — Pf)\ 

Vt V.13.875 Pf 4 P f 6 ) 

_ /9.81 X (100 x 10- 6 ) 1 ' 6 x (2780 - 0.94)\ ° 7143 
V 13.875 X0.94°' 4 X (2.18 x 10- 5 ) 0 ' 6 / 

= 0.61 m ■ s~t 
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b) For 100% separation of particles: 

H 

x = — 

Vj 

x = mean residence time in the settler 
H = height of the settling chamber 

_V_ LBH 
T ~F~~F~ 

V = volume of settling chamber 
F = volumetric flowrate 
L = length of settling chamber 
B = breadth of settling chamber 

Assuming L = B, then: 


where 

Also : 
where 


where L 


H _L 2 H 
Vj F 



flJ 

~ Vo6l 

= 3.51 m 


(7.13) 


From Equation 7.13, in principle, any height can be chosen. If a 
large height is chosen, then the particles will have further to 
settle, but the residence time will be long. If a small height is 
chosen, then the particles will have a shorter distance to travel, 
but have a shorter residence time. To keep down the capital 
cost, a small height should be chosen. However, the bulk 
velocity through the settling chamber should not be too 
high; otherwise reentrainment of settled particles will start 
to occur. The maximum bulk mean velocity of the gas would 
normally be kept below around 5 m s -1 (Dullien, 1989). Also, 
for maintenance and access, a minimum height of around 1 m 
will be needed. If the height is taken to be 1 m, then the bulk 
mean velocity is F/LFl = 2A m s -1 , which seems reasonable. 


Example 7.2 A liquid-liquid mixture containing 5 kg s 1 
hydrocarbon and 0.5 kg s -1 water is to be separated in a decanter. 
The physical properties are given in Table 7.1. 

The water can be assumed to be dispersed in the hydrocarbon. 
Estimate the size of decanter required to separate the mixture in a 
horizontal drum with a length to diameter ratio of 3 to 1 and an 
interface across the center of the drum. 

Solution Assuming a droplet size of 150 pm and the flow to be in 
the Stake's Law region: 

_ 9.81 x (150 x 10“ 6 ) 2 x (993 - 730) 

' T ~ 18x8.1 x 10“ 4 

= 0.0040 m- s -1 


Table 7.1 

Physical property data for Example 7.2. 




Viscosity 


Density (kg m 3 ) 

(kg m _1 s _1 ) 

Hydrocarbon 

730 

8.1 Xl0“ 4 

Water 

993 

8.0 x 10~ 4 


Check the Reynolds Number: 

730 X 150 X 10“ 6 X 0.0040 


= 0.54 


From Equation 7.10: 


vcp 


Vj 


0.0040 = 


Also : 


F C p 

A-i 
5.0 

730 x A, 

A, = 1.712 m 2 
Aj — DL 


where D 
L 


diameter of decanter 
length of decanter 


Assume 3D = L: 



L = ^3 A, 

= 2.27 m 
D = L/3 
= 0.76 m 

Check the continuous phase (hydrocarbon) droplets that could be 
entrained in the dispersed phase (water). Then: 

Velocity of the water phase =- 

y F 993 x 1.712 

= 2.94 X 10 -4 m-s -1 


The diameter of hydrocarbon droplets entrained by the velocity of 
the water phase: 

v T = -2.94 x 10~ 4 m-s~'(i.e. rising) 


d = 


18 vrp F 
g(fip ~ Pf) 


18 x -2.94 x 10 -4 x 8.0 x 10 -4 


9.81 x (730 - 993) 
= 0.4 X 10~ 6 m 


Only hydrocarbon droplets smaller than 0.4 pm will be entrained. 
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7.3 Inertial and Centrifugal 
Separation 

In the preceding processes, the particles were separated from the 
fluid by gravitational forces acting on the particles. Sometimes 
gravity separation may be too slow because of the closeness of the 
densities of the particles and the fluid, because of small particle size 
leading to low settling velocity or, in the case of liquid-liquid 
separations, because of the formation of a stable emulsion. 

Inertial or momentum separators improve the efficiency of gas- 
solid settling devices by giving the particles downward momen¬ 
tum, in addition to the gravitational force. Figure 7.4 illustrates 
three possible types of inertial separator. Many other arrangements 
are possible (Svarovsky, 1981; Dullien, 1989). The design of 
inertial separators for the separation of gas-solid separations is 
usually based on collection efficiency curves, as illustrated sche¬ 
matically in Figure 7.5. The curve is obtained experimentally and 
shows what proportion of particles of a given size is expected to be 
collected by the device. As the particle size decreases, the collec¬ 
tion efficiency decreases. Collection efficiency curves for standard 
designs are published (Ludwig, 1977), but it is preferable to use 
data provided by the equipment supplier. 

Centrifugal separators take the idea of an inertial separator a 
step further and make use of the principle that an object whirled 
about an axis at a constant radial distance from the point is acted on 
by a force. Use of centrifugal forces increases the force acting on 
the particles. Particles that do not settle readily in gravity settlers 
often can be separated from fluids by centrifugal force. 

The simplest type of centrifugal device is the cyclone separator 
for the separation of solid particles or liquid droplets from a gas or 
vapor (Figure 7.6). This consists of a vertical cylinder with a 
conical bottom. Centrifugal force is generated by the motion of the 
fluid. The mixture enters through a tangential inlet near the top, and 
the rotating motion so created develops a centrifugal force that 
throws the dense particles radially toward the wall. The entering 



Figure 7.5 

A collection efficiency curve shows the fraction of particles of a given 
particle size that will be collected. 


fluid flows downward in a spiral adjacent to the wall. When the 
fluid reaches the bottom of the cone, it spirals upward in a smaller 
spiral at the center of the cone and cylinder. The downward and 
upward spirals are in the same direction. The particles of dense 
material are thrown toward the wall and fall downward, leaving the 
bottom of the cone. 

The design of cyclones is normally based on collection effi¬ 
ciency curves, such as the one shown in Figure 7.5 (Svarovsky, 
1981: Dullien, 1989). Curves for cyclones with standard dimen¬ 
sions are published that can be scaled to different dimensions using 
scaling parameters (Svarovsky, 1981; Dullien, 1989). Again, it is 
preferable to use curves supplied by equipment manufacturers. 
Standard designs tend to be used in practice and units placed in 
parallel to process large flowrates. 

The same principle can be used for the separation of solids from 
a liquid in a hydrocyclone. Although the principle is the same, 
whether a gas or vapor is being separated from a liquid, the 
geometry of the cyclone will change accordingly. Hydrocyclones 
can also be used to separate mixtures of immiscible liquids, such as 
mixtures of oil and water. For the separation of oil and water, the 
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Figure 7.4 

Inertial separators increase the efficiency of separation by giving the particles downward momentum. 
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Fluid Outlet 



Figure 7.6 

A cyclone generates centrifugal force by the fluid motion. 


water is denser than the oil and is thrown to the wall by the 
centrifugal force leaving from the conical base. The oil leaves from 
the top. Again, the design of hydrocyclones is normally based on 
collection efficiency curves, such as the one shown in Figure 7.5, 
with standard designs used and units placed in parallel to process 
large flowrates. 

Figure 7.7 shows centrifuges, in which a cylindrical bowl is 
rotated to produce the centrifugal force. In Figure 7.7a, the 


cylindrical bowl is shown rotating with a feed consisting of a 
liquid-solid mixture fed at the center. The feed is thrown outward 
to the walls of the container. The particles settle horizontally 
outward. Different arrangements are possible to remove the solids 
from the bowl. In Figure 7.7b, two liquids having different 
densities are separated by the centrifuge. The more dense fluid 
occupies the outer periphery, since the centrifugal force is greater 
on the more dense fluid. 


Electrostatic precipitators are generally used to separate particu¬ 
late matter that is easily ionized from a gas stream (Ludwig, 1977; 
Dullien, 1989; Schweitzer, 1997). This is accomplished by an 
electrostatic field produced between wires or grids and collection 
plates by applying a high voltage between the two, as illustrated in 
Figure 7.9. A corona is established around the negatively charged 
electrode. As the particulate-laden gas stream passes through the 
space, the corona ionizes molecules of gases such as CL and CO 2 
present in the gas stream. These charged molecules attach them¬ 
selves to particulate matter, thereby charging the particles. The 
oppositely charged collection plates attract the particles. Particles 
collect on the plates and are removed by vibrating the collection 
plates mechanically, thereby dislodging particles that drop to the 
bottom of the device. Electrostatic precipitation is most effective 
when separating particles with a high resistivity. The operating 
voltage typically varies between 25 and 45 kV or more, depending 
on the design and the operating temperature. The application of 
electrostatic precipitators is normally restricted to the separation of 
fine particles of solid or liquid from a large volume of gas. 
Preliminary designs can be based on collection efficiency curves, 
as illustrated in Figure 7.5 (Ludwig, 1977). 


7.4 Electrostatic 
Precipitation 


Solid-liquid 
feed I 



(a) Separation of liquid-solid 
mixture. 


Liquid-liquid feed 



(b) Separation of liquid-liquid 
mixture. 


Figure 7.7 

A centrifuge uses rotating cylindrical bowl to produce centrifugal force. 
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Example 7.3 A dryer vent is to be cleaned using a bank of 
cyclones. The gas flowrate is 60m 3 s _1 , density of the solids is 
2700 kgm~ 3 and the concentration of solids is 10 gnT 3 . The size 
distribution of the solids is given in Table 7.2. 

The collection efficiency curve for the design of cyclone used is 
given in Figure 7.8. Calculate the solids removal and the final outlet 
concentration. 


Solution The particles are first divided into size ranges and the 
collection efficiency for the average size applied with the size range 
is shown in Table 7.3. 

The overall collection efficiency is 69.5% and the concentration 
of solids at exit is 3.05 g m -3 . 


Table 7.2 

Particle size distribution for Example 7.3. 


Particle size (pm) 

Percentage by mass less than 

50 

90 

40 

86 

30 

80 

20 

70 

10 

45 

5 

25 

2 

10 


Collection 

Efficiency 

(%) 



Figure 7.8 

Collection efficiency curve for the cyclone design in Example 7.3. 


Table 7.3 

Collection efficiency for Example 7.3. 
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Figure 7.9 

Electrostatic precipitation. (Reproduced from Stenhouse JIT, 1981, in 
Teja (ed) Chemical Engineering and the Environment, with permission 
from Blackwell Scientific Publications.) 


7.5 Filtration 


In filtration, suspended solid particles in a gas, vapor or liquid are 
removed by passing the mixture through a porous medium that 
retains the particles and passes the fluid (filtrate). The solid can be 


retained on the surface of the filter medium, which is cake filtration, 
or captured within the filter medium, which is depth filtration. The 
filter medium can be arranged in many ways. 

Figure 7.10 shows four examples of cake filtration in which 
the filter medium is a cloth of natural or artificial fibers. In 
different arrangements, the filter medium might even be ceramic 
or metal. Figure 7.10a shows the filter cloth arranged between 
plates in an enclosure in a plate-and-frame filter for the 
separation of solid particles from liquids. Figure 7.10b shows 
the cloth arranged as a thimble or candle. This arrangement is 
common for the separation of solid particles from a gas and is 
known as a bag filter. As the particles build up on the inside of 
the thimble, the unit is periodically taken off-line and the flow 
reversed to recover the filtered particles. For the separation of 
solid particles from gases, conventional filter media can be used 
up to a temperature of around 250 °C. Higher temperatures 
require ceramic or metallic (e.g. stainless steel sintered fleece) 
filter media. These can be used for temperatures of 250 to 
1000°C and higher. Cleaning of high-temperature media 
requires the unit to be taken off-line and pressure pulses applied 
to recover the filtered particles. Figure 7.10c shows a rotating 7 

belt for the separation of a slurry of solid particles in a liquid 
and Figure 7.10d shows a rotating drum in which the drum 
rotates through the slurry. In both cases, the flow of liquid is 
induced by the creation of a vacuum. When filtering solids from 
liquids, if the purity of the filter cake is not important, filter aids, 
which are particles of porous solid, can be added to the mixture 
to aid the filtration process. When filtering solids from a liquid, 
a thickener is often used upstream of filtration to concentrate the 
mixture prior to filtration. 
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Figure 7.10 

Filtration can be arranged in many ways. 
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When separating solid particles from a liquid filtrate, if the solid 
filter cake is a product, rather than a waste, then it is usual to wash 
the filter cake to remove the residual filtrate from the filter cake. The 
washing of the filter cake after filtration takes place by displace¬ 
ment of the filtrate and by diffusion. 

Rather than using a cloth, a granular medium consisting of 
layers of particulate solids on a support grid can be used. Down¬ 
ward flow of the mixture causes the solid particles to be captured 
within the medium. Such deep-bed filters are most commonly used 
to remove small quantities of solids from large quantities of liquids. 
To release the solid particles captured within the bed, the flow is 
periodically reversed, causing the bed to expand and release the 
particles that have been captured. Around 3% of the throughput is 
needed for this backwashing. 

Whereas the liquid-solid filtration processes described so far 
can separate particles down to a size of around 10 pm, for smaller 
particles that need to be separated, a porous polymer membrane can 
be used. This process, known as microfiltration, retains particles 
down to a size of around 0.05 pm. A pressure difference across the 
membrane of 1 to 5 bar is used. The two most common practical 
arrangements are spiral wound and hollow fiber. In the spiral 
wound arrangement, flat membrane sheets separated by spacers for 
the flow of feed and filtrate are wound into a spiral and inserted in a 
pressure vessel. Hollow fiber arrangements, as the name implies, 
are cylindrical membranes arranged in series in a pressure vessel in 
an arrangement similar to a shell-and-tube heat exchanger. The 
feed enters the shell side and permeate passes through the mem¬ 
brane to the center of the hollow fibers. The main factor affecting 
the flux of the filtrate through the membrane is the accumulation of 
deposits on the surface of the filter. Of course, this is usual in cake 


filtration systems when the particles are directed normally toward 
the surface of the filter medium. However, in the case of micro¬ 
filtration, the surface deposits cause the flux of filtrate to decrease 
with time. To ameliorate this effect in microfiltration, cross-flow 
can be used, in which a high rate of shear is induced across the 
surface of the membrane from the feed. The higher the velocity 
across the surface of the filter medium, the lower is the deteriora¬ 
tion in flux of the filtrate. Even with a significant velocity across the 
surface of the membrane, there is still likely to be deterioration in 
the flux caused by fouling of the membrane. Periodic flushing or 
cleaning of the membrane will be required to correct this. The 
method of cleaning depends on the type of foulant, the membrane 
configuration and the membrane’s resistance to cleaning agents. In 
the simplest case, a reversal of the flow ( backflush) might be able to 
remove the surface deposits. In the worst case, cleaning agents such 
as sodium hydroxide might be required. Microfiltration is used for 
the recovery of paint from coating processes, oil-water separa¬ 
tions, separation of biological cells from a liquid, and so on. 

7.6 Scrubbing 

Scrubbing with liquid (usually water) can enhance the collection of 
particles when separating gas-solid mixtures. Figure 7.11 shows 
three of the many possible designs for scrubbers. Figure 7.11a 
illustrates a packed tower, similar to an absorption tower. Whilst 
this can be effective, it suffers from the problem that the packing 
can become clogged with solid particles. Towers using perforated 
plates similar to a distillation or absorption column can also be 
used. As with packed columns, plate columns can also encounter 
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Figure 7.11 

Various scrubber designs can be used to separate solid from gas or vapor. (Reproduced from Stenhouse JIT, 1981, in Teja (ed.) Chemical Engineering and the 
Environment, with permission from Blackwell Scientific Publications.) 
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problems of clogging. By contrast, Figure 7.11b uses a spray 
system that will be less prone to fouling. The design in Figure 7.11b 
uses a tangential inlet to create a swirl to enhance the separation. 
The design shown in Figure 7.11c uses a venturi. Liquid is injected 
into the throat of the venturi, where the velocity of the gas is 
highest. The gas accelerates the injected water to the gas velocity 
and breaks up the liquid droplets into a relatively fine spray. The 
particles are then captured by the fine droplets. Very high collec¬ 
tion efficiencies are possible with venturi scrubbers. The main 
problem with venturi scrubbers is the high pressure loss across the 
device. As with other solids separation devices, preliminary design 
can be carried out using collection efficiency curves like the one 
illustrated in Figure 7.5 (Ludwig, 1977). 

7.7 Flotation 

Flotation is a gravity separation process that exploits the differ¬ 
ences in the surface properties of particles. Gas bubbles are 
generated in a liquid and become attached to solid particles or 
immiscible liquid droplets, causing the particles or droplets to rise 
to the surface. This is used to separate mixtures of solid-solid 
particles after dispersion in a liquid, solid particles already dis¬ 
persed in a liquid or liquid-liquid mixtures of finely divided 
immiscible droplets. The liquid used is normally water and the 
particles of solid or immiscible liquid will attach themselves to the 
gas bubbles if they are hydrophobic (e.g. oil droplets dispersed in 
water). 

The bubbles of gas can be generated by three methods: 

a) dispersion, in which the bubbles are injected directly by some 
form of sparging system; 

b) dissolution in the liquid under pressure and then liberation in 
the flotation cell by reducing the pressure; 

c) electrolysis of the liquid. 


Flotation is an important technique in mineral processing, 
where it is used to separate different types of ores. When used 
to separate solid-solid mixtures, the material is ground to a particle 
size small enough to liberate particles of the chemical species to be 
recovered. The mixture of solid particles is then dispersed in the 
flotation medium, which is usually water. The mixture is then fed to 
a flotation cell, as illustrated in Figure 7.12a. Here gas is also fed to 
the cell where gas bubbles become attached to the solid particles, 
thereby allowing them to float to the surface of the liquid. The solid 
particles are collected from the surface by an overflow weir or 
mechanical scraper. The separation of the solid particles depends 
on the different species having different surface properties such 
that one species is preferentially attached to the bubbles. A number 
of chemicals can be added to the flotation medium to meet the 
various requirements of the flotation process: 

a) Modifiers are added to control the pH of the separation. These 
could be acids, lime, sodium hydroxide, and so on. 

b) Collectors are water-repellent reagents that are added to pref¬ 
erentially adsorb on to the surface of one of the solids. Coating 
or partially coating the surface of one of the solids renders the 
solid to be more hydrophobic and increases its tendency to 
attach to the gas bubbles. 

c) Activators are used to “activate” the mineral surface for the 
collector. 

d) Depressants are used to preferentially attach to one of the solids 
to make it less hydrophobic and decrease its tendency to attach 
to the gas bubbles. 

e) Frothers are surface-active agents added to the flotation 
medium to create a stable froth and assist the separation. 

Flotation is also used in applications such as the separation 
of low-density solid particles (e.g. paper pulp) from water and 
oil droplets from oil-water mixtures. It is not necessary to add 
reagents if the particles are naturally hydrophobic, as is the case. 



(a) A typical flotation cell for solid separation. 


(b) Dissolved air flotation (DAF). 


Figure 7.12 

Flotation arrangements. 
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for example, with oil-water mixtures, as the oil is naturally 
hydrophobic. 

When separating low-density solid particles or oil droplets from 
water, the most common method used is dissolved-airflotation. A 
typical arrangement is shown in Figure 7.12b. This shows some of 
the effluent water from the unit being recycled and air being 
dissolved in the recycle under pressure. The pressure of the recycle 
is then reduced, releasing the air from solution as a mist of 
fine bubbles. This is then mixed with the incoming feed that enters 
the cell. Low-density material floats to the surface with the 
assistance of the air bubbles and is removed. 

7.8 Drying 

Drying refers to the removal of water from a substance through a 
whole range of processes, including distillation, evaporation and 
even physical separations such as centrifuges. Here consideration 
is restricted to the removal of moisture from solids into a gas stream 
(usually air) by heat, namely, thermal drying. Some of the types of 
equipment for removal of water also can be used for removal of 
organic liquids from solids. 

Four of the more common types of thermal dryers used in the 
process industries are illustrated in Figure 7.13. 

1) Tunnel dryers are shown in Figure 7.13a. Wet material on trays 
or a conveyor belt is passed through a tunnel, and drying takes 
place by hot air. The airflow can be countercurrent, cocurrent or 
a mixture of both. This method is usually used when the product 
is not free flowing. 

2) Rotary dryers are shown in Figure 7.13b. Here, a cylindrical 
shell mounted at a small angle to the horizontal is rotated at 
low speed. Wet material is fed at the higher end and flows 
under gravity. Drying takes place from a flow of air, which 
can be countercurrent or cocurrent. The heating may be 
direct to the dryer gas or indirect through the dryer shell. 
This method is usually used when the material is free 
flowing. Rotary dryers are not well suited to materials 
that are particularly heat sensitive because of the long 
residence time in the dryer. 

3) Drum dryers are shown in Figure 7.13c. This consists of a 
heated metal roll. As the roll rotates, a layer of liquid or slurry is 
dried. The final dry solid is scraped off the roll. The product 
comes off in flaked form. Drum dryers are suitable for handling 
slurries or pastes of solids in fine suspension and are limited to 
low and moderate throughput. 

4) Spray dryers are shown in Figure 7.13d. Here a liquid or 
slurry solution is sprayed as fine droplets into a hot gas 
stream. The feed to the dryer must be pumpable to obtain the 
high pressures required by the atomizer. The product tends 
to be light, porous particles. An important advantage of the 
spray dryer is that the product is exposed to the hot gas for a 
short period. Also, evaporation of the liquid from the spray 
keeps the product temperature low, even in the presence of 
hot gases. Spray dryers are thus particularly suited to 
products that are sensitive to thermal decomposition, such 
as food products. 
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Figure 7.13 

Four of the more common types of thennal dryer. 


Another important class of dryers is the fluidized-bed dryer. 
Some designs combine spray and fluidized-bed dryers. Choice 
between dryers is usually based on practicalities such as the 
materials' handling characteristics, product decomposition, prod¬ 
uct physical form (e.g. if a porous granular material is required), 
and so on. Also, dryer efficiency can be used to compare the 
performance of different dryer designs. This is usually defined as 
follows: 


Heat of vaporization 

Dryer efficiency =-—-- 

Total heat consumed 


(7.14) 


If the total heat consumed is from an external utility (e.g. mains 
steam), then a high efficiency is desirable, even perhaps at the 
expense of a high capital cost. However, if the heat consumed is by 
recovery from elsewhere in the process, as is discussed in 
Chapter 22, then comparison based on dryer efficiency becomes 
less meaningful. 
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7.9 Separation of 
Heterogeneous Mixtures - 
Summary 

For a heterogeneous or multiphase mixture, separation usually can 
be achieved by phase separation. Such phase separation should be 
carried out before any homogeneous separation. Phase separation 
tends to be easier and should be done first. 

The simplest devices for separating heterogeneous mixtures 
exploit gravitational force in settling and sedimentation devices. 
The velocity of the fluid through such a device must be less than the 
terminal settling velocity of the particles to be separated. When 
high concentrations of particles are to be settled, the surrounding 
particles interfere with individual particles and the settling 
becomes hindered. Separating a dispersed liquid phase from 
another liquid phase can be carried out in a decanter. The decanter 
is sized on the basis that the velocity of the continuous phase should 
be less than the terminal settling velocity of the droplets of the 
dispersed phase. 

If gravitational forces are inadequate to achieve the separation, 
the separation can be enhanced by exploiting inertial, centrifugal or 
electrostatic forces. 

In filtration, suspended solid particles in a gas, vapor or liquid 
are removed by passing the mixture through a porous medium that 
retains the particles and passes the fluid. 

Scrubbing with liquid (usually water) can enhance the collec¬ 
tion of particles when separating gas-solid mixtures. Flotation is a 
gravity separation process that exploits differences in the surface 
properties of particles. Gas bubbles are generated in a liquid and 
become attached to solid particles or immiscible liquid droplets, 
causing the particles or droplets to rise to the surface. 

Thermal drying can be used to remove moisture from solids into 
a gas stream (usually air) by heat. Many types of dryers are 
available and can be compared on the basis of their thermal 
efficiency. 

For the separation of gas-solid mixtures, preliminary design of 
inertial separators, cyclones, electrostatic precipitators, scrubbers 
and some types of filters can be carried out on the basis of collection 
efficiency curves derived from experimental performance. 

No attempt should be made to cany out any optimization at this 
stage in the design. 

7.10 Exercises 

1. A gravity settler is to be used to separate particles less than 
75 pm from a flowrate of gas of 1.6 m 3 s -1 . The density of the 
particles is 2100 kg-m - ". The density of the gas is 1.18 kg-m - ' 
and its viscosity is 1.85 X 10 -5 kg-m - -s. Estimate the 
dimensions of the settling chamber assuming a rectangular 
cross-section with the length to be twice that of the breadth. 

2. When separating a liquid-liquid mixture in a cylindrical drum, 
why is it usually better to mount the drum horizontally than 
vertically? 


Table 7.4 

Fluid properties for Exercise 7.3. 



Density (kg m 3 ) 

Viscosity 
(kg m - 1 -s -1 ) 

Water 

993 

0.8 x 10 -3 

Oil 

890 

3.5 x 10~ 3 


3. A liquid-liquid mixture containing 6kg-s -1 of water with 
0.5 kg-s -1 of entrained oil is to be separated in a decanter. 
The properties of the fluids are given in Table 7.4. 

Assuming the water to be the continuous phase, the decanter 
to be a horizontal drum with a length to diameter ratio of 3 to 1 
and an interface across the center of the drum, estimate the 
dimensions of the decanter to separate water droplets less than 
150 pm. 

4. In Exercise 3, it was assumed that the interface would be across 
the center of the drum. Flow would the design change if the 
interface was lower such that the length of the interface across 
the drum was 50% of the diameter? 

5. A mixture of vapor and liquid ammonia is to be separated in a 
cylindrical vessel mounted vertically with a mesh pad to assist 
separation. The flowrate of vapor is 0.3 m 3 -s -1 . The density of the 
liquid is 648 kg-m - ' and that of the vapor 2.71 kg-m - '. Assum¬ 
ing K t = 0.11 m-s -1 , estimate the diameter of vessel required. 

6. A gravity settler has dimensions of 1 m breadth, 1 m height and 
length of 3 m. It is to be used to separate solid particles from a 
gas with a flowrate of 1.6 m 3 -s -1 . The density of the particles is 
2100 kg-m -3 . The density of the gas is 1.18 kg-m -3 and its 
viscosity is 1.85X 10 -5 kg-m -1 -s -1 . Construct an approximate 
collection efficiency curve for the settling of particles ranging 
from 0 to 50 pm. 

7. Table 7.5 shows the size distribution of solid particles in a gas 
stream. 

The flowrate of the gas is 10 m 3 -s -1 and the concentration of 
solids is 12 g m -3 . The particles are to be separated in a 
scrubber with a collection efficiency curve as shown in 
Figure 7.14. Estimate the overall collection efficiency and 
the concentration of solids in the exit gas. 


Table 7.5 

Particle size distribution. 


Particle size (pm) 

Percentage by mass less than 

30 

95 

20 

90 

10 

70 

5 

30 

2 

20 
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Figure 7.14 

Collection efficiency curve for scubber. 
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Chapter 8 


Separation of Homogeneous 
Fluid Mixtures I - Distillation 


A s pointed out in the previous chapter, the separation of a 
homogeneous fluid mixture requires the creation of another 
phase or the addition of a mass separation agent. Consider a 
homogeneous liquid mixture. If this liquid mixture is partially 
vaporized, then another phase is created and the vapor becomes 
richer in the more volatile components (i.e. those with the lower 
boiling points) than the liquid phase. The liquid becomes richer in 
the less-volatile components (i.e. those with the higher boiling 
points). If the system is allowed to come to equilibrium conditions, 
then the distribution of the components between the vapor and 
liquid phases is dictated by vapor-liquid equilibrium considera¬ 
tions. In principle, all components can appear in both phases. 

On the other hand, rather than partially vaporize a liquid, the 
starting point could have been a homogeneous mixture of compo¬ 
nents in the vapor phase and the vapor partially condensed. There 
would still be a separation, as the liquid that was formed would 
be richer in the less-volatile components, while the vapor would 
have become depleted in the less-volatile components. Again, the 
distribution of components between the vapor and liquid is dictated 
by vapor-liquid equilibrium considerations if the system is 
allowed to come to equilibrium. 

Distillation involves the repeated vaporization and condensa¬ 
tion of a homogeneous liquid mixture. In some cases, a single 
vaporization or condensation can bring an effective separation. 
However, first consider vapor-liquid equilibrium. 


8.1 Vapor-Liquid 
Equilibrium 

For a liquid and vapor in contact and in equilibrium, the K-value 
relates the vapor and liquid mole fractions (see Appendix A): 
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where K, 
yt 


$ 

*r 


K-value of Component i 

mole fraction of Component i in the vapor 

phase 

mole fraction of Component i in the liquid 
phase 

liquid-phase fugacity coefficient 
vapor-phase fugacity coefficient 


Equation 8.1 defines the relationship between the vapor and liquid 
mole fractions and provides the basis for vapor-liquid equilibrium 
calculations on the basis of equations of state. Thermodynamic 
models are required for <f>]' and tp\ from an equation of state (see 
Appendix A). Alternatively, a liquid-phase activity coefficient 
model can provide the basis for vapor-liquid equilibrium calcula¬ 
tions (see Appendix A): 




( 8 . 2 ) 


where jq = liquid-phase activity coefficient 
pSAT — saturated liquid vapor pressure 

In Equation 8.2, thermodynamic models are required for f] (from an 
equation of state) and y, from a liquid-phase activity coefficient 
model. Some of the more important models are given in Appendix A. 
At moderate pressures, the vapor phase becomes ideal and = 1. 
For an ideal vapor phase. Equation 8.2 simplifies to: 



When the liquid phase behaves as an ideal solution: 

• all molecules have the same size; 

• all intermolecular forces are equal. 

The properties of the mixture depend only on the properties of 
the pure components comprising the mixture. Mixtures of isomers, 
such as o-, m- and p-xylene mixtures, and adjacent members of 


8 
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(a) An ideal mixture following Raoult’s (b) Positive deviation from ideality 
Law. 
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Figure 8.1 

Deviations from Raoult’s Law. 


homologous series, such as n-hexane-n-heptane and benzene- 
toluene mixtures, give close to ideal liquid-phase behavior. For this 
case, Yi = 1 and Equation 8.3 simplifies to: 


Ki = 


y± 

Xi 


pSAT 

~p~ 


(8.4) 


This is Raoult’s Law and represents both ideal vapor- and liquid- 
phase behavior. 

Correlations are available to relate component vapor pressure to 
temperature. One of the most common equations used is the 
Antoine Equation (see Appendix A): 

In P SAT = A -— (8.5) 

C + T 


where A, B and C are constants determined by correlating exper¬ 
imental data. Extended forms of the Antoine Equation have also 
been proposed (Poling, Prausnitz and O’Connell, 2001). Great care 
must be taken when using correlated vapor pressure data not to use 
the correlation coefficients outside the temperature range over 
which the data have been correlated, otherwise serious errors can 
occur. 

Comparing Equations 8.3 and 8.4, the liquid-phase nonideality 
is characterized by the activity coefficient jq. When y ; = 1, the 
behavior is ideal. If 1, then the value of y t can be used to 
characterize the nonideality: 

• Yi> 1 represents positive deviations from Raoult’s Law; 

• Yi< 1 represents negative deviations from Raoult’s Law. 

These different classes of nonideality are illustrated in 
Figure 8.1 for a binary mixture. Figure 8.1a illustrates Raoult’s 
Law behavior. Raoult’s Law states that the equilibrium partial 
pressure that is exhibited by a component in a solution is propor¬ 
tional to the mole fraction of that component. Thus in Figure 8.1a, 
as the mole fraction of Component A is increased, the partial 
pressure of Component A increases linearly. At the same time, the 
partial pressure of Component B decreases linearly. The combined 
partial pressures result in the vapor pressure of the mixture to vary 


linearly with the mole fraction. Deviations from Raoult’s Law are 
characterized by the activity coefficient not being unity. When the 
activity coefficient is greater than unity, giving a positive deviation 
from Raoult’s Law, the molecules of the components in the system 
repel each other and exert a higher partial pressure than if their 
behavior were ideal. This is illustrated in Figure 8.1b. When the 
activity coefficient is less than unity, the molecules of the compo¬ 
nents in the system attract each other through chemical interactions 
and exert a lower partial pressure than if their behavior were ideal. 
This is illustrated in Figure 8.1c. The components of such solutions 
occur typically when the separate components show wide differ¬ 
ences in polarity. 

The ratio of equilibrium K-values for two components mea¬ 
sures their relative volatility. 


aij = — ( 8 . 6 ) 

K j 

where a,y = volatility of Component i relative to Component j 
These expressions form the basis for two alternative approaches 

to vapor-liquid equilibrium calculations: 

a) Kj = <p\/4>J forms the basis for calculations based entirely on 
equations of state. Using an equation of state for both the liquid 
and vapor phase has a number of advantages. In principle, 
continuity at the critical point can be guaranteed with all 
thermodynamic properties derived from the same model. 
The presence of noncondensable gases, in principle, causes 
no additional complications. However, the application of 
equations of state is largely restricted to nonpolar components. 
The approach is described in more detail in Appendix A 
together with the models to calculate </;■' and (/>]'. 

b) Kj = YjP^ AT /$ P forms the basis for calculations based on 
liquid-phase activity coefficient models. It is used when polar 
molecules are present. For most systems at low pressures, t/t]' 
can be assumed to be unity. If high pressures are involved, then 
(/)'' must be calculated from an equation of state. However, care 
should be taken when mixing and matching different models 
for and (f>J for high-pressure systems to ensure that 
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appropriate combinations are taken. Again the approach is 
described in more detail in Appendix A with some of the more 
important models for /,■ described in detail. 

8.2 Calculation of 
Vapor-Liquid Equilibrium 


The vapor fraction {VIF) in Equations 8.10 and 8.11 lies in the 
range 0 < VIF < 1. 

For a specified temperature and pressure. Equations 8.10 and 
8.11 need to be solved by trial and error. Given that: 

NC NC 

E>< = = 1 (8 - 12) 


Consider a single equilibrium stage in which a multicomponent 
feed is allowed to separate into a vapor and a liquid phase with 
the phases coming to equilibrium, as shown in Figure 8.2. An 
overall material balance and component material balances can 
be written as: 


F = V + L (8.7) 

Fzi = Vy t + Lx, ( 8 . 8 ) 

where F 
V 
L 

Zi 
3 >i 

Xi 


= feed flowrate (kmol-s -1 ) 

= vapor flowrate from the separator (kmol-s -1 ) 
= liquid flowrate from the separator (kmol-s -1 ) 
= mole fraction of Component i in the feed (-) 
= mole fraction of Component i in vapor (-) 

= mole fraction of Component i in liquid (-) 


The vapor-liquid equilibrium relationship can be defined in terms 
of K-values from Equation 8.1 by: 

= K,x, (8.9) 


Equations 8.7 to 8.9 can now be solved to give expressions for the 
vapor- and liquid-phase compositions leaving the separator: 



Zi 

1 

Ki 



( 8 . 10 ) 


where NC is the number of components, then: 


NC NC 

& - = 0 


(8.13) 


Substituting Equations 8.10 and 8.11 into Equation 8.13, after 
rearrangement gives (Rachford and Rice, 1952): 

= 0 =f(V/F) (8.14) 

' -(^- 1)+1 

Equation 8.14 is known as the Rachford-Rice Equation (Rachford 
and Rice, 1952). To solve Equation 8.14, start by assuming a value 
of V/F and calculate fiV/F) and search for a value of VIF until the 
function equals zero. 

Many variations are possible around the basic flash calculation. 
Pressure and V/F can be specified and T calculated, and so on 
(King, 1980; Walas, 1985). However, two special cases are of 
particular interest. If it is necessary to calculate the bubble point, 
then VIF= 0 in Equation 8.14, which simplifies to: 

NC 

1) = 0 (8.15) 


and given: 


Zi 

(Ki- l)j+l 


( 8 . 11 ) 


NC 

5> = 1 (8.16) 


8 



This simplifies to the expression for the bubble point: 


NC 

Y J Z i K i = 1 (8.17) 


Thus, to calculate the bubble point for a given mixture and at a 
specified pressure, a search is made for a temperature to satisfy 
Equation 8.17. Alternatively, temperature can be specified and a 
search made for a pressure, the bubble pressure, to satisfy 
Equation 8.17. 

Another special case is when it is necessary to calculate the dew 
point. In this case, VIF= 1 in Equation 8.14, which simplifies to: 


E 


Ki 


Figure 8.2 

Single-stage separation. 


(8.18) 
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(a) Temperature-composition behavior. 



(b) x-y representation. 


Figure 8.3 

Vapor-liquid equilibrium for a binary mixture of benzene and toluene at a pressure of 1 atm. (Reproduced from Smith R and Jobson M (2000) Distillation, 
Encyclopedia of Separation Science, Academic Press, with permission from Elsevier.) 


Again, for a given mixture and pressure, temperature is searched to 
satisfy Equation 8.18. Alternatively, temperature is specified and 
pressure searched for the dew pressure. 

If the K-value requires the composition of both phases to be 
known, then this introduces additional complications into 
the calculations. For example, suppose a bubble-point calcula¬ 
tion is to be performed on a liquid of known composition using 
an equation of state for the vapor-liquid equilibrium (see 
Appendix A). To start the calculation, a temperature is assumed. 
Then, calculation of K-values requires knowledge of the vapor 
composition to calculate the vapor-phase fugacity coefficient 
and that of the liquid composition to calculate the liquid-phase 
fugacity coefficient (see Appendix A). While the liquid compo¬ 
sition is known, the vapor composition is unknown and an initial 
estimate is required for the calculation to proceed. Once the 
K-value has been estimated from an initial estimate of the vapor 
composition, the composition of the vapor can be reestimated, 
and so on. 

Figure 8.3 shows, as an example, the vapor-liquid equili¬ 
brium behavior for a binary mixture of benzene and toluene 
(Smith and Jobson, 2000). Figure 8.3a shows the behavior of 
temperature of the saturated liquid and saturated vapor (i.e. 
equilibrium pairs) as the mole fraction of benzene is varied (the 
balance being toluene). This can be constructed by calculating 
the bubble and dew points for different concentrations. 
Figure 8.3b shows an alternative way of representing the 
vapor-liquid equilibrium in a composition or x-y diagram. 
The x-y diagram can be constructed from the relative volatility 
(Equation 8.6). From the definition of relative volatility for a 
binary mixture of Components A and B\ 


VaAa _ yd*A 

TbAb (1 -Ta)/(1 -Xa) 


(8.19) 


Rearranging gives: 


Ta = 


X A <X A B 

1 + x A (a AB - 1) 


( 8 . 20 ) 


Thus, by knowing a^s from the vapor-liquid equilibrium and by 
specifying x A , y A can be calculated. Figure 8.3a also shows a typical 
vapor-liquid equilibrium pair, where the mole fraction of benzene 
in the liquid phase is 0.4 and that in the vapor phase is 0.62. A 
diagonal line across the x-y diagram in Figure 8.3b represents 
equal vapor and liquid compositions. The phase equilibrium 
behavior in Figure 8.3b shows a curve above the diagonal line. 
This indicates that benzene has a higher concentration in the vapor 
phase than toluene, that is, benzene is the more volatile component. 
Figure 8.3b shows the same vapor-liquid equilibrium pair as that 
shown in Figure 8.3a (Smith and Jobson, 2000). 

Figure 8.3a can be used to predict the separation in a single 
equilibrium stage, given a specified feed to the stage and a stage 
temperature. For example, suppose the feed is a mixture with equal 
mole fractions of benzene and toluene of 0.5 and this is brought to 
equilibrium at 95 °C (Point Q in Figure 8.3a). Then the resulting 
liquid will have a mole fraction of benzene of 0.4 and the vapor a 
mole fraction of 0.62. In addition, the quantity of each phase 
formed can be determined from the lengths of the lines PQ and QR 
in Figure 8.3a. An overall material balance across the separator 
gives: 


mq = nip + nip 


( 8 . 21 ) 


A material balance for Component i gives: 

m Q x i,Q = m p x L p + m R x lK 


( 8 . 22 ) 
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(a) Moderate deviations from ideality. 


(b) Minimum boiling azeotrope. 


(c) Maximum boiling azeotrope. 


8 


Figure 8.4 

Binary-liquid equilibrium behavior. 


Substituting Equation 8.21 into Equation 8.22 and rearranging 
gives: 


mp _ x iJt - x lQ 
m R x t/ Q - x lF 


(8.23) 


Thus, in Figure 8.3: 


nip _ QR 
m R PQ 


(8.24) 


The ratio of molar flowrates of the vapor and liquid phases is thus 
given by the ratio of the opposite line segments. This is known as 
the Lever Rule, after the analogy with a lever and fulcrum (King, 
1980). 

Consider now a binary mixture of two Components A and 5; the 
vapor-liquid equilibrium exhibits only a moderate deviation from 
ideality, as represented in Figure 8.4a. In this case, as pure A boils at 
a lower temperature than pure B in the temperature-composition 
diagram in Figure 8.4a, Component A is more volatile than 
Component B. This is also evident from the vapor-liquid compo¬ 
sition diagram ( x-y diagram), as it is above the line of y A = x A . In 
addition, it is also clear from Figure 8.4a that the order of volatility 
does not change as the composition changes. By contrast, 


Figure 8.4b shows a more highly nonideal behavior in which 
Yi> 1 (positive deviation from Raoult’s Law) forms a minimum- 
boiling azeotrope. At the azeotropic composition, the vapor and 
liquid are both at the same composition for the mixture. The lowest 
boiling temperature is below that of either of the pure components 
and is at the minimum-boiling azeotrope. It is clear from 
Figure 8.4b that the order of volatility of Components A and B 
changes, depending on the composition. Figure 8.4c also shows 
azeotropic behavior. This time, the mixture shows a behavior in 
which Yi < 1 (negative deviation from Raoult’s Law) forms a 
maximum-boiling azeotrope. This maximum-boiling azeotrope 
boils at a higher temperature than either of the pure components 
and would be the last fraction to be distilled, rather than the least 
volatile component, which would be the case with nonazeotropic 
behavior. Again, from Figure 8.4c, it can be observed that the order 
of volatility of Components A and B changes depending on the 
composition. Minimum-boiling azeotropes are much more com¬ 
mon than maximum-boiling azeotropes. The formulation of azeo¬ 
tropes presents special problems for the separation of such a 
mixture, owing to the change in the order of volatility. This 
situation will be dealt with in detail in Chapter 11. The remainder 
of the chapter will deal only with separations in which no azeo¬ 
tropes are formed. 
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Some general guidelines for vapor-liquid mixtures in terms of 

their nonideality are: 

a) Mixtures of isomers usually form ideal solutions. 

b) Mixtures of close-boiling aliphatic hydrocarbons are nearly 
ideal below lObar. 

c) Mixtures of compounds close in molar mass and structure 
frequently do not deviate greatly from ideality (e.g. ring 
compounds, unsaturated compounds, naphthenes, etc.). 

d) Mixtures of simple aliphatics with aromatic compounds devi¬ 
ate modestly from ideality. 


e) Noncondensables such as C0 2 , H 2 S, H 2 , N 2 , and so on, that are 
present in mixtures involving heavier components tend to 
behave nonideally with respect to the other compounds. 

f) Mixtures of polar and nonpolar compounds are always strongly 
nonideal. 

g) Azeotropes and phase separation into liquid-liquid mixtures 
represent the ultimate in nonideality. 

Moving down the list, the nonideality of the system 
increases. 


Example 8.1 A mixture of ethane, propane, n-butane, n-pen¬ 
tane and 77 -hexane is given in Table 8.1. For this calculation, it can 
be assumed that the K-values are ideal and follow Raoult's Law. 
For the mixture in Table 8.1, an equation of state method might 
have been a more appropriate choice (see Appendix A). Flowever, 
this makes the calculation of the K-values much more complex. 
The ideal K-values for the mixture can be expressed in terms of the 
Antoine Equation as: 


1 

K, =-exp 



B, 

T + Ci 


(8.25) 


where P is the pressure (bar), T the absolute temperature (K) and A,-, 
6, and C,- are constants given in the Table 8.1: 

a) For a pressure of 5 bar, calculate the bubble point. 

b) For a pressure of 5 bar, calculate the dew point. 

c) Calculate the pressure needed for total condensation at 313 K. 

d) At a pressure of 6 bar and a temperature of 313 K, how much 
liquid will be condensed? 


Solution 

a) The bubble point can be calculated from Equation 8.17 or from 
Equation 8.14 by specifying V/F = 0. The bubble point is 
calculated from Equation 8.17 in Table 8.2 to be 296.4 K. 
The search can be readily automated in spreadsheet software. 


b) The dew point can be calculated from Equation 8.18 or 8.14 by 
specifying V/F= 1. In Table 8.3, the dew point is calculated 
from Equation 8.18 to be 359.1 K. 

c) To calculate the pressure needed for total condensation at 
313 K, the bubble pressure is calculated. The calculation is 
essentially the same as that in Part a above, with the temperature 
fixed at 313 K and the pressure varied, instead, in an iterative 
fashion until Equation 8.17 is satisfied. The resulting bubble 
pressure at 313 K is 7.4bar. 

If distillation was carried out giving an overhead composi¬ 
tion, as given in Table 8.1, and if cooling water was used in the 
condenser, then total condensation at 313 K (40 °C) would 
require an operating pressure of 7.4 bar. 

d) Equation 8.14 is used to determine how much liquid will be 
condensed at a pressure of 6 bar and 313 K. The calculation is 
detailed in Table 8.4, giving V/F= 0.0951; thus, 90.49% of the 
feed will be condensed. 

Simple phase equilibrium calculations, like the one illustrated 
here, can be readily implemented in spreadsheet software and 
automated. In practice, the calculations will most often be carried 
out in commercial physical property packages, allowing more 
elaborate methods for calculating the equilibrium K-values to 
be used. 


Table 8.1 

Feed and physical property for components. 


Component 

Formula 

Feed (kmol) 

A,- 

Bi 

Ci 

1. Ethane 

c 2 h 6 

5 

9.0435 

1511.4 

-17.16 

2. Propane 

c 3 h 8 

25 

9.1058 

1872.5 

-25.16 

3. n-Butane 

C 4 H 10 

30 

9.0580 

2154.9 

-34.42 

4. n-Pentane 

c 5 h 12 

20 

9.2131 

2477.1 

-39.94 

5. n-Hexane 

C 6 H i4 

20 

9.2164 

2697.6 

-48.78 
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Table 8.2 

Bubble-point calculation. 




T = 275K 

r = 350K 

r=300K 

J = 290K 

T= 296.366 K 

i 

Zi 

Ki 

ZiKi 

Ki 

ZiKi 

Ki 

ZiKi 

Ki 

ZiKi 

K , 

ZiKi 

1 

0.05 

4.8177 

0.2409 

18.050 

0.9025 

8.0882 

0.4044 

6.6496 

0.3325 

7.5448 

0.3772 

2 

0.25 

1.0016 

0.2504 

5.6519 

1.4130 

1.9804 

0.4951 

1.5312 

0.3828 

1.8076 

0.4519 

3 

0.30 

0.2212 

0.0664 

1.8593 

0.5578 

0.5141 

0.1542 

0.3742 

0.1123 

0.4594 

0.1378 

4 

0.20 

0.0532 

0.0106 

0.6802 

0.1360 

0.1464 

0.0293 

0.1000 

0.0200 

0.1279 

0.0256 

5 

0.20 

0.0133 

0.0027 

0.2596 

0.0519 

0.0437 

0.0087 

0.0280 

0.0056 

0.0373 

0.0075 


1.00 


0.5710 


3.0612 


1.0917 


0.8532 


1.0000 


Table 8.3 

Dew-point calculation. 




T = 325 K 

T = 375 K 

J = 350K 

T = 360 K 

T = 359.105 K 

i 

Zi 

Ki 

Zi/Ki 

Ki 

Zi/Ki 

Ki 

zJKi 

Ki 

zJKi 

Ki 

Zi/Ki 

1 

0.05 

12.483 

0.0040 

24.789 

0.0020 

18.050 

0.0028 

20.606 

0.0024 

20.370 

0.0025 

2 

0.25 

3.4951 

0.0715 

8.5328 

0.0293 

5.6519 

0.0442 

6.7136 

0.0372 

6.6138 

0.0378 

3 

0.30 

1.0332 

0.2903 

3.0692 

0.0977 

1.8593 

0.1614 

2.2931 

0.1308 

2.2517 

0.1332 

4 

0.20 

0.3375 

0.5925 

1.2345 

0.1620 

0.6802 

0.2941 

0.8730 

0.2291 

0.8543 

0.2341 

5 

0.20 

0.1154 

1.7328 

0.5157 

0.3879 

0.2596 

0.7704 

0.3462 

0.5778 

0.3376 

0.5924 


1.00 


2.6911 


0.6789 


1.2729 


0.9773 


1.0000 


Table 8.4 

Flash calculation. 


i 

Zi 

Ki 

V/F = 0 

V7F = 0.5 

VII’ = 0.1 

VII- = 0.(15 

V/F = 0.0951 

Zi(Ki -1) 

Zi{Kt - 1) 

Zi(Ki - 1) 

Zi(K t - 1) 

Zi(Ki - 1) 

V F (Ki-\) + \ 

l(Ki-l) + l 

+ 

1 

+ 

1 

g. 

l(Ki- l) + l 

i 

0.05 

8.5241 

0.3762 

0.0790 

0.2147 

0.2734 

0.2193 

2 

0.25 

2.2450 

0.3112 

0.1918 

0.2768 

0.2930 

0.2783 

3 

0.30 

0.6256 

-0.1123 

-0.1382 

-0.1167 

-0.1145 

-0.1165 

4 

0.20 

0.1920 

-0.1616 

-0.2711 

-0.1758 

-0.1684 

-0.1751 

5 

0.20 

0.0617 

-0.1877 

-0.3535 

-0.2071 

-0.1969 

-0.2060 


1.00 


0.2258 

-0.4920 

-0.0081 

0.0866 

0.0000 
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8.3 Single-Stage 
Separation 


When a mixture contains components with large relative volatil¬ 
ities, either a partial condensation from the vapor phase or a partial 
vaporization from the liquid phase followed by a simple phase split 
can often produce an effective separation (King, 1980). 

Figure 8.2 shows a feed being separated into a vapor and liquid 
phase and being allowed to come to equilibrium. If the feed to the 
separator and the vapor and liquid products are continuous, then 
the material balance is described by Equations 8.10, 8.11 and 8.14 
(King, 1980). If K, is large relative to VIF (typically K, > 10) in 
Equation 8.10, then (Douglas, 1988): 


Vi « Zi/(Y/F) 
that is, Vy t « /%■ 


(8.26) 


This means that all of Component i entering with the feed, Fzi, 
leaves in the vapor phase as Vy r Thus, if a component is required to 
leave in the vapor phase, its K-value should be large relative to VIF. 

On the other hand, if K t is small relative to VIF (typically 
Kj< 0.1) in Equation 8.11, then (Douglas, 1988): 


Xi « Fzi/L 
that is, Lxj « Fzi 


(8.27) 


This means that all of Component i entering with the feed, Fzu 
leaves with the liquid phase as Lx t . Thus, if a component is required 
to leave in the liquid phase, its K-value should be small relative to 
VIF. 

Ideally, the K-value for the light key component in the phase 
separation should be greater than 10 and, at the same time, the 
K-value for the heavy key less than 0.1. Such circumstances can 
lead to a good separation in a single stage. However, use of phase 
separators might still be effective in the flow sheet if the K-values 
for the key components are not so extreme. Under such circum¬ 
stances, a more crude separation must be accepted. 


8.4 Distillation 


A single equilibrium stage can only achieve a limited amount of 
separation. However, the process can be repeated by taking the 
vapor from the single-stage separation to another separation stage 
and partially condensing it and taking the liquid to another 
separation stage and partially vaporizing it, and so on. With 
each repeated condensation and vaporization, a greater degree 
of separation will be achieved. In practice, the separation to 
multiple stages is extended by creating a cascade of stages as 
shown in Figure 8.5. It is assumed in the cascade that liquid and 
vapor streams leaving each stage are in equilibrium, forming an 
equilibrium stage. Using a cascade of stages in this way allows the 
more-volatile components to be transferred to the vapor phase and 
the less-volatile components to be transferred to the liquid phase. In 
principle, by creating a large enough cascade, an almost complete 
separation can be carried out. 


Product <- 



Condenser 




Feed 






Product 



Reboiler 


Figure 8.5 

A cascade of equilibrium stages with refluxing and reboiling. (Repro¬ 
duced from Smith R and Jobson M (2000) Distillation, Encyclopedia of 
Separation Science, Academic Press, with permission from Elsevier.) 


The section of the column above the feed is known as the 
rectifying section and that below the feed the stripping section. At 
the top of the cascade in Figure 8.5, liquid is needed to feed the 
cascade in the rectifying section. This is produced by condensing 
vapor that leaves the top stage and returning this liquid to the first 
stage of the cascade as reflux. All of the vapor leaving the top stage 
can be condensed in a total condenser to produce a liquid top 
product. Alternatively, only enough of the vapor to provide the 
reflux can be condensed in a partial condenser to produce a vapor 
top product if a liquid top product is not desired. Vapor is also 
needed to feed the cascade at the bottom of the column in the 
stripping section. This is produced by vaporizing some of the liquid 
leaving the bottom stage and returning the vapor to the bottom 
stage of the cascade in a reboiler. The feed to the process is 
introduced at an intermediate stage and products are removed from 
the condenser and the reboiler. 

The methods by which the vapor and liquid are contacted in 
each stage of the cascade in distillation fall into the two broad 
categories of tray or packed columns. 

1) Tray columns. The first arrangement illustrated in Figure 8.6a 
shows a plate, or tray, column. Liquid reflux enters the first tray 
at the top of the column and flows across what is shown in 
Figure 8.6a as a perforated plate (sieve tray). Vapor bubbles 
through the liquid flowing across the tray and a froth might be 
formed. This contacting allows mass transfer to take place. 
Liquid is prevented from weeping through the holes in the tray 
by the up-flowing vapor. Weeping occurs when the vapor flow 
is too low to maintain the liquid level on the tray. The liquid 
from each tray flows over a weir and down a downcomer to the 
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Figure 8.6 

A distillation column fitted with trays. 


next tray, and so on. Figure 8.7 illustrates further the down¬ 
comer design. Most downcomer designs follow the segmental 
or chord design, illustrated in Figures 8.6 and 8.7. This is a 
vertical flat plate that extends down from the outlet weir. Other 
designs are possible. The flow of vapor up the column leads to a 
pressure drop across each tray of typically 0.007 bar. The 
downcomer provides a liquid seal and must provide enough 
head of liquid to overcome the tray pressure drop across the 
tray. The three most commonly used types of tray (although 
there are many designs available) are: 

a) Sieve tray. The simplest and most commonly used type of 
tray is the sieve tray, as illustrated in Figure 8.6b. This is a 
perforated plate with holes drilled or punched through the 
tray. Hole sizes vary typically between 3 mm and 25 mm, 
with larger holes used for fouling duties. Sieve trays are 
cheap, simple and well understood in terms of performance. 
One major disadvantage of sieve trays is their lack of 
flexibility. Flexibility is measured by the turndown ratio. 
For sieve trays this is of the order 2:1, which means that the 
flowrate can be decreased to Vi while maintaining the design 
separation. 


b) Floating valve. Floating valve trays use small moveable 
metal flaps to adjust the size of the openings of the holes in 
the tray. The flap rises or lowers in the hole as the vapor rate 
increases or decreases. A typical design is illustrated in 
Figure 8.6c. In the arrangement in Figure 8.6c, upward 
movement is guided and restrained by three metal legs. 
Other designs mount the metal flap in a cage to guide and 
restrain movement. The principle advantage of floating 
valve trays is that they improve the flexibility of operation 
to be able to cope with a wider variety of liquid and vapor 
flowrates in the column. By using floating valve trays the 
turndown ratio can be increased from a typical value for 
sieve trays of 2:1 to 5:1 or greater for floating valve trays. 
However, for fouling services, fouling can affect the open¬ 
ing and closing of the valve. 

c) Fixed valve. Fixed valve trays use metal flaps punched from 
the tray at a fixed distance from the tray. A typical design is 
illustrated in Figure 8.6d. The principle advantage of fixed 
valves compared with sieve trays is that the horizontal vapor 
velocity created by the valve promotes intense radial mixing 
on the tray. The fixed position of the valve implies an 
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Cross-sectional Area 



(a) Area for a tray column. 


Downcomer 



Active Area 


-Downcomer 


(b) Active area in the column is restricted 
by the downcomers. 


Figure 8.7 

Areas of distillation tray layout. 



(a) Active area in the column can be increased 
with sloping downcomers. 



Hanging 

Downcomer 


(b) Hanging downcomers restrict the flow in the 
downcomer to allow an increase in active area. 


Figure 8.8 

Alternative downcomer designs. 


operating flexibility similar to that of a sieve tray. However, 
turndown rates and efficiency are higher than sieve trays but 
lower than floating valve trays. This radial flow of the vapor 
also reduces fouling. 

Many other designs of tray are available. Other features of 
tray column design relating to entry of reflux and feed are also 
illustrated in Figure 8.6a. Equipment for vapor entry at the base 
of the column varies and depends on whether the exit from the 
reboiler is vapor or a mixture of liquid and vapor. 

One particular disadvantage of distillation trays is that 
the downcomer arrangement allowing liquid to flow down 
the column makes a significant proportion of the area within 
the column shell not available for contacting liquid and vapor. 
Figure 8.7a defines the areas within the column. The column 
cross-sectional area is the areas of the empty column without 
the trays and downcomers. The net area or free area is the 
cross-sectional area minus the area at the top of the downcomer 
(see Figure 8.7). This is the smallest area available for vapor 
flow between the trays. The active area or bubbling area is the 
cross-sectional area minus the downcomer top and base areas 
and any additional nonperforated areas. This represents the area 
available for vapor flow close to the tray. Each downcomer 
typically takes up 10 to 15% of the cross-sectional area. If the 
required area for the downcomers exceeds this range, or 
an existing column requires capacity to be increased, then 
different methods can be adopted to increase the active area. 
Figure 8.8a shows a sloped downcomer design with a sloped 


apron. This allows more area at the top of the downcomer for 
vapor and liquid disengagement, allowing a greater area on the 
tray below to be used as active area. The ratio of the top to 
bottom downcomer area is normally between 1.5 and 2.0. 
The sloped downcomer might be a flat plate, or in more 
elaborate designs can be a semi-conical shape to follow the 
contour of the column shell. Another possibility is illustrated in 
Figure 8.8b, which shows a hanging downcomer arrangement. 
In this case, the flow of liquid from the downcomer is restricted, 
allowing the area below the downcomer to be exploited as an 
active area. Downcomer arrangements such as hanging down¬ 
comers are generally reserved for existing columns when an 
increase in capacity is required. 

Weir loading is an important parameter for tray design. It is 
calculated as the clear liquid volume divided by the length of 
the tray outlet weir. Weir loading has a direct influence on the 
froth height on the tray as higher weir loadings increase the fluid 
crest over the weir. Increased crest over the weir raises the 
liquid level on the tray deck, which increases the pressure drop 
across the tray. This creates higher downcomer backup and 
downcomer backup flooding can occur, preventing the tray 
functioning. Crests can also become large enough so as not to fit 
into downcomer opening, and downcomer choke flooding can 
occur, again preventing the tray functioning. If the weir loading 
is too high, leading to an excessively high weir crest, then the 
number of downcomers can be increased by introducing 
multiple passes. Figure 8.9 contrasts single-, two-, three- and 
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(a) Single pass. 



(b) Two pass. 


Side 

Downcomer 


Center 

Downcomer 






(c) Three pass. 




■4r>> ^ U li ^ 


(d) Four pass. 


Figure 8.9 

Multipass tray layouts. 0 


four-pass designs. Increasing the number of passes brings 
additional complexities in the tray design to ensure the correct 
distribution of liquid on the trays (Pilling, 2005). Three-pass 
designs are rarely used because of the difficulties associated 
with the asymmetry of the design (Kister and Olsson, 2010). A 
shorter liquid flow path and possible maldistribution of liquid 
and vapor streams can result in lower tray efficiency. Rather 
than use vertical aprons as illustrated in Figure 8.9, sloped 
aprons can also be used with multipass designs. 

If the liquid and vapor being contacted on a tray were able to 
come to equilibrium, this would constitute an equilibrium 
stage. In practice, the column will need more trays than the 
number of equilibrium stages, as mass transfer limitations and 
poor contacting efficiency prevent equilibrium being achieved 
on a tray. 

2) Packed columns. The other broad class of contacting arrange¬ 
ment for the cascade in a distillation column is that of packed 
columns. Here the column is filled with a solid material that has 
a high surface area. Liquid trickles across the surfaces of the 
packing and vapor flows upward through the voids in the 
packing, contacting the liquid on its way up the column. 
Many different designs of packing are available. 
Figure 8.10a illustrates a column arrangement that uses struc¬ 
tured packing. Structured packing is most often manufactured 
from corrugated sheets with the corrugations inclined to the 
horizontal in alternating layers, as illustrated in Figure 8.10b. 
Different angles of inclination are used by different designs. 
These preformed sheets of metal are joined together to produce 
preformed cylindrical packing slabs with inclined flow chan¬ 
nels and built up as alternating slabs within the distillation 
column. The intersection of the slabs creates mixing points. 


Designs can feature additional crimping of the metal sheets and 
holes in the sheets. The structured packing slabs are often fitted 
with wall wipers to redirect liquid away from the column wall 
to prevent bypassing of the liquid along the wall. Fabrication 
materials can be metal alloys, plastics or ceramic material. A 
variation on structured packaging is grid packing. This uses a 
performed open-lattice structure manufactured in slabs. They 
have a high open area, leading to high capacity, low pressure 
drop and a higher tolerance to fouling than structured packing. 

An alternative design of packing is random or dumped 
packing. The random packing is pieces of preformed metal, 
plastic or ceramic, which when dumped in the column produce 
a body with a high surface area. Figure 8.10c shows the simplest 
form of random packing, a Raschig Ring. Figure 8. lOd shows a 
metal Pall Ring®, Figure 8.10e a metal Intalox Saddle® and 
Figure 8.1 Of a Berl Saddle. Many designs of random packing 
are available. For random packing, the pieces of packing are 
dumped in beds, as in Figure 8.10a instead of the structured 
packing. Although structured packings have a high surface area 
per unit volume, the liquid loading for structured packings is 
only slightly higher than for random packings. As with struc¬ 
tured packing, liquid distribution, liquid collection and vapor 
distribution are still required. Structured packing generally has 
a lower pressure drop, higher efficiency and higher capacity for 
a given column diameter compared with a random packing. 
Packed designs in general have a lower pressure drop than tray 
designs for the same separation. Structured packing normally 
has a pressure drop less than 0.003 bar m -1 . 

The packed column requires column internals for the distri¬ 
bution of vapor and liquid and the collection of liquid. A liquid 
distribution device is required for the reflux. A liquid collector 
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(b) Structured packing. 


0 

(c) ftaschig ring. 



(d) Mcial Pall<K* ring. 



(c) Metal Intaloxfc). 



Column layout. 


If) BcrI saddle. 


Figure 8.10 

A packed distillation column. 


is required at the base of the rectifying section. The liquid 
cascading down from the rectifying section then needs to be 
redistributed for the stripping section, along with the liquid 
feed. Vapor distribution devices are required at the base of the 
rectifying and stripping sections. Many different designs of 
liquid distribution, liquid collection and vapor distribution are 
available. For large packing heights, the liquid flowing down 
the column must be collected and redistributed to ensure 
efficient contacting of vapor and liquid throughout the bed 
height. Whereas the change in composition in a plate column is 
finite from stage to stage, the change in composition in a packed 
column is continuous. 


Before detailed design can be carried out a number of important 
decisions must be made about the distillation column. The thermal 
condition of the feed, the number of equilibrium stages, feed 
location, operating pressure, amount of reflux, and so on, all 
must be chosen before a simulation can be carried out. 

To explore these decisions in a systematic way, shortcut design 
methods can be used. These exploit simplifying assumptions to 
allow many more design options to be explored than would be 
possible with detailed simulation and allow conceptual insights to 


be gained. Once the major decisions have been made, a detailed 
simulation needs to be carried out. 

Conceptual insights into the design of distillation are best 
developed by first considering distillation of binary mixtures. 

8.5 Binary Distillation 

Consider the material balance for a simple binary distillation 
column. A simple column has one feed, two products, one reboiler 
and one condenser. Such a column is shown in Figure 8.11. A 
method of graphical analysis of binary distillation known as the 
McCabe-Thiele Method (McCabe and Thiele, 1925) will now be 
developed. Although it involves too many simplifications to be 
used for a final design in distillation, it is a key conceptual tool in 
understanding distillation. 

An overall material balance can be written as: 

F = D + B (8.28) 

A material balance can also be written for Component i as: 

Fxjj- = Dxif, + Bxifl (8.29) 

Flowever, to fully understand the design of the column, the material 
balance must be followed through the column. To simplify the 
analysis, it can be assumed that the molar vapor and liquid 
flowrates are constant in each column section, which is termed 
constant molar overflow. This is strictly true only if the component 
molar latent heats of vaporization are the same, there is no heat of 
mixing between the components, heat capacities are constant and 
there is no external addition or removal of heat. In fact, this turns 
out to be a reasonable assumption for many mixtures of organic 
compounds that exhibit reasonably ideal behavior. However, it can 
also turn out to be a poor assumption for many mixtures, such as 
many mixtures of alcohol and water. 

Start by considering the material balance for the part of the 
column above the feed in the rectifying section. Figure 8.12 shows 
the rectifying section of a column and the flows and compositions 



Figure 8.11 

Mass balance on a simple disillation column. 
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Figure 8.12 

Mass balance for the rectifying section. (Reproduced from Smith R and 
Jobson M (2000) Distillation, Encyclopedia of Separation Science, 
Academic Press, with permission from Elsevier.) 




Figure 8.13 

Mass balance for the stripping section. (Reproduced from Smith R and 
Jobson M (2000) Distillation, Encyclopedia of Separation Science, 
Academic Press, with permission from Elsevier.) 


of the liquid and vapor in the rectifying section. First, an overall 
balance is written for the rectifying section (assuming L and V are 
constant, i.e. constant molar overflow): 

V = L + D (8.30) 

A material balance can also be written for Component i: 

Vy Un+l = Lx u „ + Dxjp (8.31) 

The reflux ratio, R, is defined to be: 

R = L/D (8.32) 


down gives the liquid composition leaving Stage 1, X\. Another 
horizontal line across to the equilibrium line gives the composition 
of the vapor leaving Stage 2 (_y 2 )- A vertical line to the operating 
line gives the composition of the liquid leaving Stage 2 (x 2 ), and so 
on. Thus, stepping between the operating line and equilibrium line 
in Figure 8.12b, the change in vapor and liquid composition is 
followed through the rectifying section of the column. 

Now consider the corresponding mass balance for the column 
below the feed in the stripping section. Figure 8.13a shows the 
vapor and liquid flows and compositions through the stripping 
section of a column. An overall mass balance for the stripping 
section around Stage m + 1 gives: 

L = V 1 + B (8.35) 


Given the reflux ratio, the vapor flow can be expressed in terms 
of R: 


V = (R+\)D (8.33) 

These expressions can be combined to give an equation that relates 
the vapor entering and liquid flows leaving Stage n: 


A component balance gives: 

TA,- m = V'y im+1 + Bx iJS (8.36) 

Again, assuming constant molar overflow ( L' and V are constant), 
these expressions can be combined to give an equation relating the 
liquid entering and the vapor leaving Stage m + 1: 




R 1 

YV\ Xin *-RV\ Xin 


(8.34) 


_ L B 

V/. m+ 1 ! ^ijtl \^! 


(8.37) 


On an x-y diagram for Component i this is a straight line starting at 
the distillate composition with slope RKR + 1) and which intersects 
the diagonal line at x i D . 

Starting at the distillate composition x iD in Figure 8.12b, a 
horizontal line across to the equilibrium line gives the composition 
of the vapor in equilibrium with the distillate (yi). A vertical step 


This line can be plotted in an x-y plot as shown in Figure 8.13b. It is 
a straight line with slope L'/V, which intersects the diagonal line at 
Xj B . Starting from the bottom composition, B , a vertical line up to 
the equilibrium line gives the composition of the vapor leaving the 
reboiler ( y B ). A horizontal line across to the operating line gives the 
composition of the liquid leaving Stage N (x N ). A vertical line up to 


8 































152 Chemical Process Design and Integration 


the equilibrium line then gives the vapor leaving Stage N ( y N ), and 
so on. 

Now the rectifying and stripping sections can be brought 
together at the feed stage. Consider the point of intersection of 
the operating lines for the rectifying and stripping sections. From 
Equations 8.31 and 8.36: 


Vy, = Lxj + Dx, d (8.38) 

V'y, = Lxi - Bx ifi (8.39) 

where y, and x, : are the intersection of the operating lines. Subtract¬ 
ing Equations 8.38 and 8.39 gives: 


(V - V') yi = (L — L') Xi + Dx lD + Bx ub (8.40) 

Substituting the overall mass balance. Equation 8.28, gives: 

(V - V') yi = (L — L') Xi + Fx i F (8.41) 

Now it is necessary to determine how the vapor and liquid 
flowrates change at the feed stage. 

What happens at the feed stage depends on the condition of the 
feed, whether it is subcooled liquid, saturated liquid, partially 
vaporized, saturated vapor or superheated vapor. To define the 
condition of the feed, the variable q is introduced, defined as: 

Heat required to vaporize 1 mole of feed ^ 

^ Molar latent heat of vaporization of feed 

For a saturated liquid feed q = 1 and for a saturated vapor feed 
q = 0. If the feed is subcooled liquid, q is greater than 1. If the feed is 
superheated vapor, q is less than 0. The flowrate of feed entering the 
column as liquid is qF. The flowrate of feed entering the column as 
vapor is (1 —q)F. Figure 8.14 shows the feed stage. An overall 
mass balance on the feed stage for the vapor gives: 

V = V'+(l- q)F (8.43) 

An overall mass balance for the liquid on the feed stage gives: 

L =L + qF (8.44) 


Combining Equations 8.41, 8.43 and 8.44 together gives a 
relationship between the compositions of the feed and the vapor 
and liquid leaving the feed tray: 


y t = 


q 

q -1 


Xi - 


q- 1 


Xi,F 


(8.45) 


This equation is known as the q-line. On the x-y plot, it is a straight 
line with slope ql(q— 1) and intersects the diagonal line at x (j F . It is 
plotted in Figure 8.14 for various values of q. 

The material balances for the rectifying and stripping sections 
can now be brought together. Figure 8.15a shows the complete 
design. The construction is started by plotting the operating lines 
for the rectifying and stripping sections. The q-line intercepts the 




Figure 8.14 

Mass balance for the feed stage. (Reproduced from Smith R and Jobson M 
(2000) Distillation, Encyclopedia of Separation Science, Academic Press, 
with permission from Elsevier.) 


operating lines at their intersection. The construction steps off 
between the operating lines and the equilibrium lines. The inter¬ 
section of the operating lines is the correct feed stage, that is, the 
feed stage necessary to minimize the overall number of theoretical 
stages. The stepping procedure changes from one operating line to 
the other at the intersection with the q-line. The construction can be 
started either from the overhead composition working down 
or from the bottom composition working up. This method of 
design is known as the McCabe-Thiele Method (McCabe and 
Thiele, 1925). 

Figure 8.15b shows an alternative stepping procedure in which 
the change from the rectifying to the stripping operating lines leads 
to a feed stage location below the optimum feed stage. The result is 
an increase in the number of theoretical stages for the same 
separation. Figure 8.15c shows a stepping procedure in which 
the feed stage location is above the optimum, again resulting in an 
increase in the number of theoretical stages. 

Figure 8.16 contrasts a total condenser (Figure 8.16a) and 
partial condenser (Figure 8.16b) in the McCabe-Thiele Diagram. 
Although a partial condenser can provide a theoretical stage in 
principle, in practice the performance of a condenser will not 
achieve the performance of a theoretical stage. 

Figure 8.17 contrasts the two general classes of reboiler. 
Figure 8.17a is fed with a liquid. This is partially vaporized and 
discharges liquid and vapor streams that are in equilibrium. This is 
termed a partial reboiler or once-through reboiler or kettle 
reboiler and, as shown in the McCabe-Thiele diagram in 
Figure 8.17a, acts as a theoretical stage. In the other class of 
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(b) Feed location below the 
optimum stage. 



(c) Feed location above the 
optimum stage. 


Figure 8.15 

Combining the rectifying and snipping sections. 



(a) Total condenser. 


(b) Partial condenser. 
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Figure 8.16 

Total and partial condensers in the McCabe-Thiele Diagram. 


reboilers shown in Figure 8.17b, known as thermosyphon 
reboilers, part of the liquid flow from the bottom of the column 
is taken and partially vaporized. Whilst some separation obviously 
occurs in the thermosyphon reboiler, this will be less than that in a 
theoretical stage. It is safest to assume that the necessary stages are 
provided in the column itself, as illustrated in the McCabe-Thiele 
Diagram in Figure 8.17b. 


There are two important limits that need to be considered for 
distillation. The first is illustrated in Figure 8.18a. This is total 
reflux, in which no products are taken and there is no feed. At 
total reflux, the entire overhead vapor is refluxed and all the 
bottoms liquid reboiled. Figure 8.18a also shows total reflux on 
an x-y plot. This corresponds with the minimum number of 
stages required for the separation. The other limiting case. 
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(a) Partial reboiler. (*>) Thermosyphon reboilcr. 


Figure 8.17 

Partial and thermosyphon reboilers. 
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(a) Total reflux. 


(b) Minimum reflux 

with pinch at the feed 
stage. 


(c) Minimum reflux 

with pinch away from 
the feed. 


Figure 8.18 

Total and maximum reflux in binary distillation. (Adapted from Smith R and Jobson M (2000) Distillation, Encyclopedia of Separation Science, Academic 
Press, with permission from Elsevier.) 
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shown in Figure 8.18b, is where the reflux ratio is chosen such 
that the operating lines intersect at the equilibrium line. As this 
stepping procedure approaches the q-line from both sides, an 
infinite number of steps are required to approach the q-line. This 
is the minimum reflux condition in which there are zones of 
constant composition (pinches) above and below the feed. For 
binary distillation, the zones of constant composition are usually 
located at the feed stage, as illustrated in Figure 8.18b. The pinch 
can also be away from the feed, as illustrated in Figure 8.18c. 
This time, a tangent pinch occurs above the feed stage. 
A tangent pinch can also be obtained below the feed stage, 
depending on the shape of the x—y diagram. 

The McCabe-Thiele Method is restricted in its application 
because it only applies to binary systems and involves the simpli¬ 
fying assumption of constant molar overflow. However, it is an 
important method to understand as it gives important conceptual 
insights into distillation that cannot be obtained in any other way. 



Figure 8.19 

Stripping section of a column under total reflux conditions. 


8.6 Total and Minimum 
Reflux Conditions for 
Multicomponent Mixtures 

Just as with binary distillation, it is important to understand the 
operating limits for multicomponent distillation. The two extreme 
conditions of total and minimum reflux will therefore be consid¬ 
ered. However, before a multicomponent distillation column can 
be designed, a decision must be made as to the two key components 
between which it is desired to make the separation. The light key 
component is the one to be kept out of the bottom product 
according to some specifications. The heavy key component is 
the one to be kept out of the top product according to some 
specifications. The separation of the nonkey components cannot 
be specified. Lighter than light key components will tend to go 
predominantly with the overhead product and heavier than heavy 
key components will tend to go predominantly with the bottoms 
product. Intermediate-boiling components between the keys will 
distribute between the products. In preliminary design, the recov¬ 
ery of the light key or the concentration of the light key in the 
overhead product must be specified, as must the recovery of the 
heavy key or the concentration of the heavy key in the bottom 
product. 

Consider first total reflux conditions, corresponding with the 
minimum number of theoretical stages. The bottom of a distillation 
column at total reflux is illustrated in Figure 8.19: 

V„ = L„_i (8.46) 

A component mass balance gives: 


Consider a binary separation. The relative volatility is defined by 
Equation 8.19. Applying this equation to the bottom of the 
column, and because reflux conditions are total, the liquid 
composition in the reboiler is the same as the bottom composi¬ 
tion in this case: 


,y A = 4 -) 

JbJ R \ X bJ R 


(xa 
a/? — 
W 


(8.49) 


where subscript R refers to the reboiler and subscript B to the 
bottoms. Combining Equation 8.48 with Equation 8.49 gives: 


X A =«„H 

XbJ n \XbJ b 

Similarly, for Stage N: 

y A = (*) =J X A 

Ww \XbJ N -1 Ww 


(8.50) 


(8.51) 


Combining this with Equation 8.50 gives: 


X A \ 

( X A\ 

1 — 1 

= OlNOlR — 

\XbJ N -1 

\XB 


(8.52) 


Continuing up the column to the top stage: 


(x A \ 


X A \ 


= a 2 - 

■ ■a N a R — 

W 

l 

\XbJ B 


(8.53) 


F/zV/.,, — k/i — i v/zj— i 


(8.47) 


Combining with Equation 8.19 from the definition of a gives: 


Combining Equations 8.46 and 8.47 gives: 


(8.48) 


—') = a\ a 2 • • • a N a R (—^ (8.54) 
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Assuming a total condenser and the relative volatility to be constant 
gives: 


Xa 
?bJ d 



(8.55) 


where N min 


<*AB 


minimum number of theoretical stages (including 
the reboiler as an equilibrium stage) 
relative volatility between A and B 


Subscript D refers to the distillate. Equation 8.55 predicts the 
number of theoretical stages for a specified binary separation at 
total reflux and is known as the Fenske Equation (Fenske, 1932). 

In fact, the development of the equation does not include any 
assumptions limiting the number of components in the system. It 
can also be written for a multicomponent system for any two 
reference Components i and j (King, 1980; Treybal, 1980; 
Geankopolis, 1993; Seader, Henley and Roper, 2011): 


X 'l i) NXj.B 

— = — 

Xj,D Xjj, 


(8.56) 


where x iD 
Xi,B 


Xj,D 

x j,B 

ay 
N ■ 

1 v min 


mole fraction of Component i in the distillate 
mole fraction of Component i in the bottoms 
mole fraction of Component j in the distillate 
mole fraction of Component j in the bottoms 
relative volatility between Components i and j 
minimum number of stages 


Equation 8.56 can also be written in terms of the molar flowrates of 
the products: 


di N m : n bi 

<1, ~ <X,i h; 


(8.57) 


where d t = molar distillate flow of Component i 
bj = molar bottoms flow of Component i 


Alternatively, Equation 8.56 can be written in terms of recoveries 
of the products: 


r i,D N m r i-B 

- = «y — 

r iP r jfi 


(8.58) 


where r i D 
n,B 
r J,o 
r i.B 


recovery of Component i in the distillate 
recovery of Component i in the bottoms 
recovery of Component j in the distillate 
recovery of Component j in the bottoms 


When Component i is the light key component L, and j is the heavy 
key component H , this becomes (King, 1980; Treybal, 1980; 
Geankopolis, 1993; Seader, Henley and Roper, 2011): 


log 


N ■ = - 

1 v mm — 


dh_ bf£ 
dn b L 


log a LH 


log 


N„, 


Xl,D X HB 
Xh,D X LB 


log aLH 


(8.59) 
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Figure 8.20 

A plot of di/bi versus ay tends to follow a straight line when plotted on 
logorithmic axes. (Reproduced from Smith R and Jobson M (2000) 
Distillation, Encyclopedia of Separation Science, Academic Press, 
with permission from Elsevier.) 


log 

fL,D r HB 

.1 - r L D 1 - r H B 

log a LH 


(8.61) 


The Fenske Equation can be used to estimate the composition of 
the products. Equation 8.57 can be written in the form: 


log 


d, 

bi 


= N min log tty + log 


dj 

bj. 


(8.62) 


Equation 8.62 indicates that a plot of log \djlbj\ will be a linear 
function of log a,- ; with a gradient of N mi „. This can be rewritten as: 


log 


d, 

bi 


= A log «y + B 


(8.63) 


where A and B are constants. The parameters A and B are obtained 
by applying the relationship to the light and heavy key compo¬ 
nents. This allows the compositions of the nonkey components to 
be estimated, which is illustrated in Figure 8.20. Having specified 
the distribution of the light and heavy key components, knowing 
the relative volatilities of the other components allows their 
compositions to be estimated. The method is based on total reflux 
conditions. It assumes that the component distributions do not 
depend on the reflux ratio. 

Equation 8.57 can be written in a more convenient form than 
Equations 8.62 and 8.63. By combining an overall component 
balance: 

fi = dj + bi (8.64) 

with Equation 8.57, the resulting equation is (Seader, Henley and 
Roper, 2011): 



(8.60) 


(8.65) 
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and 


b, = 


fi 


1 . /v 

1 + a ti 



( 8 . 66 ) 


The Fenske Equation assumes that relative volatility is constant. 
The relative volatility can be calculated from the feed composition, 
but this might not be characteristic of the overall column (King, 
1980). The relative volatility will in practice vary through the 
distillation column, and an average needs to be taken. The average 
would best be taken at the average temperature of the column. To 
estimate the average, first assume that In Pf AT varies linearly as 1 IT 
(see Appendix A). If it is assumed that the two key components 
both vary linearly in this way, then the difference 
(In Pf vl — In P AAr ) also varies as 1 IT, which in turn means 
In (P SAT /P? AT ) varies as 1 IT. If it is now assumed that Raoult’s 
Law applies (i.e. ideal vapor-liquid equilibrium behavior, see 
Appendix A), then the relative volatility ay is the ratio of the 
saturated vapor pressures P? AT /Py u . Therefore, In ay varies as 
1 IT. The mean temperature in the column is given by: 


Tmean — ~ (Ptop T Pbottom) 


(8.67) 


Assuming In (ay) is proportional to 1 IT: 
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( 8 . 68 ) 


which on rearranging gives: 


( a ij)mean ~ eX P 


21n HW n Kk„ om 

ln(a 

ij)top + l n ( a y) bottom 


(8.69) 


If, instead of assuming ay is proportional to 1/T, it is assumed that 
ay is proportional to T, at the mean temperature: 

Humean = \ [ ln (a< : j)top + M«y )botton\ (8.70) 

which can be rearranged to give what is the geometric mean: 


( a ij)mean ~ \J( a ij)top ( a ij)bottom (8.71) 

Either Equation 8.69 or 8.71 can be used to obtain a more 
realistic relative volatility for the Fenske Equation. Generally, 
Equation 8.69 gives a better prediction than Equation 8.71. How¬ 
ever, the greater the variation of relative volatility across the 
column, the greater the error in using any averaging equation. 
By making some assumption of the product compositions, the 
relative volatility at the top and bottom of the column can be 
calculated and a mean taken. Iteration can be carried out for greater 
accuracy. Start by calculating the relative volatility from the feed 
conditions. Then the product compositions can be estimated (say 
from the Fenske Equation). The average relative volatility can then 
be estimated from the top and bottom products. However, this new 


relative volatility will lead to revised estimates of the product 
compositions, and hence the calculation should iterate to converge. 
How good the approximations turn out to be largely depends on the 
ideality (or nonideality) of the mixture being distilled. Generally, 
the more nonideal the mixture, the greater the errors. 

In addition to the changes in relative volatility resulting from 
changes in composition and temperature through the column, there 
is also a change in pressure through the column due to the pressure 
drop. The change in pressure affects the relative volatility. In 
preliminary process design, the effect of the pressure drop through 
the column is often neglected. 

Total reflux is one extreme condition for distillation and can be 
approximated by the Fenske Equation. The other extreme condition 
for distillation is minimum reflux. At minimum reflux, there must be 
at least one zone of constant composition across a number of stages 
for all components. If this is not the case, then additional stages 
would change the separation. In binary distillation, the zones of 
constant composition are usually adjacent to the feed (Figure 8.21a). 
If there are no heavy nonkey components in a multicomponent 
distillation, the zone of constant composition above the feed will 
still be adjacent to the feed. Similarly, if there are no light nonkey 
components, the zone of constant composition below the feed will 
still be adjacent to the feed (Figure 8.21b). If one or more of the 
heavy nonkey components do not appear in the distillate, the zone of 
constant composition above the feed will move to a higher position 
in the column, so that the nondistributing heavy nonkey can 
diminish to zero mole fraction in the stages immediately above 
the feed (Figure 8.21c). If one or more of the light nonkey compo¬ 
nents do not appear in the bottoms, the zone of constant composition 
below the feed will move to a lower position in the column so that 
the nondistributing light key components can diminish to zero mole 
fraction in the stages immediately below the feed (Figure 8.2Id). 
Generally, there will be a zone of constant composition (pinch) 
above the feed in the rectifying section and one in the stripping 
section below the feed (Figure 8.21e). 

The Underwood Equations can be used to predict the minimum 
reflux for multicomponent distillation (Underwood, 1946). The 
derivation of the equations is lengthy, and the reader is referred to 
other sources for details of the derivation (Underwood, 1946; King, 
1980; Geankopolis, 1993). The equations assume that the relative 
volatility and molar overflow are constant between the zones of 
constant composition. There are two equations. The first is given 
by (Underwood, 1946): 


NC 


E 


(%ijXi,F 

ay - d 


= i -q 


(8.72) 


where ay 

Xi,F 

6 

q 


NC 


relative volatility 

mole fraction of Component i in the feed 
root of the equation 
feed condition 

heat required to vaporize one mole of feed 
molar latent heat of vaporization of feed 
1 for a saturated liquid feed, 0 for a saturated 
vapor feed 

number of components 


8 
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system with all 
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(c) Multicomponent 
system with one 
or more heavy 
components not 
distributing. 


(d) Multicomponent 
system with one 
or more light 
components not 
distributing. 


(c) Multicomponent 
system with light 
and heavy 
components 
not distributing. 


Figure 8.21 

Pinch location (zones of constant composition) for binay and multicomponent systems. Brackets indicate key components remaining in a product stream due to 
incomplete recovery. 


To solve Equation 8.72, start by assuming a feed condition such 
that q can be fixed. Saturated liquid feed (i.e. q= 1) is normally 
assumed in an initial design as it tends to decrease the minimum 
reflux ratio relative to a vaporized feed. Liquid feeds are also 
preferred because the pressure at which the column operates can 
easily be increased if required by pumping the liquid to a higher 
pressure. Increasing the pressure of a vapor feed is much more 
expensive as it requires a compressor rather than a pump. Feeding a 
subcooled liquid or a superheated vapor brings inefficiency to the 
separation as the feed material must first return to saturated 
conditions before it can participate in the distillation process. 

Equation 8.72 can be written for all NC components of the feed 
and solved for the necessary values of 6. There are (NC — 1) real 
positive values of 6 that satisfy Equation 8.72, and each lies 
between the values of a of the components. The second equation 
is then written for each value of 6 obtained to determine the 
minimum reflux ratio, R min (Underwood, 1946): 

NC 

(SJ3) 

i=t a 'i ° 

To solve Equation 8.73, it is necessary to know the values of not 
only a t j and 8 but also x it D . The values of x i? D for each component 
in the distillate in Equation 8.73 are the values at the minimum 
reflux and are unknown. Rigorous solution of the Underwood 
Equations, without assumptions of component distribution, thus 
requires Equation 8.72 to be solved for (NC — 1) values of 6 lying 
between the values of ay of the different components. 
Equation 8.73 is then written (NC — 1) times to give a set of 
equations in which the unknowns are R min and (NC — 2) values 
of x iD for the nonkey components. These equations can then be 
solved simultaneously. In this way, in addition to the calculation of 
R min , the Underwood Equations can also be used to estimate the 
distribution of nonkey components at minimum reflux conditions 


from a specification of the key component separation. This is 
analogous to the use of the Fenske Equation to determine the 
distribution at total reflux. Although there is often not too much 
difference between the estimates at total and minimum reflux, the 
true distribution is more likely to be between the two estimates. 

However, this calculation can be simplified significantly by 
making some reasonable assumptions regarding the component 
distributions to approximate x i D . It is often a good approximation 
to assume all of the lighter than light key components go to the 
overheads and all of the heavier than heavy key components go to 
the column bottoms. Also, if the light and heavy key components 
are adjacent in volatility, there are no components between the 
keys, and all x iD are known, as the key component split is specified 
by definition. Equation 8.72 can then be solved by trial and error for 
the single value of 8 required that lies between the relative 
volatilities of the key components. This value of 8 can then be 
substituted in Equation 8.73 to solve for R min directly, as all x iD 
are known. 

If the assumption is maintained that all of the lighter than light 
key components go to the overheads and all of the heavier than 
heavy key components go to the column bottoms, for cases where 
the light and heavy key components are not adjacent in volatility, 
one more value of 8 is required than there are components between 
the keys. For this case, x iD are unknown for the components 
between the keys. The values of 8 are obtained from Equation 8.72, 
where each 8 lies between an adjacent pair of relative volatilities. 
Once the values of 8 have been determined, Equation 8.73 can be 
written for each value of 8 with x i D of the components between the 
keys as unknowns. This set of equations is then solved simulta¬ 
neously for R min and x iD for the components between the keys. 

Another approximation that can be made to simplify the solu¬ 
tion of the Underwood Equations is to use the Fenske Equation to 
approximate Xj D . These values of x iD will thus correspond with the 
total reflux rather than the minimum reflux. 
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Example 8.2 A distillation column operating at 14 bar with a 
saturated liquid feed of 1000 kmolh -1 with a composition given in 
Table 8.5 is to be separated into an overhead product that recovers 
99% of the n-butane overhead and 95% of the i-pentane in the 
bottoms. Relative volatilities are also given in Table 8.5. 

a) Calculate the minimum number of stages using the Fenske 
Equation. 

b) Estimate the compositions of the overhead and bottoms 
products using the Fenske Equation. 

c) Calculate the minimum reflux ratio using the Underwood 
Equations. 


Table 8.5 

Distillation column feed and relative volatilities. 


Component 

Si (kmol h -1 ) 

a/,- 

Propane 

30.3 

16.5 

/-Butane 

90.7 

10.5 

rc-Butane (LK) 

151.2 

9.04 

/-Pentane (HK) 

120.9 

5.74 

rc-Pentane 

211.7 

5.10 

rc-Hexane 

119.3 

2.92 

rc-Heptane 

156.3 

1.70 

rc-Octane 

119.6 

1.00 


Solution 

a) Substitute r LD = 0.99, r HB = 0.95, a LH = 1.5749 in Equa¬ 
tion 8.61: 


log 


0.99 0.95 

(1-0.99) 1-0.95 
log 1.5749 


= 16.6 


b) Using the heavy key component as the reference: 


dH _/ h ( 1 - >'h,b ) 
bH f h*h,b 


1 - t'H,B 
>'H,B 


1-0.95 

0.95 


0.05263 


Substitute N min ,a itH ,f and (d H lb H ) in Equation 8.65 to obtain d f 
and determine b t by mass balance. For the first component 
(propane): 


_ 2.875 16 6 x 30.3 x0.05263 
' "" 1 + 2.875 16 ' 6 x 0.05263 

= 30.30 kmolh -1 

bi=ft-di 

= 30.30-30.30 
= 0 kmolh -1 


and so on, for the other components to obtain the results in 
Table 8.6. 


Table 8.6 

Distribution of components for Example 8.2. 


Component 

d, 

bt 


*iJS 

Propane 

30.30 

0.0 

0.1089 

0.0 

/-Butane 

90.62 

0.08 

0.3257 

0.0001 

rc-Butane 

149.69 

1.51 

0.5380 

0.0021 

/-Pentane 

6.05 

114.86 

0.0217 

0.1591 

rc-Pentane 

1.55 

210.15 

0.0056 

0.2911 

rc-Hexane 

0.0 

119.30 

0.0 

0.1653 

n-Heptane 

0.0 

156.30 

0.0 

0.2165 

rc-Octane 

0.0 

119.60 

0.0 

0.1657 

Total 

278.21 

721.80 

0.9999 

0.9999 
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Table 8.7 

Solution for the root of the Underwood Equation. 





aijXiF 

a 'j ~ 9 


OCij 


0 = 7.0 

II 

n 

t-’ 

II 

0 = 7.2487 

0.0303 

16.5 

0.5000 

0.0526 

0.0543 

0.0538 

0.0540 

0.0907 

10.5 

0.9524 

0.2721 

0.2796 

0.2886 

0.2929 

0.1512 

9.04 

1.3668 

0.6700 

0.7855 

0.7429 

0.7630 

0.1209 

5.74 

0.6940 

-0.5508 

-0.4449 

-0.4753 

-0.4600 

0.2117 

5.10 

1.0797 

-0.5682 

-0.4908 

-0.5141 

-0.5025 

0.1193 

2.92 

0.3484 

-0.0854 

-0.0795 

-0.0814 

-0.0805 

0.1563 

1.70 

0.2657 

-0.0501 

-0.0474 

-0.0483 

-0.0479 

0.1196 

1.00 

0.1196 

-0.0199 

-0.0190 

-0.0193 

-0.0191 




-0.2797 

0.0559 

-0.0532 

0.0000 


c) To calculate minimum reflux ratio, first solve Equation 8.72. 
A search must be carried out for the root 6 that satisfies 
Equation 8.72. Since there are no components between the 
key components, there is only one root, and the root will have 
a value between a L and a H . This involves trial and error to 
satisfy the summation to be equal to zero, as summarized in 
Table 8.7. 


Now substitute 9 = 7.2487 in Equation 8.73, as summarized 
in Table 8.8: 


Rjnin T 1 — 3.866 


Rmin = 2.866 


The calculation in this example can be conveniently carried out 
in spreadsheet software. However, many implementations are 
available in commercial flowsheet simulation software. 


Table 8.8 

Solution of the second Underwood Equation. 


X„,i 

a u 


aijXiD 
<*ij - 9 

0.1089 

16.5 

1.7970 

0.1942 

0.3257 

10.5 

3.4202 

1.0519 

0.5380 

9.04 

4.8639 

2.7153 

0.0217 

5.74 

0.1247 

-0.0827 

0.0056 

5.10 

0.0285 

-0.0133 

0.0 

2.92 

0.0 

0.0 

0.0 

1.70 

0.0 

0.0 

0.0 

1.00 

0.0 

0.0 




3.8655 
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An energy balance gives: 

VcoHvoo = L X H /oo + Dili + Qcond (8.75) 

where L^ = vapor and liquid flowrates at the rectifying 

pinch 

H v oo, H Lco = molar enthalpies of the vapor and liquid at 
the rectifying pinch 
D = distillate rate 

Also : = /.<*, + D (8.76) 

V = L + D (8.77) 

Combining Equations 8.74 to 8.77 and rearranging gives (Seader, 
Henley and Roper, 2011): 


The Underwood Equation is based on the assumption that the 
relative volatilities and molar overflow are constant between the 
pinches. Given that the relative volatilities change throughout 
the column, which are the most appropriate values to use in the 
Underwood Equations? The relative volatilities could be aver¬ 
aged according to Equations 8.69 or 8.71. However, it is 
generally better to use the ones based on the feed conditions 
rather than the average values based on the distillate and bottoms 
compositions. This is because the location of the pinches is often 
close to the feed. 

The Underwood Equations tend to underestimate the true 
value of the minimum reflux ratio. The most important reason for 
this is the assumption of constant molar overflow. As mentioned 
previously, the Underwood Equations assumed constant molar 
overflow between the pinches. So far, in order to determine the 
reflux ratio of the column, this assumption has been extended to 
the whole column. However, some compensation can be made 
for the variation in molar overflow by carrying out an energy 
balance around the top pinch for the column, as shown in 
Figure 8.22. Thus: 

Qcond = V(H v -H l ) (8.74) 

where Qcond = heat rejected in the condenser 

V = vapor flowrate at the top of the column 

H v , Hi = molar enthalpy of the vapor and liquid at the 
top of the column 


L (i„/D)(ff v „ -H v 

o = <8 ' 781 

where (L^/D) is the reflux ratio given by the Underwood 
Equations and {LID) is the reflux ratio compensated for the 
variation in molar overflow. One problem remains before 
Equation 8.78 can be applied. The calculation of H Voo and 8 

H Loo is required, for which the vapor and liquid composition 
at the top pinch is required. However, these are given by the 
Underwood Equations (Underwood, 1946; King, 1980; Seader, 

Henley and Roper, 2011): 


Qcn\n 



Figure 8.22 

Energy balance around the rectifying pinch under minimum reflux 
conditions. 


_ x itD 
Leo l a ij ■ \ 
D \0 J 


(8.79) 


where x ioo = liquid mole fraction of Component i at the 
rectifying pinch 
ay = relative volatility 

0 = root of the Underwood Equation that satisfies 
the second equation (Equation 8.73) at the 
known minimum reflux ratio. The appropriate 
root is the one associated with the heavy key, 
which is the one below a HK . This is given by 
( j H nk< 8<a HK , where a HNK is the relative 
volatility of the component below the heavy 
key. If there is no component heavier than the 
heavy key O<0<a HK . 


A material balance around the rectifying pinch gives the mole 
fraction in the vapor phase: 


T:. co (?- co / D ) -f- Xu) 
{Loo/D) + 1 


(8.80) 


where y,-, <*, = vapor mole fraction of Component i at the rectifying 
pinch 
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Example 8.3 Apply the enthalpy correction to the prediction 
of the minimum reflux ratio for Example 8.2 to obtain a more 
accurate estimate of the minimum reflux ratio. 

Solution Calculate the liquid composition at the rectifying pinch 
using Equation 8.79, but first the root of the second Underwood 
Equation associated with the heavy key component must be 
calculated. From Table 8.5, this lies in the range: 

5.10 <6< 5.74 

Assume that components heavier than the heavy key component do 
not appear in the distillate. The root is determined in Table 8.9. 

Now substitute 6 = 5.6598 in Equation 8.79 to calculate x i <x , and 
solve for from Equation 8.80. The results are given in 
Table 8.10. 

Now calculate the molar enthalpies of the vapor and liquid 
streams. Enthalpies were calculated here from ideal gas enthalpy 
data corrected using the Peng-Robinson Equation of State (see 
Appendix A): 

H v = -122,980 kJ-kmoP 1 
H l - -138,380 kJ-kmoP 1 
H Vo o = -131,210 kJ-kmol -1 
Hloo = -151,110 kJ-kmol -1 


Substitute these values and Lao/D = 2.866 in Equation 8.78: 

L _ 2.866(—131,210 — (—151,110)) — 131,210+ 122,980 
D ~ -122,980-(-138,380) 

= 3.170 

This is compared with an uncorrected reflux ratio of 2.866. To 
obtain a rigorous value for the minimum reflux ratio to assess the 
results of the Underwood Equation, a rigorous simulation of the 
column is needed. A rigorous simulation model is set up with a 
large number of stages (say 200 or more) that carry out the 
separation. The reflux ratio is then gradually turned down and 
resimulated with each setting. This is repeated until zones of 
constant composition appear (pinches). For this separation, using 
the Peng-Robinson Equation of State, it turns out to be Rmn 
= 3.545. It should be emphasized that this value of 3.545 accounts 
for both variation in the relative volatility and molar overflow. 


Table 8.10 

Vapor and liquid mole fractions at the rectifying pinch. 


Component 

*i, oo 

Ti, oo 

Propane 

0.0198 

0.0429 

/-Butane 

0.1329 

0.1828 

n-Butane 

0.3144 

0.3722 

/-Pentane 

0.5348 

0.4021 


1.0019 

1.0000 


Table 8.9 

Root of the Underwood Equation. 


Component 

+,/) 

OCjj 

<*,j x,j, 

2^„ n K »>"‘ 1 

i=l a ij “ 

61 = 5.7 

9 = 5.6 

9 = 5.65 

9 = 5.6598 

Propane 

0.1089 

16.5 

1.7970 

0.1664 

0.1649 

0.1656 

0.1658 

/-Butane 

0.3257 

10.5 

3.4202 

0.7126 

0.6980 

0.7052 

0.7066 

n-Butane 

0.5380 

9.04 

4.8639 

1.4562 

1.4139 

1.4348 

1.4389 

/-Pentane 

0.0217 

5.74 

0.1247 

3.1180 

0.8909 

1.3858 

1.5551 


0.9943 



1.5882 

-0.6973 

-0.1736 

0.0014 


8.7 Finite Reflux 
Conditions for 
Multicomponent Mixtures 

There are a number of important design parameters that need to 
be determined before a design can be evaluated. The operating 


costs require the reboiler and condenser duties to be evaluated 
before the cost of the utilities to supply them can be calculated. 
The actual number of trays in the column, their spacing and the 
column diameter need to be known to size the column and 
estimate the capital cost. Consider first the reboiler and con¬ 
denser duties. 

It has been shown earlier how the Underwood Equations can be 
used to calculate the minimum reflux ratio. A simple mass balance 
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around the top of the column for constant molar overflow, as shown 
in Figure 8.23, at minimum reflux gives: 

V min = D(l+R min ) (8.81) 


where 


V mi „ = minimum vapor flowrate above the feed 
(kmol-s -1 ) 

R min = minimum reflux ratio (-) 

D = distillate flowrate (kmol-s -1 ) 


Thus, the reboiler duty for a total condenser is given by: 

Qreb = A H' vap V' = A H' vap (V -F + qF) (8.86) 

where Qreb = reboiler duty (kj-s -1 , kW) 

A H'vap = heat of vaporization of the distillation bottoms 
liquid (kj-kmol -1 ) 

Substituting Equation 8.82 gives: 


Equation 8.81 can also be written at finite reflux (Figure 8.23). 
Defining R F to be the ratio R/R m i„ (typically R/R m i„ = 1.1): 

V = D(\ + R/R,nin) (8.82) 

where V= vapor flowrate above the feed (kmol-s -1 ) 

Thus, the condenser duty for a total condenser is given by: 

Qcond = AHvapV = AHvapF)(1 + RpRmm) (8.83) 

where Qcond = condenser duty (kJ-s -1 , kW) 

A H V ap = heat of vaporization of overhead vapor 
(kJ-kmol -1 ) 


Qreb — ^H'vap^P 4" DRpR m j n — F + qF) (8.87) 

Now consider how to estimate the number of trays in the 
column. Having obtained the minimum number of theoretical 
stages from the Fenske Equation and minimum reflux ratio 
from the Underwood Equations, the empirical relationship of 
Gilliland (1940) can be used to determine the actual number of 
theoretical stages. The original correlation was presented in graph¬ 
ical form (Gilliland, 1940). Two parameters (X and Y) were used to 
correlate the data: 


N - N min = R - R,„ 
N+ 1 ’ R+ 1 


( 8 . 88 ) 


For a partial condenser, the condenser duty is given by: 

Qcond = ^H VAP DR F R min (8.84) 

The vapor rate below the feed depends on the feed condition, 
assuming constant molar overflow: 


V' = V - (1 - q)F (8.85) 


where X, Y = correlating parameters 

N = actual number of theoretical stages 
N n ,in = minimum number of theoretical stages 
R = actual reflux ratio 
R,m„ = minimum reflux ratio 

Various attempts have been made to represent the correlation 
algebraically. For example (Rusche, 1999): 


where 


V'= vapor flowrate below the feed (kmol-s -1 ) 

V = vapor flowrate above the feed (kmol-s -1 ) 
q = feed condition 

= heat required to vaporize one mole of feed 
molar latent heat of vaporization of feed 
F = feed flowrate (kmol-s -1 ) 



Figure 8.23 

Mass balance around top of a distillation column. 


Y = 0.2788 - 1.3154X + 0.4114X 0 ' 2910 

1 


+ 0.8268 In A + 0.9020 In 1 + 


X 


(8.89) 


Equation 8.89 allows an estimate of the number of theoretical 
stages the column requires. 

Whilst Equation 8.89 provides an estimate of the number of 
theoretical stages, it does not provide the distribution of the stages 
between the rectifying and stripping sections. This can be esti¬ 
mated by the empirical equation of Kirkbride (1944): 


Nrec 

NSTRIP 


B (xh,f\ ( x l ,b 
F> \x l ,fJ \xh,d 


-i 0.206 


(8.90) 


where N REC = number of stages above the feed, including if 
appropriate a partial condenser (-) 

N strip = number of stages below the feed, including if 
appropriate a partial reboiler (-) 

B = bottoms flowrate (kmol-s -1 , kmol-h -1 ) 

D = distillate flowrate (kmol-s -1 , kmol-h -1 ) 
x H F = mole fraction of heavy key in the feed (—) 
x L , F = mole fraction of light key in the feed (-) 

%l, b = mole fraction of light key in the bottoms (-) 
x H D = mole fraction of heavy key in the distillate (-) 
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It should be noted that N REC and N STRIP do not include the feed 
stage and that N = N RE c + Nstrip T 1 • 


Example 8.4 Assuming that the distillation column in Exam¬ 
ples 8.2 and 8.3 uses a total condenser and a thermosyphon reboiler, 
estimate the number of theoretical stages required if R/R m j„ = 1.1 
for the values of R mln obtained in Examples 8.2 and 8.3 and the 
distribution of the stages between the rectifying and stripping 
sections. 

Solution 

R„,j„ = 2.866 

Given RIR min = 1.1: 

R = 3.153 

From Equation 8.88: 

v _ R ~ Rynin 

_ 3.152-2.865 
~~ 3.152+1 

= 0.0690 

Substitute A = 0.0691 in Equation 8.89: 

Y = 0.2788 - 1.3154 x 0.069 + 0.4114 x 0.069 0 ' 2910 
+ 0.8268 In 0.069 + 0.9020 In 0.069 + 

0.069 

= 0.5823 


Substitute Y= 0.5822 in Equation 8.88: 


0.5823 


N — 16.6 
N + 1 


N = 41.1 


Thus, 42 theoretical stages are needed in the column. Had a partial 
reboiler been assumed, in principle this would have meant 41 
theoretical stages would be needed in the column. 

To calculate the distribution of stages between the rectifying and 
stripping sections: 


B = 721.80 kmollr 1 
D = 278.21 kmollr 1 
fif = 0.1209 
x u . = 0.1512 

Xu, = 0.0021 

Xf,D = 0.0217 


From Equation 8.90: 


r / > , \2-i U.Z.UU 

Nrec _ B I x h,f\ I X L,B \ 

N STRIP P\ X L,F J \ x H,d) 

'721.80/0.1209\ /0.002iyi 0,206 
278.21 V0.1512y V0.0217y 


N = N R ec + N strip + 1 
42 = Nrec + N strip + 1 
42 = 0.44N strip + N strip + 1 
N strip = 28.47 
Nrec = 41 - 28.47 
- 12.53 

say Nrec = 13, A f strip = 28 

Repeat the calculation for R mi „ = 3.170: 

R = 3.487 
X = 0.0706 
Y = 0.5799 
N = 41.0 
Nstrip = 27 
Nrec = 12 

Thus, the error in the prediction of the minimum reflux ratio has 
little effect on the estimate of the number of theoretical stages for 
this example. The error in the prediction of the energy consumption 
is likely to be more serious. 

The actual number of trays required in the column will be 
greater than the number of theoretical stages, as mass transfer 
limitations will prevent equilibrium being achieved on each tray. 
To estimate the actual number of trays, the number of theoretical 
stages must be divided by the overall stage efficiency. This is most 
often in the range between 0.7 and 0.9, depending on the separation 
being carried out and the design of the distillation tray used. 
Efficiencies significantly below 0.7 can be encountered (perhaps 
as low as 0.4 in extreme cases), as well as efficiencies in excess of 
0.9. O’Connell (1946) produced a simple graphical plot that can be 
used to obtain a first estimate of the overall stage efficiency. This 
graphical plot can be represented by (Kessler and Wankat, 1988): 

E 0 = -0.3143 - 0.285 log (a LH m l ) (8.91) 

where Eo = overall stage efficiency (0 < Eo< 1) 

a LH = relative volatility between the key components 
fi L = viscosity of the feed at average column 
conditions (kg-s _1 -m _1 =N-s-m -2 ) 

Equation 8.91 is only approximate at best. For distillation trays 
with long flow paths across the active plate area. Equation 8.91 
tends to underestimate the overall efficiency. 

It should be emphasized that the overall stage efficiency from 
Equation 8.91 should only be used to derive a first estimate of the 
actual number of distillation trays. More elaborate methods are 
available but are outside the scope of this text. In practice, the stage 
efficiency varies from component to component, and more accu¬ 
rate calculations require much more information on tray type and 
geometry and physical properties of the fluids (Kister, 1992). 

In practice, the number of trays is often increased by 5 to 10% to 
allow for uncertainties in the design. 

8.8 Column Dimensions 


= 0.44 


1) Column height for tray columns. The height of the column can 
be estimated by multiplying the actual number of trays by the 
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tray spacing. Tray spacing can vary between 0.15 m and 1.0 m, 
depending on the system, column diameter and the access 
requirements. If access is required for maintenance, cleaning or 
inspection purposes, 0.45 m is a practical minimum spacing. 
For preliminary design, a value of 0.45 m is usually a reason¬ 
able assumption for small columns with less than 1 m diameter 
and 0.6 m spacing for larger diameters. Additional height of 
0.5 m to 1 m needs to be added at the top of the column for vapor 
disengagement and 1 m to 2 m at the bottom of the column for 
vapor-liquid disengagement for the reboiler return and a liquid 
sump to maintain a steady liquid head for the pump for the 
column bottoms. There is a maximum height for a column, 
beyond which the column must be split into multiple shells. 
Large columns are designed to be free standing. This means 
that the column must be able to mechanically withstand the 
wind load, as must the foundations. The maximum height 
depends on the local weather (especially susceptibility to 
hurricanes and typhoons), ground conditions for foundations 
and susceptibility to earthquakes. The maximum height is 
normally restricted to be below 100 m. However, this would 
be a special design. Most columns will be smaller than 60 m, 
especially for adverse conditions. 

2) Column height for packed columns. To relate the continuous 
change in composition to that of an equilibrium stage requires 
the concept of the height equivalent of a theoretical plate 
(HETP) to be introduced. This is the height of packing required 
to bring about the same concentration change as an equilibrium 
stage. The height of packing can be estimated from: 

H = N x HETP (8.92) 

where H = packing height 

N = number of theoretical stages 
HETP = height equivalent of a theoretical 
plate 

Various correlations are available for HETP , but the designer 
should use them with great caution, as reliable values can only 
be obtained from experimental data or packing manufacturers. 
Data for a number of common structured packings are given in 
Table 8.11. Structured packings are mostly available in two 
different inclination angles (Figure 8.10b), termed Type ‘Y’ 
and Type ‘X’. Type ‘Y’ packings have an inclination angle of 
45° from the horizontal axis and are the most widely used. Type 
‘X’ packings have an inclination angle of 60° from the hori¬ 
zontal axis. Type ‘Y’ packings provide higher efficiency over 
their corresponding type ‘X’ counterpart, but at the cost of a 
higher pressure drop and lower capacity. Type ‘X’ packings are 
used in high capacity and low pressure drop applications. The 
packing factor in Table 8.11 is an empirical factor characteristic 
of the packing geometry used to correlate the pressure drop 
through the packing. 

For structured packing an approximate HETP can be 
obtained from (Kister, 1992; Perry and Green, 2007): 

100 ExyE a 

HETP = -——- + 0.1 (8.93) 

a P 


Table 8.11 

Data for some common structured packings (Perry and Green, 2007). 




Surface area 

Packing factor 

Packing 

Number 

(m 2 m~ 3 ) 

(m- 1 ) 


Metal corrugated sheets 

Flexipac 

1Y 

420 

98 


1.6Y 

290 

59 


2Y 

220 

49 


3.5Y 

80 

30 


4Y 

55 

23 


IX 

420 

52 


1.6X 

290 

33 


2X 

220 

23 


3X 

110 

16 

Flexipac high 
capacity 

700 

710 

223 


1Y 

420 

82 


1.6Y 

290 

56 


2Y 

220 

43 

Intalox 

IT 

310 

66 


2T 

215 

56 


3T 

170 

43 

Mellapak 

125Y 

125 

33 


170Y 

170 

39 


2Y 

223 

46 


250Y 

250 

66 


350Y 

350 

75 


500Y 

500 

112 


125X 

125 

16 


170X 

170 

20 


2X 

223 

23 


250X 

250 

26 


500X 

500 

82 

Mellapak Plus 

252Y 

250 

39 


452Y 

350 

69 


752Y 

500 

131 


(continued) 
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Table 8.11 (Continued ) 


Packing 

Number 

Surface area 
(m 2 m~ 3 ) 

Packing factor 
(m- 1 ) 

Montz-Pak 

Bl-250 

250 

66 


B1-250M 

250 

43 

Wire mesh 

Sulzer 

BX 

492 

69 

Ceramic 

Flexeramic 

28 

260 

131 


48 

160 

79 


88 

100 

49 

Plastic 

Mellapak 

250Y 

250 

72 


where HETP 
a P 
Fxy 


a 


height equivalent of a theoretical plate (m) 

packing surface area (nr-m -3 ) 

factor to allow for angle of inclination (—) 

(F X y= 1 for Type Y and high capacity 

packings, F X y= 1-45 for Type X packings 

with (x P < 300 nr-m -3 ) 

factor to allow for high surface tension 

causing inadequate ‘wetting’ of the 

packing (-) 

( F„ = 1 for a < 25 mN-m" 1 , F„ = 2 for 
(7>70mN-m -1 , for 25 mN-m -1 < 
a < 70mN-m -1 use linear interpolation) 
surface tension 

(mN-m - = mj-m - “ = dyne cm - ) 


For random packing an approximate HETP can be obtained 
from (Kister, 1992; Perry and Green, 2007): 


HETP = 18 d P F n 

HETP > d c F a lor dp < 0.7 m 


(8.94) 


where d P = packing size (m) 

d c = column inside diameter (m) 

Data for a number of common random packings are given in 
Table 8.12. 

The height of the column for a packed column needs to allow 
for liquid distribution and redistribution. As the feed enters the 
column, the liquid above the feed needs to be collected, 
combined with the feed liquid and distributed across the 
packing below the feed using troughs, weirs, drip-pipes, and 
so on. This requires a height of typically 0.5 to 1 m. Also, as the 
liquid flows down through the packing, flow gradually 
becomes less effectively distributed over the packing, mainly 
due to interaction with the column walls. This requires the 


Table 8.12 

Data for some common random packings (Perry and Green, 2007). 


Packing 

Nominal size 
(mm) 

Surface area 
(m 2 m~ 3 ) 

Packing factor 
(m- 1 ) 

Metal 

Raschig rings 

19 

245 

722 


25 

185 

472 


50 

95 

187 


75 

66 

105 

Pall rings 

16 

360 

256 


25 

205 

183 


38 

130 

131 


50 

105 

89 


90 

66 

59 

Metal Intalox 

25 

207 

134 


40 

151 

79 


50 

98 

59 


70 

60 

39 

Ceramic 

Raschig rings 

13 

370 

1900 


25 

190 

587 


50 

92 

213 


75 

62 

121 

Pall rings 

25 

220 

350 


38 

164 

180 


50 

121 

142 


80 

82 

85 

Berl saddles 

13 

465 

790 


25 

250 

360 


38 

150 

215 


50 

105 

150 

Plastic 

Ralu-rings 

15 

320 

230 


25 

190 

135 


38 

150 

80 


50 

110 

55 
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Table 8.12 ( Continued ) 


Packing 

Nominal size 
(mm) 

Surface area 
(m 2 m -3 ) 

Packing factor 
(m- 1 ) 


90 

75 

38 


125 

60 

30 

Pall rings 

15 

350 

320 


25 

206 

180 


40 

131 

131 


50 

102 

85 


90 

85 

56 


liquid to be periodically collected and redistributed over the 
packing below. Packing manufacturers generally recommend 
that a single packed bed be limited to no more than 20 
theoretical stages. This height should also be no greater than 
15 column diameters. Liquid collection and distribution 
between beds typically require a height of 0.5 m. As with 
tray columns, additional height of 0.5 to 1 m needs to be added 
at the top of the column for vapor disengagement and 1 to 2 m at 
the bottom of the column for vapor-liquid disengagement for 
the reboiler return and a liquid sump to maintain a steady liquid 
head for the pump for the column bottoms. 

3) Column diameter for tray columns. Figure 8.24 illustrates the 
envelope of satisfactory operation for a tray (Kister, 1992). 

• Weeping sets the lower limit of operation when liquid 
descends through the tray perforations. This is caused by 
low vapor flow when the pressure exerted by the vapor is 
insufficient to hold the liquid on the tray. Excessive weeping 
will lead to dumping, when all of the liquid will descend to 
the bottom of the column. 

Vapor . 

Flowraie 


Excessive 

Entrainment 


Entrainment 

Flooding 


Satisfactory 

Operation 


Downcover 

Flooding 


Weeping 


liquid 

Flowrate 


Figure 8.24 

Operating range for a plate. 


• Flooding sets the upper limit and results from excessive 
vapor flow. There are two basic mechanisms by which this 
can happen. In entrainment flooding, liquid drops are 
entrained into the vapor flow and carried to the tray above, 
causing liquid to accumulate on the tray above instead of 
flowing to the tray below. In froth entrainment flooding, a 
froth forms on the tray, which increases in height as the 
vapor velocity is increased. For small tray spacing the froth 
might expand to reach the tray above. For larger tray spacing 
the froth can turn to spray as vapor velocity increases. Either 
way, liquid will accumulate on the tray above instead of 
flowing to the tray below. Spray entrainment flooding is by 
far the most common. At low liquid flowrates the entrain¬ 
ment can become excessive. 

• Downcomer flooding occurs at high liquid flowrates. There 
are two mechanisms for downcomer flooding. In down¬ 
comer backup flooding, froth backs up in the downcomer. 
This occurs when the pressure available from the height of 
liquid and froth in the downcomer cannot overcome the total 
pressure drop across the tray. This pressure imbalance 
causes the froth in the downcomer to start backing up until 
it reaches the tray above, causing an increased accumulation 
of liquid on it. When the froth level exceeds the downcomer 
height, the tray floods. The second type of downcomer 
flooding is velocity or choke flooding. This occurs when 
the frictional pressure losses in the downcomer become 
excessive. Also, the vapor carried into the downcomer must 
separate from the liquid and then flow countercurrently to 
the liquid entering the downcomer. When the combination 
of vapor leaving and liquid entering the downcomer 
becomes excessive, the downcomer entrance is choked, 
causing the liquid to back up on the tray. 

The liquid entrainment in the column that leads to flooding 
depends on the vapor velocity in the column. To prevent liquid 
entrainment, the vapor velocity for tray columns is usually in 
the range 0.5 to 2.5 m-s -1 . The entrainment of liquid droplets 
can be predicted using Equation 7.3 to calculate the settling 
velocity (Souders and Brown, 1934): 

v r = K t ( f L ~ PV \ (8-95) 

where v T = terminal settling velocity (m-s -1 ) 

K t = parameter for the terminal velocity (m-s -1 ) 
p L = liquid density (kg-m -3 ) 
p v = vapor density (kg-m -3 ) 


The terminal settling velocity is based on the net area of the 
column, as illustrated in Figure 8.7. To apply Equation 8.95 
requires the parameter K T to be specified. For distillation using 
tray columns, K T is correlated in terms of a liquid-vapor flow 
parameter F LV , defined by: 


Flv = 


' M l L \ /p v \ 
MyVj \p L ) 


(8.96) 


where F LV = liquid-vapor flow parameter (-) 
L = liquid molar flowrate (kmol-s -1 ) 
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V = vapor molar flowrate (kmol-s -1 ) 

M l = liquid molar mass (kg-kmol - ) 

My = vapor molar mass (kg-kmol -1 ) 
p v = vapor density (kg-m -3 ) 
p L = liquid density (kg-m -3 ) 

The liquid-vapor flow parameter is related to operating 
pressure, with low values corresponding to vacuum distillation 
and high values corresponding to high-pressure distillation. 
Generally, for values of F LV lower than 0.1, packings are 
preferred. Fair (1961) presented a graphical correlation for 
K t that can be used for preliminary design. The original 
graphical correlation for K T can be expressed as: 

K t = (^)° 2 exp [-2.979 - 0.717 In F, v - O-OSeSflnFiy) 2 

+ 0.997 In H t - 0.07973 In F LV In H, + 0.256(ln H T f) 

(8.97) 

where K T = parameter for terminal velocity (m-s -1 ) 
a = surface tension (mN-rn - = mJm - ~ 

= dyne-cm - ) 

FL t = tray spacing (m) 

The correlation is valid in the range 0.25 m<H T < 0.6 m and 
should be used with caution outside of this range. The entrain¬ 
ment equations tend to predict higher flooding velocities than 
are actually experienced. This is to some extent related to the 
tendency of the system to foam. However, the prediction of 
higher flooding velocities is not uniquely related to foaming. 
The problem is mostly associated with high-pressure systems. 
To account for this, a derating factor or systemfactor or foaming 
factor is introduced. The value of K T from Equation 8.97 is 
multiplied by a factor that is less than unity. The factors are 
typically (Kister, 1992; Bahadori and Vuthaluru, 2010): 

• Distillation involving light gases typically 0.8 to 0.9 

• Crude oil distillation typically 0.85 

• Absorbers typically 0.7 to 0.85 

• Strippers typically 0.6 to 0.8. 

Such foaming factors should be applied in high-pressure 
separations when the vapor density is greater than 28 kg-m -3 
and can be correlated approximately by (Kister, 1992; Bahadori 
and Vuthaluru, 2010): 

2.94 „ 

Ffoam = -Q32 0 < Ffoam < 1 (8.98) 

Pv 


Having determined the flooding velocity from Equation 8.95, 
the operation of the column is fixed at some proportion of the 
flooding velocity. Designs usually lie in the range of 70 to 90% 
of the flooding velocity. In the preliminary design, a value of 
80 to 85% of the flooding velocity is usually reasonable. The 
net area of the column can then be estimated from the vapor 
flowrate up the column. 

From Equation 8.97, K T increases with increasing tray 
spacing. Thus, there is a trade-off between tray spacing and 
column diameter. Increasing the tray spacing increases the 
vapor flooding velocity, allowing a smaller column diameter. 
In turn, increasing the tray spacing increases the column height. 
In practice, the two changes in cost tend to balance each other. 
However, the trade-off can be exploited to allow simpler 
mechanical design by maintaining a more consistent diameter 
requirement through the height of the column. 

If conventional trays are to be used, then an allowance must be 
made for the area of the column cross-section that will be taken up 
by the downcomers. The size of the downcomer depends on the 
tray geometry, vapor and liquid flowrates, operating pressure and 
physical properties of the fluids. The area of the column cross- 
section taken up by downcomers is typically in the range of 10 to 
15% of the cross-sectional area of the column. Generally, the 
higher the column operating pressure, the smaller is the down¬ 
comer area as a proportion of the total cross-sectional area. 

The downcomer area must be large enough to allow the liquid 
to flow freely from the upper to the lower tray, whilst allowing 
disengagement of vapor and liquid, with only liquid flowing to the 
lower tray and creating a liquid seal. This will depend on the 
density difference between the liquid and vapor, the tray spacing 
and the pressure drop across the tray. Methods for detailed 
hydraulic design have been presented by Kister (1992). However, 
for conceptual design, B ahadori and Vuthaluru (2010) presented a 
correlation for preliminary sizing of downcomer area based on the 
maximum liquid velocity in the downcomer: 


vd = exp 


Cl + 


(Pl ~ Pv) (p L - p v ) (Pl ~ Pv) 


(8.99) 


where v D = downcomer liquid velocity (m-h ') 


#2 $3 CI4 

a = a l + + 77 ?" + 775 " 

ri "Jf Ll rp tl p 


, , bi b 1 b/L 

b = b i+-^ + -^r + -4- 


Hr 


Hj, 


H\ 


( 8 . 100 ) 

( 8 . 101 ) 


where F foam = foaming factor (-) 

Pv = vapor density (kg-m - ) 


Cl C3 C4 
C\ + ——I—5- H —t 
H r Hi Hi 


( 8 . 102 ) 


The correlation in Equation 8.97 requires the spacing between 
the trays to be specified. Tray spacing can vary between 0.15 m 
and 1 m, depending on the diameter of the column, tray design, 
vapor and liquid flowrates and physical properties of the fluids. 
As indicated previously, tray spacing is most often in the range 
0.45 m to 0.6 m. If access is required for maintenance, cleaning 
or inspection purposes, 0.45 m is a practical minimum spacing. 


d = d\ 


do do, d.i 

+ Ht + fC t + H\ 


H t = tray spacing (m) 
p L = liquid density (kg-m -3 ) 
Pv = vapor density (kg-m -3 ) 


(8.103) 
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The coefficients for Equations 8.99 to 8.103 are given in 
Table 8.13. For high-pressure systems where the vapor density 
is greater than 28 kg m -3 the downcomer liquid velocity needs 
to be multiplied by the foaming factor given in Equation 8.98. 

4) Number of downcomers for tray columns. As discussed pre¬ 
viously, if the liquid loading for the downcomer weirs becomes 
excessive, then the downcomers can suffer from excessive 
backup or can choke. The weir loading is calculated as the clear 
liquid volume divided by the length of the tray outlet weir. The 
liquid flowrate should not exceed 90 nr m _1 h _1 (Kister, 1992; 
Pilling and Holden, 2009). It is useful to be able to relate the 
weir length to the area of the downcomer and the diameter of the 
column. Figure 8.25a shows the angle subtended by a chord to 
represent the downcomer. Some simple geometry gives: 


Downcomer 



A° 

Ac 


0 1 

:-sin 

360 n 


2/ C ° S V 2 


L w . (0 
— = sm - 

d c \2 


where A D = area occupied by the downcomer (m ) 
A c = cross-sectional area of the column (m~ 
0 
L w 
dc 


Table 8.13 


central angle (degrees) 
weir length (m) 
column diameter (m) 


(8.104) 

4 


0.25 

(8.105) 

0.2 

0.15 

! ) 

0.1 


0.05 


X' 


£ 


0.55 0.6 0.65 0.7 0.75 0.8 0.85 0.0 0.95 


A 

d 


Coefficients for downcomer area (Bahadori and Vuthaluru, 2010). 


(b) Area of the downcomer versus the wier lentil. 


Coefficient 

Value 

a x 

6.93401 

a 2 

6.85621 x 10 1 


-4.80489 x 10 _1 

Cl 4 

7.90633 x 10“ 2 

b\ 

1.06359 xlO 3 


-2.47091 x 10 3 

b-i 

1.12853x10 s 

b 4 

-1.64928 XlO 2 

Cl 

-7.17957 xlO 5 

c 2 

1.21897 x10 s 

C 3 

-5.57757 x10 s 

c 4 

8.13018 XlO 4 

di 

1.08133 x10 s 

d 2 

-1.71306x10 s 

d-3 

7.85777 x 10 7 

d 4 

-1.14496 XlO 7 


Figure 8.25 

Relationship between column areas and downcomer weir length. 

Figure 8.25b shows the relationship between A D /A C and L w /d c . 
Given that the downcomer area is normally in the range 10 to 
15% of the column cross-sectional area, a value of 12.5% 
corresponding with a value of L w /d c of 0.77 is often a reason¬ 
able initial assumption. The weir loading can then be checked to 
see if it is a reasonable value. If it is greater than 90 m -h - m _ , 
then the number of tray passes can be increased. 

Although increasing the number of passes is normally driven 
by the necessity to reduce the weir loading, another benefit is that 
the liquid loading at any point on the tray is also decreased. From 
Figure 8.9 it can be seen that the liquid loading for a multipass 
tray is the liquid loading for a single-pass tray divided by the 
number of passes. This has the benefit of increasing the flooding 
velocity and decreasing the column diameter. 

5) Column diameter for packing. The diameter for packed col¬ 
umns is again taken to be that giving a vapor velocity to be some 
proportion of the flooding velocity. In preliminary design, a 
value of 80 to 85% of the flooding velocity is usually reason¬ 
able. As with plate columns, flooding occurs in packed columns 
when heavy liquid entrainment occurs and the liquid can no 
longer flow down the column in such a way as to allow efficient 
operation of the column (Kister, 1992). This is characterized by 
a condition in which the pressure drop through the packed bed 
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starts to increase very rapidly as the vapor flowrates are 
increased, with simultaneous loss of mass transfer efficiency. 
Thus packing pressure drop characteristics can be used to 
determine flooding conditions. An empirical relationship has 
been suggested by Kister et ah (2007) to relate pressure drop at 
flooding conditions to the packing factor introduced earlier: 

&-Pflood — 40.91F^' 7 (8.106) 


At flooding conditions, C s in Equation 8.107 becomes the 
parameter for flooding conditions K T by analogy with 
Equation 8.95. Thus at flooding conditions Equation 8.107 
can be rearranged to give: 


K t = 


CP flood 


\Pl. 


(8.113) 


where AP flood = pressure drop under flooding 
conditions (N-m - ) 

F P = packing factor (m - ) 

Tables 8.11 and 8 .12 present packing factors for some common 
types of structured and random packing. Thus specifying the 
packing factor specifies the pressure drop at flooding from 
Equation 8.106. The problem then is to relate the AP F lood to 
the vapor velocity. Generalized pressure drop correlations are 
available for packing to predict the pressure drop under any 
conditions (Kister etah, 2007). These are normally presented in 
graphical form as a plot of a capacity parameter (CP) plotted 
against the liquid-vapor flow parameter F LV (Equation 8.96). 
The capacity parameter for the generalized pressure drop plot is 
defined by (Kister et al., 2007): 

/ x 0.05 

where CP = 

Cs = 


Vs = 

Pl = 

Pv = 

Pl = 

The original graphical plot of the capacity factor against the 
liquid-vapor flow parameter can be represented by (Enrfquez- 
Gutierrez et ah, 2014): 

CP = A\n(F LV ) + B (8.108) 

where F LV = liquid-vapor flow parameter (Equation 8.96) 
For structured packing: 

A = -7.31 X 10 -11 AP 3 +2.18X 10 -7 AP 2 -2.19X 10 -4 AP 
- 0.0124 

(8.109) 

B = 1.28 x lO'^AP 3 - 3.15 x 10 -7 AP 2 + 2.62 x 10 -4 AP 
+ 0.0826 

( 8 . 110 ) 

For random packing: 

A = 6.80 x 10 -8 AP 2 - 1.48 x 10 -4 AP - 0.00629 (8.111) 

B = 2.55 X 10 -1(, AP 3 - 6.08 x 10 -7 AP 2 +4.69 X 10 -4 AP 
+ 0.08816 

( 8 . 112 ) 

where AP = packing pressure drop (Pa m -1 ) 


CP = CsF ( p 5 


Pl 


(8.107) 


capacity parameter 

C-factor, which is the superficial vapor 
velocity corrected for vapor and liquid 
densities (m-s -1 ) 

N 0.5 

I Pv 

M- 

Pl ~ Pvj 

superficial vapor velocity, which is the vapor 
velocity in the empty column (m-s -1 ) 
liquid density (kg-m - ) 
vapor density (kg-m -3 ) 
liquid viscosity (kg-m - 1 -s -1 ) 


where K T = parameter for the terminal velocity (m-s ') 
CP flood — capacity factor at flooding conditions 

To determine the flooding velocity, the packing is first 
chosen, which fixes the packing factor F P . This in turn fixes 
the flooding pressure drop A Pflood from Equation 8.106. 
Substituting A Pflood into Equations 8.108 to 8.112 gives 
CP floods which can then be substituted into Equation 8.113 
to give K T . Substituting K T into Equation 8.95 gives the 
flooding velocity v T - 


Example 8.5 For the distillation column from Examples 8.2, 
8.3 and 8.4, assuming R mjn = 3.170 and R/R m j„ =1.1, estimate: 

a) The actual number of trays for a tray column. 

b) Height of the tray column assuming a tray spacing of 0.6 m 
and a combined allowance at the top and bottom of the 
column for vapor-liquid disengagement and the bottom for a 
sump of 4 m. 

c) Diameter of the tray column based on conditions at the top and 
bottom of the column. The system should be assumed to be 
susceptible to foaming. Assume vapor velocity to be 80% of the 
flooding velocity. 

d) Number of tray passes above and below the feed. 

The relative volatility between the key components is 1.57 
and the viscosity of the feed is 9.21 X 10 -5 kg m - 1 s -1 . The 
physical properties for the distillate and bottoms compositions 
are given in Table 8.14. 


Table 8.14 

Physical properties of distillation and bottoms compositions. 



Distillate 

Bottoms 

M l (kg-kmol ') 

57.0 

87.5 

M v (kg-kmol ') 

55.6 

80.3 

p L (kg-m -3 ) 

476 

483 

p v (kg-m -3 ) 

34.9 

41.2 

p L (kg-m -1 s -1 ) 

9.39 xlO -5 

9.03 XlO -5 

a (mN-rn -1 ) 

4.6 

3.7 


Solution 

a) From Example 8.4, for R min = 3.170, the number of theoretical 
stages A = 41. The overall plate efficiency can be estimated 
from Equation 8.91: 

E 0 = -0.3143 - 0.2853 log(a L ^( L ) 
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Taking the mean viscosity of 9.21 X 10 s kg m 1 -s 1 


E 0 = -0.3143 - 0.2853 x log(1.57 x 9.21 x 10 -5 ) 


= 0.78 
41 

Number of real trays = - 

3 0.78 

= 52.6 
say 53 


b) Assuming a plate spacing of 0.6 m and 4 m allowance at the top 
of the column for vapor-liquid disengagement and the bottom 
for a sump: 


Height = 0.6(53 - l) + 4 
= 35.2 m 


c) The diameter of the column will be based on the flooding 
velocity, which is correlated in terms of the liquid-vapor flow 
parameter F LV . F LV requires the liquid and vapor rates, which 
change through the column. Here the assessment will be based 
on the flow at the top and bottom of the column assuming 
constant molar overflow. From Example 8.2, the distillate 
flow is: 


D = 278.21 kmolh -1 

A mass balance around the top of the column gives: 

V = D + L 
= D(R + I) 


At the top of the column: 

_ / 57.0x970.1 \ /34.9\ 0 5 
LV ~ \55.6 x 1248.3 ) \476 j 
= 0.2157 

At the bottom of the column: 

, _ /87.5xl970.1\ /41.2\ a5 
LV ~ ^80.3 X 1248.3 J V483 J 
= 0.5023 

The terminal velocity parameter K T is given by Equation 8.97: 

K t = (^)°' 2 exp(-2.979 - 0.717 In F LV - 0.0865(lnF iF ) 2 
+ 0.997 In H t - 0.07973 In F LV In H T + 0.256 (In H T f 

At the top of the column: 

a = 4.6 mN-m -1 
F lv = 0.2157 
H t = 0.6 m 

Substituting in Equation 8.97: 

Kj — 0.0560 ms -1 
At the bottom of the column 


where V and L are the vapor and liquid molar flowrates at the 
top of the column. 

V = 278.21(3.170 x 1.1 + 1) 

= 1248.3 kmoMT 1 
L =RD 

= 3.170 x 1.1 X 278.21 
= 970.1 kmolh -1 

The feed of 1000 kmol h 1 is saturated liquid. Thus the liquid 
flowrate below the feed is: 


o' = 3.7 mN m 1 
F lv = 0.5023 
FI t = 0.6 m 

Substituting in Equation 8.97: 

K' t — 0.0356 ms -1 

Vapor density is greater than 28 kg m -3 . Calculate the foaming 
factor from Equation 8.98. 

Above the feed: 


L = 970.1 + 1000 
= 1970.1 kmolh -1 

From Example 8.2, the bottoms flowrate is: 
B = 721.8 kmolh -1 


*7 _ 2 ' 94 

r FOAM 0 32 

rv 

2.94 


0 < Ffoam < 1 


34 9°.32 

= 0.94 


The vapor flowrate below the feed is: 

V' = 1970.1 -721.8 
= 1248.3 kmolh -1 


Below the feed: 


F , 2.94 

FOAM 2^-32 

= 0.89 


The liquid-vapor flow parameter is given by Equation 8.96: 


Flv = 


M l L\ fp v \ 

MvV) \p L ) 


The vapor flooding velocity can now be calculated from 
Equation 8.95 with correction for the foaming factor: 

vt=F FO amKt(^^A 
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At the top of the column: 

vt = 0.94 x 0.0560 
= 0.188 ms -1 

At the bottom of the column: 

v'j = 0.89 x 0.0356 
= 0.104 ms -1 

It should be noted that the calculated flooding velocities are 
lower than most distillation systems. This is due mainly to the 
relatively low difference in density between the liquid and 
the vapor in this case. Knowing the flooding velocity allows the 
column net area to be calculated. Above the feed, for 80% of the 
flooding velocity: 


'483 -41.2\ 
4L2 J 


'476 - 34.9\ 

, 3^9 J 


VM v 

0.8v T p v 

1248.3 x55.6 

“ 0.8x0.188x3600x34.9 
= 3.674 m 2 


Below the feed, for 80% of the flooding velocity: 

_ 1248.3 x80.3 

N ~ 0.8 X 0.104 x 3600 x 41.2 
= 8.092 nr 


Downcomer liquid velocity above the feed is given by 
Equations 8.99 to 8.103: 


a = 

b = 

c = 
d = 
v D = 


7.10805 
-6.83344 x 10 2 
1.40738 x 10 5 


-1.21126 x 10 7 
b 


exp 


a 7-7 H-9 H-r 

(Pl ~ Pv) (p L ~ Pv) (Pl ~ Pv ) . 


exp 


7.10805 


6.83344 xl0“ 2 1.40738 x 10 5 

(476 - 34.9) + (476 - 34.9) 2 


= 464.6 m h 1 


= LM l 
O.SvdPlFfoam 

970.1 x57.0 

" 0.8 x 464.6 x 476 x 0.94 
= 0.3314 m 2 


1.21126 x 10 7 ' 
(476 - 34.9) 3 . 


Below the feed the values of a, b, c and d are the same as above 
the feed, as the tray spacing is the same. From Equation 8.99: 



= exp 


7.10805 


= 464.9 m-h" 1 


6.83344 x 10- 2 i 1.40738 x 10 5 
(483-41.2) + (483 - 41.2) 2 


, _ 1970.1 x87.5 

‘ D " 0.8 x 464.9 x 483 x 0.89 
= 1.073 m 2 


1.21126 x 10 7 ' 
(483 -41.2) 3 . 


Thus, the diameter of the column above the feed is given by: 


dc = 


4(Ajv + A d ) 
n 

4(3.674 + 0.3314) 


= 2.26 m 


Below the feed: 


||8.092g|5I|f3| 


d c — 


= 3.42 m 

d) Now check the weir loading. Above the feed: 


A' d _ 0.3314 

A^ ~ 3.674 + 0.3314 
= 0.0827 


From Figure 8.25: 

& = 0.69 
dc 

Lw — 2.26 X 0.69 


Weir loading 


1.56 m 

970.12 x 57.0 
476 x 1.56 
74.6m 3 h _1 -m -1 


This is below the maximum of 90 m 3 h 1 m 1 and thus single¬ 
pass trays will be adequate. Below the feed: 

A' d _ 1.073 

A7 ~~ 8.092+ 1.073 
= 0.117 

From Figure 8.25: 


L-w 

d c 

L w 

Weir loading 


0.76 

3.42x0.76 
2.60 m 

1970.1 X 87.5 
483 X 2.60 
137 m 3 h _1 m _1 


This loading is too high for a single-pass tray. Increase the 
number of passes below the feed to 2. This decreases the liquid 
load and the diameter below the feed needs to be recalculated: 


L = 1970.1/2 
= 985.1 kmoltr 1 
Y = 1248.3 kmollT 1 
F' lv = 0.2511 
K' r = 0.05030 
Ffoam = 0.89 
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v' r = 0.147 m s 1 

_ 1248.3x80.3 

N ~ 0.8x0.147 x3600x41.2 
= 5.733 m 2 


d c — 


4(5.733 + 1.073) 


= 2.94 m 


Assume that the total downcomer area remains the same and 
the limiting downcomer length will be the side downcomers, 
rather than the center downcomers (see Figure 8.9). Check the 
weir loading for the two-pass tray by splitting the downcomer 
area into two and calculating the new weir length and loading 
for the side downcomers: 


= 0.5365 nr 

where A' D now refers to the area of each of the two side 
downcomers: 

A' d _ 0.5365 

A^ ~ 5.733 + 0.5365 
= 0.0856 

From Figure 8.25: 

^ = 0.70 
“c 

L' w = 2.94 x 0.70 
= 2.06 m 

Side downcomer weir loading for a two-pass tray 
1970.1 x87.5 
~~ 483 x 2 X 2.06 
= 87 m 3 h _I m _1 
This loading is acceptable. 

The calculation shows a significant difference between the 
diameter at the top and bottom. In conceptual design, it is 
reasonable to take the largest value. Later, when the design is 
considered in more detail, if different sections of a column 
require diameters that differ by greater than 20%, it would 
usually be engineered with different diameters (Kister, 1992). 
Such decisions can only be made after a much more detailed 
analysis of the column design. Also, the design here is based on 
the flooding velocity at the top and bottom of the column only. 
In practice, the flooding velocity changes throughout the 
column, and intermediate points might need to be considered 
in a more detailed analysis. 


Example 8.6 For the distillation column from Example 8.5, 
assuming Flexipac 1.6Y structured packing is used rather than 
trays, estimate: 

a) Height of a packed column using structured packing, assuming a 
total combined disengagement height at the top and bottom of the 
column and sump for the column of 4 m, 1 m for liquid collection 


and distribution at the feed and 0.5 m for liquid collection and 
redistribution in the rectifying and stripping sections, 
b) Diameter of the column with structured packing. The system 
should be assumed susceptible to foaming. Assume vapor 
velocity to be 80% of flooding. 

Physical properties can be taken from Table 8.14. 


Solution 


a) First estimate the HETP for the structured packing. From 
Equation 8.93: 

HETP = 10 ° FxyF ° + 0.1 
a P 

For Flexipac 1.6Y, F X y= 1 and given <7<25mNm _1 , F„= 1. 
Also, a P can be taken from Table 8.11: 


HETP = 


100 x 1 X 1 
290 


+ 0.1 


= 0.44 m 


From Example 8.4, above the feed there are 12 theoretical 
stages: 

H = N x HETP 


= 12 X 0.44 
= 5.28 m 

Below the feed, including the feed stage, there are (27 + 1) 
theoretical stages: 

H' = 28 X 0.44 


= 12.32 m 

For a maximum of 20 stages per bed, above the feed can be a 
single bed, but below the feed two beds are required. Allowing 
4 m at the top and bottom of the column, 1 m for liquid 
collection and distribution at the feed and 0.5 m for liquid 
collection and redistribution in the stripping section: 

H = 5.28 + 12.32 + 4 + 1 +0.5 

= 23.10 m 


b) For Flexipac 1.6Y structured packing, from Table 8.11, the 
packing factor is 59 m -1 ; thus from Equation 8.106: 

A P flood = 40.91 x 59 0,7 

= 710.3 Pam” 1 

From Equation 8.109 and 8.110: 

A = -7.31 X 10-" X 710.3 3 + 2.18 x 10“ 7 X 710.3 2 
- 2.19 Xl0- 4 X 710.3-0.0124 
= -0.08416 

B = 1.28 x lO” 10 x 710.3 - 3.15 x 10“ 7 x 710.3 2 
+ 2.62 X10“ 4 X 710.3 + 0.0826 
= 0.1556 

From Equation 8.96 above the feed: 


Flv = 




0.5 


57.0x947.2 
55.6 x 1225.4 


/34.9\ 0,5 
\476/ 


= 0.2146 
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8.9 Conceptual Design 
of Distillation 

The feed composition and flowrate to the distillation are usually 
specified. Also, the specifications of the products are usually 
known, although there may be some uncertainty in product speci¬ 
fications. The product specifications may be expressed in terms of 
product purities or recoveries of certain components. The concep¬ 
tual design requires the designer to specify: 

• operating pressure, 

• reflux ratio, 

• feed condition, 

• type of condenser, 

• type of reboiler, 

• preliminary distribution of equilibrium stages, 

• preliminary specification of column internals. 

1) Pressure. The first decision is operating pressure. As pressure 
is raised: 

• separation becomes more difficult (relative volatility 
decreases), that is, more stages or reflux are required; 

• latent heat of vaporization decreases, that is, reboiler and 
condenser duties become lower; 

• vapor density increases, giving a smaller column diameter; 

• reboiler temperature increases with a limit often set by 
thermal decomposition of the material being vaporized, 
causing excessive fouling; 

• condenser temperature increases. 

As pressure is lowered, these effects reverse. The lower limit is 
often set by the desire to avoid: 

• vacuum operation; 

• refrigeration in the condenser. 

Both vacuum operation and the use of refrigeration incur capital 
and operating cost penalties and increase the complexity of the 
design. They should be avoided if possible, but it is sometimes 
not possible. 

For a first pass through the design, it is usually adequate, if 
process constraints permit, to set distillation pressure to as low a 
pressure above ambient as allows cooling water or air cooling to 
be used in the condenser. If a total condenser is to be used and a 
liquid top product taken, the pressure should be fixed such that: 

• if cooling water is to be used, the bubble point of the 
overhead product should be typically 10°C above the 
summer cooling water temperature or 

• if air cooling is to be used, the bubble point of the overhead 
product should be typically 20 °C above the summer air 
temperature or 


If random packing is to be used, the approach is basically 
the same, but using Equations 8.94 for HETP and Equations 
8.111 and 8.112 for the flooding calculation. 
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• the pressure should be set to atmospheric pressure if either of 
these conditions would lead to vacuum operation. 

If a partial condenser is to be used and a vapor top product 
taken, then the above criteria should be applied to the dew point 
of the vapor top product, rather than the bubble point of the 
liquid top product. Also, if a vapor top product is to be taken, 
then the operating pressure of the destination for the product 
might determine the column pressure (e.g. the overhead top 
product being sent to the fuel gas system). 

There are two major exceptions to these guidelines: 

• If the operating pressure of the distillation column becomes 
excessive as a result of trying to operate the condenser 
against cooling water or air cooling, then a combination of 
high operating pressure and low-temperature condensation 
using refrigeration should be used. This is usually the case 
when separating gases and light hydrocarbons. 

• If process constraints restrict the maximum temperature of 
the distillation, then vacuum operation must be used in order 
to reduce the boiling temperature of the material to below a 
value at which product decomposition occurs. This tends to 
be the case when distilling high molar mass material. 

2) Reflux ratio. Another variable that needs to be set for distilla¬ 
tion is the reflux ratio. For a stand-alone distillation column (i.e. 
utility used for both reboiling and condensing), there is a 
capital-energy trade-off, as illustrated in Figure 8.26. As the 
reflux ratio is increased from its minimum, the capital cost 
decreases initially as the number of plates reduces from infinity, 
but the utility costs increase as more reboiling and condensation 
are required (Figure 8.26). If the capital costs of the column, 
reboiler and condenser are annualized (see Chapter 2) and 
combined with the annual cost of utilities (see Chapter 2), the 
optimal reflux ratio is obtained. The optimal ratio of actual to 
minimum reflux is often less than 1.1. However, most designers 
are reluctant to design columns closer to the minimum reflux 



Figure 8.26 

The capital-energy trade-off stand-alone distillation columns. 


than 1 . 1 , except in special circumstances, since a small error in 
design data or a small change in operating conditions might 
lead to an infeasible design. Also, the total cost curve is often 
relatively flat over a range of relative volatility around the 
optimum. No attempt should be made to do the optimization 
illustrated in Figure 8.26 until a picture of the overall process 
design has been established. Later, when heat integration of the 
column with the rest of the process is considered, the nature of 
the trade-off changes, and the optimal reflux ratio for the heat- 
integrated column can be very different from that for a stand¬ 
alone column. Any reasonable assumption is adequate in the 
initial stages of a design, say, a ratio of actual to minimum 
reflux of 1 . 1 . 

3) Feed condition. Another variable that needs to be fixed is the 
feed condition. For the distillation itself, the optimum feed 
point should minimize any mixing between the feed and the 
flows within the column. In theory, for a binary distillation it is 
possible to achieve an exact match between a liquid feed and 
the liquid on a feed stage. In practice, this might not be possible 
to achieve, as changes from stage to stage are finite. For a 
multicomponent system, in general it is not possible to achieve 
an exact match, except under special circumstances. If the feed 
is partially vaporized, the degree of vaporization provides a 
degree of freedom to obtain a better match between the 
composition of the liquid and vapor feed and the liquid and 
vapor flows in the column. However, minimizing feed mixing 
does not necessarily minimize the operating costs. 

Heating the feed most often: 

• increases trays in the rectifying section, but decreases trays 

in the stripping section; 

• requires less heat in the reboiler but more cooling in the 

condenser. 

Cooling the feed most often reverses these effects. 

Heat added to provide feed preheating may not substitute 
heat added to the reboiler on an equal basis (Liebert, 1993). The 
ratio of heat added to preheat the feed divided by the heat saved 
in the reboiler tends to be less than unity. Although heat added 
to the feed may not substitute heat added in the reboiler, it 
changes the minimum reflux ratio as a result of change to the 
feed condition (q in Equation 8.50). As the condition of the feed 
is changed from saturated liquid feed (<7 = 1 ) to saturated vapor 
feed (q = 0), the minimum reflux ratio tends to increase. Thus 
the ratio of heat added to preheat the feed divided by the heat 
saved in the reboiler depends on the change in q , the relative 
volatility between the key components, feed concentration and 
ratio of actual to minimum reflux. In some circumstances, 
particularly at high values of actual to minimum reflux ratio, 
heating the feed can increase the reboiler duty (Liebert, 1993). 

For a given separation, the feed condition can be optimized. 
No attempt should be made to do this in the early stages of an 
overall design, since heat integration is likely to change the 
optimal settings later in the design. It is usually adequate to set 
the feed to saturated liquid conditions. This tends to equalize 
the vapor rate below and above the feed, and having a liquid 
feed allows the column pressure to be increased if necessary 
through the feed pump. Of course if a vaporized feed is 
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required, a liquid feed can be pressurized first with a pump 
before being vaporized and fed to the column. 

4) Type of condenser. Either a total or partial condenser can be 
chosen. Most designs use a total condenser. A total con¬ 
denser is necessary if the top product needs to be sent to 
intermediate or final product storage. Also, a total condenser 
is best if the top product is to be fed to another distillation at a 
higher pressure as the liquid pressure can readily be 
increased using a pump. 

If a partial condenser is chosen, then the partial condenser in 
theory acts as an additional stage, although in practice the 
performance tends to be less than a theoretical stage. A partial 
condenser reduces the condenser duty, which is important if the 
cooling service to the condenser is expensive, such as low- 
temperature refrigeration. It is often necessary to use a partial 
condenser when distilling mixtures with low-boiling compo¬ 
nents that would require very low-temperature (and expensive) 
refrigeration for a total condenser. Also, in these circumstances 
a mixed condenser might be used. This condenses what is 
possible as liquid for reflux and a liquid top product is taken as 
well as a vapor top product. In such designs, the uncondensed 
material often goes to a gas collection system, or fuel header , to 
be used, for example, as fuel gas. If the uncondensed material 
from a partial condenser is to be sent to a downstream distilla¬ 
tion column for further processing, as has already been noted 
under the discussion on feed condition, there will be implica¬ 
tions for the reboiler and condenser duties of the downstream 
column. A vapor feed will generally increase the condenser 
duty and decrease the reboiler duty of the downstream 
column. Whether this is good or bad for the operating costs 
of the downstream column depends on whether the cold 
utility used for the condenser or the hot utility used for the 
reboiler is more expensive. Also, when heat integration is 
discussed later, there might be important implications result¬ 
ing from using partial condensers in the design of the overall 
process. 

5) Type of reboiler. The major decision to be made is whether a 
kettle or thermosyphon reboiler is to be chosen. A kettle 
reboiler provides a theoretical stage. Even though some sepa¬ 
ration will occur in a thermosyphon, it will always be less than a 
theoretical stage. The choice of reboiler depends on: 

• the nature of the process fluid (particularly its viscosity and 

fouling tendencies); 

• sensitivity of the bottoms product to thermal degradation; 

• operating pressure; 

• temperature difference between the process and heating 

medium; 

• equipment layout (particularly the space available for 

headroom). 

Thermosyphon reboilers are usually cheapest but not suit¬ 
able for high-viscosity liquids or vacuum operation. Further 
discussion of reboilers will be deferred until Chapter 12. In the 
preliminary phases of a design, it is best to assume that enough 
stages are available in the column itself to achieve the required 
separation. 


6 ) Preliminary distribution of equilibrium stages. A preliminary 
estimate of the number of theoretical stages can be obtained 
from the Gilliland Correlation and the distribution of stages 
from the Kirkbride Correlation. 

7) Preliminary specification of column internals. The first major 
decision to be made regarding the column internals is whether 
to use trays or packing. Generally, trays should be used when: 

• the liquid flowrate is high relative to the vapor flowrate 
(occurs when the separation is difficult); 

• the diameter of the column is large (packings can suffer from 
maldistribution of the liquid over the packing); 

• there is variation in the feed composition (trays can be more 
flexible to variations in operating conditions); 

• the column requires multiple feeds or multiple products (tray 
columns are simpler to design for multiple feeds or products). 

Packings should be used when: 

• the column diameter is small (the relative cost for fabrication 
of small-diameter trays is high); 

• vacuum conditions are used (packings offer a lower pressure 
drop and reduced entrainment tendencies); 

• a low pressure drop is required (packings have a lower 
pressure drop than trays); 

• the system is corrosive (a greater variety of corrosion- 
resistant materials is available for packings); 

• the system is prone to foaming (packings have a lower 
tendency to promote foaming); 

• a low liquid hold-up in the column is required (liquid hold¬ 
up in packings is lower than that for trays). 

If trays are chosen, then the most common options are 
sieve, floating valve or fixed valve trays. Sieve trays are the 
cheapest and most common but have a much poorer turn¬ 
down ratio than valve trays. The number of tray passes must 
also be determined. 

If packing is chosen, then the choice must be made between 
structured and random packing. Structured packing requires a 
smaller volume than random packing for the same separation, 
but is more expensive. 

8.10 Detailed Design 
of Distillation 

Once the major decisions have been made in the development of 
the conceptual design, then a detailed simulation needs to be 
carried out. To develop a rigorous approach to distillation design, 
consider Figure 8.27. This shows a general equilibrium stage in the 
distillation column. It is a general stage and allows for many design 
options other than simple columns with one feed and two products. 
Vapor and liquid enter this stage. In principle, an additional 
product can be withdrawn from the distillation column at an 
intermediate stage as a liquid or vapor sidestream. Feed can enter 
and heat can be transferred to or from the stage. By using a general 
representation of a stage, as shown in Figure 8.27, designs with 
multiple feeds, multiple products and intermediate heat exchange 
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Figure 8.27 

A general equilibrium stage for distillation. (Reproduced from Smith R 
and Jobson M (2000) Distillation, Encyclopedia of Separation Science, 
Academic Press, with permission from Elsevier.) 


are possible. Equations can be written to describe the material and 
energy balance for each stage: 

1) Material balance for Component i and Stage j (NC equations for 
each stage): 

Lj-iXij-i + V j+1 y iJ+ i + FjZij - (Lj + Uj) Xi j - (Vj + Wj) yiJ = 0 

(8.114) 


2) Equilibrium relation for each Component i (NC equations for 
each stage): 


y i j-K iJ Xij = 0 (8.115) 


3) Summation equations (one for each Stage j): 

NC NC 

J2 y ij - 10 = °- I>V - 10 = 0 (8- 1 !6) 

i= 1 i=l 

4) Energy balance (one for each Stage j): 

Lj-\H L j_\ + V J+l Hj +l + FjHf - (Lj + Uj)Hf - (Vj + Wj)Hj - Q J = 0 

(8.117) 

where Zij. y t j, Xjj = feed, vapor and liquid mole fractions 
for Stage j 

Fj , Vj,Lj = feed, vapor and liquid molar flowrates 
for Stage j 

Wj, JJj = vapor and liquid sidestream molar 
flowrates for Stage j 
H F = molar enthalpy of the feed 

Hj , Hj = vapor and liquid molar enthalpies for 
Stage j 

Qj = heat transfer from Stage j (negative for 
heat transfer to the stage) 


Kij = vapor-liquid equilibrium constant 
between x,- and y, for Stage j 
NC = number of components 

Equations 8.114 to 8.117 for the material balances (M), equi¬ 
librium relationships (E), summation of compositions (S) and 
enthalpy balances (H) are known as MESH equations. They 
require physical property data for vapor-liquid equilibrium and 
enthalpies, and the set of equations must be solved simulta¬ 
neously. The calculations are complex, but many methods are 
available to solve the equations (King, 1980; Kister, 1992; 
Seader, Henley and Roper, 2011). The details of the methods 
used are outside the scope of this text. In practice, designers 
most often use commercial computer simulation packages. 

In order to carry out a detailed simulation, the following need to 
be specified: 

a) Feed composition and flowrate. The composition of the feed 
and its flowrate must be specified. 

b) Operating pressure at the top of the column. Initially, the 
operating pressure is normally set by the desire to be able to use 
cooling water or air cooling in the overhead condenser, but 
vacuum operation should be avoided if possible. If a very high 
operating pressure is required as a result of trying to operate the 
condenser against cooling water or air cooling, a combination 
of high operating pressure and low-temperature condensation 
using refrigeration should be used. Process constraints might 
restrict the maximum temperature of the distillation to avoid 
product decomposition. In these circumstances, vacuum oper¬ 
ation might be necessary to reduce the boiling temperature. 

c) Pressure drop. The pressure drop across the column must be 
specified or the pressure drop per plate (typically 0.01 bar per 
plate). 

d) Feed condition. Specify two from temperature, pressure, q (for 
saturated liquid feed q= 1, saturated vapor feed q = 0). 

e) Stage layout. The number of theoretical stages and the feed 
stage must be specified. For more complex columns, the layout 
of the stages needs to be specified. 

f) Material and energy balance. Specify two from distillate 
flowrate, bottoms flowrate, a component recovery for one of 
the products (up to two can be chosen), reflux ratio, reboil S (S = 
V / B), condenser duty, reboiler duty. Other specifications are 
possible but less common. 

Once the detailed design has been developed based on theoreti¬ 
cal stages, the stage efficiency can be incorporated if using trays. 
This might be a fixed overall stage efficiency or using a stage 
efficiency model (King, 1980; Kister, 1992). For a fixed overall 
stage efficiency, all components are assumed to have the same stage 
efficiency. However, in practice, each component has a different 
stage efficiency. This can only be allowed for by using detailed stage 
efficiency models, which are outside the scope of this text. 

Having determined the layout of the actual trays and the 
material and energy balance for the column, the column internals 
can be investigated in more detail (Kister, 1992). If trays are to be 
used then this requires hydraulic calculations to determine the 
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detailed layout of the trays. A detailed simulation also allows the 
hydraulic design to be considered on a tray by tray basis. This 
means that the flooding characteristics (and weeping character¬ 
istics) can vary through the rectifying and stripping sections. In 
turn, this means that in principle the tray design can vary through 
the rectifying and stripping sections. If packing is to be used, then 
the column design can also be refined. In principle, the packing 
design can change through the rectifying and stripping sections. 
The final hydraulic design is best left to equipment vendors. 

Fine tuning the design will involve fixing the feed composition 
and flowrate, and the separation specification (but not necessarily 
fixing the separation rigidly as long as the required separation 
specifications are achieved). The following can then be fine-tuned: 

• pressure, 

• feed condition, 

• reflux ratio, 


• material balance (within the constraints of the separation 
specification), 

• stage layout, 

• tray type, number of passes, spacing, tray design and down¬ 
comer design in different sections of the column in the case of 
tray columns, 

• packing type in different sections of the column in the case of 
packed columns. 

In addition to checking the column design at design conditions, 
the turndown of the column to reduced capacity needs also to be 
considered. At turndown conditions, the column design must be 
checked for weeping (Kister, 1992). 

Whilst it is important to establish a preliminary design in order 
to establish the overall process design, significant effort on detailed 
design and optimization should be avoided until the context of the 
separation in the overall process has been fully understood. 


Example 8.7 Carry out a rigorous simulation of the distillation 
from Examples 8.2 to 8.6 and determine if the conceptual design 
achieves the required recovery specifications of an overhead 
product that recovers 99% of the n-butane overhead and 95% of 
the /-pentane in the bottoms. For the purpose of comparison, 
assume the column operates at 14 bar with no pressure drop across 
the column. Assume, as determined from Exercise 8.4, that the 
column has 41 theoretical stages with a saturated liquid feed fed to 
Stage 13 (counting from the top of the column) with a total 
condenser and a reboiler that does not provide a theoretical stage 


(i.e. all stages are within the column). The energy balance is to be 
specified by the reflux ratio with R m ,„ = 3.170 and RJR min = 1.1, 
giving R = 3.487, taken from Example 8.3. The material balance is 
to be specified by the distillate flowrate with a value of 
278.21 kmol h -1 taken from Exercise 8.2. Calculate the vapor- 
liquid equilibrium and liquid and vapor enthalpies from the Peng 
Robinson equation of state. 

Solution Many commercial software packages are available to 
carry out this calculation. Figure 8.28 shows the resulting material 



Figure 8.28 

Mass balance for the rigorous simulation from Example 8.7. 
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balance from the rigorous simulation. From the data in Figure 8.28 
the recovery of «-butane in the overhead is 97% compared with the 
specification of 99%. The recovery of f-pentane in the bottoms is 
94%, compared with the specification of 95%. To achieve the 
required recoveries needs some adjustments to the design. 

i) The number of stages in the rectifying and stripping sections 
can be increased for the same reflux ratio, adjusting the total 
number of stages and keeping the ratio of the number of stages 
in the rectifying and stripping stages. This does not allow the 
required recoveries to be readily achieved in this case. The total 
number of stages and the ratio of the number of stages in the 
rectifying and stripping stages need to be adjusted. It should be 
recalled in Example 8.3 that the minimum reflux ratio pre¬ 
dicted by the Underwood Equations tends to be low. 

ii) The reflux ratio can be adjusted for the same number of stages. 
If the reflux ratio is increased from 3.478 to 3.730 for the same 
number of stages, the recovery of n-butane in the overhead 
increases to 99%, and the recovery of f-pentane in the bottoms 
increases to 95.5%, compared with the specification of 95%. 


Adjusting the reflux ratio and the reboil ratio independently 
allows both specifications to be achieved simultaneously for 
the same number of stages. If the reflux ratio and the reboil ratio 
are adjusted independently, then the specification for the 
distillate rate needs to be relaxed, 

iii) The reflux ratio, reboil ratio and number of stages in the 
rectifying and stripping sections can be varied simultaneously, 
Additionally, the feed condition can also be varied simulta¬ 
neously. This requires significant trial and error. 

Figure 8.28 also shows the vapor and liquid flowrates at the top. 
bottom and feed stages. The vapor and liquid flowrates vary 
through the rectifying and stripping sections of the column, which 
means that the hydraulic design of the column internals will vary 
through the rectifying and stripping sections. 

To complete the design requires an allowance for a pressure 
drop to be included. A pressure drop across each stage of typically 
0.01 bar needs to be included. Then the sensitivity of the design to 
the number of stages, location of the feed, reflux ratio, reboil ratio, 
feed condition and distillate rate needs to be tested. 


8.11 Limitations of 
Distillation 

The most common method for the separation of homogeneous fluid 
mixtures with fluid products is distillation. Distillation allows 
virtually complete separation of most homogeneous fluid mixtures. 
It is no accident that distillation is the most common method used 
for the separation of homogeneous fluid mixtures with fluid 
products. Distillation has the following three principal advantages 
relative to competitive separation processes. 

1) The ability to separate mixtures with a wide range of through¬ 
puts; many of the alternatives to distillation can only handle low 
throughput. 

2) The ability to separate mixtures with a wide range of feed 
concentrations; many of the alternatives to distillation can only 
handle relatively pure feeds. 

3) The ability to produce high-purity products; many of the 
alternatives to distillation only carry out a partial separation 
and cannot produce pure products. 

However, distillation does have limitations. The principal cases 
where distillation is not well suited for the separation are as 
follows. 

1) Separation of materials with low molar mass. Low molar mass 
materials are distilled at high pressure to increase their con¬ 
densing temperature and to allow, if possible, the use of cooling 
water or air cooling in the column condenser. Very low molar 
mass materials often require refrigeration in the condenser in 
conjunction with high pressure. This significantly increases the 
cost of the separation since refrigeration is expensive. Absorp¬ 
tion, adsorption and membrane gas separators are the most 
commonly used alternatives to distillation for the separation of 
low molar mass materials. 


2) Separation of heat-sensitive materials. High molar mass mate¬ 
rial is often heat sensitive and will decompose if distilled at high 8 

temperature. Low molar mass material can in some cases also 

be heat sensitive, particularly when its nature is highly reactive 
(e.g. organic compounds with double and triple chemical 
bonds). Such material will normally be distilled under vacuum 
to reduce the boiling temperature. Crystallization and liquid- 
liquid extraction can be used as alternatives to the separation of 
high molar mass heat-sensitive materials. 

3) Separation of components with a low concentration. Distilla¬ 
tion is not well suited to the separation of products that form a 
low concentration in the feed mixture. Adsorption and absorp¬ 
tion are both effective alternative means of separation in 
this case. 

4) Separation of classes of components. If a class of components 
is to be separated (e.g. a mixture of aromatic components 
from a mixture of aliphatic components), then distillation can 
only separate according to boiling points, irrespective of the 
class of component. In a complex mixture where classes of 
components need to be separated, this might mean isolating 
many components unnecessarily. Liquid-liquid extraction 
and adsorption can be applied to the separation of classes of 
components. 

5) Mixtures with low relative volatility or which exhibit azeo¬ 
tropic behavior. Some homogeneous liquid mixtures exhibit 
highly nonideal behavior that form constant boiling azeotropes. 

At an azeotropic composition, the vapor and liquid are both at 
the same composition for the mixture. Thus, separation cannot 
be carried out beyond an azeotropic composition using con¬ 
ventional distillation. The most common method used to deal 
with such problems is to add a mass separation agent to the 
distillation to alter the relative volatility of the key separation in 
a favorable way and make the separation feasible. If the 
separation is possible but extremely difficult because of low 
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relative volatility, then a mass separation agent can also be used 
in these circumstances, in a similar way to that used for 
azeotropic systems. These processes are considered in detail 
later in Chapter 11. Crystallization, liquid-liquid extraction 
and membrane processes can be used as alternatives to distil¬ 
lation for the separation of mixtures with low relative volatility 
or which exhibit azeotropic behavior. 

6 ) Separation of mixtures of condensable and noncondensable 
components. If a vapor mixture contains both condensable and 
noncondensable components, then a partial condensation fol¬ 
lowed by a simple phase separator can often give a good 
separation. This is essentially a single-stage distillation opera¬ 
tion. It is a special case that again deserves attention in some 
detail later in Chapter 14. 

In summary, distillation is not well suited for separating either 
low molar mass materials or high molar mass heat-sensitive 
materials. However, distillation might still be the best method 
for these cases, since the basic advantages of distillation (potential 
for high throughput, any feed concentration and high purity) still 
prevail. The next chapter will consider other methods for the 
separation of homogeneous liquid mixtures. 

8.12 Separation of 
Homogeneous Fluid 
Mixtures by Distillation - 
Summary 

The design of a distillation separation involves a number of steps: 

a) Set the separation and product specifications. 

b) Set the operating pressure. 

c) Determine the number of theoretical stages required and the 
energy requirements. 

d) Determine the actual number of trays or height of packing 
needed and the column diameter. 

e) Design the column internals, which involves determining the 
dimensions of the trays, packing, liquid and vapor distribution 
systems, and so on. 

Once the process design is complete, mechanical design is neces¬ 
sary to determine the thickness of the vessel walls, internal fittings, 
and so on. 

Even though the conceptual design of distillation must be 
carried out in the early stages of the development of a process 
design or retrofit, the assessment of distillation processes ideally 
should be done in the context of the total system. As will be 
discussed later, separators such as distillation that use an input of 
heat to carry out the separation can often be run at effectively zero 
energy cost if they are appropriately heat integrated with the rest of 
the process. Although energy intensive, heat-driven separators can 
be energy efficient in terms of the overall process if they are 
properly heat integrated. It is not worth expending significant effort 
optimizing pressure, feed condition, reflux ratio and number of 


Table 8.15 

Data for a mixture of aromatics. 


Component 

Feed 

(kmol) 

A t 

Hi 

c, 

Benzene 

1 

9.2806 

2789.51 

-52.36 

Toluene 

26 

9.3935 

3096.52 

-53.67 

Ethylbenzene 

6 

9.3993 

3279.47 

-59.95 

Xylene 

23 

9.5188 

3366.99 

-59.04 


stages until the overall heat integration picture has been estab¬ 
lished. These parameters might change later in the design of the 
overall system. 

8.13 Exercises 

1. For the mixture of aromatics in Table 8.15, determine: 

a) The bubble point at a pressure of 1 bar. 

b) The bubble point at a pressure of 5 bar. 

c) The pressure needed for total condensation at a tempera¬ 
ture of 313 K. 

d) At a pressure of 1 bar and a temperature of 400 K, how 
much liquid will be condensed? 

Assume that K-values can be correlated by Equation 8.25 with 
pressure in bar, temperature in Kelvin and constants A ( , B ( and 
C ( given Table 8.15. 

2. Acetone is to be produced by the dehydrogenation of 2- 
propanol. In this process, the product from the reactor con¬ 
tains hydrogen, acetone, 2 -propanol and water, and is cooled 
before it enters a flash drum. The purpose of the flash drum is 
to separate hydrogen from the other components. Hydrogen is 
removed in the vapor stream and sent to a furnace to be burnt. 
Some acetone is, however, carried over in the vapor steam. 
The minimum temperature that can be achieved in the flash 
drum using cooling water is 35 °C. The operating pressure is 
1.1 bar absolute. The component flowrates to the flash drum 
are given in Table 8.16. Assume that the K-values can be 
correlated by Equation 8.25 with pressure in bar, temperature 


Table 8.16 

Flowrate and vapor-liquid equilibrium data for acetone production. 


Component 

Flowrate 
(kmol h' 1 ) 

At 

Bt 

c, 

Hydrogen 

76.95 

7.0131 

164.90 

3.19 

Acetone 

76.95 

10.0311 

2940.46 

-35.93 

2-propanol 

9.55 

12.0727 

3640.20 

-53.54 

Water 

36.6 

11.6834 

3816.44 

-46.13 
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in Kelvin and constants A,-, B, and C, given in Table 8.16 for 
the individual components. 

a) Estimate the flow of acetone and 2-propanol in the vapor 
stream. 

b) Estimate the flow of hydrogen in the liquid stream. 

c) Would another method for calculating K-values have 
been more appropriate? 

3. A mixture of benzene and toluene has a relative volatility of 
2.34. Sketch the x-y diagram for the mixture, assuming the 
relative volatility to be constant. 

4. In a mixture of methanol and water, methanol is the most 
volatile component. At a pressure of 1 atm, the relative 
volatility can be assumed to be constant and equal to 3.60. 
Construct the x-y diagram. 

5. A feed mixture of methanol and water containing a mole 
fraction of methanol of 0.4 is to be separated by distillation at a 
pressure of 1 atm. The overhead product should achieve a 
purity of 95 mole% methanol and the bottoms product a purity 
of 95 mole% water. Assume the feed to be saturated liquid. 
Using the x-y diagram constructed in Exercise 4 and the 
McCabe-Thiele construction: 

a) determine the minimum reflux ratio; 

b) for a reflux ratio of 1 . 1 times the minimum reflux, deter¬ 
mine the number of theoretical stages for the separation. 

6 . A distillation calculation is to be performed on a multi- 
component mixture. The vapor-liquid equilibrium for this 
mixture is likely to exhibit significant departures from ideal¬ 
ity, and an activity coefficient model is to be used to model the 
vapor-liquid equilibrium (see Appendix A). Unfortunately, a 
complete set of binary interaction parameters is not available. 
What factors would you consider in assessing whether the 
missing interaction parameters are likely to have an important 
effect on the calculations? 

7. The two components, A and B , are to be separated in a 
distillation column for which the physical properties are 
largely unknown. The mole fractions of A and B in the 
overheads are 0.96 and 0.04 respectively. The overhead vapor 
can be assumed to be condensed at a uniform temperature 
corresponding with the bubble point temperature of the over¬ 
head mixture. Cooling water at an assumed temperature of 
30 °C is to be used in the condenser. It can be assumed also that 
the minimum allowable temperature difference in the con¬ 
denser is 10 °C. No vapor-liquid equilibrium data or vapor 
pressure data are available for the two components. Only 
measured normal boiling points are available, together with 
critical temperatures and pressures that have been estimated 
from the structure of the components. Vapor pressures can be 
estimated from these data assuming the behavior follows the 
Clausius-Clapeyron Equation from the normal boiling point 
to the critical point: 

In = a,.+| (8.118) 


Table 8.17 

Physical properties of Components A and B. 


Component 

Critical 
temp (K) 

Critical 
pressure (bar) 

Normal 
boiling 
point (K) 

A 

369.8 

42.5 

231.0 

B 

425.2 

39.0 

272.6 


where P? AT is the vapor pressure, Jis the absolute temperature 
and a, and /?, are constants for each component. The physical 
property data are summarized in Table 8.17. 

Assuming the vapor-liquid equilibrium to be ideal, at what 
pressure would the distillation column have to operate on the 
basis of the temperature in the condenser? 

8 . A saturated liquid mixture of ethane, propane, n-butane, n- 
pentane and u-hexane given in Table 8.18 is to be separated by 
distillation such that 95% of the propane is recovered in the 
distillate and 90% of the butane is recovered in the bottoms. 
The operating pressure of the column is lObar. Assume that 
the K-values can be correlated by Equation 8.25 where T is the 
absolute temperature (K), P the pressure (bar) and constants 
A,-, B, and C, are given in Table 8.18. 

a) The bubble point of the feed at lObar. 

b) The distribution of the non-key components in the 
distillation. 

c) Comment on the vapor-liquid equilibrium method used. 

9. The second column in the distillation train of an aromatics 
plant is required to split toluene and ethylbenzene. The 
recovery of toluene in the overheads must be 95%, and 
90% of the ethylbenzene must be recovered in the bottoms. 
In addition to toluene and ethylbenzene, the feed also contains 
benzene and xylene. The feed enters the column under 
saturated conditions at a temperature of 170°C, with compo¬ 
nent flowrates given in Table 8.19. Estimate the mass balance 
around the column using the Fenske Equation. Assume that 


Table 8.18 

Feed and physical property for constants. 


Component 

Formula 

Feed 

(kmol h -1 ) 

A; 

B, 

Ci 

Ethane 

C 2 H 6 

5 

9.0435 

1511.4 

-17.16 

Propane 

c 3 h s 

25 

9.1058 

1872.5 

-25.16 

n-Butane 

C 4 H 10 

30 

9.0580 

2154.9 

-34.42 

n-Pentane 

C 5 H 12 

20 

9.2131 

2477.1 

-39.94 

n-Hexane 

c 6 h 14 

20 

9.2164 

2697.6 

-49.78 
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Table 8.19 

Data for mixture of aromatics. 


Component 

Feed 

(kmol h _1 ) 

A,- 

Bi 

c, 

Benzene 

1 

9.2806 

2789.51 

-52.36 

Toluene 

26 

9.3935 

3096.52 

-53.67 

Ethylbenzene 

6 

9.3993 

3279.47 

-59.95 

Xylene 

23 

9.5188 

3366.99 

-59.04 


the K-values can be correlated by Equation 8.25 with con¬ 
stants Aj, B , and C ; given in Table 8.19. 

10. A distillation column separating 150 kmol h _l of a four- 
component mixture is estimated to have a minimum reflux 
ratio of 3.5. The composition and the relative volatility of 
the feed are shown in Table 8.20. The column recovers 95% 
of Component B to the distillate and 95% of Component C 
to the bottoms product. The feed to the column is a 
saturated liquid. 

a) Calculate the molar flowrate and composition of the 
distillate and bottoms products for this column. State 
any assumptions you need to make. 

b) Estimate the vapor load of the reboiler to this column if the 
reflux ratio is 25% greater than the minimum reflux ratio. 
Constant molar overflow can be assumed in the column 
and that a total condenser is used. 

c) Use the Gilliland Correlation to estimate the minimum 
number of theoretical stages required to carry out this 
separation. 

11. A distillation column uses a partial condenser as shown in 
Figure 8.29. Assume that the reflux ratio and the overhead 
product composition and flowrate and the operating pressure 
are known and that the behavior of the liquid and vapor phases 
in the column is ideal (i.e. Raoult’s Law holds). How can the 
flowrate and composition of the vapor feed to the condenser 



Figure 8.29 

Partial condenser for a distillation column. 


and its products be estimated, given the vapor pressure data 
for the pure components? Set up the equations that need to be 
solved. 

12 . A mixture of ethane, propane, «-butane, «-pentane and n- 
hexane given in Table 8.21 is to be separated by distillation 
such that 95% of the propane is recovered in the distillate and 
90% of the butane is recovered in the bottoms. The column 
will operate at 18 bar. Data for the feed and relative volatility 
are given in Table 8.21. 

For the separation, calculate: 

a) The distribution of the nonkey components using the 
Fenske Equation. 

b) The minimum reflux ratio from the Underwood 
Equations. 

c) The actual number of stages at R/R m i n =1.1 from the 
Gilliland Correlation. 

13. For the same feed, operating pressure and relative volatility as 
Exercise 12, the heavy key component is changed to pentane. 
Now 95% of the propane is recovered in the overheads and 
90% of the pentane in the bottoms. Assuming that all lighter 
than light key components go to the overheads and all the 
heavier than heavy key components go to the bottoms, 
estimate the distribution of the butane and the minimum 
reflux ratio using the Underwood Equations. 


Table 8.20 Table 8.21 

Feed characteristics of a four-component mixture. Data for a five-component system. 


Component 

Formula 

Feed 

(kmol h" 1 ) 

ay 

Ethane 

c 2 h 6 

5 

16.0 

Propane 

c 3 h 8 

25 

7.81 

n -Butane 

C 4 H 10 

30 

3.83 

n-Pentane 

C 5 H 12 

20 

1.94 

n-Hexane 

C 6 H 14 

20 

1.00 


Component 

Mole fraction 

in the feed 

Relative volatility 
in the feed 
(relative to 
component D) 

A 

0.10 

3.9 

B 

0.35 

2.5 

C 

0.30 

1.6 

D 

0.25 

1.0 
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Chapter 9 


Separation of Homogeneous 
Fluid Mixtures II - Other 
Methods 


9.1 Absorption and 
Stripping 

In absorption, a gas or vapor mixture is contacted with a liquid 
solvent that preferentially dissolves or reacts with one or more 
components of the vapor. Absorption processes can be divided into 
two broad classes: 

1) Physical absorption, in which the solvent does not react with 
the absorbed species. Examples include removal of the volatile 
organic compounds (VOCs) using water or organic solvents, 
removal of H 2 S or C0 2 using methanol and recovery of heavy 
hydrocarbons from a vapor mixture of hydrocarbons from 
using naphtha as a solvent. 

2) Chemical absorption, in which the solvent and absorbed 
species undergo a reaction. This can enhance the rate of 
absorption. Examples include removal of H 2 S and C0 2 using 
amine and alkanolamine solvents and scrubbing of S0 2 using 
solutions of NaOH. 

Absorption is a common alternative to distillation for the 
separation of low molar mass materials. Absorption processes 
often require an extraneous material to be introduced into the 
process to act as a liquid solvent. Both aqueous and organic 
solvents can be used and the solvent can in some cases be 
regenerated in a stripper and recycled. If it is possible to use 
one of the materials already in the process, this should be done in 
preference to introducing an extraneous material. 

Consider first the physical absorption. Liquid flowrate, temper¬ 
ature and pressure are important variables to be set. The vapor- 
liquid equilibrium for such systems can often be approximated by 
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Henry’s Law (see Appendix A): 

Pi =H iXi (9.1) 

where p t = partial pressure of Component i 

Hj = Henry’s Law constant (determined experimentally) 
xi = mole fraction of Component i in the liquid phase 

Assuming ideal gas behavior ( pi=y , P ): 



Thus, the K-value is Ki = HJP, and a straight line would be 
expected on a plot of y t against x,. The analysis of absorption 
processes is greatly simplified if it can be assumed that the vapor 
and liquid flowrates are constant. This is analogous to the assump¬ 
tion of constant molar overflow in distillation. If constant molar 
overflow can be assumed in distillation, then a simple graphical 
method, the McCabe-Thiele method can be developed. For 
absorption, a mass balance can be carried out around a part of 
the absorber to obtain the operating line, as shown in Figure 9.1. 
This assumes there is no change in the vapor and liquid flowrates 
as a result of the absorption: 

y = ^ x+ (yin~^j x out (9.3) 

where y, x = vapor and liquid mole fractions 
y in = mole fraction of the vapor inlet 
Xom = mole fraction of liquid outlet 
L = liquid flowrate 
V = vapor flowrate 

This is shown in Figure 9.1 to be a straight line with slope L/V. 
If it is assumed that the vapor flowrate is fixed, the solvent 
flowrate can be varied to obtain the minimum solvent flowrate, 
as shown in Figure 9.2. 
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A graphical construction allows evaluation of the number of 
stages in the absorber analogous to the McCabe-Theile construc¬ 
tion in distillation, as shown in Figure 9.3. In Figure 9.3, solvent 
enters the column on Stage 1. The operating line relates to 
compositions of passing streams and hence y 1 ( y out ) and x in are 
the start of the operating line. Solvent in equilibrium with Vi is jq 
and is located horizontally across on the equilibrium line. The 


passing stream for jq is y 2 and located vertically up from jq on the 
operating line. The solvent in equilibrium with y 2 is x 2 and is 
located across horizontally on the equilibrium line, and so on. In 
this way the changes in liquid and vapor composition can be 
tracked through the equilibrium stages in the column. 

Rather than using a graphical construction, the approach can be 
expressed analytically as the Kremser Equation (Treybal, 1980; 
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King, 1980; Geankopolis, 1993; Seader, Henley and Roper, 2011). 
The Kremser Equation assumes that the equilibrium line is straight 
and intersects the origin of the x-y diagram. The operating line is 
also assumed to be straight. It provides an analytical expression for 
the stepping construction shown in Figure 9.3. The derivation of the 
equation is lengthy and the reader is referred to other sources (King, 
1980; Geankopolis, 1993; Seader, Henley and Roper, 2011). If 
concentrations are known, then the theoretical stages N can be 
calculated from (Treybal, 1980; King, 1980; Geankopolis, 1993): 


In 


N: 


'A—1\ + T 

A ) \y r ml ~ Kxin) A 

In A 


(9.4) 


where A = UKV 

K = vapor-liquid equilibrium K-value (y/x ) 


A is known as the absorption factor. For A = 1, the equation takes 
the form: 


N = 


yin y out 

Voul - Kx >n 


(9.5) 


If the number of theoretical stages is known, the concentrations can 
be calculated from: 


A„ -you, = A N+l -A 
y in - Kx in A v+I - 1 


(9.6) 


For multicomponent systems. Equation 9.4 can be written for 
the limiting component, that is, the component with the highest K t . 
Having determined the number of stages, the concentrations of the 
other components can be determined from Equation 9.6. 

The overall stage efficiency for absorption and stripping is 
significantly lower than that for distillation and often in the range 
0.1 to 0.2. A first estimate of the overall stage efficiency can be 
obtained from the empirical correlation (Seader, Henley and 
Roper, 2011): 


log 10 E 0 = -0.773 - 0.415 log 10 X - 0.0896(log 10 X) 2 (9.7) 


where Eo = overall stage efficiency (0 < E 0 < 1) 

X = KM L p L 

Pl 

M l = liquid molar mass (kg kmol -1 ) 

p L = liquid (solvent) viscosity (mN-s-m _ " = cP) 

p L = liquid (solvent) density (kg-nr) 

To calculate the overall stage efficiency for absorbers, the 
liquid viscosity and density need to be specified at average 
conditions. 

As with distillation, the correlation for overall tray efficiency 
for absorbers, given in Equation 9.7, should only be used to 
derive a first estimate of the actual number of trays. More 
elaborate and reliable methods are available, but these require 
much more information on tray type and geometry and physical 
properties. If the column is to be packed, then the height of the 
packing is determined from Equation 8.92. The height equiv¬ 
alent of a theoretical plate (HETP) can vary significantly accord¬ 
ing to the packing type and the separation. The performance of a 
given packing can differ significantly between distillation and 
absorption applications, and reliable data can only be obtained 
from packing manufacturers. 

Stripping is the reverse of absorption and involves the transfer 
of solute from the liquid to the vapor phase. This is illustrated in 
Figure 9.4. Note in Figure 9.4 that the operating line is below the 
equilibrium line. Again, if it is assumed that K h L and V are 
constant, as shown in Figure 9.4, the graphical construction can be 
expressed by the Kremser Equation (Treybal, 1980; King, 1980; 
Geankopolis, 1993; Seader, Henley and Roper, 2011): 


In 


N = ■ 


(1-A) 


-yjK 


x out y in IE 


-A 


ln(l/A) 


For A= 1: 


N = 


%in ■X-out 
x out — y in/ e 


(9.8) 


(9.9) 
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Figure 9.4 

Equilibrium countercurrent stage operation for stripping. 
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If the number of stages is known, then the concentrations can be 
calculated from: 

-tout _ (1/Af +1 -(1/A) 

Xin-y in /K (l/A)^ 1 - 1 

Equations 9.8 to 9.10 can be written in terms of a stripping 
factor ( S ), where S = 1/A. For multicomponent systems. Equa¬ 
tions 9.8 and 9.9 can be used for the limiting component (i.e. the 
component with the lowest K,) and then Equation 9.10 can be used 
to determine the distribution of the other components. 

Equations 9.4 to 9.6 and 9.8 to 9.10 can be written in terms of 
mole fractions and molar flowrates. Alternatively, mass fractions 
and mass flowrates can be used instead, as long as a consistent set 
of units is used. 

If absorption is the choice of separation, then some preliminary 
selection of the major design variables must be made to allow the 
design to proceed: 

1) Liquid flowrate. The liquid flowrate is determined by the 
absorption factor ( L/KjV ) for the key separation. The absorption 
factor determines how readily Component i will absorb into the 
liquid phase. When the absorption factor is large. Component i 
will be absorbed more readily into the liquid phase. The 
absorption factor must be greater than 1 for a high degree of 
solute removal; otherwise removal will be limited to a low value 
by the liquid flowrate. Since LIKjV is increased by increasing the 
liquid flowrate, the number of plates required to achieve a given 
separation decreases. However, at high values of LIKjV , the 
increase in the liquid flowrate brings diminishing returns. This 
leads to an economic optimum in the range 1.2 <L/K,V<2.0. 
An absorption factor around 1.4 is often used (Douglas, 1988). 

2) Temperature. Decreasing temperature increases the solubility 
of the solute. In an absorber, the transfer of solute from gas or 
vapor to liquid brings about a heating effect. This usually will 
lead to temperatures increasing down the column. If the 
component being separated is dilute, the heat of absorption 
will be small and the temperature rise down the column will 
also be small. Otherwise, the temperature rise down the column 
will be large, which is undesirable since solubility decreases 
with increasing temperature. To counteract the temperature rise 
in absorbers, the liquid is sometimes cooled at intermediate 
points as it passes down the column. The cooling is usually 
down to temperatures that can be achieved with cooling water, 
except in special circumstances where refrigeration is used. 

If the solvent is volatile, there will be some loss of the gas or 
vapor. This should be avoided if the solvent is expensive and/or 
environmentally harmful by using a condenser (refrigerated if 
necessary) on the vapor leaving the absorber. 

3) Pressure. High pressure gives greater solubility of solute in the 
liquid. However, high pressure tends to be expensive to create 
since this can require a gas compressor. Thus, there is an 
optimal pressure. 

As with distillation, no attempt should be made to carry out 
any optimization of liquid flowrate, temperature or pressure at 
this stage in the design. 

Having dissolved the solute in the liquid, it is often neces¬ 
sary to then separate the solute from the liquid in a stripping 


operation so as to recycle the liquid to the absorber. Now the 
stripping factor for Component i ( KjVIL ) should be large to 
concentrate it in the vapor phase and thus be stripped out of the 
liquid phase. For a stripping column, the stripping factor should 
be in the range 1.2 < KjVIL < 2.0 and is often around 1.4 
(Douglas, 1988). As with absorbers, there can be a significant 
change in temperature through the column. This time, however, 
the liquid decreases in temperature down the column for 
reasons analogous to those developed for absorbers. Increasing 
temperature and decreasing pressure will enhance the stripping. 


Example 9.1 A hydrocarbon gas stream containing benzene 
vapor is to have the benzene separated by absorption in a heavy 
liquid hydrocarbon stream with an average molar mass of 
200kg-kmol _1 . The concentration of benzene in the gas stream 
is 2% by volume and the liquid contains 0.2% benzene by mass. 
The flowrate of the gas stream is 850 m 3 h _1 , its pressure is 1.07 bar 
and its temperature is 25 °C. It can be assumed that the gas and 
liquid flowrates are constant, the kilogram molecular volume 
occupies 22.4 m 3 at standard conditions, the molar mass of benzene 
is 78kgkmol~ l and that the vapor-liquid equilibrium obeys 
Raoult’s Law. At the temperature of the separation, the saturated 
liquid vapor pressure of benzene can be taken to be 0.128 bar. 
If a 95% removal of the benzene is required, estimate the liquid 
flowrate and the number of theoretical stages. 


Solution First, estimate the flowrate of vapor in kmol h 


V = 850 x- 


1 


22.4 


/ 298 


1.013 


\,273 / V 1-07 


= 36.6 kmol ■ h 


From Raoult’s Law: 


K = l — 

P 

_ 0.128 
“ 1.07 
= 0.12 

Assuming A = 1.4 

L = 1.4x0.12x36.6 
= 6.15 kmol-IT 1 
= 6.15 x 200 kg h” 1 
= 1230 kgh- 1 


Xj„ = 0.002 x 


200 


= 0.0051 

y OM = 0.02(1 — 0.95) assuming V constant 


= 0.001 


In 


N = 


A - 1\ (y in - Kx ir 


.y ou , - K Xi, 


In 


In A 

1.4- 1\ / 0.02 -0.12x0.0051 1 


1.4 


0.001 -0.12x0.0051 
lnL4 

8 theoretical stages 


1.4 
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Separation in absorption is sometimes enhanced by adding a 
component to the liquid that reacts with the solute. The discussion 
regarding absorption has so far been restricted to physical absorp¬ 
tion. In chemical absorption, chemical reactions are used to 
enhance absorption. Both irreversible and reversible reactions 
can be used. An example of an irreversible reaction is the removal 
of S0 2 from gas streams using sodium hydroxide solution: 

2NaOH + S0 2 -* Na 2 S0 3 + H 2 0 

sodium hydroxide sodium sulphite 

Na 2 S0 3 + /20 2 -* Na 2 SC >4 

sodium sulfite sodium sulfate 

Another example of an irreversible reaction is the removal of 
oxides of nitrogen from gas streams using hydrogen peroxide: 

2NO + 3H 2 0 2 -* 2HN0 3 + 2H 2 0 

nitric oxide hydrogen peroxide nitric acid 

2N0 2 + H 2 0 2 -T 2HN0 3 

nitrogen dioxide hydrogen peroxide nitric acid 

Examples of reversible reactions are the removal of hydrogen 
sulfide and carbon dioxide from gas streams using a solution of 
monoethanolamine: 

Absorption 

hoch 2 ch 2 nh 2 + h 2 s < HOCH 2 CH 2 NH 3 HS 

monoethanolamine Regeneration monoethanolamine 

hydrogen sulphide 

Absorption 

hoch 2 ch 2 nh 2 + co 2 + h 2 o , hoch 2 ch 2 nh 3 hco 3 

monoethanolamine Regeneration monoethanolamine 

hydrogen carbonate 

In this case, the reactions can be reversed in a regeneration stage 
in a stripping column by the input of heat in a reboiler. If the solvent 
is to be recovered by stripping the solute from the solvent, the 
chemical absorption requires more energy than physical absorp¬ 
tion. This is because the energy input for chemical absorption must 
overcome the heat of reaction, as well as the heat of solution. 
However, chemical absorption involves smaller solvent flowrates 
than physical absorption. 

Unfortunately, the design of chemical absorption is far more 
complex than physical absorption. The vapor-liquid equilibrium 
behavior cannot be represented by Henry’s Law or any of the 
methods described in Appendix A. Also, different chemical com¬ 
pounds in the gas mixture can become involved in competing 
reactions. This means that simple methods like the Kremser equa¬ 
tion no longer apply and complex simulation software is required to 
model chemical absorption systems such as the absorption of H 2 S 
and C0 2 in monoethanolamine. This is outside the scope of this text. 

9.2 Liquid-Liquid 
Extraction 


Like gas absorption, liquid-liquid extraction separates a homoge¬ 
neous mixture by the addition of another phase, in this case an 
immiscible liquid. Liquid-liquid extraction carries out separation 


by contacting a liquid feed with another immiscible liquid. The 
equipment used for liquid-liquid extraction is the same as that used 
for the liquid-liquid reactions illustrated in Figure 6.5. The sepa¬ 
ration occurs as a result of components in the feed distributing 
themselves differently between the two liquid phases. The liquid 
with which the feed is contacted is known as the extraction solvent. 
The extraction solvent extracts solute from the feed. The solute in 
the feed is dissolved in th efeed solvent or carrier. The solvent-rich 
stream obtained from the separation is known as the extract and the 
residual feed from which the solute has been extracted is known as 
the raffinate. The stagewise contacting is illustrated in Figure 9.5a. 

The distribution of solute between the two phases at equilibrium 
can be quantified by the K-value or distribution coefficient (see 
Appendix A): 

Ki _ x fl _ Yju (9.H) 

XR,i y E ,i 

where x E i , x R i = mole fractions of Component i in the extract 
and in the raffinate 

Ye.u Yr.i = activity coefficients of Component i in the 
extract and in the raffinate 


By taking the ratio of the distribution coefficients for the two 
Components i and j, the separation factor can be defined, which is 
analogous to relative volatility in distillation: 

a _ Ki _ XE.i/xRj _ YR.it Ye.i 
P i ’~K~ Xej/xrj ~ YrJyej ' 


The separation factor (or selectivity) indicates the tendency for 
Component i to be extracted more readily from the raffinate to the 
extract than Component j. 

The stagewise calculation of liquid-liquid extraction has 
much in common with the stagewise calculations for distillation, 
absorbers and strippers. The McCabe-Thiele graphical method 
assumes constant molar vapor and liquid flowrates and allows 
convenient stepwise calculation with straight operating lines and a 
curved equilibrium line. A similar concept can be achieved in 
liquid-liquid extraction by expressing flowrates on a solute-free 
basis to give a constant flow rate of feed solvent F and a constant 
flowrate of extraction solvent S through the extractor. Because the 
flowrate is being expressed on a solute-free basis, concentrations 
must be adjusted to be the ratio of solute to solvent. These 
assumptions help to keep operating lines straight and simplify 
the calculations. Three simplifying cases can be identified for the 
calculations (Schweitzer, 1997): 

1) In most cases liquid-liquid extraction systems can be treated as 
having immiscible solvents. A material balance for the solute 
around the extractor from Stages 1 to n in Figure 9.5a, assuming 
F=R and S = E, gives: 


Fxf T Sxe.ji+1 — FxR. n T ExE.out 


Rearranging gives: 


_ E Fxe.oui Fxf 

%E,n +1 — ~^XR,n “I ^ 


(9.13) 


(9.14) 
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Feed Extract 




Raffinate Extraction 
Solvent 

(a) Mass balance for liquid-liquid extraction. (b) Stepping off for the number of theoretical stages. 


Figure 9.5 

Counter current liquid-liquid extraction. 


This is the equation of a straight line slope FIS , as shown in 
Figure 9.5b. The same operating line can be obtained from a 
material balance around the raffinate end of the extractor from 
Stages N to n, assuming F = R and S = E, gives: 


Xp.n 


F Sx s R■'*■/{.<> a! 

4--- 


(9.15) 


An overall balance around the extractor gives: 


XE^oul — 


Fxp + Sxs — Rxnout 
E 


(9.16) 


Thus the operating line has end points corresponding to 
(xr om, Xs) and (x F , x E , ou t )• Figure 9.5b shows a plot of this 
operating line, together with the equilibrium line. Figure 9.5b 
also shows the stepping off for liquid-liquid extraction analo¬ 
gous to distillation, absorption and stripping. Mass fractions 
and mass flowrates or mole fractions and mole flowrates can 
also be used, as long as a consistent set of units is used. 

If the distribution coefficient is constant and the liquid 
flowrates are also constant on a solute-free basis, the same 
analysis as that used for stripping in Section 9.1 based on the 
Kremser Equation can be applied. In liquid-liquid extraction, 
like stripping, solute is transferred from the feed for e 1: 


in 


N = 


£ ~ I \ / Xp--Xs/K\ + 

. e ) \xr- x s/KJ e 

in e 


(9.17) 


where N 
x F 


x s 


x R 


K 

e 

S 

F 


number of theoretical stages 

mole fraction of solute in the feed based on 

solute-free feed 

mole fraction of solute in the solvent inlet 

based on solute-free solvent 

mole fraction of solute in raffinate based on 

solute-free raffinate 

slope of the equilibrium line 

extraction factor 

KS/F 

flowrate of solute-free solvent (kmol-s -1 ) 
flowrate of solute-free feed (kmol-s _1 ) 


For e = 1: 


Xf - Xr 
XR -Xs/K 


(9.18) 


When N is known, the composition can be calculated from: 


x F — xr e w+1 - e 
xp - xs/K ~ e N+l - 1 


(9.19) 


For multicomponent systems. Equations 9.17 and 9.18 can be 
used to determine the number of stages for the limiting com¬ 
ponent (i.e. the component with the lowest K,). Equation 9.19 
can then be applied to determine the compositions of the other 
components. 
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Again, Equations 9.17 to 9.19 are written in terms of mole 
fractions and molar flowrates. However, mass fractions and 
mass flowrates can also be used, as long as a consistent set of 
units is used. If the K-value varies across the extractor, then a 
geometric mean of the value leaving the feed stage and at the 
raffinate K t concentration leaving the raffinate stage A^can be 
used (Treybal, 1980): 

K = ^K,K n (9.20) 


2) In the second case the solvents are partially miscible and often 
occurs when all solute concentrations are relatively low. To 
simplify the calculations it is assumed that the extraction 
solvent dissolves in the feed solvent only in the feed stage 
and this miscibility remains constant through the extractor. 
This means that the extraction solvent in Figure 9.5a has a 
constant flowrate from the inlet of Stage A to the inlet of Stage 
1, and experiences a decrease in flowrate in Stage 1 through the 
mutual solubility in the feed stage. Similarly, feed solvent is 
assumed to dissolve in the extraction solvent only in the 
raffinate stage (Stage A) and this miscibility remains constant 
through the extractor. This means that the feed solvent in 
Figure 9.5a has a constant flowrate from the inlet of Stage 1 
to the inlet of Stage A and experiences a decrease in flowrate in 
Stage A through the mutual solubility in the raffinate stage 
(Schweitzer, 1997). Thus the extraction solvent and feed 
solvent flowrates can be assumed to be constant through the 
extractor. However, the extract flowrate E is less than S and the 
raffinate flowrate R is less than F because of the mutual 
solubilities. The slope of the operating line in Equations 
9.14 and 9.15 remains FIS , but only from Stages 2 to A — 1. 
Stages 1 and A will not be located on the operating line. For the 
feed stage, when there is a change in F because of mutual 
solubility, for passing streams entering Stage 1 to be on the 
operating line (Equation 9.14) the feed composition must be 
adjusted to x' F by substituting x Eout =x En+i in Equation 9.14 
(Schweitzer, 1997): 


XE,out 


— Xp T 


Exj^oui Fxf 


(9.21) 


Rearranging gives: 


The operating line must go through points ( x Rouf , x' s ) and 
(j Cp, x E out ). The stepping off procedure is the same as with the 
case for immiscible liquids once the adjustment of the solvent 
and feed concentrations has been made. If both the equili¬ 
brium line and operating lines are straight, the Kremser 
Equation can also be applied to the partially miscible case 
by using the adjusted compositions x' F and x' s , the actual value 
of x Rout and e = KS/F. If the K-value varies across the 
extractor, then a geometric mean value can be used according 
to Equation 9.20. 

3) In the third case the solvents are also partially miscible 
and often occurs when the solute concentration is high in 
the feed and extract, but low in the raffinate. This time to 
simplify the calculations, as in Case 2, it is assumed that 
the extraction solvent dissolves in the feed solvent only 
in the feed stage (Stage 1) and this miscibility remains 
constant through the extractor. However, feed solvent is 
assumed to dissolve in the extraction solvent only in the 
feed stage and this miscibility remains constant through 
the extractor. This means that the feed solvent in 
Figure 9.5a decreases in the feed stage through the mutual 
solubility in the raffinate stage and then has a constant 
flowrate from the inlet of Stage 2 to the outlet of Stage A 
(Schweitzer, 1997). Thus the extraction solvent and feed 
solvent flowrates can be assumed to be constant through 
the extractor. Again the extract flowrate E is less than S, 
and the raffinate flowrate R is less than F because of the 
mutual solubilities. The slope of the operating line in 
Equations 9.14 and 9.15 is now R/S rather than F/S, 
but only from Stages 2 to A. Stages 1 (feed stage) will 
not be located on the operating line. For the feed stage 
when there is a change in F because of mutual solubility, 
for passing streams entering Stage 1 to be on the operating 
line (Equation 9.14), the feed composition must be 
adjusted to x' F by substituting x Eout =x En +% in 
Equation 9.14, but with the slope R/S instead of F/S 
(Schweitzer, 1997): 


_ R , , Ex e , oM ~ 

%E,out — £ i ^ 


Fxf 


(9.25) 


x F — xp + ^ ^ ^ Xj{ oui (9.22) 

For the raffinate stage, when there is a change in S because of 
mutual solubility, for passing streams entering Stage A to be on 
the operating line (Equation 9.15) the solvent composition 
must be adjusted to x' s by substituting x En q =x Kout in 
Equation 9.15: 


_ I 7 ! 5-Vv Rx Kjm! 

x s — ^7 XrjjuI H ~ 


Rearranging gives: 


(F-R > 

x s =x s + I—— )X RyOU , 


(9.23) 


(9.24) 


Rearranging gives: 




XE,out 


(9.26) 


The operating line must go through points (x Rout , xs) and 
(x F , x FyOUt ). The stepping off procedure is the same as with 
the case for immiscible liquids once the adjustment of the 
feed concentration has been made. If both the equilibrium 
line and operating lines are straight, the Kremser Equation 
can also be applied to the partially miscible case by using 
the adjusted compositions x' F and the actual values of xs, 
XR 0 ut and e = KS/R. If the K-value varies across the extrac¬ 
tor, then a geometric mean value can be used according to 
Equation 9.20. 
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Example 9.2 An organic product with a flowrate of 
1000 kg IT 1 contains a water-soluble impurity with a concentration 
of 6 % by mass. A laboratory test indicates that if the product is 
extracted with an equal mass of water, then 90% of the impurity is 
extracted. Assume that water and the organic product are immiscible. 

a) For the same separation of 90% removal, estimate how much 
water would be needed if a two-stage countercurrent extraction 
is used. 

b) If an equal mass flowrate of water to feed is maintained for a 
two-stage countercurrent extraction, estimate the fraction of 
impurity extracted. 

Solution 

a) Mass of impurity in feed = 1000 X 0.06 

= 60 kg - h 1 

Feed flowrate on a solute-free basis = 1000 - 60 

= 940 kg h - 1 
60 

Xf = - 

940 

= 0.06383 

Mass of impurity in raffinate = 60 x 0.1 

= 6 kg.tr 1 

Mass of impurity in extract = 60 — 6 

= 54kg.1T 1 


From Equation 9.15: 


xf — xr £ jv+1 - e 
x F -x s /K~ e N+l - 1 

0.06383 - 6.383 x 10 “ 3 _ e 3 - e 
0.06383 -0/8.460 “ e 3 - 1 



0 = O.le 3 - e + 0.9 

Solving for e by trial and error: 


e = 2.541 



_ 2.541 x 940 
8.460 

= 282.3 kg • IT 1 


b) 


_ 8.460 x 1000 
“ 940 

= 10.0 


From Equation 9.15: 


If the water and organic product are assumed to be 
immiscible, it can be assumed that F = R and S = E: 


xr 


6 

940 


= 6.383 x 10 “ 3 


x E 


K 


54 

Tooo 

0.054 

Xe 

Xr 


0.054 

“ 6.383 x 10 ~ 3 
= 8.460 


X F — Xr £ jv+i - e 
xf-xs/K = ( A + 1 - 1 

0.06383 — xr _ 9.0 3 - 9.0 
0.06383 -0/8.460 “ 9.0 3 - 1 

x R = 7.0 x 10 “ 4 

940 X 7 x 10 “ 4 
0.658 kg-IT 1 

60 - 0.658 
60 
0.989 


Mass of impurity in raffinate = 


Fraction of impurity extracted = 


Example 9.3 A feed with a flowrate of 1000 kg IT 1 contains 
30% acetic acid by mass in aqueous solution. The acetic acid (AA) is 
to be extracted with pure isopropyl ether to produce a raffinate with 
2% by mass on a solvent-free basis. Equilibrium data are given in 
Table 9.1 (Campbell, 1940; Treybal, 1980). It can be seen from 
Table 9.1 that the water and ether have significant mutual solubility 
and this must be accounted for. 

a) From an initial estimate of the feed solvent transferred to the 
extraction solvent in the feed and raffinate stages, determine 
which of the simplified cases is most appropriate for 
the calculations. 

b) Estimate the minimum flowrate of ether for the separation. 

c) Estimate graphically the number of theore tical extraction stages if 
a flowrate of 2500 kg h -1 of ether is used. 


d) Estimate the number of theoretical extraction stages for the 
separation using the Kremser Equation. 

Solution 

a) To maintain a straight operating line, the concentrations must be 
expressed as ratios of solute to feed solvent (water) and ratios 
of solute to extraction solvent (isopropyl ether). The data from 
Table 9.1 are expressed on this basis in Table 9.2. 

To determine which of the simplifying cases is most appro¬ 
priate, the transfer of feed solvent (water) to extraction solvent 
(ether) needs to be compared at the feed stage and the extraction 
stage. First estimate the transfer at the feed stage conditions for 
which x Eout needs to be known. 
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Table 9.1 

Equilibrium data for acetic acid-water-isopropyl ether (Campbell, 1940; Treybal, 1980). (From Cambell H, 1940, Trans AIChE, 36: 628, reproduced by 
permission of the American Institute of Chemical Engineers.) 

Mass fraction in water phase I Mass fraction ether phase 


Acetic acid 

Water 

Isopropyl ether 

Acetic acid 

Water 

Isopropyl ether 

0.0069 

0.981 

0.012 

0.0018 

0.005 

0.993 

0.0141 

0.971 

0.015 

0.0037 

0.007 

0.989 

0.0289 

0.955 

0.016 

0.0079 

0.008 

0.984 

0.0642 

0.917 

0.019 

0.0193 

0.010 

0.971 

0.1330 

0.844 

0.023 

0.0482 

0.019 

0.933 

0.2550 

0.711 

0.034 

0.1140 

0.039 

0.847 

0.3670 

0.589 

0.044 

0.2160 

0.069 

0.715 


The equilibrium data from Table 9.2 show distribution 
coefficients that vary significantly. Figure 9.6a shows graphi¬ 
cally that the equilibrium line is not straight. Figure 9.6a 
shows the operating line starting from x Rou ,= 0.02/0.98 = 
0.0204 with a maximum slope that touches the equilibrium 
line at x R = 0.1576 kg AA/kg water. In Figure 9.6a, the operating 
line for the minimum solvent flowrate touches the equilibrium 
line at x R = 0.1576 and x R = 0.05166. If there is assumed to be 
no mutual solubility, the slope of this line is the ratio of feed to 
solvent flowrates F/S. Thus: 

F_ 0.05166-0 

~S ~ 0.1576-0.0204 

= 0.377 

F = 1000x0.7 = 700kg.tr 1 


Thus, from the slope: 

5 700 

0.377 

= 1857 kg-h 1 

A material balance around the extractor on the acetic acid 
gives: 

ExR^out = Fxf + Sxg — Rxr ou i (9.27) 

Assuming initially that S = E : 

1857 x E , OM = 700 x + S x 0 - 700 x 0.0204 
xe,ow = 0.1539 



Table 9.2 

Equilibrium data expressed as ratios of feed solvent and extraction solvent. 


Mass ratios in water phase 

Mass ratios in ether phase 

Xe 

K = — 

x,\a <-r«) 

X Ether 

Xaa (Xe) 

X Water 

XR 

7.034 xlO -3 

0.01223 

1.813 xl0“ 3 

5.035 xlO -3 

0.2577 

0.01452 

0.01545 

3.741 xlO -3 

7.078 x 10“ 3 

0.2576 

0.03026 

0.01675 

8.028 x 10~ 3 

8.130 x 10~ 3 

0.2653 

0.07001 

0.02072 

0.01988 

0.01030 

0.2840 

0.1576 

0.02725 

0.05166 

0.02036 

0.3278 

0.3586 

0.04782 

0.1346 

0.04604 

0.3753 


0.6231 


0.07470 


0.3021 


0.09650 


0.4848 





194 Chemical Process Design and Integration 



* 

0.16 


0.16 


0.14 


0 . 2 - 


Equilibrnon 

Data 


Minimum 

Solvent 

Flowrate 


o.ox • 


0.06 ' 


0.04 ' 


0.02 - 


(a) Minimum flowrate of solvent. 


(b) Stepping off reveals the number of 
theoretical stages. 


Figure 9.6 

Extraction of acetic acid from aqueous solution using isopropyl ether. 


For the ether phase, from Table 9.2, foix E = 0.1539 kg AA/kg 
ether, the ether phase contains 0.05185 kg water/kg ether (by 
interpolation). 

Water in extract = 0.05185 X 1857 
= 96.3 kg hr 1 

Water in raffinate leaving feed stage = 700 — 96.3 

= 603.7 kgh“ l 

For the raffinate stage, from Table 9.2, at x R = 0.0204 kg AA/kg 
water, the ether phase contains 0.007471 kg water/kg ether (by 
interpolation): 

Water in extract leaving the raffinate stage=0.007471 x 1857 

= 13.9kg-h- 1 

Thus, in this case the change in flowrate of the raffinate is much 
greater at the feed stage than the raffinate stage. This means that 
Case 3, assuming a large amount of feed solvent is dissolved in 
the extract in the feed stage with an operating line slope of R/S, is 
the most appropriate. 

b) From Part a above the operating line is as shown in Figure 9.6a 
going through (0.0204, 0) and touching the equilibrium line with 
aslope of R/S = 0.377. Now the extraction solvent flowrate can be 
reestimated taking into account the mutual solubility from the 
water flowrate leaving the raffinate stage above: 

„ 603.7 

0.377 

= 1601 kg-fr 1 

Now reestimate x Eout from Equation 9.27: 

0.3 0.02 

1601x £ , OH( = — x 700 + 1601 x 0 - 603.7 x — 

= 0.1797 kg AA/kg ether 


From Table 9.2 at 0.1797 kg AA/kg ether, the ether phase 
contains 0.05963 kg water/kg ether (by interpolation): 

Water in extract = 0.05963 X 1601 
= 95.5 kgh -1 
Water in raffinate//?) = 700 - 95.5 
= 604.5 kg h -1 

Reestimate the extraction solvent flowrate: 

v 604.5 
0.377 

= 1604 kg-h -1 

The previous calculation is repeated for convergence: 

x E ,out = 0.1779 kg AA/kg ether 
Water in extract = 94.8 kg h -1 

Water in raffinate//?) = 605.2 kg h -1 
5 = 1605 kg h” 1 

Thus the minimum extraction solvent flowrate is estimated to be 
1605 kgh” 1 . 
c) As before: 

F = 700 kgh -1 
x F = 0.4286 
x R — 0.0204 

Now the extraction solvent flowrate is fixed: 

S = 2500 kg IT 1 
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Assume initially that F = R and S = E and perform an overall 
mass balance on acetic acid from Equation 9.27: 


Xe 


0.4286 x 700 + 0 X 2500 - 0.0204 x 700 
2500 


0.1143 


For the ether phase, from Table 9.2, at x E = 0 .1143 kg AA/kg 
water the ether phase contains 0.03976 kg water/kg ether: 


Water in extract = 0.03979 X 2500 
= 99.4 kg h ” 1 


In Figure 9.6b, the operating line for this is drawn between: 

x' F = 0.5019, x E =0.1151 

x R = 0.0204, = 0.0 

Although the operating line is straight as a result of the assump¬ 
tions made, the equilibrium line is not straight. Figure 9.6b shows 
that a graphical stepping off between the operating and equili¬ 
brium lines requires approximately six equilibrium stages, 
d) The Kremser Equation cannot be applied directly, as the 
equilibrium line is not straight: 


Water in raffinate (/?) = 700 - 99.4 
= 600.6 kg-h -1 

For the raffinate, at x R = 0.0204 kg AA/kg water, the water phase 
contains 0.01594 kg ether/kg water: 

Ether in raffinate = 0.01594 x 600.6 
= 9.6 kg-h -1 

Ether in extract (E) = 2500 - 9.6 

= 2490.4 kg-h -1 

Now return to Equation 9.27 and iterate to converge: 

E = 2490.4 kg-h -1 
R = 600.0 kg-h -1 
XE.out — 0.1151 

Following the assumption that the feed stream only dissolves 
extraction solvent in the feed stage, then the apparent feed 
concentration after the mass transfer in the feed stage can be 
calculated from Equation 9.26 (Schweitzer, 1997): 


x' F = 0.5019 
Xr = 0.0204 
xs = 0.0 

At x E ,out = 0.1151, AT! = 0.3641 and at x Rout = 0.0204, 
K n = 0.2605 (from Table 9.2 by interpolation). Thus: 


K = tJK\ ■ K n 

= V0.3641 x 0.2605 

= 0.3078 

_ KS 
£ ~~ R 

_ 0.3048 X 2490.4 
“ 600.0 
= 1.278 

r /1.278 - 1\ /0.5019 - 0.0/0.3048\ 
_ n |_V 1-278 ) \0.0204 - 0.0/0.3048 J 
ln[1.278] 

= 6.8 


X Fou t 

_ 700 x 0.4286 /2500 - 2490.4\ 

600.0 + V 600.0 J 

= 0.5019 



xO.1151 


This is close to the answer obtained by stepping off. How¬ 
ever, great caution should be exercised when applying the 
Kremser Equation in situations where the K-value varies signifi¬ 
cantly over the extractor. The greater the variation in the K-value 
over the extractor, the greater is the uncertainty in the accuracy of 
the Kremser Equation. 
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Having obtained an estimate of the number of theoretical stages, 
this must be related to the height of the actual equipment or the 
number of stages in the actual equipment. The equipment used for 
liquid-liquid extraction is the same as that described for liquid- 
liquid reactions illustrated in Figure 6.5. For the mixer-settler 
arrangement shown in Figure 6.5, these can be combined in 
multiple stages countercurrently, in which each mixing and settling 
stage represents a theoretical stage. Much less straightforward is 
the relationship between the stages, or height of the contactor, in 
the other arrangements in Figure 6.5 and the number of theoretical 
stages. Typical HETPs for various designs of contactor are (Hum¬ 
phrey and Keller, 1997): 


Contactor 

HETP(m) 

Sieve tray 

0.5-3.5 

Random packing 

0.5-2.0 

Structured packing 

0 .2-2.0 

Mechanically agitated 

0.1-0.3 


The relationship between the number of theoretical and actual 
stages or contactor height depends on many factors, such as 
geometry, rate of agitation, flowrates of the liquids, physical 
properties of the liquids, the presence of impurities affecting the 
surface properties at the interface, and so on. The only reliable way 
to relate the actual stages to the theoretical stages in liquid-liquid 
extraction equipment is to scale from the performance of similar 
equipment carrying out similar separation duties, or to carry out 
pilot plant experiments. 

When choosing a solvent for an extraction process, there are 
many issues to consider: 

1) Distribution coefficient. It is desirable for the distribution 
coefficient, defined in Equation 9.11, to be large. Large values 
will mean that less solvent is required for the separation. A 
useful guide when selecting a solvent is that the solvent should 
be chemically similar to the solute. In other words, like dis¬ 
solves like. A polar liquid like water is generally best suited for 
ionic and polar compounds. Nonpolar compounds like hexane 
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are better for nonpolar compounds. When a solute dissolves in a 
solvent, some attractions between solvent molecules must be 
replaced by solute-solvent attractions when a solution forms. 
If the new attractions are similar to those replaced, very little 
energy is required to form the solution. This holds true for 
many systems, but the molecular interactions that contribute 
to the solubility of one compound in another are many and 
varied. Hence, it is only a general guide. 

2) Separation factor. The separation factor, defined by Equa¬ 
tion 9.12, measures the tendency of one component to be 
extracted more readily than another. If the separation needs 
to separate one component from a feed relative to another, then 
it is necessary to have a separation factor greater than unity, and 
preferably as high as possible. 

3) Insolubility of the solvent. The solubility of the solvent in the 
raffinate should be as low as possible. 

4) Ease of recovery. It is always desirable to recover the solvent 
for reuse. This is often done by distillation. If this is the case, 
then the solvent should be thermally stable and not form 
azeotropes with the solute. Also, for the distillation to be 
straightforward, the relative volatility should be large and 
the latent heat of vaporization small. 

5) Density difference. The density difference between the extract 
and the raffinate should be as large as possible to allow the 
liquid phases to coalesce more readily. 

6) Interfacial tension. The larger the interfacial tension between 
the two liquids, the more readily coalescence will occur. 
However, on the other hand, the higher the interfacial tension, 
the more difficult will be the dispersion in the extraction. 

7) Side reactions. The solvent should be chemically stable and 
not undergo any side reactions with the components in the feed 
(including impurities). 

8) Vapor pressure. The vapor pressure at working conditions 
should preferably be low if an organic solvent is to be used. 
High vapor pressure for an organic solvent will lead to the 
emission of volatile organic compounds (VOCs) from the 
process, potentially leading to environmental problems. 
VOCs will be discussed in more depth later when environ¬ 
mental issues are considered. 

9) General properties. The solvent should be nontoxic for appli¬ 
cations such as the manufacture of foodstuffs. Even for the 
manufacture of general chemicals, the solvent should be 
preferably nontoxic for safety reasons. Safety also dictates 
that the solvent should preferably be nonflammable. Low 
viscosity and a high freezing point will also be advantageous. 

It will rarely be the case that a solvent can be chosen to satisfy all of 
the above criteria, and hence some compromise will almost always 
be necessary. 

Like absorption, separation is sometimes enhanced by using a 
solvent that reacts with the solute. The discussion, so far, regarding 
liquid-liquid extraction has been restricted to physical extraction. 
Both irreversible and reversible reactions can be used in chemical 
extraction. For example, acetic acid can be extracted from water 
using organic bases that take advantage of the acidity of the acetic 
acid. These organic bases can be regenerated and recycled. 


Unfortunately, the analysis of chemical extraction is far more 
complex than that of physical extraction. The phase equilibrium 
behavior cannot be approximated by constant distribution co¬ 
efficients. This means that simple methods like the Kremser 
Equation no longer apply and complex simulation software is 
required. This is outside the scope of this text. 

9.3 Adsorption 

Adsorption is a process in which molecules of adsorbate become 
attached to the surface of a solid adsorbent. Adsorption processes 
can be divided into two broad classes: 

1) Physical adsorption , in which physical bonds form between the 
adsorbent and the adsorbate. 

2) Chemical adsorption, in which chemical bonds form between 
the adsorbent and the adsorbate. 

An example of chemical adsorption is the reaction between 
hydrogen sulfide and ferric oxide: 

6 H 2 S + 2Fe 2 0 3 -> 2Fe 2 S 3 + 6H 2 0 

hydrogen ferric oxide ferric sulfide 

sulphide 

The ferric oxide adsorbent, once it has been transformed chemi¬ 
cally, can be regenerated in an oxidation step: 

2Fe 2 S 3 + 30 2 -* 6S + 2Fe 2 0 3 

ferric sulfide oxygen sulphur ferric oxide 

The adsorbent, having been regenerated, is then available for 
reuse. By contrast, physical adsorption does not involve chemical 
bonds between the adsorbent and the adsorbate. Table 9.3 com¬ 
pares physical and chemical adsorption in broad terms (Hougen, 
Watson and Ragatz, 1959). 

Here, attention will focus on physical adsorption. This is a 
commonly used method for the separation of gases, but is also used 
for the removal of small quantities of organic components from 
liquid streams. 

A number of different adsorbents are used for physical adsorp¬ 
tion processes. All are highly porous in nature. The main types can 
be categorized as follows: 

1) Activated carbon. Activated carbon is a form of carbon that 
has been processed to develop a solid with high internal 
porosity. Almost any carbonaceous material can be used to 
manufacture activated carbon. Coal, petroleum residue, wood 
or shells of nuts (especially coconut) can be used. The most 
common method used for the manufacture of activated carbon 
starts by forming and heating the solid up to 600 to 900 °C, 
usually in an inert atmosphere. This is followed by controlled 
oxidation (or activation ) by heating to a higher temperature (up 
to 1200 °C) in the presence of oxygen, steam or carbon 
monoxide to develop the porosity and surface activity. Other 
methods of preparation exploit chemical activation in which 
carbonaceous material is mixed with phosphoric acid, sodium 
hydroxide, zinc chloride or another agent, followed by heating 
up to 500 to 900 °C. Adsorption using activated carbon is the 
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Table 9.3 

Physical and chemical adsorption (Hougen, Watson and Ragatz, 1959). 



Physical adsorption 

Chemical adsorption 

Heat of adsorption 

Small, same order as heat of vaporization 
(condensation) 

Large, many times greater than the heat of vaporization 
(condensation) 

Rate of adsorption 

Controlled by resistance to mass transfer 

Controlled by resistance to surface reaction 


Rapid rate at low temperatures 

Low rate at low temperatures 

Specificity 

Low, entire surface availability for physical adsorption 

High, chemical adsorption limited to active sites on the surface 

Surface coverage 

Complete and extendable to multiple molecular layers 

Incomplete and limited to a layer, one molecule thick 

Activation energy 

Low 

High, corresponding to a chemical reaction 

Quantity adsorbed per unit mass 

High 

Low 


most commonly used method for the separation of organic 
vapors from gases. It is also used for liquid-phase separations. 
A common liquid-phase application is for decolorizing or 
deodorizing aqueous solutions. The activated carbon for liquid 
separations has a different pore structure from that used for 
vapors and gases. 

2) Silica gel. Silica gel is a porous amorphous form of silica 
(SiCT) and is manufactured by acid treatment of sodium silicate 
solution and then dried. The silica gel surface has an affinity for 
water and organic material. It is primarily used to dehydrate 
gases and liquids. 

3) Activated aluminas. Activated alumina is a porous form of 
aluminum oxide (A1 2 0 3 ) with a high surface area, manufac¬ 
tured by heating hydrated aluminum oxide to around 400 °C in 
air. Activated aluminas are mainly used to dry gases and liquids, 
but can be used to adsorb gases and liquids other than water. 

4) Molecular sieve zeolites. Zeolites are crystalline aluminosili¬ 
cates. They differ from the other three major adsorbents in that 
they are crystalline and the adsorption takes place inside the 
crystals. This results in a pore structure different from other 
adsorbents in that the pore sizes are more uniform. Access to the 
adsorption sites inside the crystalline structure is limited by the 
pore size, and hence zeolites can be used to absorb small 
molecules and separate them from larger molecules, as “ molec¬ 
ular sieves”. Zeolites selectively adsorb or reject molecules on 
the basis of differences in molecular size, shape and other 
properties, such as polarity. Applications include a variety of 
gaseous and liquid separations. Typical applications are the 
removal of hydrogen sulfide from natural gas, separation of 
hydrogen from other gases, removal of carbon dioxide from air 
before cryogenic processing, separation of p-xylene from 
mixed aromatic streams, separation of fructose from sugar 
mixtures, and so on. 

Data used for the design of adsorption processes are normally 
derived from experimental measurements. The capacity of an 
adsorbent to adsorb an adsorbate depends on the compound being 
adsorbed, the type and preparation of the adsorbate, inlet concen¬ 
tration, temperature and pressure. In addition, adsorption can be a 


competitive process in which different molecules can compete for 
the adsorption sites. For example, if a mixture of toluene and acetone 
vapor is being adsorbed from a gas stream on to activated carbon, 
then toluene will be adsorbed preferentially relative to acetone and 
will displace the acetone that has already been adsorbed. 

The capacity of an adsorbent to adsorb an adsorbate can be 
represented by adsorption isotherms, as shown in Figure 9.7a, or 
adsorption isobars, as shown in Figure 9.7b. The general trend can 
be seen that adsorption increases with decreasing temperature and 
increases with increasing pressure. 

Data for adsorption isotherms can often be correlated by the 
Freundlich Isotherm Equation. For adsorption from liquids, this 
takes the form: 

w = kC" (9.28) 

where w = mass of adsorbate per mass of adsorbent at 
equilibrium 
C = concentration 

k , n = constants determined experimentally 

Although Equation 9.28 is written in terms of concentration 
of a specific component, it can also be used if the identity of the 
solute is unknown. For example, adsorption is used to remove 
color from liquids. In such cases, the concentration of solute can 
be measured, for example, by a colorimeter and Equation 9.28 
expressed in terms of arbitrary units of color intensity, providing 
that the color scale varies linearly with the concentration of the 
solute responsible for the color. 

Data from the adsorption of gases and vapors are usually 
correlated in terms of volume adsorbed (at standard conditions 
of 0 °C and 1 atm pressure) and partial pressure. The adsorption can 
then be represented by: 

V = k'p n (9.29) 

where V = volume of gas or vapor adsorbed at standard 
conditions (m 3 -kg _1 ) 
p = partial pressure (Pa, bar) 
k 1 , n' = constants determined experimentally 
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Figure 9.7 

Adsorption of gases and vapors on solids. 


Volume Volume 



(a) Adsorption isotherms. 



Outlet 



(a) Fixed bed. (b) Fluidized bed. (c) Travelling bed. 

Figure 9.8 

Different contacting arrangements for adsorber design. 


This means that representing the equilibrium adsorbate mass 
(or volume) adsorbed versus concentration (or partial pressure) 
should be a straight line if plotted on logarithmic scales. Other 
theoretically based correlating equations are available for the 
adsorption of gases and vapors (Hougen, Watson and Ragatz, 
1959), but all equations have their limitations. 


Adsorption can be carried out in fixed-bed arrangements, as 
illustrated in Figure 9.8a. This is the most common arrangement. 
However, fluidized beds and traveling beds can also be used, 
as illustrated in Figure 9.8b and c. Adsorption in a fixed bed is 
nonuniform and a front moves through the bed with time, as 
illustrated in Figure 9.9. The point at which the concentration in 
the outlet begins to rise is known as breakthrough. Once break¬ 
through has occurred, or preferably before, the bed on-line must be 
taken off-line and regenerated. This can be done by having several 
beds operating in parallel, one or more on-line, with one being 
regenerated. The regeneration options are: 

1) Steam. This is the most commonly used method for recovery 
of organic material from activated carbon. Low-pressure steam 
is passed through the bed countercurrently. The steam is 
condensed along with any recovered organic material. 

2) Hot gas. Hot gas can be used when the regeneration gas is 
going to be fed to thermal oxidation. Air is normally used 
outside the flammability range (see process safety later); other¬ 
wise nitrogen can be used. 

3) Pressure swing. The desorption into a gas stream at a pressure 
lower than that for adsorption can also be used. 

4) Off-site regeneration. Off-site regeneration is used when 
regeneration is difficult or infrequent. For example, organic 
material can polymerize on the adsorbent, making it difficult 
to regenerate. If activated carbon is being used, the carbon can 


Figure 9.9 

Concentration profiles through an adsorption bed exhibit a 
moving front. 
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be regenerated by heat treating in a furnace and activating 
with steam. 

When using fixed beds, there are various arrangements used to 
switch between adsorption and regeneration. Cycles involving 
two, three and four beds are used. Clearly, the more beds that are 
used, the more complex is the cycle of switching between the beds, 
but the more effective is the overall system. 

In actual operation, the adsorption bed is not at equilibrium 
conditions. Also, there is loss of bed capacity due to: 

• heat of adsorption; 

• other components in the inlet flow competing for the adsorption 
sites, for example, moisture in an inlet gas stream competing 
for adsorption sites; 

• for gas adsorption, any moisture in the bed after regeneration 
will block the adsorption sites. 

In practice, two to three times the equilibrium capacity tends to be 
used. 
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9.4 Membranes 

Membranes act as a semi-permeable barrier between two phases to 
create a separation by controlling the rate of movement of species 
across the membrane. The separation can involve two gas (vapor) 
phases, two liquid phases or a vapor and a liquid phase. The feed 
mixture is separated into a retentate, which is the part of the feed 
that does not pass through the membrane, and a permeate , which is 
that part of the feed that passes through the membrane. The driving 
force for separation using a membrane is partial pressure in the case 
of a gas or vapor and concentration in the case of a liquid. 
Differences in partial pressure and concentration across the 
membrane are usually created by the imposition of a pressure 


Example 9.4 A gas mixture with a flowrate of 0.1 m 3 s -1 
contains 0.203 kg m -3 of benzene. The temperature is 10 °C and 
the pressure 1 atm (1.013 bar). Benzene needs to be separated to give 
a gas stream with a benzene concentration of less than 5 mg-m 3 . 
It is proposed to achieve this by adsorption using activated carbon 
in a fixed bed. The activated carbon is to be regenerated using 
superheated steam. The experimental adsorption isotherms cannot 
be adequately represented by Freundlich isotherms and, instead, 
can be correlated at 10 °C by the empirical relationship: 

In V = -0.0113(lnp) 2 +0.2071 Inp - 3.0872 (9.30) 

where V = volume of benzene adsorbed (m 3 -kg -1 ) 
p = partial pressure (Pa) 

It can be assumed that the gas mixture follows ideal gas behavior 
and that the kilogram molar mass of a gas occupies 22.4 m 3 at 
standard conditions of 0°C and 1 atm (1.013 bar). 

a) Estimate the mass of benzene that can be adsorbed per kg of 
activated carbon. 

b) Estimate the volume of activated carbon required, assuming a 
cycle time of 2 hours (minimum cycle time is usually around 1.5 
hours). Assume that the actual volume is three times the 
equilibrium volume and the bulk density of activated carbon 
is 450 kg-m -3 . 

c) The concentration of benzene in the gas stream must be less than 
5 mg-m -3 after the bed has been regenerated with steam at 200 °C 
and brought back on-line at 10 °C. What fraction of benzene 
must be recovered from the bed by the regeneration to achieve this 
if the bed is assumed to be saturated before regeneration? 

Solution 

a) Assuming ideal gas behavior, first calculate the partial pressure 
of benzene at 10 °C: 

1 283 

y = 0.203 X — X 22.4 x —— 

7 78 273 

= 0.0604 

p = yP = 0.0604 x 1.013 = 0.0612 bar 


Substitute 77 = 6120 Pa in Equation 9.30: 

In V = -0.0113(ln 6120) 2 + 0.2071 In (6120) - 3.0872 
V = 0.1176 m 3 - kg " 1 

Mass of benzene adsorbed = 0.1176 X-X 78 

22.4 

= 0.410 kg benzene • kg carbon -1 
b) Carbon required for a 2-hour cycle, assuming equilibrium 

1 


0.410 


= 0.1 x0.203 x2x3,600x 
= 356.5 kg 
Assuming a design factor of 3: 

= 1069.5 kg 

Volume of bed =--— = 2.38 m 3 

450 

c) Concentration of benzene when the regenerated bed is brought 
back on-line must be less than 5 mg-m -3 . This results from the 
partial pressure of any benzene left on the bed after regenera¬ 
tion, until there is a breakthrough from the bed. Thus, for a 
concentration of 5 mg-m -3 at 10 °C: 

1 283 

y = 5xl0 -6 x —X 22.4 x—= 1.488 xlO -6 
* 78 273 

p = 1.488 X 10 -6 X 1.013 = 1.507 x 10 -6 bar 

= 0.1507 Pa 

Volume of benzene on the bed at 10 °C is given by: 

In V = —0.0113(ln 0.1507) 2 + 0.2071(ln 0.1507) - 3.0872 
V = 0.0296 m 3 - kg -1 

Benzene recovered from the bed during regeneration, assuming 
saturation before regeneration 


0.1176-0.0296 
0.1176 


= 0.75 


During regeneration, 75% of the benzene must be recovered from 
the bed if the outlet concentration is to be 5 mg-m -3 . 
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differential across the membrane. However, the driving force for 
liquid separations can also be created by the use of a solvent on 
the permeate side of the membrane to create a concentration 
difference, or an electrical field when the solute is ionic. 

To be effective for separation, a membrane must possess high 
permeance and a high permeance ratio for the two species being 
separated. The permeance for a given species diffusing through a 
membrane of given thickness is analogous to a mass transfer 
coefficient, that is, the flowrate of that species per unit area of 
membrane per unit driving force (partial pressure or concentration). 
The flux (flowrate per unit area) of Component i across a membrane 
can be written as (Hwang and Kammermeyer, 1975; Winston and 
Sirkar, 1992; Mulder, 1996; Seader, Henley and Roper, 2011): 

p 

Nj = Pm i X (driving force) = —- x (driving force) (9.31) 

Sm 

where N t = flux of Component i 

Pm i = permeance of Component i 
P M j = permeability of Component i 
Sm = membrane thickness 

The flux, and hence the permeance and permeability, can be 
defined on the basis of volume, mass or molar flowrates. The 
accurate prediction of permeabilities is generally not possible and 
experimental values must be used. Permeability generally 
increases with increasing temperature. Taking a ratio of two 
permeabilities defines a separation factor or selectivity ay, which 
is defined as: 


Another important variable that needs to be defined is the cut or 
fraction of feed permeated 8 , which is defined as: 

F P 

e = S (9.33) 

r F 

where 8 = fraction of feed permeated 

F P = volumetric flowrate of permeate 
F f = volumetric flowrate of feed 


Membrane materials can be divided into two broad categories: 

1) Microporous. Microporous membranes are characterized by 
interconnected pores, which are small, but large in comparison 
to the size of small molecules. If the pores are of the order of 
size of the molecules for at least some of the components in 
the feed mixture, the diffusion of those components will be 
hindered, resulting in a separation. Molecules of size larger 
than the pores will be prevented from diffusing through the 
pores by virtue of a sieving effect. 

For microporous membranes, the partial pressure profiles, in 
the case of gas (vapor) systems, and concentration profiles are 
continuous from the bulk feed to the bulk permeate, as illus¬ 
trated in Figure 9.10a. Resistance to mass transfer by films 
adjacent to the upstream and downstream membrane interfaces 
create partial pressure and concentration differences between 
the bulk concentration and the concentration adjacent to the 
membrane interface. Permeability for microporous membranes 
is high but selectivity is low for small molecules. 

2) Dense. Nonporous dense solid membranes are also used. 
Separation in dense membranes occurs by components in a 
gas or liquid feed diffusing to the surface of the membrane, 
dissolving into the membrane material, diffusing through 
the solid and desorbing at the downstream interface. The 
permeability depends on both the solubility and the diffusivity 
of the permeate in the membrane material. Diffusion through 
the membrane can be slow, but highly selective. Thus, for the 
separation of small molecules, a high permeability or high 
separation factor can be achieved, but not both. This problem 
is solved by the formation of composite or asymmetric mem¬ 
branes involving a thin dense layer, called the permselective 
layer, supported on a much thicker microporous layer of 
substrate that provides support for the dense layer. A micro¬ 
porous substrate can be used on one side of the dense layer or on 
both sides of the dense layer. Supporting the dense layer on both 
sides has advantages if the flow through the membrane needs 
to be reversed for cleaning purposes. The flux rate of a species is 
controlled by the permeance of the thin permselective layer. 

The permeability of dense membranes is low because of 
the absence of pores, but the permeance of Component i in 
Equation 9.31 can be high if S M is very small, even though the 


Figure 9.10 

Partial pressure and concentration profiles across 
membranes. 



(a) Porous membrane. 


(h) Dense membrane. 
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permeability is low. Thickness of the permselective layer is 
typically in the range 0.1 to 10 pm for gas separations. The 
porous support is much thicker than this and typically more 
than 100 pm. When large differences in P M exist among 
species, both high permeance and high selectivity can be 
achieved in asymmetric membranes. 

In Figure 9.10a, it can be seen that for porous membranes, 
the partial pressure and concentration profiles vary continu¬ 
ously from the bulk feed to the bulk permeate. This is not the 
case with nonporous dense membranes, as illustrated in 
Figure 9.10b. Partial pressure or concentration of the feed 
liquid just adjacent to the upstream membrane interface is 
higher than the partial pressure or concentration at the upstream 
interface. Also, the partial pressure or concentration is higher 
just downstream of the membrane interface than in the perme¬ 
ate at the interface. The concentrations at the membrane inter¬ 
face and just adjacent to the membrane interface can be related 
according to an equilibrium partition coefficient K M i . This can 
be defined as (see Figure 9.10b): 


„ Ch C 'p-i 

K M,i ~ ~~ ~ ~ 


(9.34) 


Most membranes are manufactured from synthetic poly¬ 
mers. The application of such membranes is generally limited to 
temperatures below 100 °C and to the separation of chemically 
inert species. When operation at high temperatures is required, 
or the species are not chemically inert, microporous membranes 
can be made of ceramics and dense membranes from metals 
such as palladium. 

Four idealized flow patterns can be conceptualized for mem¬ 
branes. These are shown in Figure 9.11. In Figure 9.11a, both the 
feed and permeate sides of the membrane are well mixed. 
Figure 9.11b shows a cocurrent flow pattern in which the fluid 
on the feed or retentate side flows along and parallel to the 
upstream surface of the membrane. The permeate fluid on the 
downstream side of the membrane consists of fluid that has just 


passed through the membrane at that location plus the permeate 
flowing to that location. The cross-flow case is shown in 
Figure 9.11c. In this case, there is no flow of permeate fluid 
along die membrane surface. Finally, Figure 9.1 Id shows coun¬ 
tercurrent flow in which the feed flows along, and parallel to, the 
upstream of the membrane and the permeate fluid is the fluid that 
has just passed through the membrane at that location plus the 
permeate fluid flowing to that location in a countercurrent 
arrangement. 

For these idealized flow patterns, parametric studies show 
that, in general, for the same operating conditions, counter- 
current flow patterns yield the best separation and require the 
lowest membrane area. The next best performance is given by 
cross flow, then by cocurrent flow and the well-mixed arrange¬ 
ment shows the poorest performance. In practice, it is not 
always obvious as to which idealized flow pattern is the best 
to assume. The flow pattern not only depends on the geometry 
of the membrane arrangement but also on the permeation rate 
and, therefore, the cut fraction. The two most common practical 
arrangements are spiral wound and hollow fiber. In the spiral 
wound arrangement, flat membrane sheets separated by spacers 
for the flow of feed and permeate are wound into a spiral and 
inserted in a pressure vessel. Hollow fiber arrangements, as the 
name implies, are cylindrical membranes arranged in series in a 
pressure vessel in an arrangement similar to a shell-and-tube 
heat exchanger. The permselective layer is on the outside of the 
fibers. The feed enters the shell side and permeate passes 
through the membrane to the center of the hollow fibers. Other 
arrangements are possible, but less common. For example, 
arrangements similar to the plate-and-frame filter press illus¬ 
trated in Figure 7.10a are used for some membrane separations. 
Membrane separators are usually modular in construction, with 
many parallel units required for large-scale applications. 

With all membrane processes, the condition of the feed has a 
significant influence on the performance of the unit. This often 
means that some feed pretreatment is necessary to minimize 
fouling and the potential to damage the membrane. 
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Figure 9.11 

Idealized flow patterns in membrane separation. 
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Now consider the most important membrane separations. 

1) Gas permeation. In gas permeation applications of mem¬ 
branes, the feed is at high pressure and usually contains 
some low molar mass species (typically less than 50 kg-kmol - ) 
to be separated from higher molar mass species. The other 
side of the membrane is maintained at a low pressure, giving 
a high-pressure gradient across the membrane, typically in the 
range of 20 to 40 bar. It is also possible to separate organic 
vapor from a gas (e.g. nitrogen, hydrogen), using a membrane 
that is more permeable to the organic species than to the gas. 
Typical applications of gas permeation include: 

• separation of hydrogen from methane, 

• air separation, 

• removal of C0 2 and H 2 S from natural gas, 

• helium recovery from natural gas, 

• adjustment of H 2 to CO ratio in synthesis gas, 

• dehydration of natural gas and air, 

• removal of organic vapor from air, 

• recovery of heavier hydrocarbons (C 3 +) from methane in 
natural gas, and so on. 

The membrane is usually dense but sometimes micro- 
porous. If the external resistances to mass transfer are neglected 
inFigure9.10,then/> Fi = p' Fi andp Pj = p' pj and Equation 9.31 
can be written in terms of the volumetric flux as: 

N i = (Pfj ~ Pp,i) (9-35) 

Om 

= molar flux of Component i (kmol m _2 s _1 ) 

= permeability of Component i 
(kmol.m-s _1 -m _2 -bar _1 ) 

= membrane thickness (m) 

= partial pressure of Component i in the feed 
(bar) 

= partial pressure of Component i in the 
permeate (bar) 

Low molar mass gases and strongly polar gases have high 
permeabilities and are known as fast gases. Slow gases have 
high molar mass and symmetric molecules. The ratio of per¬ 
meabilities (separation factor) of the fast gas and slow gas 
should normally be greater than 2 for an effective membrane 
separation. Thus, membrane gas separators are effective when 
the gas to be separated is already at a high pressure and only a 
partial separation is required. A near-perfect separation is 
generally not achievable. Improved performance, overall, 
can be achieved by creating membrane networks in series, 
perhaps with recycles. Figure 9.12 illustrates some common 
examples of membrane networks. 

There are important trade-offs to be considered when 
designing a gas separation using a membrane. The cost of a 
membrane separation is dominated by the capital cost of the 
membrane, which is proportional to its area, the capital cost of 
any compression equipment required and the operating costs 
of the compression equipment. If the feed is at a low pressure. 



(a) Two-stage. 



(b) Two-stage with permeate recycle. 



(c) Two-stage with retentate recycle. 


Figure 9.12 

Examples of membrane networks. 


then its pressure will need to be increased. The low-pressure 
permeate might need to be recompressed for further processing. 
Also, if a network of membranes has been used, then compres¬ 
sors might be needed within the membrane network. 

In Equation 9.35, if a certain total molar flowrate of a 
component through the membrane is specified, then choosing 
a membrane material with a high permeability will decrease 
the required membrane area and hence the capital cost. Gas 
permeability increases with increasing temperature. Thus, 
increasing the temperature for a given flux will decrease the 
membrane area. This would suggest that the feed to membrane 
systems should be heated to reduce the area requirements. 
Unfortunately, the polymer membranes most often used in 
practice do not allow high-temperature feeds and feed tem¬ 
peratures are normally restricted to below 100 °C. It is com¬ 
mon practice to heat the feed to gas membranes to avoid the 
possibility of condensation, which can damage the mem¬ 
brane. It is also clear from Equation 9.35 that, for a given 
membrane material, the thinner the membrane and the higher 
the pressure difference across the membrane, the lower the 
area requirement for a given component flux. However, the 
trade-offs are even more complex when the relative flux of 
components through the membrane and the product purity 


where N,- 
PM.i 

<5m 

Pfj 

Ppj 
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(a) Variation of permeate purity with stage cut. 


(b) Variation of permeate purity with separation 
factor. 


Figure 9.13 

Trade-offs in membrane design for gas separation. 


are considered. Figure 9.13a shows that, as the stage cut 
increases, the purity of the permeate decreases. In other 
words, if a component is being recovered as permeate, the 
more that is recovered, the less pure will be the product that is 
recovered. This is another important degree of freedom. 
Figure 9.13b shows the variation of permeate purity with 
separation factor. As expected, the higher the separation 
factor, as defined in Equation 9.32, the higher the product 
purity. Also, in Figure 9.13b, the higher the pressure ratio 
across the membrane, the higher the permeate purity. How¬ 
ever, Figure 9.13b also shows that above a certain separation 
factor, the product purity is not greatly affected by an increase 
in the separation factor. 

For the designer, given a required separation, there are three 
major contributions to the total cost to be traded off against each 
other: 

• capital cost of the membrane unit (membrane modules and 

pressure housings); 


• capital and operating costs of compression equipment (for 
compression of feed, recompression of the permeate or 
recycling within the membrane network); 

• raw material losses. 

2) Reverse osmosis. In reverse osmosis, a solvent permeates 
through a dense asymmetric membrane that is permeable to 
the solvent but not to the solute. The solvent is usually water 
and the solutes are usually dissolved salts. The principle of 
reverse osmosis is illustrated in Figure 9.14. In Figure 9.14a, a 
solute dissolved in a solvent in a concentrated form is separated 
from the same solvent in a dilute form by a dense membrane. 
Given the difference in concentration across the membrane, a 
natural process known as osmosis occurs, in which the 
solvent permeates across the membrane to dilute the more 
concentrated solution. The osmosis continues until equilibrium 
is established, as illustrated in Figure 9.14b. At equilibrium, the 
flow of solvent in both directions is equal and a difference in 
pressure is established between the two sides of the membrane, 



Dilute 


Concentit 


lated 


(b) No flow at equilibrium. 


Pressure 



(c) Reverse osmosis. 


Figure 9.14 

Reverse osmosis. 
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the osmotic pressure. Although a separation has occurred as a 
result of the presence of the membrane, the osmosis is not 
useful because the solvent is transferred in the wrong direction, 
resulting in mixing rather than separation. However, applying a 
pressure to the concentrated solution, as shown in Figure 9.14c, 
can reverse the direction of transfer of solvent through the 
membrane. This causes the solvent to permeate through the 
membrane from a concentrated solution to the dilute solution. 
This separation process, known as reverse osmosis, can be used 
to separate a solvent from a solute-solvent mixture. 

The flux through the membrane can be written as 


Ni=— (AP-A/r) (9.36) 

Om 


where N t 
Pmj 

<5M 

A P 


solvent (water) flux through the membrane 
(kg-m -2 -s -1 ) 

solvent membrane permeability 

(kg solvent-m -1 -bar -1 -s -1 ) 

membrane thickness (m) 

pressure difference across the membranes (bar) 

difference between the osmotic pressures of 

the feed and permeate solutions (bar) 


Hence, as the pressure difference is increased, the solvent 
flow increases. The pressure difference used varies according to 
the membrane and the application, but is usually in the range 10 
to 80 bar and can also be up to 100 bar. The osmotic pressure in 
Equation 9.36 for dilute solutions can be approximated by the 
Van’t Hoff Equation: 

Ns 

n=iRT -y (9.37) 


where n = osmotic pressure (bar) 

i = number of ions formed if the solute molecule 
dissociates (e.g. for NaCl, i = 2, for BaCl 2 , 
i = 3) 

R = universal gas constant 

(0.083145 bar-m 3 -K _1 kmol _1 ) 

T = absolute temperature (K) 

N s = number of moles of solute (kmol) 

V = volume of pure solvent (m 3 ) 


A phenomenon that is particularly important in the design 
of reverse osmosis units is that of concentration polarization. 
This occurs on the feed side (concentrated side) of the reverse 
osmosis membrane. Because the solute cannot permeate 
through the membrane, the concentration of the solute in 
the liquid adjacent to the surface of the membrane is greater 
than that in the bulk of the fluid. This difference causes mass 
transfer of solute by diffusion from the membrane surface back 
to the bulk liquid. The rate of diffusion back into the bulk fluid 
depends on the mass transfer coefficient for the boundary layer 
on the feed side. Concentration polarization is the ratio of the 
solute concentration at the membrane surface to the solute 
concentration in the bulk stream. Concentration polarization 
causes the flux of solvent to decrease since the osmotic pressure 


increases as the boundary layer concentration increases and 
the overall driving force (A P — A n) decreases. 

Figure 9.15a illustrates the separation achieved by reverse 
osmosis. Reverse osmosis is now widely applied to the 
desalination of water to produce potable water. Other applica¬ 
tions include: 

• dewatering/concentrating foodstuffs, 

• concentration of blood cells, 

• treatment of industrial wastewater to remove heavy metal 
ions, 

• treatment of liquids from electroplating processes to obtain 
a metal ion concentrate and a permeate that can be used as 
rinse water, 

• separation of sulfates and bisulfates from effluents in the 
pulp and paper industry, 

• treatment of wastewater in dying processes, 

• treatment of wastewater inorganic salts, and so on. 
Reverse osmosis is particularly useful when it is necessary to 
separate ionic material from an aqueous solution. A wide range 
of ionic species is capable of being removed with an efficiency 
of 90% or greater in a single stage. Multiple stages can increase 
the separation. 

Applications of reverse osmosis are normally restricted to 
below 50 °C. When used in practice, the membranes for reverse 
osmosis must be protected by pretreatment of the feed to reduce 
membrane fouling and degradation (Hwang and Kammer- 
meyer, 1975; Winston and Sirkar, 1992; Mulder, 1996). Spiral 
wound modules should be treated to remove particles down to 
20 to 50 pm, while hollow fiber modules require particles down 
to 5 pm to be removed. If necessary, pH should be adjusted to 
avoid extremes of pH. Also, oxidizing agents such as free 
chlorine must be removed. Other pretreatments are also used 
depending on the application, such as removal of calcium and 
magnesium ions to prevent scaling of the membrane. Even with 
elaborate pretreatment, the membrane may still need to be 
cleaned regularly. 

3) Nanofiltration. Nanofiltration is a pressure-driven membrane 
process similar to reverse osmosis, using asymmetric mem¬ 
branes but ones that are more porous. It can be considered to 
be a “coarse” reverse osmosis and is used to separate covalent 
ions and larger univalent ions such as heavy metals. Small 
univalent ions (e.g. Na + , K + and Cl - ) pass through the 
membrane to a major extent. For example, a nanofiltration 
membrane might remove 50% NaCl and 90% CaSO/j. 
Nanofiltration membranes use less fine membranes (typically 
in the range 0.5 to 10 nm) than reverse osmosis and the 
pressure drop across the membrane is correspondingly lower. 
Pressure drops are usually in the range of 5 to 30 bar. Also, 
the fouling rate of nanofiltration membranes tends to be lower 
than that of reverse osmosis membranes. Figure 9.15b illus¬ 
trates the separation achieved by nanofiltration. Typical 
applications include: 

• water softening (removal of calcium and magnesium ions), 

• water pretreatment prior to ion exchange or electrodialysis, 

• removal of heavy metals to allow reuse of water. 
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(b) Nanofiltration. 
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(c) Ultrafiltration. 
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(d) Microfiltration. 


Figure 9.15 

Liquid membrane separation. (From Jevons K, 2010, The Chemical Engineer, June, Issue 828: 39—41, reproduced by permission of the Institution of Chemical 
Engineers.) 


• concentration of foodstuffs, 

• desalination of foodstuffs, and so on. 

As with reverse osmosis, feed pretreatment can be used to 
minimize membrane fouling and degradation, and regular 
cleaning is necessary. 

4) Ultrafiltration. Ultrafiltration is again a pressure-driven mem¬ 
brane process similar to reverse osmosis, using asymmetric 
membranes but ones that are significantly more porous. Parti¬ 
cles and large molecules do not pass through the membrane and 
are recovered as a concentrated solution. Solvent and small 
solute molecules pass through the membrane and are collected 
as permeate. Ultrafiltration is used to separate very fine parti¬ 
cles (typically in the range 0.01 to 0.1 pm), microorganisms and 
organic components with high molar mass. The flux through 
the membrane is described by Equation 9.36. However, the 
ultrafiltration does not retain species for which the bulk solution 
osmotic pressure is significant. Pressure drops are usually in the 
range 2 to lObar. 


Figure 9.15c illustrates the separation achieved by ultra¬ 
filtration. Typical applications of ultrafiltration are: 

• clarification of fruit juice, 

• recovery of vaccines and antibiotics from fermentation 
broths, 

• oil-water separation, 

• color removal, and so on. 

Temperatures are restricted to below 70 °C. Again, feed pre¬ 
treatment can be used to minimize membrane fouling and 
degradation, and regular cleaning is necessary. 

5) Microfiltration. Microfiltration is a pressure-driven membrane 
filtration process and has already been discussed in Chapter 7 
for the separation of heterogeneous mixtures. Microfiltration 
retains particles down to a size of around 0.05 pm. Salts and 
large molecules pass through the membrane, but particles of 
the size of bacteria and fat globules are rejected. A pressure 
difference of 1 to 5 bar is used across the membrane. 



206 Chemical Process Design and Integration 


Figure 9.15d illustrates the separation achieved by microfiltra¬ 
tion. Typical applications include: 

• clarification of fruit juice, 

• removal of bacteria from foodstuffs, 

• removal of fat from foodstuffs, and so on. 

6) Dialysis. Dialysis uses a membrane to separate species by 
virtue of their different diffusion rates in a microporous 
membrane. Both plate-and-frame and hollow fiber membrane 
arrangements are used. The feed solution, or dialysate contain¬ 
ing the solutes to be separated, flows on one side of the 
membrane. A solvent, or dijfusate stream, flows on the other 
side of the membrane. Some solvent may also diffuse across 
the membrane in the opposite direction, which reduces the 
performance by diluting the dialysate. Dialysis is used to 
separate species that differ appreciably in size and have rea¬ 
sonably large differences in diffusion rates. The driving force 
for separation is the concentration gradient across the mem¬ 
brane. Hence, dialysis is characterized by low flux rates when 
compared with other membrane processes such as reverse 
osmosis, microfiltration and ultrafiltration that depend on 
applied pressure. Dialysis is generally used when the solutions 
on both sides of the membrane are aqueous. Applications 
include recovery of sodium hydroxide, recovery of acids 
from metallurgical process liquors, purification of pharmaceut¬ 
icals and separation of foodstuffs. An important application 
of dialysis is as an artificial kidney in the biomedical field, 
where it is used for the purification of human blood. Urea, uric 
acid and other components that have elevated concentrations 
in the blood diffuse across the membrane to an aqueous 
dialyzing solution, without removing essential high molar 
mass materials and blood cells. 

7) Electrodialysis. Electrodialysis enhances the dialysis process 
with the aid of an electrical field and ion-selective membranes 
to separate ionic species from solution. It is used to separate 
an aqueous electrolyte solution into a concentrated and a dilute 
solution. Figure 9.16 illustrates the principle. The cation- 
selective membrane passes only cations (positively charged 
ions). The anion-selective membrane passes anions (negatively 
charged ions). The electrodes are chemically neutral. When a 
direct current charge is applied to the cell, the cations are 
attracted to the cathode (negatively charged) and anions are 
attracted to the anode (positively charged). Ions in the feed will 
pass through the appropriate membranes according to their 
charge, thus separating the ionic species. 

Since electrodialysis is suited only for the removal or 
concentration of ionic species, it is suited to recovery of metals 
from solution, recovery of ions from organic compounds, 
recovery of organic compounds from their salts, and so on. 



Figure 9.16 

Electrodialysis. 


8) Pervaporation. Pervaporation differs from the other mem¬ 
brane processes described so far in that the phase state on one 
side of the membrane is different from that on the other side. 
The term pervaporation is a combination of the words perm¬ 
selective and evaporation. The feed to the membrane module is 
a mixture (e.g. ethanol-water mixture) at a pressure high 
enough to maintain it in the liquid phase. The liquid mixture 
is contacted with a dense membrane. The other side of the 
membrane is maintained at a pressure at or below the dew point 
of the permeate, thus maintaining it in the vapor phase. The 
permeate side is often held under vacuum conditions. Perva¬ 
poration is potentially useful when separating mixtures that 
form azeotropes (e.g. ethanol-water mixture). One of the ways 
to change the vapor-liquid equilibrium to overcome azeotropic 
behavior is to place a membrane between the vapor and liquid 
phases. Temperatures are restricted to below 100 °C and, as 
with other liquid membrane processes, feed pretreatment and 
membrane cleaning are necessary. 

With all membrane processes, there is a potential fouling 
problem that must be addressed when specifying the unit. With 
liquid feeds in particular, this usually means pretreating the feed to 
remove solids, potentially down to very fine particle sizes, as well 
as other pretreatments. Membranes used for liquid separations 
often need regular cleaning, perhaps on a daily basis or even more 
regularly. Cleaning can be carried out by reversal of flow ( back- 
flushing ) and chemical treatment. The system used for cleaning is 
usually cleaning-in-place, whereby the membrane is taken off-line 
and connected to a cleaning circuit. However, membranes are 
easily damaged - chemically, by aggressive components, mechan¬ 
ically, in cleaning cycles and by excessive temperatures. 


Example 9.5 A gaseous purge stream from a process has a mole 
fraction of hydrogen of 0.7. The balance can be assumed to be 
methane. It is proposed to recover the hydrogen using a membrane. 
The flowrate of the purge gas is 0.2 kmol s -1 . The pressure is 20 bar 
and temperature is 30 °C. The permeate will be assumed to be 1 bar. 
Assume that the gas is well mixed on each side of the membrane and 


that there is no pressure drop along the membrane surface. The 
permeance (PmJSm) of hydrogen and methane for the membrane are 
given in Table 9.4. 

Assume that 1 kmol of gas occupies 22.4 m 3 at standard 
temperature and pressure (STP). For stage-cut fractions from 
0.1 to 0.9, calculate the purity of hydrogen in the permeate, the 
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Table 9.4 

Permeance data for Example 9.5. 



Permeance 


(m 3 STP m _2 s _1 bar -1 ) 

h 2 

3.75 x 10“ 4 

ch 4 

3.00 x!0“ 6 


and an overall balance for Component A: 

F Fy F A = F R y RA + FpypA (9-44) 

where F f = volumetric flowrate of the feed 

F r = volumetric flowrate of the retentate 
F P = volumetric flowrate of the permeate 

Equations 9.43 and 9.44 can be combined to give: 


membrane area and the fractional hydrogen recovery for a single- 
stage membrane. 

Solution If the gas is assumed to be well mixed, then on the high- 
pressure (feed-side) side of the membrane, the mole fraction is that 
of the retentate leaving the membrane. Assuming no pressure drop 
along the membrane and a binary separation, Equation 9.35 can be 
written for Component A as: 


yRA — 


y F A ~ ®ypA 

d-d) 


(9.45) 


F P 

where 0 — — 

F f 

Substituting Equation 9.45 in Equation 9.42 and rearranging 
gives: 


0 = a„ + a l y PA + a 2 y^ A (9.46) 


FpypA 
22.4 Am 


22A8m 


( p Fy RA - p py P A) 


(9.38) 


where F P 
Am 
Pm a 

5m 

Pf 

Pp 

ypA 

y R A 


volumetric flowrate of the permeate (m 3 -s ') 

membrane area (m 2 ) 

permeability of Component A 

(m 3 -m-s _1 -m _2 -bar _1 ) 

membrane thickness (m) 

pressure of feed (bar) 

pressure of permeate (bar) 

mole fraction of Component A in the permeate 

mole fraction of Component A in the retentate 


Similarly, for Component B: 


Fpyp.B 
22.4 A m 


Pm.b 

22.45 m 


( PFy Rt B ~ Ppy P ,B ) 


(9.39) 


where y PB = mole fraction of Component B in the permeate 
y R B = mole fraction of Component B in the retentate 


For a binary mixture: 

yp,B — i - ypA 

y R ,B — i~ y R A 

Substituting Equation 9.40 in Equation 9.39 gives: 

Fp{ 1 ~y P A ) Pm a n \ d 1 1 \l 

— 7 -= fra - y RA ) - p p( 1 - y P A)\ 

a m o m 


(9.40) 


(9.41) 


where a 0 = —ay FA 

n, = l - (1 - a){8 + y FA ) - 8)(l - a) 

* F 

a 2 = 0(1 — a) H—-(1 — 0)(1 — a) 

P F 


Thus, given a, 0, P P , P F and y F , Equation 9.46 can be solved to 
give y P . This can be done numerically or using the general 
analytical solution to quadratic equations (Hwang and Kammer- 
meyer, 1975; Mulder, 1996): 


y P A — 


-ft, + v/ri, — 4a2fto 


2 a 2 


(9.47) 


Once y P has been determined, A M can be determined by substi¬ 
tuting Equation 9.45 and F p = 8 F f in Equation 9.38 to obtain: 


= _ 0(1 - 8)F F y PA 5 M _ 

Pma \Pp(y F A - e ypA) ~ PpypA (! _ ^)] 

Also, the recovery can be defined as: 

R _ FpypA 
F Fy FA 

= 0 ypA 

yFA 

From the feed data at STP: 


(9.48) 


(9.49) 


Dividing Equation 9.38 by 9.41: 


ypA 
1 -y P A 


a 

y R A — 

(~ 
\Pf , 

£ 


1 

1 

Pf) 

t 1 _ ypA 


(9.42) 


, Pma 

where a =- 

Pm,b 

The value of is usually unknown, but it can be eliminated 
from Equation 9.42 by making an overall balance: 


F f = F r + F P 


(9.43) 


Fp = 0.2 x 22.4 
= 4.48 m 3 ■ s~‘ 

Values of 0 can now be substituted in Equations 9.46, 9.48 and 9.49 
to obtain the results in Table 9.5. 

The values of y PA , A M and R are plotted against 0 in Figure 9.17. It 
should be noted from Figure 9.17 that as the stage cut increases, the 
permeate concentration approaches that of the inlet gas. Also, as the 
stage cut increases the membrane area requirements rise steeply 
above 0 = 0.6. The choice of stage cut to be adopted for the design is a 
trade-off between the required purity, required recovery and mem¬ 
brane area, but is most likely to be less than 0.6 in this case. 


9 
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Table 9.5 

Results for a range of values of stage cut for Example 9.5. 


0 

a o 

«i 

«2 

.V/M 

Am 

R 

0.1 

-87.5 

105.8 

-18.0 

0.996 

96.3 

0.142 

0.2 

-87.5 

117.6 

-29.8 

0.995 

206.1 

0.284 

0.3 

-87.5 

129.3 

-41.5 

0.994 

339.4 

0.426 

0.4 

-87.5 

141.1 

-53.3 

0.991 

519.3 

0.567 

0.5 

-87.5 

152.9 

-65.1 

0.987 

811.4 

0.705 

0.6 

-87.5 

164.7 

-76.9 

0.976 

1479.6 

0.837 

0.7 

-87.5 

176.5 

-88.7 

0.937 

3890.6 

0.937 

0.8 

-87.5 

188.2 

-100.4 

0.854 

9626.3 

0.976 

0.9 

-87.5 

200.0 

-112.2 

0.771 

16653.9 

0.991 





(a) Permeate purity. (b) Membrane area. (c) Recovery. 

Figure 9.17 

Trade-offs for permeate concentration, membrane area and hydrogen recovery for Example 9.5. 


Example 9.5 illustrates the trade-offs for gas permeation. The 
feed was assumed to be a binary mixture, which simplifies the 
calculations. For multicomponent mixtures, the same basic equa¬ 
tions can be written for each component and solved simultaneously 
(Hwang and Kammermeyer, 1975). The approach is basically the 
same, but numerically more complex. 

It was also assumed that the gas on both sides of the membrane 
was well mixed. Again, this simplifies the calculations. In practice, 
cross-flow is more likely to represent the actual flow pattern. This is 
again more numerically complex as the separation varies along the 
membrane. The assumption of well-mixed feed and permeate will 
tend to overestimate the membrane area requirements. To perform 
the calculations assuming cross-flow, the model illustrated in 
Figure 9.18 can be used. If the simplifying assumptions are 
made that the pressure drop across the membrane is fixed, that 


there is no pressure drop along the membrane and that the 
selectivity is fixed, the equations can be solved either analytically 
or numerically. A simple numerical approach is to assume that the 
membrane area is divided into incremental areas, as illustrated in 
Figure 9.18. Each incremental area can be modeled by the well- 
mixed model developed in Example 9.5. The calculation starts 
from the feed side of the membrane for the first incremental area. A 
value of the stage cut 8 needs to be assumed for the first incremental 
area. This allows y PA to be calculated from Equation 9.47 and 
the incremental area dA M to be calculated from Equation 9.48. The 
retentate concentration y RA can then be calculated from 
Equation 9.45. The flow through the membrane dF P can be 
calculated from the stage cut 8, and, hence, F R from a balance 
around the incremental area. For the next incremental area across 
the membrane, the feed flowrate is F R from the first increment and 
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Figure 9.18 

Cross-flow model for membranes. 
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the feed concentration is the retentate concentration from the first 
increment, which is y RA . The well-mixed model is then applied to 
the next incremental area, and so on, across the membrane. To 
ensure that the numerical approach is accurate, the assumed stage 
cut must be small enough to allow the well-mixed model for the 
incremental area to be representative of cross-flow. The procedure 


is carried on across the membrane until the recovery or product 
purity meets the required specification. Alternatively, if the size of 
the membrane module is known, the integration across the mem¬ 
brane is continued until the calculated membrane area equals the 
specified area. The equations for cross-flow can also be solved 
analytically (Hwang and Kammermeyer, 1975). 


Example 9.6 Reverse osmosis is to be used to separate sodium 
chloride (NaCl) from water to produce 45m 3 h -1 of water with a 
concentration of less than 250 ppm NaCl. The initial concentration of 
the feed is 5000 ppm. A membrane is available for which the 
following test results have been reported: 


Feed concentration 
Pressure difference 
Temperature 
Solute rejection 
Flux 


2000 ppm NaCl 
16 bar 
25 °C 
99% 

10.7 x 10 -6 m 3 -m -2 s -1 


where F f 
Fr 
F P 
C F 
C R 
Cp 


flowrate of feed (m 3 s -1 ) 
flowrate of retentate (m 3 s -1 ) 
flowrate of permeate (m 3 s -1 ) 
concentration of feed (kgm -3 ) 
concentration of retentate (kg m -3 ) 
concentration of permeate (kg m -3 ) 


Combining Equations 9.50 and 9.51 with the definition of the cut 
fraction, 0 = F p /F f , after rearranging gives: 


C F = C R { 1 - 9) + C P 8 


(9.52) 


The following assumptions can be made: 

• Feed and permeate sides of the membrane are both well mixed. 

• Solute rejection is constant for different feeds. 

• There is no pressure drop along the membrane surfaces. 

• Test conditions are such that the cut fraction of water recovered is 
low enough for the retentate concentration to be equal to the feed 
concentration. 

• Solute concentrations are low enough for the osmotic pressure 
to be represented by the Van’t Hoff Equation 
(R = 0.083145 barm 3 K -1 kmol -1 ). 

• Density of all solutions is 997 kg m -3 and molar mass of NaCl 
is 58.5. 

For a pressure difference of 40 bar across the membrane, estimate 
the permeate and retentate concentrations and membrane area for cut 
fractions ranging from 0.1 to 0.5. 


The solute rejection is defined as the ratio of the concentration 
difference across the membrane to the bulk concentration on the 
feed-side of the membrane. If it is assumed that both sides are well- 
mixed: 

Cr — C p 

SR = (9.53) 

Cr 


where SR = solution rejection (—) 

Combining Equations 9.52 and 9.53 gives: 


C - ° 

R 1 -8 SR 

Cf(1 - SR) 
P 1 - 8 ■ SR 


(9.54) 

(9.55) 


First, calculate the osmotic pressure on each side of the membrane 
under test conditions: 


Solution Start by writing an overall balance and a balance for the 
solute: 


Ff = Fr + F P (9.50) 

C f F f = C r Fr + C p Fp (9.51) 


C R = 2000 ppm 


= 0.002 kg solute kg solution 1 

0.002, , , , _i 

=-kg solute kg solvent 

0.998 B 5 
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N r 0.002 1 

V~ R ~ 0.998 X 5825 X 

= 0.0342 kmol solute m 3 solvent -1 
Nr 


k r = i RT 


Vr 


= 2x0.083145 x298x0.342 
= 1.69 bar 


Similarly for the permeate side: 


up = 0.0169 bar 
A n = 1.69-0.0169 
= 1.68 bar 
- _ 10.7 x 10“ 6 
Pm ~ (16-1.68) 

= 7.470 X 10 -7 m 3 bar -1 m -2 -s -1 


For 0 = 0.1: 


5000 

R ~ 1 -0.1 x 0.99 
= 5549 ppm 
5000(1 - 0.99) 
P ~ 1 -0.1 x 0.99 
= 55.5 ppm 
kr = 4.71 bar 


np 


Am 


0.047 bar 

Qp 

Pm(NP — A k) 

0.0125 

7.470 x 10“ 7 (40 - 4.71 + 0.047) 
473.5 m 2 


The required permeate flux is: 


F P = 45 m 3 -h -1 
= 0.0125 m 3 s -1 


Table 9.6 gives the results of these calculations for other values 
of G. 

These trends are plotted in Figure 9.19. It can be seen that as 6 
increases, Q F decreases and C R , C P and A M all increase. 



0 

(a) Feed flowrate. 



e 

(c) Permeate concentration. 



6 

(b) Retentate concentration. 


K 540 1 
530 - 
520 - 
510 - 
500 - 
490 - 
480 - 
470 - 

0 0 1 0.2 0.3 0 4 0.5 

G 

(d) Membrane area. 



Figure 9.19 

Trade-offs for stage cut, retentate concentration, permeate concentration and membrane area for the reverse osmosis separation in Example 9.6. 
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Table 9.6 

Results for a range of values of stage cut for Example 9.6. 


8 

F f (m 3 h _1 ) 

C R (ppm) 

C P (ppm) 

A m (m 2 ) 

0.1 

450 

5549 

55.5 

473.5 

0.2 

225 

6234 

62.3 

481.5 

0.3 

150 

7112 

71.1 

492.0 

0.4 

112.5 

8278 

82.8 

506.8 

0.5 

90 

9901 

99.0 

528.9 


A number of points need to be noted regarding these calculations: 

1) The basic assumption of well-mixed fluid on the feed side of 
the membrane does not reflect the flow patterns for the configu¬ 
rations used in practice. The assumption simplifies the calcula¬ 
tions and allows the basic trends to be demonstrated. Cross-flow 
is a better reflection of practical configurations. The well-mixed 
assumption is only reasonable for low concentrations and low 
values of 8. As a comparison, seawater desalination involves 
a feed with a concentration of the order of 35,000ppm. 

2) The membrane test data assumed that the value of 8 was effect¬ 
ively zero. In practice, measurements are usually taken at low 


values of 8 and the solute recovery is based on the average of 
the feed and retentate concentrations. 

3) The basic assumption was made that the solute recovery was 
constant and independent of both the feed concentration and 8. 
This is only a reasonable assumption for high values of solute 
recovery where the flux of solute is inherently very low. 

4 ) The volume of the equipment for a given area requirement 
depends on the chosen membrane configuration. For example, 
spiral wound membranes have a typical packing density of 
around 800 m 2 m -3 , whereas the packing density for hollow 
fiber membranes is much higher, at around 6000 m 2 m -3 . 


9.5 Crystallization 

Crystallization involves formation of a solid product from a 
homogeneous liquid mixture. Often, crystallization is required 
as the product is in solid form. The reverse process of crystalliza¬ 
tion is dispersion of a solid in a solvent , termed dissolution. 
The dispersed solid that goes into solution is the solute. As 
dissolution proceeds, the concentration of the solute increases. 
Given enough time at fixed conditions, the solute will eventually 
dissolve up to a maximum solubility where the rate of dissolution 
equals the rate of crystallization. Under these conditions, the 
solution is saturated with solute and is incapable of dissolving 
further solute under equilibrium conditions. 

Figure 9.20a shows the solubility of a typical binary system 
of two Components A and B. The Line CED in Figure 9.20a 
represents the conditions of concentration and temperature that 
correspond to a saturated solution. If a mixture along the Line CE 
is cooled, then crystals of pure B are formed, leaving a residual 
solution. This continues along Line CE until Point E is reached, 
which is the eutectic point. At the eutectic point, both components 
crystallize and further separation is not possible. If a mixture 
along the Line DE is cooled, then crystals of pure A are formed, 
leaving a residual solution. Again, this continues along Line DE 
until Point E is reached, the eutectic point, and further separation is 
not possible. Point C in Figure 9.20a is the melting point of pure B 
and Point D is the melting point of pure A. Below the eutectic 
temperature, a solid mixture of A and B forms. Examples of binary 
mixtures that exhibit the kind of behavior illustrated in 


Figure 9.20a are benzene-naphthalene and acetic acid-water. 
Not all binary systems follow the behavior shown in Figure 
9.20a. There are other forms of behavior, some of which resemble 
vapor-liquid equilibrium behavior. Solid-liquid equilibrium can 
be predicted by thermodynamic methods. The equilibrium behav¬ 
ior can be extremely complex, especially when more than two 
components are involved (Walas, 1985). 

Complexity is increased by polymorphism in which solid mate¬ 
rial can exist in more than one form or crystal structure. For example, 
glycine (an amino acid commonly found in proteins) is able to form 
monoclinic and hexagonal crystals. Different polymorphs, although 
possessing the same chemical composition, may have very different 
properties. Polymorphism is important in the development of phar¬ 
maceutical ingredients, as many drugs receive regulatory approval 
for only a single crystal form or polymorph. Some solutes can form 
compounds with their solvents. Such compounds with definite 
proportions between solutes and solvents are termed solvates. If 
the solvent is water, the compounds formed are termed hydrates. 

Figure 9.20b shows the equilibrium solubility of various salts in 
water. Usually, the solubility increases as temperature increases. 
The solubility of copper sulfate increases significantly with increas¬ 
ing temperature. The solubility of sodium chloride increases with 
increasing temperature, but the effect of temperature on solubility is 
small. The solubility of sodium sulfate decreases with increasing 
temperature. Such reverse solubility behavior is unusual. 

In general, solubility is mainly a function of temperature, 
generally increasing with increasing temperature. Pressure has a 
negligible effect on solubility. 
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(a) Binary phase diagram for an A-B mixture 
(A = acetic acid, B = water in this example). 


(b) Solubility of various salts in water. 


Figure 9.20 

Equilibrium solubility of solutes versus temperature. 


It might be expected that if a solute is dissolved in a solvent at a 
fixed temperature until the solution achieves saturation and any 
excess solute is removed and the saturated solution is then cooled, 
the solute would immediately start to crystallize from solution. 
However, solutions can often contain more solute than is present at 
saturation. Such supersaturated solutions are thermodynamically 
metastable and can remain unaltered indefinitely. This is because 
crystallization first involves nucleus formation or nucleation and 
then crystal growth around the nucleus. If the solution is free of all 
solid particles, foreign or of the crystallizing substance, then 
nucleus formation must first occur before crystal growth starts. 
Primary nucleation occurs in the absence of suspended product 


crystals. Homogeneous primary nucleation occurs when mole¬ 
cules of solute come together to form clusters in an ordered 
arrangement in the absence of impurities or foreign particles. 
The growing clusters become crystals as further solute is trans¬ 
ferred from solution. As the solution becomes more supersaturated, 
more nuclei are formed. This is illustrated in Figure 9.21. The 
curve AB in Figure 9.21 represents the equilibrium solubility 
curve. Starting at Point a in the unsaturated region and cooling 
the solution without any loss of solvent, the equilibrium solubility 
curve is crossed horizontally into the metastable region. Crystalli¬ 
zation will not start until it has been subcooled to Point c on the 
supersolubility curve. Crystallization begins at Point c, continues 


Figure 9.21 

Supersaturation in crystallization processes. 
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to Point d in the labile region and onwards. The curve CD, called 
the supersolubility cur\’e, represents where nucleus formation 
appears spontaneously and, hence, where crystallization can start. 
The supersolubility curve is more correctly thought of as a region 
where the nucleation rate increases rapidly, rather than a sharp 
boundary. Primary nucleation can also occur heterogeneously on 
solid surfaces such as foreign particles. 

Figure 9.21 also shows another way to create supersaturation 
instead of reducing the temperature. Starting again at Point a in the 
unsaturated region, the temperature is kept constant and the 
concentration is increased by removing the solvent (for example, 
by evaporation). The equilibrium solubility curve is now crossed 
vertically at Point e and the metastable region is entered. Crystal¬ 
lization is initiated at Point/and continues to Point g in the labile 
region and onwards. 

Secondary nucleation requires the presence of crystalline prod¬ 
uct. Nuclei can be formed through attrition either between crystals 
or between crystals and solid walls. Such attrition can be created 
either by agitation or by pumping. The greater the intensity of 
agitation, the greater the rate of nucleation. Referring back to 
Figure 9.21, the equilibrium solubility curve AB is unaffected by 
the intensity of agitation. However, the supersolubility curve CD 
moves closer to the equilibrium solubility curve AB as the 
intensity of agitation becomes greater. Another way to create 
secondary nucleation is by adding seed crystals to start crystal 
growth in the supersaturated solution. These seeds should be a 
pure product. As solids build up in the crystallization, the source 
of new nuclei is often a combination of primary and secondary 
nucleation, although secondary nucleation is normally the main 
source of nuclei. Secondary nucleation is likely to vary with 
position in the crystallization vessel, depending on the geometry 
and the method of agitation. 

Crystal growth can be expressed in a number of ways, such as 
the change in a characteristic dimension or the rate of change of 
mass of a crystal. The different measures are related through crystal 
geometry. The growth is measured as the increase in length in the 
linear dimension of the crystals. This increase in length is for 
geometrically corresponding distances on the crystals. 

The size of the crystals and the size distribution of the final 
crystals are both important in determining the quality of the 
product. Generally, it is desirable to produce large crystals. Large 
crystals are much easier to wash and filter and therefore allow a 
purer final product to be achieved. Because of this, when operating 
a crystallizer, operation in the labile region is generally avoided. 
Operation in the labile region, where primary nucleation mecha¬ 
nisms will dominate, will produce a large number of fine crystals. 
The two phenomena of nucleation and crystal growth compete for 
the crystallizing solute. 

In addition to crystal size and size distribution, the shape of 
the crystal product might also be important. The term crystal habit 
is used to describe the development of faces of the crystal. For 
example, sodium chloride crystallizes from aqueous solution with 
cubic faces. On the other hand, if sodium chloride is crystallized 
from an aqueous solution containing a small amount of urea, the 
crystals will have octahedral faces. Both crystals differ in habit. 

The choice of crystallizer for a given separation will depend 
on the method used to bring about supersaturation. Batch and 


continuous crystallizers can be used. Continuous crystallizers are 
generally preferred, but special circumstances often dictate the use 
of batch operation, as will be discussed further in Chapter 16. The 
methods used to bring about supersaturation can be classified as: 

1) Cooling a solution through indirect heat exchange. This is 
most effective when the solubility of the solute decreases 
significantly with temperature. Rapid cooling will cause the 
crystallization to enter the labile region. Controlled cooling, 
perhaps with seeding, can be used to keep the process in the 
metastable region. Care must be taken to prevent fouling of 
the cooling surfaces by maintaining a low temperature differ¬ 
ence between the process and the coolant. Scraped surface heat 
exchange equipment might be necessary. 

2) Evaporation of the solvent can be used to generate super¬ 
saturation. This can be used if the solute has a weak dependency 
of solubility on temperature. 

3) Vacuum can be used to assist evaporation of the solvent and 
reduce the temperature of the operation. One arrangement is 
for the hot solution to be introduced into a vacuum, where the 
solvent evaporates and cools the solution as a result of the 
evaporation. 

4) Salting or knock-out or drown-out involves adding an extra¬ 
neous substance, sometimes call a nonsolvent, which induces 
crystallization. The nonsolvent must be miscible with the 
solvent and must change the solubility of the solute in the 
solvent. The nonsolvent will usually have a polarity different 
from that of the solvent. For example, if the solvent is water, 
the nonsolvent might be acetone, or if the solvent is ethanol, 
the nonsolvent might be water. This method has the advantage 
that fouling of heat exchange surfaces is minimized. On the 
other hand, an additional (extraneous) component is intro¬ 
duced into the system that must be separated and recycled. 

5) Reaction can create metastable conditions directly. This is an 
attractive option when the reaction to produce the desired 
product and the separation can be carried out simultaneously. 

6) pH switch can be used to adjust the solubility of sparingly 
soluble salts in aqueous solution. 

Given these various methods of creating supersaturation, which 
is preferred? 

• Reaction is preferable if the situation permits. It requires low 
solubility of the solute formed, but can produce tiny crystals if 
the solubility is too low. 

• Cooling crystallization is also preferred. Here, there are options. 
The mixture can be crystallized directly in melt crystallization 
or a solvent can be used in solution crystallization. If crystal¬ 
lization is carried out without an extraneous solvent in melt 
crystallization, then a high temperature might be needed for the 
mixture to melt in order to carry out the separation. A high 
temperature might lead to product decomposition. If this is the 
case, there might be no choice other than to use an extraneous 
solvent. It might also be the case that a solvent is forced on the 
design. For example, a prior step, such as reaction, might 
require a certain solvent, and crystallization must be carried out 
from this solvent. Otherwise, there might be freedom to choose 
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the solvent. The initial criteria for the choice of solvent will be 
related to the solubility characteristics of the solute in the 
solvent. A solvent is preferred that exhibits a high solubility at 
high temperature but a low solubility at low temperature. In 
other words, it should have a steep solubility curve. The reason 
is that it is desirable to use as little solvent as possible, and 
hence high solubility at high temperature is required, but it is 
necessary to recover as much solute as possible, and hence low 
solubility at low temperature is desirable. In the pursuit of a 
suitable solvent, a pure solvent or a mixed solvent might be 
used. In addition to the solvent having suitable solubility 
characteristics, it should preferably have low toxicity, low 
flammability, low environmental impact, low cost, it should be 
easily recovered and recycled and have ease of handling, such 
as suitable viscosity characteristics. 

• pH switch is preferred if water can be used as the solvent and 
if the solute has a solubility in water that is sensitive to changes 
in pH. 

• Evaporative crystallization is not preferred if the product needs 
to be of high purity. In addition to evaporation concentrating 
the solute, it also concentrates impurities. Such impurities 
might form crystals to contaminate the product or might be 
present in the residual liquid occluded within the solid product. 

• Knock-out or drown-out is generally not preferred as it 
involves adding a further extraneous material to the process. 
If it is to be successful, it requires a steep solubility curve 
versus the fraction of nonsolvent added. 

Although the crystals are likely to be pure, the mass of crystals 
will retain some liquid when the solid crystals are separated from 
the residual liquid. If the adhering liquid is dried on the crystals, 
this will contaminate the product. In practice, the crystals will be 
separated from the residual liquid by filtration or centrifuging. 
Large uniform crystals separated from a low-viscosity liquid will 
retain the smallest proportion of liquid. Nonuniform crystals 
separated from a viscous liquid will retain a higher proportion 
of liquid. It is common practice to wash the crystals in the filter or 
centrifuge. This might be with fresh solvent or, in the case of melt 
crystallization, with a portion of melted product. 


Example 9.7 A solution of sucrose in water is to be separated 
by crystallization in a continuous operation. The solubility of 
sucrose in water can be represented by the expression: 

C* = 1.524 x 10“ 4 r 2 + 8.729 x l(T 3 r + 1.795 (9.56) 

where C* = solubility at the operating temperature 
(kg sucrose kg H 2 0 _1 ) 

T = temperature (°C) 

The feed to the crystallizer is saturated at 60 °C (C* = 2.867 kg 
sucrosekgH 2 0 -1 ). Compare cooling and evaporative crystalliza¬ 
tion for the separation of sucrose from water. 

a) For cooling crystallization, calculate the yield of sucrose 
crystals as a function of the temperature of the operation for 
the crystallizer. 


b) For evaporative crystallization, calculate the energy 
requirement as a function of crystal yield. 

Solution 

a) First, it is necessaty to define the yield. Since there is no change 
in the volume of water, the yield can be defined as: 

Yield = C '" ~ Coul x 100(%) (9.57) 

'-'in 

The operating conditions in the crystallizer will be under 
supersaturated conditions. Calculation of the supersolubility 
curve is possible, but complex. The crystallizer will be designed 
to operate under supersaturated conditions in the metastable 
region. The degree of supersaturation is an important degree 
of freedom in the crystallizer design. Detailed design is required 
to define this with any certainty. Therefore, the yield will 
be defined here assuming the outlet concentration to be 
saturated. Then assuming a temperature, the outlet concentra¬ 
tion can be calculated from Equation 9.56 and the yield from 
Equation 9.57. The results are presented in Table 9.7. 

Table 9.7 shows that the temperature must be decreased to 
low values to obtain a reasonable yield from the crystallization 
process. It should also be noted that cooling to 40 °C should 
be possible against cooling water, and perhaps even down to 
30 °C. Any cooler than this and refrigeration of some kind is 
required. This increases the cost of the cooling significantly. 

b) A mass balance on the solvent gives: 

Fin=F ou ,+F v (9.58) 

where F in = inlet flowrate of liquid solvent 
Font = outlet flowrate of liquid solvent 
F v = flowrate of vaporized solvent 

A mass balance on the solute gives: 

CinF i n — CoutFout + m out F out (9.59) 

where C,„ = inlet solute concentration 
C out = outlet solute concentration 
m out = mass of crystals leaving the crystallizer 

Table 9.7 

Yield versus temperature for Example 9.7. 


Temperature (°C) 

Yield (%) 

60 

0.0 

50 

8.9 

40 

16.7 

30 

23.5 

20 

29.7 

to 

33.8 

5 

35.7 
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Yield = 


WloutF out 

Ci n F in 

CinF in CoutF out 

Cin F in 

Ci„Fj„ - C 0 ut{Fi n - Fy) 

CinFin 


_ I Cout ^ Cout F v 

Cin Cin F i n 


(9.60) 


Equation 9.60 indicates that as the rate of evaporation F v 
increases, the yield increases. However, the energy input 
must also increase. If the simplifying assumption is made 
that the outlet concentration is the saturated equilibrium con¬ 
centration C* at 60 °C, then: 


and from Equation 9.60: 

Yield = — 

Fin 

Thus, if 10% of the solvent is vaporized, this will lead to a yield 
of 10%, and so on. Energy input is required to vaporize the 
solvent at 60 °C. The latent heat of water is 2350kJ-kg _1 . 
The product of the mass of evaporation and latent heat gives 
the energy input: 


Energy input = 2350 F v 


9.6 Evaporation 

Evaporation separates a volatile solvent from a solid. Single-stage 
evaporators tend to be used only when the capacity needed is small. 
For larger capacity, it is more usual to employ multistage systems 
that recover and reuse the latent heat of the vaporized material. 
Three different arrangements for a three-stage evaporator are 
illustrated in Figure 9.22. 

1) Forward-feed operation is shown in Figure 9.22a. The fresh 
feed is added to the first stage and flows to the next stage in 
the same direction as the vapor flow. The boiling temperature 
decreases from stage to stage, and this arrangement is thus 
used when the concentrated product is subject to decomposi¬ 
tion at higher temperatures. It also has the advantage that it is 
possible to design the system without pumps to transfer the 
solutions from one stage to the next. 

2) Backward-feed operation is shown in Figure 9.22b. Here, the 
fresh feed enters the last and coldest stage and leaves the first 
stage as concentrated product. This method is used when the 
concentrated product is highly viscous. The high temperatures 
in the early stages reduce viscosity and give higher heat transfer 
coefficients. Because the solutions flow against the pressure 
gradient between stages, pumps must be used to transfer 
solutions between stages. 


3) Parallel-feed operation is illustrated in Figure 9.22c. Fresh feed 
is added to each stage and product is withdrawn from each 
stage. The vapor from each stage is still used to heat the next 
stage. This arrangement is used mainly when the feed is almost 
saturated, particularly when solid crystals are the product. 

Many other mixed-feed arrangements are possible, which com¬ 
bine the individual advantages of each type of arrangement. 
Figure 9.23 shows a three-stage evaporator in temperature- 
enthalpy terms, assuming that inlet and outlet solutions are at 
saturated conditions and that all evaporation and condensation 
duties are at constant temperature. 

The three principal degrees of freedom in the design of stand¬ 
alone evaporators are: 

1) Temperature levels can be changed by manipulating the oper¬ 
ating pressure. Figure 9.23a shows the effect of a decrease in 
pressure. 

2) The temperature difference between stages can be manipulated 
by changing the heat transfer area. Figure 9.23b shows the 
effect of a decrease in heat transfer area. 

3) The heat flow through the system can be manipulated by 
changing the number of stages. Figure 9.23c shows the effect 
of an increase from three to six stages. 

Given these degrees of freedom, how can an initialization be 
made for the design? The most significant degree of freedom is the 
choice of number of stages. If the evaporator is operated using a hot 
and cold utility, as the number of stages is increased a trade-off 
might be expected, as shown in Figure 9.24. Here, starting with a 
single stage, it has a low capital cost but requires a large energy 
cost. Increasing the stages to two decreases the energy cost in return 
for a small increase in capital cost, and the total cost decreases. 
However, as the stages are increased, the increase in capital cost at 
some point no longer compensates for the corresponding decrease 
in energy cost, and the total cost increases. Hence, there is an 
optimal number of stages. However, no attempt should be made to 
carry out this optimization in the early stages of a design, since the 
design is almost certain to change significantly when heat integra¬ 
tion is considered later. 

Another commonly used arrangement is to operate a heat 
pump across the evaporator. This recovers the heat from the vapor 
leaving the evaporator by increasing its temperature through 
compression and then using this compressed vapor as heat input 
for the evaporation. Heat pumps will be discussed in more detail 
later. Choosing heat pumping is also inappropriate in the early 
stages of a design, since this decision should only be made in the 
context of the full heat integration problem later in the design. 

All that can be done is to make a reasonable initial assessment 
of the number of stages. Having made a decision for the number 
of stages, the heat flow through the system is temporarily fixed so 
that the design can proceed. Generally, the maximum temperature 
in evaporators is set by product decomposition and fouling. 
Therefore, the highest-pressure stage is operated at a pressure 
low enough to be below this maximum temperature. The pressure 
of the lowest-pressure stage is normally chosen to allow heat 
rejection to cooling water or air cooling. If decomposition and 
fouling are not a problem, then the stage pressures should be 
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Figure 9.22 

Three possible arrangements for a three-stage evaporator. 



(u) Forward feed operation. 



Condensate Condensate Condensate 


(b) Backward feed operation. 



(e) Parallel feed operation. 


Figure 9.23 

The principal degrees-of-freedom 
in evaporator design. 
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Total Cost a 



1 - 1 - 1 - 1 - 1 - 1 —► 

0 1 2 3 4 5 

Number of Stages 

Figure 9.24 

Variation of total cost with number of stages indicates that three stages is 
the optimum number for a stand-alone system in this case. 


chosen such that the highest-pressure stage is below steam 
temperature and the lowest-pressure stage is above cooling water 
or air-cooling temperature. 

For a given number of stages, if: 

• all heat transfer coefficients are equal, 

• all evaporation and condensation duties are at constant 
temperature, 

• boiling point rise of the evaporating mixture is negligible, 

• latent heat is constant through the system, 

then the minimum capital cost is given when all temperature 
differences are equal (Smith and Jones, 1990). If evaporator 
pressure is not limited by the steam temperature but by product 
decomposition and fouling, then the temperature differences 
should be spread out equally between the upper practical temper¬ 
ature limit and the cold utility. This is usually a good enough 
initialization for most purposes, given that the design might change 
drastically later when heat integration is considered. 

Another factor that can be important in the design of evapo¬ 
rators is the condition of the feed. If the feed is cold, then the 
backward-feed arrangement has the advantage that a smaller 
amount of liquid must be heated to the higher temperatures of 
the second and first stages. However, factors such as this should not 
be allowed to dictate design options at the early stages of flowsheet 
design because preheating the cold feed by heat integration with 
the rest of the process might be possible. 

If the evaporator design is considered against a background 
process and heat integration with the background process is 
possible, then very different designs can emerge. When making 


an initial choice of separator, a simple, low-capital-cost design of 
evaporator should be chosen. 

9.7 Separation of 
Homogeneous Fluid 
Mixtures by Other 
Methods - Summary 

A common alternative to distillation for the separation of low 
molar mass materials is absorption. Liquid flowrate, temperature 
and pressure are important variables to be set, but no attempt 
should be made to carry out any optimization in the early stages 
of a design. 

Adsoption can be effective for the separation of gases and 
vapor. Generally, physical adsorption increases with decreasing 
temperature and increases with increasing pressure. The adsorption 
bed requires periodic regeneration. 

Membranes can be effective both for the separation of gasses 
and vapor and for the separation of liquids. If the ratio of the 
permeabilities of two gases through a semi-permeable membrane 
is significantly greater than 2, then a gas membrane separation 
can be effective. However, a high pressure drop across the 
membrane is often required. Membrane processes can also be 
used for liquid separations. Pressure drop across the membrane is 
the usual driving force for the separation. The required pressure 
drop varies significantly, depending on the nature of the separation. 

As with distillation, when evaporators are chosen, no attempt 
should be made to carry out any optimization of individual 
operations in the early stages of a design. 

When choosing a separation technique (absorption, stripping, 
liquid-liquid extraction, etc.), the use of extraneous mass-separat¬ 
ing agents should be avoided for the following reasons: 

• The introduction of extraneous material can create new problems 
in achieving product purity specifications throughout the process. 

• It is often difficult to separate and recycle extraneous material 
with high efficiency. Any material not recycled can become 
an environmental problem. As will be discussed later, the best 
way to deal with effluent problems is not to create them in the 
first place. 

• Extraneous material can create additional safety and storage 
problems. 

Occasionally, a component that already exists in the process 
can be used as the mass separation agent, thus avoiding the 
introduction of extraneous material. However, clearly in many 
instances, practical difficulties and excessive cost might force the 
use of extraneous material. 

9.8 Exercises 

1. A gas stream with a flowrate of 8 N m 3 -s 1 contains 0.1% S0 2 
by volume. It is necessary to remove 95% of the S0 2 by 
absorption in water at 10°Cand 1.01 bar. Henry’s Law constant 
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for S0 2 in water at 10 °C is 22.3 bar. It can be assumed that the 
liquid and vapor flowrates are unchanged through the column 
as a result of the absorption, the gas behavior is ideal and the 
molar mass in kilograms occupies 22.4 nr. For a concentration 
of water at the exit of the absorber to be 70% of equilibrium, 
calculate: 

a) How much water will be required? 

b) How many theoretical stages will be required in the 
absorber? 

c) How might the absorption process be enhanced? 

2. A process produces 5 t-h -1 of aqueous waste containing 25% 
by mass acetic acid. The acetic acid is to be recovered by 
extraction with 10 t-h -1 pure isopropyl ether. Equilibrium data 
are given in Table 9.1. The relationship between the concen¬ 
tration of acetic acid in the extract ( x E ) to that in the raffinate 
(. x R ) can be represented by: 

x E = 0.3098.4 + 0.104.4 + 0.3007^ - 0.0006 (9.61) 

Assuming that a single stage mixer settler unit is used for the 
extraction, and this achieves equilibrium: 

a) Sketch the flowsheet. 

b) If the mutual solubility is neglected, calculate the fractional 
recovery of acetic acid in the extract. 

c) Repeat the calculation accounting for the mutual solubility 
to calculate the fractional recovery of acetic acid in the 
extract. 

3. For the same process in Exercise 2 above, the process waste is 
to be extracted with the same flowrate of pure isopropyl ether 
but in a three-stage mixer settler arrangement in countercurrent 
flow. 

a) Sketch the flowsheet. 

b) If the mutual solubility is neglected, calculate the fractional 
recovery of acetic acid in the extract using the Kremser 
Equation assuming equilibrium is achieved in each stage. 
Equilibrium data are given in Table 9.2. 

4. A vent with a flowrate of 40m 3 -h _1 and pressure of 1.2 bar is 
saturated with nitrobenzene at 25 °C and is to be treated with 
carbon adsorption to reduce the nitrobenzene concentration to 
ppm levels. The duty is small, and therefore it is anticipated that 
disposable carbon cartridges will be used. Assume that the vapor 
pressure of nitrobenzene at 25 °C is 0.00026 bar and its molar 
mass is 123kg-kmol _1 . It can also be assumed that the vent 
behaves as an ideal gas in which the molar mass in kilograms 
occupies 22.4 m 3 at standard conditions. If the carbon is capable 
of adsorbing 10% of its own mass of nitrobenzene at 25 °C 
(including a safety factor), calculate how long a disposable 
cartridge would last if it was loaded with 90 kg of carbon. 

5. A vessel with a temperature of 10 °C operating at a pressure of 
1.1 bar contains toluene and is purged with nitrogen with a 
flowrate of 300 m -h -1 . Assuming that the nitrogen is saturated 
with toluene, estimate the size of a carbon adsorption system 
using two beds with in situ regeneration to reduce the toluene 


concentration to ppm levels. Assume that toluene vapor pres¬ 
sure at 10°C is 0.0164 bar and that carbon is capable of 
absorbing 15% of its own mass of toluene at 10 °C (including 
a safety allowance). Assume that the superficial velocity of 
the gas in the bed is 0.2 m-s -1 (i.e. velocity in an empty bed) 
and that a cylindrical vessel with a height to bed diameter 
ratio of 3:1 is to be used. Assume that the density of activated 
carbon is 450kg-m~ 3 . The molar mass of toluene is 
92kg-kmol _l . It can be assumed that the vent behaves as an 
ideal gas and that the molar mass in kilograms occupies 22.4 m 3 
at standard conditions. 

a) Calculate the time of the cycle between regenerations. 

b) If instead of fixing the superficial velocity, the duration of 
bed on stream is fixed to be 2 hours, calculate the volume 
of the bed. 

c) After the cycles of operation and regeneration have become 
established, what dictates the concentration of the vent 
from the adsorption bed? 

d) What are the steps involved with the regeneration of the bed 
if regenerated with steam and what effects can a poor 
regeneration procedure have? 

6. Air containing 21% by volume oxygen and 79% by volume 
nitrogen is to be enriched to provide a gas with a higher oxygen 
content. A membrane is available for the separation with 
permeabilities shown in Table 9.8. 

The flowrate of air to the membrane is 0.1 kmol-s -1 . The air 
is to be introduced by a blower with a pressure at the membrane 
surface of 1.7 bar and the pressure differential maintained 
across the membrane by reducing the permeate pressure by 
means of a vacuum pump to 0.25 bar. Examine the relationship 
between permeate purity, membrane area and stage cut by 
varying the stage cut between 0.1 and 0.9. To simplify the 
calculations, assume the gas to be well-mixed on both sides of 
the membrane. Assume that 1 kmol of gas occupies 22.4 m 3 at 
standard temperature and pressure. 

7 . A well-mixed continuous crystallizer is to be used to separate 
potassium sulfate from an aqueous solution by cooling 
crystallization. The solubility of potassium sulfate can be 
represented by the expression: 

C* = 0.0666 + 0.00237- - 6 X 10“ 6 7' 2 

where C* = solubility at the operating temperature 
(kg solute per kg solvent) 

T = temperature (°C) 


Table 9.8 

Permeability data for Exercise 6. 


Component 

Permeability 
(m 3 STP m _2 s _1 bar -1 ) 

Oxygen 

1.80 x 1CT 3 

Nitrogen 

6.93 x 10~ 4 
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The feed to the crystallizer is saturated at 80 °C. 

a) Calculate the yield of potassium sulfate crystals for cooling 
crystallization down to 40 °C. 

b) Calculate the cooling temperature required to obtain a 
crystal yield of 50%. 
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Chapter 10 


Distillation Sequencing 


C onsider now the particular case in which a homogeneous 
multicomponent fluid mixture needs to be separated into a 
number of products, rather than just two products. As noted 
previously, distillation is the most common method of separating 
homogeneous fluid mixtures and in this chapter the choice of 
separation will be restricted such that all separations are carried out 
using distillation only. If this is the case, generally there is a choice 
of order in which the products are separated, that is, the choice of 
distillation sequence. 

10.1 Distillation 
Sequencing using Simple 
Columns 

Consider first the design of distillation systems comprising only 
simple columns. These simple columns employ: 

• one feed split into two products; 

• key components adjacent in volatility, or any components that 
exist in small quantities between the keys will become 
impurities in the products; 

• a reboiler and a condenser. 

If there is a three-component mixture to be separated into three 
relatively pure products and simple columns are employed, then 
the decision is between two sequences, as illustrated in Figure 10.1. 
The sequence shown in Figure 10.1a is known as the direct 
sequence in which the lightest component is taken overhead in 
each column. The indirect sequence, as shown in Figure 10.1b, 
takes the heaviest component as bottom product in each column. 

If the distillation columns have both reboiling and condensation 
supplied by utilities, then the direct sequence in Figure 10. la often 
requires less energy than the indirect sequence in Figure 10.1b. 
This is because the light material (Component A) is only vaporized 
once in the direct sequence. However, the indirect sequence can be 
more energy efficient if the feed to the sequence has a low flowrate 
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of the light material (Component A) and a high flowrate of the 
heavy material (Component C). In this case, vaporizing the light 
material twice in the indirect sequence is less important than 
feeding a high flowrate of heavy material to both of the columns 
in the direct sequence. 

For a three-component mixture to be split into three relatively 
pure products, there are only two alternative sequences. The 
complexity increases significantly as the number of products 
increases. Figure 10.2 shows the alternative sequences for a 
four-product mixture. Table 10.1 shows the relationship between 
the number of products and the number of possible sequences for 
simple columns (King, 1980). 

Thus, there may be many ways in which the separation can 
be carried out to produce the same products. The problem is that 
there may be significant differences in the capital and operating 
costs between different distillation sequences that can produce 
the same products. Operating costs are usually the dominant 
cost in choosing between different sequences. This might be the 
cost of providing heat input to reboiling through steam or fired 
heaters or the cost of heat removal in low-temperature separa¬ 
tion from the cost of providing refrigeration to low-temperature 
condensers. 

10.2 Practical Constraints 
Restricting Options 

Process constraints often reduce the number of options that can be 
considered. Examples of constraints of this type are: 

1) Safety considerations might dictate that a particularly hazard¬ 
ous component be removed from the sequence as early as 
possible to minimize the inventory of that material. 

2) Reactive and heat-sensitive components must be removed early 
to avoid problems of product degradation. 

3) CoiTosion problems often dictate that a particularly corrosive 
component be removed early to minimize the use of expensive 
materials of construction. 

4) If thermal decomposition in the reboilers contaminates the 
product, then this dictates that finished products cannot be 
taken from the bottoms of columns. 
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(a) Direct sequence. 



Figure 10.1 

The direct and indirect sequences of simple distillation columns for a 
three-product separation. (Reproduced from Smith R and Linnhoff B. 
1998, Trans IChemE ChERD, 66: 195 by pennission of the Institution of 
Chemical Engineers.) 


5) Some compounds tend to polymerize when distilled unless 
chemicals are added to inhibit polymerization. These polym¬ 
erization inhibitors tend to be nonvolatile, ending up in the 
column bottoms. If this is the case, it normally prevents finished 
products being taken from column bottoms. 

6) There might be components in the feed to a distillation 
sequence that are difficult to condense. Total condensation 
of these components might require low-temperature con¬ 
densation using refrigeration and/or high operating pres¬ 
sures. Condensation using both refrigeration and operation 
at high pressure increases operating costs significantly. 
Under these circumstances, the light components are nor¬ 
mally removed from the top of the first column to minimize 
the use of refrigeration and high pressures in the sequence 
as a whole. 


Direct Sequence 



Indirect Sequence 


Figure 10.2 

Alternative sequences for the separation of a four-product mixture. 

10.3 Choice of Sequence 
for Simple Nonintegrated 
Distillation Columns 

Heuristics have been proposed for the selection of the sequence of 
simple nonintegrated distillation columns to minimize energy costs 
(King, 1980). These heuristics attempt to generalize the observa¬ 
tions made in many problems, mainly above ambient temperature 
distillation, where the cost of heat input to reboilers is the dominant 
cost. Although many heuristics have been proposed to minimize 
energy costs, they can be summarized by the following four types 
(Stephanopoulos, Linnhoff and Sophos, 1982): 

Heuristic 1. Separations where the relative volatility of the key 
components is close to unity or that exhibit azeotropic behavior 
should be performed in the absence of nonkey components. In 
other words, do the most difficult separation last. 


Table 10.1 

Number of possible distillation sequences using simple columns. 


Number of products 

Number of possible sequences 

2 

1 

3 

2 

4 

5 

5 

14 

6 

42 

7 

132 

8 

429 
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Heuristic 2. Sequences that remove the lightest components alone 
one by one in column overheads should be favored. In other 
words, favor the direct sequence. 

Heuristic 3. A component composing a large fraction of the feed 
should be removed first. 

Heuristic 4. Favor splits in which the molar flow between top and 
bottom products in individual columns is as near equal as 
possible. 

In addition to being restricted to simple columns, the observa¬ 
tions are based on no heat integration (i.e. all reboilers and 
condensers are serviced by utilities). Difficulties can arise when 
the heuristics are in conflict with each other. This is illustrated in 
Example 10.1. 

The conflicts that can arise with the use of heuristics, as 
illustrated in Example 10.1, might in principle be avoided by 
ranking in order of importance. However, the rank order might 
change from problem to problem. Although in the above example 
the heuristics do not give a clear indication of good candidate 
sequences, in some problems they might. It does seem though that a 
more general method than the heuristics is needed. 

Rather than relying on heuristics that are qualitative, and can be 
in conflict, a quantitative measure of the relative performance of 
different sequences would be preferred. Ultimately, the choice will 
be based on capital and operating costs. For most problems, the 
costs are dominated by the operating costs. Heat integration might 
have a significant impact later in the design, but at this stage the 
nonintegrated performance is assessed: 

• Above ambient temperature processes. The operating costs are 
dominated by the cost of supplying heat to the reboilers. 
Multiple heating utilities might be involved. In this case, lower 
temperature heating utilities should be preferred to higher 
temperatures. Very large reboilers might be fired heaters, but 
the majority will be steam heated. Cooling costs can be added to 
heating costs, but the operating costs are likely to be dominated 
by the heating costs. Methods to estimate the operating costs 
have been discussed in Chapter 2. 

• Below ambient temperature processes. The operating costs are 
dominated by the cost of providing power to the refrigeration 
system required to supply cooling to the condensers. Multiple 
cooling utilities are likely to be involved. These might include 
multiple refrigeration levels, cooling water and perhaps air 
cooling. In this case, higher temperature cooling utilities 
should be preferred to lower temperature ones. The lower 
the temperature of a refrigeration utility, the greater the power 
requirement and cost. Cooling water is significantly cheaper 
than refrigeration. Heating costs can be added to cooling costs, 
but the operating costs are likely to be dominated by the power 
costs associated with the provision of cooling by refrigeration. 
Again, methods to estimate the costs have been discussed in 
Chapter 2. 

Before the costs of heating and cooling can be assessed, the 
reboiler and condenser duties need to be calculated. As a first level 
of assessment, for above ambient temperature processes, the 
combined reboiler duties can be used to screen options. For below 
ambient temperature processes, the combined condenser duties can 


be used. In Chapter 8, it was shown how the condenser duty for an 
individual total condenser is given by: 

Qcond = AHvapD( 1 + RfR min ) (10.1) 

where Qcond = condenser duty (kj-s -1 , kW) 

A H V ap = heat of vaporization of overhead vapor 
(kl-kmol -1 ) 

D = distillate flowrate (kmol-s -1 ) 

R f = ratio R/R min 

R min = minimum reflux ratio (—) 

For an individual partial condenser, the condenser duty is given 
by: 

Qcond = AH vApDRpR m j n (10.2) 

Thus, the reboiler duty for an individual total condenser is given 
by: 

Qreb = ^H'vap(D + DRpR m j„ — F + qF) (10.3) 

where Q RE b = condenser duty (kj-s ', kW) 

A H'vap = heat of vaporization of the distillation bottoms 
liquid (kj-kmol -1 ) 

F = feed flowrate (kmol-s -1 ) 

q = feed condition 

heat required to vaporize one mole of feed 
molar latent heat of vaporization of feed 

In most cases, for reasons discussed in Chapter 8, a saturated liquid 
feed is normally preferred (q= 1). 

The calculation is repeated for all columns in the sequence 
and, depending on whether the process is above or below 
ambient temperature, either the reboiler heat loads summed to 
obtain the overall heating load for the sequence or the condenser 
heat loads summed to obtain the overall cooling load for the 
sequence. Different sequences can then be compared on the 
basis of heating duty or cooling. Alternatively, if the utility 
temperatures and costs are known, the individual reboiler and 
condenser utility costs can be added to obtain the total cost. The 
use of the Underwood equations in sequencing is illustrated in 
Examples 10.2 and 10.3. 

The errors associated with the Underwood Equations used to 
calculate the minimum reflux ratio were discussed in Chapter 8. 
The Underwood Equations tend to underpredict the minimum 
reflux ratio. This introduces uncertainty in the way that the 
calculations were carried out in Examples 10.2 and 10.3. The 
differences in the total heat load between different sequences are in 
some cases small and the differences comparable with the errors 
associated with the prediction of the minimum reflux ratio using the 
Underwood Equations. However, as long as the errors are con¬ 
sistently in the same direction for all of the distillation calculations, 
the approach can still be used to screen between options. Never¬ 
theless, the predictions should be used with caution and options not 
ruled out because of some small difference in the assessment of 
different sequences. 
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Example 10.1 Each component for the mixture of alkanes in 
Table 10.2 is to be separated into relatively pure products. Table 10.2 
shows normal boiling points and relative volatilities to indicate the 
order of volatility and the relative difficulty of the separations. The 
relative volatilities have been calculated on the basis of the feed 
composition to the sequence, assuming a pressure of 6 barg. Vapor- 
liquid equilibrium has been calculated using the Peng-Robinson 
Equation of State with interaction parameters set to zero (see 
Appendix A). Different pressures can, in practice, be used for 
different columns in the sequence and if a single set of relative 
volatilities is to be used, the pressure at which the relative volatilities 
are calculated needs, as much as possible, to be chosen to represent 
the overall system. 

Use the heuristics to identify potentially good sequences that are 
candidates for further evaluation. 

Solution 

Heuristic 1. Do DIE split last since this separation has the 
smallest relative volatility. 

Heuristic 2. Favor the direct sequence and do the A/B split 
first. 

A/BCDE 

Heuristic 3. Remove the most plentiful component first. 

ABCD/E 

Heuristic 4. Favor near-equimolar splits between top and 
bottom products. 

ABC/DE 

408.3 kmol x h _1 /498.9 kmol x h _1 


Table 10.2 

Data for a mixture of alkanes to be separated by distillation. 


Component 

Flowrate (kmol h ') 

Normal boiling point (K) 

Relative volatility 

Relative volatility 
between adjacent 
components 

A. Propane 

45.4 

231 

5.77 






1.93 

B. /-Butane 

136.1 

261 

2.99 






1.27 

C. /i-Butane 

226.8 

273 

2.36 






1.95 

D. /-Pentane 

181.4 

301 

1.21 






1.21 

E. //-Pentane 

317.5 

309 

1.00 



All four heuristics are in conflict. Heuristic 1 suggests doing 
the DIE split last, whereas Heuristic 3 suggests it should be done 
first. Heuristic 2 suggests the A/B split first and Heuristic 4 the 
CID split first. 

Take one of the candidates and accept, say, the A/B split first. 
Then for the remainder: 

Heuristic 1 : Do DIE split last. 

Heuristic 2: 

B/CDE 


Heuristic 3: 

BCD/E 


Heuristic 4: 

BC/DE 

362.9 kmol X h _1 /498.9 kmol X IT 1 

Again the heuristics are in conflict. Heuristic 1 again suggests 
doing the DIE split last, whereas again Heuristic 3 suggests it 
should be done first. Heuristic 2 suggests the B/C split first and 
Heuristic 4 the CID split first. 

This process could be continued and possible sequences 
identified for further consideration. Some possible sequences 
would be eliminated, narrowing the number down, suggested by 
Table 10.1. 
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Example 10.2 Using the Underwood Equations to predict the 
minimum reflux ratio, determine the best distillation sequence in 
terms of overall reboiler load to separate the mixture of alkanes in 
Table 10.2 into relatively pure products. The recoveries are 
assumed to be 100%. Assume the ratio of actual to minimum 
reflux to be 1.1 and all columns are fed with a saturated liquid and 
total condensers used throughout. Neglect pressure drop across 
each column. Relative volatilities and latent heats of vaporization 
can be calculated from the Peng-Robinson Equation of State with 
interaction parameters assumed to be zero (see Appendix A). 
Relative volatilities are to be calculated for each column based 
on the feed composition of each column. Determine the rank order 
of the distillation sequences on the basis of total reboiler load for: 

a. All column pressures fixed to 6 barg. 

b. Pressures allowed to vary through the sequence, such that 
the pressures of each column are minimized to give either 
the bubble point of the overhead product to be 10 °C above 


the cooling water return temperature of 35 °C (i.e. 45 °C) or a 
minimum of atmospheric pressure. This will avoid the 
necessity for refrigeration. 

Solution The results for the two cases are shown in Tables 10.3 
and 10.4. 

It can be seen from Tables 10.3 and 10.4 that for each case 
there is little difference between the best few sequences in terms 
of the total reboiler heat load. For this problem, there is not even 
too much difference between the best and the worst sequences. 
Also, when the results of Cases a and b are compared, it should 
be noted that the rank order changes. The best three sequences 
for the two cases are illustrated in Figure 10.3. This sensitivity of 
the rank order to changes in the assumptions is not surprising 
given the small differences between the various sequences. All 
of the columns in all sequences are above atmospheric pressure, 
varying from 0.7 to 14.4 barg. 


Table 10.3 


Sequences for the separation of the mixture of alkanes, with pressure fixed at 6 barg. 


Rank order 

Total reboiler 
duty (MW) 

% Best 

Sequence 

1 

32.40 

100 

ABCD/E 

ABC/D 

AB/C 

A/B 

2 

32.62 

100.7 

ABCD/E 

AB/CD 

A/B 

C/D 

3 

33.39 

103.1 

ABCD/E 

ABC/D 

A/BC 

B/C 

4 

33.76 

104.2 

ABCD/E 

A/BCD 

BC/D 

B/C 

5 

34.14 

105.4 

ABCD/E 

A/BCD 

B/CD 

C/D 

6 

35.10 

108.3 

AJBCDE 

BCD/E 

BC/D 

B/C 

7 

35.21 

108.7 

AB/CDE 

A/B 

CD/E 

C/D 

8 

35.37 

109.2 

ABC/DE 

AB/C 

D/E 

A/B 

9 

35.48 

109.5 

A/BCDE 

BCD/E 

B/CD 

C/D 

10 

36.36 

112.2 

ABC/DE 

A/BC 

D/E 

B/C 

11 

37.54 

115.9 

A/BCDE 

B/CDE 

CD/E 

C/D 

12 

37.59 

116.0 

A/BCDE 

BC/DE 

B/C 

D/E 

13 

37.73 

116.5 

AB/CDE 

A/B 

C/DE 

D/E 

14 

40.06 

123.7 

A/BCDE 

B/CDE 

C/DE 

D/E 


Table 10.4 


Sequences for the separation of the mixture of alkanes, with pressure fixed for cooling water in condensers. 


Rank order 

Total reboiler 
duty (MW) 

% Best 

Sequence 

1 

31.05 

100 

ABC/DE 

AB/C 

DIE 

A/B 

2 

31.44 

101.2 

ABCD/E 

ABC/D 

AB/C 

A/B 

3 

31.60 

101.8 

ABCD/E 

AB/CD 

A/B 

C/D 


(i continued ) 
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Table 10.4 0 Continued ) 


Rank order 

Total reboiler 
duty (MW) 

% Best 

Sequence 

4 

31.86 

102.6 

ABC/DE 

A/BC 

D/E 

B/C 

5 

32.25 

103.9 

ABCD/E 

ABC/D 

A/BC 

B/C 

6 

32.75 

105.5 

ABCD/E 

A/BCD 

BC/D 

B/C 

7 

32.99 

106.2 

AB/CDE 

A/B 

CD/E 

C/D 

8 

33.02 

106.3 

ABCD/E 

A/BCD 

B/CD 

C/D 

9 

33.29 

107.2 

AB/CDE 

A/B 

C/DE 

D/E 

10 

33.48 

107.8 

A/BCDE 

BC/DE 

B/C 

D/E 

It 

33.82 

108.9 

A/BCDE 

BCD/E 

BC/D 

B/C 

12 

34.09 

109.8 

A/BCDE 

BCD/E 

B/CD 

C/D 

13 

35.39 

114.0 

A/BCDE 

B/CDE 

CD/E 

C/D 

14 

35.69 

114.9 

A/BCDE 

B/CDE 

C/DE 

D/E 


© 





(a) Pressures fixed to 6 barg with relative volatilities recalculated for each column. 





(b) Column pressures fixed for cooling water in condensers. 


Figure 10.3 

The best sequences in terms of vapor load for the separation of the mixture of alkanes from Example 10.2. 
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Example 10.3 The mixture of aromatics in Table 10.5 is to 
be separated into five products. The xylenes are to be taken as a 
mixed xylenes product. The C9s in Table 10.5 are to be 
characterized as C 9 H 12 (1-methylethylbenzene). The recover¬ 
ies are to be assumed to be 100%. Relative volatilities and latent 
heats of vaporization are to be calculated from the Peng- 
Robinson Equation of State, assuming that all interaction 
parameters are zero (see Appendix A). Pressures of each 
column are to be minimized such that either the bubble point 
of the overhead product is 10 °C above the cooling water return 
temperature of 35 °C (i.e. 45 °C) or a minimum of atmospheric 
pressure. Assuming the ratio of actual to minimum reflux to be 
1 . 1 , all columns are fed with a saturated liquid and total 
condensers are used throughout. Neglect the pressure drop 
across each column. Determine the rank order of the distillation 
sequences on the basis of total reboiler load with minimum 
reflux ratio calculated from the Underwood Equations. 

Solution The relative volatilities are recalculated for each col¬ 
umn. However, Table 10.6 shows the relative volatilities of the feed 
mixture to the sequence at a pressure of 1 atm. This shows clearly 
that the ethyl benzene/xylenes separation is by far the most difficult 
with relative volatilities for the xylenes close to unity. The vola¬ 
tilities of the components are such that all separations can be carried 
out at atmospheric pressure and at the same time allow the use of 
cooling water in the condensers. Thus, column pressures are fixed 
to atmospheric pressure with the relative volatilities recalculated 
for the feed composition at this pressure as the concentration 
changes through the sequence. 

Table 10.7 gives the total vapor flow for different sequences in 
rank order. 

Again it can be noted from Table 10.7 that there is not too 
much difference between the best sequences in terms of the 
overall reboiler load. The three sequences with the lowest 
overall reboiler loads are shown in Figure 10.4. At first sight, 
the structure of the best sequences seems to be surprising. In 
each case, the most difficult separation (C/D) is carried out in the 
presence of other components. Heuristic 1 would suggest that 


Table 10.5 


Data for a five-product mixture of aromatics to be separated by distillation. 


Component 

Flowrate (kmol h ') 

A. Benzene 

269 

B. Toluene 

282 

C. Ethyl benzene 

57 

D. /7-Xylene 

47 

m-Xylene 

110 

oXylene 

58 

E. C9s 

42 


Table 10.6 

Relative volatilities of the feed to the sequence at 1 atm. 



such a difficult separation should be carried out in isolation from 
other components. Further investigation reveals that the relative 
volatilities for this most difficult separation are sensitive to the 
presence of other components. The presence of benzene and 
toluene increases the relative volatility of the C/D separation 
slightly, making it beneficial to carry out the difficult separation 
in the presence of nonkey components. This problem illustrates 
some of the dangers faced when dealing with separations that are 
very close in relative volatility. Special care should be taken in 
such problems to make sure that the vapor-liquid equilibrium 
data are specified as accurately as possible. The assumption of 
zero for the interaction parameters in the Peng-Robinson Equa¬ 
tion of State is questionable. In fact, the inclusion of interaction 
parameters in this case does not change the order of the best few 
sequences. It does, however, change the absolute values of the 
calculated reboiler loads. The other questionable assumption is 
that of complete recovery for the products. Again, changing the 
assumed recovery to be less than complete does not change 
the order of the best few sequences in this case, but does 
change the value of the total reboiler load. Finally, the assump¬ 
tion at this stage is that utilities will be used to satisfy all of the 
heating and cooling requirements. This leads to all columns 
operating at atmospheric pressure. Later, in Chapter 21, it will be 
seen that it is beneficial to operate some of the columns at higher 
pressures to allow heat recovery to take place between some of 
the reboilers and condensers in the sequences. 
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Table 10.7 


Sequences for the separation of the mixture of aromatics in Example 10.3. 


Rank order 

Total reboiler 
duty (MW) 

% Best 

Sequence 

1 

57.40 

too 

ABC/DE 

A/BC 

D/E 

B/C 

2 

60.04 

104.6 

ABC/DE 

AB/C 

D/E 

A/B 

3 

61.40 

107.0 

A/BCDE 

BC/DE 

B/C 

D/E 

4 

64.81 

112.9 

ABCD/E 

ABC/D 

A/BC 

B/C 

5 

65.98 

115.0 

A/BCDE 

B/CDE 

C/DE 

D/E 

6 

66.02 

115.0 

A/BCDE 

BCD/E 

BC/D 

B/C 

7 

66.63 

116.1 

A/BCDE 

B/CDE 

CD/E 

CID 

8 

67.02 

116.8 

AB/CDE 

A/B 

C/DE 

DIE 

9 

67.46 

117.5 

ABCD/E 

ABC/D 

AB/C 

A/B 

10 

67.67 

117.9 

AB/CDE 

A/B 

CD/E 

CID 

11 

68.50 

119.3 

ABCD/E 

A/BCD 

BC/D 

B/C 

12 

70.26 

122.4 

A/BCDE 

BCD/E 

B/CD 

CID 

13 

72.73 

126.7 

ABCD/E 

A/BCD 

B/CD 

CID 

14 

73.97 

128.9 

ABCD/E 

AB/CD 

A/B 

CID 




Figure 10.4 

The best sequences in terms of vapor load for the separation of the mixture of aromatics from Example 10.3. 


The use of total heating or cooling duty, even without any 
calculation errors, is still only a guide and might not give the correct 
rank order. Had the utility temperatures and costs been known, the 
calculation could be taken one step further to calculate the energy 
costs. In fact, given some computational aid, it is straightforward to 
size and cost all of the possible sequences using a shortcut sizing 
calculation, such as the Fenske-Gilliland-Underwood approach 
discussed in Chapter 8, together with cost correlations discussed in 
Chapter 2. 

It should also be noted that there is likely to be a link between 
high heat loads in the distillation and high capital costs. Higher heat 


loads lead to larger and hence more expensive reboilers and 
condensers. Higher heat loads also lead to higher vapor flowrates 
in distillation columns, larger diameters and hence more expensive 
columns. Consequently, sequences with higher heat loads will also 
tend to have higher capital costs. 

Whatever the method used to screen possible sequences, it is 
important not to give exclusive attention to the one sequence that 
appears to have the lowest total reboiler, condenser heat load, 
lowest operating cost or lowest total cost. There is often little to 
choose in this respect between the best few sequences, particularly 
when the number of possible sequences is large. Other 
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considerations such as heat integration, operability, safety, and so 
on, might also have an important bearing on the final decision. 
Thus, the screening of sequences should focus on the best few 
sequences rather than exclusively on the single best sequence. It 
should be recalled from Chapter 1 that it is important to keep design 
options open until enough information is available to screen design 
options with confidence. 

10.4 Distillation 
Sequencing using Columns 
With More Than Two 
Products 

When separating a three-product mixture using simple columns, 
there are only two possible sequences (Figure 10.1). Consider the 
first characteristic of simple columns. A single feed is split into two 
products. As a first alternative to two simple columns, the possi¬ 
bilities shown in Figure 10.5 can be considered. Here three 
products are taken from one column. The designs are in fact 
both feasible and cost-effective when compared to simple arrange¬ 
ments on a stand-alone basis (i.e. reboilers and condensers operat¬ 
ing on utilities) for certain ranges of conditions. If the feed is 
dominated by the middle product (typically more than 50% of the 
feed) and the heaviest product is present in small quantities 
(typically less than 5%), then the arrangements shown in 
Figure 10.5a can be an attractive option (Tedder and Rudd, 
1978). The heavy product must find its way down the column 
past the sidestream. Unless the heavy product has a small flow and 
the middle product a high flow, a reasonably pure middle product 
cannot be achieved. In these circumstances, the sidestream is 
usually taken as a vapor product to obtain a reasonably pure 
sidestream. A large relative volatility between the sidestream 
Product B and the bottom Product C is also necessary to obtain 
a high-purity sidestream. 

When it is required to take a vapor sidestream, it should be noted 
that this is more problematic than taking a liquid sidestream. Whilst 
it is straightforward to split a liquid flow down a column, it is less 
straightforward to split a vapor flow up a column to take a vapor 
sidestream. The flow of vapor up the column must have enough 
pressure to overcome the pressure drop in the piping and other 
equipment associated with the sidestream flow. There might need 
to be some kind of flowrate control for the sidestream. Equipment 
might also be necessary to prevent the carryover of liquid droplets 
into the sidestream (e.g. a separation drum with a mist eliminator). 
To overcome the pressure drop in the sidestream equipment might 
require additional pressure drop to be created in the column by 
installing a single tray above the sidestream with a high pressure 
drop. 

If the feed to the column is dominated by the middle product 
(typically more than 50%) and the lightest product is present in 
small quantities (typically less than 5%), then the arrangement 
shown in Figure 10.5b can be an attractive option (Tedder and 
Rudd, 1978). This time the light product must find its way up the 
column past the sidestream. Again, unless the light product is a 


small flow and the middle product a high flow, a reasonably pure 
middle product cannot be achieved. This time the sidestream is 
taken as a liquid product to obtain a reasonably pure sidestream. A 
large relative volatility between the sidestream Product B and the 
overhead Product A is also necessary to obtain a high-purity 
sidestream. 

In summary, single-column sidestream arrangements can be 
attractive when the middle product is in excess and one of the other 
components is present in only minor quantities. Thus, the side- 
stream column only applies to special circumstances for the feed 
composition. More generally applicable arrangements are possible 
by relaxing the restriction that separations must be between 
adjacent key components. 

Consider a three-product separation as in Figure 10.6a in 
which the lightest and heaviest components are chosen to be 
the key separation in the first column. Two further columns are 
required to produce pure products (Figure 10.6a). This arrange¬ 
ment is known as distributed distillation or sloppy distillation. 
The distillation sequence provides parallel flow paths for the 
separation of a product. At first sight, the arrangement in 
Figure 10.6a seems to be inefficient in the use of equipment in 



(a) More than 50% middle component and less than 5% 
heaviest component. 



(b) More than 50% middle component and less than 5% 
lightest component. 

Figure 10.5 

Distillation columns with three products. (Reproduced from Smith R and 
Linnhoff B, 1998, Trans IChemE ChERD, 66: 195 by permission of the 
Institution of Chemical Engineers.) 
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separates nonadjacent key components. 



(b) Prefractionator arrangement. 


Figure 10.6 

Choosing nonadjacent keys leads to the prefractionator arrangement. 


that it requires three columns instead of two, with the bottoms and 
overheads of the second and third columns both producing pure 
B. However, it can be a useful arrangement in some circum¬ 
stances. In the new design, the three columns can be operated at 
different pressures. Also, the distribution of the middle Product B 
between the second and third columns is an additional degree of 
freedom in the design. The additional freedom to vary the 
pressures and the distribution of the middle product gives signif¬ 
icant extra freedom to vary the loads and levels at which the heat is 
added to or rejected from the distillation. This might mean that the 
reboilers and condensers can be matched more cost-effectively 
against utilities, or heat integrated more effectively. 

If the second and third columns in Figure 10.6a are operated at 
the same pressure, then the second and third columns could simply 
be connected and the middle product taken as a sidestream, as 
shown in Figure 10.6b. The arrangement in Figure 10.6b is known 
as a prefractionator arrangement. Note that the first column in 
Figure 10.6b, the prefractionator, has a partial condenser to reduce 
the overall energy consumption. 

Comparing the distributed (sloppy) distillation in Figure 10.6a 
and the prefractionator arrangement in Figure 10.6b with the 
conventional arrangements in Figure 10.1, the distributed and 
prefractionator arrangements typically require 20 to 30% less 
energy than the conventional arrangements for the same separation 
duty. The reason for this difference is rooted in the fact that the 
distributed distillation and prefractionator arrangements are fun¬ 
damentally thermodynamically more efficient than a simple 
arrangement. Consider why this is the case. 

Consider the sequence of simple columns shown in Figure 10.7. 
In the direct sequence shown in Figure 10.7, the composition of 


Component B in the first column increases below the feed as the 
more volatile Component A decreases. However, moving further 
down the column, the composition of Component B decreases 
again as the composition of the less-volatile Component C 
increases. Thus the composition of B reaches a peak only to be 
remixed (Triantafyllou and Smith, 1992). 

Similarly, with the first column in the indirect sequence, the 
composition of Component B first increases above the feed as the 
less-volatile Component C decreases. It reaches a maximum only 
to decrease as the more volatile Component A increases. Again, the 
composition of Component B reaches a peak only to be remixed. 

This remixing that occurs in both sequences of simple distillation 
columns is a source of inefficiency in the separation. By contrast, 
consider the prefractionator arrangement shown in Figure 10.8. In 
the prefractionator, a crude split is performed so that Component B 
is distributed between the top and bottom of the column. The upper 
section of the prefractionator separates AB from C, whilst the lower 
section separates BC from A. Thus, both sections remove only one 
component from the product of that column section and this is also 
true for all four sections of the main column. In this way, the 
remixing effects that are a feature of both simple column sequences 
are avoided (Triantafyllou and Smith, 1992). 

In addition, another feature of the prefractionator arrangement 
is important in reducing mixing effects. Losses occur in distillation 
operations due to mismatches between the composition of the 
column feed and the composition at the feed stage. In theory, for 
binary distillation in a simple column, a good match can be found 
between the feed composition and the feed stage. However, 
because the changes from stage to stage are finite, an exact match 
is not always possible. For multicomponent distillation in a simple 
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Figure 10.7 

Composition profiles for the middle product in the columns of the direct sequence show re-mixing effects. (Reproduced from TriaiUafyllou C and Smith R 
(1992) The Design and Optimization of Fully Thermally-coupled Distillation Columns, Trans IChemE, 70A: 118, by permission of the Institution of 
Chemical Engineers.) 


column, except under special circumstances, it is not possible to 
match the feed composition and the feed stage. In a prefractionator 
arrangement, because the prefractionator distributes Component B 
between top and bottom, this allows greater freedom to match the 
feed composition with one of the trays in the column to reduce 
mixing losses at the feed tray. 

The elimination of mixing losses in the prefractionator 
arrangement means that it is inherently more efficient than an 
arrangement using simple columns. The same basic arguments 
apply to both distributed distillation and prefractionator arrange¬ 
ments, with the additional degree of freedom in the case of 


distributed distillation to vary the pressures of the second and 
third columns independently. 

10.5 Distillation 
Sequencing using Thermal 
Coupling 

The final restriction of simple columns stated earlier was that they 
should have a reboiler and a condenser. It is possible to use material 



Figure 10.8 

Composition profiles for the middle product in the prefractionator arrangement show that there are no re-mixing effects. (Reproduced from Triantafyllou C and 
Smith R (1992) The Design and Optimization of Fully Thermally-coupled Distillation Columns, Trans IChemE, 70A: 118, by permission of the Institution of 
Chemical Engineers.) 
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(b) Thermally coupled direct 
sequence. 




(d) Partitioned side- 
rectifier arrangement. 


Figure 10.9 

Thermal coupling of the direct sequence. 


flows to provide some of the necessary heat transfer by direct contact. 
This transfer of heat by direct contact is known as thermal coupling. 

First consider thermal coupling of the simple sequences in 
Figure 10.9a. Figure 10.9b shows a thermally coupled direct 
sequence. The reboiler of the first column is replaced by a 
thermal coupling. Liquid from the bottom of the first column is 
transferred to the second as before, but now the vapor required 
by the first column is supplied by the second column, instead of 
a reboiler on the first column. The four column sections are 
marked as 1, 2, 3 and 4 in Figure 10.9b. In Figure 10.9c, the four 
column sections from Figure 10.9b are rearranged to form a 
side-rectifier arrangement (Calberg and Westerberg, 1989). 
There are practical difficulties in engineering a side-rectifier 
arrangement associated with taking a vapor sidestream from the 
main column, as already noted for vapor sidestream columns. 
Such problems can be avoided by constructing the side-rectifier 
in a single shell with a partition wall as shown in Figure 10.9d 
to give a partitioned side-rectifier. The partition wall in 
Figure 10.9d should be insulated to avoid heat transfer across 
the wall as different separations are carried out on each side of 
the wall and the temperatures on each side will differ. Heat 
transfer across the wall will have an overall detrimental effect 
on column performance (Lestak, Smith and Dhole, 1994). 

Similarly, Figure 10.10a shows an indirect sequence and 
Figure 10.10b the corresponding thermally coupled indirect 
sequence. The condenser of the first column is replaced by 


thermal coupling. The four column sections are again marked 
as 1, 2, 3 and 4 in Figure 10.10b. In Figure 10.10c, the four 
column sections are rearranged to form a side-stripper 
arrangement (Calberg and Westerberg, 1989). As with the 
side-rectifier, the side-stripper can be arranged in a single shell 
with a partition wall, as shown in Figure lO.lOd, to give a 
partitioned side-stripper. Again the partition wall should be 
insulated, otherwise heat transfer across the wall will have an 
overall detrimental effect on the separation (Lestak, Smith and 
Dhole, 1994). 

Both the side-rectifier and side-stripper arrangements have been 
shown to reduce the energy consumption compared to simple two- 
column arrangements (Tedder and Rudd, 1978; Glinos and 
Malone, 1988). This results from reduced mixing losses in the 
first (main) column. As with the first column of the simple 
sequence, a peak in composition occurs with the middle product. 
Now, however, the advantage of the peak is taken by transferring 
material to the side-rectifier or side-stripper. 

The side-rectifier and side-stripper arrangements have some 
important degrees of freedom for optimization. In these arrange¬ 
ments, there are four column sections. For the side-rectifier, the 
degrees of freedom to be optimized are: 

• number of stages in each of the four column sections; 

• reflux ratios (ratio of liquid reflux to overhead product flow- 

rates) in the main column and sidestream column; 


EX EX 


▼ *-> 0 - 



(a) Indirect sequence. 


(b) Thermally coupled 
indirect sequence. 



(c) Side-stripper arrangement. 




(d) Partitioned side-stripper 
arrangement. 


Figure 10.10 

Thermal coupling of the indirect sequence. 
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• vapor split between the main column and sidestream column; 

• feed condition. 

For the side-stripper, the degrees of freedom to be optimized 
are: 

• number of stages in each of the four column sections; 

• reboil ratios (ratio of stripping vapor to bottom product flow- 
rates) in the main column and sidestream column; 

• liquid split between the main column and sidestream column; 

• feed condition. 

All of these variables must be optimized simultaneously to 
obtain the best design. Some of the variables are continuous and 
some are discrete (the number of stages in each column section). 
Such optimizations are far from straightforward if carried out using 
detailed simulation. It is often beneficial to carry out some optimi¬ 
zation using shortcut methods before proceeding to detailed 
simulation where the optimization can be fine-tuned. 

A simple model for side-rectifiers suitable for shortcut calcula¬ 
tion is shown in Figure 10.11. The side-rectifier can be modeled as 
two columns in the thermally coupled direct sequence. The first 
column is a conventional column with a condenser and partial 
reboiler. The second column is modeled as a sidestream column, 
with a vapor sidestream one stage below the feed stage (Trianta- 
fyllou and Smith, 1992). The liquid entering the reboiler and vapor 
leaving can be calculated from the vapor-liquid equilibrium (see 
Exercise 11 of Chapter 8). The vapor and liquid streams at the 
bottom of the first column can then be matched with the feed and 
sidestream of the second column to allow the calculations for the 
second column to be carried out. 

The side-stripper can be modeled as two columns in the 
thermally coupled indirect sequence, as shown in Figure 10.12. 
The first column is modeled as a conventional column with a partial 
condenser and partial reboiler. The second column is modeled as a 
sidestream column with a liquid sidestream on stage above the feed 
stage (Triantafyllou and Smith, 1992). The vapor entering the 


condenser and liquid leaving can be calculated from the vapor- 
liquid equilibrium (see Exercise 11 of Chapter 8). This allows the 
two columns to be linked and the calculations for the second 
column to be carried out. 

In both the cases of the side-rectifier and the side-stripper, the 
first column in the two-column model can be modeled using the 
Fenske-Underwood-Gilliland Equations, as described in 
Chapter 8. The second column is modeled as a sidestream column 
that can also be modeled using the Fenske-Underwood-Gilliland 
Equations (Triantafyllou and Smith, 1992). The minimum reflux 
ratio for a liquid sidestream column one stage above the feed stage 
can be estimated using the Underwood Equations by combining 
the sidestream and overhead product as a net overhead product 
(King, 1980). The minimum reflux ratio for a vapor sidestream 
column one stage below the feed stage can also be estimated using 
the Underwood Equations, but this time by combining the side- 
stream and bottoms product as a net bottoms product (King, 1980). 

The optimization can be carried out using nonlinear optimiza¬ 
tion techniques such as SQP (see Chapter 3). The nonlinear 
optimization has the problem of local optima if techniques such 
as SQP are used for the optimization. Constraints need to be added 
to the optimization in order that a mass balance can be maintained 
and the product specifications achieved. The optimization of the 
side-rectifier and side-stripper in a capital-energy trade-off deter¬ 
mines the distribution of plates, the reflux ratios in the main and 
sidestream columns and the condition of the feed. If a partitioned 
side-rectifier (Figure 10.9d) or partitioned side-stripper (Figure 
10. lOd) is to be used, then the ratio of the vapor flowrates on each 
side of the partition can be used to fix the location of the partition 
across the column. The partition is located such that the ratio of 
areas on each side of the partition is the same as the optimized ratio 
of vapor flowrates on each side of the partition. However, the vapor 
split for the side-rectifier will only follow this ratio if the pressure 
drop on each side of the partition is the same. Rather than locate the 
partition in this way, some deterioration in the design performance 
might be accepted by locating the partition across the diameter of 
the column (i.e. equal areas on each side of the partition) for 
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Figure 10.11 

A side-rectifier can be modelled as a sequence of two simple columns in the direct sequence. 
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sidestream one stage above feed stage 


Figure 10.12 

A side-stripper can be modelled as a sequence of two simple columns in the indirect sequence. 


mechanical simplicity. The sensitivity of the design performance to 
the location of the partition should be explored before the location 
is finalized. 

Now consider thermal coupling of the prefractionator arrange¬ 
ment from Figure 10.6b. Figure 10.13a shows a prefractionator 
arrangement with partial condenser and reboiler on the prefractio¬ 
nator. Figure 10.13b shows the equivalent thermally coupled 
prefractionator arrangement, sometimes known as the Petlyuk 


column. To make the two arrangements in Figures 10.13a and 
13b equivalent, the thermally coupled prefractionator requires 
extra plates to substitute for the prefractionator condenser and 
reboiler (Aichele, 1992). The prefractionator arrangement in 
Figure 10.13a and the thermally coupled prefractionator (Petlyuk 
Column) in Figure 10.13b are almost the same in terms of total 
heating and cooling duties (Aichele, 1992). There are differences 
between the vapor and liquid flows in the top and bottom sections 




(a) Prefractionator. 


(b) Thermally coupled prefractionator. (c) Partitioned thermally coupled 

prefractionator. 


Figure 10.13 

Thermal coupling of the prefractionator arrangement. 
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of the main column of the designs in Figures 10.13a and 10.13b, 
resulting from the presence of the partial reboiler and condenser in 
Figure 10.13a. Flowever, although the total heating and cooling 
duties are almost the same, there are differences in the temperatures 
at which the heat is supplied and rejected. In the case of the 
prefractionator in Figure 10.13a, the heat load is supplied at two 
points and two different temperatures and rejected from two points 
and at two different temperatures. Figure 10.13c shows an alter¬ 
native configuration for the thermally coupled prefractionator that 
uses a single shell with a vertical partition dividing the central 
section of the shell into two parts, known as a dividing-wall column 
or partition prefractionator column. The arrangements in Figures 
10.13b and 10.13c are equivalent if there is no heat transfer across 
the partition. As with side-rectifiers and side-strippers, the partition 
wall should be insulated to avoid heat transfer across the wall as 
different separations are carried out on each side of the wall and the 
temperatures on each side will differ. Heat transfer across the wall 
will have an overall detrimental effect on column performance 
(Lestak, Smith and Dhole, 1994). 

Partition prefractionator columns offer a number of advantages 
over conventional arrangements: 

1) Various studies (Petlyuk, Olatonov and Slavinskii, 1965; 
Stupin and Lockhart, 1972; Kaibel, 1987, 1988; Glinos and 
Malone, 1988; Mutalib and Smith, 1998; Mutalib, Zeglam and 
Smith, 1998; Becker et al., 2001; Shultz et al., 2002; Asprion 
and Kaibel, 2010) have compared the thermally coupled 
arrangement in Figures 10.13b and 10.13c with a conventional 
arrangement using simple columns on a stand-alone basis. 
These studies show that the prefractionator arrangement in 
Figure 10.13 requires typically 20 to 30% less energy than the 
best conventional arrangement using simple columns (Figure 
10.1). The prefractionator column also requires less energy 
than the side-rectifier and side-stripper arrangements, for the 
same separation (Glinos and Malone, 1988). The energy saving 
for the thermally coupled arrangement is the same as that for the 
prefractionator, with reduced mixing losses as illustrated in 
Figures 10.7 and 10.8. 

2) In addition, the partition prefractionator column in 
Figure 10.13c requires typically 20 to 30% less capital cost 
than a two-column arrangement of simple columns. 

3) The partition prefractionator column has one further advantage 
over the conventional arrangements in Figure 10.1. In partitioned 
prefractionator columns, the material is only reboiled once and its 
residence time in the high-temperature zones is minimized. This 
can be important if distilling heat-sensitive materials. 

Standard distillation equipment can be used for the fabrication. 
Either packing or plates can be used, although packing is more 
commonly used in practice. Also, the control of partitioned 
prefractionator columns is straightforward (Mutalib and Smith, 
1998; Mutalib, Zeglam and Smith, 1998). 

The partition prefractionator column does have a number of 
disadvantages relative to simple column arrangements: 

1) Even though the arrangement might require less energy than a 
conventional arrangement, all of the heat must be supplied at the 
highest temperature and all of the heat rejected at the lowest 


temperature of the separation. This can be particularly important 
if the distillation is at a low temperature using refrigeration for 
condensation. In such circumstances, minimizing the amount of 
condensation at the lowest temperatures can be very important. 
If differences in the temperature at which the heat is supplied or 
rejected are particularly important, then distributed distillation 
or a prefractionator might be better options. These offer the 
advantage of being able to supply and reject heat at different 
temperatures. This issue will be addressed again later, in 
Chapter 21, when dealing with heat integration of distillation. 

2) If it is appropriate for the two columns in a simple column 
arrangement to operate at very different pressures, then this can 
pose problems for a partition prefractionator column to replace 
them, as the partition prefractionator column must carry out the 
whole separation at effectively the same pressure (usually the 
highest pressure). In general, partition prefractionator columns 
are not suited to replace sequences of two simple columns that 
operate at very different pressures. 

3) Another disadvantage of partitioned prefractionator columns 
might arise from materials of construction. If the two columns 
of a conventional arrangement require two different materials 
of construction, one being much more expensive than the other, 
then any savings in capital cost arising from using a partitioned 
prefractionator column will be diminished. This is because the 
whole partitioned column will have to be fabricated from the 
more expensive material. 

4) The hydraulic design of the partitioned prefractionator column 
is such that the pressure must be balanced on either side of the 
partition. This is usually achieved by designing with the same 
number of stages on each side of the partition. This constrains 
the design. Alternatively, a different number of stages can be 
used on each side of the partition, and different column 
internals with a different pressure drop per stage used to 
balance the pressure drop. If foaming is more likely to occur 
on one side of the partition than the other, this can lead to a 
hydraulic imbalance and the vapor split changing from design 
conditions. 

The partitioned prefractionator in Figure 10.13c can be simu¬ 
lated using the arrangement in Figure 10.13b as the basis of the 
simulation. However, like side-rectifiers and side-strippers, fully 
thermally coupled columns have some important degrees of 
freedom for optimization. In the fully thermally coupled column, 
there are six column sections (above and below the partition, above 
and below the feed in the prefractionator and above and below the 
sidestream from the main column side of the partition). The degrees 
of freedom to be optimized in partitioned columns are: 

• number of stages in the six column sections; 

• reflux ratio; 

• liquid split on each side of the partition flowing down the 
column; 

• vapor split on each side of the partition flowing up the column; 

• feed condition. 

These basic degrees of freedom can be represented in 
different ways, but all must be optimized simultaneously to 
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obtain the best design. Again, some of the variables are 
continuous and some are discrete (the number of stages in 
each column section). As with side-rectifier and side-stripper 
arrangements, it can be beneficial to carry out some optimiza¬ 
tion using shortcut methods before proceeding to detailed 
simulation and fine-tuning of the optimization. Like side-recti¬ 
fiers and side-strippers, the fully thermally coupled column can 
be represented as simple columns. This time three simple 
columns are needed to represent the fully thermally coupled 
column, as shown in Figure 10.14 (Triantafyllou and Smith, 
1992). The prefractionator is modeled as Column 1 in 
Figure 10.14, which has a partial condenser and partial reboiler 
initially. Column 2 in Figure 10.14 is the top section of the main 
column and is modeled as a liquid sidestream column with a 
liquid sidestream one stage above the vapor feed. A vapor- 
liquid equilibrium calculation around the partial condenser in 
Column 1 allows the vapor entering the condenser and liquid 
leaving the condenser to be determined. These can then be 
connected to the sidestream and feed for Column 2. Column 3 in 
Figure 10.14 is the lower part of the main column and can be 
modeled as a vapor sidestream column with the sidestream one 
stage below the liquid feed. A vapor-liquid equilibrium calcu¬ 
lation around the partial reboiler in the prefractionator allows 
the vapor leaving the reboiler and liquid entering the reboiler to 
be determined and can then be connected with the sidestream 
and feed to Column 3. The three columns can then be repre¬ 
sented by the shortcut calculations described above for side- 
rectifiers and side-strippers on the basis of the Fenske-Gilli- 
land-Underwood Correlations. The optimization can again be 
carried out using nonlinear optimization techniques such as 
SQP (see Chapter 3). Constraints need to be added to the 
optimization in order that it can fulfill the required objectives. 
As illustrated in Figure 10.14, Columns 2 and 3 together 


Partial 



represent the main column, and it is necessary to ensure that 
the vapor flowrate in Columns 2 and 3 are the same. Also, the 
bottom product from Column 2 and top product from Column 3 
represent the same sidestream from the main column of the 
thermally coupled configuration. Thus, the bottom product of 
Column 2 and the top product of Column 3 must be constrained 
to be the same. Additional constraints must also be added to 
ensure that the mass balance is maintained and product specifi¬ 
cations are achieved. After the design concept has been estab¬ 
lished and some preliminary optimization carried out, the 
design can be verified by detailed simulation based on the 
model in Figure 10.13b. 

10.6 Retrofit of Distillation 
Sequences 

It might be the case that an existing plant needs to be modified, 
rather than a new design carried out. For example, a retrofit study 
might require the capacity of the unit to be increased. When such a 
revamp is carried out, it is essential to try and make as effective use 
as possible of existing equipment. For example, consider a simple 
two-column sequence like the ones illustrated in Figure 10.1. If the 
capacity needs to be increased, then, instead of replacing the two 
existing columns with new ones, a new column might be added to 
the two existing ones and reconfigured to the distributed distillation 
arrangement in Figure 10.6a. The vapor and liquid loads for the 
increased capacity are now spread between three columns, instead 
of two, taking advantage of the existing two-column shells. Of 
course, the design of the existing shells might not be ideally suited 
to the new role to which they will be put, but at least it will allow 
existing equipment to carry on being used and avoid some 
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Figure 10.14 

Three column model of partitioned thermally coupled prefractionator. 
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unnecessary investment in new equipment. Of the three shells 
shown in Figure 10.6a, any of the three could be the new shell. The 
arrangement of new shell and existing shells will depend on how 
the existing shells can best be adapted to the new role. 

If the existing shells differ significantly from what is required in 
the retrofitted sequence, then, in addition to reconfiguring the 
distillation sequence, the existing shells can also be modified. For 
example, the number of theoretical stages can be increased in the 
columns by changing the design of the column internals. Generally, 
however, the fewer the number of modifications carried out the better. 

Rather than retrofit a two-column sequence to the distributed 
distillation arrangement in Figure 10.6a, it can be retrofitted to the 
prefractionator arrangement in Figure 10.6b. This time, rather than 
have two-column shells, as shown in Figure 10.6b, three columns 
are used with the second and third connected directly by vapor and 
liquid flows. Thus, there is no reboiler in the second column and no 
condenser in the third. The liquid flow between the two shells that 
function as the main column is split to provide the reflux for the 
lower part of the main column and the middle product. Two-column 
shells are thus used to mimic the main column of the prefractionator. 
As with the distributed distillation retrofit arrangement, which of the 
two existing shells and the new shell are used in which role depends 
on the details of the design of the existing shells and how they can 
best be fitted to the new role. As with the distributed distillation 
retrofit arrangement, the existing shells can also be modified. 

The retrofit of more complex distillation sequences can also be 
considered. Within a larger, more complex sequence, any pair of 
columns that are together in a sequence can be considered as 
candidates for the same retrofit modifications as those discussed for 
the two-column retrofit. 


10.7 Crude Oil Distillation 

One particularly important case of distillation sequencing is wor¬ 
thy of special consideration. This is the case of crude oil distilla¬ 
tion, which is the fundamental process underlying the petroleum 
and petrochemicals industry. Crude oil is an extremely complex 
mixture of hydrocarbons containing small quantities of sulfur, 
oxygen, nitrogen and metals. A typical crude oil contains many 
millions of compounds, most of which cannot be identified. Only 
the lightest compounds, for example, methane, ethane, propane, 
benzene, and so on, can normally be identified. In such circum¬ 
stances, the modeling of vapor-liquid equilibrium for distillation 
presents a challenge, as the composition of the crude oil feed is 
unknown. The crude oil feed and the products from the distillation 
are modelled using pseudo-components. These pseudo-compo¬ 
nents are fictitious components with attributes of molar mass, 
critical temperature, critical pressure and accentric factor, invented 
and mixed in a composition so as to reproduce the boiling 
characteristics of the feed (the amount of feed that vaporizes at 
a given temperature). 

In the first stage of processing crude oil, it is distilled under 
conditions slightly above atmospheric pressure (typically 1 barg 
where the feed enters the column). A range of products are taken 
from the crude oil distillation, based on their boiling temperatures. 
Designs are normally thermally coupled. Most configurations 
follow the thermally coupled indirect sequence as shown in 
Figure 10.15a. However, rather than build the configuration in 
Figure 10.15a, a configuration based on Figure 10.15b is normally 
constructed. The two arrangements are equivalent and the 
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Figure 10.15 

The thermally-coupled indirect sequence for crude oil distillation. 
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corresponding column sections are shown in Figure 10.15. 
Unfortunately, a practical crude oil distillation cannot be operated 
in quite the way shown in Figure 10.15b. The first problem is that if 
high-temperature reboiling is used, as would be required for the 
higher boiling products in the lower part of the column in 
Figure 10.15b, extremely high-temperature sources of heat would 
be required. Steam is usually not available for process heating at 
such high temperatures. Also, high temperatures in the reboilers 
would result in significant fouling of the reboilers from decompo¬ 
sition of the hydrocarbons to form coke. The maximum tempera¬ 
ture for using reboiling in petroleum refining is usually of the order 
of 300 °C. Therefore, in practice, some or all of the reboiling is 
substituted by the direct injection of steam into the distillation. The 
steam has two functions: 

• It provides some of the heat required for the distillation. 

• It lowers the partial pressure of the boiling components, making 

them more volatile. 

Because steam is injected into the operation in various places in 
Figure 10.16, the steam is condensed overhead and is separated in a 
decanter from the condensing hydrocarbons and the hydrocarbons 
that do not condense. 

Another problem with the arrangement in Figure 10.15b is that 
as the vapor rises up the main column, its flowrate increases 
significantly. In Figure 10.16, heat is being removed from the 
main column at intermediate points. This not only controls the 
vapor flow up the column but introduces additional control at 
intermediate points to maintain product quality. Introducing 



Figure 10.16 

Substitute some (or all) of the reboiling with direct steam injection and 
introduce intermediate condensation. 


condensation at intermediate points corresponds with introducing 
some condensation of the vapor at the top of intermediate columns 
in the arrangement shown in Figure 10.15a. It should be noted that 
the introduction of some condensation between the columns does 
not necessarily eliminate all thermal coupling between the columns 
in Figure 10.15a, but can leave partial thermal coupling, rather than 
full thermal coupling. How much condensation and how much 
thermal coupling are to be used at each point are important degrees 
of freedom to be optimized. 

In crude oil distillation, the heat is removed from the column by 
taking a liquid sidestream, subcooling the liquid and returning it to 
the column. This provides the condensation by direct contact, but 
introduces inefficiency into the design. Returning subcooled liquid 
to the column is inefficient in distillation, as subcooled liquid 
cannot take part in the distillation until it has returned to saturation 
conditions. 

The heat is removed from the main column in one of two ways. 
These are shown in Figure 10.17. The first, in Figure 10.17a, is a 
pumparound. Liquid is taken from the column, subcooled and 
returned to the column at a higher point. Another arrangement 
shown in Figure 10.17b is a pumpback. This takes liquid from the 
column and subcools it, but this time returns it to a lower point in the 
column. The problem with the pumpback is that the flowrate that 
can be withdrawn must be significantly less than the liquid flowing 
down the column. It is therefore restricted in its capacity to remove 
heat. The pumparound, on the other hand, is not restricted by the 
flow of liquid down the column and can recirculate as much liquid as 
required around a section of the column. By choosing the most 
appropriate flowrate and temperature for the pumparound, the heat 
load to be removed can be adjusted to whatever is desired. The trays 
between the liquid draw and return in a pumparound are functioning 
more to carry out heat transfer than mass transfer. In addition to 
returning a subcooled liquid to the column, mixing occurs as 
material is introduced to a higher point in the column. 

One final point needs to be made about the arrangement shown 
in Figure 10.16. The crude oil entering the main column needs to be 
preheated. This is done initially by heat recovery to a temperature 
in the range 90 to 150 °C, and the crude oil is extracted with water to 
remove salt. The desalting process mixes with water and then 
separates into two layers, the salt dissolving in the water. The 
desalted crude oil is then heated further by heat recovery to a 
temperature usually around 280 °C, or higher if possible, and then 
by a furnace (fired heater) to around 360 °C before entering the 
column. Note that this temperature is higher than that previously 




Figure 10.17 

Partial condensation can be achived by subcooling liquid for the column. 
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Figure 10.18 

A typical complete crude oil distillation system. 


quoted as the maximum that can be supplied in a reboiler. 
However, the decomposition depends on both temperature and 
residence time, and a high temperature can be tolerated in the 
furnace if it is only for a short residence time. 

All of the material that needs to leave as product above the feed 
point must vaporize as it enters the column. In addition to this, 
some extra vapor over and above this flowrate must be created that 
will be condensed and flow back down through the column as 
reflux. This extra vaporization to create reflux is known as 
overflash. 

The majority of atmospheric crude oil distillation columns 
follow the configuration shown in Figure 10.16, which is basically 
the partially thermally coupled indirect sequence. However, there 
are many other possibilities for different column arrangements that 
have the potential to reduce the energy consumption. One common 
variation is to introduce a flash separation partway through the feed 
preheating, the vapor from which is fed directly to the column. This 
allows part of the vaporization to be carried out at a lower 
temperature and reduces the amount of material that needs to be 
raised to a higher temperature for vaporization. 

The distillation of crude oil under conditions slightly above 
atmospheric pressure is limited by the maximum temperature that 
can be tolerated by the materials being distilled, otherwise there 
would be decomposition. Further separation of the bottoms of the 
column (the atmospheric residue) would require a higher temper¬ 
ature, and therefore bring about the decomposition of material. 
However, this leaves a significant amount of valuable material that 
could still be recovered from the atmospheric residue. Therefore, 


the residue from the atmospheric crude oil distillation is usually 
reheated to a temperature around 400 °C or slightly higher and fed 
to a second column, the vacuum column , which operates under a 
high vacuum (very low pressure) to allow further recovery of 
material from the atmospheric residue, as shown in Figure 10.18. 
The pressure of the vacuum column is typically 0.006 bar at the top 
of the column where the vacuum is created. The design of the 
vacuum column is simpler than the atmospheric column with 
typically two sidestream products being taken, leaving a heavy 
vacuum residue at the bottom of the column. 

10.8 Structural 
Optimization of Distillation 
Sequences 

Consider now ways in which the best arrangement of a distillation 
sequence can be determined more systematically. Given the 
possibilities for changing the sequence of simple columns or 
the introduction of distributed distillation, prefractionators, side- 
strippers, side-rectifiers and fully thermally coupled arrangements, 
the problem is complex with many structural options. The problem 
can be addressed using structural optimization. 

Different approaches can be used for structural optimization. 
Figure 10.19 illustrates one approach using the example of sepa¬ 
ration of a four-component mixture into relatively pure products. 
Five basic sequences for the separation of the mixture using simple 
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Figure 10.19 

Superstructure of simple columns for five product distillation sequence. 


columns have been included in a superstructure in Figure 10.19. 
The superstructure contains all of the options for sequences of 
simple columns. This superstructure of simple columns contains 
redundant features that need to be removed by the optimization. 
The optimization involves not only the distillation configuration 
but also the operating pressure, reflux ratio and feed condition of 
each column and choice of partial or total condenser for each 
column. It should be noted that there are interactions between 
columns in series as far as the feed condition is concerned. For 
example, if the bottom product of an upstream distillation column 
leaves as a saturated liquid and is fed to a downstream column at the 
same pressure, then the feed to the downstream column will be a 
saturated liquid. However, if the pressure of the downstream 
column is increased, the feed to the downstream column will be 
subcooled. On the other hand, if the pressure of the downstream 
column is decreased, the feed to the downstream column will 
become superheated. 

Figure 10.19 only includes options for simple columns. 
Figure 10.20 shows that any two columns connected in series 
can in principle be replaced by different complex column arrange¬ 
ments. The appropriate complex column arrangement options 
depend on whether the two simple columns in series to be replaced 
are in the direct or indirect sequence. In principle, any two columns 
in series can be merged together. 

Structural optimization can be carried out using mixed integer 
optimization of the superstructure (see Chapter 3), or stochastic 
search optimization (e.g. simulated annealing algorithm, see 
Chapter 3). Stochastic search optimization starts with any feasible 
distillation sequence (e.g. one of the simple column sequences). 
The design is then evolved in the optimization through a series of 
moves to improve the design. The moves can include: 



Figure 10.20 

Simple column pairs in a superstructure of simple columns can be replaced by complex column arrangements. 
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• change the base sequence of simple columns; 

• merge a sequence of two simple columns in series in the direct 
sequence to form a complex column with options of side- 
rectifier, prefractionator, partition column, or liquid side- 
draw column; 

• merge a sequence of two simple columns in series in the indirect 
sequence to form a complex column with options of side- 
stripper, prefractionator, partition column or vapor side-draw 
column; 

• split two simple columns in series into a distributed distillation 
arrangement (as illustrated in Figure 10.6a); 

• demerge a complex column into simple columns (note that the 
complex column arrangement might be demerged to a direct or 
indirect sequence, depending on the complex column 
arrangement); 

• merge a three-column distributed distillation arrangement into a 
direct sequence of simple columns; 

• merge a three-column distributed distillation arrangement into 
an indirect sequence of simple columns; 

• change the distribution of components in the prefrationation of 
distributed distillation, prefractionators and partition prefrac¬ 
tionator columns; 

• change the pressure of any column; 

• change the reflux ratio of any column; 

• change the feed condition of any column; 

• change a total condenser on a column to a partial condenser; 

• change a partial condenser on a column to a total condenser. 

In this way, the optimization evolves the design by simulating the 
design after each move and calculating the objective function, which 
might be total reboiler load, total condenser load, operating cost or 
total annualized cost. Each simple column or complex column can be 
evaluated by designing and costing using either shortcut calculations 
(described in Chapter 8 for simple columns and earlier in this chapter 
for complex columns) or using detailed simulation and costing 
calculations. Although the approach commonly uses shortcut calcu¬ 
lations, such as the Fenske-Underwood-Gilliland approach, the 
approach is not restricted to use of shortcut methods. 

Rather than using stochastic search optimization and moves 
from an initial design, a comprehensive superstructure can be 
developed by embedding all possible combinations of simple and 
complex columns into a single superstructure. As discussed in 
Chapter 3, this superstructure can be represented as an MINLP 
optimization problem and optimized to provide a design. However, 
the nonlinear nature of the optimization creates special problems 
associated with being trapped in local optima if deterministic 
optimization methods are used (see Chapter 3). 

Another point to be noted is that, so far, heat integration has 
not been considered. All reboiling and condensing duties will be 
satisfied by hot and cold utilities. In principle, there could be 
multiple utilities. For example, different steam pressures might 
be available for reboiling and cooling for condensers could be 
supplied by steam generation, cooling water or different refrig¬ 
eration levels. The influence of heat integration on distillation 
sequencing will be considered later in Chapter 20. 
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Figure 10.21 

A typical product recovery matrix. 

Before the optimization can begin, the overall material balance 
needs to be specified. This can be done via a product recovery matrix, 
as illustrated in the example in Figure 10.21. Components are 
arranged in order of their volatility. It follows that components in 
a product must all be adjacent, and a component can only distribute 
between adjacent products. Also, the lightest component of Product 
(i + 1) must be at least as heavy as the lightest component in Product i 
and the heaviest component of Product (i + 1) must be at least as 
heavy as the heaviest component in Product i. In this way, the 
material balance for the sequence can be specified. However, it might 
not be possible to achieve all of the specifications in the product 
recovery matrix, as in any single column in the system, only the 
recoveries of the light and heavy key components can be specified. 
Nonkey components distribute according to the separation and 
relative volatilities. Thus the product recovery matrix represents 
what is desired, rather than what can be achieved in practice. 

Example 10.4 The mixture of alkanes given in Table 10.2 is to 
be separated into relatively pure products. Using the Underwood 
Equations for minimum reflux ratio, determine sequences of simple 
and complex columns that minimize the overall reboiler load. 
The recoveries will be assumed to be 100%. Assume the actual 
to minimum reflux ratio to be 1.1 and all the columns, with the 
exception of thermal coupling and prefractionator links, are fed with 
saturated liquid. Total condensers are to be used throughout. 
Neglect pressure drop through columns. Relative volatilities and 
latent heats of vaporization can be calculated from the Peng- 
Robinson Equation of State with interaction parameters set to 
zero. Pressures are allowed to vary through the sequence with 
relative volatilities recalculated on the basis of the feed composition 
for each column. Pressures of each column are allowed to vary to a 
minimum such that the bubble point of the overhead product is 
10°C above the cooling water return temperature of 35 °C (i.e. 
45 °C) or a minimum of atmospheric pressure. 

Solution Figure 10.22 shows three sequences that reduce the 
total reboiler load compared with the best sequence of simple 
columns. The performance of the three sequences is effectively the 
same, given the assumptions made for the calculations. The total 
reboiler load is around 30% lower than that of the best sequence of 
simple columns from Table 10.4. The differences between net¬ 
works of simple and complex columns in terms of the reboiler load 
vary according to the problem. 
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Figure 10.22 

Complex column arrangements for the separation of alkanes from Example 10.4. 


10.9 Distillation 
Sequencing - Summary 

The best few non-heat-integrated sequences can be identified using 
the total reboiler load for above ambient temperature distillation 
or total condenser load for below ambient temperature distillation 
as a criterion. Alternatively, operating cost can be used. If this is not 
satisfactory, then the alternative sequences can be sized and the 
capital cost estimated using shortcut techniques. 

Complex column arrangements, such as the prefractionator and 
thermally coupled arrangements, offer large potential savings in 
energy compared to sequences of simple columns. Partitioned 
prefractionator columns (dividing-wall columns) also offer large 
potential savings in capital cost. However, caution should be 
exercised in fixing the design at this stage, as the optimum 
sequence can change later in the design once heat integration is 
considered. 

Crude oil distillation is carried out in a complex column 
sequence in which live steam is injected into the separation to 
provide some of the heat required and to reduce the partial pressure 
of the components to be distilled. The design most often used is the 
equivalent of the partially thermally coupled indirect sequence. 
However, other design configurations can also be used. 

The design of sequences of simple and complex columns can be 
carried out using structural optimization. Structural options can be 
explored using stochastic search optimization or the optimization 
of a superstructure. The operating pressure, reflux ratio and feed 
condition of each column and choice of partial or total condenser 
for each column should also be optimized. It is assumed at this 
stage that all reboiling and condensing duties will be satisfied by 
hot and cold utilities. In principle, there could be multiple utilities. 

10.10 Exercises 

1. Table 10.8 shows the composition of a four-component mix¬ 
ture to be separated by distillation. The K-values for each 


component at the bubble point temperature of this mixture are 
given. The liquid- and vapor-phase mixtures of these compo¬ 
nents may be assumed to behave ideally. 

Figure 10.23 shows a sequence that has been proposed to 
separate the mixture shown in Table 10.8 into pure component 
products. The minimum reflux ratio for each column in this 
sequence is shown. The feed and all distillation products may 
be assumed to be liquids at their bubble point temperatures. 

a) Calculate the flowrates and composition of all streams 
shown in Figure 10.23. Assume that the recovery of the 
light and heavy key components in each column is 
complete. 

b) Calculate the vapor load (the total flow of vapor produced 
in all reboilers in the sequence) for this sequence assuming 
a ratio of actual to minimum reflux ratio of 1:1. 

c) What is the significance of the total vapor load? 

2. Apply the heuristics for the sequencing of simple distillation 
columns to the problem in Table 10.8. Is the sequence shown in 
Figure 10.23 likely to be a good or bad sequence based on the 
heuristics? 


Table 10.8 

Data for the four-component mixture to be separated. 


Component 

Mole fraction 

in feed 

K-value 

Normal 
boiling point 

(°C) 

n-Pentane 

0.05 

3.726 

36.3 

n-Hexane 

0.30 

1.5373 

69.0 

n -Heptane 

0.45 

0.6571 

98.47 

n-Octane 

0.20 

0.284 

125.7 

Total flowrate 
(kmolh -1 ) 

150 
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Pentane 



Figure 10.23 

Sequence of simple distillation columns. 

3. Table 10.9 presents some heuristics for using complex distil¬ 
lation columns to separate a ternary mixture into its pure 
component products. On the basis of these heuristics, suggest 
two sequences containing complex columns that can be used to 
separate the mixture described in Table 10.8 into relatively pure 
products. 

4. A mixture of ISOkmol h 1 of benzene (B). toluene (7), 
p-xylene (pX) and o-xylene ( oX) with the feed composition 
in Table 10.10 is to be separated into relatively pure products. 
Assume that recovery is complete. 


Table 10.9 

Heuristics for separating a mixture of components A, B and C using complex 
distillation columns. Component A is the most volatile and Component C is the 
least volatile (Glinos and Malone, 1988). 


Complex column 

Heuristic for using columns 

Sidestream column (sidestream 
below feed) 

B > 50% of feed, C < 5% of feed; 

a BC a AB 

Sidestream column (sidestream 
above feed) 

B > 50% of feed, A < 5% of feed; 

®AB ®BC 

Side-rectifier 

B > 30% of feed; less C than A in 
the feed 

Side-stripper 

B > 30% of feed; less A than C in 
the feed 

Prefractionator arrangement 

Fraction of B in the feed is large; 
ocab is similar to a B c 


Table 10.10 

Mixture of aromatics. 


Component 

Mole fraction 

Relative 

volatility 

Relative 

volatility 

between 

adjacent 

components 

Benzene 

0.40 

6.215 





2.33 

Toluene 

0.35 

2.673 





2.33 

p-Xylene 

0.20 

1.48 





1.148 

o-Xylene 

0.05 

1.00 



a) Using heuristics, suggest a sequence of simple columns 
for the separation. 

b) Suggest two sequences involving complex columns using 
the heuristics in Table 10.9. 

5. When separating a mixture into relatively pure components 
using simple distillation columns, the different sequences can 
be decomposed into a series of separation tasks (Shah and 
Kokossis, 2002). Some tasks are common to different 
sequences. For the separation of the mixture of aromatics 
into relatively pure products in Exercise 4, the tasks are listed 
in Table 10.11. For each task the values of R min , N min , A H VAP , 
T C ond and T reb are listed in Table 10.11. Assume that the ratio 
of the actual to minimum reflux ratio is 1.1 and all column feeds 
are saturated liquid. 

a) List the sequences of simple column tasks that can be used 
for the separation. 

b) Calculate the flowrate of the distillate for all simple 
column tasks in all possible sequences. From the distillate 
flowrates calculate the total vapor load and total reboiler 
heating demand for all sequences. 

6. Figure 10.24 shows an existing distillation arrangement for the 
separation of light hydrocarbons (Lestak and Collins, 1997). 
The system is to be retrofitted to reduce its energy consumption 
by changing to a complex distillation arrangement. As much of 
the existing equipment as possible is to be retained. 

a) For two of the existing simple distillation columns, sug¬ 
gest different ways the two columns can be merged in a 
retrofit to form complex column arrangements. 

b) For two of the existing simple distillation columns, sug¬ 
gest how the two columns might be re-used in a retrofit to 
form complex column arrangement by adding a new 
column shell and the three columns connected to form 
complex columns. Emphasis should be given to maxi¬ 
mum reuse of existing equipment. 


10 
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Table 10.11 

Data for separation tasks in the aromatics separation. 


Separation 

B min 

.v„„„ 

A H vap (kj knioU 1 ) 

Tcond (°C) 

Tree (°C) 

BITpXoX 

1.49 

19.7 

35170 

80.2 

120.1 

B T/pX oX 

0.63 

19.6 

35170 

91.2 

139.8 

B T pX/oX 

1.96 

111.3 

35170 

97.4 

143.6 

BIT pX 

1.5 

19.8 

34764 

80.2 

118.6 

B T/pX 

0.61 

19.5 

34764 

91.2 

139.0 

T/pX oX 

1.43 

22.1 

35476 

110.3 

139.8 

T pX/oX 

3.74 

129.3 

35476 

118.6 

143.6 

BIT 

1.36 

20.0 

32599 

80.2 

110.3 

T/pX 

1.34 

22.8 

35182 

110.3 

139.0 

pX/oX 

10.31 

151.2 

36349 

138.9 

143.6 


B\ benzene; T\ toluene; pX. p-xylene; oX: o-xylene. 


c) If two of the three columns in Figure 10.24 are to be 
transformed into a complex column arrangement, which 
two columns would be the most appropriate ones to 
merge? 

d) Devise a number of complex column arrangements 
involving merging of two of the existing columns in 
Figure 10.24 that reuse the existing column shells and 
are likely to bring a significant reduction in the energy 
consumption. 


7. Vapor flowrate in kmol h 1 for each simple distillation task for 
the separation of a four-component mixture are: 


AIBCD 

100 

BICD 

90 

AIB 

70 

ABICD 

120 

BCID 

250 

BIC 

100 

ABCID 

240 

A/BC 

130 

CID 

220 



ABIC 

140 




Determine the best distillation sequence for the minimum 
total vapor flowrate. 


DEPROPANISER DEBUTANISER 


DEISOBUTANISER 


• 0 - 




10 


Propane 


P= 12.1 bar 


P= 3.5 bar 
r= 34 °c 

— » 


-0 


r\ 


\23M -1 8 bar 

T L, T= 83 °C 

1 - 0 — *X3- 


19 


40, 


-k^ 


P= 4.1 bar 


-0 


rtv 


38 


l 92 ,«_, 


T= 95 °C 

C5+ (gasoline) 6970kW 

3190kW 192 kmol h' 1 


lsobutane 
103 kmol h"' 

P= 4.40 bar 
r= 33 °C 


n-Butane 
305 kmol h 1 

P= 5.50 bar 
T= 55 °C 


Figure 10.24 

Existing arrangement of columns for the separation of light hydrocarbons. (From Lestak F and Collins C, 1997, Chem Engg, July: 72, reproduced by permission 
of McGraw Hill.) 
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Table 10.12 

Vapor flowrates for Exercise 8. 


Task number 

Task 

Vapor flow rate 
(kmol h _1 ) 

1 

A/BCD 

100 

2 

AB/CD 

120 

3 

ABC/D 

240 

4 

B/CD 

90 

5 

BC/D 

250 

6 

A/BC 

130 

7 

AB/C 

140 

8 

C/D 

220 

9 

B/C 

100 

10 

A/B 

80 


8. Vapor flowrates (kmol h ') for each simple distillation task 
separating a four-component mixture are given in Table 10.12. 

a) Determine how the tasks can be combined together for all 
possible sequences of simple distillation columns. 

b) Calculate the vapor flowrate of all possible sequences of 
simple column assuming there are no interactions between 
the simple distillation tasks. 

c) Which distillation sequence performs the best in terms of 
vapor flowrate? 

9. By using the concept of breaking a sequence of simple distil¬ 
lation columns into distillation column tasks, derive a mixed 
integer model for the problem in Exercise 7 to determine the 
best sequence for the minimum vapor flowrate using simple 
distillation columns. 

a) Develop a task-based network superstructure for the 
mixture ABCD. 

b) Assign a binary variable (y,) for each task and write an 
objective function for vapor load in terms of the binary 
variables, assuming the loads for each task given in 
Exercise 7. 

c) Write logic constraints for the selection of tasks. For 
example, if Task 4 is selected (y 4 = 1), then Task 8 is 


also selected (y 8 = 1), but if Task 4 is not selected (y 4 = 0), 
then Task 8 may or may not be selected (y 8 = 0 or 1); 
therefore (y 4 -y 8 ) < 0. 

d) Formulate the problem as an MILP optimization 
problem. 
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Chapter 11 


Distillation Sequencing for 
Azeotropic Distillation 


11.1 Azeotropic Systems 

In Chapter 10, the distillation sequence for the separation of 
homogeneous liquid mixtures into a number of products was 
considered. The mixtures considered in Chapter 10 did not involve 
the kind of highly nonideal vapor-liquid equilibrium behavior that 
would result in azeotrope formation. If a multicomponent mixture 
needs to be separated, in which some of the components form 
azeotropes, one approach is to treat the azeotrope-forming com¬ 
ponents as if they were a single pseudocomponent and these 
isolated in a distillation sequence as addressed in Chapter 10. 
The separation of the azeotropic components can then be carried 
out in the absence of other components. However, caution should 
be exercised when following such an approach as it will not 
always lead to the best solution. Complex interactions can occur 
between components and the presence of components other than 
those involved with the azeotrope can sometimes make the 
azeotropic separation easier. Indeed, if a mass separation agent 
is used to achieve the separation, as will be discussed later, it is 
preferable to use a component that already exists in the process. 

In many cases, the azeotropic behavior is between two compo¬ 
nents, involving binary azeotropes. In other cases, azeotropes can 
involve more than two components, involving multicomponent 
azeotropes. 

The problem with azeotropic behavior, as discussed in Chap¬ 
ter 8, is that for highly nonideal mixtures a constant boiling 
mixture can form at a specific composition that has the same 
composition for the vapor and liquid at an intermediate composi¬ 
tion. This depends on the vapor-liquid equilibrium physical 
properties. Distillation can be used to separate to a composition 
approaching the azeotropic composition, but the azeotropic com¬ 
position cannot be approached closely in a finite number of 
distillation stages, and the composition cannot be crossed, even 
with an infinite number of stages. Thus, if the light and heavy key 
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components form an azeotrope, then something more sophisticated 
than simple distillation is required. If a mixture that forms an 
azeotrope is to be separated using distillation, then the vapor-liquid 
equilibrium behavior must somehow be changed to allow the 
azeotrope to be crossed. There are three ways in which this can 
be achieved. 

1) Change in pressure. The first option to consider when sepa¬ 
rating a mixture that forms an azeotrope is exploiting change 
in azeotropic composition with pressure. If the composition 
of the azeotrope is sensitive to pressure and it is possible to 
operate the distillation over a range of pressures without any 
material decomposition occurring, then this property can be 
used to carry out a separation. A change in azeotropic compo¬ 
sition of at least 5% with a change in pressure is usually 
required (Holland, Galium and Lockett, 1981). 

2) Add an entrainer to the distillation. A mass separation agent, 
known as an entrainer , can be added to the distillation. The 
separation becomes possible because the entrainer interacts 
more strongly with one of the azeotrope-foiming components 
than the other. This can in turn alter in a favorable way the 
relative volatility between the key components. 

3) Use a membrane. If a semi-permeable membrane is placed 
between the vapor and liquid phases, it can alter the vapor- 
liquid equilibrium and allow the separation to be achieved. This 
technique is known as pervaporation. 

11.2 Change in Pressure 

The first option to consider when separating an azeotropic mixture 
is exploiting change in azeotropic composition with pressure. 
Azeotropes are often insensitive to change in pressure. However, 
if the composition of the azeotrope is sensitive to pressure and it is 
possible to operate the distillation over a range of pressures without 
any decomposition of material occurring, then this property can be 
used to carry out a separation. A change in azeotropic composition 
of at least 5% with a change in pressure is usually required 
(Holland, Gallun and Lockett, 1981). 
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Figure 11.1 

Separation of minimum boiling azeotrope by pressure change. 


Figure 11.1a shows the temperature-composition diagram for a 
mixture that forms a minimum-boiling azeotrope and is sensitive 
to change in pressure (Holland, Gallun and Lockett, 1981). 
This mixture can be separated using two columns operating at 
different pressures, as shown in Figure 11.1b. Feed with compo¬ 
sition f\ is fed to the high-pressure column. The bottom product 
from this high-pressure column bi is relatively pure B, whereas the 
overhead product d\ approaches the high-pressure azeotropic 
composition. This distillate d\ is fed to the low-pressure column 
as f 2 . The low-pressure column produces a bottom product b 2 
that is relatively pure A and an overhead product d 2 that 
approaches the high-pressure azeotropic composition. This distil¬ 
late d 2 is recycled to the high-pressure column. 

Figure 11.2a shows the temperature-composition diagram for 
a mixture that forms a maximum-boiling azeotrope and is sensitive 
to change in pressure (Holland, Gallun and Lockett, 1981). Again, 
this mixture can be separated using two columns operating 
at different pressures, as shown in Figure 11.2b. Feed with com¬ 
position/! is fed to the high-pressure column. The overhead product 
from this high-pressure column d\ is relatively pure A, whereas 
the bottom product b\ approaches the high-pressure azeotropic 
composition. This bottom product b\ is fed to the low-pressure 
column as f 2 . The low-pressure column produces an overhead 
product d 2 that is relatively pure B and a bottom product b 2 that 
approaches the low-pressure azeotropic composition. This bottom 
product b 2 is recycled to the high-pressure column. 



Figure 11.2 

Separation of a maximum boiling azeotrope by pressure change. 


The problem with using a pressure change is that the smaller 
the change in azeotropic composition, the larger is the recycle in 
Figures 11.1b and 11.2b. A large recycle means a high energy 
consumption and high capital cost for the columns, resulting from 
large feeds to the columns. 

If the azeotrope is not sensitive to changes in pressure, then 
an entrainer can be added to the distillation to alter in a favorable 
way the relative volatility of the key components. Before the 
separation of an azeotropic mixture using an entrainer is consid¬ 
ered, the representation of azeotropic distillation in ternary dia¬ 
grams needs to be introduced. 

11.3 Representation of 
Azeotropic Distillation 

To gain a conceptual understanding of the separation of such 
systems, they can be represented graphically on triangular dia¬ 
grams (Doherty and Malone, 2001). Figure 11.3 shows a triangular 
diagram for three components, A, B and C. Different forms of 
triangular diagrams can be used, such as equilateral triangular and 
right triangular (Hougen, Watson and Ragatz, 1954). The princi¬ 
ples are the same for each form of triangular diagram, and the form 
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P ure ‘I A - C mixtures 



a mixer for two streams P and R producing a mixed product Q. 
An overall mass balance gives: 


mQ = m P +m R (11.1) 

A mass balance on Component A gives: 

m Q x a ,q = m P x Af + m R x A , R (11.2) 

A mass balance on Component C gives: 

m Q x c,Q = m P x c,p + i»r x c,r (11-3) 

Substituting m Q from Equation 11.1 into Equation 11.2 gives: 


m R _ x A f — x Aj q 
mp x A ,q ~ X A,R 


(11.4) 


Figure 11.3 

The triangular diagram. 


Substituting wig from Equation 11.1 into Equation 11.3 gives: 

m R = x c ,q - x c ,p ^ 1 

m P x c ,r - x c ,q 


of diagram used is only a matter of preference. Here, the right- 
triangular diagram will be adopted, as illustrated in Figure 11.3. 
The three edges of the triangle represent A-B, A-C and B-C 
mixtures. Anywhere within the triangle represents an A-B-C 
mixture. An example is shown in Figure 11.3 involving 
a mixture with a mole fraction of A = 0.4, B = 0.4 and 
C = 0.2. The location of the mixture is at the intersection of a 
horizontal line corresponding with A = 0.4 from the axis on the 
A-B edge of the triangle with a vertical line corresponding with 
C = 0.2 from the axis on the B-C edge of the triangle. The 
concentration of B is not read from any scale but is obtained by 
difference and is 0.4. Lines of constant mole fraction of B run 
parallel with the A-C edge of the triangle. 

First, consider the representation of a mixer on the triangular 
diagram (Hougen, Watson and Ragatz, 1954). Figure 11,4a shows 



(o) A mixer for I wo 
streams P and R 



th) Mixer represented on a triangular diagram. 


Figure 11.4 

The Lever Rule. 


Equating Equations 11.4 and 11.5 gives: 

X A,P — X A,Q _ *C,Q - X C,P (116) 

X A,Q ~ X A 'R Xc,R ~ Xc,Q 

Equation 11.6 was developed purely from mass balance argu¬ 
ments, without any reference to triangular diagrams. Thus, point Q 
must be located in a triangular diagram so that Equation 11.6 is 
satisfied. If Q lies on a straight line between P and R, as shown in 
Figure 11.4b, the triangles PQT and QRS in Figure 11.4b are 
similar triangles from geometry, and from the properties of similar 
triangles Equation 11.6 is satisfied. Had Q not been on a straight 
line between P and R, at say Q in Figure 11.4b, the corresponding 
triangles would not have been similar, and Equation 11.6 would 
not have been satisfied. Thus, the composition of the mixture Q 
from Figure 11,4a when represented in a triangular diagram must 
lie on a straight line between the compositions of the two feeds to 
the mixer. From Figure 11.4b: 


x A p ~ Xaq _ PQ _ x cq — Xcp 

x A q — x AR QR xcr — Xcq 

Substituting Equation 11.7 in Equations 11.4 and 11.5 gives 


m R _ PQ 
m P QR 


( 11 . 8 ) 


Equation 11.8 indicates that the ratio of molar flowrates of two 
streams being mixed are given by the ratio of the opposite line 
segments on a straight line, when represented in a triangular 
diagram (Hougen, Watson and Ragatz, 1954). As with the rela¬ 
tionship developed in Chapter 8 for a single vapor-liquid equili¬ 
brium stage, this is again known as the Lever Rule from the analogy 
with a mechanical level and fulcrum. 
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(a) Representing mixers. 


(b) Distillation columns are reverse mixers. 


Figure 11.5 

Mixers and separators on the triangular diagram. 


Figure 11.6 

Representation of distillation systems on triangular 
diagrams. 




(a) A distillation sequence. (b) A distillation sequence with recycle. 


Figure 11.5a shows again a mixer and how the mixed stream 
lies on a straight line between the two streams being mixed at a 
point, located by the Lever Rule. Figure 11.5b shows a distillation 
column represented on the triangular diagram. The representation 
is basically the same, as distillation columns are effectively 
reverse mixers. The feed distillate and bottoms compositions 
all lie on a straight line with the relative distances again dictated 
by the Lever Rule. 

Figure 11.6a now shows a sequence of two distillation 
columns represented on a triangular diagram. The separation is 
assumed to be straightforward with no azeotropes forming in this 
case. In Figure 11.6a, Component A is the most volatile and 
Component C the least volatile. A mixture of A, B and C at Point 
F is first separated into pure A and a B-C mixture, as represented 
by the intersection of a line between pure A, F and the B-C edge of 
the triangle in Figure 11.6a. This B-C mixture is then separated in 
a second distillation column to produce pure B and C. Again, the 
relative flowrates are dictated by the Lever Rule. Figure 11.6b 
shows a slightly more complex arrangement that involves a 
recycle and a mixer. The feed mixture F is a mixture of A and 
B. This mixes with pure C to form feed F', which forms the feed 
to the first column. F' is now therefore a mixture of A, B and C. 
This is separated in the first column into pure A overhead and 
bottoms product of B-C. In the second column, B and C are 
separated into pure products, with the C being recycled to mix 
with the original feed F. 


11.4 Distillation at Total 
Reflux Conditions 

Like conventional distillation, when studying azeotropic distilla¬ 
tion, it is helpful to consider the two limiting cases of distillation 
under total reflux conditions and minimum reflux conditions 
(Doherty and Malone, 2001). Consider distillation at total reflux. 
Both staged columns and packed columns need to be considered at 
total reflux. Consider first staged distillation columns at total reflux 
conditions. The stripping section of a staged distillation column 
under total reflux conditions is illustrated in Figure 8.19. 

In Chapter 8, a relationship was developed for total reflux 
conditions at any Stage n: 

»> = 1 (8.48) 

Starting from an assumed bottoms composition, the liquid entering 
and vapor leaving the reboiler are the same at total reflux condi¬ 
tions. This is the same as the vapor entering and liquid leaving the 
bottom stage. Knowing the composition of the liquid leaving the 
bottom stage, the composition of the vapor leaving the bottom 
stage can be calculated from vapor-liquid equilibrium. Then, from 
Equation 8.48 the composition of the liquid entering the bottom 
stage is equal to the composition of the vapor leaving the bottom 
stage at total reflux conditions. Now, knowing the composition of 
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L L 




(a) Distillation line map without azeotropes. ( b ) Distillation line map with two azeotropes. 


Figure 11.7 

Distillation line maps. 


the liquid leaving the second from bottom stage, the composition 
of the vapor leaving the second from the bottom stage can be 
calculated from the vapor-liquid equilibrium. Applying Equa¬ 
tion 8.48 then allows the composition of the liquid leaving the 
third stage from bottom to be calculated, and so on up the column. 
In stepping up the column, the pressure is usually assumed to be 
constant. If the liquid composition at each stage is plotted on a 
triangular diagram, a distillation line is obtained (Zharov, 1968). 
The distillation line is unique for any given ternary mixture and 
depends only on vapor-liquid equilibrium data, pressure and the 
composition of the starting point. Repeating this for different 
assumed bottoms compositions allows us to plot a distillation 
line map, as illustrated in Figure 11.7 (Petlyuk and Avetyan, 1971; 
Petlyuk, Kievskii and Serafimov, 1975a). The distillation line map 
in Figure 11.7a involves a simple system with no azeotropes. 
Distillation lines in a distillation line map can never cross each 
other, otherwise the vapor-liquid equilibrium would not be unique 
for the system. The points on the distillation lines represent the 
discrete liquid compositions at each stage in a staged column. 
The tie lines between the points have no real physical significance 
as the changes in a staged column are discrete from stage to stage. 
The tie lines between the points simply help clarify the overall 
picture. Arrows can also be assigned to the tie lines to assist in the 
interpretation of the diagram. Here, arrows will be assigned in the 
direction of increasing temperature. 

A more complex distillation line map is shown in Figure 11.7b. 
This involves two binary azeotropes. The closeness of the dots on a 
distillation line is indicative of the difficulty of separation. As an 
azeotrope is approached, the points become closer together, indi¬ 
cating a smaller change in composition from stage to stage. 

The distillation lines in the distillation line map were in this case 
developed by carrying out a balance around the bottom of the 
column, as indicated in Figure 8.13. Equally well, the distillation 
line could have been developed by drawing an envelope around the 
top of the column at total reflux, and the calculation developed 
down the column in the direction of increasing temperature. 


The distillation lines in Figure 11.7 show the change in com¬ 
position through a staged column at total reflux. The analogous 
principle for the packed column at total reflux could also be 
developed (Doherty and Perkins, 1979a). To begin, consider the 
mass balance around the rectifying section of a staged column, 
but this time not at total reflux, as illustrated in Figure 11.8a. To 
simplify the development of the equations, constant molar over¬ 
flow will be assumed. A mass balance around the top of the column 
for Component i gives: 

Vyi , n +1 = £*.> + Dx ip (11.9) 

Also, by definition of the reflux ratio R: 


L = RD 


( 11 . 10 ) 


An overall balance around the top of the column gives: 

V = (R+\)D (11.11) 

Combining Equations 11.9 to 11.11 gives: 


R\jji i %i,D 

- V,>+1 “ R+ 1 + R+ 1 


( 11 . 12 ) 


Then carrying out a balance across Stage n for Component i, as 
illustrated in Figure 11.8b, gives: 


L*i, H-i + Vy in+ i — Lx,„ + Vy jn 


Rearranging Equation 11.13 gives: 


-Xi.n tCjn— I 


V 

L 


(37,77+1 


y i,n ) 


R+ 1 
R 


(37,71+1 


37,71) 


(11.13) 


(11.14) 
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(a) Mass balance around rectifying 
section, 


f'Xl, £*tr I 



(b) Mass balance around Stage u. 


Figure 11.8 

Mass balances for rectifying section at finite reflux conditions. 


Now combining Equations 11.12 and 11.14 gives: 


Xi,n Xi,n— 1 — Xi,n ”1" n 

K 


Xi,D (R + I )y:,n 


R 


(11.15) 


Equation 11.15 is a difference equation that, for small changes, can 
be approximated by a differential equation: 


dXi _ Xi (R + l)y ; 
dh ~ Xi + R R 


(11.16) 


where h = dimensionless height in a packed column 

Equation 11.16 can be considered to represent the change of 
concentration with height within a packed column, in which 
change in composition is continuous. At total reflux, R= oo and 
Equation 11.16 simplifies to: 


dxj 

dh 


= Xi 


-y. 


(11.17) 


Substituting the vapor-liquid equilibrium K-value: 


dxj 

~dh 


xiil-Ki) 


(11.18) 


This equation can be integrated at constant pressure from an 
initial composition jc, j0 through the dimensionless height h. 
However, the integration must be carried out numerically. 
Since K t is a function of jq, Equation 11.18 is nonlinear. 
Also, the equations for the individual components are coupled. 
Hence, the integration must be carried out numerically, typically 
using a fourth-order Runge-Kutta integration technique 
(Doherty and Perkins, 1979a). 

Equations 11.17 and 11.18 for packed columns at total reflux 
could also have been developed by considering a mass balance 


around the bottom of the column. The same result would have 
been obtained. 

Equation 11.18 allows us to predict the concentration profile 
through a packed column operating at total reflux conditions. 
The resulting profile is known as a residue curve, since they were 
first developed by considering the batch vaporization of a mixture 
through time (Schreinemakers, 1901; Doherty and Perkins, 
1978). Such batch vaporization is often termed simple distillation. 
An analysis of a simple distillation process results in the same 
form of expression as Equations 11.17 and 11.18 (Doherty and 
Perkins, 1978). However, in the case of simple distillation, the 
expressions feature dimensionless time instead of the dimension¬ 
less packing height. The significance of the residue curve in 
simple distillation is therefore a plot of the residual liquid 
composition through time as material is vaporized, and hence 
the name residue curve. The arrows assigned to residue curves 
then follow increasing time as well as temperature. Within the 
present context, the interpretation of the residue curve as a change 
of composition through height in a packed column at total reflux 
conditions is more useful. The residue curve is unique for any 
given ternary mixture and depends only on vapor-liquid equili¬ 
brium data, pressure and the composition of the starting point. 

Given a number of different starting points, a number of residue 
curves can be plotted on the same triangular diagram, giving a 
residue curve map (Doherty and Perkins, 1979b). Figure 11.9a 
shows a residue curve map that does not exhibit any azeotropes. 
Residue curves in a residue curve map can never cross each other, 
otherwise vapor-liquid equilibrium would not be unique for the 
system. Unlike distillation lines, residue curves are continuous. 
Arrows can again be assigned to help in the interpretation. Here, the 
arrows will be assigned in the direction of increasing temperature. 
A slightly more complex residue curve map is shown in 
Figure 11.9b. This residue curve shows a binary minimum-boiling 
azeotrope between the light and intermediate-boiling components. 
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(h* Residue curve map with one azeotrope. 


Figure 11.9 

Residue curve maps. 


An even more complex residue curve map is shown in Fig¬ 
ure 11.10. This has binary azeotropes between each of the three 
components. It also has a ternary minimum-boiling azeotrope 
involving all three components. 

Figure 11.11 superimposes distillation lines and residue curves 
for the same ternary systems. Figure 11.11a shows the system 
n-pentane, n-hexane and n-heptane, which is a relatively wide 
boiling mixture. It can be observed in Figure 11.11a that there are 
significant differences between the paths of the distillation lines 
and the residue curves. By contrast, the ternary system ethanol, 
isopropanol and water shown in Figure 11.11b is a more close¬ 
boiling mixture. This time, the distillation lines and residue curves 
follow each other fairly closely because the difficult separation 



Minimum-boiling 

binary 

azeotrope 


Figure 11.10 

A residue curve map with three binary azeotropes and one ternary azeotrope. 


means that the changes from stage to stage in a staged column 
become smaller and approach the continuous changes in a 
packed column. It is important to note that distillation lines and 
residue curves have the same properties at fixed points (when the 
distillation lines and residue curves converge to a pure product or 
an azeotrope). 

Both distillation lines and residue curves can be used to make an 
initial assessment of the feasibility of an azeotropic separation at 
high reflux rates. Both will give a similar picture. Figure 11.12a 
shows a residue curve map involving a binary azeotrope between 
the light and intermediate-boiling components. Also shown in 
Figure 11.12a are two suggested distillation separations drawn as 
straight lines. At total reflux, for a packed column to be feasible, 
both the distillate and bottoms product should be located on the 
same residue curve, as well as the feed and products being located 
on the same straight line. The upper separation in Figure 11.12a 
shows this to be the case and might in principle be expected to be 
feasible. The lower separation in Figure 11.12a shows a separation 
in which the products do not quite lie on the same residue curve. 
However, total reflux will not be used in the final design and there 
may be slight changes to the feed and product specifications. All 
that can be determined from the two separations shown in 
Figure 11.12a is that they might be feasible. However, there is 
no guarantee of this. Later, more rigorous assessment of the 
feasibility of an individual column will be considered. By contrast, 
two different separations are shown for the same residue curve map 
in Figure 11.12b. This time, the suggested separations run across 
the residue curves. In this case, the separations will not be feasible. 

Another important feature of residue curve maps (and distilla¬ 
tion line maps) is illustrated in Figure 11.13. The residue curve map 
in Figure 11.13a shows two binary azeotropes. Starting anywhere 
in the residue curve map will always terminate at the same point, in 
this case at the binary azeotrope between the intermediate-boiling 
and heavy components in Figure 11.13a. The residue curve map in 
Figure 11.13b shows a quite different behavior. Again, there are 
two binary azeotropes. This time, however, the residue curve map 
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(a) A wide-boiling mixture. (b) A close-boiling mixture. 


Figure 11.11 

Comparison of distillation lines and residue curves. 


can be divided into two distinct distillation regions separated by a 
distillation boundary (Petlyuk, Kievskii and Serafimov, 1975b; 
Doherty and Perkins, 1979b). Starting at any point to the left of the 
distillation boundary in Figure 11.13b will always terminate at the 
intermediate-boiling component. Starting anywhere to the right of 
the distillation boundary will always terminate at the heavy boiling 
component. The residue curve connecting the two azeotropes 
divides the residue curve map into two distinct regions. The 
significance of this is critical. Starting with a composition any¬ 
where in Region I in Figure 11.13b, a composition in Region II 
cannot be accessed, and vice versa. This means that distillation 
problems involving distillation boundaries are likely to be 
extremely problematic. For more complex systems, the residue 
curve map can be divided into more than two regions. For example, 
referring back to Figure 11.10, this residue curve map is divided 



(a) Separations likely to be feasible. 

Figure 11.12 

Residue curves give an indication of what separations are likely to be feasible. 


into three regions. The three distillation boundaries are created by 
the residue curves connecting the binary azeotropes with the 
ternary azeotrope. 

Distillation line maps also exhibit distillation boundaries. For 
example, referring back to Figure 11.7b, this is divided into two 
regions. The boundary is formed by the distillation line connecting 
the two binary azeotropes. The boundary for a residue curve on the 
system in Figure 11.7b would start and end at the same point but 
might follow a slightly different path because the residue curve 
follows a continuous profile rather than the discrete profile of the 
distillation line boundary in Figure 11.7b. Figure 11.11b also has 
two regions. The distillation lines and residue curves are super¬ 
imposed in Figure 11.11b, and it can be seen that the distillation 
line and residue curve distillation boundaries follow each other 
closely in this case. 



(b) Separations that will not be fesible. 
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(a) Residue curves giving the same final composition (b) Residue curves in which the final compositions 

for any intermediate starting point. arc different divide the map into different regions. 


Figure 11.13 

The residue curve maps can be divided into regions by distillation boundries. 


11.5 Distillation at 
Minimum Reflux Conditions 

So far, only the limiting case of total reflux condition has been 
investigated in developing distillation lines and residue curves 
for staged and packed columns. The other limiting condition of 
minimum reflux will now be explored (Wahnschafft et al., 1992; 
Doherty and Malone, 2001). Consider the rectifying section of a 
column as illustrated in Figure 11.14a. This is operating at mini¬ 
mum reflux, as there is a pinch in the column in which the changes 


in composition are incrementally small. This could either be an 
incrementally small change from stage to stage in a staged column 
or an incrementally small change with height in a packed column. 
A mass balance around the top of the column indicates that the 
liquid composition leaving the top section of the column, the liquid 
composition of the distillate and the vapor composition of the 
vapor entering the top section must all be in a straight line on a 
triangular diagram, as illustrated in Figure 11.14b. Also, at a pinch 
condition the change in composition is incremental. For an 
incremental change in composition with height in the residue 
curve, as illustrated in Figure 11.14b, both incremental points 


Column 

Pinch 




Residue 

curve 


(a) Rectifying section of column under 
minimum reflux conditions. 


(b) The tangent to the residue curve must pass through the 
distillate composition at minimum reflux conditions. 


Figure 11.14 

The minimum reflux condition can be identified from the tangent to the residue curve. 
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Figure 11.15 

The locus of tangents to the residue curves gives the pinch point curve. 





Figure 11.16 

Mass balance for the stripping section at finite reflux conditions. 


of the pinch must be on the residue curve, and an incremental 
change defines the line to be a tangent to the residue curve 
(Wahnschafft et al., 1992). Thus, it follows that the tangent to 
the residue curve at a pinch point x,- must pass through the distillate 
composition x i D . This principle gives a very simple way to follow 
the path of pinch conditions for any given distillate composition. 
Figure 11.15 shows a distillate composition D and a series of 
tangents drawn to the residue curves. The locus of points joining 
the tangents to the residue curves dehnes the pinch point curve 
(Wahnschafft et al ., 1992). The same principle can also be applied 
to the bottom of the column. The same pinch point curve applies 
to both staged and packed columns, as by definition at a pinch 
condition the changes are incrementally small. 


second stage can be calculated from the vapor-liquid equilibrium. 
The vapor entering the second stage can then be calculated from 
Equation 11.12, and so on down the column. In this way, the 
composition through the rectifying section can be calculated 
by specifying the reflux ratio and distillate composition, based 
on the assumption of constant molar overflow (Levy, Van Dongen 
and Doherty, 1985). 

The corresponding mass balance can also be carried out around 
the stripping section of a column, as illustrated in Figure 11.16. 
A mass balance around the bottom of the column for Component 
i gives: 

n ! = Vyi n + liXj /j (11.19) 


11.6 Distillation at Finite 
Reflux Conditions 


Consider again the column rectifying section shown in Figure 11.8a 
at finite reflux conditions. Equation 11.12 relates the com¬ 
position of passing vapor and liquid streams at any stage, given 
the reflux ratio and distillate composition. Specifying the distillate 
composition from the rectifying section in Figure 11.8a allows the 
vapor composition leaving the top stage of the distillation column 
to be calculated from the vapor-liquid equilibrium. This would 
allow the composition of the vapor leaving the first stage and the 
liquid composition entering the first stage (being the same as the 
distillate composition) to be determined. The liquid composition 
leaving the first stage will be at equilibrium with the vapor 
composition leaving the first stage. Thus, from a vapor-liquid 
equilibrium calculation, the liquid leaving the first stage can be 
calculated from the composition of the vapor leaving the first 
stage. The composition of the vapor entering the first stage can 
then be calculated from Equation 11.12. This is the vapor leaving 
the second stage. Thus, the composition of the liquid leaving the 


Also, by definition of the reboil ratio 5: 


V = SB 


( 11 . 20 ) 


An overall balance around the bottom of the column gives: 

L = (5+1)5 (11.21) 

Combining Equations 11.19 to 11.21 gives: 

Syi,n , x i,B 


x i,n— 1 


5+1 5+1 


( 11 . 22 ) 


Equation 11.22 relates the compositions of vapor and liquid 
streams passing each other in the stripping section of a column. 
Equation 11.22 can be used together with vapor-liquid equilibrium 
calculations to calculate a composition profile in the stripping 
section of the column, similar to that of the rectifying section 
of the column as described above. The calculation is started with 
an assumed bottoms composition and Equation 11.22 applied 
repeatedly with vapor-liquid equilibrium calculations working 
up the column. 
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Figure 11.17 

Section profiles. 


Figure 11.17 shows a plot of section profiles developed in this 
way (Levy, Van Dongen and Doherty, 1985). Starting from an 
assumed distillate composition D, the calculation works down the 
column with a given reflux ratio. Working down the column, the 
changes from stage to stage gradually decrease as the lighter 
components become depleted. The distillate section profile 
approaches a pinch condition towards its termination as the lighter 
components become depleted. Also shown in Figure 11.17 is a 
section profile for the stripping section of a column. Starting at 
bottoms composition B with a given reboil ratio, the section profile 
works up the column. Towards the end of the section profile for the 
stripping section, again the changes from stage to stage become 
smaller as the section becomes depleted in the heavier components 
and again approaches a pinch condition. The section profiles 
starting from D and B in Figure 11.17 intersect each other before 


reaching a pinch condition. The intersection would correspond 
with the feed condition. Figure 11.17 indicates that because the 
section profiles for the rectifying and stripping sections intersect, 
these settings would, in principle, lead to a feasible column. 

Two issues should be noted. First, the section profiles are 
actually discrete changes from stage to stage, and strictly speak¬ 
ing the compositions of discrete points corresponding with 
stages for the rectifying and stripping sections need to intersect 
for feasibility. If the discrete points do not intersect, then usually 
some small adjustments to the product compositions, reflux ratio 
or reboil ratio can be used to fine-tune for feasibility. Second, the 
section profiles were developed by assuming constant molar 
overflow, which is an approximation. 

Also shown in Figure 11.17 is a section profile for a stripping 
section starting at B'. The stripping section profile starting at B' 
follows a path different from the profile starting at B and does not 
intersect the rectifying section profile. This means that the combi¬ 
nation of distillate compositions D and B 1 could not lead to a 
feasible column design. 

The intersection of section profiles as illustrated in Figure 11.17 
can be used to test the feasibility of given product compositions 
and settings for the reflux ratio and reboil ratio. However, the 
profiles would change as the reflux ratio and reboil ratios change, 
and trial and error will be required. 

It should be noted that although the assumption of constant 
molar overflow has been used here to develop the section profiles, it 
is possible to develop rigorous profiles. A rigorous profile requires 
the material and energy balances to be solved simultaneously. 
Thus, the rigorous profile would step through the column one stage 
at a time, solving the material and energy balance for each stage, 
rather than just the material balance. Obviously, the calculations 
become more complex. 

Figure 11.18 shows a product composition for the system 
chloroform, benzene and acetone with a series of section profiles 
for the stripping section of a column starting from bottoms 


Chloroform 




Figure 11.18 

For a given bottoms composition, a range of section profiles can be generated by varying the reboil ratio. (Reproduced from Castillo F. J.L, Thong D. Y.C and 
Towler G.P (1998) Homogeneous Azeotropic Distillation 1. Design Procedure for Single-Feed Columns at Non-total Reflux, Ind Eng Chem Res, 37: 987. 
Copyright © 1998, American Chemical Society.) 
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Chloroform 

0.4 


0.2 


0 - 

0 

Benzene 



Figure 11.19 

The operation leaf is bounded by the distillation line or residue curve and the pinch point curve. (Reproduced from Castillo F.J.L, Thong D.Y.C and Towler 
G.P (1998) Homogeneous Azeotropic Distillation 1. Design Procedure for Single-Feed Columns at Non-total Reflux, Ind Eng Chem Res, 37: 987. 
Copyright © 1998, American Chemical Society.) 


composition B. For a defined product composition, the section 
profiles can be projected for different settings of the reboil ratio 
(or the reflux ratio for a rectifying section). The reboil ratio is 
shown to gradually be increased from S = 1 to S = 100. The profile 
changes according to the setting of the reboil ratio. Each of the 
section profiles terminates in a pinch condition. This shows that 
there is a large area of the triangular diagram that can be accessed 
from a starting composition B by a column stripping section with 
the appropriate setting of the reboil ratio. However, it would be 
convenient to determine the region of all possible composition 
profiles for a given product without having to plot all of the section 
profiles, as illustrated in Figure 11.18. 

The rectifying or stripping section of a column must operate 
somewhere between total reflux and minimum reflux conditions. 
The range of feasible operations of a column section can thus 
be defined for a given product composition. It can be seen in 
Figure 11.19 that these section profiles are bounded for a stage 
column by the distillation line and the pinch point curve. As noted 
previously, the pinch point curve provides a minimum reflux 
boundary for both staged and packed columns, as by definition 
at a pinch condition the changes are incrementally small. 

Also shown in Figure 11.19 is the residue curve projected from 
the same product composition. The area enclosed within the residue 
curve and the pinch point curve thus provides the feasible compo¬ 
sitions that can be obtained by a packed column section from a 
given product composition. For any given product composition, 
the operation leaf of feasible operation for a column section can 
be defined by plotting the distillation line (or residue curve) and the 
pinch point curve (Levy, Van Dongen and Doherty, 1985; Castillo, 
Thong and Towler, 1998). The column section must operate 
somewhere between the total and minimum reflux conditions. 


For the stripping and rectifying sections to become a feasible 
column, the two operation leaves must overlap. Figure 11.20 
shows the system for chloroform, benzene and acetone. The 
operation leaf for a distillate composition D intersects with the 
operation leaf for a bottoms composition B t in Figure 11.20. 
This means that for these two products there is some combina¬ 
tion of settings for the reflux ratio and reboil ratio that will allow 
the section profiles to intersect and become a feasible column 
design. By contrast, the bottoms composition B 2 shows an 
operation leaf that does not intersect with the operation leaf 



Figure 11.20 

Overlap of column section operating leaves is a necessary condition for 
feasible separation. (Reproduced from Castillo F.J.L, Thong D.Y.C and 
Towler G.P (1998) Homogeneous Azeotropic Distillation 1. Design 
Procedure for Single-Feed Columns at Non-total Reflux, Ind Eng 
Chem Res, 37: 987. Copyright © 1998, American Chemical Society.) 
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of distillate D. This means that the two products D and B 2 cannot 
be produced in the same column, and the design is infeasible. 
No settings of reboil ratio or reflux ratio can make the combi¬ 
nation of B 2 and D a feasible design. 

The operation leaves are particularly interesting for cases when 
separations are not feasible at high reflux ratios but can be feasible 
at lower reflux ratios. The reason that this kind of behavior can 
happen will be discussed later. 

11.7 Distillation 
Sequencing Using 
an Entrainer 

Consider the separation of a mixture containing a mole fraction 
of acetone of 0.7 and a mole fraction of heptane of 0.3. This needs 
to be separated to produce pure acetone. Unfortunately, there is 
an azeotrope between acetone and heptane at a mole fraction of 
acetone of 0.95. Figure 11.21a shows the mass balance for the 
separation of this mixture into pure acetone and heptane using 
benzene as an entrainer. The feed is first mixed with benzene. 


Figure 11.21a shows three different mass balances corresponding 
with different amounts of benzene being mixed with the feed, 
producing feed mixtures at A, B and C in Figure 11.21a. From the 
Lever Rule, Point A in Figure 11.21a mixes the largest amount of 
benzene and Point C the lowest amount of benzene. The first 
column Cl separates the ternary mixture into pure heptane and a 
mixture of acetone and benzene, with a composition that depends 
on the amount of benzene mixed with the original feed. A second 
column C2 then separates pure acetone and benzene, with the 
benzene being recycled. Figure 11.21b shows the distillation 
sequence that would correspond with this mass balance. 

Even though a feasible mass balance has been set up, there is 
no guarantee that vapor-liquid equilibrium will allow the separa¬ 
tion. To test whether the columns are feasible, the operation leaves 
corresponding with the products suggested by the mass balance 
need to be plotted. Take the benzene flowrate corresponding with 
Point C in Figure 11.21a. This would correspond with the lowest 
flowrate of benzene of the three settings. Figure 11.21c shows the 
operation leaves for Column Cl. The stripping section leaf is very 
narrow and follows the acetone-heptane edge of the triangular 
diagram from b\. The rectifying leaf starts at d\ and is long and 
narrow along the acetone-benzene edge, after which it opens up 
and converges towards pure heptane, where it intersects with the 
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(c) Operation leaves for Column Cl. 
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(b) The distillation sequence. 
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(d) Operation leaves for Column C2. 
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Figure 11.21 

Distillation sequence for the separation of an acetone-heptane mixture using benzene as entrainer. 
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stripping operation leaf. The rectifying operation leaf is bounded 
by the rectifying pinch point curve, as shown in Figure 11.21c, 
and the residue curve from d\ that follows the acetone-benzene 
and benzene-heptane edges of the triangular diagram. Because 
the stripping and rectifying leaves for Column Cl intersect, in 
principle it is therefore a feasible column. One further point should 
be noted from the rectifying section leaf. From the shape of the 
leaf, it would be expected that the concentration of benzene in the 
column would be low at each end of the column and be higher in 
the middle of the column. This follows from the fact that benzene 
is an intermediate-boiling entrainer, with a volatility between that 
of acetone and heptane. A detailed simulation of Column Cl 
would show a benzene concentration through the column follow¬ 
ing these trends. Figure 11.21 d shows the operation leaves for the 
second Column C2, which intersect. Thus, the distillation 
sequence would be expected to be feasible, and optimization of 
the design can be considered. 

In fact, it is possible to carry out the separation of acetone and 
heptane using benzene as an entrainer in a different sequence to that 
shown in Figure 11.21 by separating the acetone in the first column 
as an overhead product. The heptane is separated in the second 
column as the bottom product with the overhead of benzene from 
the second column being recycled. 

In Figure 11.21a, different settings were possible for the mass 
balance, depending on the benzene recycle. At first sight, it might 


be expected that the lower the benzene recycle, the better. In other 
words, Point C in Figure 11.21a will be better than Point A. 
However, it is not so straightforward. A higher concentration of 
benzene in Column Cl will help the separation. Setting C in 
Figure 11.21a requires a very high reflux ratio for Column Cl, 
in turn requiring a large amount of energy for the reboiler. As 
the benzene recycle increases, moving towards Point A in 
Figure 11.21a, the reflux ratio for Column Cl decreases consider¬ 
ably. It would be expected that as the benzene recycle is increased, 
the improvements in the design of Column Cl would reach 
diminishing returns, and thereafter an excessive load on the system 
would be created as the recycle of benzene increases. Thus, the 
flowrate of benzene in the recycle is an important optimization 
parameter that affects the sizes of both Columns Cl and C2 in 
Figure 11.21. 

Consider a second example involving the separation of a 
mixture of ethanol and water that forms an azeotrope at around 
a mole fraction of ethanol of 0.88. It is proposed to use ethylene 
glycol as the entrainer. An overall mass balance for the separation 
is shown in Figure 11.22a. As with the previous example in 
Figure 11.21, the feed is mixed with the entrainer in varying 
amounts to give Points A, B and C, and the resulting mixture is 
first distilled to produce pure ethanol (Figure 11.22b). The water 
and ethylene glycol are then separated in the second column, with 
the ethylene glycol being recycled. Operation leaves for the first 



(a) The overall mass balance. (b) The distillation sequence, 




(c) Operation leaves for Column Cl with low ethylene 
glycol recycle. 


(d) Operation leaves lor Column Cl with high ethylene 
glycol recycle. 


Figure 11.22 

Distillation sequence for the separation of an ethanol-water mixture using ethylene glycol as entrainer is infeasible using single feed column. 
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Figure 11.23 

Extractive distillation flow sheet. 


column can now be constructed to test the feasibility with a low 
ethylene glycol recycle, as shown in Figure 11.22c. The operation 
leaves do not overlap, and therefore the column is not feasible. 
Figure 11.22d also tests the feasibility of Column Cl, but this time 
with a higher flowrate of ethylene glycol. Unfortunately, this is also 
an infeasible design, as the section leaves do not overlap. 

One feature common to both designs in Figures 11.21 and 11.22 
is that single-feed columns were used with the entrainer being 
mixed with the feed. In the case of the ethanol-water-ethylene 
glycol, the operation leaves for the top and bottom sections of the 
column do not meet and there is a gap. In some systems, it is 
possible to bridge the gap between the operation leaves between 
the top and bottom sections by creating a middle section in the 
column. This is achieved by using a two-feed column, as shown in 
Figure 11.23, in which a heavy entrainer (sometimes termed a 
solvent ) is fed to the column at a point above the feed point for the 
feed mixture (Doherty and Malone, 2001). The entrainer must not 
form any new azeotropes in the system. This arrangement, shown 
in Figure 11.23, is known as extractive distillation. In the first 
column, the extraction column, a heavy entrainer is fed to the 
column above the feed point for the feed mixture. This entrainer 
flows down the column and creates a bridge between the top and 
bottom sections. One of the components is distilled overhead as 
pure A. The other component and the entrainer leave the bottom of 
the extraction column and are fed to the entrainer recovery column, 
which separates pure B from the entrainer, and the entrainer is 
recycled. The critical part of the design in Figure 11.23 is the two- 
feed extraction column. The design of the entrainer recovery 
column is straightforward, as it is a standard design. For the 
two-feed column, the middle section operation leaf needs to be 
constructed to see whether it intersects with the operation leaves for 
the top section (above the entrainer feed) and bottom section 
(below the feed point for the feed mixture). 

Figure 11.24 shows the mass balance around the top of the 
column including the entrainer feed. A difference point can be 


defined to be the composition of the net overhead product, that is, 
the difference between the distillate product and entrainer feed 
(Wahnschafft and Westerberg, 1993). Therefore: 

A =D-E (11.23) 

Also, a stripping section mass balance gives: 

A =F-B (11.24) 

Thus, the difference point (net overhead product) is given by the 
intersection of a straight line joining the Feed F, Bottom Product 
B with a straight line joining the Distillate D and Entrainer Feed 
E, as shown in Figure 11.24. Pinch point curves for the middle 
section can now be constructed by drawing tangents to the 
residue curves from the difference point (net overhead product). 
This is shown in Figure 11.25 for the ethanol-water-ethylene 
glycol system. The area bounded by the pinch point curves 
defines the middle section operation leaf. 

As long as this middle section operation leaf intersects with 
those for the top section (above the entrainer feed) and the 
bottom section (below the feed point for the feed mixture), 
the column design will be feasible. Note that there will always 
be a maximum reflux ratio, above which the separation will not 
be feasible because the profiles in the top and bottom sections 
will tend to follow residue curves, which cannot intersect. Also, 
the separation becomes poorer at high reflux ratios as a result 
of the entrainer being diluted by the reflux of lower boiling 
components. 

The size and shape of the middle section operation leaf depends 
on the location of the difference point, which in turn depends on the 
flowrate of the entrainer. There will be a minimum flowrate of 
entrainer for a feasible design. Above the minimum flowrate, the 
actual flowrate of the entrainer is an important degree of freedom 
for optimization. 
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Figure 11.24 

The difference point for a two-feed column. 


Section profiles can also be developed for a two-feed column in 
a similar way to the section profiles for a single-feed column 
(Laroche et al., 1992). The section profiles will be the same as a 
single-feed column above the entrainer feed (Equation 11.12) and 
below the feed point for the feed mixture (Equation 11.22). 
Figure 11.26 shows middle section mass balances. The mass 
balance can be created either around the top of the column, as 
shown in Figure 11.26a, or around the bottom of the column. 


as shown in Figure 11.26b. A mass balance around the top of the 
column from Figure 11.26a gives: 

L.V ( . ] + Exj j? — Lx i m+ Dxij) 

(11.25) 

Since: 


V = (R+1)D 

(11.26) 



Figure 11.25 

The difference point allows the pinch point curves for the middle section operation leaf to be constructed. 
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Lx, m 



(a) Middle section mass balance around the top of (b) Middle section mass balance around the bottom 
the column. of the column. 

Figure 11.26 

Middle section mass balances for a two feed column. 


and 


Since 


L = RD + E 


(11.27) V = SB 


(11.30) 


Equation 11.25 can be combined with Equations 11.26 and 11.27 
to give: 


and 


y i.m +1 


{RD -t- E)x im -4- Dxu) Ex U : 
(R + \)D 


(11.28) 


L = V + B — F 
= SB+ B-F 


(11.31) 


Alternatively, a mass balance can be carried out around the bottom 
of the column from Figure 11.26b to give: 

Lx, p -i + Fxtf = Vy ip + Bx iB (11.29) 


Equation 11.29 can be combined with Equations 11.30 and 11.31 
to give: 


Xi.p— i 


SBy ip + Bx iB - Fxjf 
SB+ B-F 


(11.32) 


11 



Figure 11.27 

Section curves for the three sections of a two-feed column must 
intersect for a feasible two-feed column design. 
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component A is recovered first. component B is recovered first. 


Figure 11.28 

The order of separation in extractive distillation. 


Either Equation 11.28 or Equation 11.32 can be used in conjunc¬ 
tion with vapor-liquid equilibrium calculations to calculate the 
section profile for the middle section of the two-feed column. 

Figure 11.27 shows the section profiles for the three sections of 
a two-feed column. The three profiles intersect in Figure 11.27, and 
the column will, in principle, be feasible. 

Thus, the first step in the design of an extractive two-feed 
distillation column is to set up a system of intersecting operating 
leaves for the three sections of the column by choosing appropriate 
products and entrainer feed flowrate. Then by selecting a reflux 
ratio, the rectifying section profile can be calculated, as described 
previously. From the feasible entrainer flowrate, the section profile 
for the middle section can be calculated using Equation 11.28 to 
calculate the middle section profile. Calculation of the stripping 
section profile requires first the assumption of a reboil ratio. If 
three section profiles intersect, then the design is feasible. Some 
trial and error may be required for the reflux ratio and reboil ratio 
to obtain an intersection of the three profiles and feasible design. 
Figure 11.27 shows the section profiles for a two-feed column 
successfully intersecting to provide a feasible design. The number 
of stages in each of the column sections can also be obtained from 
the section profiles. This can then provide all the information 
required for a rigorous simulation. 

One final point regarding extractive distillation is illustrated 
in Figure 11.28. The order in which the separation occurs depends 
on the change in relative volatility between the two components to 
be separated. Figure 11.28 shows both the residue curves and the 
equivolatility curve for the system A-B-entrainer. This 


equivolatility curve shows where the relative volatility between 
Components A and B is unity. On either side of the equivolatility 
curve, the order of volatility of A and B changes. In Figure 11,28a, 
if the equivolatility curve intersects the A-entrainer axis, then 
Component A should be recovered first. However, if the equivo¬ 
latility curve intersects the B-entrainer axis, then Component B 
should be recovered first, as shown in Figure 11.28b. 

All of the systems discussed so far involve homogeneous 
separation, that is, a single-phase liquid throughout. Consider 
now distillation systems involving two-liquid phases. 

11.8 Heterogeneous 
Azeotropic Distillation 

As the components in a liquid mixture become more chemically 
dissimilar, their mutual solubility decreases. This is characterized by 
an increase in their activity coefficients (for positive deviation from 
Raoult’s Law). If the chemical dissimilarity, and the corresponding 
increase in activity coefficients, become large enough, the solution 
can separate into two-liquid phases. For liquid-liquid equilibrium, 
the fugacity of each component in each phase must be equal: (see 
Appendix A) 

(Xi/if = (xiYi)" (11.33) 

where x, = mole fraction of Component i in the liquid phase 
Yi = liquid-phase activity coefficient 
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7 and II represent the two-liquid phases in equilibrium. 

To calculate the compositions of the two coexisting liquid 
phases for a binary system, the two equations for phase equilibrium 
need to be solved: 

fan) 1 = far if 1 and fan)'= fanf (11.34) 

where 

f + x‘ 2 = + x% = 1 (11.35) 

Given a prediction of the liquid-phase activity coefficients, 
from say the NRTL or UNIQUAC equations (see Appendix A), 
then Equations 11.34 and 11.35 can be solved simultaneously for 
.y^ and x[*. There are a number of solutions to these equations, 
including a trivial solution corresponding with = xf{. For a 
solution to be meaningful: 

0 < f < 1, 0 < x 1 ! < 1, x[ + x" (11.36) 

For a ternary system, the corresponding equations to be solved are: 

far if = far if and (x 2 y 2 )' = fat'if and (x 3 y 3 Y = faYs)" 

(11.37) 

These equations can be solved simultaneously with the material 
balance equations to obtain f and x^ ■ Further details of the 

calculation of liquid-liquid equilibrium and vapor-liquid-liquid 
equilibrium can be found in Appendix A. 

Figure 11.29 shows a triangular diagram for a ternary system 
that forms two-liquid phases at certain compositions. From 
Figure 11.29, a binary I-L system is completely miscible, and a 
binary I-H system is also completely miscible. However, a binary 
L-H system shows partial miscibility in a range of concentrations. 
For L-I-H mixtures, there is a region of immiscibility in which 



Figure 11.29 

Phase splitting in a ternary system. 


two-liquid phases form. A mixture of composition F in the two- 
phase region in Figure 11.29 will separate into two phases of 
composition E and R. Phases in equilibrium with each other are 
termed conjugate phases, and the Fine E-R connecting the conju¬ 
gate phases E and R is termed a tie line. Any number of tie lines may 
be constructed in the two-phase region, as shown in Figure 11.29. 
The ratio of the two phases resulting in the separation of F into E 
and R is given by the Lever Rule. Thus, the flowrate of E is given by 
the length of Line F-R in Figure 11.29 and the flowrate of R is 
given by the length of the Line F—E in Figure 11.29. Figure 11.29 
illustrates how to design decanters using a ternary diagram. 

Now consider the distillation with the decanter. Different 
arrangements are possible when using a decanter in conjunction 
with distillation. The first is shown in Figure 11.30 shows a stand¬ 
alone decanter where the overhead from the column is condensed 
to form a two-liquid phase mixture. Part is refluxed and part goes to 
a decanter that separates two layers E and R. One problem with the 
arrangement shown in Figure 11.30 is that the reflux to the column 
at D is a two-phase mixture. It is preferable not to have two-liquid 
phases inside the column unless this cannot be avoided. Another 
arrangement is shown in Figure 11.31. This time the decanter is 
partially integrated with the column and the overhead vapor is 
condensed to form two-liquid phases D and R. D is taken as a top 
product and R (a single-phase lower layer) is refluxed to the 
column. The overall separation is between F, D and B to give 
the column mass balance as shown in Figure 11.31. Figure 11.32 
shows a fully integrated decanter in which the overhead vapor is 
condensed and fed to the decanter. The decanter separates into a 
light decanter liquid DL and a heavy decanter liquid DH. This time 
part of the heavy and light decanter liquids are partially mixed to 
provide both the reflux and overhead product. The extent of mixing 
after the decanter for both the reflux and distillate are degrees of 
freedom for the design. In the triangular diagram the extent of 
mixing can be reflected by the Lever Rule. 

One extremely powerful feature of heterogeneous distillation 
is the ability to cross distillation boundaries. It was noted previ¬ 
ously that distillation boundaries divide the compositions into 
two regions that cannot be accessed from each other. Decanters 
allow distillation boundaries to be crossed, as illustrated in 
Figure 11.33. The feed to the decanter at F is on one side of 
the distillation boundary. This splits in the decanter to two-liquid 
phases E and R. These two-liquid phases are now on opposite 
sides of the distillation boundary. Phase splitting in this way is not 
constrained by a distillation boundary, and exploiting a two-phase 
separation in this way is an extremely effective way to cross 
distillation boundaries. 

An example is shown in Figure 11.34 in which a feed containing 
a mole fraction of isopropyl alcohol 0.6 and a mole fraction of 
water 0.4 needs to be split into relatively pure isopropyl alcohol and 
water. There is an azeotrope between isopropyl alcohol (IPA) and 
water with a mole fraction of isopropyl alcohol around 0.68. It is 
proposed to use di-isopropyl ether (DIPE) as an entrainer to 
separate the mixture. The ternary diagram in Figure 11.34a shows 
that the system IPA-DIPE-water forms a complex behavior. New 
azeotropes are formed between the IPA and DIPE and between 
DIPE and water. A ternary azeotrope is also formed. The distilla¬ 
tion boundaries shown in Figure 11.34a would make this 
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Figure 11.30 

Heterogeneous distillation with a stand-alone decanter. 


separation extremely difficult. However, the two-phase region 
shown in Figure 11.34a allows the distillation boundaries to be 
crossed. The synthesis of the separation system can be started 
by placing a decanter at the ternary azeotrope, as shown in 
Figure 11.34a. This follows the tie line and separates the ternary 
azeotrope into a DIPE-rich layer and a water-rich layer. Next, a 
distillation column is placed to produce IPA and the ternary 
azeotrope, as shown in Figure 11.34b. Finally, the DIPE-rich layer 
is recycled from the decanter to the feed for the column. This 
mixes with the incoming feed mixture to provide the feed for the 
column, as shown in Figure 11.34c. The water product from the 
decanter in Figure 11.34c is not pure and may require further 



Figure 11.31 

Heterogeneous distillation with a partially integrated decanter. 


separation. This judgment is based on the prediction of the design 
of the decanter from Figure 11.34. 

The phase equilibrium in the triangular diagrams in 
Figure 11.34 was predicted using the NRTL equation (see Appen¬ 
dix A). The NRTL equation is capable of predicting vapor-liquid 
equilibrium, liquid-liquid equilibrium and vapor-liquid-liquid 
equilibrium. However, it is difficult to find a single set of inter¬ 
action parameters to represent all of these kinds of behavior well. 
The parameters for the triangular diagrams in Figure 11.34 were 
correlated from vapor-liquid equilibrium behavior. Figure 11.35a 
shows the two-phase region again based on NRTL parameters 
correlated from vapor-liquid data. Figure 11.35b shows the 


D 











Distillation Sequencing for Azeotropic Distillation 267 




Figure 11.32 

Heterogeneous distillation with an integrated decanter. 


triangular diagram for the same system, but with the two-phase 
region calculated from the NRTL equation based on parameters 
correlated from liquid-liquid equilibrium data. The two-phase 
region is much larger, and the decanter is capable of producing 
almost pure water from this prediction. 

Even further caution should be exhibited regarding the two- 
phase region in such diagrams. In Figures 11.34, 11.35a and 
11.35b, the phase equilibrium is based on saturated conditions 
throughout. This is useful in judging the design of the distillation 
system and where two-liquid phase behavior will occur, as distil¬ 
lation by definition operates under saturated conditions. However, 



Figure 11.33 

Phase splitting can be used to cross distillation boundaries. 


this is not necessarily the case in the decanter. The temperature 
in the decanter can be fixed, as it is outside of the column. 
Figure 11.35c shows the two-phase region again on the basis of 
NRTL parameters correlated from liquid-liquid equilibrium data, 
but this time plotted at a fixed temperature of 30 °C. The two-phase 
region is slightly larger at 30 °C when compared with saturated 
conditions. Generally, the lower the temperature, the larger will be 
the two-phase region. Lowering the temperature lowers the mutual 
solubility of the two-liquid phases. This is an important degree of 
freedom when designing a decanter. A better separation in the 
decanter can be obtained by condensing the distillation overheads 
and subcooling before the two-liquid phase separation. 

It is important to understand whether there will be two-liquid 
phases present in the column. If two-liquid phases form in a large 
part of the column, it can make the column difficult to operate. 
The formation of two-liquid phases also affects the hydraulic 
design and mass transfer in the distillation (and hence stage 
efficiency). If it is possible to avoid the formation of two-liquid 
phases inside the column, then such behavior should be 
avoided. Unfortunately, there will be many instances when 
two-liquid phases on some plates cannot be avoided. The 
formation of two-liquid phases can also be sensitive to changes 
in the reflux ratio. 

11.9 Entrainer Selection 

When separating azeotropic mixtures, if possible, changes in the 
azeotropic composition with pressure should be exploited rather 
than using an extraneous mass-separating agent, since: 

• The introduction of extraneous material can create new prob¬ 
lems in achieving product purity specifications throughout the 
process. 

• It is often difficult to separate and recycle extraneous material 
with high efficiency. Any material not recycled can become 
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Figure 11.34 

Separation of isopropyl alcohol (IPA) and water mixture using diisopropyl ether (DIPE) as entrainer in heterogeneous azeotropic distillation. 


an environmental problem. As will be discussed later, the best 
way of dealing with effluent problems is not to create them in 
the first place. 

• Extraneous material can create additional safety and storage 
problems. 


Occasionally, a component that already exists in the process can 
be used as the entrainer, thus avoiding the introduction of extra¬ 
neous materials for azeotropic distillation. However, in many 
instances practical difficulties and excessive cost might force 
the use of extraneous material. Whether a component is used 





(a) Decanter based on NRTL parameters 
correlated from VLE data at saturated 
conditions. 


(b) Decanter based on NRTL parameters 
correlated from I .LE data at saturated 
conditions. 


(c) Decanter based on NRTL parameters 
con-elated from LI.E data with two- 
phase region plotted at 30 °C. 


Figure 11.35 

The two-phase region can be plotted from correlations fitted to VLE or LLE data, and can be plotted at saturated conditions at a fixed temperature. 
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that already exists within the process as an entrainer or an extra¬ 
neous material is used as entrainer, it is necessary to be able to 
select between different entrainers. Distillation line maps and 
residue curve maps are particularly useful for entrainer selection, 
as the difficulty of separation can be judged from the configuration 
of the map. For example, it has been noted how distillation 
boundaries divide distillation line and residue curve maps into 
different regions and that distillation cannot access one region from 
another. As discussed above, for heterogeneous systems, distilla¬ 
tion boundaries can be crossed using liquid-liquid separation. 
Another way to cross boundaries in a sequence is to mix a stream on 
one side of the boundary with another on the opposite side of the 
boundary. Depending on the ratio of the flowrates of the streams 
being mixed, the resulting stream after the mixer can be on one side 
of the boundary or the other. 

In theory, it is possible to cross a distillation boundary for 
homogeneous systems, as illustrated in Figure 11.36 (Laroche 
et al., 1992). The distillation boundary in Figure 11.36 has a 
marked curvature, and a column can be placed as shown such that 
the feed is on one side of the boundary and the products are on 
the other side of the boundary. Depending on the shape of the 
distillation lines or residue curves, the products D and B can be on 
the same distillation line or residue curve. In this way, a distillation 
boundary can be crossed using distillation, rather than relying on a 
liquid-liquid separation to cross distillation boundaries. Whilst 
arrangements like those in Figure 11.36 are possible in theory, 
there are many potential dangers associated with this, as follows 
(Laroche et al., 1992). 

1) The distillation boundary must be curved as shown in 
Figure 11.36. However, even if there is very significant curva¬ 
ture across the boundary, a column placed like the one in 
Figure 11.36 is going to be highly constrained in its operation. 

2) There is always uncertainty and inaccuracy with vapor-liquid 
equilibrium data and correlations. Any errors in these data 
could mean an incorrect prediction of the location and shape of 
the boundary. 



Figure 11.36 

Crossing distillation boundaries. 


3) All of the discussions so far regarding distillation lines, 
residue curves and distillation boundaries have assumed 
equilibrium behavior. Real columns do not work at equili¬ 
brium, and stage efficiency must be accounted for. Each 
component will have its own stage efficiency, which means 
that each composition will deviate from equilibrium behav¬ 
ior differently. This means that if nonequilibrium behavior is 
taken into account, the shape of the distillation lines, residue 
curves and distillation boundaries will change (Castillo and 
Towler, 1998). Thus, the shape of the distillation boundary 
will be different in a real column when compared with 
equilibrium predictions. If a system is designed assuming 
equilibrium, there is no guarantee that it will still work in a 
real column with nonideal stages. These nonequilibrium 
effects can, in principle, be included in the analysis, but 
there is also considerable uncertainty regarding stage effi¬ 
ciency calculations and the calculations require a considera¬ 
ble amount of information on the geometry of the column 
and distillation internals (Castillo and Towler, 1998). 

4) Even with reassurance regarding uncertainties in the vapor- 
liquid equilibrium data and nonequilibrium effects, there is 
often a significant difference between the way a column is 
required to operate in practice compared with its design. 

The operation of the overall plant can often be different from 
the design because of a whole range of reasons. If the design is 
highly constrained and cannot be flexible to accommodate 
changes in operation, then it might not be able to function. 

Thus, while it is possible in theory to cross a curved distillation 
boundary as shown in Figure 11.36, it is generally more straight¬ 
forward to follow designs that will be feasible over a wide range of 
reflux ratios and in the presence of uncertainties. Such designs can 
be readily developed using distillation line and residue curve maps. 

When introducing an entrainer, it will need to have a significant 11 

effect on the relative volatility between the azeotropic components 
to be separated, and it must be possible to separate the entrainer 
relatively easily. One way of making sure the entrainer can be 
easily separated is to choose a component that will introduce a two- 
liquid phase separation. Such entrainers typically introduce addi¬ 
tional distillation boundaries, but the overall separation can be 
efficient if the two-liquid separation produces mixtures with 
compositions in the different distillation regions (Doherty and 
Perkins. 1979b). 

When using an entrainer for separation of a homogeneous 
mixture, it is best to select components that do not introduce 
any additional azeotropes. The classical method for the separation 
of homogeneous mixtures separation is extractive distillation, 
which relies on the effect of a high-boiling entrainer on the relative 
volatility in the column sections below the entrainer feed. Such 
columns can work well, but they sometimes exhibit counter¬ 
intuitive behavior, in particular, with regard to the detrimental 
effect of high reflux diluting the entrainer composition. However, 
in most cases high-boiling entrainers will be the best choice for 
homogeneous distillation. Another possibility can be to choose an 
intermediate-boiling entrainer that does not introduce azeotropes, 
since this will lead to a residue curve map with no distillation 
boundaries. However, intermediate-boiling entrainers can only be 
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practical for breaking azeotropes of components with large boiling 
point differences; otherwise an intermediate-boiling entrainer will 
lead to very difficult, energy-consuming separations of close¬ 
boiling mixtures. Finally, using low-boiling entrainers that do 
not introduce azeotropes is generally not practical, since such 
components would not tend to accumulate sufficiently in the liquid 
phase to make a difference on the relative volatility between the 
components to be separated. 

Thus, distillation line and residue curve maps are excellent tools 
to evaluate feasibility of azeotropic separations, with just one 
exception, namely, the use of high-boiling entrainers for separa¬ 
tion. In such cases, the equivolatility curves discussed in this 
chapter are a better way of determining separation feasibility. 

11.10 Multicomponent 
Systems 

All of the discussion in this chapter has so far related to binary 
or ternary systems. It will most often be the case that systems 
involving azeotropic behavior will also be multicomponent. 
The concepts developed here for ternary systems are readily 
extended to quaternary systems. The difference is that this cannot 
be represented on a ternary diagram but must be represented in 
three dimensions as a pyramid. Lines in the ternary diagram 
become surfaces in the quaternary diagram. It simply becomes 
more difficult to represent graphically and to interpret. The 
concepts can be extended beyond quaternary systems but cannot 
be represented graphically at all, unless three or four components 
are picked out and represented to the exclusion of the other 
components. 

When dealing with multicomponent systems, one possible 
approach is to simplify the problem by lumping components 
together and representing it in a ternary analysis. Such an approach 
should be exercised with great caution. Even trace amounts of 
components can change the analysis very significantly in azeo¬ 
tropic systems. For example, the designer might consider that the 
system has been represented reasonably well if 99% of the mixture 
can be accounted for as a ternary mixture and the influence of the 
other 1% neglected. However, in some systems, varying the 
makeup of the 1% can significantly change the shape of operation 
leaves, and their equivalent in multidimensional space, and render 
a design infeasible that appears to be feasible on the basis of an 
analysis of the behavior of 99% of the mixture (Thong and lobson, 
2001). Thus, the residue curves, distillation lines, pinch point 
curves and operation leaves for multicomponent mixtures should 
be constructed from a full multicomponent calculation, even if the 
dominant components are to be represented on a ternary diagram. 

Once a design has been synthesized, it should be checked 
carefully with the most detailed simulation possible. Even if the 
design is confirmed to be feasible by this simulation, the sensitivity 
of the design should be checked carefully by simulation for: 

• errors in the phase equilibrium behavior by perturbing the phase 

equilibrium data; 

• changes in the feed composition. 


11.11 Trade-Offs in 
Azeotropic Distillation 

For a simple binary distillation column, once the feed composition 
has been fixed, only two product component compositions can be 
specified independently, one in each product. For a simple distil¬ 
lation column separating a ternary system, once the feed composi¬ 
tion has been fixed, three product component compositions can be 
specified, with at least one component composition for each 
product. The remaining compositions will be determined by 
colinearity in the ternary diagram. Once the mass balance has 
been specified, the column pressure, reflux (or reboil ratio) and feed 
condition must also be specified. 

By contrast with nonazeotropic systems, for azeotropic systems 
there is a maximum reflux ratio above which the separation 
deteriorates (Laroche et ah, 1992). This is because an increase 
in the reflux ratio results in two competing effects. First, as in 
nonazeotropic distillation, the relative position of the operating 
surface relative to the equilibrium surface changes to improve 
the separation. This is countered by a reduction in the entrainer 
concentration, owing to dilution by the increased reflux, which 
results in a reduction in the relative volatility between the 
azeotropic components, leading to a poorer separation (Laroche 
et al, 1992). 

However, this so far assumes that the feed to the column is 
fixed. Even if the overall feed to the separation system is fixed, 
the feed to each column can be changed by changing the amount 
of entrainer recycled. Such a trade-off has already been seen in 
Figure 11.21. As the amount of entrainer recycled is increased, 
this helps the azeotropic separation. This allows the reflux ratio 
to be decreased. However, as the entrainer recycle increases, it 
creates an excessive load on the overall system. The amount of 
entrainer recycled is therefore an important degree of freedom to 
be optimized. 

11.12 Membrane 
Separation 

So far, the separation of azeotropic systems has been restricted to 
the use of pressure shift and the use of entrainers. The third method 
is to use a membrane to alter the vapor-liquid equilibrium behav¬ 
ior. Pen’aporation differs from other membrane processes in that 
the phase state on one side of the membrane is different from the 
other side. The feed to the membrane is a liquid mixture at a high- 
enough pressure to maintain it in the liquid phase. The other side of 
the membrane is maintained at a pressure at or below the dew point 
of the permeate, maintaining it in the vapor phase. Dense mem¬ 
branes are used for pervaporation and selectivity results from 
chemical affinity. Most pervaporation membranes in commercial 
use are hydrophyllic (Wynn, 2001). This means that they prefer¬ 
entially allow water to permeate and are therefore suitable for the 
dehydration of organics. Typical applications include the dehy¬ 
dration of ethanol-water and isopropanol-water mixtures, both of 
which form azeotropes (Wynn, 2001). A flowsheet for ethanol 
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Figure 11.37 

Flowsheet for dehydration of ethanol using pervaporation. 


dehydration is shown in Figure 11.37. An ethanol-water mixture is 
fed to a standard distillation column that separates excess water 
at the bottom from a mixture in the overhead approaching the 
azeotropic composition. This is then fed to a pervaporation mem¬ 
brane that dehydrates the ethanol past the azeotrope by allowing 
water to permeate through the membrane. The low-pressure side 
of the membrane in Figure 11.37 is maintained under vacuum to 
ensure that the water leaves in the vapor phase. This is condensed 



Figure 11.38 

Flowsheet for dehydration of ethanol using vapor permeation. 


and recycled to the distillation column as there is still a significant 
amount of ethanol that permeates through the membrane and 
should be recovered. 

Figure 11.38 shows a flowsheet for the separation of an 
azeotropic mixture using a membrane, but this time using vapor 
permeation. The mixture is first distilled to approach the azeotrope 
using a distillation column with a partial condenser. The uncon¬ 
densed vapor is fed to a vapor permeation membrane that prefer¬ 
entially permeates the organic material. The retentate vapor is 
passed back to the distillation column. In this way, the membrane 
allows the azeotrope to be crossed. 

11.13 Distillation 
Sequencing for Azeotropic 
Distillation - Summary 

When liquid mixtures exhibit azeotropic behavior, it presents 
special challenges for distillation sequencing. At the azeotropic 
composition, the vapor and liquid are both at the same composition 
for the mixture. The order of volatility of components changes, 
depending on which side of the azeotrope the composition occurs. 
There are three ways of overcoming the constraints imposed by 
an azeotrope. 

• Pressure shift 

• Use of an entrainer 

• Membrane separation. 

Pressure shift should always be explored as the first option 
when separating an azeotropic system. Adding extraneous 
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components to a separation should always be avoided if possible. 
Unfortunately, most azeotropes are insensitive to change in pres¬ 
sure, and at least a 5% change in composition with pressure is 
required for a feasible separation using pressure shift (Holland, 
Gallun and Lockett, 1981). 

If pressure shift cannot be exploited, then the next option is to 
add an entrainer to the mixture that interacts differently with the 
components in the mixture to alter the vapor-liquid equilibrium 
behavior in a favorable way. When dealing with ternary systems, 
the mass balance and vapor-liquid equilibrium behavior can be 
represented on a triangular diagram. The two limiting cases of 
distillation at total reflux and minimum reflux conditions can be 
used to understand the system. For staged columns at total reflux 
conditions, distillation lines can be plotted. Residue curves repre¬ 
sent the behavior of packed columns at total reflux. The feasibility 
of a column section can be represented by the area between 
the total reflux and pinch point lines, as an operating leaf. If the 
operating leaves for the rectifying and stripping sections of a 
column intersect, in principle the column will be feasible. 

Some systems form two-liquid phases for certain compositions 
and this can be exploited in heterogeneous azeotropic distillation. 
The use of liquid-liquid separation in a decanter can be extremely 
effective and can be used to cross distillation boundaries. 

When selecting entrainers for homogeneous mixture separa¬ 
tion, the entrainer should preferably not introduce any new azeo¬ 
tropes; otherwise it will be difficult to separate the entrainer from 
the components to be separated. When separating multicomponent 
mixtures, the first thing to check generally is if there are compo¬ 
nents in the feed that can facilitate the separation of azeotrope¬ 
forming components, because using such components will typi¬ 
cally lead to more cost-effective designs than processes in which 
the azeotropic separations are left to the end of a sequence and 
extraneous separating agents are chosen. Using components that 
are not already in the feed will generally require dedicated addi¬ 
tional recovery steps. 

Membranes can also be used to alter the vapor-liquid equili¬ 
brium behavior and allow separation of azeotropes. The liquid 
mixture is fed to one side of the membrane and the permeate is 
held under conditions to maintain it in the vapor phase. Most 
separations use hydrophyllic membranes that preferentially pass 
water rather than organic material. Thus, pervaporation is com¬ 
monly used for the dehydration of organic components. 


Table 11.1 

Data for the ethanol-ethyl acetate system. 


Component 

Boiling temperature 
(°C) and azeotrope 
composition at 
latm 

Boiling temperature 
(°C) and azeotrope 
composition at 

5 atm 

Ethanol 

78.2 

125.6 

Ethyl acetate 

77.1 

135.8 

Ethanol-ethyl acetate 
azeotrope 

72.2 °C, 0.465 mole 
fraction of ethanol 

122.7 °C, 0.677 mole 
fraction of ethanol 


Table 11.2 

Data for the methanol-ethyl acetate system. 


Component 

Boiling temperature 
(°C) and azeotrope 
composition at 
latm 

Boiling temperature 
(°C) and azeotrope 
composition at 5 atm 

Methanol 

64.5 

111.8 

Ethyl acetate 

77.1 

135.8 

Methanol-ethyl 
acetate azeotrope 

62.3 °C, 0.709 mole 
fraction of methanol 

110.6°C, 0.82mole 
fraction of methanol 


with the ethanol-ethyl acetate system, the mixture forms a 
minimum-boiling azeotrope, as detailed in Table 11.2. Again, 
the composition of the azeotrope is sensitive to pressure, 
showing a significant increase in mole fraction of methanol 
with increasing pressure, as indicated in Table 11.1. Sketch a 
flow scheme for the separation of the binary mixture that 
exploits change in pressure. 

3. Figure 11.39 shows a distillation sequence, together with its 
mass balance. Sketch a representation of the mass balance in 
a triangular diagram. 

4. From the data in Tables 11.1 and 11.2, sketch the distillation 
line map (residue curve map) for the ethanol-ethyl acetate- 


11.14 Exercises 

1. An equimolar mixture of ethanol and ethyl acetate is to be 
separated by distillation into relatively pure products. The 
mixture forms a minimum-boiling azeotrope, as detailed in 
Table 11.1. However, the composition of the azeotrope is 
sensitive to pressure, showing a significant increase in the 
mole fraction of ethanol with increasing pressure, as indicated 
in Table 11.1. Sketch a flow scheme for the separation of the 
binary mixture that exploits a change in pressure. 

2. An equimolar mixture of methanol and ethyl acetate is to be 
separated by distillation into relatively pure products. As 



Mole fractions 

Flowrate 

A 

B 

C 

kmol-h' 1 

0.40 

0.60 

0 

100 

0.30 

0.35 

0.35 

200 

0.124 

0.438 

0.438 

160 

1.0 

0 

0 

40 

0 

1.0 

0 

60 

0.20 

0.10 

0.70 

100 


Figure 11.39 

Sequence representation in a triangular diagram. 
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methanol system at 1 atm and 5 atm. Does the system have a 
distillation boundary? Is the position of the boundary sensitive 
to pressure? 

5. A ternary mixture of the mole fraction of ethanol of 0.15, 
ethyl acetate of 0.6 and methanol of 0.25 is to be separated 
into relatively pure products. A first distillation split can be 
made to separate the ternary mixture into two products with 
ethyl acetate and methanol in the overhead product and ethyl 
acetate and ethanol in the bottom product. These two binary 
mixtures can then be separated using the flowsheets from 
Exercises 1 and 2. Sketch a system of distillation columns 
and mixer arrangements in the triangular diagram to carry 
out the separation by exploiting the shift in the distillation 
boundary with pressure. Sketch the flowsheet corresponding 
with this mass balance. 

6. The vapor-liquid equilibrium for a ternary system of Compo¬ 
nents A , B and C can be represented by: 

Ta = Q.2x a 
y B = 2.0x B 

>’c = 1 -Ta -yc 

Starting from a bottoms composition x /1 = 0.95, x# = 0.04 
and x c = 0.01, calculate the stripping section profile for the 
reboiler and bottom five stages of the column for a reboil ratio 
of 1. Sketch the profile on a ternary diagram. 

7. The separation in Figure 11.21 can be carried out in an alterna¬ 
tive sequence by mixing the n-heptane-acetone feed with the 
benzene entrainer and separating pure acetone in the first 
column. Sketch the mass balance for the alternative sequence 
in a triangular diagram and the resulting flowsheet. 
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Chapter 12 


Heat Exchange 


M any types of heat transfer equipment are used in the process 
industries. Figure 12.1 illustrates a number of different 
tubular designs. The first shown in Figure 12.1a illustrates a 
double-pipe or hairpin heat exchanger. Heat transfer tubes are 
mounted concentrically within pipes and connected by tees and 
bends. The arrangement in Figure 12.1a shows a single tube 
mounted within the pipe with the cold fluid flowing through the 
inside of the tube and the hot fluid flowing outside of the tube in the 
annular space. In Figure 12.1a, the hot fluid flows downwards. This 
is normal practice since a hot liquid will become denser as it is 
cooled, and therefore less buoyant, and would tend to naturally 
flow downwards as a result of the buoyancy forces. Also, if some 
condensation of vapor was occurring, this would also tend to flow 
naturally downwards. The cold fluid on the tube-side of the heat 
exchanger flows upwards. This is because a cold liquid being 
heated up would become less dense and therefore more buoyant, 
and would tend to naturally flow upwards as a result of the 
buoyancy forces. Alternatively, if a liquid was being partially 
vaporized, any vapor would tend to naturally flow upwards. An 
alternative flow arrangement with the hot fluid flowing through the 
inside of the tube and cold fluid outside with the appropriate flow 
direction imposed would also be possible. The flow arrangement in 
Figure 12.1a exhibits true countercurrent behavior. The size of 
such units can be increased by mounting multiple tubes within the 
pipe or by stacking many units together. However, the construction 
of these units limits their capacity. 

By far the most commonly used type of heat exchanger is the 
shell-and-tube design, as illustrated in Figure 12.1b. Figure 12.1b 
shows the cold fluid flowing through the inside of the tubes on the 
tube-side and the hot fluid flowing around the outside of the tubes 
on the shell-side. The flow arrangements for the hot and cold fluids 
could have been swapped with the appropriate flow direction 
imposed. The fluid flowing on the shell-side is made to flow 
repeatedly across the outside of the tubes by the use of baffles. 
The most common design uses a disc plate with a segment of the 
disc removed, known as a segmental baffle. In Figure 12.1b 
the segments are arranged to give an up and down cross flow. 
The baffles can also be rotated to give side to side cross flow. 
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Figure 12.1c shows a kettle reboiler. A hot fluid flows through 
the inside of tubes immersed in a pool of boiling liquid. A large- 
diameter shell allows disengagement of liquid droplets as the liquid 
boils. The level of liquid is maintained by a weir, over which flows 
the liquid that is not vaporized. This design of heat exchanger can 
be used for a variety of vaporization duties, as well as being used 
for distillation column reboiling. Other designs of distillation 
reboiler can be used, as discussed in Chapter 8. 

Figure 12. Id illustrates one possible design of condenser. The 
device is mounted horizontally in this case with the cold fluid 
flowing through the inside of the tubes. Vapor condenses on the 
outside of the tubes. The design in Figure 12.Id features a 
horizontal, longitudinal baffle to direct the condensing vapor 
around the inside of the shell. It also features vertically mounted 
segmental baffles to direct the condensing vapor to move from side 
to side across the tubes. 

Many other tubular designs of heat exchanger are possible. 
Figure 12.2 illustrates a number of different shell arrangements for 
shell-and-tube heat exchangers and their typical application. Also 
shown in Figure 12.2 is the TEMA (Tubular Exchanger Manufac¬ 
turers Association) classification for the various shell designs 
(TEMA, 2007). Although tubular designs are the most common, 
many designs of heat exchanger other than tubular are available. 
These will be discussed later in Section 12.12. 

12.1 Overall Heat Transfer 
Coefficients 

Consider first the resistance to heat transfer across the wall of the 
tubes in tubular heat exchangers. Figure 12.3 illustrates the resist¬ 
ance to heat transfer across the wall of the tube. There are five 
resistances to heat transfer that combine to give the total resistance 
to heat transfer. Each resistance can be characterized by a heat 
transfer coefficient. 

1 ) Shell-side film coefficient. The heat transfer through the resist¬ 
ance created by the fluid on the outside (shell-side) of the tubes 
is given by: 

Q = h s A 0 AT s (12.1) 
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(a) Double-pipe (hairpin) heat exchanger. 




Bailies Inducing 

Cold Fluid Out l ubes Longitudinal Vapor In Side-to-side Flow 



Figure 12.1 

Some common tubular heat echangers. 


where Q = heat transferred per unit time (J • s 1 = W) 
h s = film heat transfer coefficient on the outside 
(shell-side) of the tubes (W ■ m -2 ■ K _1 ) 

A a = heat transfer area outside (shell-side) of the 
tubes (m 2 ) 

A T s = temperature difference across the outside 
(shell-side) film (K) 


2) Shell-side fouling coefficient. Heat transfer is usually 
impeded by surface deposits on the heat transfer surface 
(fouling). The material deposited as fouling usually has a low 
thermal conductivity. Fouling is time dependent and depends 
on the fluid velocity, temperature and many other factors. 
Fouling is difficult to predict and allowances are usually 
based on experience. Design is based on an assumed value to 
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TEMA 

Classification 

Description 

Applications 


T 






E Shell 

Onc-pass Shell 

Suitable for most process healing or eooling 
applications - the most common shell design 


T 


i 





F Shell 

Two-pass Shell with 
Longitudinal Baffle 

Countercurrent flow pattern suitable for close 
approach temperature 




i 

T 





G Shell 

Split Flow 

Phase change applications on the shell side 




T 

1 

T 








H Shell 

Double Split Flow 

Phase change applications on the shell side 


1 

CL 

1 


Divided Flow 

Phase change applications on the shell side where 
low pressure drop is required 



.1 Shell 


i 


T 




rf 


l x 

J K Shell 

Kettle Reboiler 

Shell side stream undergoes vaporization with 
vapor disengagement 



T 







X Shell 

Cross Flow 

Phase change applications on the shell-side 


j. 





Figure 12.2 

Different shell arrangements for shell-and-tube heat exchangers and their application, classified according to TEMA standards (TEMA, 2007). 


be expected after a reasonable period of time before the 
exchanger is cleaned. 

The heat transfer through the resistance created by the 
outside (shell-side) fouling is quantified by a fouling coefficient 
given by: 

Q = hspAoATsF (12.2) 


where h SF = outside (shell-side) fouling coefficient 
(W • m -2 • K -1 ) 

A T sf = temperature difference across the outside 
(shell-side) fouling resistance (K) 

3) Tube-wall coefficient. Heat transfer across the tube wall is 
described by the Fourier Equation (Kern, 1950): 


Inside (Tube-side) Film Outside (Shell-side) Film 



Figure 12.3 

Resistance to heat transfer across the tube. 


dT 

<2 = -M — 

dr 


(12.3) 


where k = thermal conductivity of the tube wall material 
(W • nT 1 ■ K~') 
r = radial distance (m) 

A = heat transfer area at radial distance r(m) 

Consider an incremental thickness of tube wall dr with radius r, 
as illustrated in Figure 12.3. 

A = 2 jirL (12.4) 

where L = tube length (m) 

Substituting Equation 12.4 into Equation 12.3 and integrating: 


Q [ ro dr_ [ T ° 
2nkL J n r J Tl 


(12.5) 
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where r a = outside tube radius (m) 
r, = inside tube radius (m) 

To = outside surface temperature of the tube (°C) 
7} = inside surface temperature of the tube (°C) 


Integrating Equation 12.5 gives: 


Q 

2nkL 


In 



= To - T, 


( 12 . 6 ) 


If the overall heat transfer is written as: 

Q 1 

A T = —~ (12.12) 

Ao U 

where U = overall heat transfer coefficient based on the outside 
area of the tube (W • m - ~ ■ K _1 ), then comparing Equations 12.11 
and 12.12 gives: 

i = i + — + ^lnW (12.13) 

U h s h SF 2k \d,J d, h TF d, h T 


Thus: 


<2 = 


2 nkL 



A TV 


(12.7) 


Alternatively, Equation 12.13 can be written in terms of fouling 
resistances. The fouling resistance is simply the reciprocal of the 
fouling coefficient: 


1 

U 


1 

hs 


-Rsf + vr ln 
2k 



d ° j? j. d ° 

~t k tf + ~r 

dj dj 


i 

hi 


(12.14) 


where d 0 , di = outside and inside tube diameters (m) 

A TV = temperature difference across the wall (K) 

4) Tube-side fouling coefficient. The heat transfer through the 
resistance created by the inside (tube-side) fouling is given by: 

Q — hjpAiATjp ( 12 . 8 ) 

where h TF = inside (tube-side) fouling coefficient 
( W • m~ 2 • KT 1 ) 

A, = inside (tube-side) heat transfer area of tubes 
(m 2 ) 

A T tf = temperature difference across the tube-side 
fouling resistance (K) 

5) Tube-side film coefficient. The heat transfer through the resist¬ 
ance created by the fluid on the inside (tube-side) of the tubes is 
given by: 

Q = IvtA/ATt (12.9) 

where h T = inside (tube-side) film heat transfer coefficient 
(W ■ m“ 2 ■ K -1 ) 

A7Y = temperature difference across the inside (tube- 
side) film (K) 

The five resistances can be added. If AT represents the 
temperature difference between the bulk temperature of the fluid 
on the outside and inside of the tubes, then the temperature 
differences across the individual resistances can be added to give: 


where R SF = outside (shell-side) fouling resistance 
(m 2 • K • W -1 ) 

R tf = inside (tube-side) fouling resistance 
(m 2 ■ K ■ W -1 ) 

The overall heat transfer coefficient as defined in Equations 12.13 
and 12.14 refers to the outside area of the tubes. Alternatively, the 
inside area could have been chosen as the reference. By conven¬ 
tion, the outside area is normally used. 

Table 12.1 lists typical values for the film transfer coefficients 
(Kern, 1950; Hewitt, Shires and Bott, 1994; Hewitt, 2008; Towler 
and Sinnott, 2013). 

Table 12.1 

Typical values for film transfer coefficients. 



h s or h T (W m -2 K _1 ) 

No change of state 

Water 

2000-6000 

Gases 

10-500 

Organic liquid (low viscosity) 

1000-3000 

Organic liquid (high viscosity) 

100-1000 

Condensing 

Steam 

5000-15,000 

Organic (low viscosity) 

1000-2500 

Organic (high viscosity) 

500-1000 

Ammonia 

3000-6000 

Evaporation 

Water 

2000-10,000 

Organic (low viscosity) 

500-2000 

Organic (high viscosity) 

100-500 

Ammonia 

1000-2500 


AT = AT $ + A Tsp + ATw + ATjf + ATf 


Q 


- + 


Q 


+ Aln 


hsAn hs/Af, 2nkL 


Q Q 


li'i/A / hi'A / 

( 12 . 10 ) 


Rearranging Equation 12.10 gives: 


AT = 


Q_ 

Ao 


i_ J_ do 
hs Iisf 2k 


to 


I d 0 1 

dj hjF di hj 


( 12 . 11 ) 
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Table 12.2 

Tube wall coefficients based on the outer diameter for a variety of metals at 100 °C. 


Metal 

k (W m _1 K" 1 ) 

2k 

ft ^ 0 i„(W w m_2 K_1) 

d 0 = 20 mm 

d 0 = 25 mm 

4/ = 16.8 nun 

dj= 16 mm 

4/ = 21 mm 

4/= 19.8 mm 

Aluminum 

240 

137.700 

107,600 

110,100 

82,340 

Copper 

395 

226,600 

177,000 

181,200 

135,500 

Hastelloy 

11.7 

6.710 

5,240 

5,370 

4,010 

Monel 

24 

13,770 

10,760 

11,010 

8,230 

Nickel 

83 

47,600 

37,200 

38,080 

28,470 

Stainless steel 304 

16.5 

9,460 

7,390 

7,570 

5,660 

Stainless steel 316 

15 

8,600 

6,720 

6,880 

5,150 

Steel 

45 

25,810 

20,170 

20,650 

15,440 

Titanium 

21 

12,050 

9,410 

9,640 

7,200 


Table 12.2 tabulates the tube wall coefficients for a variety of 
materials for some common tube sizes. It should be noted that the 
thermal conductivity varies with temperature and the purity of the 
metal. 

From Table 12.2, the heat transfer coefficient for the tube wall in 
many cases is so high that its contribution to the overall heat 
transfer coefficient can be neglected. 

12.2 Heat Exchanger 
Fouling 

Fouling is the accumulation of undesired material at the heat 
transfer surfaces and can be classified as: 

• particulate, in which solid particles suspended in the process 
stream are carried to the heat transfer surface and accumulate; 

• scaling, in which solid material is precipitated from solution on 
to the heat transfer surface through inverse solubility (e.g. 
calcium carbonate deposit from hardness in water); 

• crystallization, in which solid material is crystallized from 
solution as a result of the change in temperature and/or the 
presence of nucleation sites at the surface; 

• freezing, in which material is decreased in temperature locally to 
below its freezing point; 

• chemical reaction, which results from reactions at the heat 
transfer surface (e.g. polymerization and cracking reactions); 

• corrosion , in which the heat transfer surface isexposedtoa corrosive 
fluid that reacts to produce byproducts of corrosion on the surface, 
which typically are oxides with low thermal conductivity; 

• biological fouling or biofouling, in which a layer of micro¬ 
organisms grows on the heat transfer surface producing slime. 


A number of these fouling mechanisms can occur at the same 
time. Depending on conditions and the fouling mechanism, the 
change in the fouling resistance can follow different patterns, as 
illustrated in Figure 12.4 (Bott, 1995; Miiller-Steinhagen, 2000). 
There can be an initiation period for a new heat exchanger, or one 
that has been cleaned, during which the heat transfer remains 
unchanged. During the initiation period nuclei are formed for the 
fouling to begin or nutrients deposited for biological growth. There 
is no initiation period for particulate fouling. The initiation period 
might last for seconds or days. It can be seen in Figure 12.4 that the 
rate of increase of fouling resistance might be constant, giving a 
linear increase, or exhibit a falling rate, or a rate that falls to 
approach a constant fouling resistance. Figure 12.4 also shows a 
saw-tooth increase in fouling resistance caused by the periodic 



Figure 12.4 

Fouling resistance through time. 
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removal of fouling by the flow of the process fluid. For most 
fouling mechanisms, the fouling resistance increases exponentially 
with the tube wall temperature according to (Mtiller-Steinhagen, 
2000 ): 


dRf 

dt 


— K exp 


E 

RTw 


(12.15) 


where 


R F = fouling resistance (m 2 ■ K • W _l ) 
t = time (day) 

K = rate constant that depends on the fouling 
mechanism and the fluid properties 
(m 2 -K-W _1 -day _1 ) 

E = activation energy (kJ kmoP 1 ) 

R = universal gas constant (8.3145 kJkmol _1 K _ ) 
T w = tube wall temperature (K) 


For most fouling mechanisms, fouling resistance decreases 
with increasing wall shear stress (Bott, 1995; Miiller-Steinhagen, 
2000). This results from wall shear stress removing fouling. 

The rate at which fouling occurs is normally a balance between 
deposition and removal: 


[Rate of fouling] = 


Rate of fouling’ 
deposition 


Rate of fouling" 
removal 

(12.16) 


The rate of fouling deposition depends on many factors, but 
temperature is usually the most important. The rate of fouling 
removal depends mainly on the wall shear stress. For flow inside of 
tubes, the wall shear stress is determined by: 

PV 2 mi-n 

T w =c f — (12.17) 

where r w = wall shear stress (N • m 2 ) 

Cf = Fanning friction factor (—) 
p = fluid density (kg ■ m -3 ) 
v = mean velocity in the tube (m ■ s _ ) 


The wall shear stress on the shell-side is much more complex to 
calculate. Fouling resistance is typically proportional to flow 
velocity raised to the power minus 1.5 (Miiller-Steinhagen, 2000). 

If the rate of fouling deposition exceeds the rate of fouling 
removal then there is a net accumulation. If the rate of fouling 
removal exceeds the rate of fouling deposition, then the surface 
will not foul. For some types of fouling, there is a fouling threshold 
illustrated by Figure 12.5. This is typical of the fouling that occurs, 
for example, with crude oil. The deposition is dominated by the 
effect of temperature and the removal by the wall shear stress. At 
conditions below the fouling threshold, no fouling occurs in 
Figure 12.5. 

Antifouling chemical agents can be used to mitigate the effects 
of fouling. On the tube-side, enhanced tubes can be used rather than 
plain tubes. These have irregularities on the internal surface. Plain 
tubes can also be fitted on the inside with tube inserts. Heat transfer 
enhancement promotes additional turbulence and pressure drop and 


Wall 

Temperature 



Figure 12.5 

Fouling threshold. 


reduces the surface temperature of the tube to mitigate fouling. Heat 
transfer enhancement will be dealt with in Section 12.8. 

The effect of fouling on the shell-side is more complex. On the 
shell-side, the heat transfer and pressure drop are also affected by 
the fouling changing the flow pattern. Bypassing and leakage 
reduce both the shell-side heat transfer coefficient and pressure 
drop. Fouling will tend to block the clearances, increasing 
the amount of cross flow. This will have the effect of increasing 
the shell-side heat transfer coefficient and pressure drop. However, 
this increase will be countered by fouling resistances of the heat 
transfer surfaces. Initially, the fouling might even increase the heat 
transfer coefficient by promoting better cross flow, only to decrease 
it later as the film resistance increases. 

The segmented baffles normally used in shell-and-tube heat 
exchangers are not the best arrangement for fouling fluids placed 
on the shell-side, as stagnant zones are created by the flow pattern. 
Rather than use segmented baffles, helical flow baffles can be used, 
which induce a spiral flow pattern along the exchanger on the shell- 
side, eliminating the stagnant zones. 

Thus, fouling is a transient process that begins with a clean heat 
transfer surface and continues until the point where the surface 
becomes fouled to the point where the heat exchanger can no 
longer be used effectively. At this point, the heat exchanger must be 
taken out of service and cleaned. Cleaning can be accomplished by 
mechanical or chemical processes. Mechanical cleaning involves 
the use of high-pressure water jets. Chemical cleaning exploits 
cleaning fluids that react with and/or dissolve surface deposits. 
This usually involves creating a cleaning circuit involving the heat 
exchanger and a pump in which the cleaning fluid is recirculated 
through the heat exchanger at a relatively high velocity. In some 
instances (e.g. cooling water circuits), chemicals can be added to 
the heat transfer fluids to inhibit fouling. The chemicals added to 
inhibit fouling and the means of cleaning depend on the nature of 
the fouling. 

When designing a heat exchanger, it is usual to assume a 
constant fouling coefficient with a value to be expected after a 
reasonable period of time before the heat exchanger is cleaned. 
Table 12.3 gives typical values of fouling coefficients for design 
(Kern, 1950; Hewitt, Shires and Bott, 1994; TEMA, 2007; Hewitt, 
2008; Towler and Sinnott, 2013). 



Heat Exchange 281 


Table 12.3 

Typical values of fouling coefficients. 



h$p or Iitf (W ■ m -2 • K -1 ) 

Water 


Distilled 

10,000 

Boiler feedwater 

5000-10,000 

Steam condensate 

1500-5000 

Potable water 

2000-5000 

Bore hole water 

1000-3000 

Clear river 

2000-6000 

Good-quality cooling water 

3000-6000 

Poor-quality cooling water 

1000-2000 

Sea 

2000-6000 

Boiler blowdown 

3000 

Liquids 


Aqueous salt solutions 

3000-6000 

Organic (low viscosity) 

3000-11,000 

Organic (high viscosity) 

1000-3000 

Machinery oil 

6000 

Fuel oils 

1000 

Tars 

500-1000 

Vegetable oils 

2000 

Gases 


Air 

5000-10,000 

Organic vapor 

5000-10,000 

Flue gases 

2000-5000 

Boiling liquids 


Hydrocarbons 

2500-10,000 

Polymerizing hydrocarbons 

2000-4000 

Condensing vapors 


Good quality steam 

4000-10,000 

Contaminated steam 

2000-5000 

Organics 

5000-20,000 


However, it must be remembered that the values in Table 12.3 
are only design guidelines. Fouling is a dynamic process that starts 
with a clean heat exchanger and at some point the heat exchanger 
will be taken off-line and cleaned. Caution must be exercised when 


designing for fouling. If an excessive allowance is made for 
fouling, then the heat exchanger will be oversized. This in turn 
will lead to larger equipment and lower velocities in the exchanger, 
which will accelerate the fouling. 

12.3 Temperature 
Differences in Shell-and- 
Tube Heat Exchangers 

Consider the heat exchange process in Figure 12.6a. The heat 
transfer arrangement shows a concentric pipe heat exchanger. The 
flow of the fluids in such a device is truly countercurrent. To 
understand the heat transfer, assume that it is a steady-state process 
in which all of the fluid properties and overall heat transfer 
coefficient U are constant. It is also assumed that there is no phase 
change and that there is no heat loss from the system. The heat 
transfer process is shown in Figure 12.6b in a plot of heat transfer 



(a) Counter-current heat exchange. 



(b) Heat transfer versus temperature. 

Figure 12.6 

Heat exchange temperature difference. 
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versus temperature. The slope of the AT line in Figure 12.6b is 
given by: 


r/(AT) A T h - A T c 

— - - = ---- (12.18) 

dQ Q 

Applying Equation 12.12 across the differential element in 
Figure 12.6b: 


dQ = UdAAT 


(12.19) 


= UAAT lm (12.24) 

where A T LM = logarithmic mean temperature difference 
Note that this result would have been obtained if: 

a) the fluid positions inside and outside of the tube in Figure 12.6b 
had been reversed; 

b) the direction of one of the fluids had been reversed giving 
cocurrent flow; 

c) either fluid had been isothermal. 


Combining Equations 12.18 and 12.19 gives: 

A T h - A T c d(AT) 

Q ~ UdAAT 


If the slope of the hot and cold streams had been equal, then 
AT H = AT C = AT and the logarithmic temperature difference 
would be replaced by AT in Equation 12.24. This is most likely 
to happen if both fluids are isothermal. It should also be noted that: 


Rearranging and integrating gives: 



Q 

A T h - A T c 


1 ^ Th d{AT) 
uJ ATc AT 


Thus: 


Q 1 |n AT// 

AT h -ATc U n AT c 


Q = UA 


A T h - A T c 


In 


A T„ 

A T c _ 


( 12 . 21 ) 


( 12 . 22 ) 


(12.23) 


A T h - A T c 

, A T h 
In . — 


A T c - A T h 


In 


A T c 
AT// 


(12.25) 


Although the result in Equation 12.24 applies to both counter- 
current and cocurrent flow, in practice, cocurrent flow is almost 
never used as, given fixed fluid inlet and outlet temperatures, the 
logarithmic mean temperature difference for countercurrent flow is 
always larger. This in turn leads to smaller surface area require¬ 
ments. Also, as shown in Figure 12.7a for countercurrent flow, the 
final temperature of the hot fluid can be lower than the final 
temperature of the cold fluid (sometimes known as temperature 
cross), whereas in Figure 12.7b, it is clear that there can never be a 
temperature cross. 


Figure 12.7 

Fluid temperatures can never cross in a cocurrent heat 
exchanger. 




Length 






(a) Countercurrent. 


(b) Cocurrent. 
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Figure 12.8 

1-1 shells approach pure countercurrent flow, whereas 1-2 shells exhibit partial countercurrent and partial cocurrent flow. 


For a given heat duty and overall heat transfer coefficient, the 
fluid flowing through the tubes in a single pass, in a 1-1 design 
(1 shell pass-1 tube pass), as illustrated in Figure 12.8a, offers the 
lowest requirement for surface area for shell-and-tube heat 
exchangers. Figure 12.8b shows a design in which the fluid flows 
in two passes through the tube-side in a 1-2 design (1 shell pass-2 
tube passes). The tube-side flow is made to change direction by a 
flow divider or pass partition plate mounted in the heat exchanger 
head. The increase in the tube passes increases the tube velocity 
and tube-side heat transfer coefficient, and hence the overall heat 
transfer coefficient (as discussed later). 

Figure 12.9 shows four different design arrangements to 
achieve this. Figure 12.9a shows a fixed tube sheet design. This 
has the tubes secured at both ends to tube sheets fixed to the shell. 
The outside of the tubes cannot be cleaned mechanically and the 
design is limited to clean services on the shell-side. Another 
disadvantage is that a large temperature difference between tubes 
and the shell creates a differential stress that might need an 
expansion joint to be incorporated. It is a low cost design, 
providing no expansion joint is required. An alternative U-tube 
design with only one tube sheet is shown in Figure 12.9b. Addi¬ 
tional costs are incurred for bending tubes, and an increased shell 
diameter is required due to the minimum bend radius allowed. The 
tube bundle can expand and contract in response to temperature- 
induced stresses. Also, the bundle can be removed to clean the 
outside of the tubes. The inside of the tubes cannot be cleaned 
effectively due to the bends, so application is restricted to clean 
fluids on the tube-side. A split ring floating head design is shown in 
Figure 12.9c. This has one tube sheet fixed relative to the shell and 
the other is free to “float”, permitting free expansion of the tube 
bundle. A dished cover is bolted to the floating head tube sheet with 


a split backing ring, which is formed in two halves. The bundle can 
be removed by removing the channel end of the heat exchanger for 
the tube-side inlet and outlets, the shell cover at the floating head 
end, the floating head cover and the split ring. The tube bundle can 
then be pulled through the shell from the channel end, as the 
diameter of the floating tube sheet is slightly smaller than the shell 
diameter. Once removed, the outside of the tubes can be cleaned 
mechanically for certain tube layouts. An alternative, less common 
floating head design is shown in Figure 12.9d. This time a dished 
cover is bolted directly to the floating head tube sheet. The tube 
bundle can be removed directly by removing the channel end of 
the heat exchanger for the tube-side inlet and outlets and the tube 
bundle pulled through the shell from the channel end. Again, once 
removed, the outside of the tubes can be cleaned mechanically for 
certain tube layouts (see later). However, the simplicity of removal 
of the tube bundle for pull-through floating head designs is 
accomplished at the expense of a larger shell diameter. Floating 
head designs can be used when the fluids on both sides are dirty. 

The 1-2 design in Figure 12.8b shows that the flow arrangement 
involves part countercurrent and part cocurrent flow. This reduces 
the effective temperature difference for heat exchange compared 
with a pure countercurrent device. This is accounted for, in design, 
by the introduction of the F T factor into the basic heat exchanger 
design equation (Underwood, 1934; Bowman, 1936; Bowman, 
Mueller and Nagle, 1940): 

Q = UAAT lm F t where 0 < F T < 1 (12.26) 

Thus, for a given exchanger duty and overall heat transfer 
coefficient, the 1-2 design needs a larger area than the 1-1 design. 
However, the 1-2 design offers many practical advantages. These 
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Figure 12.9 

Two tube passes can be engineered in different ways. 





Cold F luid 
Out 


1 lot Fluid In 



include, in particular, good heat transfer coefficients on the tube- 
side (due to higher velocity) and allowance for thermal expansion 
and easy mechanical cleaning in some designs. 

The F t correction factor is usually correlated in terms of two 
dimensionless ratios, the ratio of the two heat capacity flowrates ( R ) 
and the thermal effectiveness of the exchanger ( P ) (Bowman, 
Mueller and Nagle, 1940): 

Ft =f(R,P) (12.27) 

where 

(12.28) 


and 

p = (T C 2 - Tci)/(T m - T C \) (12.29) 

Note therefore that F T depends only on the inlet and outlet 
temperatures of the streams in a 1-2 heat exchanger. An expression 
can be developed for the Ft- in a 1-2 heat exchanger as a function of 
R and P. The proof is lengthy and can be found elsewhere 
(Underwood, 1934; Bowman, 1936; Bowman, Mueller and Nagle, 
1940; Kern, 1950). 


R = CPc/CPh = ( Thi ~ T h 2 )/(T C 2 - T c i) 
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For R =£ 1: 


F t i_ 2 is used across all F Tl _ 2+ cases: 


\/j}~ llr. 

' 1 -P~ 




! - RP 


(R - l)ln 

~2-P(R+l - \/R 2 + lj" 

2 -p(r+ 1 + \/fl 2 + l) 


(12.30) 


For R = 1: 



\flP 

1 -P 


In 

~2-P\ 

( 2 -V2 )' 

2 - P\ 

( 2 +V2)_ 


(12.31) 


Rather than use two tube passes, the number of tube passes can be 
increased to increase the tube-side velocity and hence the tube-side 
heat transfer coefficient. Strictly, F T depends on the number of 
tube-side passes: 


Fti-2 < Fj i_4 < F t i-6 < Fj i-s < • • • < 1 (12.32) 

However, these values of F t are very close, with a maximum error 
of around 2% across all values of P and R (Kem, 1950). Hence 


Fti-2 = F T i-2,F T i-4,F T i- 6 ,F T i-s, ••• (12.33) 

The shape of the function from Equations 12.30 and 12.31 is 
illustrated in Figure 12.10. It can be seen that the slope of the F T 
curve for a given R becomes very steep and approaches an 
asymptote as the thermal effectiveness P increases. 

Three basic situations can be encountered when using 1-2 
exchangers (Figure 12.10): 

1) The final temperature of the hot stream is higher than the final 
temperature of the cold, as illustrated in Figure 12.10a. This is a 
so-called temperature approach. This situation is straightfor¬ 
ward to design for, since it can always be accommodated in a 
single 1-2 shell. 

2) The final temperature of the hot stream is slightly lower than the 
final temperature of the cold stream, as illustrated in 
Figure 12.10b. This is known as a temperature cross. This 
situation is usually straightforward to design for, provided the 
temperature cross is small, because again it can probably be 
accommodated in a single shell. However, the decrease in F T 
increases the heat transfer area requirements significantly. 

3) As the amount of temperature cross increases, however, prob¬ 
lems are encountered, as illustrated in Figure 12.10c. The F T 
decreases significantly, causing a dramatic increase in the heat 



Figure 12.10 

Designs with a temperature approach or small temperature cross can be accommodated in a single 1-2 shell, whereas designs with a large temperature cross 
become infeasible. (From Ahmad S,LinnhoffB and Smith R, 1988, Trans ASME J Heat Transfer, 110: 304, reproduced by permission of the American Society 
of Mechanical Engineers.) 
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transfer area requirements. Local reversal of heat flow may also 
be encountered, which is wasteful in a heat transfer area. The 
design may even become infeasible. Thus, for a given R, the 
design of the heat exchanger becomes less and less efficient as 
the asymptote for the F r curve is approached. 

The maximum temperature cross that can be tolerated is often 
set by rules of thumb, for example, F T > 0.75 (Kern, 1950). It is 
important to avoid low values of F r because: 

1) Low values of F T indicate inefficient use of the heat transfer 
area. 

2) Any violation of the simplifying assumptions used in the 
approach tends to have a particularly significant effect in areas 
of the F t chart where slopes are particularly steep. 

3) Any uncertainties or inaccuracies in design data also have a 
more significant effect when slopes are steep. 


Bott, 1994; Serth, 2007; Hewitt, 2008). Here, consideration will be 
restricted to multiple shell arrangements of the 1-2 type. By using 
two 1-2 shells in series (Figure 12.12), the temperature cross in 
each individual shell is reduced below that for a single 1-2 shell for 
the same duty. The profiles shown in Figure 12.12 could in 
principle be achieved either by two 1-2 shells in series or by a 
single 2-4 shell. 

For a number of 1 -2 shells in series, a transformation can be 
developed based on the fact that for Nshells i n series, each shell 
pass has the same value of F T , which also equals the F T across all 
Nshells passes (Bowman, Mueller and Nagle, 1940). Also, all 
values of the effectiveness factor of each shell pass (P|_ 2 ) are equal, 
but not equal to the value of the effectiveness factor across all 
Nshells (P). Of course, R is constant across all shells and the 
overall design. 

For R p 1 (Bowman, Mueller and Nagle, 1940): 


Consequently, to be confident in a design, those parts of the F T 
chart where slopes are steep should be avoided, irrespective of 
F t > 0.75 (Ahmad, Linnhoff and Smith, 1988). A simple method to 
achieve this is based upon the fact that for any value of R there is a 
maximum asymptotic value for P, say P max , which is given as F T 
tends to —oo, and is given by (Ahmad, Linnhoff and Smith, 1988): 



f l-P X - 2 R \ 

V 1-Pi-2 7 

n - Pi-iR \ 

W-P1-2; 


^shells 


Nshells 


For R= 1 (Bowman, Mueller and Nagle, 1940): 


P 


max 


2 

R+ 1 + Vp 2 + 1 


(12.34) 


P1-2 Nshells 
P\-iN shells ~ P 1-2 + 1 


(12.36) 


(12.37) 


Equation 12.34 is derived in Appendix D. Practical designs will be 
limited to some fraction of P max , that is (Ahmad, Linnhoff and 
Smith, 1988): 


Thus, given an overall value of P for the duty involving Nshells , 
Equations 12.36 and 12.37 allow the value of Pi_ 2 to be calculated 
for each shell. To do this, first define a variable Z: 


P = X P P mm 0<X P <\ (12.35) 

where X P is a constant defined by the designer. 

A line of constant X P is compared with a line of constant F r in 
Figure 12.11 (Ahmad, Linnhoff and Smith, 1990). It can be seen 
that the line of constant X P avoids the regions of steep slope. 

Situations are often encountered where the design is infeasible 
in a single 1-2 shell, because the F T is too low or the F T slope too 
large. If this happens, either different types of shell or multiple shell 
arrangements must be considered (Kem, 1950; Hewitt, Shires and 


Z = 


1 - Pi_ 2 R\ Nsheus 

1 Pi—2 / 


(12.38) 


Substituting Z into Equation 12.36 and rearranging gives: 

Y _ pR 

z = —- (12.39) 

Thus, starting with the overall P for the duty, Z is first calculated 
from Equation 12.39. Then P\_ 2 is calculated for each shell by 


Figure 12.11 

The Xp parameter avoids steep slopes on the F T 
curves, whereas minimum F T does not. (From 
Ahmad S, Linnhoff B and Smith R,1990, Comput¬ 
ers and Chem Eng , 7: 751, reproduced by 
permission.) 
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(a) A single 1-2 shell is infeasible. 
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(b) Putting shells in scries reduces the temperature cross in indiv idual exchangers. 


Figure 12.12 

A large overall temperature cross requires shells in series to reduce the cross in individual exchangers. (From Ahmad S, Linnhoff B and Smith R,1988, Trans 
ASME J Heat Transfer, 110: 304, reproduced by permission of the American Society of Mechanical Engineers.) 


inverting Equation 12.38 and substituting the value of Z. For 1: 


Pl-2 = 


Z^/NsHELLS _ ] 
^/Nshells _ ft 


for R + 1 


(12.40) 


For R = 1, a simple rearrangement of Equation 12.37 gives: 


Traditionally, the designer would approach a design for an 
individual unit by trial and error. Starting by assuming one shell, 
the FYcan be evaluated. If the Fy is not acceptable, then the number 
of shells in series is progressively increased until a satisfactory 
value of F t is obtained for each shell. For a number of 1-2 shells in 
series: 


P 1-2 = 


P ~ PN SHELLS + N SHELLS 


for R = 1 


(12.41) 


Thus, for N shells i n series for R 1: 


A /r>2 , 1 l„ 

r 1 -P 1 - 2 ] 




.1 -RPi- 2 . 


(R - l)ln 

2 - P\-2 

R+ 1 - V R 2 + lj" 

2 -P,- 2 ( 

'R+\ + 3/R 2 + lj 


(12.42) 


P Tl—2 < PT2—A < Ft3-6 < P 74-8 < • • • < 1 (12.44) 

Adopting the design criterion given by Equation 12.35 as the basis, 
any need for trial and error can be eliminated, since an explicit 
expression for the number of shells for a given unit is derived in 
Appendix E (Ahmad, Linnhoff and Smith, 1988). For R + 1: 


NSHELLS 



In IV 


(12.45) 


where P\_ 2 is given by Equation 12.40. For N S hells i n series for 
R=l: 



1 P\—2 


In 

2 - P \ -2 

(2- V2)' 

2 - P \—2 

( 2 + V2)_ 


(12.43) 


where P t _ 2 is given by Equation 12.41. 


where 

R + 1 + 3 /R 2 + 1 - 2 RX P 

W = - , - 

R + 1 + 3 /R 2 + 1-2 X P 

For R = 1: 



(12.46) 
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X P is chosen to satisfy the minimum allowable F T (for example, for 
F Tmin > 0.75, X P = 0.9 is used). Once the real (noninteger) number 
of shells is calculated from Equation 12.45 or 12.47, this is rounded 
up to the next largest number to obtain the number of shells. 
Generally, the smaller the number of shells for a given overall duty, 
the cheaper will be the design. The higher the value of X P chosen, 
the larger will be the number of shells, but the safer the design. 
Thus, a compromise is required. A value of X P = 0.9 is reasonable 
for most cases. 

It should be noted that this approach can be used for 1—4, 
1—6, . . . , etc., shells in series with little error. This is because of 
the small difference between F Tl _ 2 and F n _ 2+ . 

In addition to the F r limiting the temperature cross in each shell 
and dividing the overall duty into a number of shells, there is a 
maximum physical size that can be fabricated in a single shell. For 
shell-and-tube heat exchangers with removable tube bundles, the 
maximum size of shell is around 1000 nr. However, a significantly 
lower figure might well be preferred for maintenance and cleaning 
purposes. Fixed bundle heat exchangers can be much larger, 
typically up to 4500 m~. 


12.4 Heat Exchanger 
Geometry 

Calculation of the overall heat transfer coefficient from 
Equation 12.13 requires knowledge of the hint transfer coeffi¬ 
cients. Although Table 12.1 presents typical values, the actual 
values depend on the velocities (flowrates) of the fluids, fluid 
physical properties and exchanger geometry. Methods are needed 
to calculate the film transfer coefficients for both the tube-side and 
the shell-side. In addition to heat transfer coefficients, it is also 
necessary to be able to predict the pressure drops. 

Before considering the calculation of heat transfer coefficients 
and pressure drops, consider details of the exchanger geometry: 

1) Tube diameter. Tube sizes are specified by an outside diameter 
and a wall thickness. The TEMA standards (TEMA, 2007) are 
based on imperial units in which the outside diameters are 
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Table 12.4 

Commonly available tube sizes based on imperial sizes. 


Wall thickness 
(mm) 

0.889 

1.245 

1.651 

2.108 

2.769 

3.404 

4.191 

Birmingham 
wire gage 
(BWG) 

20 

18 

16 

14 

12 

10 

8 

Outside 
diameter (mm) 

Inside diameter (mm) 

15.88 

14.10 

13.39 

12.57 

11.66 

10.34 

9.07 


19.05 

17.27 

16.56 

15.75 

14.83 

13.51 

12.24 


25.40 

23.62 

22.91 

22.10 

21.18 

19.86 

18.59 

17.02 

31.75 

29.97 

29.26 

28.45 

27.53 

26.21 

24.94 

23.37 

38.10 



34.80 

33.88 

32.56 

31.29 


76.20 




71.98 

70.66 

69.39 



specified in inches with wall thickness specified in terms of the 
Birmingham wire gage (BWG). The smaller the BWG, the 
thicker the wall. TEMA also specify the equivalent metric 
dimensions (TEMA, 2007). Some of the more commonly used 
sizes are summarized in Table 12.4. From Table 12.4, the most 
commonly used tube sizes in shell-and-tube heat exchangers 
are 19.05 mm and 25.5 mm outside diameter, and to a lesser 
extent 15.55 mm outside diameter. Tubes of 31.75 mm and 
38.10mm outside diameter are used in reboilers, evaporators 
and steam boilers. Larger diameter tubes of 76.2 mm to 
101.6mm are used in fired heaters (see later). The wall 
thickness in the first instance must be able to withstand the 


maximum pressure difference across the tube wall, including a 
corrosion allowance. However, this is not the only concern. 
Tube vibration and also the consequent wearing of the tube 
against the baffles are also a concern. The usual tube thick¬ 
nesses used from Table 12.4 are 1.651mm (16BWG) to 
2.769 mm (12BWG). Thinner tube walls are used when expen¬ 
sive materials of construction are used. In preliminary design, 
when using steel tubes, a wall thickness of 2.108 mm (14B WG) 
can be assumed. 

In addition to the standards based on imperial units, many 
other standards are used. Table 12.5 gives a sample of com¬ 
monly used metric sizes available. Common sizes from 


Table 12.5 

Commonly available tube sizes based on metric sizes. 


Wall thickness 
(mm) 

1.6 

2 

2.6 

3.2 

3.6 

4 

4.5 

Outside 
diameter (mm) 

Inside diameter (mm) 

16 

12.8 

12.0 

10.8 

9.6 




18 

14.8 

14.0 

12.8 

11.6 

10.8 



20 

16.8 

16.0 

14.8 

13.6 

12.8 

12.0 


22 

18.8 

18.0 

16.8 

15.6 

14.8 

14.0 

13.0 

25 

21.8 

21.0 

19.8 

18.6 

17.8 

17.0 

16.0 

30 

26.8 

26.0 

24.8 

23.6 

22.8 

22.0 

21.0 

32 

28.8 

28.0 

26.8 

25.6 

24.8 

24.0 

23.0 

38 

34.8 

34.0 

32.8 

31.6 

30.8 

30.0 

29.0 

40 

36.8 

36.0 

34.8 

33.6 

32.8 

32.0 

31.0 

70 

66.8 

66.0 

64.8 

63.6 

62.8 

62.0 

61.0 


12 
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Table 12.5 are d Q = 20mm with dj= 16mm and d Q = 25 mm 
with d { = 19.8 mm. 

2) Tube length. Preferred tube lengths are quoted by TEMA 
(2007). Commonly used lengths based on imperial units are 
1.83 m, 2.44 m, 3.05 m, 3.66m, 4.88 m, 6.10 m and 7.32 m. A 
length of 4.88 m is commonly used in petroleum refinery 
applications. However, in principle, any length up to the 
maximum available from the tube manufacturer can be used. 
Metric lengths of 2.5, 3, 4, 5 and 6 m are also used. In U-tube 
designs (see Figures 12.9b) the length of the tubes varies 
according to the position in the tube bundle. Tubes closer to 
the inside of the tube bundle will have a smaller bend radius and 
will be shorter in overall length than those at the outside of the 
bundle. There will be a characteristic mean length across the 
bundle. The working length of the tube is slightly shorter than 
its end-to-end length from the length taken up by the tube sheets 
on which it is mounted. Tube sheets vary in thickness typically 
between 2 and 4 cm. Figure 12.13 shows how tubes are most 
commonly joined to tube sheets. Grooves are ground into the 
holes in the tube sheet and the tubes expanded by hydraulic 
pressure or roller expansion to create a seal. If the tubes and tube 
sheet can be welded, the joint can be strengthened by welding. 
The choice of tube length is a degree of freedom at the 
discretion of the designer. The same heat transfer area can 
be made available either with a small number of long tubes in a 
small diameter but long shell or a large number of short tubes in 
a large diameter but short shell. The ratio of tube length to shell 
diameter is usually in the range 5 to 15. 

3) Tube pitch. Tube pitch (p T ) is the center-to-center distance 
between adjacent tubes. This varies between 1 ,25d 0 and 1.5 d 0 - 
Tube pitch should be a minimum of 1.25 d Q and is often set to 
this value. 

4) Tube configuration. Tubes can be arranged in either a square 
or triangular configuration, as illustrated in Figure 12.14. 
Rotated pitches tend to give higher shell-side heat transfer 



Figure 12.13 

Fixing the tubes to the tubesheet. 


coefficients than in-line pitches. For the same tube pitch and 
shell-side flowrate the heat transfer coefficient is normally in 
the order h S j 0 °> ^s, 45 °> ^s, 60 °> hs, 9 o°- A 90° layout has the 
lowest heat transfer coefficient, but the lowest pressure drop. A 
square configuration (45° or 90°), as shown in Figures 12.14a 
and 12.14b, is used for fouling fluids to provide lanes between 
the rows for mechanical cleaning. Cleaning lanes should be 
continuous through the entire tube bundle. Triangular config¬ 
urations, as shown in Figures 12.14c and 12.14d, are restricted 
to nonfouling fluids on the outside of the tubes because they are 
more difficult to clean mechanically. However, for a given tube 
pitch, a triangular configuration allows a greater number of 
tubes in a given shell diameter. In Figure 12.14a, for a square 
pitch each tube is contained in an area of As shown in 
Figure 12.14c, for a triangular pitch each triangular pitch with 
sides p T , having an area of 0.5p^\/3/2, contains half a tube. 
Thus, a single tube in a triangular pitch is contained in an area of 
p|\/3/2 = 0.866 pf. This means that for the same pitch, a 
triangular configuration can allow a greater number of tubes 
than a square configuration in the same size of shell. The 
assumption of a square configuration in a new design will be 
conservative. 

5) Baffle configuration. As shown in Figure 12.15a, baffles are 
used on the shell-side to direct the fluid stream across the tubes. 
Cross flow gives higher rates of heat transfer than axial flow at 
the expense of a higher pressure drop. Figure 12.15a shows 
segmental baffles, which are the most commonly used type. 
These are circular plates with a segment removed. The baffle 
not only increases the rate of heat transfer but also provides 
structural support to the tubes to prevent tubes sagging and to 
prevent tube vibration that can occur as a result of cyclic forces. 
The arrangement in Figure 12.15a shows the segmental baffles 
arranged for up and down flow on the shell-side. The baffles can 
be rotated through 90° to provide side-to-side flow, as in 
Figure 12.Id. This is desirable for vapor-liquid mixtures, 
such as in condensation. Double segmental baffles can also 
be used, as illustrated in Figure 12.15b. The pressure drop for 
double segmental baffles is typically one-third to one-half that 
for single segmental baffles (Bouhairie, 2012). However, this is 
at the expense of lower cross-flow heat transfer. Double 
segmental baffles are typically used when gases are on the 
shell-side and a low-pressure drop is necessary. Baffles are 
normally supported by tie rods and spacers, as illustrated in 
Figure 12.15c. A number of other baffle designs are possible 
(Bouhairie, 2012). In the methods and examples to be used 
later, it will be assumed that the most common arrangement of 
single segmental baffles is used. 

Figure 12.16a shows an ideal shell-side flow pattern using 
segmental baffles with combinations of ideal cross flow and 
ideal axial flow. Cross flow gives both higher rates of heat 
transfer and higher pressure drops than axial flow. In practice, 
the flow pattern is not ideal, as illustrated in Figure 12.16a, as 
leakage occurs through the tube-to-baffle clearance, as illus¬ 
trated in Figure 12.16b. Also, bypassing occurs between the 
tube bundle and the shell and is a function of the shell-to-baffle 
clearance, as illustrated in Figure 12.16b. Both leakage and 
bypassing act to reduce the rate of heat transfer on the shell-side. 
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Flow 


< -► 


< b) Rotated square pitch (45"), 



i 




(d) Rotated tnagular pitch (60"). 


Figure 12.14 

Tube configurations. 


Longitudinal metal sealing strips can be mounted in notches 
at the edges of the baffles to minimize bypassing of the crossflow 
at the edge of the tube bundle (see Figure 12.15). These 
seals extend towards the inside of the shell to divert flow 


from the shell wall back into the tube bundle. Sealing strips 
are particularly important where there is a large clearance 
between the bundle and the shell, typically greater than 
30 mm. Sealing strips are not normally fitted to fixed tube-sheet 



(a) Segmental bailies. 



|h) Double segmental balTles. 



(c) Baffle support. 


Figure 12.15 

Shell-side baffles. 
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Ideal Cross Flow 



Ideal Axial Flow 


Baffle Leakage 



Bypassing 


(a) Ideal shell-side flow. 


(b) Non ideal shell-side flow. 


Figure 12.16 

Shell-side flow patterns. 


and U-tube designs, but split-ring and pull-through floating head 
designs usually require sealing strips. Bypassing of the bundle 
can also occur in the gaps in the core of the tube bundle left for 
the pass partition plates. Such internal bypassing can also be 
prevented by longitudinal sealing strips. 

When using segmental baffles, some important parameters 
need to be fixed. The minimum spacing between segmental 
baffles should be larger than 0.2 D s , where D s is the shell inside 
diameter (TEMA, 2007). The optimum ratio of baffle spacing to 
shell diameter is that which results in the highest conversion of 
pressure drop to heat transfer and is in the range 0.3 D s < baffle 
spacing < 0.6 D s (Bouhairie, 2012). In some cases, larger baffle 
spacing is used in the inlet and outlet compartments compared 
with the central baffle spacing. This is to allow for placement of 
shell-side nozzles without interference with the heat exchanger 
flanges and without overlapping the first or last baffle. Also, for 
segmental baffles, the number of baffles and the location of the 
shell-side nozzles depend on whether the number of baffles is 
an even or odd number. An even number of baffles implies the 
shell-side inlet and outlet nozzles both being on the same side of 
the shell (e.g. see Figure 12.1b). An odd number of baffles 
implies that the shell-side inlet and outlet nozzles are on 
opposite sides of the shell. 

The baffle cut is the height of the segment removed from the 
baffle as a fraction of the baffle disc diameter, as illustrated in 
Figure 12.15a. The optimum baffle cut is typically 0.25, 
although baffle cuts from 0.15 to 0.45 are used in special 
circumstances. As much as possible, the baffle spacing and 
baffle cut should match to provide a similar velocity in cross 
flow and axial flow in the baffle window (Bouhairie, 2012). 
This avoids repeated acceleration and deceleration of the fluid. 

6 ) Bundle clearance. A clearance must be allowed between the 
tube bundle and the inside shell wall. This clearance L BB is 
defined as the distance between the inside shell wall and the 
circle circumscribing the outermost tubes in the bundle (see 


Figure 12.15a). The bundle diameter D B is the diameter of the 
circle circumscribing the outmost tubes (see Figure 12.15a). 
The value of L BB depends mainly on the design of bundle to be 
used. Fixed tube sheet and U-tube designs require the smallest 
clearances. Split-ring floating-head designs require much 
larger clearances. Pull-through floating-head designs require 
larger clearances, and are also a function of the shell-side 
design pressure. The clearance is important in the design 
performance, as it increases the flow area on the shell-side. 
Table 12.6 gives typical values for different types of shell 
design. 

7) Shell diameter. For a square pitch, each tube is contained in an 
area of p\ and for a triangular pitch each tube is contained in an 
area of 0.866 pj. Thus, for heat exchangers with a single tube 
pass the number of tubes that can in principle fit into a shell with 
diameter D s is given by: 

TC 9 

7 D 2 S 

N t = (12.48) 

PcPt 


Table 12.6 

Typical inside shell diameter to bundle clearances (. L BB and D s in m). 


Design type 

Clearance 

Fixed tube sheet and U-tube 

L bb = 0.0048 D s + 0.0133 

Split-ring and packed floating 
heads 

L bb = 0.0169 D s + 0.0257 

Pull-through floating heads, 
lOOOkPa 

L bb = 5 x 10“ 3 Dj + 0.0179 D s 
+ 0.0822 

Pull-through floating heads, 

2000 kPa 

L bb = 3 x 10~ 3 Dj + 0.0332 D s 
+ 0.0827 
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where N T 

D s 

Pt 

Pc 


total number of tubes (-) 
internal diameter of the shell (m) 
tube pitch (m) 

pitch configuration factor (—) 

1 for a square pitch 
0.866 for a triangular pitch 


In practice, some allowance needs to be made for the 
clearance between the tube bundle and the shell wall. In 
addition, if U-tubes are used, the shell diameter needs to be 
increased to allow for the minimum bend radius. If multiple 
tube passes are required, the pass partition plates do not allow 
complete coverage of the shell diameter by tubes, as there needs 
to be a seal between the pass partition plates and the tube sheet. 
Also, if floating head designs are used, the shell diameter needs 
to be increased to allow for withdrawal of the floating head 
arrangement. Thus, two factors need to be added to 
Equation 12.48 to allow for these effects: 


= _>rD|/4_ 
F tcF scPcPt 


(12.49) 


where F TC = tube count constant that accounts for the 

incomplete coverage of the shell diameter by 
the tubes, due to necessary clearances between 
the shell and the tube bundle and tube 
omissions due to the location of pass partition 
plates for multiple pass designs; F TC is given 
in Table 12.7 

Fsc = correction factor for the shell construction as 
given in Table 12.8 


Equation 12.49 gives an approximation for the tube count 
for a given shell diameter. A more accurate tube count can be 
obtained from tube count tables (TEMA, 2007). Equation 12.49 
can be rearranged to give the shell diameter: 

D s = ^N T F T cFscPcr T y 2 (12 50) 


The number of tubes can be eliminated from Equation 12.50 by 
introducing the heat transfer area: 


A — Njnd 0 L 


(12.51) 


Table 12.7 

F tc for various tube passes (for D s > 0.337 m). 


Tube passes 

F tc 

N P = 1 

1.08 

N P = 2 

1.11 

N P = 4, 6 

1.45 for D„ <635 mm 

1.18 for D s > 635 mm 


Table 12.8 

F S c f° r various tube bundle geometries (for D s >0.337 m). 


Head type 

Fsc 

Fixed head 

1.0 

Floating head (split backing ring 
or outside packed loating head) 

1.15 

U-tube 

1.05 

1.09 for 25 mm outside 
diameter tubes on 1.25 d a 


where A = heat transfer area based on the tube outside 
surface (m 2 ) 

N t = total number of tubes (—) 
d a = tube outside diameter (m) 

L = tube length (m) 


Combining Equations 12.50 and 12.51 to eliminate Nf- 
( 4 F TC F sc p c p 2 A\ 1/2 


Ds 


V nd 0 L J 


(12.52) 


Equation 12.52 can be used to approximate the shell diameter if 
the tube length L is specified. Alternatively, the tube length to 
shell diameter ratio ( L/D s ) can be specified. If this is specified, 
then Equation 12.52 can be rearranged to give: 


/ 4F T cFscPcPt a \ 1//3 
V Fd 0 {L/D s ) ) 


(12.53) 


The ratio of tube length to shell diameter is usually in the range 
5 to 10. For smaller shell diameters, the shell is most often 
manufactured from standard pipes and for larger diameters 
manufactured from plate by rolling and welding the plate. It is 
left to the discretion of the manufacturer to establish a standard 
system of shell diameters, but tolerances and shell thickness 
must conform to standard codes (TEMA, 2007). 

8 ) Inlet and outlet nozzles. The tube-side and shell-side flows 
need to be connected to outside pipework via nozzles. The 
appropriate size for the nozzles depends on both the pressure 
drop in the nozzle and the pipework to which the heat 
exchanger is to be connected. Excessive velocity through 
the shell-side inlet nozzle can cause erosion to the tubes or 
induce vibration. To avoid vibration, TEMA (2007) 
recommend: 

pv 2 N < 2200 kg • m _1 • s -2 for nonabrasive single-phase 
fluids 

pv 2 N < 740 kg • m _l • s -2 for all other liquids, including 
saturated liquids 

For velocities in excess of these conditions an impingement 
plate can be installed between the shell-side inlet nozzle and the 
tubes to protect the tubes. 
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12.5 Allocation of Fluids in 
Shell-and-Tube Heat 
Exchangers 

In a new design, the allocation of streams to the tube-side or shell- 

side will need to be defined. The issues to be considered for the 

allocation include: 

1) Heat transfer coefficients. The fluid with the lower heat trans¬ 
fer coefficient can be allocated to the shell-side. The heat 
transfer coefficients will depend on the physical properties 
of the fluids and the flowrates. If the flowrate of one of the fluids 
is lower than the other, allocating to the shell-side can allow a 
higher overall heat transfer coefficient to be obtained. How¬ 
ever, allocating the fluid with the lower flowrate to the tube-side 
allows the velocity to be manipulated by increasing the number 
of tube passes. Thus, the designer can address the potential 
problem of a lower heat transfer coefficient in different ways. 

2) Fouling. The fluid that has the greatest tendency to foul the 
heat transfer surfaces is often allocated to the tube-side. This 
will give better control over the design fluid velocity and the 
higher allowable velocity in the tubes will reduce fouling. 
Stagnant zones and zones with low velocity can occur on the 
shell-side, leading to accelerated fouling. Also, the inside of the 
tubes is easier to clean than the shell-side. However, the fluid 
with the greater tendency to foul will also often be the one with 
the lower heat transfer coefficient. Thus, it might still be better 
to allocate the fluid with the greater fouling tendency to the 
shell-side. However, if this is done, the shell-side design must 
reflect this by the appropriate choice of tube layout and baffle 
spacing. 

3) Materials of construction. If expensive materials of construc¬ 
tion are required for one of the fluids because of its corrosive 
nature or high temperature, then this fluid should normally be 
allocated to the tube-side. This can reduce the cost of expensive 
materials of construction. 

4) Operating pressures. The stream with the higher pressure 
should be allocated to the tube-side. The smaller the diameter 
of a tube, the thinner the wall needed to contain the same 
pressure. The tubes are therefore more effective at containing 
high pressure than the shell. 

5) Pressure drop. For the same pressure drop, higher heat trans¬ 
fer coefficients will be obtained on the tube-side than on the 
shell-side. The fluid with the lower allowable pressure drop 
should normally be allocated to the tube-side. 

6) Viscosity. Generally, a higher heat transfer coefficient will be 
obtained by allocating the more viscous material to the shell- 
side, provided the flow is turbulent. The critical Reynolds 
number for turbulent flow on the shell-side is in the region 
of 200. 

7) Fluid temperatures. Placing the hotter fluid in the tubes will 
reduce the shell surface temperature, and hence the need for 
lagging to reduce heat loss, and might be desirable for safety 


These general guidelines can contradict each other. If this is the 
case, some compromise must be made. 


12.6 Heat Transfer 
Coefficients and Pressure 
Drops in Shell-and-Tube 
Heat Exchangers 

Simple shell-and-tube heat exchanger models are developed in 
Appendix F in which heat transfer coefficient and pressure drop are 
both related to velocity. The basic correlations used in the model 
(Wang etal, 2012; Jiang, Shelley and Smith, 2014) are suitable for 
the following conditions: 

i. single-phase heat transfer in a shell-and-tube heat exchanger; 

ii. plain tubes; 

iii. single segmental baffles with 20-50% cut; 

iv. physical properties are assumed constant, based on an aver¬ 
age between the inlet and outlet conditions. 

1) Tube-side heat transfer coefficient 

a) For laminar flow Re < 2100 and L < 0.05 Re ■ Pr ■ dp. 

hr = K hT[ v'P (12.54) 


where 


Ki,n = 1-86 


k 

di 



(12.55) 


b) For transition flow 2100 < Re < 10 4 : 


h T = KhjTXj' - K/ lT 3 


(12.56) 


where 


k (pdi\ 2 ^ ,/ 3 fdi \ 2//3 
K hT2 = 0.116- — Pr 1/3 1+ -M 

df \ p J \L J 


K hT3 = 14.5 —Pr 1 / 3 

dj 


i + 




2/3 


(12.57) 


(12.58) 


c) For fully developed turbulent flow Re > 10 4 : 


hr = Ki,tav° t * 


(12.59) 


where 


K h n = C k Pr )A 
di 



0.8 


reasons. 


(12.60) 
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C = 

hp = 

Re = 


Pr = 
(11 

I = 

P = 
P = 
C P = 
k = 

Vj — 


rnj = 

N P = 
N j = 


constant (0.024 for heating, 0.023 for cooling) 
tube-side heat transfer coefficient 


pvpdi 

P 


-, the tube-side Reynolds number 


C pf.i 

-, the tube-side Prandtl number 

k 

tube inner diameter 

tube length 

tube-side fluid density 

tube-side fluid viscosity 

tube-side heat capacity 

tube-side fluid thermal conductivity 

mean fluid velocity inside the tubes 

lllp{Np jNj) 
p(nd 2 i/4r) 

mass flowrate on the tube-side 
number of tube passes 
number of tubes 


d T N,iniet = inner diameter of the inlet nozzle for the tube-side 
fluid 

CtN, outlet 0.75 for 100 <Re TN> outiet< 2100 

^TN,outlet 0.375 for Re TNou ,/ et > 2100 


P Vtn . Inlet d'PN .Inlet 

P 
nip 

P^ndjN Met l 4) 

drN,outlet = inner diameter of the outlet nozzle for the tube-side 
fluid 

For heat exchangers with multiple shells connected in series, 
the total pressure drop on the tube-side fluid is estimated by the 
product of the pressure drop per shell and shell number in 
series: 


R^TN,inlet — 
VTN,inlet ~ 


A Pt,N shells — N SHELLS tsP T (12.65) 


Fluid physical properties are taken at the average bulk fluid 
temperature between the tube-side flow inlet and outlet. 

2) Tube-side pressure drop. The total tube-side pressure drop 
ARj-for a single shell comprises the pressure drop in the straight 
tubes (A Ppp), the pressure drop in the tube entrances, exits and 
reversals (A P TE ), and the pressure drop in nozzles (AP TN ) 
(Serth, 2007). 


A Pp = A Ppp + A Ppe + A P i tt 

= Kpp\N pL\’j + 1 + KpppVp + Kpp^ 


(12.61) 


where 


Kpp i — 


,pdiy 

2F c[ — P 

p J 


dj 

KpT2 — 0.5 CXrP 

KpT3 = p 


, inlet 


(12.62) 

(12.63) 

' CpN.outletVpN.outlet^j (12.64) 


where F c = 16, m f = -1 for Re < 2100 
F c = 5.36 X 10~ 6 , m f = 0.949 for 
2100 > Re >3000 


F c = 0.0791, m f = -0.25 for Re > 3000 
a R = 3.25N P - 1.5 for 500 <Re <2100 
a R = 2N P — 1.5 for Re > 2100 
^TN,inlet 0.75 for 100 < Re TNMet <2100 

Ctn, inlet = 0.375 for Re TN j n ie, > 2100 


where A Pp,n shells = t° ta l pressure drop on the tube-side 
across N shells 

A P T = pressure drop per shell, given by 
Equation 12.61 

Nshells = number of shells connected in series 

For heat exchangers with multiple parallel shells, the total 
pressure drop on the tube-side fluid is equal to the pressure drop 
in a single shell A P T . 

3) Shell-side heat transfer coefficient. The shell-side heat 
transfer coefficient is calculated from (Ayub, 2005: Wang, 
et al., 2012): 
a) For Re s < 250: 


hs = Ki, S ivl + K/ iS 2Vs + K/,s3 

(12.66) 

where 

, FpFpJsk^cJ, 3 p 2 d 0 
K/iSi = -3.722 x 10~ s , ,/ 7 

(12.67) 

K hs i = 0.03843 F P F UsCfcpP 

(12.68) 

KpS3 = P (C N s,inlet V NS,inlet + F NS,out!et V S,outlet} 

(12.69) 

b) For 250 < Re s < 250, 000: 


hs = K hS4 v° s 6633 

(12.70) 


Re 


TN,inlet — " 


pVTN JnletdjN,inlet 


P 

nip 


!A\ 


where 


KhS4 


0.08747 


FpF L J s k 2 / 3 c l p /3 p QM33 

^0.33^3367^5053 


(12.71) 


12 


VTN,inlet — 


f2 
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hs 

do 

P 

k 


c P = 


P 

F P 


F l = 


Js = 


B = 

Bin = 
Bout = 

Be = 
Re s = 


vs = 


D s = 
D b = 
Pt = 
PCF = 


c) 


shell-side heat transfer coefficient 
tube outer diameter 
shell-side fluid density 
shell-side fluid thermal conductivity 
shell-side fluid specific heat capacity 
shell-side fluid viscosity 

the pitch factor, which depends on the tube layout of the 
bundle 

1.0 for triangular and diagonal square pitch 
0.85 for in-line square pitch 

the leakage factor to allow for all the stream leakage, 

which is a function of bundle configuration 

0.9 for straight tube bundle 

0.85 for U-tube bundle 

0.8 for floating head bundle 

correction factor for unequal baffle spacing (Taborek in 
Hewitt, 2008; Serth, 2007) 


(N b ~ 1) + ( B in /B ) 2/3 + ( B ollt /Bf 3 
(Ns- 1)4- (B in /B) + {Bo Ut lB) 

{N b - 1) + ( B in /B) 0A + ( B ollt /B) 0A 
(N b - 1) + (B in lB) + (B out /B) 


for Res <100 

(12.72) 

for Res >100 


central baffle spacing 
inlet baffle spacing 
outlet baffle spacing 
baffle cut (—) 

Reynolds Number based on tube outside diameter 
pdpvs 
M 

shell-side fluid velocity 


m s 


PB 


(D s — D b ) + 


(F>b — do)(Pr ~ dp) 


PcfPt 


(12.73) 


shell inside diameter 

outside diameter of the tube bundle 

tube pitch 

pitch correction factor for flow direction 
1 for 90° and 30° layouts 
s/2/2 for 45° layouts 
s/3/2 for 60° layouts 

Shell-side pressure drop. The total pressure drop A P s for the 
shell-side in one shell includes the pressure drop in the 
straight section of shell (A P ss ) and pressure drop in nozzles 
(A P NS ) (Kern and Kraus, 1972). The total pressure drop for 
the shell-side per shell is: 


A Ps = APss + A P N s 

= K PSl vl™ + Kps2vl' M 3 + Kpsi 


(12.74) 


where 


Kpsi 


Kpsi 


Kpss 


D s 

N b 

Rs 


B 

Bin 

Bout 

d e 


C De 


a 

b 

m fo 

m f o 

m fo 

m s 

CnS, inlet 
C NS,inlet 

R^NS,inlet 


V NS.inlet 

dNS,inlet 

CnS, outlet 
CNS,outlet 

R^NS, outlet 
VNS,outlet 
dNS,outlet 


= 18 



1 


(N b - 1 + Rs ) 


aDsP 

de 


( 5c\ m, ° (pde\ 

\0.2y \ p ) 

(12.75) 


= 90 1- 


B 
D s 


(N Pl - 1 + R s ) 


bDsP f Bc\ m/ ° fpd, 
d e VO-2 


- 0.157 


P 

(12.76) 


— P {CNS,in!etV NS ^let + CNS,outlet Sout ie,j (12.77) 


= shell inner diameter 
= number of baffles 

= correction factor for unequal baffle spacing 
= (B/B in ) ls +(B/B oul ) ls (12.78) 

= central baffle spacing 
= inlet baffle spacing 
= outlet baffle spacing 
= shell-side equivalent diameter 
Pt 

— Coe - d 0 

do 

= pitch configuration factor 
= 4 /ji for square pitch 
= 2 \j2/n for triangular pitch 
= 0.008190 for D s <0.9m 
= 0.01166 for D s > 0.9 m 
= 0.004049 for D s < 0.9 m 
= 0.002935 for D s > 0.9 m 
= -0.26765 for 20% <B C < 30% 

= -0.36106 for 30% < B c < 40% 

= -0.58171 for 40% <B C < 50% 

= mass flowrate on the shell-side 
= 0.375 for Re NS j„iet > 2100 
= 0.75 for 100 < ReNs,inlet < 2100 

_ PVNS,inletdNS,inlet 

P 

_ m S 

P(nd 2 N S ,inlet/ 4 ) 

= inner diameter of the inlet nozzle for the shell-side 
fluid 

= 0.375 for Re NS .outlet > 2100 
= 0.75 for 100 < Re N s,outlet < 2100 

_ (!V N S.outh'td NS .outlet 

P 

_ >n s 

p(”d 2 N s,outlet/ 4 ) 

= inner diameter of the outlet nozzle for the shell- 
side fluid 
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For heat exchangers with multiple shells connected in series, 
the total pressure drop on the shell-side fluid is estimated by the 
product of the pressure drop per shell and shell number in 
series: 

A Ps SHELLS = Nshells^Ps (12.79) 

where AP SNshells = total pressure drop on the shell-side 
A P s = pressure drop per shell, given by 

Equation 12.74 

N shells = number of shells connected in series 

For heat exchangers with multiple parallel shells, the total 
pressure drop on the shell-side fluid is equal to the pressure drop 
in a single shell A P s . 

These shell-and-tube heat exchanger models have been 
compared with commercial heat exchanger simulation software 
that uses more complex models and found to be in close 
agreement (Jiang, Shelley and Smith, 2014). 

Before these equations can be applied for design, a number 
of issues need to be considered: 

1) Fluid velocity. Equations 12.54,12.56,12.59, 12.61,12.66, 
12.70 and 12.74 require knowledge of the fluid velocity. 
Liquid velocity on the tube-side is usually of the order of 1 to 
3 m ■ s _1 . Whilst velocity on the tube-side is unambiguous, 
velocity on the shell-side can be confusing. Velocity 
changes continuously across the bundle, since the fluid 
experiences a differing cross-sectional area as it travels 
across the shell. There is also a difference between the 
cross-flow velocity across the bundle and that the axial- 
flow velocity in the baffle window. The basis for the shell- 
side velocity is normally taken to be the velocity in the cross 
flow at the widest point in the shell (see Appendix F). 
However, there is still a potential for confusion when 
quoting the velocity, as the velocity can be quoted on the 
basis of no leakage, or can include the leakage caused by the 
gap between the tube bundle and the shell and possible gaps 
within the bundle for location of pass partition plates. Liquid 
velocity on the shell-side is normally lower than that on the 
tube-side. This is because the geometry on the shell-side 
interrupts and changes the direction of the flow, inducing 
turbulence. The shell-side velocity is often quoted on the 
basis of no leakage and is usually of the order of 0.5 to 
1.5m s" 1 . Leakage will reduce the velocity. Gas velocities 
on both the tube-side and the shell-side typically vary in the 
range 50 to 70 m's -1 for gases under vacuum, 10 to 30 nrs -1 
for gases at atmospheric pressure and 5 to 10 nr s~ 1 for gases 
under pressure. 

High velocities will result in high heat transfer coeffi¬ 
cients and will tend to reduce fouling. However, high 
velocities also result in a high pressure drop. Also, if solids 
are present in the fluids, then high velocities can result in 
erosion. High velocities on the shell-side for liquids (typi¬ 
cally greater than 3 m • s _ ) can also induce vibration within 
the heat exchanger that can cause it long-term damage. 

The velocity is a critical parameter for the heat exchanger 
design. For the tube-side, a higher velocity for the same duty 


will require a smaller number of, but longer, tubes and a 
higher tube-side pressure drop. On the shell-side the velocity 
is predominantly dictated by the shell diameter and the baffle 
spacing. For a given tube velocity (and therefore a given 
number of tubes and shell diameter) a higher shell-side 
velocity will require a smaller baffle spacing and a higher 
shell-side pressure drop. 

2) Pressure drop. Rather than specify a fluid velocity, it is often 
preferred to specify the pressure drop across the heat 
exchanger. In retrofit situations, where a new heat exchanger 
is to be installed in an existing plant, the allowable pressure 
drop is often highly constrained. This is because in a retrofit 
situation it is often desirable to avoid the installation of new 
pumps or retrofit the existing pumps. Pumps will be dis¬ 
cussed in detail in the next chapter. In the absence of a 
specific retrofit constraint for pressure drop, the value for 
liquids is normally in the range 0.35 to 0.7 bar. For low- 
viscosity liquids (less than 1 mN ■ s • m" 2 ), the pressure drop 
is likely to be less than 0.35 bar. For gases, the maximum 
allowable pressure drop varies typically between 1 bar for 
high-pressure gases (10 bar and above) down to 0.01 bar for 
gases under vacuum conditions. For gases, the cost associ¬ 
ated with the pressure drop is more sensitive to aspects of the 
design outside the immediate considerations for the heat 
exchanger design than is the case for liquids. 

As pointed out in Section 12.1, fouling adds additional 
resistances to heat transfer on both the tube-side and the 
shell-side. If a fluid has a particularly high tendency to foul 
(e.g. crude oil), then designing for a low-pressure drop can 
be a false economy. The fouling fluid is often placed on the 
tube-side. As the fluid fouls the tube-side, not only will the 
overall heat transfer coefficient decrease significantly but 
the pressure drop will also increase significantly as a direct 
result of the fouling. If, for this highly fouling fluid, the 
exchanger had been designed for an initial high-pressure 
drop on the tube-side, the resulting high shear stress would 
not only have increased the initial rate of heat transfer but 
also decreased the rate of deterioration of the rate of heat 
transfer and the rate of increase of pressure drop. An initial 
design for a tube-side pressure drop of 0.7 bar for a highly 
fouling fluid (e.g. crude oil) might result in a fouled pressure 
drop of two to three times the clean pressure drop (Nesta and 
Coutinho, 2011). Had the initial design been for, say, 
1.5 bar, this could have led to a lower pressure drop after 
fouling and an overall better performance. 

If a pressure drop on the tube-side needs to be decreased, 
then the following measures can be considered: 

• decrease the number of tube passes; 

• decrease the tube length and thereby increase the shell 
diameter; 

• increase the tube diameter. 

If the pressure drop on the shell-side needs to be 
decreased, then the following measures can be considered: 

• increase the baffle spacing; 

• increase the baffle cut; 

• increase the tube pitch; 
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• change the tube pitch configuration from triangular to 
square or rotated to in-line, or both; 

• use an alternative baffle design. 

3) Final design .Applying the equations described here will 
result in certain specifications for the heat transfer area, tube 
length and shell diameter. The preliminary design would 
then need to be checked against a detailed simulation of 
the heat exchanger. One particularly important factor is the 
variation of physical properties that takes place within 
the heat exchanger. This can only be accounted for by 
more detailed models that divide the heat exchanger into 
zones. 


Example 12.2 A crude oil stream is to be preheated by 
recovering heat from a kerosene product in a shell-and-tube heat 
exchanger. The flowrates, temperatures and physical properties (at 
the mean temperatures) are given in Table 12.9. 

The exchanger type to be used is 1 shell pass, 2 tube passes with 
a split-ring floating head. Because crude oil will have a greater 
tendency to foul than kerosene, crude oil will be allocated to the 
tube-side. Steel tubes are to be used with a thermal conductivity of 
45 W • m '■ K 1 and the following assumptions can be made 
regarding the heat exchanger geometry: 


do 

= 

20 mm 

d, 

= 

16 mm 

Pt 

= 

1.25 d 0 

Tube layout 

= 

\D 

o 

o 

Be 

= 

0.25 

d,\"l\in!,’! 

= 

0.3048 m 

dNT,omit'! 

= 

0.3048 m 

dNS. inlet 

= 

0.2027 m 

dNS.outlet 

= 

0.2027 m 


Table 12.9 

Data for a heat recovery problem. 



Kerosene 

Crude oil 

Flowrate (kg • s _1 ) 

25 

79.07 

Initial temperature (°C) 

200 

35 

Final temperature (°C) 

95 

75 

Density (kg • m -3 ) 

730 

830 

Heat capacity 
(J • kg -1 • K -1 ) 

2470 

2050 

Viscosity (N s - m -2 ) 

4.0xltr 4 

3.6 x 10~ 3 

Thermal conductivity 
(W • m -1 • K -1 ) 

0.132 

0.133 

Fouling coefficient 
(W • m~ 2 • K~‘) 

5000 

2000 


a) Calculate the number of shells required and the F T based on 
X P = 0.9. 

b) Calculate the overall heat transfer coefficient, heat transfer area, 
number of tubes, tube length and shell diameter assuming a 
fluid velocity of 1 m • s _l on both the tube-side and 0.5 m • s -1 
on the shell-side. 

c) Calculate the pressure drop for the tube-side and shell-side 
assuming a fluid velocity of 1m s -1 on the tube-side and 
0.5 m • s -1 on the shell-side. 

d) Calculate the overall heat transfer coefficient and heat transfer 
area for a tube-side pressure drop of 0.15 bar and a shell-side 
pressure drop of 0.15 bar. 

Solution 

a) First calculate the values of R, P and F T : 


T m ~ T h2 _ 200 - 95 
Ta ~ T C i 75 - 35 


2.625 


p _ Fci Fc\ 

Tm ~ Tci 


75-35 
200 - 35 


0.2424 


_ R + 1 + \Jr 2 + 1 - 2 RX P 

R + 1 + V^ 2 + 1 - 2 X P 
= 0.3688 


XSHELLS ~ 


In 


1 -RP 
1 -P 


In W 
0.74 


Thus, the unit requires 1 shell. 


Ft — 


sjR 2 + 1 In 

r a -p)] 
V}-RP)\ 


(R - l)ln 

2 - P 

+ 

1 

+ 


2-P[ 

R + 1 + \JR? + 1 

). 


Substituting R = 2.625 and P = 0.2424: 


F t = 0.90 


b) For sizing the heat exchanger, the velocity on both the tube-side 
and shell-side will be used to guide the design. Velocities must 
be assumed. For the tube-side, with an assumed velocity of 
1 m • s _1 , calculate the Reynolds number: 


Re = 


pvjdi 


1 ‘ 

830 X 1 X 0.016 


3.6 x 10 -3 


= 3689 


This is a transitional flow and the tube-side heat transfer 
coefficient can be calculated from Equation 12.56. Flowever, 
for transitional (or laminar flow) the calculation of the heat 
transfer coefficient requires the tube length to be known. 
Flence, in this case an initial tube length must be assumed. 
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say 6 m: 


Ki, 


= o.n6Af^yV/4 1+ ^y /3 ' 

di \ (4 J \LJ 

0.133 /830 x 0.016\ 2/3 /2050 x 3.6 x 10~ 3 \ 1/3 

= 0116x aol6 x (T6^To^J (-0T33-' 


1 + 


= 895.0 


0.016 


2 / 3 ' 


6.0 J 


K hn = 14.5 -Pr 1 ' 3 
d, 


1 + 


dA 2 ' 3 


0.133 /2050 x 3.6 x 10“ 

= 14.5 x——-x 


0.016 


3\ 1/3 


0.133 


= 468.6 


1 + 


0.016' 


2/3 


6.0 J 


hr = Khrivy 3 - K /, T 2 
= 895.0v/ 3 -468.6 
= 426.4 Wim'-K 1 


Calculate the first estimate of the number of tubes: 

_ m T Np 
T p{jid 2 /A)v T 

79.07 x 2 

~~ 830 X (^x0.016 2 /4) x 1 
= 947.6 

The number of tubes must be an integer and be able to be 
allocated evenly across the number of tube passes. For 2 tube 
passes round up to the nearest number divisible by 2: 

N t = 948 

Calculate the tube length: 

L = -A 4 — 

nd{)Nj 

387.7 

n X 0.02 x 948 
= 6.51 m 


For the shell-side, with an assumed velocity of 0.5 m s \ 
calculate the Reynolds number: 


Res 


pdpvs 

P 

730x0.020x0.5 
4.0 X 10“ 4 
18,250 


Calculate the shell-side heat transfer coefficient from 
Equation 12.70: 


KhS4 


0.08747 

0.08747 

1643 


F P F L J s k 2/i Cp /3 p om3 
p^d° 0 3361 B° c 5053 

0.85 X 0.8 x 1 X 0.132 2 / 3 x 2470 1/3 X 730 0 6633 
(4 x 10“ 4 ) 033 x 0.02 0,3367 x 0.25 0 ' 5053 


h s = K hS4 v° s 6633 
= 1643 x0.5°' 6633 
= 1038 W ■ m -2 • K _1 


Now calculate the overall heat transfer coefficient: 

!_1 I + In (—^ + — _L_ | dp 1 

U hs hsF 2k \dj J dj hpp dj h /■ 

1 1 0.02 ta /0.02\ 0.02 ( \ I \ 

“ l038 + 5000 + 2x45 V0.016/ + 0.016 V2000 + 426.4/ 

U = 209.7 W ■ m -2 • Kr 1 


A Ttm = 


(200 - 75) - (95 - 35) 


In 


200 - 75 


95-35 


= 88.6 °C 


Calculate the first estimate of the required area: 


U IATlmFt 

_ 79.07 x 2050(75 - 35) 
“ 209.7 x88.6x0.9 

= 387.7 m 2 


Calculate the shell diameter from Equation 12.52: 
(AF tc FscPcPt^\ 1/2 


D s = 


n 2 d a L J 


Ftc and F S c are defined in Tables 12.7 and 12.8: 

(A x 1.11 x 1.15 X 1 X 0.025 2 X 387.7\ 1/2 


D s = 


n- X 0.02x6.51 


= 0.981 m 


The tube length is slightly different from the initial estimate. 
Repeating the calculation with a revised initial tube length leads 
to only a small change to 6.52 m. In practice, the designer might 
prefer to adjust the length to a specified length (e.g. 6 m) and 
adjust the number of tubes accordingly, 
c) For the tube-side pressure drop Re = 3689, which can be 
calculated from Equation 12.61: 


2 F c 


Kppi — 


pdi \ 
P ) 
di 


m f 


2x0.0791 


/830x 0.016 
V 3.6 x 10 -3 


- 0.25 


X 830 


0.016 


= 1053.0 


Kppn — 0.5 (Xpp 

= 0.5 x (2 x 2 — 1.5) x 830 
= 1037.5 


^NT,inlet — 


rrij 


— ^NT,outlet 


p{nd NT inlet /4) 

79.07 

“ 830(;r x 0.3048 2 /4) 
= 1.31 m • s -1 


RejN,inlet 


outlet — 

91,750 


830 x 1.31 x 0.3048 
3.6 x 10“ 3 
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KpT3 ~ P \CTN,inlet v TN,inlet + ^TN,out let ^TN,outlet J 

= 830(0.375 x 1.31 2 +0.375 x 1.31 2 ) 

= 1061.1 

A Pj ~ AP tt + APje + APjm 

— KprlNpLVj + f + K !>12 V’y- + KpT3 
= 1053.0 x 2 x 6.51 X l 2 - 0 ' 25 + 1037.5 x l 2 + 1061.1 
= 15,815 N-m“ 2 

For the shell-side pressure drop Re s = 18,250 and can be calcu¬ 
lated from Equation 12.74. Assuming equally spaced baffles 
throughout, calculate the baffle spacing for the assumed velocity. 
First, however, the bundle clearance must be estimated from 
Table 12.6: 

L bb = 0.0169As + 0.0257 
= 0.0169x0.981 +0.0257 
= 0.0423 m 


Kpsi 


90 




(N b - 


+ Rs ) 


bDsP 

d e 


(pdA ' 

\0.2 J \ p J 


= 90 1- 


0.296 

0.981 


(21 -1+2) 


0.002935 x 0.981 x 730 
0.01979 


= 26,641 


/0.25\ -°' 26765 /730 x 0.01979\ “ 0157 
x v " o / T ) V 4.0 x 10 -4 ) 


Now check the inlet nozzle velocity: 

nt s 

V NS,inlet — 7 “ V" 

P^NS,Met/ 4 ) 

25 

~~ 730(^x0.2027 2 )/4 
= 1.06 m • s _1 


Calculate the preliminary baffle spacing from Equation 12.73: Check the allowable velocity: 


B = 


m s 


pvs 


(D s - D b ) + 


(Pb ~ do)(Pr ~ d 0 ) 


PcfPt 


25 


730x0.5 
= 0.303 m 


0.0423 + 


(0.981 - 0.0423 - 0.020)(0.025 - 0.020) 


1 X 0.025 


This cannot be the final baffle spacing, as the number of baffles 
must be an integer: 


N b 


6.51 

0.303 

20.48 


- 1 


The number of baffles needs to be rounded. Rounding up is always 
conservative. Rounding to 21 baffles, the actual baffle spacing can 
be calculated: 


= 0.296 m 

R s = (B/B in ) ls + [B/B out ) ls 

= (0.296/0.296) 1 ' 8 + (0.296/0.296) 1 ' 8 
= 2 


, _ r Pt _ , 

Q. e — '-'De , &0 

d 0 


4 0.025- 


n 0.02 
= 0.01979 m 


■ 0.02 


( B \ aDsP (Bc\" lfo (pd e 

Kpsi = 18 ( 5 ^“ ! ) (iVB “ 1+Rs) ^f ( oi ) [v. 


= 18 


5x0.296 

0.981 


-1 J (21 — 1+2) 

0 25 N _0 ' 26765 
02 


0.01166x0.981 x 730 


0.01979 

/730 x0.01979V 
V 4.0 x 10 -4 ) 


= 21,560 


NS.inlet 



1.74 m ■ S~' 


The actual velocity is below the allowable. Now calculate the 
nozzle Reynolds number: 




pVNsdNS 

p 

730 x 1.06x0.2027 
4 x 10“ 4 
392,587 


KpS 3 — P yCNS,inlet v NS,inlet ^NS,outlet ^s,outlet J 

= 730(0.375 X 1.06 2 + 0.375 x 1,06 2 ) 
= 617 


A Ps = AP S s + A P NS 

— Kp S iVg S15 + K PS 2Vg m + K PSi 
= 21,560 X0.5 1 ' 875 +26,641 xO.5 1 ' 843 + 6 1 7 
= 13,920 N ■ m -2 


d) The tube-side and shell-side pressure drops are now fixed to be: 


A P T = 15, 000 = K Pn NpLv \+ Kp T2 v 2 r + K Pn 

\Ps = 15, 000 = Krsi 875 + AVqVs 843 + K PS3 

Thus, i+and Vj can be varied by trial and error to satisfy these two 
equations. At each new value of v r and v s , the U, A and exchanger 
geometiy need to be calculated for fixed Q, tsT LM and F T . The 
calculation is iterative and can be conveniently carried out using 
a solver in a spreadsheet to satisfy the equations for A P T and APs 
simultaneously. To reach the two variables simultaneously, the 
objective can be set up such that the difference between the left- 
and right-hand sides of the equations are given the values, say 
Objective 1 and Objective 2, respectively. Then the spreadsheet 
solver is used to search for: 


(i Objective l) 2 + (Objective 2) 2 = 0 (within a tolerance) 
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The result is: 


Tube-side 

Shell-side 


v r = 0.97nrs 1 v,s = 0.53m-s 1 

h T = 409.7 W m -1 K _1 h s = 1072.4 W • m“ 2 • K“' 


A P T = 15,000 N • nr 2 A P s = 15,000 N • mT 2 

U = 205.8 W • m -2 • K _1 
A = 395.1m 2 
N t = 91A 
D s = 0.995 m 
L = 6.46 m 
L/D s = 6.49 
= 22 

6 = 0.281 m 
B/D s = 0.28 
L BB = 0.0425 m 


Given freedom to change the pressure drop, the size of the heat 
exchanger can be traded off against the pressure drop. 

The final design needs to consider the inlet and outlet baffle 
spacing. In this case, the baffle spacing is relatively small, to 
maintain the velocity on the shell-side. Although the baffle 
spacing is slightly larger than the shell-side internal nozzle 
diameter, the mechanical design will require a larger spacing at 
the inlet and outlet to allow for placement of shell-side nozzles 
without interference with the heat exchanger flanges to avoid 
the nozzle overlapping the first or last baffle. 


12.7 Rating and Simulation 
of Heat Exchangers 

When designing a heat exchanger, both the inlet and the outlet 
conditions are normally specified. Knowing the fluid physical 
properties also means that the heat duty is specified. The task is 
to design a unit that satisfies the required process duty. Another 
situation that arises is when a heat exchanger that is already fully 
specified is to be evaluated for its performance in a required duty. 

Rating is the assessment of performance of a heat exchanger 
design for specified process inlet and outlet conditions. Rating 
calculates the overall heat transfer coefficient and area of a given 
design for fixed inlet and outlet conditions. This calculated area is 
then compared with the area of the actual design to see if it matches. 
The ratio of the areas might be such that the heat exchanger is 
overdesigned or underdesigned for the duty. 

Whilst rating determines whether a particular design of heat 
exchanger would be suitable for a process duty, it does not predict 
how it would perform in practice. Simulation calculates the outlet 
temperatures and heat duty for a specified heat exchanger design 
for specified process inlet conditions. 

Rating or simulation might need to be performed for a number 
of reasons - to determine: 

• the performance of a given heat exchanger design in a given 
process duty at steady-state conditions to determine whether it 
will perform to process requirements; 


• the performance of a given heat exchanger design in a given 
process duty through time as the heat exchanger fouls according 
to one of the fouling models in Figure 12.4; 

• the performance of an existing heat exchanger in service in an 
existing location in an existing heat exchanger network to be 
relocated to a new duty in the network as part of a retrofit study; 

• the overall heat transfer coefficient of an existing heat exchanger 
in service in an existing heat exchanger network to determine its 
condition for possible cleaning. In this case the heat transfer 
area, inlet and outlet temperatures are known and the overall 
heat transfer coefficient is calculated by trial and error. 


Example 12.3 A kerosene stream is to be cooled by cooling 
water. Details of the heat exchange duty are given in Table 12.10. 
A heat exchanger is available for this duty with the geometry given 
in Table 12.11. 


Table 12.10 

Data for a heat recovery problem. 



Cooling water 

Kerosene 

Flowrate (kg • s _1 ) 

- 

25 

Initial temperature (°C) 

25 

95 

Final temperature (°C) 

35 

45 

Density (kg • m -3 ) 

993 

749 

Heat capacity 
(J • kg -1 • K -1 ) 

4190 

2131 

Viscosity (N s - m -2 ) 

0.8 x 10 -3 

1.1 XlO -3 

Thermal conductivity 
(W • m -1 • K -1 ) 

0.62 

0.13 

Fouling resistance 
(W-‘ m 2 K) 

0.00018 

0.00033 


It is proposed to place the kerosene on the tube-side and cooling 
water on the shell-side. Carry out a rating of the specified heat 
exchanger to assess whether it can meet the requirements of the 
process duty. 

Solution Before the tube-side heat transfer coefficient can be 
calculated, the tube-side velocity must be calculated: 

m r {Np /N r ) 

XT p{nd]/ 4) 

_ 25(4/600) 

~~ 749 [n X 0.016 2 /4) 

= 1.107ms 1 

Now calculate the Reynolds number for the tube-side, which is 
given by: 
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Table 12.11 

Heat exchanger geometry. 


Calculate the Reynolds number for the shell-side: 


Tube pitch p T (m) 

0.02 

Number of tubes N T 

600 

Number of tube passes Np 

4 

Tube length L (m) 

5.5 

Tube thermal conductivity (W • m -1 • K _l ) 

45 

Tube pattern (tube layout angle) 

90° 

Tube inner diameter dj (mm) 

16 

Tube outer diameter d 0 (mm) 

20 

Shell inner diameter D s (m) 

0.8 

Baffle spacing B (m) 

0.367 

Baffle cut B c 

0.2 

Shell-bundle diametric clearance L B b (m) 

0.0392 


Re 


pvjdi 

P 

749 X 1.107x0.016 
1.1 x 10“ 3 
12,060 


This is a turbulent flow and the tube-side heat transfer coefficient 
can be calculated from Equation 12.59: 


K,,t 4 = 0.024— Pr u 
d, 


pdp 

P 


0.13 

= 0 024 X 04)16 X 
= 1008.6 


2131 x 1.1 X 10- 3 
(M3 


/749x0.016\°' 
V 1.1 x to- 3 ) 


h T = Ki,T4Vj & 

= 1008.6 x 1.107 0 8 
= 1094.0 W-nr-KT 1 

Before the shell-side heat transfer coefficient can be calculated, the 
shell-side flowrate and velocity must be calculated: 


Q — m/C /*/ A / ■/ 

= 25 x 2131 x (95 -45) 
= 2.664 x 10 b W 
2.664 x 10 6 
4190 X (35 -25) 6 
= 63.58 kg-s- 1 


Flowrate of cooling water 

ms 

vs = - 


pB 


(As - Db) + 


(D b - d 0 )(p T - do) 


PcfPt 

63.58 


993 x 0.36 
= 0.949 m ■ s _1 


0.0392 + 


(0.8 - 0.0392 - 0.02)(0.025 - 0.02) 


1 x 0.025 


Res 


pd 0 v s 

P 

993 x 0.020 x 0.949 
0.8 x 10“ 3 
23,560 


Calculate the shell-side heat transfer coefficient from 
Equation 12.70: 


Khs 4 = 0.08747 


F P F L J s k 2/3 c l p /3 p 06633 


= 0.08747 x - 


B Uq L> C 

0.85 x 0.8 x 1 x 0.62 2 / 3 x 4190 1/3 x 993 06633 


= 6004.2 


(0.8 x 10“ 3 ) x 0.02 0 ' 3367 x 0.20°' 5053 

hs = ^ 4 vg' 6633 

= 6004.2 x 0.949 0 ' 6633 
= 5799 W ■ m -2 • K“' 

Now calculate the overall heat transfer coefficient: 


111 do | / d() \ do 1 do 1 
U hs hsF 2 k V dj J d[ hjp dj hj 

1 a nnn i o °- 020 , /0.020\ 0.02 

+ 0.00018 + - ^ ln( - I + 


5799 2 x 45 

U = 511.0 W • m -2 ■ K _l 


0.016/ 0.016 


0.00033 + 


1 


Af/jr = 


(95 - 35) - (45 - 25) 


In 


95-35 


[35 - 25 
= 36.41 °C 


1094.0 


Calculate the F T correction factor: 


Thi- T h2 = 95-^45 = 
T c2 - To. 35 - 25 

Tc2-Ter = 35 -25 = 
Thi ~ T C \ 95 - 25 


Ft = 


\JR 2 + 1 In 

l ; 

^5 3 


(R - 1 )ln 

2 - Pi 

(r+1-\/r 2 +\^ 

r 

2 — P\ 

(r+\ + \/r 2 + lj 

i 


Substituting R = 5.0 and P = 0.1429: 


F t = 0.93 


Now calculate the required area: 


UkT LM F T 
2.664 x 10 6 
~~ 511.0x36.41 x 0.93 
= 154.0 m 2 
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The actual area of the heat exchanger is given by: 

A = NjndoL 

= 600 x;rx 0.020x5.5 
= 207.3 m 2 

Now compare the existing and required area: 

207.3 - 154.0 

Overdesign =- X 100% 

154.0 

= 31% 

To complete the rating, the predicted pressure drop and pressure 
drop available should also be compared. 


Consider now the simulation of a heat exchanger. In this case, 
the inlet conditions are specified and the outlet conditions need to 
be calculated. If the outlet temperatures are unknown then XT LM , 
P, F r and heat transfer area A cannot be calculated. One approach 
is therefore to assume either the hot or cold stream outlet tem¬ 
perature. This allows the other outlet temperature to be calculated 
from the energy balance. In turn, this allows A T LM , P, F T and 
therefore heat transfer area A to be calculated. The calculated area 
can then be compared with the actual area and the outlet tempera¬ 
ture adjusted by trial and error until the calculated and actual areas 
are equal within a calculation tolerance. However, an alternative 
approach will now be developed that avoids the need for iteration. 
In Chapter 18 the approach will be extended to the simulation of 
networks of heat exchangers. 

Consider first the simulation of a countercurrent heat exchanger. 
The equations describing simulation of a countercurrent heat 
exchanger are given by (Kotjabasakis and Linnhoff, 1986): 

Qh = CP H (T H \ - T m ) (12.80) 

Qc =CPc(T C 2 - T C i) (12.81) 

Qh = 


Qc = UA XT LM 

{Thx — Tci) ~ {Thi - T C i) 


UA 


In 


Tm ~ T ci 
Tm ~ T ci 


(12.82) 


Also, if the heat capacity is constant: 

r _ CPc _ Tm ~ Thi 
CPh Ta - T C \ 


(12.83) 


Combining Equation 12.81 and 12.82 gives: 


Tm—Tci \ UA {Th\ ~ Thi) - {Tci ~ Tc\) 

-= exp - X - 

Tm-Tex V [CP c {Tci-Tex) 


(12.84) 


Combining Equations 12.83 and 12.84 gives: 


Tm-Tci \UA(R - 1) 
-= exp - 

Thi ~Tcx *1 CP c 


(12.85) 


Eliminating Tci between Equations 12.83 and 12.85 gives 
(Kotjabaskis and Linnhoff, 1986): 


{R - 1 )T m + R(X - 1)7%! + (1 - RX)T h2 =0 R A 1 

( 12 . 86 ) 


where 


X = exp 


UA(R - 1)' 
CPc 


(12.87) 


Eliminating T H2 between Equations 12.83 and 12.85 gives 
(Kotjabaskis and Linnhoff, 1986): 

{X - 1)7%, + X{R - 1)7%! + (1 - RX)T C i =0 R A 1 

( 12 . 88 ) 


If the inlet temperatures 7%i and 7%i are known, along with U, A, 
CP H and CPc , then Equations 12.86 and 12.88 constitute two 
equations with two unknowns (the outlet temperatures Thi and 
T C2 ). Equations 12.86 and 12.88 can be rearranged to give: 


Thi 


{R-\)Thx+R{X-\)T C x 

{RX-\) 


Tci 


{X-l)T m +X(R-l)T C x 
{RX- 1) 


R + 1 (12.89) 

R A 1 (12.90) 


For the special case R = 1: 


where 


Qh = heat duty on the hot stream 
Qc = heat duty on the cold stream 
CP H = heat capacity flowrate for the hot stream 

(product of mass flowrate and specific heat 
capacity) 

CPc = heat capacity flowrate for the cold stream 
(product of mass flowrate and specific heat 
capacity) 

Tm = inlet temperature of the hot stream 
Th2 = outlet temperature of the hot stream 
Tci = inlet temperature of the cold stream 
Tci = outlet temperature of the cold stream 
U — overall heat transfer coefficient 
A = heat transfer area 


Qc = CP c {Tci - Tci) = UA{T H i - T C x) 


Also, for R = 1: 


{Thi - Thi) = {Tci - Tci) 


Combining Equations 12.91 and 12.92 gives: 
Tm+YTci-{Y+l)T H 2 = Q R=1 


where 


Y = 


UA 

CPc 


(12.91) 


(12.92) 


(12.93) 


(12.94) 
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Substituting THI from Equation 12.92 into Equation 12.91 
gives: 


YT h i + 7c, - (Y + 1)Tc2 = 0 R = 1 (12.95) 


Equation 12.40 can be rearranged to give: 


In 


' 1 -P' 
1 -RP 


— NSHELLS In 


' 1 - Pl-2 ' 
l-RPl-2 


( 12 . 102 ) 


Thus, for the special case of R=l, Equations 12.93 and 12.95 
replace Equations 12.86 and 12.88. For a single heat exchanger 
where R = 1: 


Tm + YT r \ 

Tm = (y+1) R = 1 (12.96) 

YTm + Tr\ 

T C2 = (y - 1} R = 1 (12.97) 

Consider now the simulation of a noncountercurrent heat 
exchanger. The equation describing such a heat exchanger is given 

by: 


Q = UAAT lm F t (12.98) 

The F t parameter creates a potential problem for the simulation of 
heat exchangers, as the outlet temperatures of the heat exchanger 
are unknown and F T depends on the outlet temperatures. At first 
sight this would seem to require iteration. However, manipulation 
of the equations for F T can avoid iteration (Herkenhoff, 1981). This 
will prove particularly important later in Chapter 18 when simu¬ 
lating heat exchanger networks. To manipulate the equations, 
consider the basic definition of F T : 


Combining Equations 12.101 and 12.102 and rearranging gives: 
2G-2 


P,-? = 


g(r + 1 + \JR 2 + l) - (r+ 1 - \/R 2 + l) 


(12.103) 


where 


G = exp 


UAyjR 2 + 1 

CPcNSHELLS 


(12.104) 


P can then be determined from Equation 12.36. Equation 12.103 is 
valid for R = 1, but P must be determined from Equation 12.37. 
Thus, if CP H , CPc, U , A and N shells are known, then P,_ 2 can be 
determined from Equation 12.103 and substituted into 
Equation 12.42 or 12.43 to obtain F T without knowing the outlet 
temperatures. This allows a series of (V shells °f 1-2 heat exchang¬ 
ers to be simulated without iteration (Herkenhoff, 1981). 

For noncountercurrent heat exchangers Equation 12.87 
becomes: 


X = exp 


UA(R - 1 )F t 

CPc 


R + 1 


(12.105) 


_ ( UA/CP c ) cc 
( UA/CPc ) 


(12.99) 


The numerator of Equation 12.99 is the countercurrent heat duty 
and the denominator the actual noncountercurrent duty. Equating 
Equations 12.81 and 12.82 and rearranging for a countercurrent 
heat exchanger gives: 



In 

Tm - Tc2 


Tin — Tci 


Tin — T h2 

- 1 

T c2 —Tci 


( 12 . 100 ) 


In 

' 1 -P' 

! - RP 


P-1 


For a series of N shells of 1-2 heat exchangers. Equations 12.99, 
12.100 and 12.30 can be combined to give: 


In 

' 1 -P' 

! - RP 

+ 

1 

53 4 
"O J 3 

r 

to 

1_1 


(R ~ 1 )(UA/CP c ) 

(R - l)ln 

"2- Pl-2 ( 

R+ 1 - \/R 2 + lj 

l" 

} - Pl-2 ( 

'r + 1 + V^ 2 +1) 

1 


( 12 . 101 ) 


and Equation 12.94 for noncountercurrent heat exchangers 
becomes: 


T = —^ R= 1 (12.106) 

CPc 

Thus Equations 12.89,12.90 and 12.96 and 12.97 can be solved for 
the outlet temperatures if CP H , CP c , U,A, T, n . T C \ and N S heu,s are 
fixed, for both the countercurrent and noncountercurrent heat 
exchangers. 

It should be noted that Equation 12.103 only works for non¬ 
countercurrent behavior as quantified by Equation 12.30 and 
cannot be used for other noncountercurrent arrangements, such 
as cross flow. 


Exercise 12.4 

A heat exchange unit consist of three 1-2 shells in series where a 
total heat exchange area of 619 m 2 is to be used to cool a hot steam 
with an inlet temperature of 300 °C by exchanging heat with a cold 
stream with an inlet temperature of 60 °C. The overall heat transfer 
coefficient has been estimated to be 100 W ■ m 2 • K _l . The heat 
capacity flowrates of the streams are CP H = 17.5 kW • KT 1 and 
CPc = 25.0kW • KT 1 . 

a) Calculate the outlet temperature of the hot and cold streams. 

b) Calculate the F T and the heat transfer duty for the unit and 
compare with the design calculation in Example 12.1. 
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Solution 

a) From Equation 12.83: 


R = 


CP c 


CP H 
_ 25.0 

“ 773 

= 1.429 


From Equation 12.104: 



G = exp 

ua^/r 1 + 1 


CPcN SHELLS 


= exp 

100 x 619Vl-429 2 + 1 

25.0 x 10 3 x 3 

= 4.217 


From Equation 12.103: 



2 G 

-2 



2x4.217-2 


4.217(l.429 + 1 + Vl-429 2 + l) - (l.429 + 1 - v / 1-429 2 + 1 
= 0.3805 

Now calculate P from Equation 12.36: 


P = 


1 - 


R- 


n-Pi-2fl \ 

V ' -Pi 27 

/ i-p,_ 2 j? \ 

VI -^12 7 


N SHELLS 


NSHELLS 


a -0.3805 x4.429\ 3 
_ ~V 1 -0.3805 J 
(1 -0.3805 x 1.4297 3 
L429 ( 1 -0.3805 J 

= 0.5834 


Now calculate Tc2 from the definition of P in Equation 12.29: 


Ta = Tc\ + P(Thi — Tci) 

= 60 + 0.5834(300 - 60) 

= 200.0 °C 

T h2 can be calculated from Equation 12.83: 


Phi = Pm — P{Ta - Pci ) 

= 300- 1.429(200.0-60.0) 

= 100.0 °c 


b) F t can be calculated from Equation 12.42: 

1 -P1-2 


Fj = 


V R 2 + lln^ 


1-RPi-. 


(R — 1 Mn 

2 - P\-i{R + 1 - V ^ 2 + 1) 

t/\ — 1 Mil 

_2 - P\-2{R + 1 + V ^ 2 + 1 ). 


r—— 0 — 7 , ( 1 - 1.03805 \ 

n (l - 1.429x0.3805j 


(1.429- l)ln 
= 0.86 


2 - 0.3805 (1.429 + 1 - Vl-429 2 + 1 


2 - 0.3805 (1.429 + 1 + Vl-429 2 + l) 


Q h = CP H (P m - Phi) 

= 17.5(300.0- 100.0) 

= 3500 kW 

Q c = CP c (Pc2 - Pci) 

= 25.0(200.0-60.0) 

= 3500 kW 

Thus, the simulation calculation confirms the design cal¬ 
culation in Example 12.1. 


Example 12.5 Simulate the design from Example 12.2d with 
the heat exchanger geometry given in Table 12.12. For an inlet 
temperature of kerosene of 200 °C and that of crude oil of 35 °C: 


Table 12.12 

Heat exchanger geometry. 


Tube pitch p T (mm) 

25 

Number of tubes N T 

974 

Number of tube passes N P 

2 

Tube length L (m) 

6.46 

Tube thermal conductivity (W • m -1 • K -1 ) 

45 

Tube pattern (tube layout angle) 

90° 

Tube inner diameter dj (mm) 

16 

Tube outer diameter do (mm) 

20 

Shell inner diameter Ds (m) 

0.995 

Number of baffles 

22 

Baffle spacing B (m) 

0.281 

Baffle cut B c 

0.25 

Shell-bundle diametric clearance L BB (m) 

0.0425 
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a) Calculate the outlet temperature and heat duty and compare 
with the design calculation in Example 12.2. 

b) Enlarge the inlet and outlet baffle spacing to avoid interference 
between the shell-side nozzles and the inlet and outlet baffles, 
but keeping the same central baffle spacing. Calculate the 
adjusted outlet temperatures and heat duty. 


Solution 

a) Calculate the tube-side velocity and heat transfer 
coefficient: 


K hs 4 = 0.08747 


= 0.08747 x 
= 1643 


F P F L J s k 2 / 3 c P / 3 p°- 6m 

it;-™' 

0.85 x 0.8 x 1 x 0.132 2 / 3 x 2470 1 / 3 x 730 0 ' 6633 


(4 x Kr 


' x 0.02°' 3367 x 0.25 0 ' 5053 


h s = K hs4 v° s 6m 

= 1643 x 0.5 3 2 0,6633 
= 1081 W • m -2 • K -1 

Now calculate the overall heat transfer coefficient: 


171j(N p /Nj) 

XT p{Fd]/A) 

79.07(2/974) 

“ 830(^x0.016 2 /4) 

= 0.973 m-s - 1 

pvjdj 

P 

830x0.973x0.016 
3.6 x 10- 3 


Re = 


= 3589 

Calculate the tube-side heat transfer coefficient from 
Equation 12.56: 


Khr\ = 0.116- 


(MfV/3 

i + l 

( d, \ Vy 

V p ) 


\ L ) 


0.133 /830x 0.016\ 2/3 /2050x3.6x 10 

= 0.116x——-x - r - 

0.016 V 3.6x 10 -3 / V 


3\ 1/3 

^ tu 

0.133 

0.016\ 2/3 


6.46 J 


= 894.1 


K hT 2= 14.5-Pr 1 / 3 

dj 


1 +l r) 


2/3' 


... 0 133 /2050x3.6x10- 3 \ 1/3 

= 14 ' 5 x OOT 6 X (,-(U33 


111 do j / do\ do 1 do 1 
U hs hsF 2 k \ dj J d[ hjp d/ lip 


1 1 0.02 , / 0.02 

■ + + ^-—In 


0.02 ( 1 1 


1081 5000 2x45 V 0 016 / 0.016 V 2000 409.8 

U = 206.2 W ■ irr 2 • KT 1 

The heat transfer area is given by: 

A = N T nd 0 L 

= 974 x n x 0.020 X 6.46 
= 395.3 nr 

From Equation 12.83: 

CP c 

R = 


CP H 
_ 79.07 x 2050 
“ 25 x 2470 
= 2.625 

From Equation 12.104: 


exp 


= exp 


+ 

<N 

2 

5\/2.625 2 + 1 

CP cN SHELLS 

206.2 x 395.: 

79.07 x 2050 x 1 


= 4.106 

From Equation 12.103: 



", /0.016\ 2/3 | 
1 + \ 6.46 ) 

2G-2 

p j 0 — 

X 

g(r +1 + \Jr 2 + 1 ) - (r + 1 - \Jr 2 + 1 ) 


~ 

2x4.106-2 


Re s = 


= 468.1 
pd 0 v s 


P 


_ 730x0.020x0.532 

” 4.0xl0 -4 

= 19,418 

Calculate the shell-side heat transfer coefficient from 
Equation 12.70: 


4.106^2.625 + 1 + \/2.625 2 + l) - (2.625 + 1 - a/2.625 2 + 1^) 
= 0.2427 

Given that there is a single shell: 

P = Pi —2 = 0.2427 

Now calculate Ta from the definition of P in 
Equation 12.29: 
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Tci = T c i + P(T n\ —T c 1 ) 

= 35 + 0.2427(200 - 35) 

= 75.0 °C 

T h2 can be calculated from Equation 12.83: 

Thi = T m - R(T C2 — T C i) 

= 200 - 2.625(75.0 - 35) 

= 95.0 °C 

Qh = CP h (T h 1 - T h2 ) 

= 25 x 2470 x (200.0 - 95.0) 

= 6.484 x 106 W 

Qc = CP c (T C 2 - T C1 ) 

= 79.07 x 2050 x (75.0-35.0) 

= 6.484 x 10 6 W 

Thus, the simulation calculation agrees with the design 
calculation in Example 12.2. 

b) To avoid interference between the inlet and exit nozzles and 
baffles, decrease the number of baffles by one. The central 
baffle spacing is maintained, but the inlet and outlet baffle 
spacing is increased to 1.5 x 0.281 = 0.422 m. 

From Equation 12.72: 

= {N b - 1) + {B in /B) 0A + (B ollt /B) 0A 
S (N B -\) + (B in /B) + (B oM /B) 

(21 - 1) + (1.5 ) 0 ' 4 + (1.5 ) 0 ' 4 
(21-1)+ (1.5)+ (1.5) 

= 0.97 

h s = 1081 X 0.97 
= 1049 W ■ m -2 • K -1 

The new overall heat transfer coefficient can be calculated to 
be 205.1 W ■ m - - ■ K - . Then repeating the simulation from 
Part a, with U =205.1 W ■ m -2 • K -1 andA = 295.3 m 2 gives: 

T C 2 = 74.94 °C 
Tm =95.16 °C 
Q h = 6.474 x 10 6 W 
Q c = 6.474 x 10 6 W 

The performance for unequal baffle spacing is only margin¬ 
ally worse than for equal baffle spacing. This is because of 
the relatively large number of baffles in this design. 


12.8 Heat Transfer 
Enhancement 


The overall heat transfer coefficient is made up of resistances to 
heat transfer from the outside film, outside fouling, tube wall. 


inside fouling and inside film. In some situations the outside film or 
the inside film resistance is significantly higher than the other 
resistances. In other words, the outside film transfer coefficient or 
the inside film transfer coefficient is significantly lower than all of 
the other coefficients. If this is the case, then the outside film 
resistance or the inside film resistance dominates the overall 
resistance and can be considered to be the controlling resistance. 
Consider a simple example in which the heat transfer coefficients 
are as follows: 


hs 

hsF 

h w 

h T F 

hj- 


= film heat transfer coefficient on = 1000 W • m • K 


the outside of the tubes 
= outside fouling coefficient 
= tube wall coefficient 
= inside fouling coefficient 
= inside film heat transfer 
coefficient 


= 5000 W • m -2 • K _l 
= 20,000 W-m“ 2 K _1 
= 5000 W • m -2 ■ K -1 
= 200 W ■ m -2 • K _I 


This leads to an overall heat transfer coefficient of 
155 W ■ m -2 ■ K _1 . Now suppose it is desired to increase this value 
by manipulating the inside or outside film coefficient. Doubling the 
outside heat transfer coefficient to 2000 W • m -2 • K -1 leads to only 
a marginal increase in the overall heat transfer coefficient to 
168 W ■ nrf 2 • K *, an increase of 8 %. Doubling the inside heat 
transfer coefficient to 400 W • m“~ ■ K -1 leads to a much bigger 
increase in the overall heat transfer coefficient to 
253W-m““-K - , an increase of 63%. In this case, the inside 
film transfer coefficient is controlling. For the inside or outside 
film heat transfer coefficient to be limiting it must constitute the 
major contribution to the overall resistance to heat transfer. In 
the above example, summing the reciprocal of the heat transfer 
coefficients gives an overall resistance of 0.00645 n+ • K ■ W _1 . 
The resistance for the inside film heat transfer coefficient is 
0.0050 m 2 • K • W -1 , which is 76% of the overall resistance. For 
the inside or outside film heat transfer coefficient to be limiting, 
it normally constitutes at least 50% of the overall resistance to 
heat transfer. If it constitutes more than 60-70% of the overall 
resistance to heat transfer it dominates. A film transfer 
coefficient is likely to be controlling when heating or cooling 
viscous liquids or gases. 

If the inside film heat transfer coefficient is controlling, then the 
first thing that can be considered is increasing the tube-side velocity 
by increasing the number of tube passes. If the outside film heat 
transfer coefficient is controlling then changing the baffle design 
can be considered. For segmented baffles, this might be as simple 
as decreasing the space between the baffles. However, if these 
measures do not bring the desired benefit with an acceptable 
pressure drop, then heat transfer enhancement can be considered. 
It must be emphasized that there will be no significant benefit 
from enhancing a film transfer coefficient that is not controlling. If 
one of the film coefficients is controlling, a more compact unit will 
result if: 


• a greater surface area is presented to the controlling fluid by the 
use of extended-surface tubes or 

• the controlling film transfer coefficient is increased through the 
use of an enhancement technique 


12 
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1) Extended surfaces. Extended surfaces increase the rate of heat 
transfer per unit length of tube and the resulting exchanger can 
be much smaller and cheaper than the corresponding plain-tube 
exchanger. The external tube surface can be extended in one of 
two general ways: 

• Integrally formed tubes, in which the extended surface is 
produced by cold-forming fins on to the surface of the tube 
by extrusion of the parent tube. Such extended surfaces can 
be formed on the inside or outside of the tubes. 

• Nonintegrally formed fins, in which the surface is extended 
by attaching pieces of metal to the outside of tubes in the 
form of longitudinal or transverse strips, wire or spines by 
welding, brazing, grooving and peening, or shrink fitting the 
extended surface to the tube. The method of fixing the 
extended surface to the parent tube can create a resistance 
to heat transfer. 

Extended surfaces can be created on the inside of tubes by 
integrally forming spiral or longitudinal fins. By far the most 
common design of extended surface tube uses “high” trans¬ 
verse fins on the outside of the tubes, as illustrated in 
Figure 12.17a. The high transverse fins can be formed inte¬ 
grally or nonintegrally. Nonintegral fins can be attached in a 
variety of ways. Such high transverse fins on the outside can 
increase the surface area by a factor of up to 16 relative to plain 
tubes. Integrally formed “low” transverse fins can be used on 
the outside of tubes and can be used in conventional shell-and- 
tube heat exchangers to enhance the outside film transfer 
coefficient. Low transverse fins can increase the surface area 
by a factor of around 2.5 relative to plain tubes. Longitudinal 
fins can also be used on the outside of tubes, as illustrated in 
Figure 12.17b. However, their application is mostly restricted 
to small heat exchangers in the form of concentric pipe heat 
exchangers, similar to the design in Figure 12.1a. In this 
arrangement, the inner tube would be the extended surface 
tube with the fins in the annular space to enhance the heat 
transfer. Longitudinal fins can increase the surface area by a 
factor of 14 to 20 relative to plain tubes. 



(a) Externally finned lube with transverse fins. 



(b) Externally finned tube with longitudinal fins. 


Figure 12.17 

Tube designs for enhanced heat transfer. 


High transverse finned tubes are commonly used in banks to 
transfer heat between a liquid flowing through the inside of the 
tubes and a gas flowing on the outside. For these applications, 
the tubes are mounted on a triangular pitch in a chamber with a 
rectangular cross-section and parallel sides. The direction of 
flow through the tubes is across the flow of the gas (Fig¬ 
ure 12.18). One common application is for cooling duties 
where hot fluid is passed through the inside of tubes with 
ambient air from a fan flowing across the outside in air coolers 
(see Chapter 24). Another application is heat recovery from 
furnace flue gases (see later in this chapter). Such cross-flow 
arrangements require F, correction factors different from the 
case of shell-and-tube heat exchangers. Some assumptions 
must be made regarding the mixing characteristics of the fluids. 
For the tube-side, it is reasonable to assume that there is no 
mixing as the liquid transfers heat to or from the gas. Of course, 
there is mixing within each tube, but the flow through each tube 
is independent. The gas side is more complex. If the duct 
through which the gas is flowing is fitted with baffles in line 
with the flow of gas to prevent mixing normal to the direction of 
the flow, then the gas can be considered to be unmixed. If there 
are no baffles and the tubes are short, then the gas can be 
considered to be mixed normal to the direction of flow. 
However, if there are no baffles and the tubes are long, then 
there will be some mixing normal to the flow, but the mixing 
will not be perfect across the whole cross-section of the gas 
flow. A conservative assumption is to consider the gas to be 
completely mixed normal to the flow. As illustrated in 
Figure 12.18a for cross flow, the gas side is considered to be 
mixed normal to its flow but the tube-side flows through tubes 
in a single pass and is unmixed (Bowman, Mueller and Nagle, 
1940): 


In 

" 1 -P 


1 - RP 

(1 -R) In 

1+Iln(l _ RP) 


R * 1 (12.107) 


Ft — - 


(P - l)ln[l + ln(l — P)] 
where P = Tp 7 . — T P \ 


R = 1 


Tax ~ Tpi 
P = Tq 2 ~ Tg i 
Tpi — T g i 
R = Tgi ~ Tg 2 
Tpi — Tpi 
R = T P \ - T P 2 


Tg2 - Tg i 
Tq\ = inlet gas temperature 
Tg2 = outlet gas temperature 
T P i = inlet process temperature 
T P 2 = outlet process temperature 


(12.108) 


for a hot gas stream 
for a hot process stream 
for a hot gas stream 
for a hot process stream 


As illustrated in Figure 12.18b, for cross flow in which the gas 
side is considered to be mixed normal to the flow but the tube- 
side flows through tubes in a two-pass countercurrent 
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(a) Single-pass cross-flow arrangement. 


T P! 



(b) Two-pass cross-flow countercurrent arrangement. 


Figure 12.18 

Cross-flow arrangements. 


arrangement and is unmixed when flowing though the tubes but 
mixed to a uniform temperature between the two passes 
(Bowman, Mueller and Nagle, 1940): 


In 


Ft 


i -P 


1 -RP 


2(1 - 7?)ln 



(J l ~ P _ 

A 


1 - -In 
R 

f V1 -RP 

R 


{ ‘-s 

J 



Ft = 


2(P - l)ln 


1 - In 


2(1 - P) 


+ 1 


R * 1 


(12.109) 
R = 1 

( 12 . 110 ) 


d R = outside tube diameter base on the root of the 
fins (nr) 

k a = thermal conductivity of outside fluid 
(W-nT 1 -KT 1 ) 

p 0 = density of the outside fluid (kg ■ m -3 ) 
v tna x = maximum velocity based on the minimum 
flow area (m • s -1 ) 

p = viscosity of the outside fluid (N • s • m -2 ) 
c P = heat capcity of the outside fluid 
(Jkg-'K- 1 ) 

y F = distance between fins (nr) 

FI f = fin height (m) 

5 F = fin thickness (nr) 

Finned tubes are usually specified in terms of a number of fins 
per unit length. Thus: 


Cross-flow arrangements will be considered again in 
Chapter 24 for air coolers. 

The outside heat transfer coefficient for banks of finned 
tubes on a triangular pitch can be calculated from (Briggs and 
Young, 1963): 

/ \ 0.2 / x 0.1134 

Nu = 0.134/?e 0681 Pr 1 / 3 {j-J (12.111) 


where Nu = h^dR 
k 

Rc — PodRVffiax 


p 

Pr — cpP 

k 0 

h a = outside heat transfer coefficient 
(W ■ m“ 2 • K -1 ) 


y F — 



( 12 . 112 ) 


where N F = number of fins per unit length (m ') 


Substituting in Equation 12.111 gives: 


Nu = 0.l34Re om Pr' /3 


H f N f 


C \ 0.2 / , \ 0.1134 

I) (ss?-') 

(12.113) 


The definition of v max is based on the minimum flow area, 
which for a triangular pitch is the open area between adjacent 
tubes and the outermost tubes and the chamber walls. If it is 
assumed that the tubes are contained within a rectangular 
chamber, the same spacing is maintained between the tubes 
and the outermost tubes and the walls of the chamber, and the 
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walls are parallel, then the width of the chamber to accommo¬ 
date N tr rows on a staggered equilateral triangular pitch 


= (N tr - 1 )p T + 2 (p T ~ y) + y 
3 pr 

= N trPt + — - d-R 


(12.114) 


where N TR = number of tubes per row (—) 

d R = tube diameter at the root of the fins (m) 
p, = tube pitch (m) 


An additional pjJ2 is required for the triangular pitch 
compared with an in-line pitch. For a large number of tubes 
in a row for an in-line pitch or triangular pitch, the width can be 
approximated by p T (N TR + 1). For finned tubes, in addition to 
the tube cylinder, the fins on each tube take up an area at the 
narrowest point of 2 H F 5 F N F L, where L is the tube length. Thus, 
the minimum flow area 


= L 


N trPt + 


3 Pr 
2 



— {NjrcIr + 2N TR H F 5 F Nf) 


= L 


N F r(Pt — dR — 2 H f S f N f ) + 



(12.115) 


where L = tube length (m) 

From this flow area, the maximum velocity is given by: 

m 0 


pL 


3 n T 

N F r(Pt ~ dR - 2 H f S f N f ) + —- d R 


(12.116) 


where m 0 = mass flowrate of the outside fluid (kg • s ) 


The fins on the surface provide additional heat transfer area, but 
also an additional resistance to heat transfer. In order to account 
for this additional resistance, a fin efficiency is introduced. This 
is the ratio of the heat transferred through the actual fin to the 
heat that would be transferred if the fin was isothermal at its root 
temperature. For a cooling operation, in practice the tempera¬ 
ture will decrease continuously from the root to the tip. The rate 
of decrease depends on the shape of the fin, thermal conduc¬ 
tivity of the fin and the outside heat transfer coefficient. To 
determine the fin efficiency, it is assumed that heat transfer is by 
convection only and no radiation, that there is no temperature 
difference across the thickness of the fin and that there is no heat 
transfer from the fin tip. An allowance can be made for heat 
transfer from the fin tip by assuming the fin radius to be slightly 
larger than it is in practice. If the curvature of the outer fin tip is 
neglected, the tip area is equivalent to an extra S F /2 on the fin 
radius, accounting for both sides of the fin. The fin efficiency of 
a circumferential fin with uniform thickness is given by 
(McQuiston and Tree, 1972): 


If = 


tanh(jo//) 

Kl// 


(12.117) 


where rj F =fin efficiency (—) 


2 h 0 x 1/2 


kpfti 


V = [ H F + ^p 


1 + 0.35 In 


d R + 2 Hp + 8 / 
dR 


k F = thermal conductivity of the fin (W • m ■ K 1 ) 

H F in this equation is extended by 8 F /2 to allow for heat transfer 
from the fin tip. The heat transfer from the outside of the finned 
tube is from both the root of the tube and the fin, given by: 

( \ { l \ 

\Aroot(Troot — Tq) + -j - ii f A F in(Troot - 



\ki +R ° F J 


(Aroot + >1 f Apin)(Tr 0 ot — T 0 ) 


Aroot + n F ApiN \ ™ rji , 

-.- )Aroot{ 1 ROOT — l o) 

Aroot 


>1w^o(Troot ~T 0 ) 


where 


Q 

ho 


(12.118) 

heat transfer from the outside of the tube 
(W) 

outside heat transfer coefficient 
(W • nr 2 • KT 1 ) 

R of = outside fouling resistance (W -1 ■ m 2 ■ K) 
Aroot = exposed root area (nr) 

= nd R L{ 1 -N F S F ) 

A fin = area of fins (m 2 ) 

= —-— [(d R + 2 Hp) 2 — d R + 2 d F (d R + 2Hp )] 
A 0 = total outside area of tube (m~) 

= Aroot+A F [ N 

Troot = temperature at the root of the tube (°C) 

To = bulk temperature of the outside fluid (°C) 
t]w = weighted fin efficiency (—) 

_ Aroot + p F A F i N 
Aroot + A FIN 


(12.119) 


The overall heat transfer coefficient for a finned tube can now be 
defined. However, first the area basis must be defined. The overall 
heat transfer coefficient for a plain tube as defined in Equa¬ 
tions 12.13 and 12.14 refers to the outside area of plain tubes. If 
the total outside area, including the fin area, is chosen as the 
reference, then the overall heat transfer coefficient is defined as: 


1 _ 1 Rof A 0 d R 

U p w h 0 r\ w nd R L2k w 

+ (J^l)( Rif+ I i 


In 


( 12 . 120 ) 
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Figure 12.19 

Twisted tubes for enhanced heat transfer. 


where h Q 

hi 

Rof 

Rif 

k w 


outside heat transfer coefficient 
(W • m -2 • K -1 ) 

inside heat transfer coefficient ( W ■ m -2 ■ K _1 ) 
outside fouling resistance (W“ • m 2 • K) 
inside fouling resistance (W -1 ■ m 2 ■ K) 
thermal conductivity of the wall 
(W ■ m _1 ■ K _1 ) 


If the construction of the finned tube is nonintegral, then 
in theory an additional resistance should be added to 
Equation 12.120 to allow for the contact resistance between 
the fin and the tube wall. However, this is most often difficult to 
quantify. 

2) Twisted tubes. Twisted tubes enhance the heat transfer coef¬ 
ficients on both the inside and outside of tubes by twisting the 
tubes to a helical shape, as illustrated Figure 12.19. The 
corrugations formed by the twisting pattern create additional 
turbulence both inside and outside of the tube. The tubes are 
arranged on a triangular pitch and each tube is supported by 
surrounding tubes, as illustrated in Figure 12.19, which elim¬ 
inates the need for baffles for tube support. However, the fluid 
outside of the tubes is free to swirl around the outside of the 
tubes. 


3) Tube inserts. Rather than changing the form of the tube to 
create enhancement, tube inserts can be mounted inside plain 
tubes. Three commonly used designs are illustrated in 
Figure 12.20. The advantage of tube inserts is that a conven¬ 
tional design, or an existing heat exchanger, can be readily 
enhanced at low cost. The application in retrofit of existing heat 
exchangers will be discussed later. 

• Twisted tapes. These are illustrated in Figure 12.20a and 
consist of a thin strip of twisted metal with the same width 
as the tube inside diameter that is slid into the tube. The flow is 
caused to spiral along the tube length. The helical flow path that 
is induced creates a higher velocity along the tube wall and 
creates turbulent flow at a lower Reynolds number than would 
be the case in plain tubes. The pitch of the twist can be varied 
according to the application. 

• Coiled wire. A coiled wire insert is illustrated in Figure 12.20b. 
The coil is manufactured by tightly wrapping wire on to a rod 
such that the outside diameter of the coil is slightly larger than 
the inside diameter of the tube. This ensures that when it is fitted 
into the tube there is no movement when in service. The coil 
functions by interrupting the boundary layer adjacent to the tube 
wall, thus increasing the heat transfer coefficient. 

• Mesh inserts. Mesh inserts are manufactured by weaving wire 
coils together to form a matrix. The matrix consists of small 
loops offset in a helical arrangement. Figure 12.20c illustrates a 
HiTran© wire matrix insert. The diameter of the wire mesh is 
slightly larger than the tube diameter to give close contact with 
the tube wall. The mesh causes random mixing throughout the 
tube, but most importantly breaks up the fluid boundary layer at 
the tube wall. Different “densities” of wire mesh can be formed 
by weaving the wire together more or less frequently per unit 
length. This allows the enhancement to be tailored to a particular 
application. 



(a) Twisted tape insert. 



(b) Coiled wire insert. 



(c) HiTran® wire matrix insert. 


Figure 12.20 

Tube inserts for enhanced heat transfer. 
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Tube inserts are most effective when applied to laminar and 
transitional flow. Although enhancement occurs when applied to 
fully turbulent flow, the level of enhancement usually does not 
often justify its application and are normally applied at Reynolds 
numbers typically below 20,000. However, used in an appropriate 
way, tube inserts are capable of increasing film heat transfer 
coefficients by 10 times or greater, especially when applied to 
laminar flow. Another important advantage of tube inserts is that 
they can be very effective in reducing fouling. By disturbing the 
fluid boundary layer at the tube wall, the wall surface tempera¬ 
ture can be reduced, decreasing fouling. The inserts also increase 
the wall shear stress, which assists fouling removal. Both effects 
act to decrease fouling. The disadvantage of inserts is that they 
increase the pressure drop for a single tube pass. If the increase 
in pressure drop is unacceptable and the heat exchanger features 
multiple tube passes, then the use of inserts coupled with a 
decrease in the number of tube passes can result in a significantly 
higher overall heat transfer coefficient with a small increase in 
the pressure drop across the heat exchanger, or in some cases no 
increase at all. 

No published correlations are available for the performance of 
wire mesh inserts. However, published correlations are available 
for twisted tapes and coiled wire inserts. 

• Twisted tape heat transfer. Twisted tape heat transfer for 
laminar flow for Sw < 2000 and Re < 10,000 (Manglik and 
Bergles, 1993a; Jiang et al., 2014Jiang, Shelley and Smith, 
2014): 


Nu = hleCl ' =0.106.S’iv°' 767 Pr 03 (12.121) 

k 

where 

Sw = dimensionless swirl parameter 

Re n 
yjy k- 4(<5 /di) 

Re = Reynolds number based on bare tubes 
_ pdiv 

P 

h Te = enhanced tube-side film heat transfer coefficient 
(W ■ m -2 ■ K _1 ) 


1+lf 

,2y. 


( 12 . 122 ) 


Nu = 


h Te d] 


= 0.023 Re"* Pr" 


/ °. 76 9\ 

n 

0.8 

f+ 2- 2 (8/di) 

1 > ) 

n - 4(8/di) 


n-4(5/di) 


(12.124) 


SV>2000 and Re <10,000 as an approximation take the 
Nusselt number to be the mean of the predictions of Equations 
12.121 and 12.124. 

• Twisted tape pressure drop. Pressure drop for twisted tape 
laminar flow for Sw < 2000 (Manglik and Bergles, 1993a; 
Jiang, Shelley and Smith, 2014): 



(12.125) 


c f 


15.767 

Re 

/VC SH’ 


~n + 2 - 2(5/dM 2 
n - 4(<5 /df) 


(1 + 10 - 6 Sw 2 - 55 ) 1/6 


(12.126) 


where A Pj e = pressure drop in straight tubes for tube 
inserts 


Re 

ivc SW 


pv sw di 

H 


v sw = swirl velocity (m-s l ) 
n 

n — 4(<5 /df 

L sw = swirl length (m) 

r , % 2i V 2 



(12.127) 


= L 


l+l£ 


2 y 


L = tube length (m) 


(12.128) 


Pressure drop for twisted tape turbulent flow for Sw > 2000 
(Manglik and Bergles, 1993b; Jiang, Shelley and Smith, 
2014): 


A P Te 




(12.129) 


v = —(m-s (12.123) 

!td i p 

m = mass flowrate (kg • s _1 ) 

5 = thickness of tape (m) 

y = twist ratio, axial length for a 180° turn of the tape 
divided by the internal diameter of the tube 
di = internal diameter of the tube (m) 

For turbulent flow for Siy>2000 and Re> 10,000 (Manglik 
and Bergles, 1993b; Jiang, Shelley and Smith, 2014): 


c f 


0.0791 

Re"- 25 



2.752\ 


n 

1.75 

n + 2- 2(5/di) 

n — 4(5/di) 


n — 4(5/df) 


(12.130) 


• Coiled wire heat transfer. Coiled wire laminar flow heat 
transfer for Re < 1000 (Jiang, Shelley and Smith, 2014): 


Nu = \MRe l l 5 Pr l l 3 


f p \ 

-1/3 

cos a — (e/df~ 

\di) 


cos a + ( e/df 


(12.131) 
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where 


cos a = 


Coiled wire transitional and turbulent flow heat transfer for 
1000 <Re< 80,000, 0.07 < eld, < 0.1 and 1.17 <p/d,< 2.68 
(Garcia, Xicenti and Viedma, 2005; Jiang, Shelley and Smith, 
2014): 

, J / X -0.372 

Nu = —^—1 = 0.132 (—) Re°' 72 Pr 031 (12.132) 

k \d,J 

Coiled wire turbulent flow heat transfer for 80,000 < 
Re < 250,000, 0.01 <eld,< 0.2, 0.l<p/d,<7 and 0.3<a/ 
90 < 1 (Ravigururajan and Bergles, 1996; Jiang, Shelley and 
Smith, 2014): 


3 2 


ip/di)_ 


+ 1 


Nu = - 


h-j,.d! 


= Nu s { 1 + 


2MRe° 


1/7 


cc\ 


.90/ 


Pr~ 


(12.133) 


where 

Nu s = smooth tube Nusselt number 


hjdi RePr(cfs/2 ) 

— ~ 1 + 12.7y'c/5/2(Pr 2 / 3 - 1) 


(12.134) 


h T = smooth tube-side film heat transfer coefficient 
(W ■ m -2 • K -1 ) 

Cfs = smooth tube Fanning friction factor (—) 
e = wire diameter (m) 
p = helical pitch (m) 

a = helix angle of wire to the tube axis (degrees) 


where 


For 30,000 <Re< 250,000, 0.01 < e/d,< 0.2, 0 A<p/d,<7 
and 0.3 < a !90 < 1: 


c f = c fS 



16/15 


where 


a] = 0.67-0.060) -0.490)) 

ai = 1.37 - 0.157 (-'] 

\dJ 

a 3 = -1.66 x 10 -6 R<? -0 ' 33 

V90/ 

a 4 = 4.59 + 4.11 x 10~ 6 Re-° A5 (-') 


(12.138) 


(12.139) 


The total tube-side pressure drop A P T for a single shell 
comprises the pressure drop in the straight tubes (AP Te ), pressure 
drop in the tube entrances, exits and reversals (AP TE ) and pressure 
drop in nozzles (A Ptn)' 

APt = A Pr e + A Ptf + A Ptn 

(12.140) 

— AP T e + Kpj2Vj + KpT3 


where K PT2 and K PT3 are defined by Equations 12.62 and 12.63. To 
specify an insert, dimensions are first chosen for the insert. For 
twisted tapes, this would be the tape thickness and twist ratio. For 
wire coils, this would be the wire thickness and pitch. The 
enhanced heat transfer coefficient is then calculated based on 
the flow regime. The enhanced pressure drop is then checked to 
ensure the pressure drop is below the allowable limit. If the heat 
transfer enhancement requirements are not met or the pressure drop 
constraint exceeded, then another enhancement design is chosen 
and the heat transfer and pressure drop again checked. If an 
acceptable pressure drop cannot be achieved, then the number 
of tube passes can be reduced for a multipass heat exchanger. 


a 

90 


-tan 

n 


K 

.( P/di) 


• Coiled wire pressure drop. The pressure drop for coiled wire 
(Ravigururajan and Bergles, 1996; Garcia, Vicenti and Viedma, 
2005; Jiang, Shelley and Smith, 2014): 

t) <12 - 135) 


For Re <310: 

c/ =7T ( 12 - 136 ) 


12.9 Retrofit of Heat 
Exchangers 

In retrofit situations, an increase in the performance of an existing 
heat exchanger might be required for a variety of reasons. The 
existing heat transfer duty might need to be maintained or increased 
as a result of changes to the inlet flowrates or temperatures or both. 
Consider the basic equation governing the heat transfer: 


Q=UAAT lm F t (12.141) 


For 310 < Re <30,000, 0.07 <e/d,< 0.1, 1.17 <pld,< 2.68 
and 16.7 <pie < 26.8: 

Cr = 9.35 (-\ 116 Re 0211 for 310 < Re < 30, 000 
\eJ 

(12.137) 


If Q is required to be increased for the same AT lm F t , then this can 
be accomplished either by an increase in the value of U or A. If the 
value of AT lm F t is decreased for the same Q, then this can also be 
accomplished either by an increase in the value of U or A. Thus, the 
retrofit of heat exchangers can in principle be accomplished either 
by manipulating (/or A. 
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Consider possible options for retrofit. 

1) Increase in heat transfer area If shell-and-tube heat exchang¬ 
ers are being used on a heat transfer match and additional heat 
transfer area is required, it might be possible to install new tube 
bundles into the existing shells if the additional area require¬ 
ment is small. This might be possible if the tube pitch can be 
decreased or the pitch configuration changed from a square to a 
triangular pitch. If a significant amount of additional area is 
required, then the existing area can be supplemented by adding 
a new shell (or more than one shell if there is a large area 
requirement). New heat exchanger shells can be added to an 
existing match in one of two ways: 

• Series When new exchanger shells are added in series to an 
existing match, then the full flowrate goes through the 
existing exchangers of the match. The pressure drop and 
heat transfer coefficients of the existing exchangers of the 
match will only change significantly if the changes lead to 
significant changes in the operating conditions of the exist¬ 
ing match (e.g. increase in flowrate in a debottlenecking 
study). The addition of new exchangers in series to the 
existing match will lead to an increase in the overall pressure 
drop across the match. This might be important if the pump 
(or compressor) is close to its maximum capacity. 

• Parallel If new exchanger shells are added in parallel to an 
existing match, then the flowrate through the existing exchang¬ 
ers is decreased. This will decrease the flowrate and pressure 
drop through the existing exchangers of the match. However, it 
will also decrease the heat transfer coefficient, decreasing its 
performance. The addition of new exchangers will therefore 
leave the pressure difference largely unchanged. The pressure 
drop across the match will be the largest between that of the 
existing exchangers under the new conditions and the new 
exchangers installed in parallel. 

Increasing the heat transfer area, either by replacing tube 
bundles or by adding new shells, is likely to be expensive. In 
some other designs of heat exchanger, increasing the heat transfer 
area can be much more straightforward (see Section 12.12). 

2) Heat transfer enhancement using conventional designs 
Rather than install additional heat transfer area to cater 
for the new operational requirements, the overall heat trans¬ 
fer coefficient of the heat exchanger can be increased. Using 
conventional designs, it might be possible to modify the 
tube-side flow pattern to increase the number of tube passes, 
thereby increasing the tube-side velocity and film transfer 
coefficient. However, this is not as simple as installing new 
pass partition plates in the heat exchanger heads and will 
require a new tube bundle to allow for the pass partition 
plates in the tube layout. On the shell-side, it might be 
possible to modify the baffle arrangement to increase the 
shell-side film transfer coefficient by decreasing the baffle 
spacing. Again, this will require a new tube bundle, as the 
existing tubes would need to be cut to install the new baffles. 

3) Extended surfaces Changing the heat transfer surface from a 
plain surface to a finned, ribbed or nonuniform surface can 
increase the rate of heat transfer of the tube surfaces. This can be 


applied to the inside or outside surface of the tube, or both, but 
requires the tubes to be changed. 

4) Tube inserts As discussed previously, devices can be inserted 
into the inside of existing plain tubes to enhance the inside heat 
transfer coefficient, at the expense of increased pressure drop. 
Insertion devices include twisted tapes, coiled wire and mesh 
inserts. The major disadvantage with increasing the heat trans¬ 
fer coefficient using tube inserts is the resulting increase in 
pressure drop on the tube-side. This problem can be overcome 
in multipass shell-and-tube heat exchangers by installing tube 
inserts and at the same time decreasing the number of tube 
passes. The number of tube passes can be decreased by 
removing pass partition plates. No change is required to the 
tube bundle. The result can be a significant increase in the heat 
transfer coefficient without an increase in pressure drop. How¬ 
ever, changes might be required to the inlet and outlet nozzles 
and the piping. In some cases, the number of tube passes can be 
decreased without any change to the inlet and outlet nozzles. 
Table 12.13 lists the changes required to the construction of the 


Table 12.13 

Reduction of tube passes in shell-and-tube-heat exchangers. 


Tube 

passes 

Options to 
decrease 
tube passes 

Retrofit required 

2 

1 

i. Remove all the partitions 

ii. Replace the existing heads with 
two new heads 

iii. Rearrange or repipe the flows if 
necessary 

4. 8, 12 

2 

i. Remove all the partitions 

ii. Turn around the shell or change 
the position of two heads 

iii. Install a new partition in the 
middle of the front head 

iv. Rearrange or repipe the flows if 
necessary 


1 

i. Remove all the partitions 

ii. Replace the existing heads with 
two new heads 

iii. Rearrange or repipe the flows if 
necessary 

6, 10 

2 

i. Remove all the partitions except 
the middle one in the front head 


'i 

i. Remove all the partitions 

ii. Replace the existing heads with 
two new heads 

iii. Rearrange or repipe the flows if 
necessary 

12 

4 

i. Remove some partitions and retain 
those in the typical four-tube-pass 
layout 
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heat exchanger for a change in the number of tube passes. In 
Table 12.13, two underlying criteria have been adopted: the 
tubes for each pass should be the same after decreasing the tube 
passes and no new partition plates can be installed to cut 
existing tubesheets. 

It can be seen that the most straightforward reduction of tube 
passes is from 6 and 10 to 2 or 12 to 4. 

For most applications of tube inserts in retrofit, three 
conditions are required to make tube inserts effective: 

• The overall heat transfer coefficient must be limited by the 
tube-side heat transfer coefficient. In other words, the tube- 
side coefficient must be the lowest of the five resistances to 
heat transfer across the tube. If the shell-side is limiting, or 
the fouling coefficients dominate, then nothing done to the 
inside coefficient will make a significant impact on the 
overall coefficient. 

• The tube-side heat transfer coefficient should have a Rey¬ 
nolds number of typically less than 10,000 to 20,000 for heat 
transfer enhancement to have a significant effect on the tube- 
side heat transfer coefficient. 

• The heat exchanger should preferably be multi-pass, allow¬ 
ing a decrease in the number of tube passes. 


Example 12.6 Assuming the design developed in Example 
12.2d and simulated in Example 12.5b with inlet and outlet baffle 
spacing of 0.422 m is an existing heat exchanger (see Table 12.12 
for the geometry), its performance now needs to be improved 
through retrofit. The heat exchanger is to have its duty increased by 
the installation of tube inserts. For an inlet temperature of kerosene 
of 200 °C and that of crude oil of 35 °C: 

a) Examine whether tube inserts are likely to be effective. 

b) Calculate the outlet temperatures of the streams, the heat 
exchanger duty and tube-side pressure drop using twisted 
tape inserts with a twist ratio of 3 and thickness 0.0016 m. 

c) Calculate the outlet temperatures of the streams, the heat 
exchanger duty and tube-side pressure drop using coiled 
wire inserts with a pitch of 0.04 m and thickness of 
0.0016 m. 


Solution 

a) As discussed in the previous section, for tube inserts to be 
effective, the tube-side resistance should be at least 50% of 
the total resistance and the tube-side Reynolds number 
should preferably be less than 10,000 to 20,000. From 
Example 12.5 the tube-side Reynolds number is 3589. 
Also, from Example 12.5, the heat transfer coefficients 
and resistances are given by: 



hs 

hsp 

ll w 

llTF 

hf 

Coefficient (W • m 2 K *) 

1081 

5000 

20,166 

2000 

409.8 

% of overall resistance 

23.0 

4.8 

1.2 

12.1 

58.9 

Thus the problem is tube-side controlled and a potential 

candidate for heat transfer enhancement. 




b) For the twisted tape, from Equation 12.122: 


Sw 


Re n 
yfin- 4(<5/c?/) 

3589 ; 


1 + 


1/2 


1 + 


*-4(0.0016/0.016) [ V2 
= 2680.2 


n y 

><37 


1/2 


For the empty tube: 

ui'iiN p /Nt) 

XT p{^d]/A) 

79.07(2/974) 

~~ 830(*x0.016 2 /4) 

= 0.973 m • s " 1 

pv T di 

Re =- 

P 

830 x 0.973 X 0.016 


,-3 


3.6 x 10 

= 3589 

For S w greater than 2000 and Reynolds number less than 
10,000 use a mean of the Nusselt number predicted by Equa¬ 
tions 12.121 and 12.124: 


Nu — Tel = 0.I06 .S’h'° 767 /V )3 
k 

0-133 /2050 x 3.6 x 10“ 
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r 0.7691 

1 1 
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0.8 
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Taking the mean of the two equations gives h Te = 1150.6 
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As for Example 12.5: 

A = 395.3 m 2 

R = 2.625 

[ ua^/r 2 + 1 

G = exp - 

CPcNSHELLS 

= 10.496 

p 2G-2 

g(r + 1 + Vtf 2 + i) - (r + 1 - \/fl 2 + l) 

= 0.2847 = P 

P C 2 = Tex +P{Thx — Tex) 

= 35 + 0.2847 x (200 - 35) 

= 81.98 °C 

Thi = Tn\ - R(T C 2 - 7’ci) 

= 200 - 2.625 x (81.98 -35) 

= 76.68 °C 

Qh — CPh(Th\ ~ Tm) 

= 25 x 2470 x (200 - 76.68) 

= 7.615 x 10 6 W 

The heat duty has thus increased by (7.615 — 6.484) x 10 6 W 
= 1.131x10 6 W. The friction factor for the tube-side is given 
by: 


0.0791 / 2.752\ 

n 

1.75 

'n + 2 — 2(5/d,)' 

1.25 

Re 0.25 ^ + y.29 J 

n — 4 {S/di) 


jr-4(S/d I ) 



= 0.0452 

A Pj = A Pfe + A Pje + A Ptn 

= 4cf — + Kpt 2 Vt + Kpt3 

= 30,691 N- nr 2 

This pressure drop is increased from 15,000 N-m -2 to 
30,691 N • m -2 for the enhanced case, 
c) For the coiled wire insert, given Re T = 3589, the heat transfer 
coefficient can be calculated from Equation 12.132: 

, , / \ -0.372 

Nu = = (1.132 \ Re 012 Pr ° 31 

0.133 f 0.04 \ _0 - 372 

^ = aol6 x0132x (aoT6) 3589 °' 7255 - 4890 ' 37 

= 1250.9 W-m- 2 -KT' 

U = 354.0 W-m^-K -1 
A = 395.3 m 2 

R = 2.625 
G = 11.302 
P i _2 = 0.2866 = P 
T C1 = 82.28 °C 
T m = 75.88 °C 
Q h = 7.664 x 10 6 W 


The heat duty has increased by (7.664 — 6.484) X 10 6 
= 1.18 x 10 6 W. The friction factor for the tubeside is given 
by: 

© —1.16 

Re 0 217 

= 0.0378 

L fpvp 2 \ , 

AP T = 4Cf — f ■\ + K PT 2\' t + K pt3 

= 26,039 N • m -2 

This pressure drop is increased from 15,000N m -2 to 
26,039 N • m -2 for the enhanced case. 


12.10 Condensers 


The construction of shell-and-tube condensers is very similar to 
that of shell-and-tube heat exchangers for duties that do not involve 
a change of phase. Condensers can be horizontally or vertically 
oriented with the condensation on the tube-side or the shell-side. 
The magnitude of the condensing film coefficient for a given 
quantity of vapor condensation on a given surface is significantly 
different depending on the orientation of the condenser. The 
condensation normally takes place on the shell-side of horizontal 
exchangers and the tube-side of vertical exchangers. Horizontal 
shell-side condensation is normally preferred, as the condensing 
film transfer coefficients are higher. Condensation on the tube-side 
of horizontal condensers is normally restricted to the use of 
condensing steam as a heating medium. 

Condensation can take place by one of two mechanisms: 

a) Filmwise condensation, in which the condensing vapor wets 
the surface of the tube, forming a continuous film (see 
Figure 12.21a). 



i 

* 

I 


(a) Filmwise Condensation (b) Dropwise Condensation 

Figure 12.21 

Condesation mechanisms. 
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b) Dropwise condensation , in which droplets of condensation do 
not wet the surface and, after growing, fall from the tube to 
expose a fresh condensing surface without forming a continu¬ 
ous film (Figure 12.21b). 

Although dropwise condensation can produce much higher 
condensing film transfer coefficients, it is unpredictable, and 
design is carried out on the basis of filmwise condensation. 

The basic equations describing filmwise condensation were 
developed by Nusselt (1916). The derivation of the equations has 
been given by Kern (1950), Serth (2007) and others. A number of 
assumptions are made in the derivation: 

• The liquid film flows smoothly and steadily by gravitational 
forces. 

• The liquid film is in laminar flow. 

• No noncondensable gases are present in the vapor phase. 

• No vapor shear force acts on the liquid-vapor interface. 

• Momentum terms are negligible. 

• Temperature distribution in the condensate film is linear. 

• The only heat transferred across the liquid film is the latent heat 
of condensation released at the liquid-vapor interface (transfer 
of sensible heat in the liquid film is negligible). 

• The temperature of the liquid-vapor interface is equal to the 
saturation temperature. 

• Physical properties of the liquid film are constant. 

For the falling film illustrated in Figure 12.21a, the condensing 
film heat transfer coefficient is given by: 


act to increase the heat transfer coefficient, whereas nonconden¬ 
sable gases act to decrease it. 

Since the A T across the film is unknown, it is best eliminated 
from Equation 12.142. By definition of the condensing film 
coefficient: 


mAHvAP = hcLWAT 


(12.143) 


where m = flowrate of condensate (kg • s _1 ) 

L = length of wall (m) 

W = width of wall (m) 

Substituting Equation 12.143 into Equation 12.142 and rearrang¬ 
ing gives: 


0.925 h 


(Pl(Pl ~ Pv)gW \ 1/3 


V 


Pi™ 


(12.144) 


The Reynolds number for the flow can be defined as: 
pd e v 


Re = 


Pl 


where d e 


5 

v 


equivalent diameter 
flow area 

4x- 1 :- 

wetted perimeter 

45 

film thickness (m) 
velocity of condensate (m ■ s _1 ) 
m 

pWS 


h c = 0.943 


klp L (p L ~Pv) AH VAPg\ 


1/4 


Lp,AT 


) 


(12.142) 


where h c 

k L 

Pl 

Pv 

AH vap 

g 

L 

Pl 

AT 


condensing film coefficient (W ■ m 2 ■ K 1 ) 
thermal conductivity of the liquid 
(W ■ m“ 1 K“‘) 

density of the liquid (kg • nrf 3 ) 

density of the vapor (kg ■ nrf 3 ) 

latent heat (J ■ kg -1 ) 

gravitational constant (9.81 m • s -2 ) 

length of the wall (m) 

viscosity of the liquid (N • s • m -2 or 

kg-nr'-s -1 ) 

temperature difference across the 
condensate film (K) 


It should be noted that the original form of the Nusselt Equation 
featured the term p\ instead of the term p L (p L — p v )- The latter was 
introduced to account for buoyancy forces (Rosenow, 1956: Rose- 
now, Webber and Ling, 1956). Such buoyancy forces are usually 
only important close to the critical point. Also, the constant in the 
original form of the Nusselt Equation was slightly different due to 
errors in the way the required integration was performed. In most 
cases, the two most important factors that cause a significant 
deviation from Equation 12.142 are the presence of vapor shear 
forces and noncondensable gases in the vapor. Vapor shear forces 


Thus the Reynolds number becomes: 

4m 

Re = u/ (12.145) 

P/W 

Equation 12.144, the Nusselt Equation for a falling film, is valid for 
Re < 30. 

For condensation inside vertical tubes, neglecting the curvature 
of the tube wall. Equation 12.143 becomes: 


mAHvap — hendiLNjAT 


(12.146) 


where d / = inside diameter of tube (m) 

L = length of tube (m) 

N t = number of tubes (m) 

Substituting Equation 12.146 in Equation 12.142 gives: 


h c 


1.354 J PdPL-PvWTg Y 
\ Pl™ J 


(12.147) 


The Reynolds number is defined by: 


Re = 


pd e v 

Pl 
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where 

flow area 

d e = 4 x---:- 

wetted perimeter 

Neglecting curvature: 
de = 4 S 

m 

pndjNjS 

Thus, the Reynolds number becomes: 
Am 

Re = —-- 

ndjN T p L 


where N R = number of tubes in a vertical row (—) 


This correction works well for a single vertical row. However, in 
a circular tube bundle, the number of tubes in a vertical row 
varies according to the position in the bundle. This can be 
accounted for by modifying N T in Equation 12.153 to be N 2 / 3 
(Kern, 1950): 


(12.148) 


0 . 959 *! 


0.959*! 


Pl(Pl~ Pv) l 8 n t 3 ^ 1 


Pi. m 

Pl(Pl ~ Pv)Lg ^ 1 3 n 2/9 
PL m 


(12.156) 


Equation 12.147 is valid for Re <30. For condensation on the 
outside of vertical tubes, the equations become: 


hr = 1.354*7 


Pl (Pl -Pv)doN T g \ 1/3 
Pi™ ) 


(12.149) 


which is again valid for Re < 30 where: 


Re = 


Am 

nd 0 N T p L 


(12.150) 


For condensation on the outside of a single horizontal tube the 
corresponding form of the Nusselt Equation is (Kern, 1950; Rose, 
1999): 


* c = 0.728 f kjMPL^PvW^ V 14 
V d () fi L AT ) 

By definition of the condensing film coefficient: 

DlAHyAP = llQjld qLNjAT 


(12.151) 


(12.152) 


Combining Equations 12.151 and 12.152: 

>c= 0.959fcf fe(fc -' V)MrS Y ,i 

V Pi m J 

which is valid for Re < 30 where: 

4m 

Re = - 

Pl LNt 


(12.153) 


(12.154) 


For the shell-side of a horizontal tube bundle, dripping of 
condensate over successive rows acts to decrease the condensing 
coefficient. This can be accounted for by multiplying the condens¬ 
ing coefficient for a single tube by an empirical correction involv¬ 
ing the number of tubes in a vertical row. Kern (1950) proposed the 
correction: 


h c = 0.959*! 


Pl(Pl ~Pv) l 8 n t\ 1/3 „ -i/6 


Pl m 


Nr 


(12.155) 


Condensation inside horizontal tubes is complex to analyse on a 
fundamental basis. An approximate condensing coefficient can be 
obtained by using a simple correction to the Nusselt Equation for 
horizontal condensation to account for the accumulation of con¬ 
densation along the base of the tube. The correction often applied is 
0.8 (Butterworth, 1977). No correction for the number of tubes is 
required. Thus, condensation inside horizontal tubes can be 
approximated by: 


h c = 0.767*i 


[ Pl(Pl~ Pv)LgN T V 13 

V Pl™ ) 


(12.157) 


In the above equations, the film thickness and hence the 
condensing coefficient varies across the surface. The correlations 
give an average coefficient applicable to the entire surface. The 
condensing coefficients are independent of shell-side geometry 
(e.g. baffle cut, distance, etc.). The Nusselt Equations give reason¬ 
ably good agreement with experimental data for laminar flow of the 
condensate film in the absence of vapor shear forces and non¬ 
condensable gases in the vapor. In the absence of noncondensable 
gases, the Nusselt Equations will tend to give a conservative 
prediction of the condensing coefficient. Vapor shear and turbu¬ 
lence in the film can lead to considerably higher values than those 
predicted by the Nusselt Equations. Turbulence in the film occurs 
when condensation occurs on a long vertical surface or the rate of 
condensation is high. The laminar film goes through a transition to 
wavy and then turbulent flow. The turbulence acts to increase the 
heat transfer coefficient, but the thickening of the film acts to 
decrease it. 

For a simple total condenser involving isothermal condensa¬ 
tion: 


Q = mAH VAP = UAATlm (12.158) 

where U is defined by Equation 12.13. Note that if the condensing 
fluid is pure and therefore isothermal, no F T correction factor is 
required if multipass exchangers are used, that is, F T = 1. 

If the heat exchange involves desuperheating as well as con¬ 
densation, then the exchanger can be divided into zones with linear 
temperature-enthalpy profiles in each zone. Figure 12.22a illus¬ 
trates desuperheating and condensation on the shell-side of a 
horizontal condenser. The total heat transfer area is the sum of 
the values for each zone: 
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(a) Desuperheating in a horizontal (b) Subcooling in a vertical condenser. (c) Subcooling in a horizontal condenser, 

condenser. 

Figure 12.22 

Condensation with desuperheating and subcooling. 


A = Ads + Acn 

Qds , Qcn < 12 - 159 ) 

UdsAT lm ,ds Ucn^T LMC n 

where A = total heat transfer area 

A D s — heat transfer area for the desuperheating 
zone 

ACN = heat transfer area for the condensing zone 
Qds — heat transfer duty for the desuperheating zone 
Qcn = heat transfer duty for the condensing zone 
U D s = overall heat transfer coefficient for the 
desuperheating zone 

Ucn = overall heat transfer coefficient for the 
condensing zone 

A T LMD s = logarithmic mean temperature difference for 
the desuperheating zone 

AT/jmcn = logarithmic mean temperature difference for 
the condensing zone 

To calculate the condensing heat transfer coefficient requires the 
length of the condensing zone L to be specified. Thus, a value of L 
must be estimated before the calculation can be made. For the value 
of L to be correct, it must comply with: 


L = —^-x Tube length (12.160) 

A 

The value of L is then varied until there is agreement with 
Equation 12.160. 

It might also be necessary to subcool the condensate. As with 
desuperheating, if subcooling is required, the heat exchanger can 
be divided into zones. Figure 12.22b illustrates subcooling on the 
shell-side of a vertical condenser. The subcooling arrangement in 
Figure 12.22b is achieved by using a loop seal to create a partially 
submerged tube bundle (Kern, 1950). For subcooling, the heat 
transfer area is given by: 

A = Acn + Asc 

_ Qcn | Qsc (12.161) 

Ucn^T lm ,cn Usc^T lm ,sc 

where A sc = heat transfer area for the subcooling zone 
Qsc = heat transfer duty for the subcooling zone 
Use = overall heat transfer coefficient for the 
subcooling zone 

A Tim.sc = logarithmic mean temperature difference for 
the subcooling zone 


12 
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To calculate the condensing heat transfer coefficient again 
requires the length of the condensing zone L to be specified. 
Thus, a value of L must be estimated and adjusted until it complies 
with Equation 12.160. 

Figure 12.22c illustrates subcooling on the shell-side of a 
horizontal condenser. The subcooling arrangement in 
Figure 12.22c is again achieved by using a loop seal to create a 
partially submerged tube bundle (Kem, 1950). Rather than use a 
loop seal, a dam baffle can be used to partially submerge the bundle 
(Kern, 1950). Figure 12.22c shows the zones this time represented 
in parallel, rather than the series arrangements in Figures 12.22a 
and 12.22b. Calculation of the condensing heat transfer coefficient 
for a horizontal exchanger requires the number of tubes in the 
condensing zone Nt.cn to be specified. Thus, a value of Nt,cn must 
be estimated before the calculation can be made. For the value of 
Nj.cn to be correct, it must comply with: 

Nt.cn = —— X Number of tubes (12.162) 

A 

The value of N tcn is then varied until there is agreement with 
Equation 12.162. 

For multicomponent condensation, the condensation will not be 
isothermal, leading to a nonlinear temperature-enthalpy profile for 
the condensation. If this is the case, then the exchanger can be 
divided into a number of zones with the temperature-enthalpy 
profiles linearized in each zone. Each zone is then modeled 
separately and zones summed to obtain the overall area require¬ 
ment (Kern, 1950). 

Particular care needs to be adopted if a vapor to be condensed 
has noncondensable gases present. Here the vapor diffuses through 
the gas to the cold surface where it condenses. However, as the 
condensation proceeds, the concentration of the noncondensable 
gas increases, which increases the diffusional resistance and 
decreases the condensing coefficient. To take this into account 
requires complex models, which is outside the scope of this text. 

Pressure drop during condensation results essentially from the 
vapor flow. As condensation proceeds, the vapor flowrate 
decreases. The equations described previously for pressure drop 
in shell-and-tube heat exchangers are only applicable under con¬ 
stant flow conditions. Again, the exchanger can be divided into 
zones. However, in preliminary design, a reasonable estimate of 
the pressure drop can usually be obtained by basing the calculation 
on the mean of the inlet and outlet vapor flowrates. 


Example 12.7 A flowrate of 0. lkmol-s~' of essentially pure 
acetone vapor from the overhead of a distillation column is to be 
condensed without any condensate subcooling. The condensation 
is to take place on the shell-side of a horizontal shell-and-tube heat 
exchanger against cooling water flowing in two passes on the tube- 
side with a split ring head. The operating pressure of the condenser 
is 1.52 bar. At this pressure, the acetone condenses at 67 °C. The 
cooling water can be assumed to be at 25 °C and to be returned to 
the cooling tower at 35 °C. The condenser can be assumed to be 
steel with tubes with 20 mm outside diameter and 2 mm wall 
thickness. The tube pitch can be assumed to be 1.25 do and a square 
configuration. The physical property data are given in Table 12.14. 


Table 12.14 

Physical property data for acetone and water. 


Property 

Acetone 
(67 °Cj 

Water 
(30 °C) 

Liquid density (kg • m -3 ) 

736 

996 

Vapor density (kg • m -3 ) 

3.12 

- 

Heat capacity (J • kg -1 • K -1 ) 

2320 

4180 

Liquid viscosity (N s - m -2 ) 

0.213 xl0“ 3 

0.797 xl0“ 3 

Thermal conductivity 
(W • m -1 • K -1 ) 

0.137 

0.618 

Heat of vaporization (J • kg -1 ) 

494.000 

- 


The properties of acetone are at 67 °C. Although the average film 
temperature will be lower than this, the value of k(p 2 /fi) lB tends not 
to be very sensitive to temperature. The molar mass of acetone can 
be assumed to be 58 kg • kmol '. Assume the fouling coefficients 
to be 11,000 W • nK 2 • K~ 1 and 5000 W • nT 2 • K~' for the shell- 
side and tube-side respectively. For an allowable tube-side veloc¬ 
ity of 2 m • s _1 , estimate the heat transfer area. 


Solution 

= 0.1 x 58 
= 5.8kg-s _1 

= 5.8x494,000 
= 2.8652 x 10 6 W 

_ 2.8652 x 10 6 
“ 4180(35 -25) 

= 68.55 kg-s- 1 
= 0.06882 m 3 -s _1 

To determine the condensing film coefficient using 
Equation 12.156 requires the number of tubes to be known. 
Thus, the solution must be iterative. Assume an initial heat 

transfer area (say 100 m 2 ). If the tube-side velocity is 

~ -1 
2m • s : 


Flowrate of acetone 


Duty on condenser 


Flowrate of cooling water 


_ m T N P 
T p{nd 2 j/ A)v t 

68.55 x 2 

“ 996(^x0.016 2 /4)2 
= 342.3 

Rounding to the nearest integer that can be configured in two 
passes: 


N t = 342 
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Now calculate the tube length: 
A 

L = — - 

ndaN T 

100 

“ n X 0.020 x 342 
= 4.654 m 


The shell diameter can be calculated from Equation 12.52: 


D s = 


f 4 F T cFscPcPt a \ 

V n 2 d 0 L ) 

/4 x 1.11 x 1.15 x 0.025 2 x 100\ 1/2 

V k 1 x 0.02 x 4.654 ) 


= 0.589 m 


The condensing coefficient can be calculated for 
Equation 12.156: 


h c = 0.95 9k h 


Pl(Pl - Pv)Lg \ 1/3 Af 2/9 

pL m J T 


= 0.959 x 0.137 f 736 X (736-3.12) x 4.654X9.81 5 ^ 
V 0.213 x 10 -3 x 5.8 J 


= 1302.7 W-m-K“* 

Calculate the tube-side Reynolds number: 


Re 


pdjVT 

P 

996x0.016x2 

0.797 x 10“ 3 
39,990 


The tube-side heat transfer coefficient can be calculated from 
Equation 12.59: 


K h T4= 0.024^ 
d, 



= 0.024 


0.618 
X 0.016 



= 5017.4 


hr = Ki, T 4V °' 8 

= 5017.4 x2 a8 
= 8735.8 W-irr 2 -KT 1 


0.4 


/ 996x0.016 \ 0 ' 
V0.797 x 10“ 3 7 


Now the overall heat transfer coefficient can be calculated: 

111 dn dn do 1 dp 1 

— = - 1 - 1 -In- 1 - 1 - 

U he hsF 27 ' dj d / hjp d / hj 


1 1 0.020 0.020 0.020 
1302.7 + 11,000 + 2 x 45 “ 0.016 + 0.016 


1 


- + 


1 


5000 8735.8 


U = 768.5 W m _ 2 -K _1 

(67 - 35) + (67 - 25) 


A-Tim = 


In 

36.8 K 


67 - 35' 


67-25 


Now the duty can be calculated from: 

Q = UA A T lm 

= 754.6 x 100x36.8 
= 2.775 x 10 s W 

This does not agree with the specified duty of 
2.8652xl0 6 W. To make the heat duty balanced requires 
the heat transfer area A to be adjusted by trial and error. At 
each value of A, the number of tubes and h c must be calculated. 
This can be readily done using a spreadsheet solver. The result 
is: 

Q = 2.865 xl0 6 W 
h c = 1307.7 W • m ~ 2 • K -1 
h r = 8735.7 W-m“ 2 -K“' 

U = 770.2W-m“ 2 -K“ 1 
A = 101.2 nr 
D s = 0.589 m 
N t = 342 

Rather than specify the tube-side velocity, the tube-side 
pressure drop could have been specified (e.g. AP T = 30,000 
N • m -2 ). Had this been the case, then the calculation would 
have required an iterative solution, similar to the solution of 
Example 12.2d. 


12.11 Reboilers and 
Vaporizers 

Reboilers are required for distillation columns to vaporize a 
fraction of the bottom product, as discussed in Chapter 8 . It 
may also be the case that a liquid needs to be vaporized for other 
purposes; for example, a liquid feed needs to be vaporized before 
entering a reactor. The discussion here will focus on reboiling a 
distillation column, but the same basic principles apply to other 
types of vaporizers. 

Three common designs of the reboiler are illustrated in 
Figure 12.23. The first shown in Figure 12.23a is a kettle reboiler. 
Vaporization takes place on the outside of tubes immersed in a pool 
of liquid. The bottom product is taken from an overflow from the 
liquid pool and there is no recirculation between the reboiler and 
the column. In some designs, the tube bundle can be installed in the 
base of the column as an internal reboiler. The kettle reboiler 
incorporates a volume above the liquid pool and tube bundle for 
vapor and liquid disengagement. The shell diameter is typically 
40% greater than the bundle diameter to allow for this. The second 
type of reboiler shown in Figure 12.23b, the horizontal thermo- 
syphon, also features vaporization on the outside of the tubes. 
However, in this case, there is recirculation around the base of the 
column. A mixture of vapor and liquid leaves the reboiler and 
enters the base of the column, where it separates. The column 
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Product 



Product 


(a) Kettle. (b) Horizontal thermosyphon. (c) Vertical thermosyphon. 

Figure 12.23 

Reboiler designs. 


internals are arranged to provide a steady hydrostatic head for the 
circulation. The third type of reboiler, the vertical thermosyphon , is 
illustrated in Figure 12.23c. Again, there is a recirculation around 
the base of the column, but this time the vaporization takes place 
inside the tubes. Boiling on the tube-side will normally be earned 
out in a 1-1 exchanger. 

The three reboilers in Figure 12.23 are shown under natural 
circulation. The flow of liquid from the column to the reboiler is 
created by the difference in hydrostatic head between the column of 
liquid feeding the reboiler and the vapor-liquid mixture created by 
the reboiler. 

The amount of liquid vaporized in the reboiler should not be 
more than 80%, otherwise this will tend to lead to excessive fouling 
of the reboiler. For kettle reboilers, there is no recirculation, but for 
thermosyphon reboilers, a recirculation ratio can be defined as: 


Recirculation ratio = 


Flowrate of liquid at reboiler outlet 
Flowrate of vapor at reboiler outlet 


additional height inside the column shell than kettle reboilers to 
allow for vapor disengagement as the vapor-liquid mixture enters 
the column. Vertical thermosyphon reboilers require the column to 
be at a higher elevation than kettle and horizontal thermosyphons. 
Florizontal thermosyphons tend to be preferred to vertical ones if 
the heat transfer area is large, as horizontal arrangements are easier 
to maintain. Although thermosyphon reboilers can be used under 
vacuum conditions, care must be exercised as the effect of pressure 
on the boiling point of the fluid entering the reboiler must be 
considered. When reboiling multicomponent systems, the vapor¬ 
ization can take place over a range of temperatures. The forced flow 
in a thermosyphon can give a higher mean temperature difference 
than a kettle for the same percentage of vaporization, as the kettle 
boiling temperature is uniform. Generally the heat flux (heat 
transferred per unit area) and heat transfer coefficients are in the 
order 

Kettle < Horizontal thermosyphon < Vertical thermosyphon 


This usually lies between 0.25 and 6. The greater the value of 
recirculation ratio, the less fouling there is in the reboiler. Lower 
values tend to be used in horizontal thermosyphons and higher 
values (greater than 4) used in vertical thermosyphons. The 
recirculation ratio is a degree of freedom at the discretion of the 
designer. This should be fixed later when the detailed design is 
carried out. 

The kettle reboiler has the advantage that it is equivalent to a 
theoretical stage for the distillation but is relatively expensive due 
to the extra volume required for vapor disengagement. Also, the 
liquid has a high residence time in the heating zone, which can be a 
problem if the material is prone to thermal decomposition. If the 
reboiler must operate at a high pressure, then the large diameter of 
the kettle shell is a disadvantage. A large-diameter cylindrical shell 
requires a thicker wall to withstand a given pressure than a small- 
diameter shell. The horizontal and vertical thermosyphons both 
have the disadvantage of not providing a complete theoretical stage 
for the distillation. However, the thermosyphon reboilers are less 
prone to fouling than kettle reboilers and have a lower residence 
time in the heating zone. Thermosyphon reboilers require 


Given these arguments, it is not surprising that the most common 
design of reboiler is the vertical thermosyphon. 

The basic characteristics of the boiling process are illustrated in 
Figure 12.24. This shows a plot of heat flux versus the temperature 
difference between the vaporizing surface and the bulk liquid 
plotted on logarithmic axes. Initially, between Points A and B in 
Figure 12.24, heat transfer is by natural convection. Superheated 
liquid rises to the liquid surface where evaporation takes place. As 
the temperature difference increases beyond Point B in 
Figure 12.24, nucleate boiling occurs in which vapor bubbles 
are formed at the heating surface and released from the surface. 
Nucleate boiling, as its name implies, depends on the presence of 
nuclei. In boiling, the nuclei are preexisting inclusions of non¬ 
condensable gas or vapor in cavities on the heat transfer surface. It 
thus depends on the character of the heat transfer surface. 

Point C in Figure 12.24 is termed the critical heat flux or 
maximum boiling flux or peak boiling flux as bubbles coalesce on 
the surface creating a vapor blanket. Critical heat flux occurs 
because insufficient liquid is able to reach the heat transfer surface 
due to the rate at which vapor is leaving. Beyond Point D, the 
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log (Heat Flux) 



Figure 12.24 

Heat transfer characteristics of boiling. 


surface is dry and entirely blanketed by vapor and heat is trans¬ 
ferred by conduction and radiation. 

Reboilers are designed to operate below the peak flux, as 
beyond it either the heat flux would be lower or a much higher 
temperature difference would be required. The design is normally 
restricted to have a heat flux less than 70% of the critical flux. The 
preliminary design of the kettle and horizontal thermosyphon 
reboilers can be based on pool boiling. In pool boiling, the heating 
surface is surrounded by a large body of fluid in which the fluid 
motion is only induced by natural convection currents and the 
motion of bubbles. A simple correlation for nucleate boiling on a 
single tube is that due to Palen (in Hewitt, 2008): 


/ p \ o.i7 

h NB =0.18P£ 6 V' 7 ( —) (12.163) 

V CJ 


where 


hNB 

Pc 

P 

q 


T w 

Tsat 


nucleate boiling coefficient (W • m -2 • K -1 ) 

liquid critical pressure (bar) 

operating pressure (bar) 

heat flux (W • m~ 2 ) 

hNB(Tw~ Tsat ) 

wall temperature of the heating surface (°C) 
saturation temperature of the boiling liquid 

(°C) 


Coefficients for wide boiling mixtures will be overestimated. This 
can be corrected for using an empirical correction factor given by 
Palen (in Hewitt, 2008): 


I’nb 


0.18 q 


/ p \ 0 -n 

1 

w 

.1 + 0.023q OA5 (T DEW - Tbub) 0 ' 75 . 


(12.164) 


where 


Tdew = dew point of the mixture (°C, K) 
Tbub = bubble point of the mixture (°C, K) 


Boiling heat transfer coefficients for tube bundles are generally 
higher than those for single tubes under the same conditions. Palen 
(in Hewitt, 2008) presented an approximate method that can be 
used for the preliminary design of kettle and horizontal thermo¬ 
syphon reboilers: 


h B = hNB 


n n . 0.785£> b 

1.0+ 0.11- { —-l.o 

Pcip-r/do) d 0 


0.75' 


+ h NC (12.165) 


where 


h B = boiling heat transfer coefficient for the tube 
bundle (W • m~ 2 • KT 1 ) 

h NB = nucleate boiling heat transfer coefficient given 
by Equations 12.163 and 12.164 
(W ■ m“ 2 • KT 1 ) 

h NC = natural convection heat transfer coefficient 
D b = tube bundle diameter (m) 
p T = tube pitch (m) 
do = outside diameter of the tubes (m) 

Pc = pitch correction factor (p c = 1 for square pitch, 
Pc = 0.866 for triangular pitch) 


Natural convection makes a relatively small contribution to the 
total heat transfer, except when the temperature difference between 
the wall and the boiling liquid is less the 4°C. For larger tem¬ 
perature differences, Palen (in Hewitt, 2008) suggests using a value 
of h NC of 250W-m _2 K _l for hydrocarbons and 1000W 
• m~ 2 ■ KT 1 for water and aqueous solutions. 

Mostinski (1963) gives a correlation for the estimation of the 
critical heat flux for single tubes: 


1c 1 


= 3.67 x 10 4 P C 



(12.166) 


where q C \ = critical heat flux for a single tube (W ■ m 2 ) 

This can be corrected for tube bundles by (Palen in Hewitt, 
2008): 


Equation 12.163 neglects natural convection effects, which are 
only important for a temperature difference less than 4 °C. For very 
small temperature differences, a value of 250 W • m“~ • K“ for 
hydrocarbons and 1000 W • m -2 • K“ 1 for water can be added to the 
value calculated from Equation 12.157 to compensate for natural 
convection (Palen in Hewitt, 2008). 

Equation 12.163 applies to vaporization of single components, 
but can be used for close boiling mixtures without too much error. 


<7c =‘S'ci'/'s for <Pb< 1-0 (12.167) 

otherwise 

<1>B = 1 

where q c = critical heat flux for the tube bundle 
(W • m -2 ■ K _1 ) 
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2>AnD B L 
= A 

D b = tube bundle diameter (m) 

L = tube length (m) 

A = heat transfer area (m~) 

The design of vertical thermosyphon reboilers requires iterative 
calculations in which the exchanger needs to be divided into zones. 
The energy and pressure balances need to be performed simulta¬ 
neously. Frank and Prickett (1973) performed a range of detailed 
simulations and presented the results graphically. This can be used 
as the basis of preliminary design. The graphical data can be 
correlated as: 

For aqueous solutions: 

q = 384.52A T + 130.07A T 2 - 2.4204A T 3 (12.168) 

where q = heat flux (W ■ m -2 ) 

A T = mean temperature difference between the heat 
transfer surface and the bulk fluid (K) 


For organic liquids: 

q = -100.98 + 1705.9AT + 26.37AT 2 - 0.288A T 3 

(12.169) 

- 5902.87’ /; Ar + 6031.3J 2 AT 
where T R = reduced temperature of fluid 

= t/t c 

T = temperature (K) 

T c = critical temperature (K) 

For the simulations, the heating was assumed to be supplied using 
saturated steam on the shell-side with a combined condensation 
and fouling coefficient of 5700 W ■ m -2 ■ K _l . The fouling 
coefficient on the tube-side was assumed to be 5700 W ■ m -2 ■ K“ 1 . 

If these values are appropriate, then the overall heat transfer 
coefficient can be calculated from: 



(12.170) 


The correlation should be used with caution outside the range 
0.6 < T r < 0.8 and should not be used below a pressure of 0.3 bar. 
When dealing with a clean, nondegrading material, the process 
fouling coefficient should be increased to around 
11,000 W • m -2 • K _1 , but should be reduced to 1400 to 
1900 W ■ m -2 ■ K -1 for material that has a tendency to polymerize 
(Frank and Prickett, 1973). If a shell-side process fouling 
coefficient different from 5700 W ■ m~ 2 ■ KT 1 is required, the cor¬ 
rected overall heat transfer coefficient can be calculated from 
(Frank and Prickett, 1973): 


1 _ 1 11 11 
W~U~ 5700 + h~ s ~ 5700 + 


(12.171) 


where U' = corrected overall heat transfer coefficient 
(W • m“ 2 • K” 1 ) 


h s = required shell-side coefficient including 
fouling (W • m -2 ■ K -1 ) 
h TF = required process fouling coefficient 
(W ■ m -2 • K -1 ) 

The mean temperature difference should be less than 35 to 55 °C. 
This will avoid excessive fouling and excessive vaporization per 
pass (i.e. a low recirculation ratio), leading to poor heat transfer in 
the upper parts of the tubes as heat transfer to a liquid annulus is 
replaced by heat transfer to a mist. 

Great caution should be exercised regarding correlations for 
boiling: they are notoriously unreliable. Unlike other heat transfer 
phenomena, the goal of reliable prediction of boiling rates has 
proved to be elusive. Many correlations other than those given here 
are available in the literature. Their predictions of boiling coef¬ 
ficients for the same duty can differ by an order of magnitude. Even 
the predictions from detailed simulations should be treated with 
great caution. 

Rather than use natural circulation, as in the designs in 
Figure 12.23, the liquid can be fed to the reboiler by a pump using 
forced circulation. Boiling normally takes place on the tube-side of 
a 1-1 heat exchanger, which can be vertical or horizontal. Vapor¬ 
ization in forced convection reboilers is usually limited to be less 
than 1 to 5% (Palen in Hewitt, 2008). In some cases, it might be 
desirable to suppress boiling inside the heat exchanger completely 
by installing a control valve at the exchanger outlet to increase the 
pressure in the exchanger and suppress boiling. The liquid leaving 
the exchanger will then partially vaporize as the liquid pressure is 
decreased across the valve. Suppression of boiling inside the heat 
exchanger might be desirable if it leads to excessive fouling. In 
preliminary design, forced convection reboilers can be based on the 
assumption that heat transfer is by forced convection only. This 
will give a conservative design if some boiling is allowed in the 
exchanger and will overestimate the heat transfer area. High tube 
velocities of the order of 3 to 5 m ■ s _ 1 or higher are used to reduce 
fouling. 

If forced-convective boiling is to be carried out, the design is 
essentially the same as any 1-1 exchanger. 

Forced convection suppresses nucleate boiling but introduces a 
significant component of forced convection heat transfer. In fact, in 
most practical situations, including natural circulation, both forced 
convection and nucleate boiling are important. In forced-convec¬ 
tive boiling, the boiling heat transfer coefficient can be estimated 
by a combination of convective and nucleate boiling heat transfer 
with the nucleate boiling component reduced by a suppression 
factor. There is significant uncertainty associated with the predic¬ 
tion of such components. Because the amount of vapor changes 
through the exchanger, the exchanger needs to be divided into 
zones and the correlations applied in each zone. 

Natural circulation will lead to cheaper designs than forced 
circulation, but forced circulation can lead to lower fouling than the 
corresponding natural circulation designs. 

Finally, if vaporization of a liquid is required for applications 
other than distillation, then the same principles and methods can be 
applied. The one distinctive difference is that with all designs, with 
the exception of kettle designs, a vapor-liquid separation device 
will be required at the vaporizer outlet, as illustrated in Figure 12.25. 
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Figure 12.25 

Process vaporizer arrangements. 


Example 12.8 A reboiler is required to supply 0.1 kmol • s -1 
of vapor to a distillation column. The column bottom product is 
almost pure butane. The column operates with a pressure at the 
bottom of the column of 19.25 bar. At this pressure, the butane 
vaporizes at a temperature of 112°C. The vaporization can be 
assumed to be essentially isothermal and is to be carried out using 
steam with a condensing temperature of 140 °C. The heat of 
vaporization for butane is 233,000 J kg -1 , its critical pressure 
38 bar, critical temperature 425.2 K and molar mass 
58kg kmol -1 . The film coefficient (including fouling) for the 
condensing steam can be assumed to be 5700 W • m -2 - K _l . 
Calculate the heat transfer area for: 

a) A kettle reboiler assuming steel tubes with 30 mm outside 
diameter, 2 mm wall thickness and length 2.95 m are to be used, 
with thermal conductivity of the tube wall of 45 W • m _l • K -1 
and the fouling coefficient for vaporization to be 
2500W m 2 K '. 

b) A vertical thermosyphon reboiler. 


Solution 

a) Heat load = 0.1 X 58 X 233,000 

= 1.3514 x 106 W 

The boiling film coefficient for a kettle reboiler can be 
estimated from the correlation for pool boiling. 
Equation 12.163 gives one such method due to Palen 
(in Hewitt, 2008). However, the correlation requires the 
heat flux to be known, and therefore the heat transfer area 
to be known. Hence the calculation will need to be 
iterative. Assume an initial heat transfer area of, say, 
40 nr. 



_ 1.3514 x 10 6 
~ 40 

= 33,785 W-nr 2 

Now the boiling film coefficient can be calculated: 

/ p \ 017 

h NB = 0.18P-W-) 

= 0.18 x 38 0,67 x 33,785 07 f— 
y 38 

= 2714 W-m _2 -K _1 
The overall heat transfer coefficient can be calculated from: 

111 do j do do 1 do 1 
U hNB h$p 2,k dj dj hjf dj hj 

1 1 0.03 0.03 0.03 / 1 \ 

“ 27M + 2500 + 2 x 45 0.026 + 0.026 V570oJ 

U = 1125 Wnr 2 K _1 
Q = UAAT 

= 1125 x 40x28 
= 1.260 x 106 W 

The calculated heat duty does not agree with the specified 
duty of 1.351 X 10 6 W. To make the duty balance requires 
the heat transfer area to be adjusted by trial and error. At 
each value of A, a new heat flux and boiling film coefficient 
is calculated. This allows the new overall heat transfer 
coefficient to be calculated, and so on, until the calculated 
heat duty agrees with a specified duty. This can be readily 
done using a spreadsheet solver. The result is: 
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Q = 1.3514 xl0 6 W 
h NB = 2,564 W-m _2 -K _1 
U = 1,112Wm- 2 K-' 

A = 43.40 m 2 
q =31,142 W-m -2 

This heat flux must be checked to see if it is below the 
critical heat flux. The critical heat flux for a single tube is 
given by the Mostinski Equation (Equation 12.166): 

<Zci = 3.67X 10 4 P C ^) 

= 5.82 x 10 5 W-m- 2 



To correct this for the bundle requires the bundle diameter 
to be calculated from Equation 12.52 assuming F TC and F sc 

to both be unity: i/ 2 

D = (*PcPt a \ 


jrdoL J 


Assume a pitch of0.0375 m and square configuration with a 
tube length of 2.95 m: 


D b 


*Pb 


74x 1 X 0.0375 2 x 43.40\ 1/2 
v n 2 X 0.03 x 2.95 ) 

0.53 m 
3.1kD b L 
A 

3.1 X ;r x 0.53 x 2.95 
43.40 

0.35 


Qc — 

= 5.82 x 10 5 x 0.35 


= 2.04 x 10 5 W-m -2 


Thus, the flux is well below the maximum predicted by the 
Mostinski Equation. 

It should be noted that the shell diameter will be around 
40% greater than that of the tube bundle to allow for vapor 
disengagement. 

b) For a vertical thermosyphon reboiler, the heat flux can be 
approximated using Equation 12.169 for organic liquids. 



_ 112 + 273.15 
425.2 
= 0.905 

This is outside the range over which the original data were 
correlated and hence the results should be treated with 
caution. 

q = -100.98 + 1705.9 x 28 + 26.37 x 28 2 - 0.288 x 28 3 
- 5902.8 x 0.91 x 28 + 6031.3 x 0.912 x 28 
= 50,817 W-m -2 



50,817 

28 


= 1289 Wm _2 -K -1 


This does not need to be corrected using Equation 12.171 as 
the steam condensing film coefficient and process fouling 
coefficient agree with the assumptions on which the corre¬ 
lation is based. 


q 

_ 1.351 x 10 6 
“ 50,817 

= 26.6 m 2 


On the basis of these calculations, the vertical thermosy¬ 
phon would appear to be the better option. However, the 
correlations to predict boiling have an extremely low 
reliability. Predicted minor variations in heat transfer 
area should not be used to choose options, as the predictions 
for boiling are so unreliable. 


12.12 Other Types of Heat 
Exchangers 

While the shell-and-tube heat exchanger is the most common type 
of heat exchanger in the process industries, it does have some 
significant limitations: 

a) The flow is not truly countercurrent. Even the 1-1 exchanger is 
not truly countercurrent as the flow on the shell-side is partially 
cross-flow. This means that the shell-and-tube exchanger is 
mostly limited to transfer heat with a minimum temperature 
difference of 10 °C. Designs can achieve a smaller temperature 
difference (perhaps down to 5 °C), but care is needed in the 
application. Some heat transfer duties demand very small 
temperature differences. 

b) The area density (heat transfer area per unit of volume of 
exchanger) is relatively low. A conventional shell-and-tube 
heat exchanger has an area density of the order of 100 m~ • m“ . 
Other designs of heat exchanger can achieve area densities of 
300 to 700 nr ■ m 3 and in some designs greater than 
1000 m 2 • m -3 . 

The most important alternatives to shell-and-tube designs are: 

1) Gasketed plate heat exchanger After the shell-and-tube heat 
exchanger, the most commonly used alternative is the gasketed 
plate heat exchanger. This consists of a series of parallel plates 
with gaskets between the plates to provide a fluid seal. The 
plates are corrugated both to increase the turbulence (and hence 
the film transfer coefficients) and to give mechanical rigidity. 
The enhancement of heat transfer coefficients from the 
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Figure 12.26 

Plate-and-frame heat exchanger. 


corrugations is a particular advantage when heating and cool¬ 
ing more viscous materials. The turbulence promoted by the 
corrugations also helps to reduce fouling relative to plain 
surfaces. The plates are held together and compressed in a 
frame by the use of lateral bolts. The basic arrangement is 
illustrated in Figure 12.26. Each corrugated plate is provided 
with four ports. The gasket arrangement around the four ports 
forces the hot and cold fluids to flow down alternate channels. 
This provides countercurrent flow, allowing temperature dif¬ 
ferences between hot and cold fluids down to around 1 °C. Most 
applications for gasketed plate heat exchangers are for liquid- 
liquid duties, but can also be applied to condensing and 
evaporating duties. The limitations of the gasket seals mean 
that applications are normally restricted to be between -30 and 
200 °C with pressures up to 20 bar. 

A gasketed plate heat exchanger is usually significantly 
cheaper than a shell-and-tube heat exchanger for the same duty. 
This is especially the case if the shell-and-tube heat exchanger 
must be fabricated in more expensive materials such as stainless 
steel. 

Another advantage in retrofit is that an existing frame can 
often accommodate additional plates if a higher capacity is 
required. For the same flowrate, an increase in the number of 
plates decreases the flowrate through the channels and therefore 
the heat transfer coefficients. However, if the flowrate 
increases, the number of plates can be increased to accommo¬ 
date a higher duty (at the expense of increased pressure drop). 

The flow arrangement shown in Figure 12.26 involves a 
single pass for each fluid. More complex flow arrangements can 
also be used. 

2) Welded plate heat exchangers The limitations of the gaskets in 
gasketed plate heat exchangers can be overcome by welding the 
plates together. This eliminates both the gaskets and the frame 


from the design. Elimination of the gaskets extends the range of 
application to a wider range of temperatures and pressures. The 
highest pressures for welded plate heat exchangers can be 
achieved by mounting the plates within a pressure vessel. A 
fluid is maintained in the pressure vessel with a higher pressure 
than the fluids flowing between the plates. Heat transfer only 
takes place between fluids flowing between the plates. This 
means that the heat exchanger plates are only exposed to the 
pressure difference between the fluids flowing between the 
plates. Welded plate heat exchangers can achieve an area 
density of up to 300 nr ■ m . The operating temperature range 
varies between —200 °C and 900 °C. Pressures up to 300 bar can 
be accommodated. 

The costs for this form of exchanger are higher than those for 
gasketed plate heat exchangers. An important limitation is that 
they can only be cleaned chemically and not mechanically. 

3) Plate-fin heat exchangers. Another type of plate heat 
exchanger is the plate-fin heat exchanger. This is illustrated 
in Figure 12.27. The plate-fin heat exchanger consists of a 
series of flat plates, between which a matrix is formed from 
corrugated metal that provides a large extended heat transfer 
area. The components are bonded together either by brazing or 
diffusion bonding. Many different surface geometries are 
available to promote heat transfer. Figure 12.27 illustrates 
just three example surfaces. Heights of surfaces range from 
4 and 12 mm. The space between the plates and the surface 
geometry chosen for each fluid are important degrees of 
freedom in the design of such units. The area density of 
such units is typically in the range 850 to 1500 m 2 m -3 . 
The operating range for such units depends both on the bonding 
technique used and the material of construction. Aluminum- 
brazed plate-fin heat exchangers are used for cryogenic appli¬ 
cations, but can also be used up to temperatures of around 
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Figure 12.27 

Plate fin heat exchangers. 


100 °C. Stainless steel plate-fin heat exchangers are able to 
operate up to 650 °C and titanium units up to 550 °C. Alumi¬ 
num-brazed units can operate up to 100 bar, stainless steel units 
up to 50 bar and higher. Higher pressures require diffusion- 
bonded units. Plate-fin heat exchangers not only have the 
advantages of high area density and high heat transfer coef¬ 
ficients but also have a number of other advantages that make 
them overwhelmingly attractive for certain applications. Tem¬ 
perature differences of 1 °C or less can be tolerated in such 
units. Also, the units can be designed to handle multiple 
streams through the use of complex header arrangements. 
This allows, in effect, for a heat exchanger network to be 
accommodated within a single unit. 

4) Spiral heat exchangers. Spiral heat exchangers can be thought 
of as plate heat exchangers in which the plates are formed into a 



Figure 12.28 

Spiral heat exchanger. 


spiral, as illustrated in Figure 12.28. The channels are closed by 
gasketed end-plates. The hot fluid enters at the center of the unit 
and flows from the inside outwards. The cold fluid enters at the 
periphery and flows towards the center in a countercurrent flow 
arrangement. The gap between the plates can be adjusted to suit 
the application. Operating temperatures up to 400 °C and 
operating pressures up to 20 bar are possible. The units have 
a low tendency to foul, but are easily cleaned by removing the 
end-plates. Again, true countercurrent flow is possible and 
therefore lower temperature driving forces can be tolerated. 
Spiral heat exchangers are suited to small heat transfer duties 
that have a tendency to foul. 

12.13 Fired Heaters 

In some situations, process heat needs to be supplied: 

a) with a high heat duty (e.g. a very large reboiler); 

b) at a high temperature (e.g. at a temperature above which heat 
can be supplied by steam); 

c) with a high heat flux (e.g. heat of reaction in situations where a 
short residence time in the reactor is required). 

In such cases, radiant heat transfer is used from the combustion 
of fuel in a fired heater or furnace. Sometimes the function is to 
purely provide heat; sometimes the fired heater is also a reactor and 
provides heat of reaction. The special case of steam generation in a 
fired heater (a steam boiler) is dealt with in Chapter 23. 

Fired heater designs vary according to the function, heating 
duty, type of fuel and the method of introducing combustion air. 
Figure 12.29 shows some typical fired heater designs. Combustion 
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Figure 12.29 

Different furnace configurations. 


of fuel takes place in the radiant section or firebox, which is 
refractory lined. Most often, the walls are lined with one or two 
rows of tubes mounted horizontally or vertically through which 
passes the fluid that needs to be heated. Tube dimensions are 
specified as a nominal diameter (DN) and a schedule that specifies 
the wall thickness. Table 13.5 gives dimensions for a number of 
commonly used pipe sizes. The tube pitch is typically 2 x nominal 
diameter. If two rows of tubes are used, then the tubes are mounted 
in a staggered arrangement as an equilateral triangle. The gap 
between the tubes and the refractory walls is typically equal to the 
nominal diameter. Heat transfer in the radiant section is mainly by 
radiation, with a small contribution by convection. After the flue 
gas leaves the radiant section, most furnace designs extract further 
heat from the flue gas in horizontal banks of tubes in a convection 
section, before the flue gas is vented to the atmosphere through the 
stack. Heat transfer in the convection section is by both radiation 
and convection, but convection effects dominate. 

The simplest design of fired heater is shown in Figure 12.29a, 
featuring a cylindrical design with the tubes mounted vertically in a 
circle around the inner walls of the combustion chamber. The 
design in Figure 12.29a does not feature a convection section and 
would be an inefficient design, appropriate only for small duties. 


Figure 12.29b shows the corresponding cylindrical design but with 
a convection section. The convection section consists of a chamber 
with a square or rectangular cross section located on top of the 
cylindrical radiant section. Cylindrical designs are used for duties 
less than 60 MW. Larger duties are suited to box designs. Such fired 
heaters have a rectangular cross section. The design in 
Figure 12.29c shows a box furnace with horizontal tubes in the 
combustion chamber. The convection section consists of a cham¬ 
ber with a rectangular cross section located on top of the cylindrical 
radiant section. The length of the convection section in box designs 
is usually the same as the radiant section, but narrower than the 
radiant section. Figure 12.29d shows a box furnace with dual firing. 
In this case, burners are located on either side of the radiation tubes. 
Dual firing allows a higher and more uniform heat flux and is 
therefore suited to the requirements of endothermic reactions. In 
this case, burners could be in principle mounted on the floor or the 
walls of the radiant section. Figure 12.29e shows a box furnace 
with dual firing, but with a refractory bridgewall dividing 
the combustion chamber into two parts. Such a design allows 
some independence of the heat transfer arrangements on either side 
of the bridgewall. A more extreme version is shown in 
Figure 12.29f, which features a box furnace with two cells. Rather 
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than the horizontal tube arrangement in Figure 12.29f, the tubes can 
be mounted vertically in the center of the cells with burners mounted 
on the walls in a dual-fired arrangement. Such arrangements are 
often used to carry out endothermic reactions within the tubes. 

Flow of combustion air to the fired heater is created in one of 
three ways: 

1) Natural draft. In natural draft designs the air flows into the 
fired heater as a result of the density difference between the hot 
gases in the stack and that of the surrounding air. Thus, the 
height of the stack provides both the driving force for air flow 
and the mechanism to disperse the waste combustion gases. 

2) Forced draft. In forced draft designs a fan is used to blow air 
into the fired heater. The fired heater is thus at a pressure slightly 
above atmospheric. The height of the stack is dictated purely by 
the dispersion requirements of the waste combustion gases. 

3) Induced draft. In induced draft designs a fan is located in the 
duct for the waste combustion gases after the fired heater before 
entering the stack. This creates a pressure in the fired heater 
slightly below atmospheric. As with forced draft arrangements, 
the height of the stack is dictated purely by the dispersion 
requirements of the waste combustion gases. 

For large fired heaters requiring a significant amount of equip¬ 
ment in the flue to treat the exhaust gases to remove oxides of sulfur 
and/or oxides of nitrogen, as well as equipment for heat recovery, a 
combination of forced and induced draft might need to be used in a 
balanced draft design. 

Figure 12.30 shows a typical fired heater configuration for a 
process heating duty. The feed is split into parallel flows, known as 


passes. The example in Figure 12.30 features four passes. Many 
different pass arrangements are possible (Nelson, 1958; Martin, 
1998). Figure 12.30 simply shows one possible example. The feed 
is first preheated in the convection section where the tubes usually 
have extended surfaces to increase the rate of heat transfer from the 
flue gas. The feed then passes to the shield section, which 
comprises plain tubes, known as shock tubes or shield tubes. 
These tubes need to be robust enough to be able to withstand 
high temperatures and receive significant radiant heat from the 
radiant section. The tubes in the convection section and shield 
section are horizontal and there are typically between 4 and 12 
tubes in each row. After the shield section, the fluid passes to the 
tubes of the radiant section where the heat transfer is completed. 
The radiant tubes in Figure 12.30 are horizontal in this example 
and feature a single row. For process heating duties the tubes are 
formed into loops, as shown in Figure 12.30. A header box 
encloses the ends of the loops. This is an insulated compartment 
separated from the flue gas. Expansion of the furnace tubes is 
facilitated using pipe sleeves in the furnace wall to guide expan¬ 
sion. In other designs the tubes are oriented vertically. Vertically 
mounted tubes are supported from the roof of the furnace by heat- 
resistant metal alloy brackets. The bottoms of the tubes are 
provided with guides to allow expansion, but preventing lateral 
movement. For either horizontal or vertical orientation, two tube 
rows on a triangular pitch can also be used. After combustion of the 
fuel in the radiant section, the hot flue gases pass through the shield 
and convective sections before being collected in breeching for 
release through the stack to atmosphere. The flowrate of the gases 
is controlled by a damper in the stack. If the fired heater is required 



Figure 12.30 

A typical furnace arrangement. 
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to carry out a reaction, it might be necessary to have an arrangement 
with many more passes than used for process heating only, using 
parallel flows connected to inlet and outlet manifolds. 

Heat input to the fired heater is from three sources: 

a) net heat of combustion ( Qcomb ); 

b ) sensible heat of combustion air (Qair)', 

c) sensible heat of the fuel, together with heat from atomizing 
steam if it is used for heavy fuel oil combustion ( Qfuel )• 

The heat output from the fired heater is to four sinks: 

a) heat transferred to the radiant section tubes ( Qradiant)', 

b ) heat transferred in the convection section ( Qconv ); 

c) casing losses (QcasingY, 

d ) sensible heat of exit flue gas ( Qloss )■ 

Overall, there must be an energy balance such that: 


Qcomb — Qradiant + Qconv + Qcasing + Qloss ~ Qair 
— Qfuel 


(12.172) 


The split of heat duty between the radiant and convection section 
varies according to the design. Casing losses are usually between 1 
and 3% of the heat release from combustion. The temperature of the 
flue gases at the exit of the radiant section is known as the 
bridgewall temperature and is usually in the range 800 to 
1000 °C. Recovery of heat in the convection section to minimize 
the loss from the stack is constrained by the desire to avoid any 
condensation of water vapor in the convection section. If there is 
any sulfur present in the fuel, then the condensate will be corrosive. 
The temperature at which the flue gas starts to condense is the acid 
dew point. For sulfur-bearing fuels, the temperature of the flue gas 
is normally kept above 150 to 160 °C. For combustion of sulfur- 
free gaseous fuels, the temperature can in principle be decreased to 
below 100 °C. 

1) Fuel combustion. The fuel for process fired heaters is usually 
gaseous or liquid. As discussed in Chapter 23, steam boilers can 
also be fired with coal. A combustion process takes place that 
reacts carbon, hydrogen, sulfur and nitrogen in the fuel with 
oxygen to produce carbon dioxide, carbon monoxide, water, 
sulfur dioxide, sulfur trioxide and oxides of nitrogen (NOx). 
Nitrogen in combustion air or elemental nitrogen in a gaseous 
fuel can also react with oxygen to form oxides of nitrogen at 


high temperatures. Only small quantities of NO x are formed. 
However, even small quantities can be environmentally harm¬ 
ful, as discussed in Chapter 25. In a well-designed and operated 
combustion device, there should be virtually no carbon mon¬ 
oxide formed, but virtually all carbon should be oxidized to 
carbon dioxide. Any sulfur present in the fuel can be assumed to 
react to form sulfur dioxide. In practice, some formation of 
sulfur trioxide will occur, but measurements on combustion 
systems indicate that sulfur trioxide is only formed in small 
quantities and less than what would be predicted by thermo¬ 
dynamic equilibrium with the sulfur dioxide. Thus, it can be 
assumed that all sulfur in the fuel reacts to sulfur dioxide. 

Combustion data for fuels are given in terms of different 
conditions for the water that enters with the fuel and air and the 
water that is formed in the combustion. The gross calorific 
value or higher heating value of the fuel is the quantity of heat 
released from the complete combustion of a specified amount of 
the fuel at standard temperature (25 °C) and standard pressure 
(1.01325 bar) with water initially present in the fuel and that 
from the combustion products in the liquid state. The latent heat 
from the condensation of the water is rarely recovered in 
combustion equipment. The net calorific value or lower heating 
value of the fuel assumes that the latent heat of water vapor is 
not recovered and is defined as the quantity of heat released 
from the complete combustion of a specified amount of the fuel 
at standard temperature (25 °C) and standard pressure 
(1.01325 bar), with water initially present in the fuel and 
that from the combustion products in the vapor state at standard 
temperature. The precombustion reactants are initially at stan¬ 
dard temperature and the combustion products are cooled back 
to standard temperature. The standard temperature for the net 
and gross calorific value is often taken to be 25 °C. However, 
some standards use 15 °C (or 60 °F). This is a potential source of 
confusion when carrying out combustion calculations. Data can 
be converted from net to gross calorific value and vice versa 
from knowledge of how many molecules of water are present 
and the heat of vaporization of water. 

Data for some typical gaseous and liquid fuels are given in 
Tables 12.15 and 12.16. 

All combustion processes work with an excess of air or 
oxygen to ensure complete combustion of the fuel. Excess air 
typically ranges between 5 and 25% depending on the fuel, 
burner design and furnace design. For natural draft furnaces 
typical excess air is 10% for gaseous fuels and 15% for liquid 


Table 12.15 

Combustion data for some typical natural gases. 



Composition (% by volume) 

Net calorific value 
(MJm' 3 ) 

Gas 

O 

o 

n 2 

CII 4 

c 2 h 6 

c 3 h 8 

Cl„H,4 

c 5 h 12 

c 5 H 14 

Gross 

Net 

North Sea 

0.2 

1.5 

94.4 

3.0 

0.5 

0.2 

0.1 

0.1 

38.62 

34.82 

Groningen 

0.9 

15.0 

81.8 

2.7 

0.4 

0.1 

0.1 

- 

33.28 

30.00 

Algeria 

0.2 

5.5 

83.8 

7.1 

2.1 

0.9 

0.4 

-- 

39.1 
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Table 12.16 

Combustion data for some typical liquid fuels. 



Composition (% by mass) 

Net calorific value (MJ kg ) 

Fuel 

C 

H 

S 

O + N + Ash 

Gross 

Net 

Light fuel oil 

85.6 

11.7 

2.5 

0.2 

43.5 

41.1 

Medium fuel oil 

85.6 

11.5 

2.6 

0.3 

43.1 

40.8 

Heavy fuel oil 

85.4 

11.4 

2.8 

0.4 

42.9 

40.5 


fuels. For forced draft and induced draft designs, typical excess 
air is 5% for gaseous fuels and 10% for liquid fuels. The excess 
oxygen in the flue gas after combustion should normally be 
around 3%. However, in large furnaces with the appropriate 
design, the excess oxygen might be significantly less (e.g. 2% 
for fuel oil, 1% for natural gas). 

2) Flame temperature. The actual flame temperature in a burner 
is extremely difficult to predict. However, the theoretical flame 
temperature or adiabatic combustion temperature can be 
readily predicted. This forms a useful reference point and 
allows a simple conceptual model to be developed for the fired 
heater. Theoretical flame temperature is the temperature 
attained when a fuel is burnt in air or oxygen without loss 
or gain of heat. 

To calculate the heat release from combustion and the 
temperature of the products of combustion, the thermodynamic 
path shown in Figure 12.31 can be followed (Hougen, Watson 
and Ragatz, 1954). The actual combustion process goes directly 
from reactants at temperature T t to products at temperature T 2 . 
However, it is more convenient to follow the alternative path 
from reactants at temperature T\ that are initially cooled (or 
heated) to standard temperature of 298 K. The combustion 
reactions are then carried out at a constant temperature of 
298 K. Standard heats of combustion are available for this. 
The products of combustion are then heated from 298 K to the 
final temperature of T 2 . The actual heat of combustion is given 
by (Hougen, Watson and Ragatz. 1954): 

AH CO mb = AH FU el + AH A j R + + A H FG 

(12.173) 

where A H COMB = heat released by the combustion 
(J ■ kmol ') 

A Hfuel = heat to bring the fuel from its initial 
temperature to standard temperature 
(J ■ kmol -1 ) 

— Jy 2 * 8 Cp l UEi.dT 

A H air = heat to bring the combustion air from its 
initial temperature to standard 
temperature (J ■ kmol -1 ) 

= C PAIR dT 

A = standard heat of combustion at 298 K 

CUMd 

(J • kmol -1 ) 


A H FG = heat to bring products from standard 
temperature to the final temperature 
(J ■ kmol -1 ) 

= Ji9S CpFcdT 

Cpfuel = heat capacity of fuel (J ■ kmol -1 ■ K -1 ) 
Cpair = heat capacity of combustion air 
(J ■ kmol -1 ■ K -1 ) 

C PFG = heat capacity of products 
(J ■ kmol -1 ■ K -1 ) 

For adiabatic combustion, AH comb = ® and Equation 12.173 
becomes: 

A H fg = -AH FUEL - A H air - A H° OMB (12.174) 

Standard heats of combustion are widely available. Table 12.17 
provides a list of some combustion reactions. 

When using data for standard heats of combustion, care 
should be taken regarding the initial state of the reactants and 
the final state of the products. If these do not correspond with 
the conditions for the actual combustion, then errors can arise. 
Note in Table 12.17 that the final state of water was taken in all 
cases to be vapor rather than liquid. This relates to the condition 


Table 12.17 

Standard heats of combustion. 


Reaction 

AH comb at 298 K 
(MJ kmol -1 ) 

C (sol) + 0 2 CO 2 

-393.5 

S (sol) + O 2 —* SO 2 

-297.1 

CO + V 2 o 2 -+ co 2 

-283.0 

H 2 + V 2 0 2 —> H 2 0 (vap) 

-241.8 

CH 4 (vap) + 2 O 2 -»CO 2 + 2H 2 0 (vap) 

-802.8 

C 2 Hfi(vap) + 3 V 2 O 2 -> 2 CO 2 + 3 H 2 O (vap) 

-1428.7 

C 3 H 8 (vap) + 50 2 — 3C0 2 + 4H 2 0 (vap) 

-2043.2 

n-CjHiofvap) + 6 V 2 0 2 —► 4C0 2 + 5H 2 0 (vap) 

-2657.7 

i-CaHiofvap) + 6 V 2 0 2 -* 4C0 2 + 5H 2 0 (vap) 

-2649.1 
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Figure 12.31 

The enthalpy change from initial to final state in a combustion process is 
independent of path. 


of the combustion products as they would normally be in 
practice. One further problem needs to be considered before 
a calculation can be attempted. The heat balance as illustrated in 
Figure 12.31 involves extremely large temperature changes for 
the combustion process. This means that the heat capacity will 
vary significantly, especially for the products of combustion. 
The variation in heat capacity can be expressed as a polynomial 
in temperature, as discussed in Appendix A. However, with 
combustion processes, care should be taken that the data have 
been correlated over a wide range of temperature. Thus, for 
example (Hougen, Watson and Ragatz, 1954): 

Cp = ao + a\T + a 2 T 2 + a 3 T 3 (12.175) 


where C P = heat capacity (J • kmol -1 • K -1 or 

kJ • kmol -1 • K -1 ) 
ao, a\, a 2 , 03 = constants 

T = absolute temperature (K) 


Thus, 


AH = ft CpclT 

— J, jT 2 (ao + a\T + a 2 T 2 + a 3 T 3 )dT 
= \oqT- 


a\ T 1 a 2 T 3 a 3 T 4lTl 


(12.176) 


where AH = enthalpy change from T , to T 2 (Jkmol -1 , 
kJ • kmol -1 ) 

Equation 12.176 and Table 12.18 can be used to calculate 
the enthalpy changes. Alternatively, the heat capacity data can 
be used to derive mean heat capacities. The mean heat capacity 
can be defined as (Hougen, Watson and Ragatz, 1954): 


C P 


ft CpdT 

Ti-T\ 


(12.177) 


where Cp =mean heat capacity between temperatures T { and 
T 2 (J • kmol -1 ■ K -1 or kJ ■ kmol -1 ■ K -1 ) 

Table 12.19 presents mean heat capacity data between 25 °C 
and a given temperature for a range of temperatures. 

It should be emphasized that the theoretical and real flame 
temperatures will be significantly different. The real flame 
temperature will be lower than the theoretical flame tempera¬ 
ture because, in practice, heat is lost from the flame (mainly due 


Table 12.18 

Heat capacity constants. 



C P (kJ kmol -1 K -1 ) 

Component 

«o 

a t X 10 2 

a 2 X 10 s 

«3 X 10 9 

0 2 

25.4767 

1.5202 

-0.7155 

1.3117 

n 2 

28.9015 

-0.1571 

0.8081 

-2.8726 

h 2 o 

32.2384 

0.1923 

1.0555 

-3.5952 

co 2 

22.2570 

5.9808 

-3.5010 

7.4693 

so 2 

25.7781 

5.7945 

-3.8112 

8.6122 

CO 

28.3111 

0.1675 

0.5372 

-2.2219 

H, 

29.1066 

-0.1916 

0.4004 

-0.8704 

ch 4 

19.8873 

5.0242 

1.2686 

-11.0113 

c 2 h 6 

6.8998 

17.2664 

-6.4058 

7.2850 

C 3 H 8 

-4.0444 

30.4757 

-15.7214 

31.7359 

M-C^rbo 

3.9565 

37.1495 

-18.3382 

35.0016 

t-C4Hio 

-7.9131 

41.6000 

-23.0065 

49.9067 
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Table 12.19 

Mean heat capacity data. 


T(°C) 

C P (kJ kmor' K -1 ) 

o 2 

n 2 

h 2 o 

co 2 

so 2 

CO 

h 2 

ch 4 

c 2 h 6 

c 3 h 8 

n- 

C 4 H 10 

i-C 4 H 10 


25 

29.41 

29.07 

33.65 

37.17 

39.89 

29.12 

28.87 

35.69 

52.86 

73.65 

99.30 

96.95 

too 

29.82 

29.18 

33.94 

38.65 

41.24 

29.40 

28.88 

37.76 

57.87 

81.65 

109.20 

107.56 

200 

30.33 

29.34 

34.36 

40.47 

42.87 

29.64 

28.92 

40.51 

64.22 

91.59 

121.56 

120.68 

300 

30.81 

29.54 

34.82 

42.12 

44.33 

29.89 

28.98 

43.25 

70.20 

100.75 

132.99 

132.70 

400 

31.26 

29.76 

35.31 

43.61 

45.61 

30.16 

29.05 

45.97 

75.84 

109.19 

143.55 

143.69 

500 

31.67 

30.00 

35.83 

44.96 

46.74 

30.44 

29.14 

48.64 

81.13 

116.95 

153.29 

153.73 

600 

32.05 

30.26 

36.38 

46.17 

47.74 

30.73 

29.25 

51.26 

86.08 

124.07 

162.27 

162.88 

700 

32.41 

30.53 

36.94 

47.25 

48.60 

31.02 

29.37 

53.80 

90.72 

130.61 

170.53 

171.23 

800 

32.73 

30.80 

37.52 

48.23 

49.34 

31.31 

29.51 

56.24 

95.05 

136.61 

178.14 

178.84 

900 

33.04 

31.09 

38.10 

49.10 

49.99 

31.59 

29.65 

58.58 

99.08 

142.12 

185.14 

185.80 

1000 

33.32 

31.36 

38.68 

49.88 

50.54 

31.88 

29.80 

60.79 

102.82 

147.19 

191.59 

192.18 

1100 

33.58 

31.64 

39.27 

50.58 

51.02 

32.15 

29.97 

62.86 

106.28 

151.86 

197.53 

198.05 

1200 

33.82 

31.90 

39.84 

51.21 

51.43 

32.40 

30.14 

64.77 

109.48 

156.19 

203.03 

203.49 

1300 

34.04 

32.15 

40.39 

51.78 

51.79 

32.64 

30.32 

66.51 

112.42 

160.22 

208.12 

208.58 

1400 

34.25 

32.39 

40.93 

52.31 

52.12 

32.86 

30.50 

68.05 

115.12 

163.99 

212.88 

213.38 

1500 

34.44 

32.60 

41.44 

52.80 

52.42 

33.06 

30.69 

69.39 

117.58 

167.57 

217.34 

217.98 

1600 

34.63 

32.78 

41.93 

53.27 

52.70 

33.23 

30.87 

70.50 

119.83 

170.98 

221.56 

222.44 

1700 

34.81 

32.93 

42.37 

53.73 

52.99 

33.37 

31.06 

71.37 

121.86 

174.28 

225.59 

226.84 

1800 

34.97 

33.05 

42.78 

54.18 

53.29 

33.48 

31.25 

71.98 

123.69 

177.53 

229.49 

231.27 

1900 

35.14 

33.13 

43.13 

54.65 

53.62 

33.55 

31.44 

72.32 

125.33 

180.76 

233.31 

235.78 

2000 

35.30 

33.16 

43.44 

55.14 

53.99 

33.58 

31.62 

72.37 

126.79 

184.02 

237.09 

240.47 

2100 

35.46 

33.14 

43.69 

55.66 

54.41 

33.60 

31.80 

72.11 

128.08 

187.36 

240.91 

245.39 

2200 

35.62 

33.07 

43.87 

56.22 

54.89 

33.51 

31.98 

71.52 

129.22 

190.84 

244.79 

250.63 


to radiation). Also, part of the heat released provides heat for a 
variety of endothermic dissociation reactions that occur at high 
temperatures, such as: 

C0 2 , CO + O 

h 2 o , H 2 + O 

H 2 0 , H + OH 

However, as the temperature of the flue gas decreases, as heat is 
extracted, the dissociation reactions reverse and the heat is 
released. Thus, although the theoretical flame temperature does 


not reflect the true temperature of the flame, it does provide a 
convenient reference to indicate how much heat is actually 
released by combustion as the flue gas is cooled. Figure 12.32 
shows the flue gas starting from the theoretical flame tempera¬ 
ture. The temperature at the exit of the convection section is the 
stack temperature. The cooling from the stack temperature to 
the ambient temperature is the stack loss. 

In Figure 12.32, the temperatures in the radiant section 
(above 800 to 1000°C) are thus not accurately represented by 
the profile based on the theoretical flame temperature. Also, as 
the flue gas is cooled and passes through the convection section 
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Figure 12.32 

The flue gas profile for a fired heater. 


of the furnace, the temperatures are more representative of what 
they would be in practice. However, it should be emphasized 
again that the simple model in Figure 12.32 does allow the 
correct heat duty to be represented. Furnace efficiency can be 
defined as: 

Heat to the process 

Furnace efficiency =- 

Heat released from combustion 

(12.178) 

The profile shown in Figure 12.32 represents the furnace 
efficiency, if there is no heat input from the sensible heat in 
the fuel or combustion air and the casing heat losses are 
neglected. Making these assumptions, the process duty plus 
the stack loss represents the heat released by the fuel. As excess 
air is reduced, the theoretical flame temperature increases. If the 
stack temperature is maintained, this has the effect of reducing 
the stack loss and increasing the thermal efficiency of the 
furnace for a given process heating duty. 


Example 12.9 A gas that can be considered to be pure 
methane is to be used as fuel in a furnace. Both the fuel gas 
and combustion air are at 25 °C. Calculate the theoretical flame 
temperature and furnace efficiency assuming a stack temperature 
of 150 °C and casing losses of 2% if the methane is burnt in: 

a) its stoichiometric ratio in dry air; 

b ) 15% excess dry air; 

c) 15% excess air with a relative humidity of 60%. 


Solution 

a) Stoichiometric air requirements are defined by 


CH 4 + 20 2 C0 2 + 2H 2 0 

1 kmol 2 kmol 1 kmol 2 kmol 

Here 2 kmol of oxygen are required per kmol of methane 
burnt. If air is assumed to be 21% oxygen and nitrogen is 
assumed inert, then combustion products are: 


N 2 


2x0.79 

0.21 


H 2 0 = 2 kmol 


C0 2 = 1 kmol 


7.52 kmol 


Since the fuel and combustion air are at the standard 
temperature of 25 °C, AH FUEL = A H Am = 0. To calculate 
A H Fa , start by estimating the theoretical flame temperature 
to be 2000 °C. From Table 12.19: 


C~ POi = 35.30 kJ-kmoF'-K -1 
CV W , = 33.16kJ-kmol _1 -K _1 
Cp Hl0 = 43.44 kJ-kmoH 1 -KT 1 
Op c0l = 55.14 kJ-kmol _1 -K _1 

A H fg = (7.52x33.16 + 2x43.44+ 1 x55.14) (T - 25) 
= 391.38(7--25) 

From Table 12.17, AH° OMB = -802.8 X 10 3 kJ.kmol -1 . 
Thus, from an energy balance: 

AH fg = -AH FU el — AH air — A H° comb 
391.38 (T tft - 25) = 0 - 0 - (-802.8 x 10 3 ) 

T tft = 2076 °C 

This agrees well with the initial estimate. Had there been 
significant disagreement, then revised mean heat capacities 
would need to be taken and the calculation repeated. 

Heat to process 

Furnace efficiency =- 

Heat released by fuel combustion 

_ 391.38(2076- 150) 

“ 802.8 x 10 3 x 1.02 
= 0.921 


b ) If 15% excess air is used, then combustion products are: 

0 2 = 2 x 0.15 = 0.3 kmol 

2x0.79 

N 2 = — X 1.15 = 8.65 kmol 

H 2 0 = 2 kmol 
C0 2 = 1 kmol 
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Again, estimate the theoretical flame temperature to be 
2000 °C. The mean heat capacities are as before and the heat 
balance is now: 


A H fg = (0.3 x 35.3 + 8.65 x 33.16 + 2 x 43.44 + 1 
X 55.14)(7W-25) 

= 439.44(7W - 25) 


A H F g — —AH FUE l — AH A ; R — A H° comb 
439.44 (T tft - 25) = 0 - 0 - (-802.8 x 10 3 ) 
T tft = 1852 °C 


Furnace efficiency 


439.44(1852- 150) 

802.8 x 10 3 x 1.02 
0.913 


c) So far the combustion air has been assumed to be dry. If the 
combustion air is humid, then the water vapor will act as 
another inert in the combustion. The relative humidity of air 
is the percentage relative to saturation. 

Saturated vapor pressure of water at 25 °C (from steam 
tables) 

= 0.03166 bar 


For 60% relative humidity, the partial pressure of water 
vapor is given by: 


Ph 2 o = 0.03166x0.6 
= 0.0190 bar 

Thus, the mole fraction of water vapor in the combustion air 
for a pressure of 1 atm (1.013 bar) is given by: 


_ 0.0190 
““ 1.013 
= 0.0188 

The combustion air for 15% excess 


= (2 + 7.52)1.15 
= 10.95 kmol 

Water from combustion air 


= 10.95 X , Vh2 ° 

1 ~~ Th 2 o 

0.0188 

= 10 95 x Thorns! 

= 0.21 kmol 


The total water vapor in the combustion products 


= 2 + 0.21 
= 2.21 kmol 


Again, estimate the theoretical flame temperature to be 
2000 °C. The mean heat capacities are as before and the heat 
balance is: 

A H fg = (0.3 x 35.3 + 8.65 x 33.16 + 2.21 x 43.44 
+ 1 x 55.14) x(7W-25) 

= 448.57(7W - 25) 

448.57(7W - 25) = 0 - 0 - (-802.8 x 10 3 ) 

T tft = 1815 °C 

Again, iterate with revised heat capacities for greater 
accuracy. It can be seen that excess air and humidity in 
the combustion air both act to reduce the theoretical flame 
temperature. 


Furnace efficiency = 


448.57(1815 - 150) 

802.8 x 10 3 x 1.02 
0.912 


In these calculations, the fuel and combustion air were 
both at the standard temperature of 25 °C. If the temperature 
of either had been below 25 °C, then A H FUEL and A H AIR 
would have acted to decrease the theoretical flame temper¬ 
ature. If either had been above 25 °C, the effect would have 
been to increase the theoretical flame temperature. For a 
given stack temperature, the higher the theoretical flame 
temperature, the higher the furnace efficiency. However, 
there is a minimum excess air required to ensure that the 
combustion is efficient. 


3) Heat transfer in the radiant section. The heat transferred in the 
radiant section depends on the furnace design and the number 
of passes, will be between 50 and 85% of the total heat 
transferred to the process, and is typically 75%. Of the heat 
transfer in the radiant section, typically 80 to 90% is by 
radiation and the balance by convection. 

Heat transfer by radiation is in accordance with the Stefan- 
Boltzmann Law, which quantifies the energy radiated from a 
black body in terms of its temperature: 

Qrad = cjT 4 (12.179) 


where Qrad = radiant heat transfer (W) 

A = Area of radiating surface (m 2 ) 

a = Stefan-Boltzmann Constant 

= 5.6704 x 10“ 8 Wm“ 2 K“ 4 

T = absolute temperature (K) 


In practice, the heat radiated is some proportion of the black 
body radiation defined by the emissivity: 


Qrad 

A 


= eoT 4 


(12.180) 


where e = emissivity (—) 0<e< 1 
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The emissivity depends on the material and temperature, and in 
the case of solid materials, the surface finish. 

In a furnace there is an exchange of radiant heat between the 
hot combustion gases and the cold solid surfaces. Part of the 
heat is absorbed directly at the front of the tubes. Part passes 
between the tubes, is absorbed by the walls and reradiated to the 
rear surface of the tubes. The cold surface is taken to be a cold 
plane surface equal to the number of tubes multiplied by the 
tube length and the center-to-center tube spacing. This is known 
as the cold plane area,A C p . However, the tubes will not absorb 
heat as effectively as a plane surface, so an absorption effec¬ 
tiveness factor a CP is introduced to correct for the tubes being 
represented by a plane surface. The product a CP A CP represents 
the area of an ideal black plane that has the same absorption as 
the bank of tubes and is known as the equivalent cold plane 
area. The value of a C p depends on the tube diameter, center-to- 
center distance between the tubes and whether one or two tube 
rows are used. Finally, to allow for the nonblack emissivities of 
the hot gases and cold surfaces, an exchange factor, E, is 
introduced. This depends of the emissivity of the gas, the total 
refractory area (walls, roof and floor) and the equivalent cold 
plane area. The radiant heat transfer can thus be written as: 

Qrad = ™ cp A cp E(T a g - T 4 w ) (12.181) 


where a CP 



absorption effectiveness factor (—) 
cold plane area (m~) 
exchange factor (-) 
temperature of the gases (K) 
temperature of the tube walls (K) 


In addition to the radiant heat transfer, a minor proportion of the 
heat is transferred by convection: 

Qconv = hcoNv{Tc ~T W ) (12.182) 

where h CONV = convective film transfer coefficient in the radi¬ 
ant zone (W • nrf 2 ■ KT 1 ) 

Application of Equations 12.181 and 12.182 requires 
knowledge of the combustion conditions, geometry of the fired 
heater and emissivity data. Methods have been presented by 
Lobo and Evans (1939), Kem (1950) and Tucker and Truelove 
(in Hewitt, 2008). The key parameter that needs to be deter¬ 
mined for the radiant section is the fraction of heat released in 
the combustion that is absorbed in the radiant section, 

This depends on the combustion conditions, the mean radiant 
heat flux to the tubes, and Qrad- Although qpA D is an output 
from the detailed design, in a conceptual design a value can be 
assumed from experience. The fraction of heat released in the 
combustion that is absorbed in the radiant section, Frad- varies 
for process heating applications by typically between 45 and 
55%, although it is possible to design outside this range. Frad 
decreases with increasing ratio of air to fuel, R AP , as a result of 
decreasing flame temperature. Frad also decreases with 
increasing radiant heat flux to the tubes, qRAD- This is because 
a high radiant flux requires a lower heat transfer area and a 
shorter residence time for the combustion gases, decreasing the 


fraction of heat absorbed. Bahadori and Vuthaluru (2010) 
presented a correlation for Frad , which is based on the equa¬ 
tions of Wilson, Lobo and Hottel (1932). This correlates the 
fraction of heat released that is absorbed in the radiant section, 
Frad , as a function of the air to fuel mass ratio, R A f, and the 
mean radiant heat flux to the tubes, 

Frad = a + bR AF + cR 2 af + dR\ F (12.183) 

where Frad = fraction of heat absorbed in the radiant 
section (—) 

R A f = mass ratio of air to fuel (—) 


dRAD = radiant heat flux (W ■ m 2 ) 


a=a\+ biqRAD + ciqjfAp, + diq^Q 

(12.184) 

b = a 2 + b 2 qRAD + CiFrad + ^Vrad 

(12.185) 

c = fl3 + biqRAD + C 3 < 1 ra D + ( h Qrad 

(12.186) 

d = 04 + b4qRA D + C4q~ RAD + d4q 3 RAD 

(12.187) 

The coefficients are given in Table 12.20. 

Equation 12.183 applies to designs with one row of 200 mm 
nominal diameter pipes (see Table 13.5) on a pitch of 2 X 
nominal diameter. For other sizes, a correction is applied to R A f 


Table 12.20 

Coefficients for heat transfer in the fired heater radiant section. 


Variable symbol 

Coefficients 

ai 

1.77185 

b\ 

-1.00192X 10 -4 

C\ 

3.75347 xl0“ 9 

di 

—4.19104 X 1(T 14 

a 2 

-1.36692x10-' 

b 2 

1.53116xl0- 5 

C 2 

-5.96386 x Hr 10 

d 2 

6.68455 x 10- 15 

a 3 

6.51975 x 10“ 3 

b 3 

-8.13214 xlO -7 

C-i 

3.08515x10-" 

d 3 

-3.43559 xlO- 16 

a 4 

-1.10851 xlO- 4 

b 4 

1.38376 xlO- 8 

n 

-5.17240 x 10- 13 

d 4 

5.74804 X IQ- 18 


12 
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Table 12.21 

Correction factors for tube spacing and number of tube rows. 


Number of rows 

2 d N 


1 

1 

0.9 

2 

1.34 

1.14 


according to (Bahadori and Vuthaluru, 2010): 

C = 1.09266 - 0.9950 ld N + 3.494074 - 4.178044 

(12.188) 

where d N = nominal outside diameter of radiant tubes 
(Table 13.5) (m) 

The factor C is multiplied by R AF to correct for diameters 
different from 200 mm. A correction can also be applied to allow 
for tube spacing and a number of tubes. This correction is given 
in Table 12.21 and is also applied to the air to fuel ratio R AF . 

Equation 12.183 with the appropriate corrections can be 
used to calculate the fraction of the heat released that is 
extracted in the radiant zone. The heat released includes the 
heat of combustion, sensible heat in the inlet fuel and air, 
atomizing steam in the case of fuel oil and any recirculated flue 
gas relative to a reference temperature of 25 °C. Note that the 
original reference temperature used by Bahadori and Vuthaluru 
(2010) was 15 °C (288 K). 

To apply Equation 12.183 requires the radiant heat flux to be 
specified. For simple heating, radiant fluxes typically range 
from 25,000 to 60,000 W ■ nT 2 . Duties with no vaporization are 
typically 47,000 W • m - . Duties with a small amount of 
vaporization are typically 32,000 to 47,000 W ■ m - . Reboilers 
with a large, low-temperature vaporization duty are typically 
63,000 W ■ nT 2 . For furnace reactors heat flux can vary typi¬ 
cally from 60,000 to 100,000 W ■ m -2 . 

If the heat released is known, then the fraction of heat 
absorbed in the radiant section can be calculated from 
Equation 12.183 (with its correction factors). If the radiant 
section is considered to be well mixed, then the bridgewall 
temperature (i.e. the temperature of the gases leaving the 
radiant section) can be calculated by an energy balance. 
Qrelease is defined to be the heat released by the combustion, 
which is the sum of the standard heat of combustion at 298 K, 
plus the enthalpy change to bring the fuel and combustion air 
from its initial temperature to 298 K. From Figure 12.31 and 
Equation 12.173: 

FradQrelease = ~ ln FUEL^H FOMB - m FG AH FG (12.189) 

where Qrelease = —in FUE LNH F0MB ~ m FUEL^H FUE l 
-m A iR&.H air(W) 

AH fomb = standard heat of combustion 
at 298 K (J • kmol -1 , J • kg -1 ) 


AH FGE l = enthalpy difference to bring the fuel 
to 298 K (J • kmol -1 ,1 ■ kg -1 ) 

= frl I , CpfuelcIT 

AHm R = enthalpy difference to bring the inlet 
air to 298K (J • kmol -1 , J ■ kg -1 ) 

= jf, 8 C PAIR dT 

J 1 inlet 

AH fg = heat to bring combustion products 

from standard temperature to the final 
temperature (J ■ kmol -1 , J ■ kg - ) 

= JST CprcdT 

Rinlet = inlet temperature of the fuel (K) 

Tbw = bridgewall temperature (K) 
m fuel — flowrate of fuel (kmol • s , kg • s -1 ) 
m AIR = flowrate of fuel (kmol • s , kg • s -1 ) 

If fuel oil is being burnt that requires atomizing steam then 
that enthalpy relative to 25 °C would need to be added to 
Qrelease • If flue g as was being recirculated, then that enthalpy 
relative to 25 °C would also need to be added. Equation 12.189 
can be solved for the bridgewall temperature in the same way as 
the theoretical flame temperature. The only difference is that in 
the case of the theoretical flame temperature, the left-hand side 
of Equation 12.189 is zero. 

4) Heat transfer in the shield section. At least the first two rows of 
tubes after the radiant section will be plain shock tubes. The 
radiant flux for the first row can be assumed to be that for the 
radiant tubes. The radiant flux for the second row will be 56% of 
the radiant tubes (Nelson, 1958). Heat transfer is also by 
convection. 

Convective heat transfer to a bank of plain tubes in a 
staggered geometry can be predicted by (Butterworth, 1977): 

Nu = 1.309 Re 036 Pr 034 F N 10 < Re < 300 (12.190) 

Nu = 0.273 Re 0 635 Pr 034 F N 30 < Re < 200, 000 

(12.191) 

Nu = 0.124 Re 010 Pr 034 F N 200,000 < Re < 2 x 10 6 

(12.192) 

where Nu = Nusselt Number 
_ hcoNvdo 
k 

Re = Reynolds Number 

_ PVmaxdo 

l< 

Pr = Prandtl Number 
_ Cpp 

k 

F n = -0.04375(lnV fl ) 2 + 0.27 In N R + 0.61 (12.193) 

hcoNv = convective heat transfer coefficient (W • m -2 ■ K -1 ) 
d Q = outside diameter of plain tube (m) 
k = thermal conductivity of the flue gas (W • m -2 • K ') 
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v max = fluid velocity at the minimum cross-flow area, from 
Equation 12.1 16 (m • s -1 ) 


mpc 


pL 


3p T 

N tr(Pt ~ d 0 ) + —- d 0 


(12.194) 


nipG = mass flowrate of flue gas (kg • s _1 ) 
p = density of flue gas (kg • s _1 ) 

L = tube length (m) 

Ntr = number of tubes in a row (—) 

N r = number of tube rows (—) 


Equations 12.190 to 12.192 can be used to predict the convec¬ 
tive heat transfer coefficient for the shock tubes. 

The physical properties of the flue gas will depend on the 
fuel burnt and excess air, but most importantly the tempera¬ 
ture. The physical properties of the flue gas can be approxi¬ 
mated as a function of temperature by (Isachenko, Osipova 
and Sukomel, 1977): 


1 


P = 


4 x 10 ~ 9 T 2 + 0.0028 T + 0.7701 


(12.195) 


C P = -9.546 x 10 
+ 1043 


— 11 th3 


r + 1.114 x 10“ 4 7’- +0.2508J 


(12.196) 

ft = -9.614 x 10“ 12 T 2 +4.189 x 10“ 8 r + 1.625 x 10“ 5 

(12.197) 

k = 93x 10 -10 7’ 2 + 8.51 x 10- 5 r + 0.0229 (12.198) 


where p = density of flue gas (kg ■ m -3 ) 

C P = heat capacity of flue gas (J • kg - ■ K -1 ) 
p = viscosity of flue gas (kg • m _l • s _1 ) 
k = thermal conductivity of flue gas (W • m -2 • K _l ) 
T = temperature of flue gas (°C) 


5) Heat transfer in the convection section. The radiant compo¬ 
nent of heat transfer in the convective section can be approxi¬ 
mated by (Nelson, 1958): 


hgAD = 0.02555r - 2.385 (12.199) 

where Iirad = radiant heat transfer coefficient 
(W • m “ 2 ■ Kff) 

T = mean flue gas temperature in the convective 
section (°C) 

Equations 12.190 to 12.192 can be used to predict the convec¬ 
tive heat transfer coefficient of the tubes in the convection 
section if they are of a plain design. For a bank of finned tubes, 
in a staggered geometry, Equation 12.111 can be used to predict 
the convective heat transfer coefficient. 

An allowance must also be made for reradiation of heat from 
the walls of the convective section. This varies between 6 and 


15% and an allowance of 10% is normally made (Nelson, 
1958). Thus: 


hpc — 1 • 1 (flcoNV + Iirad) (12.200) 

where h FG = combined convective and radiant heat transfer 
coefficient in the convective section 
(W • m“ 2 • K -1 ) 

6 ) Additional heat recovery from the flue gas. The minimum 
temperature for the flue gas that can be achieved by the 
arrangement in Figure 12.30 is limited both by the area installed 
in the convection section and the feed temperature of the cold 
fluid. If the feed temperature is relatively high, then it will not 
be possible to decrease the flue gas to the minimum temperature 
of, say, 150 °C and achieve high furnace efficiency. One way to 
overcome this is to install an additional bank of tubes in the 
convection section with another lower temperature cold fluid 
on the inside of the tubes, such as boiler feedwater preheating. 

Another technique that can be used to extract additional heat 
from the flue gas is air preheating. This is illustrated in 
Figure 12.33. If the combustion air is preheated by heat 
recovery, then the theoretical flame temperature increases, 
reducing the stack loss. Although higher flame temperatures 
reduce the fuel consumption for a given process heating duty, 
there is one significant disadvantage. Higher flame tempera¬ 
tures increase the formation of oxides of nitrogen, which are 
environmentally harmful. 

7) Fired heater dimensions. For cylindrical designs, the radiant 
tube length to tube circle diameter is normally less than 2.7. For 
box designs the height to width is normally less than 2.75. Tube 
diameters vary between DN50 and DN250 (see Table 13.5). 
DN100 and DN150 (see Table 13.5) are the most commonly 
used sizes. Tube length varies from 9 to 18m, with 12mbeinga 
commonly used length. Tube pitch is normally 2 X nominal 
diameter, with the spacing between the tubes and the refractory 
walls approximately the tube nominal diameter. Tube veloc¬ 
ities for liquid flow are typically 1.5 to 2.5 m • s . 


Example 12.10 Crude oil with a flowrate of 185.4 kg s _1 is 
to be heated in a fired heater from 280 °C to 360 °C. The mean heat 
capacity of the crude oil can be assumed to be 3282 J • kg~* • K 1 . 
In this case, the mean heat capacity does not just allow for the heat 
capacity of the liquid but also includes the duty for the partial 
vaporization necessary as the cmde oil leaves the furnace and 
enters the distillation (Nelson, 1958). The furnace configuration is 
to be a 6 pass box design with a single row of tubes in the radiant 
section, 2 rows of bare tubes after the radiant zone in the shield 
section and 12 rows of fined tubes in the convection section with 6 
tubes per row in the shield and convection sections. The tube size 
to be used has a nominal diameter of 150 mm with d 0 =168.3 mm 
and rf ; = 154.1 mm (see Table 13.5). The tube length is 12mand it 
can be assumed that the exposed length is 11.2 m in the radiant, 
shield and convection sections. The pitch is 300 mm for all tubes in 
the radiant, shield and convective zones. For the finned tubes 
assume d R = 168.3 mm and d,= 154.1 mm. Take the fin height to 
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Figure 12.33 

Fired heater with air preheat 



be 55 mm and thickness to be 2 mm and the number of fins per 
meter to be 120. The conductivity for the tube walls and the fins can 
be assumed to be 35 W • m 1 • KT 1 . Assume the inside heat transfer 
coefficient to be 500 W • m“~ • K _1 , the inside fouling resistance to 
be 0.0005 W _l • m 2 • K and the fouling resistance on the outside of 
the tubes in the shield and convection sections to be 
0.0002 W _1 m 2 K. 

a) Assuming gaseous fuel with 90% methane and 10% nitrogen 
with 10% excess air, calculate the air to fuel ratio and the 
flowrate of the flue gas. 

b) Assuming the fuel and air are both fed at 25 °C make an 
initial estimate of the fuel flowrate and calculate the fuel heat 
release. 

c) Assuming q^Ao to be 32,000 W • m -2 , calculate the fraction of 
heat absorbed in the radiant section and the inlet temperature of 
the crude oil to the radiant section, assuming the required outlet 
temperature. 

d) Calculate the number of tubes required in the radiant section. 

e) Assuming the radiant section to be well mixed, calculate the 
bridgewall temperature. 

f) Calculate the temperature of the flue gas at the exit of the shield 
section and temperature of the crude oil at the inlet to the shield 
section. 

g) Calculate the temperature of the flue gas at the exit of the 
convective section and temperature of the crude oil at the inlet 
to the convection section. 

h) Calculate the flowrate of fuel required to satisfy the process 
duty. 

i ) Calculate the furnace efficiency assuming the casing losses to 
be 2% of the heat release. 


Solution 


a) For the fuel gas inlet, assuming ideal gas behavior: 


m CH4 =>’CH4X 


= 0.9 X- 


RT 

1.013 x10 s 


8314x298.15 
= 0.03678 kmol ■ nr 3 fuel 




= 0.03678 x 16 
= 0.5885 kg • nr 3 fuel 
1.013 x10 s 
X 8314x298.15 
= 0.004087 kmol • m -3 fuel 


= 0.004087 x 28 
= 0.1144 kg • m -3 fuel 
ffip\ i fi , = 0.5885 + 0.1144 

= 0.7029 kg • m -3 fuel 


Calculate the air requirements for combustion. Each kmol CH 4 
requires 2 kmol O 2 for combustion, plus 10% excess air. 
Again, assuming ideal gas behavior: 


m 0l =2x y CH , X — (1 + Excess Air) 

K1 

= 2 x 0.9 x 1,013 x 10 ~ x (1 + 0.10) 
8314x298.15 ’ 

= 0.08092 kmol • m -3 fuel 


= 0.08092 x 32 
= 2.5893 kg ■ m 3 fuel 
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Assuming air is 21% Ot and 79% N 2 : 


The process duty is given by: 


79 

ntN 2 = 0.08092 x — 

= 0.3044 kmol • m -3 fuel 
= 0.3044 x 28 
= 8.5231 kg-m- 3 fuel 
ntASR = 2.5893 + 8.5231 

= 11.1124 kg nr 3 fuel 
11.1124 

R-AF — - 

0.7029 
= 15.81 

For the flue gas, assuming ideal gas behavior: 


m 0l 


m Nl 


2 x 0.9 X 


1.013 x 10 s 
8314x298.15 


xO.l 


0.007356 kmol ■ m 3 fuel 


0.007356 X 32 


0.2354 kg ■ m -3 fuel 
0.1144 + 8.5231 
8.6375 kg ■ m -3 fuel 


Qp 


n 

W-FUEL 


mpCpp(Tp out [ et — Tpinlet) 

185.4x3,282(360-280) 
4.8679 X 10 7 W 

0.85 = 4 ' 8679Xl ° 7 


1.24 kg 


4.5129 X 10 7 X rtipuEL X 1.02 

„-i 


where m P 


mFUEL 

Cp P 

Fpoutlet 

Tpinlet 

>1 


mass flowrate of the process fluid 
(kg-s -1 ) 

mass flowrate of fuel (kg • s _1 ) 
heat capacity of the process fluid 
(Jkg-'K- 1 ) 

outlet temperature of the process fluid (°C) 
inlet temperature of the process fluid (°C) 
furnace efficiency (—) 


Thus: 

Qrelease = 4.5 1 29 X 10 7 X 1.24 
= 5.5960 x 10 7 W 

This represents the first estimate of the total heat release. 


For the flue gas, 2 kmol H 2 0 and 1 kmol C0 2 are formed per 
kmol CH 4 combusted: 


/wh 2 o = 2 x 0.9 X 


1.013 X 10 s 


' 8314 x 298.15 
= 0.007356 kmol ■ nr 3 fuel 
= 0.007356 X 18 
= 1.3241 kg -nr 3 fuel 


m c o 2 = 0.9 X 


1.013 x 10 s 


8314x298.15 
= 0.03678 kmol ■ nf 3 fuel 

= 0.03678 x 44 
= 1.6183 kg • m~ 3 fuel 


c) Calculate the fraction of the heat release absorbed in the radiant 
section from Equation 12.183: 


Trad — a + bR A F + cR~ AF + dR AF 

For qpAD = 32,000 W • m -2 , from Equation 12.184 to 12.187 
and Table 12.20: 

a = 1.0359 
b = -3.8382 x 10“ 2 
c = 8.3106 x 10“ 4 
d = -9.3509 x 10“ 6 

From Equation 12.188: 


Total flowrate of flue gas 

= 0.2354 + 8.6375 + 1.3241 + 1.6183 
= 11.8153 kg -nr 3 fuel 

b ) Make an initial estimate of the fuel flowrate. Later this figure 
will be revised. The fuel required will depend on the furnace 
process duty, stack losses and casing losses. The furnace 
process duty can be calculated and the casing losses 
assumed to be 2% of the heat release. However, the stack 
losses are unknown. The efficiency of such fired heaters is 
often in the range of 80 to 90%. Assume, as an initial estimate, 
the furnace efficiency to be 85%. Given that the fuel air and 
combustion air are both at standard temperature, the heat 
release is given by: 

Qrelease = -” ! ch a ^H° comb - ^FUEL^bi fuel ~ ™airAHair 

= -mpuEL X °' 9 X (-802.3 x 10 6 ) - 0 - 0 
16 

= 4.5129 X 10 1 m FUEL 


C = 1.09266 - 0.99501t/jv + 3.494074 - 4.178044 
= 1.09266 - 0.99501 x 0.15 + 3.49407 x 0.15 2 
- 4.17804 xO.15 3 
= 1.0075 

No correction is needed for the tube spacing or the number of 
tube rows: 

Frad = 1.0359 - 3.8382 x 10“ 2 x (1.0075 x 15.81) 
+ 8.3106 x 10“ 4 X (1.0075 x 15.81) 2 

-9.3509 x l(r 6 x (1.0075 x 15.81) 3 
= 0.5976 

Heat duty in the radiant section, Qradsec> is given by: 

Qradsec — Frad Qrelease 

= 0.5976 x 5.5960 x 10 7 
= 3.3442 x 10 7 W 
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Calculate the process inlet temperature to the radiant section 
assuming an outlet temperature of 360 °C. 


row has the same heat flux as the radiative section and the 
second row 56% of that value: 


Qradsec ~ >npCpp( 360 - T Pi „i et ) 

3.3442 x 10 7 = 185.4 x 3282 x (360 - T Pinlet ) 

T Pilllet = 305.0 °C 

d) Calculate the number of tubes requires in the radiant section. 
The outside diameter of the tubes is given in Table 13.5: 


Qrad — (1 + 0.56) X qRAD X 2 X ndoLNjR 

= 1.56 x 32,000 x2xix 0.1683 X 11.2 x 6 
= 3.5474 x 10 6 W 

where Qrad = heat transferred by radiation (W) 

The convective heat transfer Qconv can be calculated 
from: 


N _ Qradsec 

Prad^^oF 

3.3442 x 10 7 

“ 32,000 x ^ x 0.1683 x 11.2 
= 176.5 

For a six-pass configuration, this should be rounded up to 180 
tubes. 

e) The bridgewall temperature, Tbw> can be determined from 
Equation 12.189: 


FRAdQRELEASE = - m FUEL^-H° COMB ~ m FG A.H FG 
where m FG = mass flowrate of the flue gas (kg • s -1 ) 


hifuel = 1.24 kg-s 1 


m FG 


= 1.24 x 


11.8153 

0.7029 


= 20.84 kg-s- 1 


AH fg can be calculated from enthalpy data from 
Equation 12.176 and Table 12.18. Alternatively, rather than 
use the coefficients in Table 12.18, the coefficients in 
Equation 12.196 can be used to give an approximate measure: 


AH F q — 


t 4 m3 j'2 

-9.546 x 10 -11 — + 1.114 x KT 4 — + 0.2508 — + 10437 
4 3 2 


3 + O.U5AT 2 bw + 10437W - 2.6154 x 10 4 
Substituting into Equation 12.189 gives: 


Qconv — FA A T LM 

Calculation of tsT LM requires that the inlet and outlet temper¬ 
atures of both the flue gas and process must be known. The 
inlet temperature of the flue gas is the bridgewall temperature 
with a value of 928.8 °C. The outlet temperature of the shield 
section is the inlet temperature to the radiative section of 
305.0 °C. Both the outlet temperature of the flue gas and the 
inlet temperature of the process are unknown. If the mecha¬ 
nism for heat transfer could have been defined as only 
convective, then iteration could be avoided using the approach 
shown earlier for shell-and-tube heat exchangers. In this case, 
the radiative heat transfer has a different basis from the 
convective heat transfer and some iteration cannot be avoided. 

Start by making an initial estimate of the outlet temperature 
of the flue gas from the shield section, say 750 °C. Later, the 
value will be refined. Calculate the resulting mean temperature 
in the shield section to calculate the physical properties: 

=— 928.8 + 750 

Tfg= - 2 - 

= 839.4 °C 

At this mean temperature, the corresponding flue gas physical 
properties can be calculated from Equations 12.195 to 12.198: 

Pfg — 0-3203 kg ■ nr 3 
Pfg = 4.464 x 10~ 5 kg • m -1 • s -1 
C PFG = 1332.0 J-kg” 1 -K- 1 
k FG = 0.0950 W • m _1 • Kr 1 

From the initial estimate of the flue gas outlet temperature, the 
process inlet temperature, T Pi „i et , can be calculated from an 
energy balance: 


0.5976 x 5.5960 x 10 7 


1 24 

—^x 0.9 x (-802.3 x to 6 ) 
16 


-20.84 


-2.3865 x 10 "T 4 bw + 3.7133 x KT 5 ^' 
+ 0A254T BW + 10437W - 2.6154 x 10 4 


1.1067 x 10 6 = -2.3865 x KT 11 ^ + 3.7133 X KT 5 ^ 
+ 0A254T 2 bw + 10437W 


FRinlet — 


305.0 - m F GC PF G(T B w ~ T F Goutiet) 


= 305.0- 
= 296.8 °C 


m p C pp 

20.84x 1332.0(928.8 -750) 


185.4x3282 


The log mean temperature difference can now be calculated: 


Solving by trial and error: ^ (928.8 - 305.0) - (750 - 296.8) 

'928.8 - 305.0' 

750 - 296.8 

= 534.0 °C 

f) Heat transfer in the shield section is both by radiation and 

convection. The radiative contribution is known from the The calculation of the overall heat transfer coefficient requires 

assumption of the radiative flux. Assuming the first tube the calculation of the flue gas convective heat transfer 


T bw = 928.8 °C 


In 
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coefficient from Equation 12.190, 12.191 or 12.192, depend¬ 
ing on the Reynolds Number. Calculate v max for the flue gas 
from Equation 12.194: 


Vtnax 


Re 


mpG 


Pfg^ 


3pr 

Ntr(Pt ~ do) + - d 0 

20.84 


0.3202 x 11.2 


6(0.3 -0.1683) ■ 


3x0.3 


5.42 m ■ s 1 

PFG v maxdo 


Pfg 

0.3202x5.42x0.1683 
4.464 x 10~ 5 

6545 


0.1683 


The value of the flue gas outlet temperature, T FGoulIer , can now 
be calculated from an energy balance: 


TFGoutiet — Tew — 


Quad + Qconv 
itifgCpfg 


= 928.8 - 
= 767.0 °C 


3.5474 x 10 6 + 9.4482 x 10 
20.84 x 1332.0 


5 


This compares with the initial estimate of 750 °C. From this 
new value of the flue gas outlet temperature new values of the 
physical properties, T Pin i eU ATjj^, U and Q C om can be calcu¬ 
lated to give a further value of F FGout i el . It is convenient to carry 
out this iteration by varying T FGomlel to find the root of: 


q _ Qconv 
~ U\T lm 


IndoLNrR 


Thus, Equation 12.191 can be used to calculate the outside heat In thls case> iteration brings virtually no change with: 

transfer coefficient: 


Pr = CpfgPfg 
Tfg 

_ 1332.0 X 4.464 x 10“ 5 

~~ 0.0950 

= 0.6259 


Calculate F n from Equation 12.193: 

F n = —0.04375(ln N R ) 2 + 0.27 In A* + 0.61 
= —0.04375(ln 2) 2 + 0.27(ln 2) + 0.61 
= 0.78 

Thus, from Equation 12.191 the convective film coefficient for 
the flue gas, h FG , is given by: 

h FG = 0.273 —Re o as Pr 0M F N 
do 

= 0.273 x -°^° 95 - x 6545 0 ' 635 x 0.6259 034 x 0.78 
0.1683 

= 27.1 W - itT 2 ■ K 1 

The overall heat transfer coefficient can now be calculated: 


1 

U 


I | rj , do . (do\ do _ do 1 

h^ G F ° ^ \d~i) Rp + Ji h P 


U = 


1 0.1683 0.1683 0.1683 

-+ 0.0002 + - n-+-X 0.0005 

27.1 2x35 0.1541 0.1541 


0.1683 1 l -1 

+ 0.1541 X 500 


= 24.90 WnT 2 K“‘ 


Strictly, for convective heat transfer the A Tim should be 
corrected for a noncountercurrent flow arrangement. It is a 
cross-flow arrangement with multiple tube passes. However, 
the large temperature differences and the multiple tube passes 
will make the F T correction factor high enough to assume 
countercurrent flow. Calculate the convective heat duty: 

Qconv — UAATlm 

— U(2jidoLN TR )AT LM 
= 24.90(2 x;rx 0.1683 x 11.2x6)534.0 
= 9.4482 x 10 5 W 


T FGoutlet = 766.5 °C 
Tpinlet = 297.6 °C 

g) For the convective section, heat transfer is again by radiation 
and convection. However, in this case a radiation allowance can 
be added to the convection heat transfer coefficient. This allows 
calculation of the performance in principle without iteration. 
However, iteration might be required for the variable physical 
properties. In this case the tubes are finned in the convection 
section. Had there been more rows of plain tubes than two after 
the radiant section, then the following procedure can be applied 
to those tubes, but with the convective heat transfer coefficient 
being calculated from Equations 12.190 to 12.192. For finned 
tubes, the convective heat transfer coefficient can be calculated 
from Equation 12.111. Start by making an initial estimate of the 
temperature of the flue gas at the outlet of the convection 
section, to calculate the physical properties. Assuming an 
outlet temperature of the flue gas of 300 °C, the mean 
temperature in the convection section is given by: 

_ 766.5 + 300 

Tfg= - 2 - 

= 533.3 °C 

At this mean temperature, the corresponding flue gas physical 
properties can be calculated from Equations 12.195 to 12.198: 

Pfg = 0.4416 kg ■ m -3 
Pfg = 3.585 x 10 -5 kg • m _1 • s _1 
Cp FG = 1208.4 J- kg- 1 - KT 1 
k F G = 0.0685 W • m- 1 • K -1 

The convective heat transfer coefficient can be calculated from 
Equation 12.113. First, calculate the maximum velocity of the 
flue gas from Equation 12.116: 

mpG 

nax — r ^ 

pL Ntr(p t - d^-2H F SfN F )-\ — ^-—d R 


20.84 

0.4416x11.2 

6(0.3 0.1683 2x0.055x0.002x120)+ 3X ° 3 0.1683 



= 4.61 m ■ s 1 
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Re = 


0.4416x4.61 x 0.1683 


Pr = 


3.585 x 10“ 6 
= 9,581 

1208.4 x 3.585 X 10~ 6 


0.0685 


= 0.06324 

Nu = 0.134 fie 0 ' 681 Pr l/3 


i _ M °v 1 ' 01134 


H f N f H f J \ 8 fNf 
The convective film coefficient is given by: 


- 1 


0.0685 
1 0.1683 


0.134 X9561 0 ' 681 x 0.06324 1 / 3 

0.2 


0.0025 


0.055x 120 0.055/ 


x 


0.002 x 120 


-- 1 


_ Aroot + >1 f A F in 
Aroot +A F ih 
_ 4.500+ 0.4833 x 106.06 
= 4.500 + 106.06 

= 0.5043 

The total outside area is given by 

A 0 = 4.500 + 106.06 
= 110.56 m 2 

The overall heat transfer coefficient is now calculated from 
Equation 12.120: 

1 1 | Rqf | A 0 d R fd R \ + (Ap \ / | 1 \ 

U n w h 0 > 1 W nd R L 2k w \d,) \rrd,Lj\ h r ) 


From Equation 12.199 and 12.200, the combined convective 
and radiative film coefficient is given by: 


h FG = l.l(h C ONV + 0.02555T - 2.385) 

= 1.1(17.80 + 0.02555 x533.3 -2.385) 

= 31.94 W- m -2 • K -1 

The fin efficiency now needs to be calculated from 
Equation 12.117: 


2 Ijfg' 1/2 
k /, 8 /: 
2x31.94 


y35 x 0.002 

= 30.21 

( S F 
V = \H f + — 


1/2 


= 0.055 + 


1 + 0.35 In 
0 . 002 ' 


1 + 0.35 In 


d R + 2 H f + 8 f 
d R 


0.1683 + 2x0.055+0.002' 
0.1683 


= 0.0660 
tanh(M//) 


If = ■ 


Klfl 

_ tanh(30.21 x 0.0660) 
30.21 x 0.0660 
= 0.4833 


U = 


1 


- + - 


0.0002 


110.56 


0.1683 


0.5043x31.94 0.5043 n X 0.1683 X 11.2 2x35 

i-i 


In 


0.1683 


V0.1541 
= 8.24 W- m 


110.56 


n x 0.1541 x 11.2 
-2.K- 1 


0.0005 + 


1 

500 


Again, the C±T LM should be corrected for a noncountercurrent 
flow arrangement by the application of an F T correction factor 
for cross flow. Elowever, the large temperature differences and 
the multiple tube passes will make the F T correction factor 
high enough to assume F T = 1. Thus, calculate R and X from 
Equations 12.83 and 12.87: 


_ CP G _ T h i - T h 2 
CPH T C 2 - TCl 

185.4x3282 
~~ 20.84x0.4416 
= 24.16 


X = exp 


UA(R - 1) 


: exp 


C7-Y 

8.24 x 110.56(24.16- 1) 


185.4x3282 


- 1? 1 AT. 1 


The process inlet to the convection section can be calculated 
from Equation 12.90: 


Calculation of the weighted efficiency from Equation 12.119 j (:1 _ l)E//i + X(R 1)T C1 

requires A ROOT and A FIN to be first calculated: — 1) 


Aroot = xd R L( 1 -N f 8 f ) 

= nx 0.1683 X 11.2 x (1 - 120 x 0.002) 

= 4.50 m 2 

Afin = —-— [(^ + 2 H f ) 2 — d~ R + 28 F {d R + 2H F )] 

= 11x120 x112 [(0.1683 + 2 x 0.055) 2 - 0.1683 2 + 2 
X 0.002 x (0.1683 + 2 x 0.055)] 

= 106.6 m 2 


Rearranging this equation gives: 


„ (RX- \ )T C 2 -(X- \ )T m 

Tcl = - w^T) - 

(24.16 X 12.1431 - 1)297.6 - (12.1431 - 1)766.5 


12.1431(24.16 - 1) 


= 279.1 °C 


The flue gas outlet temperature can be calculated from 
Equation 12.89: 
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(S- l,r„| + MV- 1 ,7, 

- " #1 

_ (24.16 - 1)766.5 + 24.16(12.1431 - 1)279.1 
(24.16 X 12.1431 - 1) 

= 317.7 °C 


h) The calculated inlet temperature for the process is 279.1 °C, 
whereas the specified inlet is 280 °C. This is close to the 
required temperature. If there is a large difference, the 
whole calculation needs to be repeated by varying the fuel 
flowrate until the process inlet temperature is 280 °C. This is a 
tedious calculation by hand, but easily programmed in a 
spreadsheet. If the iteration is carried out, the result is: 

iiifuel = 1.22 kg • s -1 

m F a — 20.58 kg • s -1 


Qrelease 


' FGoutlet.SHI ELD 


= 5.5253 x 10 7 W 
= 0.5977 
= 928.6 °C 
= 764.8 °C 


TFGoutlet, CONVSEC = 317.3°C 
Tp O ulel,C0NVSEC = 298.3 °C 
Tpinlet,RAD = 305.7 °C 

i) Furnace efficiency for casing losses of 2% of heat release is 
given by: 

185.4 x 3282 x (360-280) 

7 — 09 

1.22 x — X 802.3 x 10 6 + 5.5253 X 10 7 x 0.02 
16 

= 0.867 

It is worth making a number of observations regarding the 
calculations for furnace design. All of the methods for the 
design of the radiant zone have considerable uncertainty, 
especially the empirically based methods used here. For the 
process side, the heat duty was characterized by a heat capacity, 
which was assumed constant. In this particular example, an 
allowance needed to be made both for the sensible heat to the 
cmde oil and the energy required for partial vaporization of the 
cmde oil in the distillation to follow (Nelson, 1958). The inside 
heat transfer coefficient was assumed, rather than calculated 
from heat transfer correlations. For the flue gas, the enthalpy 
was calculated from an average for the flue gas, rather than from 
a breakdown of the individual components. Also for the flue 
gas, the temperature has a large range, leading to large varia¬ 
tions in the physical properties. The above calculation averaged 
the physical properties over the shield and convection sections, 
despite large temperature differences over each. 


12.14 Heat Exchange - 
Summary 

Of the many types of heat transfer equipment used in the process 
industries, the shell-and-tube heat exchanger is by far the most 
common. A number of different flow arrangements are possible 
with shell-and-tube heat exchangers, but the one shell pass-one 


tube pass and the one shell pass-two tube pass arrangements are the 
most common. 

Resistance to heat transfer across the tube wall for shell-and- 
tube heat exchangers is made up of five individual resistances to 
heat transfer: 

• shell-side film coefficient, 

• shell-side fouling coefficient, 

• tube-wall coefficient, 

• tube-side fouling coefficient, 

• tube-side film coefficient. 

These are combined to give an overall heat transfer coefficient 
in which one of the individual coefficients might be controlling. 

Simple models are available for shell-and-tube heat exchangers in 
which both heat transfer coefficients and pressure drops can be related 
to the fluid velocity. The 1-1 heat exchanger is designed as a counter- 
current device. For heat exchangers with more than a single tube pass, 
there is an element of cocurrent flow as well as the countercurrent flow. 
This must be corrected by the introduction of a correction to the 
logarithmic mean temperature difference. This can be taken into 
account when designing, rating or simulating a heat exchanger. 

In retrofit situations, existing heat exchangers might be sub¬ 
jected to changes in flowrate, heat transfer duty, temperature 
differences or fouling characteristics. Heat transfer coefficients 
and pressure drops can be approximated from their original values 
from the change in flowrate. Increased duties can be accommo¬ 
dated by changing the tube bundle to incorporate a greater heat 
transfer area in the same shell, or by heat transfer enhancement 
devices, or by changes to the baffle arrangements. 

Shell-and-tube heat exchangers are also used extensively for 
condensing duties. Condensers can be horizontally or vertically 
mounted with the condensation on the tube-side or the shell-side. 
Condensation normally takes place on the shell-side of horizontal 
exchangers and the tube-side of vertical exchangers. 

Reboilers are required on distillation columns to vaporize a 
fraction of the bottom product. Three common designs of reboiler 
are used: the kettle reboiler and the horizontal and vertical ther¬ 
mosyphon reboilers. The preliminary design of kettle and hori¬ 
zontal thermosyphon reboilers can be based on correlations for 
pool boiling. The design of vertical thermosyphon reboilers 
requires the hydraulic and thermal designs to be carried out 
simultaneously. Preliminary design of such units can be based 
on correlations derived from a large number of detailed designs. 
Great care must be exercised in the preliminary design of reboilers 
as the predictions of the correlations are extremely unreliable. 

While the shell-and-tube heat exchanger is the most commonly 
used in the process industries, it has the disadvantages that the flow 
is not truly countercurrent, which limits the minimum temperature 
difference that can be accommodated, and the area density is 
relatively low. Commonly used alternatives for shell-and-tube 
heat exchangers are: 

• gasketed plate heat exchangers, 

• welded plate heat exchangers, 

• plate-fin heat exchangers, 

• spiral heat exchangers. 
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Some heat transfer operations demand a high heat duty, high 
temperature and/or high heat flux. In such cases, radiant heat 
transfer is used from the combustion of fuel in a fired heater. Fired 
heater designs vary according to the function, heating duty, type of 
fuel and method of introducing combustion air. In conceptual 
design, knowledge of the heat duty in the various sections of the 
furnace is more important than the heat transfer area, as the cost in 
preliminary design is based on the heat duty. The theoretical flame 
temperature provides a simple model to allow the heat duty to be 
determined. 

12.15 Exercises 

1. A distillation operation separating a low-viscosity hydro¬ 
carbon mixture requires three shell-and-tube heat exchangers. 
The liquid feed is to be preheated to saturated liquid by heat 
recovery from another low-viscosity hydrocarbon stream. 
The reboiler is to be a vertical thermosyphon using steam 
heating. The condenser is to be a horizontal exchanger with 
the condensing stream on the shell-side and the cooling 
serviced by cooling water. What would be the expected 
rank order of the three heat exchangers in terms of their 
overall heat transfer coefficient? 

2. For the three heat exchangers from Exercise 1, make a first 
estimate of the order of magnitude of the overall heat coef¬ 
ficients from tabulated values of film transfer coefficients and 
fouling coefficients. Neglect the resistance from the tube 
walls. 

3. Under what circumstances might a thermosyphon reboiler be 
orientated vertically or horizontally? 

4. Under what circumstances might a distillation condenser be 
orientated vertically or horizontally? 

5. The demethanizer distillation column of an ethylene process 
works at extremely low temperatures. The feed is cooled with 
extremely small temperature differences of the order of 1 °C to 
minimize the refrigeration costs associated with the cooling. 
What type of heat exchanger would you expect to be used for 
this duty? 

6. Gasketed plate heat exchangers are commonly used in food 
processing. What advantages does the design offer in such 
applications? 

7. A hot stream is to be cooled from 210 to 80 °C by heating a 
cold stream from 60 to 150 °C with a duty of 1.7 MW. A 1-1 
shell-and-tube heat exchanger is to be used and the overall 
heat transfer coefficient has been estimated to be 
120 W ■ m - - ■ K“ 1 . Calculate the heat transfer area of the unit. 

8. Instead of using a 1-1 design in Exercise 7, a 1-2 design is to 
be used subject to X P = 0.9. Assume that the overall heat 
transfer coefficient is unchanged. (In practice, it would be 
expected to increase). Calculate: 

a) the number of shells required; 

b) P i -2 for each shell; 


Table 12.22 

Physical property data for «-butanol and water. 



ti- 

Butanol 

Water 

Density (kg • m -3 ) 

712 

993 

Heat capacity (J • kg -1 • K _1 ) 

3200 

4190 

Viscosity (N s - m -2 ) 

4.0 x 10~ 4 

8.0 x 10~ 4 

Thermal conductivity (W • m -1 • K _l ) 

0.127 

0.616 


c) F t for the shells in series; 

d) the heat transfer area. 

9. Liquid n-butanol at 115°C is to be cooled to 45 °C against 
cooling water between 25 and 35 °C. The flowrate of n- 
butanol is 10 kg-s _1 . A 4 pass split ring floating head 
shell-and-tube heat exchanger is to be used. The n-butanol 
will be allocated to the tube-side and the cooling water to the 
shell-side. Physical property data for the fluids are given in 
Table 12.22. 

Assume that the fouling coefficient for n-butanol is 
10,000 W • m -2 • K -1 and that for cooling water is 
3000 W ■ nU 2 ■ KT 1 . Steel tubes are to be used with the heat 
exchanger data given in Table 12.23. 

a) Calculate the number of shells required and the F T based 
on X P = 0.9. 

b) Calculate the overall heat transfer coefficient, heat transfer 
area, number of tubes, tube length and shell diameter 
assuming a fluid velocity of 1 m • s _1 on both the tube-side 
and on the shell-side. 

c) Calculate the pressure drop for the tube-side and shell-side 
assuming a fluid velocity of 1 m • s -1 on the tube-side and 
lms -1 on the shell-side. 


Table 12.23 

Heat exchanger geometry. 


Tube inner diameter d/ (mm) 

16 

Tube outer diameter do (mm) 

20 

Tube pitch p T (mm) 

25 

Tube pattern (tube layout angle) 

o 

ON 

Number of tube passes N P 

2 

Tube thermal conductivity (W • m -1 • K -1 ) 

45 

Baffle cut B c 

0.25 

Tube-side inlet nozzle diameter d TN in i et (m) 

0.1023 

Tube-side outlet nozzle diameter d TNout i et (m) 

0.1023 

Shell-side inlet nozzle diameter djs.Met (m) 

0.2545 

Shell-side outlet nozzle diameter d TSout i et (m) 

0.2545 
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Table 12.24 

Heat exchanger geometry. 


Tube inner diameter d f (mm) 

16 

Tube outer diameter do (mm) 

20 

Tube pitch p T (mm) 

25 

Tube pattern (tube layout angle) 

90° 

Tube length L (m) 

4.96 

Number of tubes N T 

280 

Number of tube passes N P 

4 

Tube thermal conductivity (W • m -1 • K -1 ) 

45 

Shell inner diameter D s (m) 

0.610 

Number of baffles 

13 

Baffle spacing B (m) 

0.354 

Baffle cut B c 

0.25 

Shell-bundle diametric clearance L BB (m) 

0.036 

Tube-side inlet nozzle diameter d TNin i et (m) 

0.1023 

Tube-side outlet nozzle diameter d TN out i et (m) 

0.1023 

Shell-side inlet nozzle diameter d TSi i n i e t (m) 

0.2545 

Shell-side outlet nozzle diameter d T s,outiet (m) 

0.2545 

Tube-side fouling coefficient (W • m -2 • K -1 ) 

10,000 

Shell-side fouling coefficient (W • m -2 • K -1 ) 

3000 


10. The heat exchanger in Exercise 12.9 can now be considered to 
be an existing heat exchanger with a feed to the tube-side of 
10 kg • s -1 of liquid ra-butanol at 115 °C. The feed to the shell- 
side is 53.46 kg • s -1 of cooling water at 25 °C. Physical 
property data for the fluids are given in Table 12.22. The 
heat exchanger geometry data are given in Table 12.24. 

Calculate the outlet temperatures and heat duty and com¬ 
pare with the design calculation in Exercise 12.9. 

11. A condenser is required to condense a flowrate of 7 kg • s“ 1 of 
isopropanol at an operating pressure of 1.0 bar. The conden¬ 
sation takes place isothermally at 83 °C without subcooling of 
the condensate. The cooling is provided by cooling water 
between 25 and 35 °C. The condenser can be assumed to be a 
single-pass fixed tube-sheet design manufactured from steel 
with 20 mm tubes with 2 mm wall thickness having a thermal 
conductivity of 45 W ■ rrT 1 • KT 1 . The tube pitch can be 
assumed to be 1.25 d 0 with a square configuration. The 
physical property data are given in Table 12.25. 

Assume the fouling coefficients to be 
10,000 W ■ rrT 2 ■ K _1 and 5000 W • rrT 2 • K 1 for isopropanol 
and cooling water respectively. Carry out a preliminary 
design for: 


Table 12.25 

Physical property data for isopropanol and water. 


Property 

Isopropanol 
(83 °C) 

Water (30 °C) 

Density (kg • m -3 ) 

722 

996 

Vapor density (kg • m -3 ) 

2.0 

- 

Liquid heat capacity 
(Jkg-'K- 1 ) 

3370 

4180 

Liquid viscosity (N s - m -2 ) 

0.492 x 10~ 3 

0.797 X 10~ 3 

Thermal conductivity 
(W • m -1 • K -1 ) 

0.131 

0.618 

Heat of vaporization (J • kg -1 ) 

678,000 

- 

Molar mass (kg • kmol -1 ) 

60 

- 


a) a horizontal condenser with shell-side condensation with 
a tube-side velocity of 1.5 m • s _1 ; 

b ) a vertical condenser with tube-side condensation with a 
length to shell diameter ratio of 5 and shell-side velocity of 
1 m • s -1 . 

12. A reboiler of a distillation column is required to supply 
10 kg • s -1 of toluene vapor. The column operating pressure 
at the bottom of the column is 1.6 bar. At this pressure, the 
toluene vaporizes at 127 °C and can be assumed to be 
isothermal. Steam at 160 °C is to be used for the vaporization. 
The latent heat of vaporization of toluene is 344,000 J • kg - , 
the critical pressure is 40.5 bar and critical temperature is 
594 K. Steel tubes with 30 mm outside diameter, 2 mm wall 
thickness, tube pitch of 0.0375 m and length 3.95 m are to be 
used. The tube layout angle is 90°. The fouling coefficient for 
reboiling can be assumed to be 2500 W ■ m““ ■ K _l . The film 
coefficient (including fouling) for the condensing steam can 
be assumed to be 5700 W • rrT 2 • K \ Estimate the heat 
transfer area for: 

a) a kettle reboiler; 

b ) a vertical thermosyphon reboiler. 

13. The purge gas from a petrochemical process is at 25 °C and 
contains a mole fraction of methane of 0.6, the balance being 
hydrogen. This purge gas is to be burnt in a furnace to provide 
heat to a process with a cold stream pinch temperature of 
150 °C (AT),,,,, = 50°C). Ambient temperature is 10 °C. 

a) Calculate the theoretical flame temperature if 15% excess 
air is used in the combustion. Standard heats of combus¬ 
tion are given in Table 12.17 and mean molar heat 
capacities in Table 12.19. 

b ) Calculate the furnace efficiency. 

c) Suggest ways in which the furnace efficiency could be 
improved. 
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Chapter 13 


Pumping and Compression 


L iquids and gases need to be pressurized for transfer to achieve 
the required pressure of the destination, overcome the pressure 
drops in equipment and pipelines through which the material needs 
to be transferred to reach its destination and to overcome the 
change in elevation. The cost of a pressure increase for liquids in 
pumps is usually small relative to that for gases in compressors. On 
the other hand, to increase the pressure of material in the gas phase 
in a compressor tends to have a high capital cost and large power 
requirements, leading to high operating costs. 

13.1 Pressure Drops in 
Process Operations 

When transporting material through the process, the pressure drop 
through reactors, separators, heat transfer equipment, control 
valves, and other devices must be overcome. 

For gas-phase reactions, the pressure drop through the reactor is 
usually less than 10% of the inlet pressure (Rase, 1990). The 
pressure drop through trickle-bed reactors is usually less than 1 bar. 
A value of 0.5 bar is often a reasonable first estimate for packed and 
trickle-bed reactors, although pressure drops can be higher. The 
pressure drop through fluidized-bed reactors is usually between 
0.02 and 0.1 bar. 

A pressure drop across distillation involves a pressure drop 
across each tray of typically 0.007 bar. A pressure drop across 
distillation packing is normally lower than for distillation trays for 
the same separation. Structured packing normally has a pressure 
drop less than 0.003 bar-m -1 . 

Heat exchangers for liquids normally have a pressure drop in 
the range 0.35 to 0.7 bar (see Chapter 12). For gases, heat 
exchangers have a pressure drop typically between 1 bar for 
high-pressure gases (lObar and above), down to 0.01 bar for gases 
under vacuum conditions (see Chapter 12). 


Chemical Process Design and Integration, Second Edition. Robin Smith. 

© 2016 John Wiley & Sons, Ltd. Published 2016 by John Wiley & Sons. Ltd. 
Companion Website: www.wiley.com/go/smith/chemical2e 


13.2 Pressure Drops in 
Piping Systems 


Consider the pumping of a liquid between two vessels, as illus¬ 
trated in Figure 13.1a. If the fluid is assumed to be incompressible 
and the change in kinetic energy from inlet to outlet is neglected, 
then the pressure change required to be delivered by the pump is 
given by: 

^p / p p \ 

Pump head = — = — 1 -— + A; + h L (13.1) 

PS PS ^ 


where A P 

P 

8 

Pi 


A z 

E h L 


pressure increase across the pump 
(N-m“ 2 = kg-m“ 1 -s“ 2 ) 
fluid density (kg-nT 3 ) 
gravitational acceleration (9.81 m-s~ 2 ) 
pressure at the liquid surface in the discharge 
vessel (N-m - ~) 

pressure at the liquid surface in the feed vessel 
(N-m 2 ) 

change in elevation (m) 

sum of the frictional head losses for straight 

pipes and pipe fittings (m) 


Pipe fittings include bends, isolation valves, control valves, orifice 
plates, expansions and reductions. If the material to be transferred is a 
gas, as illustrated in Figure 13. lb, the change in elevation can normally 
be neglected. If the gas is assumed to be incompressible and the change 
in kinetic energy from inlet to outlet is neglected, then the pressure 
change required to be delivered by the compressor is given by: 

Compressor head = -I- V'' h L (13.2) 

PS PS ^ 

For straight pipes (Coulson and Richardson, 1999): 

L v 2 

h L = 2c f -— (13.3) 

di 8 

where Cf = Fanning friction factor 
L = pipe length (m) 
d, = internal diameter of pipe (m) 
v = mean velocity in the pipe (m-s _1 ) 
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<a) Pumping of a liquid between vessels. 


(b| Compression of a gas between vessels. 


Figure 13.1 

Pressure change for a piping system for a liquid transfer. 


The Fanning friction factor is given by (Hewitt, Shires and Bott, 
1994): 


Figure 13.2 shows some of the more common types of valve used 
in the process industry. 


16 

Cf = Re 

Re < 2000 

(13.4) 

c f = 0.046 Re 0 2 

2000 < Re < 20,000 

(13.5) 

c f = 0.079Re-°' 25 

Re > 20,000 

(13.6) 

pdjv 

where Re = - 




P 

p = fluid viscosity (N-s-m -2 ) 


It should be noted that Equations 13.5 and 13.6 apply to smooth 
pipes, whereas the pipes used for transmission of fluids usually 
have some surface roughness, which increases the friction factor. 
However, for short fluid transmission pipes, the overall frictional 
pressure drop is usually dominated by the frictional pressure drop 
in the pipe fittings (valves, bends, etc.). Thus, for short transmis¬ 
sion pipes, there is little point in calculating the straight pipe 
frictional pressure drop accurately. If the transmission pipe is long 
(>100m) and straight, then the Fanning friction factor can be 
correlated as (Coulson and Richardson, 1999): 


yfif 


-1.77 In 


0.27^ + 
d\ 


1.25 

Re \] c s 


(13.7) 


where e = surface roughness (m) 

Table 13.1 gives some typical values of surface roughness 
(Coulson and Richardson, 1999). 

Many different types of fittings are used in process pipelines. 
When transporting fluids, valves are required for: 

• starting and stopping flow ( block valve), 

• regulating the flow ( control valve), 

• preventing reversal of flow ( nonreturn or check valve). 


1) Globevalve. A typical globe valve is illustrated in Figure 13.2a. 
A screw mechanism is used to move a plug or disc against a seat. 
Figure 13.2a shows both a plug disc and a composite disc design. 
The composite disc design uses a seating material incorporated 
into the disc and has some advantages in the way the disc is 
guided to the seat. Many different designs of seating arrange¬ 
ments are available. Globe valves can be used to regulate the 
flow, as well as starting and stopping the flow. 

2) Butterfly valve. A typical butterfly valve is illustrated in 
Figure 13.2b. The angle of a disc is manipulated relative to 
the flow. When the disc is perpendicular to the flow, a seal is 
created between the disc and the lining of the valve to prevent 
flow. When the disc is rotated through a quarter turn, the disc is in 
line with the flow and the valve is open. Butterfly valves can be 
used to regulate the flow, as well as starting and stopping the flow. 
Their use is normally restricted to larger diameter pipelines. 

3) Gate valve. A typical gate valve is illustrated in Figure 13.2c. 
This operates by a screw mechanism raising and lowering a 
circular gate in the path of the fluid. The gate faces can form a 
wedge shape or can be parallel. Gate valves are primarily used 
for starting and stopping flow, rather than regulating the flow. 


Table 13.1 

Surface roughness of pipes. 


Pipe 

e (mm) 

Drawn tubing 

0.0015 

Commercial steel 

0.046 

Cast iron 

0.26 

Concrete 

0.3-3.0 
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(a) Globe valve (plug seatl, 



(b) Butterfly valve. 



(e) Ball valve. 




(I) Swing type non-return 
(cheek) valve 


Figure 13.2 

Valve types. 


4) Plug valve. A typical plug valve is illustrated in Figure 13.2d. 
A cylindrical or more often conically tapered plug with a 
hollow port is rotated through a quarter turn to allow or prevent 
flow. The installation space is smaller than a gate valve and 
operation to open and close is simple and rapid. The tapered 
plug allows a tight shut-off. 

5) Ball valve. A typical ball valve is illustrated in Figure 13.2e. A 
sphere with a cylindrical hollow port is rotated through a quarter 
turn to allow or prevent flow. Conventional ball valves have a port 
smaller than the pipe diameter. Full port valves with the same 
diameter of the pipe are also available, but are less common. Tight 
shut-off can be achieved by virtue of the seat rings, but the seat 
material creates temperature limitations. As with plug valves, ball 
valves require an installation space smaller than a gate valve and 
operation to open and close is simple and rapid. 

6) Nonreturn (check) valve. Nonreturn valves are used purely to 
prevent reversal of flow, for example to prevent liquid from 
siphoning back from a tank if a pump is switched off. A swing- 
type nonreturn valve is illustrated in Figure 13.2f. The disc 
swings on a hinge either on to the seat to prevent reverse flow or 
swings to allow forward flow. Other designs of nonreturn 
valves use mechanisms such as forward flow moving a ball 
mounted in a slot moving away from a circular seat to open the 
valve with reversal of flow moving the ball in the reverse 
direction to seal with the seat to prevent reverse flow. 

Control valves are used to control flow, pressure, temperature 
and liquid level by opening and closing in response to signals 
received from controllers. The opening or closing of control valves 
occurs remotely by an actuator. Actuators can be pneumatic or 
electrical. Most control valves in the process industry use a globe 


valve design. The plug and seat are shaped to vary the opening 
according to the desired control characteristics. Figure 13.3 illus¬ 
trates a pneumatically operated control valve. An air pressure signal 
that varies between 0.2 and 1 bar causes the valve to open or close. 


Air Pressure Signal 



Figure 13.3 

Schematic arrangement of a pneumatically operated control value. 
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Pressure l appings 


at 




Orifice Plate 


(a) Sudden contraction. (b) Sudden expansion. 


(c) Orifice plate. 


Figure 13.4 

Pipe fittings. 


For an electrical actuator using an electric motor, an electrical signal 
between 0 and 10 V or between 4 and 20 mA causes the electric 
motor to open or close the valve. If there is failure, the valve 
must be designed such that the most probable failure mode results in 
the safest condition, known as the fail safe condition. The fail safe 
condition might be fully closed, fully open or to maintain the current 
valve position to maintain the current operation. The valve design in 
Figure 13.3 will open if the air signal fails. A different arrangement 
with the spring and diaphragm inverted can create a design that 
closes if the air signal fails. Many other control valve designs are 
available with different actuators. 

In addition to valves, other fittings include sudden contraction, 
sudden enlargement, bends and orifice plates used for flow mea¬ 
surement (Figure 13.4). The head loss in the pipe fittings can be 
correlated as (Coulson and Richardson, 1999): 

v 2 

h L = c L — (13.8) 

2 8 

where c L = loss coefficient (—) 


For laminar flow: 

Cl = f(Re, geometry of fitting) 

For turbulent flow: 

Cl =/(geometry of fitting) 

Table 13.2 gives some typical values of the loss coefficient for 
valves and other fittings (Perry, 1997). It should be noted that values 
for loss coefficient for the same fitting, but from different manufac¬ 
turers, will vary as a result of differences in geometry. Table 13.3 
gives head losses for sudden contractions, sudden expansions and 
orifice plates. Note that the formula for orifice plates in Table 13.3 
relates to the overall pressure drop and not the pressure drop 
between the pressure tappings used to measure the flowrate. 

In preliminary design, the fluid transmission lines can be 
designed on the basis of an assumed fluid velocity. For nonviscous 
liquids (ji < 10mN-s-m _2 = cP), a pipe velocity of 1 to 2m-s _l 
is normally used. For viscous fluids, the velocity may be 


Table 13.2 

Loss coefficients for various pipe fittings. 


Pipe fitting 

Laminar flow c L 

Turbulent flow c L 

Correction for partial 
closure of valve in turbulent 
flow ( a = fraction open) 

Bend (standard) 

840 

- (Re < 1100) 

Re 

0.8 

- 

Globe valve (plug disc) 

Jl( fe < 270 °) 

9.0 

Cl 

„l.84 

Globe valve (composite seat) 

Se 0.33 ( Re < 500 °) 

6.0 

Cl 

a 0 - 5 

Gate valve 

— (Re < 6000) 

Re 

0.2 

Cl 

a 3.7 

Plug valve 

- 

0.05 

- 

Ball valve 

- 

0.05 

- 

Butterfly valve 

- 

0.24 

- 

Nonreturn valve (swing) 


2.0 

- 
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Table 13.3 


Head losses in sudden contractions, sudden expansions and orifice plates. 


Fitting 

Sudden 

contraction 

Sudden 

expansion 

Orifice plate 


c d L 


h L 


0.5 



A 

M. 





2 

- 1 



where 


Vi,v 2 = upstream and downstream velocities (m s -1 ) 
A b A 2 = upstream and downstream pipe areas (m 2 ) 
g = acceleration due to gravity (9.81 m s -2 ) 

A, A 0 = areas of pipe and orifice (m 2 ) 
v = velocity in the pipe (m s -1 ) 
c D = 0.62 for preliminary design 


constrained by the allowable pressure drop or shear degradation 
of the fluid (e.g. large molecules breaking down into smaller 
molecules from high shear rates). Typical values are given in 
Table 13.4. 

For gases and vapors, typical fluid velocities are in the range of 
15 to 30 m s -1 . 


Table 13.4 

Typical fluid velocities for viscous liquids. 


Viscosity (mN s m 2 = cP) 

Velocity (m s 1 ) 

50 

0.5-1.0 

too 

0.3-0.6 

1000 

0.1-0.3 


The fluid velocity must take account of standard pipe sizes. 
Pipe sizes are specified by a nominal pipe size (NPS), or nominal 
diameter (DN), and a schedule. The larger the schedule number, the 
thicker the pipe wall. Table 13.5 gives dimensions for a number of 
commonly used pipe sizes. The schedule of pipe required depends 
on the maximum internal pressure and the appropriate corrosion 
allowance. For steam systems, the smallest schedule normally used 
is Schedule 40. 

If the piping layout is known, then the above correlations can be 
used to estimate the pressure drop through the pipes. This might be 
the case, for example, in a retrofit situation. In preliminary design, 
it might be necessary to make some allowance for the cost of 
pumping and compression without knowledge of the piping layout. 
If this is the case, then it is not difficult to make a first estimate of the 
distances required for transportation of the fluid. What is uncertain 


Table 13.5 

Commonly used standard pipe sizes for steel pipes. 


DN 

Outside 

diameter 

(mm) 

Inside diameter (mm) 

Schedule 

5 

10 

30 

40 

80 

160 

15 

21.34 

18.04 

17.12 

16.51 

15.80 

13.87 

11.79 

20 

26.67 

23.37 

22.45 

21.84 

20.93 

18.85 

15.54 

25 

33.40 

30.10 

27.86 

27.61 

26.64 

24.31 

20.70 

32 

42.16 

38.86 

36.62 

36.22 

35.05 

32.46 

29.46 

40 

48.26 

44.96 

42.72 

41.91 

40.89 

38.10 

33.99 

50 

60.33 

57.03 

54.79 

53.98 

52.51 

49.26 

42.91 

65 

73.03 

68.81 

66.93 

63.48 

62.72 

59.01 

53.98 

80 

88.90 

84.68 

82.80 

79.35 

77.93 

73.66 

66.65 

100 

114.30 

110.1 

108.2 

104.8 

102.3 

97.18 

87.33 

150 

168.28 

162.7 

161.5 


154.1 

146.3 

131.8 

200 

219.08 

213.5 

211.6 

205.0 

202.7 

193.7 

173.1 

250 

273.05 

266.2 

264.7 

257.5 

254.5 

242.9 

215.9 

300 

323.85 

315.5 

314.7 

307.1 

304.8 

288.9 

257.2 


13 
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is the pipe fittings that will be involved. Some general guidelines 
are therefore required in order to make a first estimate of the 
pressure drop to take account of the pipe fittings: 

• Vessels will often have isolation valves (but this varies between 
different sectors of the industry). 

• Equipment that needs to be taken out of service for maintenance 
will normally have an isolation valve on each side. This will 
include pumps, compressors and control valves. 

• In some situations, for the sake of process safety, a more secure 
isolation is required on inlets and outlets. In this case, double 
block and bleed can be used. This involves two isolation valves 
with a vent valve between them. By closing the two isolation 
valves and opening the vent valve between them, any leakage 
past the upstream valve will go through the vent instead of 
potentially leaking through the downstream valve. 

• Pumps will normally have a nonreturn (check) valve to prevent 
reversal of flow. 

• Flow control will usually be based on the measurement of 
pressure drop across an orifice plate. 

• A line going between vessels or between a vessel and a pipe 
junction will typically have at least three bends when the pipe 
design is finalised. 

For example, suppose a liquid is being pumped from one vessel 
into another vessel using a pump and under the action of flow 
control using an orifice plate to measure the flowrate. The head 
losses involved will typically be: 

• a sudden contraction from the feed vessel into the discharge 
line; 

• an isolation valve for the vessel; 

• two isolation valves and a check valve for the pump; 

• an orifice plate for flow measurement; 

• a control valve; 

• two isolation valves for the control valve; 

• typically three pipe bends from changes in direction of the 
pipes; 

• an isolation valve for the discharge vessel; 

• a sudden expansion for the fluid entering the discharge 
vessel. 


Example 13.1 In a new design, water is to be pumped between 
two vessels both at atmospheric pressure separated by an estimated 
distance of 30 m under the action of flow control. An increase in 
elevation of 5 m is also estimated. The flowrate of water is 
100m 3 h _1 , its viscosity is 0.8mNsm -2 (equal to centipoise) 
and its density is 993 kg m ’. Estimate the pressure drop required 
to be produced by the pump. 

Solution First determine the pipe diameter from an assumed 
velocity of say 2m-s~'. The area of the pipe (A) is given by: 


A = 100 x 


1 1 
3600 X 2 


= 0.01389 m 2 


The internal diameter {di) is given by 

/4A 

di = \ — 


4x0.01389 


= 0.133 m 

This needs to be rounded to the next largest standard pipe diameter 
of internal diameter. Assuming a Schedule 40 pipe this would be 
0.154 m. The actual fluid velocity is therefore: 


v = 100 x- 


1 


'3600 n x 0.154 2 
= 1.49 m • s -1 


Reynolds number for the straight pipes is: 

pdiv 


Re = 


/' 

993 x0.154x 1.49 


0.8 x 10 
= 2.85 x 10 s 

Head loss in the straight pipe sections: 

Lv 2 

h L = 2 c f -— 
di g 


-3 


_ 0 0.079 30 1.49 2 

- “ X Re 0 - 25 X 0454 X 9.8i 
= 0.30 m 


For the isolation valves, take gate valves fully open, one for each 
vessel, two for the pump and two for the control valve: 


h L = 6 x c L 


2 g 


= 6 x 0.2 x 
= 0.14 m 


1.49 2 

'2x9.81 


Assume a nonreturn (check) valve for the pump: 

,4 


hi. = c L — 
2 g 


= 2x. 


1.49 2 


2x9.81 
= 0.23 m 


To estimate the control valve, take a globe valve to be half open: 

9 

cl v 

a 1 - 84 2 g 

9 1.49 2 


h L = 


0.5 184 2 x9.81 
= 3.65 m 


Assume three bends: 


h L = 3 X 0.8 X 
= 0.27 m 


1.49 

2x9.81 
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Assume an orifice plate to measure the flowrate with a diameter 
ratio of 0.4 and discharge coefficient of 0.62: 



= 9.41 m 


The entrance loss from the feed vessel is given by: 


h, = 0.5 


A 2 


2g 


= 0.5(1 -0) 
= 0.06 m 


1.49 2 

2x9.81 


The exit loss into the receiving vessel is given by: 


hr. = 


1 - 


Ai' 

An 


2 2 

n 

2 g 

1.49 2 
2x9.81 

= 0.11m 
A P = (Pn-Pl) 

Pg Pg 


= [i-o f 


+ A; + ^2 h L 


Because both the feed and discharge tanks are at atmospheric 
pressure {Pn — P\) = 0: 


—=[0+5+(0.30+0.14+0.23+3.65+0.27+9.41+0.06+0.11)] 
Pg 

= 19.17m 

A/>=993x9.81x 19.17 
= 1.87xl0 5 N m -2 


13.3 Pump Types 

Pumps can be classified into two general types: 

1) Positive displacement. In positive displacement pumping 
energy is transferred to the liquid by trapping a fixed volume 
and forcing the trapped volume to the pump discharge in 
arrangements such as reciprocating pistons, or rotary motion 
of gears, screws or vanes. Positive displacement pumps deliver 
a definite quantity for each stroke or partial rotation of the 
device. They are used when the liquid has a high viscosity, low 
flowrate, or a combination of the two. 

2) Dynamic. In dynamic pumps energy is transferred to the liquid 
by means of vanes mounted on a rotating shaft. The liquid 
enters along or near the rotating shaft and is accelerated by the 
rotation of the vanes. This imparts kinetic energy to the liquid, 
which is transformed to pressure energy. 

The most common type of pump used in chemical processes is 
centrifugal. This is a form of dynamic pump in which an impeller 
consisting of curved vanes rotates on a shaft. The arrangement is 
illustrated in Figure 13.5a. The liquid enters near the rotating axis. 



Figure 13.5 

Centrifugal pump features. 
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is accelerated and flows radially outwards into a diffuser or casing 
from which it exits. The kinetic energy imparted to the liquid by the 
impeller is transformed to pressure when the fluid reaches the pump 
casing. Centrifugal pumps deliver a volume that is dependent on 
the discharge pressure and the energy added. Figure 13.5b shows 
an open impeller design. A semi-open impeller is illustrated in 
Figure 13.5c, which uses a shroud to protect the impeller, vanes. A 
closed impeller using shrouds on both sides is illustrated in 
Figure 13.5d. Open and semi-open impellers can operate with a 
higher efficiency than a closed impeller, but can be more suscepti¬ 
ble to abrasive wear. Open impellers tend to be used for pumping 
liquids with solids, where a closed impeller might be susceptible to 
blockage. The vanes can have a backward curvature (as in 
Figure 13.5) for high flowrates or a forward curve for a high liquid 
pressure head or straight radial for either service. Multiple impel¬ 
lers can be used in multistage pumps. When starting up, the pump 
must be filled with liquid, or primed, in order to operate. To assist in 
priming the pump, centrifugal pumps are, where possible, located 
below the level of the feed to the pump. If this is not possible, an 
auxiliary pump might be required to supply liquid to the pump inlet 
for start-up. 

Most industrial applications favor the use of centrifugal pumps as 
they can handle a wide range of fluids and a wide range of pumping 
conditions at low cost compared with positive displacement devices. 
The remainder of the discussion about pumps will be restricted to 
centrifugal pumps, as this is by far the most common type used. 

13.4 Centrifugal Pump 
Performance 

The performance of the pump can be characterized by the head 
delivered, power required and efficiency. Efficiency is a measure of 
the useful work transferred to the liquid and is defined as (neglec¬ 
ting any change in kinetic energy): 

Power transferred to the liquid 

i] = - 

Shaft power 

_ FAP 

~ ~”iv“ 

where W = shaft power input (N-m-s -1 = J-s -1 = W) 

F = volumetric flowrate (m 3 -s~ 1 ) 

A P = pressure drop across the pump (N-m -2 ) 

The efficiency is normally quoted by pump manufacturers in terms 
of the performance on water. 

Figure 13.6 shows typical performance curves for a centrifugal 
pump. The speed of the impeller is fixed. Figure 13.6a shows that 
the head delivered by the pump decreases as the flowrate increases, 
with the head decreasing more rapidly as the flowrate increases. 
Figure 13.6b shows that the power increases as the flowrate 
increases. Figure 13.6c shows that the efficiency of the pumps 
goes through a maximum (best efficiency point, or BEP) as the 
flowrate increases. 

Flow a given pump performs in practice depends on the match 
with the system pressure drop. Figure 13.7 shows the variation of 



(a) Variation of head with flowrate. 



(b) Variation of power with flowrate. 



Flowrate (m-s') 

(c) Variation of efficiency with flowrate. 


Figure 13.6 

Performance characteristics of centrifugal pumps. 


system head with flowrate. At zero flowrate the system head is the 
sum of the pressure difference between the feed and discharge 
vessels and the difference in elevation. As the flowrate increases, 
the system head increases with the square of the velocity. 

The operating point will be at the intersection between the 
curves for the system head and pump head. If the system is 
designed well, this point of intersection will correspond with 
the best efficiency point for the pump. In practice, the correct 
flowrate is ensured by manipulating the system head curve using a 
control valve. Changing the opening of the control valve causes the 
system head curve to pivot around the zero flow point. 

Another point that needs attention is the potential for the 
pressure in the pump to fall below the vapor pressure of the liquid 
at the pumping temperature. If the pressure in the pump falls locally 
below the vapor pressure then bubbles, or cavities, of vapor will be 
formed. These bubbles will collapse when reaching a region of 
higher pressure. The phenomenon is known as cavitation. 
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I lead 



Figure 13.7 

Operating point for a centrifugal pump. 


Cavitation causes a deterioration in the pump performance, but, 
more importantly, the collapse of the bubbles (cavities) can cause 
damage to the pump, particularly to the impeller. 

The net positive suction head (NPSH) is the pressure at the 
pump suction above the vapor pressure of the liquid. Referring to 
Figure 13.8, the net positive suction head available ( NPSH A ) can be 
expressed as a head and defined as: 


NPSH a = 




pSAT 

Pg 


(13.10) 


where NPSH A 
Pi 


P 
g 
z 1 


h L 

pSAT 


net positive suction head available (m) 
pressure above the liquid in the feed vessel 
(N-m -2 ) 

liquid density (kg-m -3 ) 
gravitational constant (9.81 m-s -2 ) 
elevation of the liquid in the feed vessel above 
the pump (m) 

friction head loss in the suction piping (m) 
saturated liquid vapor pressure (N-m -2 ) 


The net positive suction head required NPSH R by a particular pump 
is defined by the manufacturer and depends on the design of the 
pump. Thus, the NPSH A calculated from Equation 13.10 should be 
above the value stated to be required by the pump manufacturer. 
NPSH a is most often aproblem when pumping boiling liquids (e.g. 
in distillation operations) and pumping liquids from sumps at a low 
elevation. 

If the NPSH a available from the system is lower than that 
specified by the pump manufacturer, then this is most often over¬ 
come by changing the layout (particularly the elevation). The 
pressure of the feed vessel might also be increased. Alternatively, 
a different pump design can be chosen, which is often a slower 
running pump. 

Now consider the main parameters in the design of centrifugal 
pumps and how they relate to the selection of a particular pump. 
The power IT of a centrifugal pump depends on the density p of the 
liquid, the rotational speed of the impeller N IMP , the impeller 
diameter D IMP , the change in head across the pump A/j, the 
volumetric flowrate F and the gravitational acceleration g. Taking 
A h and g together: 


At, 



p v 

Feed 



Vessel 


< 

, Suction 


Pump 


-> Discharge 


Figure 13.8 

Net positive suction head available. 


W =f(p , Njup, D imp , gAh, F) (13.11) 

A dimensional analysis can be performed on the variables (Coul- 
son and Richardson, 1999). Given the six variables in 
Equation 13.11 and given that there are three fundamental vari¬ 
ables (mass, length, time), then three independent dimensionless 
groups can be formed. First form a dimensionless group with F and 
pNiMpDiMP- 


F =f(p , Njmp, D imp ) = II ip a N b IMP D c IMP (13.12) 

where 77 j = first dimensionless group 

a, b, c = integer exponents 
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Writing Equation 13.12 in terms of mass M, length L and 
time T: 

M 3 T ~ 1 = (ML~ 3 ) a (T~ l ) b (L l ) c (13.13) 

From Equation 13.13, a = 0, b= 1 and c = 3, giving: 


F = YlipN IM pD li 


Thus: 


n. 


: Flow coefficient 


(13.14) 


(13.15) 


N IMpDjfyjp 

Repeating the procedure between gAh and pN IMP D IMP gives: 


n 2 = 


gAh 


N 2 D 2 

1 v IMP^IMP 


= Head coefficient 


(13.16) 


Repeating the procedure between W and pN, MP D IMP gives: 
W 


n. 


prfupD 5 


■■ Power coefficient (13.17) 


These dimensional groups are useful to compare different designs. 

To find the theoretical speed for a unit discharge under a unit head it 
is necessary to scale down the operating volume of the pump. This is 
done by assuming that, when scaling down, the pump is kept 
geometrically similar with the linear dimensions kept proportional 
to the impeller diameter. To develop the required relationship the flow 
coefficient in Equation 13.15 and the head coefficient in 
Equation 13.16 are rearranged to be explicit in diameter and then 
equated: 


( f y /3 ( g Ah \ 

\Ni M pU 2 ) \n 3 N 2 MP ) 


1/2 


(13.18) 


Rearranging Equation 13.18: 


a/j 1 / 2 n' /2 

— 3 —constant (13.19) 


F l/i N^ 3 p n fgW 


Thus: 


F l / 3 N 2 ^ 3 

r IMP 

Ah >/ 2 


constant 


Normalizing to reach power of unity for N IMP : 
F^ 2 N imp 


A/ 1 3 / 4 


= constant = N s 


(13.20) 


(13.21) 


pumps tend to be more susceptible to damage by abrasive material, 
more susceptible to cavitation and tend to be less reliable. On the 
other hand, higher-speed pumps tend to be physically smaller for 
the same duty, which tends to lower the capital cost. 

The three dimensionless groups defined in Equations 13.15 to 
13.17 can also be used to estimate the performance changes 
between two pumps from a family of geometrically similar pumps. 
From Equation 13.15: 


F 3 _ NIMP! (F>impi\ ' 

F\ Nimpi \Dimp\) 


(13.22) 


This can be used to predict the new flowrate for changes in pump 
speed and impeller diameter. From Equation 13.16: 


A hi _ f N IM pi\ “ / Di M p2\" 
A hi \Nimp\) \F>impi) 


(13.23) 


This can be used to predict the new pump head for design changes 
in pump speed and impeller diameter. From Equation 13:17: 


W 2 _ P2 fN IM p2\ 3 / D IMP 2 \' 

Wi Pi \Njmp\) \F>impi) 


(13.24) 


This can be used to predict the new pump power for changes in 
fluid, pump speed and impeller diameter. 

Equations 13.22 to 13.24 can be used to compare the perform¬ 
ance of a family of geometrically similar pumps. The scaling laws 
for a specific pump will not necessarily be the same as the scaling 
laws for a family of geometrically similar pumps. Consider first a 
change in speed for a specific pump. The vanes in the impeller 
mean that if the speed of the impeller is changed, the flow is 
changed by the same amount. Thus, for an existing pump with a 
fixed impeller diameter: 


F 2 _ Nimpi 
F\ Ni M p\ 


(13.25) 


Next consider the influence of change of speed on the head 
delivered. The friction head loss is proportional to the velocity 
squared. If the pipe system is unchanged, this means the frictional 
loss is proportional to the volume squared: 


Ali2 
Ah 1 


(13.26) 


Combining with Equation 13.25 gives: 


where N s = specific speed 

N s is a constant for geometrically similar pumps. It should be 
noted that N s defined in this way is a dimensional quantity. 
Manufacturers quote specific speed data at the best efficiency 
point (see Figure 13.6). Values for centrifugal pumps for N s in 
rpm, F in nr -h - and Ah in m are typically in the range 600 to 4500. 

From the definition of specific speed, pumps with high specific 
speed develop high flows and low heads. Pumps with low specific 
speeds develop high heads and low flows. In general, higher speed 


A/i 2 _ fNiMPiY 
Ah\ \Nimpi) 


(13.27) 


Next consider the influence of change in speed on power. 
Because the pressure loss in the existing pipework is proportional 
to velocity squared: 


A P 2 = (FA 2 
AP 1 “ \fJ 


(13.28) 
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Impeller 



Figure 13.9 

Typical performance curves for a design of 
centrifugal pump. 


Thus: 


F 2 AP 2 = W 2 = (Fi \ 3 = ( Nimp2 \ 3 
F1AP1 Wi \Fj \Nnrn) 


(13.29) 


The scaling of a specific pump has so far considered change in 
speed. Suppose now that the speed is held constant and the impeller 
diameter is changed. Changing the impeller diameter means that 
the velocity at the impeller tip changes by D IMP /2 Thus, the change 
in impeller diameter has the same effect as a change in speed. These 
arguments can be summarized as follows: 

For a specific pump with impeller diameter held constant: 


F 2 _ Nimpi 
F\ Nimpi 
A. h 2 _ /%kV 
Ah 1 \Nimp\) 
W2 _ (Nimpi'Y’ 
\N,mpi) 


(13.30) 

(13.31) 

(13.32) 


For a specific pump with impeller speed held constant: 


F 2 _ Dimpi 
F 1 Dimpi 
Al 1 2 _ / Dimpi\~ 
Ah\ \PiMp\) 
W 2 _ / Dimp 2 \ 3 
W 1 \Dimpi ) 


(13.33) 

(13.34) 

(13.35) 


These similarity laws or affinity laws allow design changes for a 
family of geometrically similar pumps or design changes to a 
specific pump to be explored. 


Figure 13.9 shows performance curves for a particular design 
of centrifugal pump at a fixed speed. Different pump head curves 
are plotted at different impeller diameters. Power and efficiency 
curves are plotted for different conditions. The NPSH require¬ 
ments might also be plotted. Pump efficiency is the highest when 
the largest impeller possible is installed in the pump casing. 
Pump efficiency falls when a smaller impeller is installed 
because of increased slippage between the impeller tip and 
the casing. However, it is not necessarily good practice to install 
the largest impeller when specifying a new pump. If the 
demands of the pump increase because of some future change 
in operation, one method to increase the capacity of an existing 
pump is to install a larger impeller. Therefore, choosing a 
combination of casing and impeller that allows a possible future 
increase in capacity might be desirable. 

In the absence of a manufacturer’s data, the pump efficiency can 
be estimated from (Branan, 1999): 

t] = 0.8 - 9.367 x 10“ 3 A/t + 5.461X 10“ 5 AliF - 1.514 x 10“ 7 A hF 2 
+5.820X l(r 5 A/7 2 - 3.029 x 10- 7 A/j 2 F+8.348 x 10“ 10 A/7 2 F 2 

(13.36) 


where p = pump efficiency 

Ah = head developed by the pump (m) 15 > Ah > 90 
F = flowrate (m 3 -h _1 ) 20 > F> 230 

For flows below 20 m 3 h 1 down to 5 m 3 h _1 the efficiency can be 
approximated by taking the efficiency at 20 m -h _l and then 
subtracting the product of 7.9 X 10“ and the difference between 
20m 3 h _ and the required flowrate (Branan, 1999). 
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Example 13.2 A centrifugal pump is required to produce a 
flowrate of 47 m 3 h _1 with a head of 50 m. The performance of a 
pump is given in Table 13.6. The pump has a speed of 1250 rpm and 
an impeller diameter of 15 cm. Calculate the speed and impeller 
diameter of a geometrically similar pump to deliver the required 
flowrate and head at the best efficiency point. 

Table 13.6 

Performance of a centrifugal pump. 


Flowrate (m 3 h x ) 

Head (m) 

Efficiency (-) 

0 

104.4 

0 

25 

104.0 

28.0 

50 

103.2 

47.8 

75 

99.9 

59.9 

too 

92.4 

65.0 

125 

78.8 

63.6 

150 

57.2 

56.3 

175 

25.7 

43.5 


For a geometrically similar pump: 


N IMP 


N s Mi i/4 

p 1 / 2 


446.2 X 50 3/4 
47 1/2 


= 1224 rpm 


The impeller diameter for a geometrically similar pump can be 
determined from Equation 13.22: 


Dimpi 


Dimp\ 


FiNimp\ \ 
F l Nimpi) 


47 1250\ 1/3 
l07 X 1224 J 


= 11.5 cm 


Alternatively, from Equation 13.23: 


Solution The pump characteristics are plotted in Figure 13.10. 
From the efficiency curve, the best efficiency point is at a flowrate 
of 107 m 3 lT 1 and a head of 89 m. Calculate the specific speed at this 
point: 


N s 


N,mpF 1/2 

Aft 3 / 4 


_ 1250 x 107 1 / 2 
89 3 / 4 
= 446.2 


Dimpi 


Dimpi 


Nimpi 

Nimpi 


•am 1/2 

A hj 





1/2 


= 11.5 cm 


Figure 13.10 

Pump head and efficiency curves for Example 13.3. 
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Example 13.3 A distillation column bottoms is essentially 
pure toluene and needs to be pumped out of the base of the 
column using a centrifugal pump at a flowrate of 201 h -1 . The 
pressure of the distillation column is 1.5 bar and the bottoms 
temperature is 125 °C. At this temperature the density of 
toluene is 764 kgm -3 and viscosity is 0.00025 N s m"“. The 
column has a diameter of 1.25 m. The pump suction pipe is 
DN80 Schedule 40 pipe with a straight pipe length of 3.5 m, 
two plug valves and one bend. The level of the liquid surface in 
the column bottom is 2.75 m above the pump. Calculate the net 
positive suction head available. 

Solution First calculate the frictional loss in the suction pipe¬ 
work. The internal diameter of the pipe is given in Table 13.5 to be 
0.0779 m. 


Head loss for two plug values: 


h L = 2 x c L 


2 g 


= 2 x 0.05 X; 
= 0.01 m 


1.53 2 

2x9.81 


Head loss for one bend: 


h L = c L 


2 g 


1.53 


°' 8X 2x9.81 
= 0.10m 


_ 20 x 1000 1 4 

~~ 3600 X 764 X n X 0.0779 2 

= 1.53 m • s -1 


Entrance loss from the distillation: 


h L = 0.5 


1--T 

Ai 


11 
2 g 


Reynolds number for the straight pipes: 


Assume A 2 M | = 0: 


Re 


pdiv 

P 

764 x 0.0779 X 1.53 
0.00025 
3.64 X 10 5 


Head loss in the straight pipe sections: 


Lv 2 

h L = 2c f -— 
di g 


= 2x 


0.079 


3.5 1.53 

x _— x- 


(3.64 XlO 5 ) 0 ' 25 0.0779 9.81 

= 0.07 m 


h L = 0.5[1 - 0] 


1.53 2 

2x9.81 


= 0.06 m 


If the bottom is at its boiling point at the pressure of the column, 
then the saturated liquid vapor pressure is the same as the column 
pressure. From Equation 13.10: 


(p \ pSAT 

NPSH A =(-+zi-h L - 

\pg ) Pg 

~ 764x9 81 +2-25 -(0-07+0.01 +0.10+0.06) 
= 2.51m 


1.5 

764x9.81 


This needs to be checked against the net positive suction head 
required by the pump. 


Example 13.4 The transfer in Example 13.1 is to be carried 
out with a centrifugal pump with the characteristics given in 
Table 13.7. The pump has an impeller diameter of 12.5 cm and 
a speed of 1500 rpm. 

a) For the piping system given in Example 13.1 develop a 
system head curve to represent the variation of head with 
flowrate, assuming the control valve setting is fixed. 
Determine the flowrate that would occur if the pump was 
used in this system. 

b) Suggest a different pump speed with the same impeller 
diameter for the specified pump to allow the system to match 
the required flowrate of 100 m 3 h -1 . 

c) Suggest a different impeller diameter with the same pump 
speed for the specified pump to allow the system to match the 
required flowrate of 100 m 3 h -1 . 

d) Estimate the pump efficiency and the annual power cost 
at the desired operating point assuming the pump is 
driven by an electric motor with an efficiency of 90%, 
electricity costs $0.06 kWh -1 , and operates for 8300 
hours per year. 


Table 13.7 

Centrifugal pump characteristic curve. 


Flowrate (m 3 h ') 

Head (m) 

0 

72.5 

25 

72.3 

50 

71.5 

75 

68.4 

100 

61.0 

125 

47.5 

150 

26.0 
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Solution b) To scale the pump to the required operating conditions by 

adjusting the speed, from Equation 13.26: 

a) From Example 13.1 the head loss in the fittings can be 
represented as a function of the velocity. The friction factor 

for loss in straight pipes is approximated to be independent Alii = A/ii 

of velocity: 



Straight pipe 

0.135v 

Gate valves 

0.063v 

Check valve 

0.104v 

Globe valve 

1.644v 

Bends 

0.122v 

Orifice 

4.239v 

Entrance loss 

0.027v 

Exit loss 

0.050v 


From this the total head loss h L is given by: 
h L = 6.384v 2 


where subscript 1 refers to the existing design and subscript 2 to 
required design. To achieve the desired flowrate of 100 m 3 -h _l 
with a head of 19.17 m: 


A hi = 19.17 (—) 

\iooj 

= 0.001917F 2 

Representing this in Figure 13.11, it is a quadratic curve 
starting at the origin that intersects the existing pump head 
curve at a flowrate of 138.7 m 3 h _1 with a head of 36.9 m. From 
Equation 13.30: 


The flowrate is given by: 


F = 


0.154- 


4 

= 67.06v 


x 3600 x v 


Thus the system head curve is given by: 


, 6.384 . 

h L = 5 H-~F 2 

67.06 2 

= 5 + 1.420 x 10 _3 F 2 


Figure 13.11 shows the pump head curve matched against the 
system head curve. The curves intersect at 142.3 m 3 -h _1 with a 
head of 33.4 m. The pump is over size. 


Nimp! = 1500 X 


100 

138.7 


= 1081 rpm 


Alternatively, the scaling can use Equation 13.31: 


N, M p2 = l500 ]f^J 

= 1081 lpm 

which agrees. The original values of F and A/; for the pump can 
be scaled for change in speed using Equations 13.30 and 13.31. 
The pump head curve after scaling to 1081 lpm is super¬ 
imposed in Figure 13.11. 


Head 



Figure 13.11 

Pump head and system curves for Example 13.4. 
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c) Now fix the speed and change the impeller diameter. to a 9.0 cm diameter is the same as the curve for reduced speed 

Combining Equations 13.33 and 13.34 and writing to with a 12.5cm diameter, as shown in Figure 13.11. 

achieve the desired flowrate of 100 m 3 -IT 1 with a head of d) The pump efficiency at the desired operating point can be 

19.17 m gives: estimated from Equation 13.36: 


Ah, = 19.17 f—') 

V 100 / 

= 0.00917Ff 

This is the same curve as Part b and will again intersect the 
existing pump head curve at 138.7 m 3 h _1 and 36.9 m. From 
Equation 13.33: 


( ioo \ 

Dimp^ — 12.5 [-] 

V138-7 y 

= 9.0 cm 

Alternatively, the scaling can use Equation 13.34: 


D/mp2 — 12.5 
= 9.0 cm 


19.17 

36.9 


which agrees. Again, the original values of F and Ah can be 
scaled, but this time for a change in the impeller diameter, using 
Equations 13.33 and 13.34. The pump head curve after scaling 


1 


W 


Annual cost 


0.8 -9.367 xl0“ 3 x 19.17 
+5.461 x 10~ 5 X 19.17 x 100 
-1.514 X10“ 7 X 19.17 xlOO 2 
+5.820 x 10- 5 x 19.17 2 
—3.029 X 10 -7 x 19.17 2 x 100 
+8.348 x 10 -10 x 19.17 2 x 100 2 
0.71 

FAP 1 
// 0.9 

FpgAh 1 
rj 0.9 

100x 19.17 x993 x9.81 
3600x0.71 x 0.9 
8118 W 
8118 

—o- x 0.06 x 8300 
10 3 

4042 $ • y 1 


13.5 Compressor Types 

Gas compressors can generally be classified as: 

1) Positive displacement compressors confine successive volumes 
of fluid within a closed space in which the pressure of the fluid is 
increased as the volume of the closed space is decreased. 

2) Dynamic compressors or turbocompressors transfer energy to the 
gas by dynamic means from a rotating impeller or blades. The 
kinetic energy of the gas is increased, which is then converted to 
pressure energy. The direction of gas flow in the centrifugal 
compressor is radial with respect to the axis of rotation. In an 
axial-flow compressor, the gas flow is parallel to the axis of 
rotation. A dynamic compressor with a low-pressure ratio is 
normally termed a fan (pressure ratio up to 1.11) or blower 
(pressure ratio up 1.11 to 1.2). 

3) Ejectors in which the kinetic energy of a high-velocity working 
fluid or motive fluid (steam or a gas) entrains and compresses a 
second fluid stream. The device has no moving parts. They are 
inefficient devices and their normal usage is for vacuum 
service, where small quantities of gas are handled. 

The most common types of compressor used for gas compression 

in the process industries are: 

1) Reciprocating. Reciprocating compressors incorporate a pis¬ 
ton moving backwards and forwards in a cylinder. Inlet and 
exhaust valves are set to open and close at certain pressures. The 
compressor can be single acting or double acting. Single-acting 
compressors use only one side of the piston, whereas double¬ 
acting machines use both sides of the piston. Figure 13.12 


illustrates a double-acting reciprocating compressor. A signifi¬ 
cant disadvantage of reciprocating compressors is that the 
compressed gas is not delivered continuously. The resulting 
pulsations in flow and pressure can lead to vibrations (and, in 
extreme cases, mechanical failure) and poor compressor effi¬ 
ciency (to overcome high-pressure peaks). Surge drums and 
acoustic filters are required to dampen the pulsations. 

Cylinder 



Figure 13.12 

Reciprocating compressor. 
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(») Screw compressor. lb) Rotary piston compressor. 



(c) Sliding valve compressor Id) Liquid ring compressor. 

Figure 13.13 

Positive displacement rotary compressors. 


2) Positive displacement rotary. Rotary machines, as their name 
implies, involve one or two rotating shafts to create closed 
spaces with decreasing size from inlet to outlet to increase the 
pressure. There are four broad classes of positive displacement 
rotary compressor: 

• Screw compressors use two counterrotating screw-like 
shafts (Figure 13.13a). Lubricating oil is required in 
some designs to lubricate the rotors, seal the gaps between 
the rotors and reduce the temperature rise of the gas during 
compression. These have the disadvantage of contaminating 
the gas with lubricating oil. On the other hand, oil-free 
machines do not feature mixing of the gas with lubricating 
oil. In these designs, contact between the rotors is prevented 
by timing gears outside the working chamber. However, 
they are more expensive than oil-injected machines. 

• Rotary piston or rotary lobe or roots compressors use two 
counterrotating matching lobe-shaped rotors (Figure 13.13b). 
Each revolution of the lobes delivers four pulses of gas. 

• Sliding vane compressors use a single rotating shaft with an 
eccentrically located rotor in the compressor casing with 
sliding vanes in the rotor (Figure 13.13c). 

• Liquid ring compressors use a single rotating shaft with an 
eccentrically located rotor in the compressor casing with 
static vanes (Figure 13.13d). A flow of low-viscosity liquid 
(usually water) through the casing draws the gas into the 
cells between the vanes, where it is compressed by the 
movement of the rotor. A settling drum after the compressor 
separates the liquid from the gas and the liquid is usually 
recycled. 

3) Centrifugal. Centrifugal compressors increase gas pressure by 
accelerating the gas radially outwards through an impeller or 
wheel. The increased kinetic energy from the impeller is then 
converted to pressure energy in a diffuser as the gas leaves the 



Gas Outlet 


Figure 13.14 

Centrifugal compressor. 

impeller. Designs vary considerably, but Figure 13.14 shows a 
typical arrangement involving four impellers in a single casing. 

4) Axial. Axial compressors increase gas pressure by accelerating 
it in the direction of the flow using blades mounted on a rotating 
shaft that rotate between stationary blades mounted on the 
compressor casing. This compressor has rotors and stators. 
The rotors are moving. They increase the kinetic energy of the gas. 
The stators are not moving. They are used to turn the kinetic energy 
into an increase in pressure. This is illustrated in Figure 13.15. 



Rotating Blades Rotating Blades 



Stationary Stationary 

Blades Blades 


Figure 13.15 

Axial flow compressor. 
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Motive Fluid 


♦ 



* 


Outlet 

Figure 13.16 

An ejector. 


5) Ejector. Figure 13.16 illustrates an ejector. A high-pressure 
motive fluid, most often steam, enters the ejector through a 
nozzle. Fluid under high pressure is converted into a high- 
velocity jet at the throat of a convergent-divergent nozzle. The 
increase in velocity at the throat of the nozzle creates a low 
pressure at that point, drawing the gas to be compressed into the 
convergent-divergent nozzle where it mixes with the motive 


fluid. The mixture then passes through a diverging outlet 
diffuser, where the mixed fluid expands, its velocity decreases, 
converting the kinetic energy back into pressure energy, and its 
pressure increases, resulting in compression of the inlet gas. 
The mixture of steam and compressed gas then passes to a 
condenser, where the steam is condensed and the gases vented. 
Ejectors are only suited to compression of low gas volumes and 
moderate increases in pressure and are used most often for the 
production of vacuum. For example, in a vacuum distillation, 
vapor is condensed in the overhead condenser of the column 
and the uncondensed gases from the distillation condenser are 
compressed in a steam ejector, creating a vacuum in the 
distillation condenser. The steam is then condensed and the 
gases vented. For all but moderate vacuum, multiple stages of 
ejectors are used in series with condensers between the stages 
and a condenser after the final stage. Figure 13.17 illustrates a 
typical three-stage steam ejector arrangement. Steam is con¬ 
densed between the ejector stages and the condensate is 
collected in a hotwell. A head of liquid condensate held in a 
barometric leg is required between the steam condenser and the 
hotwell in order to balance the pressure between the condenser 
and the hotwell. Figure 13.17 illustrates the use of shell-and- 
tube heat exchangers for the condensation. Condensation is 
often carried out between stages by direct contact by spraying 
water into the steam in an empty drum. This is a lower capital 
cost arrangement, but should be avoided, where possible, as it 
leads to an unnecessary additional consumption of water. 
Such direct contact condensation should be avoided unless 
the condensing duty would cause excessive fouling of a shell- 
and-tube heat exchanger. Steam ejectors have no moving parts, 
unlike liquid ring compressors, which are also used for vacuum 
services. 



Figure 13.17 

A typical three-stage steam ejector arrangement. 
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13.6 Reciprocating 
Compressors 

Most compression processes are carried out close to adiabatic 
conditions. Adiabatic compression of an ideal gas along a thermo¬ 
dynamically reversible (isentropic) path can be expressed as (see 
Appendix G): 

PV r = constant (13.37) 


where 


y = CplC v 
C P 

= --for an ideal gas 

0 Cp-R) 

C P = heat capacity at constant pressure 
C v = heat capacity at constant volume 


Table 13.8 gives the ratio of heat capacities C P /C v ior a number of 
common gases. 

Alternatively, the value of C P /C V can be calculated from C P data 
from the relationship (Hougen, Watson and Ragatz, 1959): 


C P _ C P 
Cy- Cp-R 


(13.38) 




r 



Figure 13.18 

Compressor efficiency. 


where R = universal gas constant 

However, it should be noted that the values of C P /C V are both 
temperature and pressure dependent, but can be calculated from an 
equation of state. Given: 


Then the value of (dP/dT) v and ( dV/dP) T can be determined 
from an equation of state (e.g. that of Peng-Robinson). From 
Equation 13.37 for an adiabatic ideal gas (isentropic) compression: 


Y 


where Cp — Cy = —T 


Cp 

Cy 

'OP 

dT 


C P 

Cp - (C P - Cy) 



(13.39) 


Table 13.8 

Heat capacity ratio for various gases at 20 °C and 1 bar. 



Typical value 


Cp/Cy 



He 

1.67 

Monatomic gases 

1.67 

Ar 

1.67 



h 2 

1.41 



n 2 

1.40 



CO 

1.40 



Air 

1.40 

Diatomic gases 

1.40 

NO 

1.39 



o 2 

1.40 



Cl 2 

1.34 



HC1 

1.41 



ch 4 

1.30 



nh 3 

1.31 



h 2 o 

1.31 



C 2 H 4 

1.24 



QTT, 

1.19 

Polyatomic gases 

1.30 

h 2 s 

1.32 



C0 2 

1.29 



c 3 h 6 

1.15 



c 3 h 8 

1.13 



C+Hjq 

1.09 


Pi 

Pi 



(13.40) 


where P,, P 2 = initial and final pressures 
Vi, V 2 = initial and final volumes 


Figure 13.18 illustrates an ideal gas compression. This follows a 
vertical path on an enthalpy-entropy diagram for the fluid. Also 
shown in Figure 13.18 is a real compression path. The real 
compression path can be defined by an isentropic efficiency: 


’hs ~ 


Hin Horn, IS 

PI in Hout 


(13.41) 


The work required to compress an ideal gas is given by (see 
Appendix G): 


W = 




(13.42) 


where 


W 

Pin, P„ 

Vin 

’hs 

Y 


work required for gas compression (J) 
inlet and outlet pressures (N-m 2 ) 
inlet gas volume (m 3 ) 
isentropic efficiency (—) 
heat capacity ratio C P tC v (—) 


Expressing V in as a volumetric flowrate returns a value of W in W. 
Alternatively, the work can be expressed in terms of the molar 
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flowrate by introducing the compressibility factor, noting PV= 
ZRT (see Appendix A): 


W = 


' r \ z RTi ’’ 

7 ~ v >1 is 



(13.43) 


where W = actual work produced (J-kmol -1 ) 

R = universal gas constant (8314.5 J-kmol -K - ) 
Z = compressibility factor (—) 


The compressibility factorZcan be determined from an equation of 
state (see Appendix A). It should be noted that the introduction of a 
compressibility factor from an equation of state in Equation 13.43 
corrects for the nonideality in the specification of the compressor 
inlet volume, but does not compensate for the nonideality through 
the compression path. If necessary a mechanical efficiency can also 
be introduced to allow for mechanical losses in the bearings and 
seals. However, this is usually 98 or 99% and can be neglected. 

From thermodynamic convention, the work of compression 
from Equations 13.42 and 13.43 is negative. 

It is also necessary to calculate the outlet temperature from the 
compression. By definition, the isentropic efficiency ;/ /s is given by 
Equation 13.41. If the heat capacity is assumed to be constant: 


mCp(T ou ,is — T in ) 
mCp(T out - T in ) 


Tout, IS ~ Ti„ 
Tout — Tin 


(13.44) 


where 


m = mass flowrate 

C P = specific heat capacity 

Tout.is = temperature of the outlet stream for an 
isentropic compression 
T in = temperature of the inlet stream 
Tout = temperature of the outlet stream for a real 
compression 


To obtain the temperature rise for an ideal gas isentropic compres¬ 
sion, substitute V=RT/P in Equation 13.37 to give: 


' out,IS 



(13.45) 


Equation 13.45 assumes the compression to be an adiabatic ideal 
gas (isentropic) compression. Equations 13.44 and the 13.45 can be 
combined to give: 


dis ~ 



(13.46) 


If i]/s is known. Equation 13.46 can be rearranged to calculate T out : 


T 


out 




+ '7 is ~ 1 


(13.47) 


Equations 13.42, 13.43 and 13.47 can be used to model gas 
compression. However, these equations need to be used with 


caution, as they are based on ideal gas behavior and heat capacity 
is assumed to be constant. Providing the pressure is not high and 
the gas does not deviate significantly from ideal behavior, then the 
equations can be used to model the compression. In addition, the 
value of y can vary significantly through the compression process. 

An alternative way to calculate the work for an adiabatic 
compression is from the difference between the total enthalpy 
of the outlet and inlet flows: 

W = Hi n -Hou, 

_ Hin —Houtjs (13.48) 

'7 is 

= total enthalpy of the inlet stream (kj-s -1 ) 

= total enthalpy of the outlet stream for an 
isentropic compression (kJ-s - ) 

= total enthalpy of the outlet stream for a real 
compression (kj-s - ) 

The calculation starts with the inlet enthalpy and, given the inlet 
enthalpy and the pressure, calculates the entropy of the inlet. Then 
assuming the outlet entropy is the same as the inlet (isentropic), given 
the outlet pressure, calculate the outlet enthalpy. From the isentropic 
enthalpy change, the real outlet enthalpy can then be calculated by 
dividing the isentropic enthalpy change by the isentropic efficiency to 
get the real enthalpy change. Neglecting any mechanical losses, this 
gives the overall power requirements. Knowing the outlet enthalpy 
and pressure allows the outlet temperature to be calculated from 
physical properties. This is the method normally used in simulation 
software, but is inconvenient to carry out using hand calculations. 
The two approaches based on Equations 13.42 and 13.43 or 
Equation 13.48 should yield the same result as long as the physical 
properties are correct and consistent. The two approaches are simply 
different ways to follow an isentropic compression based on physical 
properties. The problem with using Equations 13.42,13.43 and 13.47 
is that the gas might exhibit significant deviation from ideal behavior 
and y might change through the compression path. The approach 
based on Equation 13.48 will be more reliable, but requires simula¬ 
tion software. 


where H in 

H 0 iit,IS 


Ho, 


13.7 Dynamic 
Compressors 

Dynamic compressors increase gas pressure by accelerating the 
gas as it flows, either radially out from a rotating impeller, or axially 
from blades mounted on a rotating shaft. The gas then flows 
through a diffuser with increasing cross-sectional area where 
kinetic energy created by the increase in velocity is converted 
into pressure energy and pressure is increased. Unlike reciprocat¬ 
ing compressors, dynamic compressors involve a constant flow 
through the compressor. 

1) Adiabatic compression. Consider first adiabatic compression 
of an ideal gas in a dynamic compressor. The work of com¬ 
pression is also given by Equations 13.42 and 13.43 (see 
Appendix G). 
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An alternative way to calculate the work for an adiabatic 
compression is from the difference between the total enthalpy 
of the outlet and inlet flows from Equation 13.48. Again, the 
approach based on Equation 13.48 will be more reliable, but 
requires simulation software. 

2) Polytropic compression. Rather than assume that the com¬ 
pression is carried out adiabatically for an ideal gas, a more 
general process can be defined that depends on how the process 
is conducted. A general polytropic compression is defined that 
is neither adiabatic nor isothermal, but specific to the physical 
properties of the gas and the design of the compressor. A 
polytropic compression is defined as: 

PV“ = constant (13.49) 

where n = polytropic coefficient (—) 

If n= 1, Equation 13.49 corresponds with an isothermal 
ideal gas compression. For n = y. Equation 13.49 corresponds 
with the expression for an adiabatic ideal gas. A polytropic 
compression between two states is given by: 



of the compressor it does not give any indication regarding 
internal losses. This is overcome by introducing the polytropic 
efficiency. To define the polytropic efficiency, the compression 
is assumed to occur in a series of incremental isentropic steps. 
Figure 13.19 illustrates the principle. An isentropic compres¬ 
sion represents a vertical line from the inlet to the outlet. To 
define the polytropic efficiency, the real compression is broken 
down into a series of isentropic steps. Figure 13.19 shows a 
compression broken down into three isentropic steps for 
illustration. It should be noted that the sum of the power for 
the three isentropic steps is greater than the single isentropic 
step from the inlet to the outlet. This is because the lines of 
constant pressure diverge as the entropy increases. In practice, 
rather than use the small number of steps, as illustrated in 
Figure 13.19, incrementally small steps are used and integrated 
across the process. The polytropic efficiency is defined as: 


dp = 


tlH out.is 

Tih 


(13.53) 


From the thermodynamics of differential energy properties 
(Hougen, Watson and Ragatz, 1959; Coull and Stuart, 1964): 


If the initial and final conditions for a given compression 
process are known, then n can be determined from a 
rearrangement of Equation 13.50: 


ln(/yP|) 

ln(Vi/V 2 ) 


(13.51) 


If ideal gas behavior is assumed, then Equation 13.50 becomes: 



(13.52) 


dH = T dS + V dP (13.54) 


For an isentropic process TdS = 0, combining Equations 13.53 
and 13.54 thus gives: 


dr = 


VdP 

dH 


(13.55) 


For an ideal gas (Hougen, Watson and Ragatz, 1959; Coull and 
Stuart, 1964): 


Whilst the overall isentropic efficiency, as illustrated in 
Figure 13.18, is useful as a measure of the overall performance 



ell I = C P dT and C P 


y- i 


-R 


(13.56) 



Figure 13.19 

Poly tropic efficiency. 
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Substituting Equation 13.56 into Equation 13.55 and rearrang¬ 
ing gives: 


dT _ fy - 1\ dP 

T V rdp ) P 


(13.57) 


polytropic efficiency is a function of the flowrate, physical 
properties of the gas and the machine design. 

To obtain the work for a polytropic compression. Equations 
13.59 and 13.61 can be combined with Equation 13.42 to give: 


Integrating Equation 13.57 between the inlet and outlet condi¬ 
tions assuming rj P to be constant gives: 



(13.58) 


Substituting Equation 13.52 into Equation 13.58 and rearrang¬ 
ing gives: 


ti P = 



(13.59) 


Rearranging Equation 13.59 gives: 


n = 


Pip 

Pip ~ Y + 1 


(13.60) 


Equation 13.60 is a useful expression to determine the poly¬ 
tropic coefficient. Given the polytropic efficiency for a com¬ 
pressor (say from a manufacturer’s data), the polytropic 
coefficient can be obtained from Equation 13.60. It is evident 
from Equation 13.59 and 13.60 that for normal values of y and 
tip, where 1.1 >y> 1.7 and 0.5 > r} P > 1, then n > y. 

Another useful expression can be obtained by combining 
Equations 13.46, 13.52 and 13.60: 


Uis ~ 



(13.61) 


This provides a relationship between the isentropic efficiency 
and of the polytropic efficiency. From Equation 13.61, the 
value of the isentropic efficiency is lower than the polytropic 
efficiency. For example, if it is assumed that for air y = 1.4 and 
for the air compressor;//, = 0.7, as P mlt IP in approaches 1.0 then 
tj IS approaches 0.7, but for P out tP in = 2, ;/ /s = 0.67 and for P OM / 
Pin = 4. to = 0.64. 

It should be noted that the isentropic efficiency in Equations 
13.46 and 13.61 is a function of the pressure ratio, whereas the 
polytropic efficiency in Equation 13.59 is not a function of the 
pressure ratio. The isentropic efficiency, although fundamen¬ 
tally valid, can be misleading if used for comparing the 
efficiencies of different compressors with differing pressure 
ratios. For two compressors with different pressure ratios, the 
higher pressure ratio compressor will have a lower isentropic 
efficiency because of thermodynamic losses. This property can 
make it difficult to comparatively evaluate different compressor 
designs. Polytropic efficiency is better than the isentropic 
efficiency for comparison between compressors, since the 
value of the polytropic efficiency does not change as much 
as the value of the isentropic efficiency. In practice, the 


W = 


it — 1 tip 



(13.62) 


where W = actual work produced (J) 

tip = poly tropic efficiency (ratio of polytropic work 
to actual work) 


Expressing V in as a volumetric flowrate returns a value of W in 
W. Alternatively, the work can be expressed in terms of the 
molar flowrate by introducing the compressibility factor, not¬ 
ing PV = 7RT (see Appendix A): 


W = 


n ZRT 
n — 1 tip 


1 



(13.63) 


where W = actual work produced (J-kmol _l ) 

Again, it should be noted that the introduction of a com¬ 
pressibility factor from an equation of state in Equation 13.63 
corrects for the nonideality in the specification of the compres¬ 
sor inlet volume, but does not compensate for the nonideality 
through the compression path. 

The temperature rise for the polytropic compression can be 
calculated from a rearrangement of Equation 13.58 to give: 



(13.64) 


13.8 Staged Compression 

The temperature rise accompanying single-stage gas compression 
might be unacceptably high because of the properties of the gas, 
materials of construction of the compressor or the properties of the 
lubricating oil used in the machine. If this is the case, the overall 
compression can be broken down into a number of stages with 
intermediate cooling. Also, intermediate cooling will reduce the 
volume of gas between stages and reduce the work of compression 
for the next stage. On the other hand, the intercoolers will have a 
pressure drop that will increase the work, but this effect is usually 
small compared with the reduction in work from gas cooling. 

Consider a multistage compression in which the intermediate gas 
is cooled down to the initial temperature. The minimum work for a 
multistage adiabatic gas compression of an ideal gas is given by (see 
Appendix G): 


W = 7 P "’ V "< N [i _ ( r )0'-i)/rl 03.65) 

y - 1 ?/„ L J 

where N = number of compression stages (—) 
r = pressure ratio for each stage (—) 
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The pressure ratio for minimum work for N stages is given by (see 
Appendix G): 



In principle, the isentropic efficiency might change from stage to 
stage. However, if the isentropic efficiency for a reciprocating 
compressor is assumed to be only a function of the pressure ratio 
and the pressure ratio is constant between stages, then it is 
legitimate to use a single value as in Equation 13.65. It should 
be noted that these results for staged compression are based on 
adiabatic ideal gas compression and are therefore not strictly valid 
for real gas compression. It is also assumed that intermediate 
cooling is back to inlet conditions, which might not be the case with 
real intercoolers. For fixed inlet conditions and outlet pressure, the 
overall power consumption is usually not sensitive to minor 
changes in the intercooler temperature. 

The corresponding equation for a polytropic compression is 
given by (see Appendix G): 

W = n P " ,VinN [ 1 _ (#-)("— 1) /”1 (13.67) 

n — 1 rj P L J 


13.9 Compressor 
Performance 

The maximum compression ratio (ratio of outlet to inlet pressure) 
for compressors depends on the design of the machine, the 
properties of the lubricating oil used in the machine, the ratio of 
heat capacities of the gas ( C P /C v =y ), other properties of the gas 
(e.g. tendency to polymerize when heated) and the inlet tempera¬ 
ture. There are always mechanical losses for the machine from 
friction in the bearings, etc. However, the mechanical efficiency is 
typically 98 to 99% and can therefore often be neglected. 

1) Reciprocating compressors. Reciprocating compressors tend to 
be used when high compression ratios are required without high 
flowrates. Compression ratios of up to 10 are used and flowates up 
to 7000m 3 h _1 (Dimoplon, 1978). Diatomic gases with y = 1.4 
can have a pressure ratio per cylinder of up to 4 and hydrocarbon 
gases with y= 1.2 up to 9. For reciprocating compressors the 
isentropic efficiency may typically be in the range 60-80%, 
depending on the compression ratio, flowrate, machine design 
and properties of the gas. A first estimate of the isentropic 
efficiency of a reciprocating compressor can be obtained from: 


If the polytropic efficiency of a centrifugal or axial compressor is 
assumed to be a function of volumetric flowrate, then the effi¬ 
ciency, in principle, will change from stage to stage. This is 
because the density changes between stages, even if the gas is 
cooled back to the same temperature as a result of the pressure 
increase. However, such effects are not likely to have a significant 
influence on the predicted power. 

It is important to note that if the intercooling is not back to 
the original inlet temperature and that there is a pressure drop 
in the intercooler, then Equation 13.66 does not predict the 
pressure ratio for minimum power consumption. Consider a 
two-stage compression in which the intermediate gas is cooled 
to a defined temperature T 2 , different from the inlet tempera¬ 
ture T], and there is a pressure drop across the intercooler 
kPiNT- Let 73 and P 2 be the outlet temperature and pressure of 
the intercooler. The conditions for minimum power are given 
by (see Appendix G): 


P 2r-i 

‘2 


{Pi + A. Pint) 


V 1/ 


(13.68) 


If AP {nt =0 and T 2 = T l , Equation 13.68 simplifies to 
Equation 13.66. Equation 13.68 predicts the intermediate pressure 
for minimum shaft work for compression of an ideal gas in a two- 
stage compression. The corresponding expression for a polytropic 
compression is given by replacing y by n in Equation 13.68. The 
important thing to note is that if the intercooling is not back to 
the original inlet temperature and that there is a pressure drop in 
the intercooler, then Equation 13.66 does not predict the pressure 
ratio for minimum power consumption. For more than two stages 
the calculation can be broken down into different compressor 
stages with the appropriate allowance for change in temperature 
and pressure drop between stages. 


, hs = 0.1091(lnr) 3 — 0.5247(lnr) 2 +0.85771nr +0.3727 

1.1 <r<5 


(13.69) 


where r = pressure ratio P ou JPm 

2) Screw compressors. Compression ratios of up to 20 are possi¬ 
ble. Diatomic gases with y= 1.4 can have a pressure ratio per 
casing of up to 4.5 and hydrocarbon gases with y = 1.2 can have 
a pressure ratio per casing of up to 10. Maximum discharge 
pressures are up to 30 bar. Suction flowrates of up to 15 m 3 -s _1 
and greater are possible. 

3) Rotary piston or rotary lobe or roots compressors. Maximum 
discharge pressures in a single stage are up to 2.5 bar. Suction 
flowrates of up to 3 nr -s - are possible. 

4) Sliding vane compressors. The maximum pressure ratio for 
each casing is restricted to around 3.5. Maximum discharge 
pressures are up to lObar. Suction flowrates of up to 3 m 3 -s _1 
are possible. 

5) Liquid ring compressors. Maximum discharge pressures can be 
greater than 5 bar. Flowrates of up to 3 nr -s - are possible. Liquid 
ring compressors are most commonly used for vacuum service. 

6) Centrifugal compressors. Compression ratios of up to 3 are 
used in a single stage. Centrifugal compressors are used for 
flowrates typically in the range 1000 to 350,000 m 3 h _1 , 
depending on the pressure ratio (Dimoplon, 1978). For centrif¬ 
ugal compressors the isentropic efficiency may typically be in 
the range 70 to 90%, depending on the compression ratio, 
flowrate, machine design and properties of the gas. A first 
estimate of the polytropic efficiency of a centrifugal compres¬ 
sor can be obtained from: 

>I P = 0.017 In F + 0.7 (13.70) 

where F= inlet flowrate of gas (m 3 -s _l ) 



Pumping and Compression 371 



Figure 13.20 

Surging in centrifugal compressors. 


A significant disadvantage of centrifugal compressors is 
their limited turndown capacity. It is frequently necessary to 
operate a compressor at flows below the design capacity. If the 
flow is reduced far enough, the compressor enters an unstable 
region known as the surge region. Figure 13.20 shows the 
typical behavior of pressure versus flowrate for a centrifugal 
compressor. If the compressor is operating at Point A in 
Figure 13.20 and the flow is reduced to Point B by restricting 
the outlet flow, the increased pressure drop caused by the 
restriction is met by the compressor. Reducing the flow beyond 
the peak Point C results in a discharge mains pressure higher 
than the compressor pressure. The flow then reverses with the 
operating point moving to zero flow at Point D. Once the 
discharge main clears, the operating point moves to Point E. 
The excessive flow then moves the operation back to beyond 
Point C. The cycle is then repeated. The surge limit depends on 
the speed of the compressor, decreasing with decreasing speed. 
Unstable operations can start at 50 to 70% of the rated flow. 
Surge is a problem for low flowrates. For high flowrates in 
Figure 13.20, the performance curve becomes very steep as the 
choke point is reached. This is where the flow in the compressor 
reaches Mach 1 and no more flow can pass through the 
compressor. It is often known as “ stone walling 

The performance of a given centrifugal compressor can be 
mapped in a performance map, as illustrated in Figure 13.21. The 
compressor can be operated at different speeds, each of which has a 
performance curve. Operation is restricted to an area between the 
surge line, capacity limit (choking), maximum speed and mini¬ 
mum speed. The efficiency of the compressor varies within this 
operating envelope. For a given compressor, the isentropic effi¬ 
ciency can be correlated by the general expression: 

F b\ , ( Pqut \ Pqu, \ ,^ 7n 

>hs - a l F in + a 2 \ p J + a 3 1 Pin p J (13.71) 


where F in = inlet volumetric flowrate (m 3 -s _l ) 

«i, a 2 , a 3 = correlating constants to be determined 
b\, bn, bn, by regression of data from the 
machine performance 

7) Axial compressors. Axial compressors are used for very high 
flowrates and moderate pressure drops. Flowrates are typically 
in the range 130,000 m 3 -h _1 to 1,300,000 m 3 h _1 , depending 
on the pressure ratio (Dimoplon, 1978). Axial flow compres¬ 
sors have poly tropic efficiencies up to 10% higher than cen¬ 
trifugal compressors for the same pressure ratio. A reasonable 
estimate is for the efficiency to be 5% higher than that of the 
corresponding centrifugal machine given by Equation 13.70. 
As with centrifugal compressors, axial compressors can also 
suffer from surge and choking and must operate within a certain 
envelope similar to that in Figure 13.21. 

For low-pressure difference and large flows, the capital cost 
of a reciprocating compressor can be twice that of a centrifugal 
machine with the same flowrate. If the pressure difference is 
high and the flowrate low, then the costs tend to be more equal. 
Also, centrifugal machines tend to be more reliable than 
reciprocating machines. Standby machines might need to be 
installed if reciprocating machines are used. The capital cost of 
axial compressors tends to be of the same order as centrifugal 
machines. At flowrates typically less than 30 m 3 -s ', the capital 
cost of axial compressors tends to be higher than centrifugal 
machines. Rotary screw compressors tend to be cheaper than 
both reciprocating and centrifugal machines in their operating 
range. Sliding vane compressors tend to be cheaper than 
reciprocating machines in their operating range. 

For high demand compression duties, the overall com¬ 
pression can be broken down into stages and different 
types of compressor used in the different casings. For 
example, a large flowrate with a large pressure differential 



Figure 13.21 

Performance map for centrifugal compressors. 
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might use an axial compressor followed by a centrifugal 
compressor. 


Example 13.5 A recycle gas stream containing 88% hydrogen 
and 12% methane is to be increased in pressure from 81 bar to 
98 bar. The inlet temperature is 40 °C and the flowrate is 
170.000 Nm 3 h“ 1 (Nm 3 = normal m 3 ). Estimate the power require¬ 
ments for a centrifugal compressor for this duty assuming the 
polytropic efficiency to be 0.75. 

Solution 


Pressure ratio = — 
81 

= 1.21 


Thus, compression in a single stage will be acceptable. 

Suction volume of gas at design conditions of 40 °C and 81 bar 
(assuming an ideal gas) is given by: 


Fin 


170,000 X 


313 

273 


X 


1.013 

81 


= 2438 m 3 • IT 1 


= 0.677 nr 3 • s“' 


The ratio of heat capacities for the mixture can be taken as a 
weighted mean of the values in Table 13.8: 

y = 0.88 X 1.40 + 0.12x 1.30 
= 1.39 


The polytropic coefficient can then be calculated from 
Equation 13.60: 


n =- 

Pip - r + 1 

1.39x0.75 

“ 1.39x0.75 - 1.39+1 
= 1.60 


Now calculate the power from Equation 13.62 with the inlet 
volume V in replaced by the inlet volumetric flowrate F in to give 
the compressor power: 


W = 


n 

n — 1 


Pin Fi„ 

f lp 




(n— l)/n 


1.60 81 X 10 s X 0.677 I" /98\ (L60-1)/1 ' 60 

1.60- 1 0/75 “ V8lJ 


= —1.44 X 10 6 W 


This calculation assumed the gas to be ideal. For comparison, the 
calculation can be based on the Peng-Robinson Equation of State 
(see Appendix A). A number of commercial physical property 
software packages allow the prediction of gas density and y for a 
mixture of hydrogen and methane using the Peng-Robinson 
Equation of State. Using this, the gas density at normal conditions 
is 0.1651 kgm -3 . At 40°C and 81 bar, the density is 


11.2101 kg m 3 . Thus, the suction volume of gas 


0.1651 

F ' n = 170 ’ 000 x TTHoT 

= 2504 m 3 • h -1 
= 0.695 m 3 • s- 1 


At suction conditions: 


r= 1.38 

This is close to the estimated value. Greater accuracy again could be 
obtained from y at the average compression conditions. From 
Equation 13.60: 


n = 1.58 


From Equation 13.62: 


W = -1.48x 10 6 W 

This is a relatively small error given the high pressure of the 
compression. 


13.10 Process Expanders 


Process expanders are effectively process compressors working in 
reverse. If a gas stream is under pressure and needs to be let down in 
pressure, then a process expander can be used to recover power. 
The power can be used to drive another machine (e.g. a compres¬ 
sor) or generate electricity. An example of such an application is 
associated with a petroleum refinery catalytic cracker, as illustrated 
in Figure 6.8b. In the catalyst regenerator, carbon deposited on the 
catalyst is burnt off to regenerate the catalyst. The exhaust gases are 
at a pressure of l .5 to 2 barg and a temperature of620 to 650 °C for a 
partial combustion process or 670 to 750 °C for a complete 
combustion process. These exhaust gases can be expanded in a 
process expander to recover power before being vented. Although 
the pressure is low, the volume is large and the temperature high, 
which makes power recovery an attractive option. The expander 
can be used to drive the air compressor for the regenerator or 
generate electricity. 

The modeling of expanders has the same basis as compressors. 
An ideal expansion is the reverse of an ideal compression. 
Expanders are most often single-stage machines. For an adiabatic 
expansion. Equation 13.42 becomes: 


W = 



tllSyPin V in 


1 - 



(13.72) 


where W = actual work produced (J) 

tfrsE = isentropic efficiency for the expansion 
process (—) 


The efficiency term in Equation 13.72 reduces power generation, in 
comparison with the efficiency term in Equation 13.42, which 
increases the power input for compression. The power prediction 





Pumping and Compression 373 


from Equation 13.72 is positive, indicating power generation. 
Expressing V in as a volumetric flowrate returns a value of W in 
W. Alternatively, the work can be expressed in terms of the molar 
flowrate by introducing the compressibility factor and 
Equation 13.43 becomes: 


W=\ _ , J VisjiZRT „ 


1 - 


p \ (r 1 )// 

1 OU 

P. 

1 III 


(13.73) 


where R = universal gas constant (8314.5 J-K ’kmol ') 
Z = compressibility factor (—) 


By definition, the isentropic efficiency rfr SE is given by (see 
Figure 2.1): 


'Iis,e — 


H in Hout 

Hj n H ou ,js 


(13.74) 


For a polytropic expansion, Equations 13.72 and 13.73 become: 


If rj ISE is known, Equation 13.79 can be rearranged to calculate T out : 


T in'll sj- 



1 

+-1 

'llS,E 


(13.80) 


Equations 13.72, 13.76 and 13.80 can be used to model gas 
expansion. However, these equations need to be used with caution, 
as they are based on ideal gas behavior and heat capacity is 
assumed to be constant. Providing the pressure is not high and 
the gas does not deviate significantly from ideal behavior, then the 
equations can be used to model the expansion. In addition, the 
value of y can vary significantly through the expansion process. 

An alternative way to calculate the work for an adiabatic 
expansion is from the difference between the total enthalpy of 
the outlet and inlet flows: 


W = H m - H ou , 

= 'llS.E (H in — H out, is) 


(13.81) 


W = 


“j") 'lp,E^it 


1 - 



1T = 


n \ 
n — 1/ 


1 - 



(13.75) 


(13.76) 


where i] PE = polytropic efficiency for the expansion 
process (—) 


where W 


H ir 

H, 


out, IS 


H„ 


IlS.E 


power produced from expansion 

(N-m-s _1 = J-s -1 = W) 

total enthalpy of the inlet stream (kj-s -1 ) 

total enthalpy of the outlet stream for an 

isentropic expansion (kj-s -1 ) 

total enthalpy of the outlet stream for a real 

expansion (kj-s _1 ) 

isentropic efficiency for the expansion 
process (—) 


The compressibility factor Z can be determined from an equation of 
state (see Appendix A). It is also necessary to calculate the outlet 
temperature. If the heat capacity is assumed to be constant. 
Equation 13.74 can be written as: 


CP(T in - T OIIt ) 
CP(T in — T out j S ) 


T — T 

± out ± in 

ToutjS — Tin 


(13.77) 


where CP 


T 

x out 

T 

1 in 

ToutjS 


total heat capacity (product of mass flowrate 
and specific heat capacity) 
temperature of the outlet stream for a real 
expansion 

temperature of the inlet stream 
temperature of the outlet stream for an 
isentropic expansion 


For an isentropic process, from Equation 13.45: 


[ out,IS 



(13.78) 


The calculation starts with the inlet enthalpy and, given the inlet 
enthalpy and the pressure, calculates the entropy of the inlet. 
Then, assuming the outlet entropy is the same as the inlet 
entropy (isentropic), given the outlet pressure, the outlet 
enthalpy is determined. From the isentropic enthalpy change, 
the real outlet enthalpy can then be calculated by multiplying the 
isentropic enthalpy change by the isentropic efficiency to get the 
real enthalpy change. Neglecting any mechanical losses, this 
gives the overall power production. Knowing the outlet enthalpy 
and pressure allows the outlet temperature to be calculated from 
physical properties. This is the method normally used in simu¬ 
lation software, but is inconvenient to carry out using hand 
calculations. The two approaches based on Equations 13.72 and 
13.73 or Equation 13.81 should yield the same result as long as 
the physical properties are correct and consistent. The problem 
with using Equations 13.72, 13.73 and 13.80 is that the gas 
might exhibit significant deviation from ideal behavior and y 
might change through the expansion path. The approach based 
on Equation 13.81 will be more reliable, but requires simulation 
software. 


Combining Equations 13.77 and 13.78 gives: 


'7/s,e — 



Example 13.6 The flue gas stream from a fluid catalytic 
cracker regenerator with a flowrate of 1.25 kmol s~* is at a tem¬ 
perature of 700 °C and a pressure of 2.0 barg. The flue gas contains 
mainly nitrogen, but with significant quantities of carbon mon¬ 
oxide, carbon dioxide, water vapor and a small amount of oxygen. 
The gas is to be combusted in a boiler to generate steam before 
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release to atmosphere. The inlet pressure required for the boiler is 
0.2 barg. Even though the gas from the regenerator is not at a high 
pressure, its high flowrate and high temperature mean that power 
recovery is economic. Assuming the expander has an isentropic 
efficiency of 0.8, y for the gas is 1.32 and a compressibility factor of 
1.0, calculate the power recovery from the expander and the 
expander outlet temperature. 

Solution From Equation 13.73: 


W = 


7 _ 1 
= 1.25 




<r-i)/r' 


1.32 
1.32- 1 


x0.8 x 1.0x8314.5 x973.15 


1 - 


0.2 + 1.013 
2.0 + 1.013 


(1.32—1)/1.32' 


= 6.61 x 10 6 W 
= 6.61 MW 


The outlet temperature can be calculated from Equation 24.37: 



= 973.15 x0.8 


70.2 + 1.013\ (1 ' 32 1)/1 ' 32 1 

V2.0+ 1.013/ + 08 


= 819.1 K 
= 545.9 °C 


Most applications of process expanders are in low temperature 
systems where the expander is used to produce a low temperature 
gas or vapor stream, in addition to power recovery. Thus, process 
expanders will be discussed again in detail in Chapter 24. 

13.11 Pumping and 
Compression - Summary 

Pumps and compressors are required to achieve the required 
pressure of the destination, overcome pressure drops in equipment 
and pipelines for the transfer of gases and liquids and to overcome 
changes in elevation. Pressure losses in both sections of straight 
pipe and pipe fittings contribute to the overall pressure drop, with 
the pressure drop in the pipe fittings normally making the largest 
contribution to the overall pressure drop. Before a design is 
available, the greatest uncertainty in calculating pressure drops 
is regarding the pipe fittings ultimately needed. Simple guidelines 
for the use of pipe fittings can be used to make a first estimate of the 
pressure drop. 

For liquids, positive displacement and dynamic pumps are 
used. The most common type of pump used in the process 
industries is centrifugal. It is important to ensure that the pressure 
in the pump does not fall below the vapor pressure of the liquid at 


the pumping temperature, otherwise cavitation will occur, deteri¬ 
orating the pump performance and possibly causing damage. The 
net positive suction head is the pressure at the pump suction above 
the vapor pressure of the liquid. The power required for a centrifu¬ 
gal pump depends on the density of the liquid, the rotational speed 
of the impeller, the impeller diameter, the change in head across the 
pump and the volumetric flowrate. Similarity laws can be used to 
scale from one design of pump to another. 

Compressors can be classified as positive displacement, 
dynamic or ejectors. The most common types of compressor 
used in the process industries are reciprocating, centrifugal, 
axial and ejectors. Ejectors differ from the other compressor 
designs in that they need a high pressure motive fluid that is 
contacted with the process fluid in a convergent-divergent 
nozzle. Except in the case of ejectors, compression processes 
are modelled as either adiabatic or polytropic. If the temperature 
rise associated with a gas compression is unacceptably high, the 
compression can be broken down into a number of stages with 
intermediate cooling. Multistage compression reduces the over¬ 
all power requirement, but at the price of increased complexity. 
A significant disadvantage of centrifugal compressors is that if 
the flow is reduced far enough, the compressor can enter a surge 
region and become unstable. 

Process expanders are effectively process compressors working 
in reverse and can be used for power recovery from a high-pressure 
process stream. 

13.12 Exercises 

1. Toluene is to be pumped between a feed vessel with a pressure 
of 1.5 bar to another vessel with a pressure of 5 bar, 3 m in 
elevation above the feed vessel using a centrifugal pump with a 
flowrate of 30 th 1 . The pipe internal diameter is 77.93 mm. 
The pipeline is 35 m long, with four isolation valves (plug), a 
nonreturn (check) valve and 5 bends. The density of toluene is 
778kg-m -3 and viscosity is 0.251 X 10 -3 N-s-m -2 . 

a) Estimate the pressure drop through the pipeline. 

b) Estimate the power consumed by the centrifugal pump. 

2. Toluene is to be pumped between two vessels both at atmo¬ 
spheric pressure under flow control at a rate of 30 t h _ . The 
piping arrangement has yet to be laid out in detail but the 
approximate distance between the two tanks in plan is 50 m. 
The density of the toluene is 778 kg-m -3 and viscosity is 
0.251 xl0“ 3 N-s-n:T 2 . 

a) Determine an appropriate size of pipe for a liquid velocity 
of around 2m-s . 

b) Estimate the pressure drop through the pipeline and the 
power required if the pumping is accomplished using a 
centrifugal pump and the tanks are at the same elevation. 

c) How high would the feed tank have to be elevated if the 
flow was to be accomplished by gravity? 

3. The operating conditions for a pump design pumping water are 
to be changed. The pump at the best efficiency point delivers 
30 nr -tr with a head of 43 m, which requires a power of 
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6.42 kW. The pump has an impeller diameter of 15.2 cm and a 
speed of 3500 rpm. The operating conditions are to be 
decreased to 3000 rpm and the impeller diameter increased 
to 16.5 cm. Calculate the flowrate, pump head and power for a 
geometrically similar pump. 

4. For the problem in Exercise 1: 

a) Develop a system head curve to give the relationship 
between the flowrate and head. 

b) Match the system head curve against the pump head curve 
from Table 13.7 and determine the actual flowrate that will 
be delivered. 

c) Calculate the speed required from the specific pump to 
deliver the specified 30th _1 . 

5. A two-stage compression is from ambient pressure (1.013 bar) 
to a final pressure of 10 bar. Assuming intercooling to the inlet 
temperature and y = 1.3, what should be the pressures across 
each compression stage for: 

a) no pressure drop between stages; 

b) a pressure drop of 0.2 bar between stages in the intercooler 
and associated piping. 

6. A compressor is required to compress natural gas with a 
flowrate of 100,000 Nm 3 h _1 (measured at 15°C and 
1.013bar) from 1.013bar to lObar. The inlet temperature of 
the gas can be assumed to be 20°C and y = 1.3. Assuming a 
two-stage compressor with an isentropic efficiency of 0.85 is to 
be used with intercooling to 40 °C, estimate the power require¬ 
ments for: 

a) no pressure drop in the intercooler; 


b) a pressure drop of 0.3 bar in the intercooler; 

c) a pressure drop of 0.3 bar in the intercooler and intercooling 
to 30 °C. 

7. For the compression in Exercise 6a, repeat the calculation 
based on a polytropic compression assuming no pressure 
drop in the intercooler, intercooling to 40 °C, y = 1.3, rj IS = 0.85 
and the same compression ratios as those for the adiabatic 
compression from Exercise 6. Compare the answers with those 
from Exercise 6. Calculate the polytropic coefficient, poly¬ 
tropic efficiency and power: 

a) for the first stage; 

b) for the second stage. 
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Chapter 14 


Continuous Process 
Recycle Structure 


A fter making some basic decisions regarding the choice of 
reactor and the resulting separation system, these two sys¬ 
tems need to be brought together. Raw materials need to be 
brought from storage, purified or treated if necessary, and fed to 
the reaction system. The effluent from the reactor is passed to the 
separation system and the product isolated, along with byproducts 
and unreacted feed material. The product will most likely go 
forward to product storage. However, the direction of material 
flow is not just forward and some material, especially unreacted 
feed material, might be recycled to earlier steps in the process. 
Byproducts and unreacted feed material might also require stor¬ 
age. Completing the structure of the reactor, separation and 
recycle system allows a material and energy balance for the basic 
process to be completed. A first evaluation of the storage require¬ 
ments can also be carried out. 

14.1 The Function of 
Process Recycles 

The recycling of material is an essential feature of most chemical 
processes. Thus, it is necessary to consider the main factors that 
dictate the recycle structure of a process. Start by restricting 
consideration to continuous processes. 

1) Reactor conversion. Earlier in Chapters 4 to 6, the initial 
choice of reactor type, operating conditions and conversion 
was discussed. The initial assumption for the conversion 
varies according to whether there are single reactions or 
multiple reactions producing byproducts and whether 
reactions are reversible. Consider the simple reaction: 

FEED —> PRODUCT (14.1) 

To achieve complete conversion of FEED to PRODUCT in the 
reactor might require an extremely long residence time, which 
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is normally uneconomic. Thus, if there is no byproduct 
formation, the initial reactor conversion might be set to be 
around 95%, as discussed in Chapter 4. The reactor effluent 
thus contains unreacted FEED and PRODUCT (Figure 14.1). 

Because a pure product is required, a separator is needed. 
The unreacted FEED is usually too valuable to be disposed 
of and is therefore recycled to the reactor inlet via a pump or 
compressor (Figure 14.1). In addition, disposal of unreacted 
FEED , rather than recycling, could create an environmental 
problem. 

2) Byproduct formation. Consider now the case where a 
byproduct is formed either by the primary reaction such as: 

FEED —* PRODUCT + BYPRODUCT (14.2) 

or via a secondary reaction such as: 

FEED —> PRODUCT 
PRODUCT —* BYPRODUCT (14 '^ 

An additional separator is now required (Figure 14.2a). Again 
the unreacted FEED is normally recycled but the BYPROD¬ 
UCT must be removed to maintain the overall material balance. 
An additional complication now arises with two separators 
because the separation sequence can be changed (Figure 
14.2b). 

Also, instead of using two separators, a purge can be used 
(Figure 14.2c). Using a purge saves the cost of a separator 
but incurs raw material losses, and possibly incurs waste 
treatment and disposal costs. This might be worthwhile if the 
FEED-BYPRODUCT separation is expensive. To use a 
purge, the FEED and BYPRODUCT must be adjacent to 
each other in the order of separation (e.g. adjacent to each 
other in order of volatility if differences in volatility are used 
as the means of separation). Care should be taken to ensure 
that the resulting increase in concentration of BYPRODUCT 
in the reactor does not have an adverse effect on reactor 
performance. Too much BYPRODUCT might, for example, 
cause deterioration in the performance of the reactor catalyst. 


14 



378 Chemical Process Design and Integration 


FEED 


Recycle 


Unreacted 
FEED 


Reactor 


FEED + PRODUCT. 


PRODUCT 


Figure 14.1 

Incomplete conversion in the reactor requires a recycle for unconverted 
feed material. 


Clearly, the separation configurations shown in 
Figure 14.2 change between different processes if the 
properties on which the separation is based change the order 
of separation. For example, if distillation is to be used for the 
separation and the order of volatility between the compo¬ 
nents changes, then the order of the separation will also 
change from that shown in Figure 14.2. 

3) Recycling byproducts for improved selectivity. In systems of 
multiple reactions, byproducts are sometimes formed in 
secondary reactions that are reversible, such as: 

FEED —» PRODUCT 

FEED < > BYPRODUCT (14 ' 4 


(a) 
FEED• 


PRODUCT 

I-*• 


Reactor 


BYPRODUCT 

i-► 


FEED 


(bl 


PRODUCT + 
BYPRODUCT 


PRODUCT 

i-► 


FEED• 


- H Reactor | 


FEED 


J 


BYPRODUCT 


(c) 

FEED 


JS&nflQU 


PRODUCT 

I-► 


I FEED + 

BY PROD L 


CT 


Purge 


Figure 14.2 

If a byproduct is formed in the reactor, then different recycle structures are 
possible. 


Recycle FEED 


FEED 


Reactor 


FEED + 
PRODUCT + 


BYPRODUCT 


PRODUCT 


Recycle BYPRODUCT 


BYPRODUCT 


Figure 14.3 

If a byproduct is formed via a reversible secondary reaction then recycling 
the byproduct can inhibit its formation at source. 


The three recycle structures shown in Figure 14.2 can also be 
used with this case. However, because the BYPRODUCT is 
now being formed by a secondary reaction that is reversible, 
its formation at source can be inhibited by recycling BYPROD¬ 
UCT, as shown in Figure 14.3. In Figure 14.3, the BYPROD¬ 
UCT formation might be inhibited to the extent that 
it is effectively stopped, or it may be only reduced. If the 
formation is only reduced, then the net BYPRODUCT forma¬ 
tion must be removed, as shown in Figure 14.3. Again, the 
separation configuration will change between different pro¬ 
cesses as the physical properties on which the separation is 
based change the order of separation. 

4) Recycling byproducts or contaminants that damage the 
reactor. When recycling unconverted feed material, it is 
possible that some byproducts or contaminants, such as 
products of corrosion, can poison the catalyst in the reactor. 
Even trace quantities can sometimes be damaging to the 
catalyst. It is clearly desirable to remove such damaging 
components from the recycle in arrangements similar to 
Figure 14.2. 

5) Feed impurities. So far it has been assumed that the feed 
material is pure. An impurity in the feed affects the 
recycle structure and opens up further options. The first 
option in Figure 14.4a shows the impurity being separated 
before entering the process. If the impurity has an adverse 
effect on the reaction or poisons the catalyst, this is the 
obvious solution. However, if the impurity does not have 
a significant effect on the reaction, then it could perhaps 
be passed through the reactor and be separated as shown 
in Figure 14.4b. Alternatively, the separation sequence 
could be changed as shown in Figure 14.4c (Smith and 
Linnhoff, 1988). 

The fourth option shown in Figure 14.4d uses a purge 
(Smith and Linnhoff, 1988). As with its use to separate 
byproducts, the purge saves the cost of a separation, but 
incurs raw material losses. This might be worthwhile if the 
FEED-IMPURITY separation is expensive. To use a purge, 
the FEED and IMPURITY must be adjacent to each other in 
the order of separation (e.g. adjacent in the order of volatility 
if a single-stage flash or distillation is used for the 
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Figure 14.4 

Introduction of an impurity in the feed creates further options for recycle structures. 


separation). Care should be taken to ensure that the resulting 
increase in concentration of IMPURITY in the reactor does 
not have an adverse effect on reactor performance. 

Again, the separation configuration will change between 
different processes as the properties on which the separation 
is based change the order of separation, when compared with 
Figure 14.4. 

6) Reactor diluents and solvents. As pointed out in Chapter 5, 
an inert diluent such as steam is sometimes needed in the 
reactor to lower the partial pressure of reactants in the vapor 
phase. Diluents are normally recycled. An example is shown 
in Figure 14.5. The actual configuration used depends on the 
order of separation. 

Many liquid-phase reactions are carried out in a solvent. 
If this is the case, then the solvent should initially be 
assumed to be separated and recycled in arrangements 
similar to that in Figure 14.5. In some cases, the solvent will 
be contaminated with byproducts of reaction that will need to 
be separated and disposed of (e.g. by thermal oxidation). In 
this case, it might be cheaper to dispose of the entire solvent, 
rather than separate and recycle the solvent. Flowever, for the 
efficient use of materials, every effort should be made to 
recycle solvents, as illustrated in Figure 14.5. 

7) Reactor heat carrier. As pointed out in Chapter 6, if 
adiabatic operation is not possible and it is not possible to 
control temperature by indirect heat transfer, then an inert 
material can be introduced to the reactor to increase its heat 
capacity flowrate (i.e. product of mass flowrate and specific 


heat capacity). This will reduce a temperature rise for 
exothermic reactions or reduce a temperature decrease for 
endothermic reactions. The introduction of an extraneous 
component as a heat carrier affects the recycle structure of 
the flowsheet. Figure 14.6a shows an example of the recycle 
structure for just such a process. 

Where possible, introducing extraneous materials into the 
process should be avoided, and material already present in 
the process should be used. Figure 14.6b illustrates the use of 
the product as the heat carrier. This simplifies the recycle 
structure of the flowsheet and removes the need for one of 
the separators (Figure 14.6b). The use of the product as heat 
carrier is obviously restricted to situations where the product 
does not undergo secondary reactions to unwanted byprod¬ 
ucts. Unconverted feed that is recycled also acts as a heat 

Recycle FEED 

' I 

iD -1 —“-;- 1 FEED _„ 

“ *1— Reactor | + PRODUCT 

+ DILUENT , 


Recycle DILUENT _J 


Figure 14.5 

Diluents and solvents are normally recycled. 
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Figure 14.6 

Heat carriers are normally recycled. 


carrier. Thus, rather than relying on recycled product to limit 
the temperature rise (fall), simply opt for a low conversion, a 
high recycle of feed and a resulting small temperature change 
in the reactor. 

Other options are possible. If the process produces a 
byproduct of reaction, then this can be recycled, provided it 
does not have an adverse effect on the reactor performance. 
If the feed enters with an impurity, then the impurity could 
also be recycled as a heat carrier, provided it does not have 
an adverse effect on the reactor performance. 

Whether an extraneous component, product, feed, byprod¬ 
uct or feed impurity is used as a heat carrier, as before, the 
actual configuration of the separation configuration will 
change between different processes as the properties on 
which the separation is based change the order of separation. 

Having considered the main factors that determine the 
need for recycles, care should be taken if a flowsheet requires 
multiple recycles. It is counterproductive to separate two 
components adjacent in the order of separation that are to be 
recycled to the reactor, since they would only be remixed at 
some point before entering the reactor. The designer should 
always be on guard to avoid unnecessary separation and 
unnecessary mixing. 


Example 14.1 Monochlorodecane (MCD) is to be produced 
from decane (DEC) and chlorine via the reaction (Powers, 1972; 
Rudd, Powers and Siirota, 1973): 

Ci 0 H 22 + Cl 2 —> C 10 H 2 iC1+ HC1 

DEC chlorine MCD hydrogen chloride 

A side reaction occurs in which dichlorodecane (DCD) is produced: 

Ci 0 H 21 C1+ Cl 2 —> Ci 0 H 20 C1 2 + HC1 

MCD chlorine DCD hydrogen chloride 

The byproduct DCD is not required. Hydrogen chloride can be sold 
to a neighboring plant. Assume at this stage that all separations can 


Table 14.1 

Data for the materials involved with the production of monochlorodecane. 


Material 

Molar 

mass 

(kg kmol -1 ) 

Normal 
boiling 
point (K) 

Value 

(Skg- 1 ) 

Hydrogen chloride 

36 

188 

0.35 

Chlorine 

71 

239 

0.21 

Decane 

142 

447 

0.27 

Monochlorodecane 

176 

488 

0.45 

Dichlorodecane 

211 

514 

0 


be carried out by distillation. The normal boiling points are given in 
the Table 14.1. 

a) Determine alternative recycle structures for the process by 
assuming different levels of conversion of raw materials and 
different excesses of reactants. 

b) Which structure is most effective in suppressing the side 
reaction? 

c) What is the minimum selectivity of decane that must be 
achieved for profitable operation? The values of the materials 
involved, together with their molar mass, are given in the 
Table 14.1. 

Solution 

a) Four possible arrangements can be considered: 

i) Complete conversion of both feeds. Figure 14.7a shows 
the most desirable arrangement; complete conversion of the 
decane and chlorine in the reactor. The absence of reactants 
in the reactor effluent means that no recycles are needed. 

Although the flowsheet shown in Figure 14.7a is very 
attractive, it is not practical. This would require careful 
control of the stoichiometric ratio of decane to chlorine, 
taking into account both the requirements of the primary 
and byproduct reactions. Even if it was possible to 
balance out the reactants exactly, a small upset in process 
conditions would create an excess of either decane or 
chlorine and these would then appear as components in 
the reactor effluent. If these components appear in the 
reactor effluent of the flowsheet in Figure 14.7a, there are 
no separators to deal with their presence and no means of 
recycling unconverted raw materials. 

Also, although there are no selectivity data for the 
reaction, the selectivity losses would be expected to 
increase with increasing conversion. Complete conversion 
would tend to produce high byproduct formation and 
poor selectivity. Finally, the reactor volume required to 
give complete conversion would be extremely large. 

ii) Incomplete conversion of both feeds. If complete conver¬ 
sion is not practical, consider incomplete conversion. This 
is shown in Figure 14.7b. In this case, all components are 
present in the reactor effluent, and one additional separa¬ 
tor and a recycle are required. Thus the complexity of the 
flowsheet is significantly increased, compared with that 
for complete conversion. 
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(a) Assume complete conversion of both feeds. 
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(h) Assume neither feed is completely converted. 




(d) Assume decane is fed in excess. 


Figure 14.7 

Different recycle structures for the production of monochlorodecane. 


Note that no attempt has been made to separate the 
chlorine and decane since they are remixed after 
recycling to the reactor. 

iii) Excess chlorine. Use of excess chlorine in the reactor can 
force the decane to effectively complete conversion 
(Figure 14.7c). Now there is effectively no decane in the 
reactor effluent and again three separators and a recycle 
are required. 

In practice, there is likely to be a trace of decane in 
the reactor effluent. Flowever, this should not be a 
problem since it can either be recycled with the unreacted 
chlorine or it can leave with the product monochlorode¬ 
cane (providing it can still meet product specifications). 

At this stage, how large the excess of chlorine should 
be for Figure 14.7c to be feasible cannot be specified. 
Experimental data on the reaction chemistry would be 
required in order to establish this. Flowever, the size of 
the excess does not change the basic stmcture. 


iv) Excess decane. Use of excess decane in the reactor forces 
the chlorine to effectively complete conversion (Figure 
14.7d). Now there is effectively no chlorine in the reactor 
effluent. Again, three separators are required and a 
recycle of unconverted raw material. 

In practice, there is likely to be a trace of chlorine in 
the reactor effluent. This can be recycled to the reactor 
with the unreacted decane or allowed to leave with the 
hydrogen chloride byproduct (providing this meets with 
the byproduct specifications). 

Again at this stage, it cannot be determined exactly 
how large an excess of decane would be required in 
order to make Figure 14.7d feasible. This would have 
to be established from experimental data, but the size 
of the excess does not change the basic flowsheet 
structure. 

b) An arrangement is to be chosen to inhibit the side reaction, that 
is, to give high selectivity. The side reaction is suppressed by 
starving the reactor of either monochlorodecane or chlorine. 
Since the reactor is designed to produce monochlorodecane, the 
former option is not sensible. However, it is practical to use an 
excess of decane. 

The last of the four flowsheet options generated above, 
which features excess decane in the reactor, is therefore 
preferred as shown in Figure 14.7d. 

c) The selectivity (5) is defined by 

MCD produced in the reactor . . 

5 ~ - X Stoichiometric factor 

DEC consumed in the reactor 

In this case, the stoichiometric factor is one. This is a 
measure of the MCD obtained from the DEC consumed. To 
assess the selectivity losses, the MCD produced in the primary 
reaction is split into that fraction that will become the final 
product and that which will become the byproduct. Thus the 
reaction stoichiometry is: 


Ci 0 H 22 + Cl 2 —► 5C 10 H 21 C1 + (1 - 5)C 10 H 21 C1 + HCI 
and, for the byproduct reaction: 

(1 - 5)C 10 H 21 C1 + (1 - 5)C1 2 —► (I - 5)C 10 H 20 C1 2 + (1 - 5)HC1 
Adding the two reactions gives overall: 


Ci 0 H 22 + (2 - 5)C1 2 —> 5C 10 H 21 C1 + (1 - 5)C 10 H 20 C1 2 
+(2 - 5)HC1 

Considering raw materials costs only, the economic poten¬ 
tial, EP, of the process is defined as: 

EP = Value of products — Raw materials costs 
= [176 x 5 X 0.45 + 36 X (2 - 5) X 0.35] 

- [142 X 1 X 0.27 + 71 x (2 - 5) X 0.21] 

= 79.25 - 2.31(2 — 5) — 38.34 ($ • krnoU 1 decane reacted) 

The minimum selectivity that can be tolerated is given when 
the economic potential is just zero: 

0 = 79.25-2.31(2-5)-38.34 
5 = 0.53 
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In other words, the process must convert at least 53% of 
the decane that reacts to monochlorodecane rather than to 
dichlorodecane for the process to be economic. This figure 
assumes that the hydrogen chloride is sold to a neighboring 
process. If this is not the case, there is no value associated 
with the hydrogen chloride. Assuming there are no treatment 
and disposal costs for the now waste hydrogen chloride, the 
minimum economic potential is given by: 

0 = [176 xXx 0.45] - [142 x 1 X 0.27 + 71 x (2 - 5) X 0.21] 
= 79.25- 14.91(2-5)-38.4 
5 = 0.72 

Now the process must convert at least 72% of the decane to 
monochlorodecane. 

If the hydrogen chloride cannot be sold, it must be 
disposed of somehow. Alternatively, it could be converted 
back to chlorine via the reaction: 

2HC1 + ^ 0 2 ; Cl 2 + H 2 0 

and then recycled to the MCD reactor. Now the overall 
stoichiometry changes since the (2 - 5) moles of HC1 that 
were being produced as byproduct are now being recycled to 
substitute fresh chlorine feed: 

(2 - 5)HC1 + i(2 - 5)0 2 —► '-(2- 5)C1 2 + l - (2 - 5)H 2 0 
Thus the overall reaction now becomes: 

Ci 0 H 22 + * (2 - 5)C1 2 +' 4 (2-S)0 2 

5C 10 H 21 C1 + (1 - 5)C 10 H 20 C1 2 + * (2 - 5)H 2 0 

The economic potential is now given by: 

0 = [176 X 5 X 0.45] — [142 xlx 0.27+ 71x1 /2(2 — 5) X 0.21] 
= 79.25 - 7.455(2 - 5) - 38.34 
5 = 0.61 

The minimum selectivity that can now be tolerated becomes 
61%. 


14.2 Recycles with Purges 

As discussed in the previous section, a purge can be used to avoid 
the cost of separating a component from a recycle. Purges can, in 
principle, be used either with liquid or vapor (gas) recycles. 
However, purges are most often used to remove low-boiling 
components from vapor (gas) recycles. 

A common situation is encountered when the effluent from a 
chemical reactor contains components with large relative volatil¬ 
ities. As discussed in Chapter 8, a partial condensation of the 
mixture from the vapor phase followed by a simple phase split can 
often produce an effective separation. Cooling below cooling 
water temperature is not preferred, otherwise refrigeration is 


required. A dew-point calculation (see Chapter 8) at the system 
pressure reveals whether partial condensation above cooling water 
temperatures is effective. If partial condensation does not occur, 
even down to cooling water temperature, increasing the reactor 
pressure or using refrigeration (or both) can be considered to 
accomplish a phase split. Increasing the pressure of the reactor 
needs careful evaluation as far as the implications for reactor design 
are concerned. However, by its very nature, a single-stage separa¬ 
tion does not produce pure products; hence further separation of 
both liquid and vapor streams is often required. 

In Chapter 8, it was concluded that if a component is required 
to leave in the vapor phase, its K-value should be large, typically 
greater than 10 (Douglas, 1988). If a component is required to 
leave in the liquid phase, its K-value should be small, typically 
lessthanO.l (Douglas, 1988).Ideally,theK-valueforthelightkey 
component in the phase separation should be greater than 10 and, 
at the same time, the K-value for the heavy key less than 0.1. 
Having such circumstances leads to a good separation in a single 
stage. However, use of phase separators might still be effective in 
the flowsheet if the K-values for the key components are not so 
favorable. Under such circumstances, a more crude separation 
must be accepted. 

Phase separation in this way is most effective if the light key 
component is significantly above its critical temperature. If a 
component is above its critical temperature, it will not condense. 
However, any condensed liquid will still contain a small amount 
of the component above its critical temperature as it ‘dissolves’ 
in the liquid phase. This means that a component above its 
critical temperature will have an extremely high K-value. Many 
processes, particularly in the petroleum and petrochemical 
industries, produce a reactor effluent that consists of a mixture 
of low-boiling components such as hydrogen and methane that 
are above their critical temperature, together with much less 
volatile organic components. In such circumstances, simple 
phase splits can give a very effective separation. 

If the vapor from the phase split is either predominantly product 
or predominantly byproduct, then it can be removed from the 
process. If the vapor contains predominantly unconverted feed 
material, it is normally recycled to the reactor. If the vapor stream 
consists of a mixture of unconverted feed material, products and 
byproducts, then some separation of the vapor may be needed. The 
vapor from the phase split will be difficult to condense if the feed to 
the phase split has been cooled to cooling water temperature. If 
separation of the vapor is needed in such circumstances, one of the 
following methods can be used: 

1) Refrigerated condensation. Separation by condensation 
relies on differences in volatility between the condensing 
components. Refrigeration, or a combination of high pres¬ 
sure and refrigeration, is needed. If a single-stage separation 
using refrigerated condensation does not give an adequate 
separation, the process can be repeated in a refluxed 
condenser or dephlegmator. This is a plate-fin heat 
exchanger (as will be discussed in Chapter 12). The vapor 
flows up through the vertical condenser and the condensed 
liquid flows down over the heat exchange surface counter- 
currently. Mass is exchanged between the upward flowing 
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vapor and the downward flowing condensed liquid. A 
separation of typically up to eight theoretical stages can be 
achieved in such a device. 

2) Low-temperature/high-pressure distillation. Rather than use 
a low-temperature single-stage condensation or refluxed 
condenser, a conventional distillation can be used. To carry 
out the separation under these circumstances will require a 
low-temperature condenser for the column, or operation at 
high pressure, or a combination of both. 

3) Absorption. Absorption was discussed in Chapter 9. If 
possible, a component that already exists in the flowsheet 
should be used as a solvent. Introducing an extraneous 
component into the flowsheet introduces additional complex¬ 
ity and the possibility of increased environmental and safety 
problems later in the design. 

4) Adsorption. Adsorption involves the transfer of a component 
on to a solid surface (Chapter 9). The adsorbent will need to 
be regenerated by a gas or vapor when the bed approaches 
saturation. As discussed in Chapter 9, a vapor or gas can be 
used for regeneration. However, this can introduce extra¬ 
neous material into the process, with the regeneration stream 
needing further separation. Thus, for such applications, 
regeneration by a change in pressure (pressure swing 
adsorption) would normally be preferred. 

5) Membrane separation. Membranes, as discussed in 
Chapter 9, separate gases by means of a pressure gradient 
across a membrane, typically 40 bar or greater. Some gases 
permeate through the membrane faster than others and 
concentrate on the low-pressure side. Low molar mass gases 
and strongly polar gases have high permeabilities and are 
known as fast gases. Slow gases have higher molar mass and 
symmetrical molecules. Thus, membrane gas separators are 
effective when the gas to be separated is already at a high 
pressure and only a partial separation is required. 

In situations where a large vapor (gas) flow having a dew 
point below cooling water temperature is to be recycled back 
to the reactor, it is often expensive to carry out such 
separations on the recycle. This is especially true when 
relatively small amounts of material need to be separated 
from the recycle. Rather than carry out a separation on the 
recycle vapor (gas) stream, a purge from the recycle stream 
can allow such material to be removed without the need to 
carry out a separation. Although the purge removes the need 
for a separator, it incurs raw material losses. Not only can 
these material losses be expensive, but they can also create 
environmental problems. However, another option is to use a 
combination of a purge with a separator on the purge. 

As an example, consider ammonia synthesis. In an 
ammonia synthesis loop, hydrogen and nitrogen are reacted 
to ammonia. The reactor effluent is partially condensed to 
separate ammonia as a liquid. Unreacted gaseous hydrogen 
and nitrogen are recycled to the reactor. A purge on the 
recycle prevents the build-up of argon and methane that enter 
the system as feed impurities. Although the purge can be 
burnt as fuel, considerable quantities of hydrogen are lost 
and therefore recovery of this hydrogen is usually economic. 


For such hydrogen recovery systems, adsorption, a mem¬ 
brane or cryogenic condensation could be used. For hydro¬ 
gen recovery from ammonia purge gas, a membrane is 
usually the most economic option. The membrane allows 
fast gases such as hydrogen to be separated from slow gases 
such as methane. The driving force for the permeation of the 
fast gas (and hence the separation of the fast gas from the 
other slower components) is the difference in partial pressure 
from one side of the membrane to the other. Hence, for 
recovery of hydrogen, the product stream must be at a 
substantially lower pressure than the feed stream. 

If the liquid from the phase split requires separation, then 
this can normally be accomplished by distillation, except 
under special circumstances. A distillation sequence is most 
often required with products and byproducts removed from 
the process and unreacted feed materials recycled. In some 
situations, byproducts might be recycled for reasons dis¬ 
cussed in the previous section. 

The following example illustrates the quantitative relationships 
involving the use of a purge on a gas recycle stream. 

Example 14.2 Benzene is to be produced from toluene 
according to the reaction (Douglas, 1985): 

C 6 H 5 CH 3 + H 2 —► C 6 H 6 + CH 4 

toluene hydrogen benzene methane 

The reaction is carried out in the gas phase and normally operates at 
around 700 °C and 40 bar. Some of the benzene formed undergoes a 
series of secondary reactions. These are characterized here by the 
single secondary reversible reaction to an unwanted byproduct, 
diphenyl, according to the reaction: 

2C 6 H 6 ^=>C 12 H 10 + H 2 

benzene diphenyl hydrogen 

Laboratory studies indicate that a hydrogen/toluene ratio of 5 at 
the reactor inlet is required to prevent excessive coke formation 
in the reactor. Even with a large excess of hydrogen, the toluene 
cannot be forced to complete conversion. The laboratory studies 
indicate that the selectivity (i.e. fraction of toluene reacted that is 
converted to benzene) is related to the conversion (i.e. fraction of 
toluene fed that is reacted) according to (Douglas, 1985): 

0.0036 14 

5 (i-X ) 1 - 544 

where S = selectivity 
X = conversion 

The reactor effluent is thus likely to contain hydrogen, methane, 
benzene, toluene and diphenyl. Because of the large differences 
in volatility of these components, it seems likely that partial 
condensation will allow the effluent to be split into a vapor 
stream containing predominantly hydrogen and methane, and a 
liquid stream containing predominantly benzene, toluene and 
diphenyl. 

The hydrogen in the vapor stream is a reactant and hence 
should be recycled to the reactor inlet (Figure 14.8). The methane 
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Figure 14.8 

A flowsheet for the production of benzene uses purge to remove the 
methane that enters as a feed impurity and is also formed as a 
byproduct. 
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Figure 14.9 

Purge fraction for the recycle. 


enters the process as a feed impurity and is also a byproduct from 
the primary reaction and must be removed from the process. The 
hydrogen-methane separation is likely to be expensive but the 
methane can be removed from the process by means of a purge 
(Figure 14.8). 

The liquid stream can readily be separated into relatively pure 
components by distillation, the benzene taken off as product, 
diphenyl as an unwanted byproduct and the toluene recycled. It is 
possible to recycle the diphenyl to improve selectivity, but it will be 
assumed that is not done here. The hydrogen feed contains methane 
as an impurity at a mole fraction of 0.05. The production rate of 
benzene required is 265 kmol -h _ 1 . Assume initially that a phase split 
can separate the reactor effluent into a vapor stream containing only 
hydrogen and methane, and a liquid containing only benzene, 
toluene and diphenyl, and that it can be separated to produce 
essentially pure products. For a conversion in the reactor of 0.75: 

a) Determine the relation between the fraction of vapor from 
the phase split sent to purge (a) and the fraction of methane 
in the recycle and purge (y), as shown in Figure 14.9. 

b) Given the assumptions, estimate the composition of the 
reactor effluent for the fraction of methane in the recycle and 
purge of 0.4. 

Solution 

a) Following Douglas (1985) with the benzene production rate 
to be Pb, the benzene produced by the primary reaction is 
split into two parts, one part forming the final product and 
the other reacting to byproduct: 


C 6 H 5 CH 3 + H 2 
Pb Pb 
S + S 


C 6 H6+C 6 H 6 + CH4 


Pb + Pb 



+ 


Pb 

S 


2C 6 H 6 



Pb 

2 


Ci 2 H 10 + H 2 



For X=0.75: 


S = 


0.0036 

(1 - 0.75) 1 ' 544 


0.9694 


Toluene balance 

Fresh toluene feed 

Toluene recycle 

Toluene entering the reactor 

Toluene in reactor effluent 


Pb 

S 

Rj 



(1 -X) = R t 


For P B = 265 kmol lT 1 , X = 0.75 and 5 = 0.9694: 


R t = 91.12 kmol ■ h _I 
265 

Toluene entering the reactor = ———— + 91.12 

0.9694 

= 364.5 kmol • IT 1 


Hydrogen balance 

Hydrogen entering the reactor = 5 X 364.5 

= 1823 kmol h -1 


Net hydrogen consumed 
in reaction 


Pb 

S 

Pb 

S 


Pb 

2 



- 1 





= 269.2 kmol ■ h -1 


Hydrogen in reactor effluent = 1823 - 269.2 

= 1554 kmol • h -1 


Hydrogen lost in purge = 1554a 

Hydrogen feed to the process = 1554a + 269.2 


Methane balance 

Methane feed to 
process as impurity 

Methane produced by reactor 
Methane in purge 


= (1554a + 269.2) 

= Pb 
S 

= £ + (1554a + 269.2)£| 


= 81.79a+ 287.5 

Total flowrate of purge = 1554a + 81.79a + 287.5 

= 1636a+287.5 


Fraction of methane in the purge (and recycle): 


81.79a+ 287.5 
1636a+ 287.5 
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Figure 14.10 

Variation of vapor composition with purge fraction. 


Figure 14.10 shows a plot of Equation 14.5. As the purge 
fraction a is increased, the flowrate of purge increases but the 
concentration of methane in the purge and recycle decreases. 
This variation (along with reactor conversion) is an important 
degree of freedom in the optimization of reaction and separa¬ 
tion systems as will be discussed later, 
b) Methane balance 

Mole fraction of methane in vapor from phase separator = 0.4 

0.4 

Methane in reactor effluent = —— x 1554 

0.6 

= 1036 kmol • fT 1 


Diphenyl balance 


Diphenyl in reactor effluent = 


Pb 

2 



= 4 kmol • h 1 


The estimated composition of the reactor effluent are given in 
Table 14.2. This calculation assumes that all separations in the 
phase split are sharp. 


Table 14.2 

Composition of reactor effluent for Example 14.2. 


Component 

Flowrate (kmol h ') 

Hydrogen 

1554 

Methane 

1036 

Benzene 

265 

Toluene 

91 

Diphenyl 

4 


The above example illustrates some important principles for the 
design of recycles with purges: 

1) There must be an overall mass balance in which the mass of 
the component to be separated that enters with the feed, or is 
formed in the reactor, must equal the mass of that component 
leaving with the purge gas, plus that which leaves with the 
liquid. If the mass that leaves with the liquid is extremely 
small relative to the purge, then effectively all of this mass 
must leave with the purge. 

2) The concentration of the recycle can be controlled by 
varying the purge fraction. Decreasing the purge fraction 
causes the concentration of the component being purged to 
increase and vice versa. 

3) A given mass of material can be purged with a low flowrate 
and high concentration, leading to a low loss of useful 
material in the purge. Alternatively, a given mass of material 
can be purged with a high flowrate and low concentration, 
leading to a high loss of useful material in the purge. 

4) Purging with a low flowrate and high concentration leads to 
a relatively high recycle flowrate, and hence high costs for 
the recycle. On the other hand, purging with a high flowrate 
and low concentration leads to a relatively low recycle 
flowrate, and hence low costs for the recycle. 

5) There are important costs to be traded off and will be 
considered in Chapter 15. 

14.3 Hybrid Reaction 
and Separation 

So far, it has been assumed that the reaction and separation would 
be carried out consecutively and connected with recycle streams if 
appropriate. Consider a liquid-phase exothermic equilibrium 
reaction, such as: 

FEED 1 + FEED! , PRODUCT + BYPRODUCT 

(14.6) 

If the reaction is carried out in a reactor, such as that shown in 
Figure 14.11a, in which the product is allowed to vaporize and 
leave the reactor, then the equilibrium is shifted to higher conver¬ 
sion, as discussed in Chapter 5. However, the vaporization would 
be expected to be such that not just the product would vaporize but 
also perhaps the feed material and byproduct. A distillation 
rectifying section could be added to the reactor as shown in 
Figure 14.11b to carry out rectification and produce a pure 
PRODUCT from the top of the distillation. Of course, for this 
to be possible, the relative volatilities of the various components 
must be appropriate both in their order and their magnitude. Also, 
the temperature at which the reaction and distillation take place 
needs to be similar. The arrangement shown in Figure 14.1 lb, in 
addition to having advantages for the reactor, is also energy 
efficient in that the vapor supplied to the distillation comes 
from the heat of reaction. This idea is carried a step further by 
adding a distillation stripping section, as shown in Figure 14.1 lc. 


14 
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FI = FEED1 P = PRODUCT 

F2 = FEED2 IS = BYPRODUCT 



(a) Product vaporization. (b) Product vaporization with (c) Rectification of the 

rectification. product and stripping of 

the byproduct. 



Figure 14.11 

Hybrid reaction and distillation - reactive distillation. 


to separate the pure BYPRODUCT from the liquid leaving the 
reactor and return the feed material to the reactor. Again, the 
relative volatilities of the components must be appropriate both 
in their order and their magnitude to allow this to be achieved. 
Finally, the whole system is fitted into a single shell and the result is 
a reactive distillation, as shown in Figure 14.1 Id. 

It may also be useful to carry out such hybrid reaction and 
separation when byproducts are formed from competing reactions, 
such as: 

FEED 1 + FEED2 —► PRODUCT 

(14.7) 

PRODUCT —> BYPRODUCT 

It is desirable to remove product from the reaction as soon as it 
is formed to prevent it from reacting further to byproduct. An 
arrangement such as that shown in Figure 14.1 Id would allow this 
to happen if the relative volatilities between the components have 
the appropriate order and magnitude. 

Thus, there are a number of potential advantages for reactive 
distillation: 

• reaction equilibrium can be shifted to higher (or even 
complete) conversion; 

• side reactions can be suppressed and selectivity increased; 

• capital investment can be reduced; 

• exothermic reaction heat used to provide the heat for the 
separation and reduce operating costs. 

In some fortunate circumstances, azeotropes can be eliminated 
from the separation that would need to be dealt with if reaction and 
separation are carried out consecutively. 


The disadvantages of reactive distillation are: 

• favorable relative volatilities are needed; 

• distillation conditions must give an adequate reaction rate; 

• thorough research, testing and even pilot plant trials are 
required. 

Figure 14.12 shows another example of hybrid reaction and 
separation. This shows an esterification reaction in which water is 
removed between the reaction stages using pervaporation as 
discussed in Chapter 11 (Wynn, 2001). The esterification uses a 
heterogeneous catalyst and the process in Figure 14.12 runs in four 
stages. Each stage includes a reactor where the components are 
brought close to equilibrium and then the mixture flows through a 
pervaporation stage where the water generated in the reaction step 
is removed. This shifts the equilibrium conversion favorably. In the 
next reaction step, equilibrium is reestablished and again the 
reaction water is removed, and so on. 

14.4 The Process Yield 

Having considered the feed, reaction, separation and recycling of 
material, the streams entering and leaving the process can be 
established. Figure 14.13 illustrates typical input and output 
streams. Feed streams enter the process and product, byproduct 
and purge streams leave after the separation and recycle system has 
been established. 

Raw materials costs dominate the operating costs of most 
processes (see Chapter 2). Also, if raw materials are not used 
efficiently, this creates waste that becomes an environmental 
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Figure 14.12 

Hybrid reaction and pervaporation. (From Wynn N, 2001, Chem Eng Progr, Oct: 66, reproduced by permission of AiChE.) 


problem. It is therefore important to have a measure of the 
efficiency of raw materials usage. The process yield is defined as: 


Desired product produced . 

Process yield =--X Stoichiometric factor 

Reactant fed to the process 


(14.8) 


reactions produce hydrogen chloride as a byproduct. If this 
cannot be sold it must be disposed of. An alternative as 
discussed in Example 14.1 is to convert the hydrogen 
chloride back to chlorine via the reaction: 

2HCl + ^0 2 , C1 2 + H 2 0 


where the stoichiometric factor is the stoichiometric moles of 
reactant required per mole of product. When more than one 
reactant is used (or more than one desired product produced) 
Equation 14.8 can be applied to each reactant (or product). 

In broad terms, there are two sources of yield loss in the process: 

• losses in the reactor due to byproduct formation (selectivity 
losses) or unconverted feed material if recycling is not possible; 

• losses from the separation and recycle system. 

Addressing the streams entering and leaving the process in 
Figure 14.13, there are material losses in the byproducts and purges 
that should be reduced if possible. Thus, before proceeding further, 
a number of questions should be considered: 

1) Can byproduct formation be avoided or reduced by recy¬ 
cling? This is sometimes possible when the byproduct is 
formed by secondary reversible reactions. 

2) If a byproduct is formed by reaction involving feed impurities, 
can this be avoided or reduced by purification of the feed? 

3) Can the byproduct be subjected to further reaction and its 
value upgraded? For example, most organic chlorination 


Feed 

Streams 


Reaction 

Separation 

Recycle 


Purge 


-> Product 


Byproduct 


The chlorine can then be recycled. 

4) Can the loss of useful material in the purge streams be 
avoided or reduced by feed purification? 

5) Can the loss of useful material in the purge be avoided or 
reduced by additional separation on the purge? The roles of 
refrigerated condensation, low-temperature distillation, 
absorption, adsorption and membranes in this respect have 
already been discussed. 

6) Can the useful material lost in the purge streams be reduced 
by additional reaction to useful products? If the purge stream 
contains significant quantities of reactants, then placing a 
reactor and additional separation on the purge can sometimes 
be justified. This technique is used in some designs of 
ethylene oxide processes. 


Example 14.3 Calculate the process yield of benzene from 
toluene and benzene from hydrogen for the approximate phase split 
in Example 14.2. 


Solution 


Benzene yield = 


Benzene produced 
Toluene fed to the process 
X Stoichiometric factor 


Stoichiometric factor = Stoichiometric moles of toluene 
required per mole of 
benzene produced 
= 1 

Benzene yield _ Pb ^ 
from toluene Pb/S 

= S = 0.97 


14 


Figure 14.13 

The overall process material balance for the process yield. 
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In this case, because there are no raw materials losses in the 
separation and recycle system, the only yield loss is in the reactor 
and the process yield equals the reactor selectivity: 

Benzene yield Benzene produced 

from hydrogen Hydrogen fed to the process 
X Stoichiometric factor 

Stoichiometric factor = Stoichiometric moles of hydrogen 
required per mole of 
benzene produced 
= 1 

For y = 0.4, a = 0.3013: 

P B 

Benzene yield from hydrogen =- X 1 

1554a + 269.2 

265 

~~ 1554x0.3013 + 269.2 
= 0.36 

14.5 Feed, Product and 
Intermediate Storage 

Most processes require storage for the feed and product. Storage of 
feed is required if the delivery of the feed is in batches (e.g. barge, 
rail car, road truck). Even if the feed is being delivered continu¬ 
ously via pipelines for gases and liquids or conveyors in the case of 
solids, there will be no guarantee that feed will be free from 
interruptions in supply. For example, the upstream plant providing 
the continuous feed will need to be shut down for various reasons 
and there might be unexpected failures of the delivery, for example, 
as a result of breakdowns. 

Whilst solids and liquids are straightforward to store, gases are 
difficult. Relatively small quantities of gas can be stored in the 
gaseous state at ambient temperature in pressurized vessels. Larger 
quantities of gas storage require the gas to be liquefied. This can be 
achieved by decreasing the temperature using refrigeration, or 
increasing the pressure, or a combination of both. High-pressure 
storage has a high capital cost, as it requires thick-walled vessels. 
Low-temperature storage also has a high capital cost, as it requires 
capital investment in refrigeration equipment. Low-temperature 
storage also has a significant operating cost for power to run the 
refrigeration. The most appropriate method of storage for gases 
depends on a number of factors and involves safety, as well as 
capital and operating cost considerations. 

If the feed is delivered in batches and used continuously, there is 
a fluctuating amount of storage, known as the active stock. For 
example, suppose a plant operating with a liquid feed is at steady 
state. The liquid feed tank after a delivery might be perhaps 80% 
full. As the plant operates at steady state, the liquid level falls 
continuously to, say, 20% when the next delivery arrives and the 
level returns to 80% as a result of the delivery. The amount of liquid 
between the 20% and 80% levels is the active stock and 20% is 
inactive. Storage tanks for liquids should not be designed to operate 


with less than 10% inactive stack at the minimum, as this would 
create difficulties in operation. On the other hand, tanks for liquids 
should not be designed to operate more than 90% full at the 
maximum. An empty space above the liquid (known as ullage) 
is required when the tank is full to allow for safety and expansion. If 
the flowrate of feed material is m FEED tons per year and the 
maximum active stock is m STOCK , the number of deliveries per 
year will be the ratio tn FEED /m STOCK . 

The capital cost of the storage equipment will be approxi¬ 
mately proportional to the storage capacity. This involves the 
capital cost of storage tanks in the case of gases and liquids, and 
silos in the case of solids, as well as the capital cost of materials 
handling equipment (e.g. pumps, conveyors, etc.) and the capital 
cost of refrigeration equipment. In addition to the capital cost of 
the equipment, there is also the working capital associated with 
the value of the material being stored. The greater the value of 
the material in storage the greater the disincentive to store large 
quantities of material. 

The feed storage: 

• provides a supply of feed to the plant between feed deliveries; 

• compensates for interruptions in feed delivery due to 
unforeseen circumstances (e.g. breakdown in the plant 
manufacturing the feed material); 

• allows short-term increases in production if the market for the 
product is favorable; 

• compensates for interruptions in feed delivery due to holiday 
periods; 

• compensates for seasonal variations in feed supply; 

• allows feed to be bought under favorable market conditions 
when it is cheaper and stored for later use; 

• dampens out variations in the feed properties. 

The amount of feed storage will depend on: 

• the frequency of deliveries; 

• the size of deliveries; 

• the reliability of deliveries; 

• the capacity of the plant; 

• the phase of the feed (gas, liquid or solid); 

• the hazardous nature of the feed material (the inventory of 
hazardous feed should be kept to a minimum); 

• the capital and operating costs (e.g. refrigeration system for 
the storage of liquefied gas) associated with the feed storage 
equipment; 

• the working capital locked up in the stored feed; 

• the economic benefit to be gained from being able to take 
advantage of market fluctuations in the purchase cost of the 
raw materials. 

The product must also be stored, for similar reasons to those for 
feed storage. The product delivery will often not be continuous. 
Also, the product will often be delivered to different customers. If 
the product is being delivered via a pipeline in the case of a liquid or 
gas, or continuous conveyer in the case of a solid, then product 
storage can be minimized. 
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The product storage: 

• balances the difference between the rates of production and 
dispatch; 

• maintains product delivery during plant shutdown for mainte¬ 
nance; 

• maintains product delivery during unforeseen plant shutdown; 

• compensates for peak and seasonal demands; 

• holds materials when holidays prevent dispatch; 

• allows materials to be held up for later sale if short-term 
market conditions are unfavorable, leading to a short-term 
decrease in the sales price; 

• allows variations in product quality to be dampened out. 

The amount of product storage will depend on: 

• the frequency of product dispatches; 

• the size of dispatches; 

• the reliability of the dispatches; 

• the capacity of the plant; 

• the phase of the product (gas, liquid or solid); 

• the hazardous nature of the product (the inventory of 
hazardous products should be kept to a minimum); 

• the capital and operating costs (e.g. refrigeration system for 
the storage of liquefied gas) associated with product storage 
equipment; 

• the working capital locked up in the stored product; 

• the economic benefit to be gained from being able to take 
advantage of market fluctuations in the sales price of the 
product. 

In addition to the storage of the feed and product, chemical 
intermediates are also often stored within the process. Intermediate 
storage for chemical intermediates is required particularly when the 
process requires a number of transformation steps between the feed 
and the product. It creates flexibility in the operation of the plant. For 
example, consider a process involving a complex reaction system, 
followed by a complex separation system. The start-up and control 
of the two sections can be simplified if they can be decoupled. This 
can be achieved by introducing intermediate storage between the 
reaction and separation sections. For start-up, the reaction section 
can be started up independently of the separation section. When 
starting up, the reaction section produces an intermediate chemical 
that is accumulated in the intermediate storage. When the reaction 
section is producing material of a suitable quality to be fed to the 
separation section, then the separation section can be started up by 
feeding from intermediate storage. Off-specification material can be 
kept separate for reworking at a later time, or disposal. The 
intermediate storage allows the two sections to be operated inde¬ 
pendently of each other. This is not only important for start-up and 
shutdown, but allows one of the sections to be operated even if the 
other breaks down for a short period. The intermediate storage also 
decouples the control of the two sections. 

The intermediate storage between the reaction and separation 
system can also help dampen out valuations in composition, 
temperature and flowrate between the two sections (for gases 


and non viscous liquids, but not solids). Variations in the outlet 
properties from the storage are reduced compared with variations 
in the inlet properties. 

The greater the amount of intermediate storage the greater the 
flexibility created in the operation of the process and the simpler 
will be the control. However, like feed and product storage there 
are significant costs associated with intermediate storage, involv¬ 
ing capital, working and operating costs. In addition, intermediate 
storage will bring additional safety problems if the material being 
stored is of a hazardous nature. 

In summary, the amount of feed, product and intermediate 
storage will depend on capital, working and operating costs, 
together with operability, control and safety considerations. 

14.6 Continuous Process 
Recycle Structure - 
Summary 

The use of excess reactants, diluents or heat carriers in the reactor 
design has a significant effect on the flowsheet recycle structure. 
Sometimes the recycling of unwanted byproduct to the reactor can 
inhibit its formation at source. If this can be achieved, it improves the 
overall usage of raw materials and reduces effluent disposal prob¬ 
lems. However, the recycling results in an increase of some costs. 

When a mixture in a reactor effluent contains components with 
a wide range of volatilities, then a partial condensation from the 
vapor phase followed by a simple phase split can often produce a 
good separation. If the vapor from such a phase split is difficult to 
condense, then further separation needs to be carried out in a vapor 
separation process such as a membrane. The liquid from the phase 
split can be sent to a liquid separation unit such as distillation. 

The process yield is an important measure of both raw materials 
efficiency and environmental impact. 

Feed, product and intermediate storage can be very significant 
cost components. 

14.7 Exercises 

1. Ethylene is to be converted by catalytic air oxidation to ethyl¬ 
ene oxide according to the reaction: 

C 2 H 4 + ^ 0 2 —» c 2 h 4 o 

ethylene I ethylene oxide 

1 oxygen - 

A parallel reaction occurs leading to a selectivity loss: 

C 2 H 4 + 30 2 —► 2C0 2 +2H 2 0 

ethylene oxygen carbon water 

dioxide 

The air (21% 0 2 , 79% N 2 ) and ethylene (assumed pure) are 
mixed in the ratio 10:1 by volume. This mixture is combined 
with a recycle stream and the two streams are fed to the reactor. 
Of the ethylene entering the reactor, 40% is converted to 
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ethylene oxide, 20% is converted to carbon dioxide and water, 
and the rest does not react. The exit gases from the reactor are 
treated to remove substantially all of the ethylene oxide and 
water, and the residue recycled. Purging of the recycle is 
required to avoid accumulation of carbon dioxide and hence 
maintain a constant feed to the reactor. 

a) Sketch the basic flowsheet. 

b) Calculate the ratio of purge to recycle if not more than 
8% of the ethylene fed is lost in the purge. 

c) Calculate the composition of the corresponding reactor 
feed gas. 

2. Benzene is to be produced by the hydrodealkylation of toluene 
according to the reaction: 

c 6 h 5 ch 3 + h 2 —>■ c 6 h 6 + ch 4 

toluene hydrogen benzene methane 

Some of the benzene formed undergoes secondary reactions in 
series to unwanted byproducts that can be characterized by the 
reaction to diphenyl, according to the reaction: 

2C 6 H 6 = C 12 H 10 + H 2 
benzene diphenyl hydrogen 

Laboratory studies have established that the selectivity (i.e. 
fraction of toluene reacted that is converted to benzene) is 
related to the conversion (i.e. fraction of toluene fed that is 
reacted) according to: 

0.0036 

(l-X ) 1 - 544 

where S = selectivity 
X = conversion 

The hydrogen feed to the plant contains methane as an impurity 
at a mole fraction of 0.05. In the first instance, it can be assumed 
that the reactor effluent will contain hydrogen, methane, 
benzene, toluene and diphenyl, and that a simple phase split 
will produce vapor stream containing all of the hydrogen and 
methane and a liquid stream containing all of the aromatics. 
The hydrogen and methane will be recycled to the reactor with 
a purge to prevent the build-up of methane. The liquid stream 
containing the aromatics will be separated into pure products 
and the toluene recycled. The values of the feeds and products 
are given in Table 14.3. 

The purge stream containing hydrogen and methane and the 
byproduct diphenyl will be burned in a furnace and can be 
attributed with their fuel values given in Table 14.4. 

a) For a production rate of benzene of 300kmoMi _1 and 
mole fraction of hydrogen in the purge of 0.35, 
determine the flowrate of hydrogen as a function of the 
selectivity S. 

b> Determine the range of reactor conversions over which 
the plant is profitable. 


Table 14.3 

Values of feeds and products for Exercise 2. 



Molar mass 
(kg kmol -1 ) 

Value ($ kg -1 ) 

Hydrogen 

2 

1.06 

Toluene 

92 

0.21 

Benzene 

78 

0.34 


Table 14.4 

Fuel values of waste streams for Exercise 2. 



Molar mass 
(kg kmol -1 ) 

Fuel value ($ kg ' ) 

Hydrogen 

2 

0.53 

Methane 

16 

0.22 

Diphenyl 

154 

0.17 


3. An outline process flowsheet for the hydrodealkylation process 
from Exercise 2 for the production of benzene from toluene is 
shown in Figure 14.8. 

a) Suggest alternative recycle structures for the process to 
improve the yield of benzene from toluene. 

b) Suggest two ways in which the yield of benzene from 
hydrogen can be improved. 

4. Ethylene oxide (EO) reacts with ammonia to form monoe- 
thanolamine (MEA) by the following reaction: 

C 2 H 4 0 + NH; ■ NH 2 -CH 2 -CH 2 OH 

ethylene oxide ammonia monoethanolamine 

Two principal secondary reactions occur to form diethanol¬ 
amine (DEA) and triethanolamine (TEA): 

NH 2 -CH 2 -CH 2 OH+ C 2 H 4 0 ’ NH(CH 2 CH 2 OH) 2 

monoethanolamine ethylene oxide diethanolamine 

NH(CH 2 CH 2 OH) 2 + C 2 H 4 0 . N(CH 2 CH 2 OH) 3 

diethanolamine ethylene oxide triethanolamine 

All the above reactions are reversible and exothermic. The 
presence of DEA or TEA in the reactor feed virtually eliminates 
production of that amine. 

The normal boiling points of the components are given 
below: 


Component 

Boiling point (°C) 

Ammonia 

-33 

Ethylene oxide 

11 

Monoethanolamine 

170 

Diethanolamine 

269 

Triethanolamine 

335 
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There is market demand for all three amines. Assume that the 
objective is to design a flexible plant, that is, one that can produce 
any specified combination of the amines. Typically, the reaction 
bubbles ethylene oxide through aqueous ammonia. All compo¬ 
nents are water soluble. 

a) How would the product be affected by the ratio of 
ammonia to EO, the recycling of intermediate products 
and removal of intermediate products from the reactor? 

b) Suggest a recycle-separation scheme that will allow 
flexible production of high-purity amine products. 

5. Consider a process in which each delivery of raw material 
provides a 10 day supply and is stored in a tank. Delivery from 
the supplier takes between 5 and 15 days. The minimum 


inventory in the tank is to be 20 days supply. For what period 
should the storage tank be sized? 
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Chapter 15 


Continuous Process Simulation 
and Optimization 


H aving created an initial design for a flowsheet, an evalua¬ 
tion of the design requires the material and energy balance 
to be evaluated with greater accuracy. A preliminary sizing of 
equipment and an economic evaluation of the design is also 
required. In order to do this, a simulation model of the flowsheet 
is required. The overall simulation model requires unit models 
for the various transformation steps (chemical reaction, separa¬ 
tion, pressure change, etc.) to be developed and connected by 
process streams. A key element in these models is the ability to 
describe the behavior of the fluids involved, which requires the 
use of thermodynamic equations and physical property models. 
This overall simulation model is most often developed in general 
purpose flowsheet simulation software. The overall flowsheet 
simulation model will allow the feasibility of a proposed design 
to be assessed. The effect of important design decisions on the 
performance of the flowsheet can be determined. Model outputs 
may be related to process economics, process yield, plant 
capacity, safety, environmental impact, operability, etc. Once 
a simulation model is developed it can be subjected to optimi¬ 
zation to improve the design performance. 

15.1 Physical Property 
Models for Process 
Simulation 

The first important decision when simulating a flowsheet is how 
to represent the physical properties (see Appendix A). Gener¬ 
ally, when using commercial simulation software, a variety of 
physical property methods will be available. Choosing the most 
appropriate method from a number of options can be critical to 
obtaining a reliable design. Phase equilibrium (vapor-liquid. 
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liquid-liquid, solid-liquid, etc.) is usually the most critical 
physical property. Thermodynamic properties (molar volume, 
density, enthalpy, enthalpy of vaporization, heat capacity, 
entropy) and transport properties (viscosity, thermal conductiv¬ 
ity, diffusivity) are also required. The prediction of the physical 
properties of mixtures of components often starts with the 
prediction of the physical properties of the individual compo¬ 
nents and then these are combined according to mixing rules 
(see Appendix A). Such mixing rules introduce errors depend¬ 
ing on the physical property and the reliability of the mixing 
rule. 

Correlated experimental data should be used whenever possi¬ 
ble. If no such data are available, then the designer must resort to 
estimation methods. There are two broad categories of estimation 
methods: 

1) Methods whereby known properties of a compound are used to 
estimate the unknown properties. For example, Riedel (1954) 
proposed an equation to predict vapor pressure of the form: 

D 

In P SAT = A + — + ClnT + DT 6 (15.1) 

where F^ AT = saturated liquid vapour pressure 

T = absolute temperature 
A, B, C, D = constants calculated from critical 

constants and normal boiling points 
(see Poling, Prausnitz and O’Connell, 
2001) 

This allows the prediction of vapor pressure from knowledge of 
the critical properties and normal boiling point. 

2) Group contribution methods, which are based on the concept 
that a particular physical property of a compound can be 
considered to be made up of the contributions from the 
constituent chemical groups and chemical bonds (for example, 
ethylene C 2 H 4 is considered to be constituted of two —CH 2 
groups, while ethyl chloride CH 3 CH 2 C1 is considered as one 
—CH 3 , one —CH 2 — and one —Cl). An example of a group 
contribution method is the prediction of critical properties 
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using the method of Joback and Reid (1987). The critical 
properties can be predicted from: 


T c = Iw[o.584 +0.965 £A T - (£ A r) 2 ] 

P c = (0.113 + 0.0032/7^ - Ap)~ 2 

Vc = 17.5 + An 


where T c 

Tbpt 
Pc 
V c 


A t , A p , A v 


n A 


critical temperature (K) 
normal boiling point (K) 
critical pressure (bar) 
critical volume (cm' ■ mol -1 ) 
constants that depend on the atomic 
group and chemical bonds (see Poling, 
Prausnitz and O’Connell, 2001) 
number of atoms in the molecule 


The accuracy required of physical property data depends on the 
use to which the data will be put. There are three general 
considerations: 

1) Design stage. Exploratory calculations carried out to evaluate 
process options at a high level require less accurate physical 
property data than final equipment design calculations. 

2) Reliability of design methods. If there is signihcant uncertainty 
in the design method, there might be little point in using highly 
accurate physical property data. 

3) Mass and energy transfer with small driving forces. If mass is 
being transferred in a process with small driving forces, then 
phase equilibrium data with high precision are required. This 
might be, for example, when distillation is carried out between 
components with very low relative volatility. As an example, 
consider the separation by distillation of propylene and propane 
in ethylene production, which has a small relative volatility. An 
error of +1% in the prediction of the K-value for propane can 
lead to the requirement for 26% more trays or 25% more reflux 
(Streich and Kirstenmacher, 1979). Alternatively, if distillation 
is to be carried out to a high purity, leading to small driving 
forces in each stage (as seen in a McCabe-Thiele diagram when 
the equilibrium and operating lines become very close), then 
again phase equilibrium data with high precision are required. 
If heat is being transferred between streams with small tem¬ 
perature differences, then accurate physical property data for 
the enthalpies (heat capacities) of the streams are required to 
ensure the calculations reflect the change in temperature 
accurately. 

Design calculations can be sensitive or insensitive to errors in 
physical property data. For example, errors in viscosity often have 
little effect on calculated pressure drops in turbulent flow. On the 
other hand, distillation calculations when the relative volatility is 
small will be sensitive to errors in physical property data. The only 
way to be sure about the effect of errors in physical property data is 
to carry out a sensitivity check by repeating the calculation with 
slight changes in the physical property data. 

Physical property design data should be validated wherever 
possible. This is particularly true of phase equilibrium data. For 
example, suppose vapor-liquid equilibrium data are required for a 


mixture of benzene and cyclohexane. This is a hydrocarbon 
mixture and an equation of state method such as that of Peng-Ro- 
binson or Soave-Redlich-Kwong would normally be used (see 
Appendix A). In fact the mixture forms an azeotrope in this case 
and the equation of state methods would give spurious results. On 
the other hand, a mixture of benzene and toluene would be 
adequately represented by an equation of state method. No single 
vapor-liquid equilibrium model can be used on all systems. 
Different mixtures require different models. A simulation model 
based on inappropriate physical properties is likely to give results 
of some kind, but those results will be in the worst case meaning¬ 
less. In the case of vapor-liquid equilibrium, the binary data can be 
displayed on an x—y diagram, temperature-composition plot or 
pressure-composition plot and compared with experimental 
binary data (Gmehling, Onken and Arlt, 1977; Oellrich et al., 
1981) to ensure the model is representative of at least the binary 
data. 


15.2 Unit Models for 
Process Simulation 


As pointed out previously, the simulation of the process must start 
by creating models for the individual process steps, before con¬ 
necting them together to form a model of the overall process. The 
first basic principle that must apply to each unit model is the 
conservation of mass: 

[Total material out] = [Total material in] 

— [Accumulation of material] (15.3) 

For an individual Component i in a reacting system: 

[Material out], = [Material in], + [Generation],- 

— [Consumption], — [Accumulation],- 

For batch processes there can be an accumulation, but for contin¬ 
uous processes at steady state: 

[Total material out] = [Total material in] (15.5) 

[Material out], = [Material in], + [Generation],- 

— [Consumption], (15.6) 

Either mass or molar units can be used, but for reacting systems it is 
generally preferred to use molar units. There must also be conser¬ 
vation of energy for each unit: 


[Energy out] = [Energy in] — 


Accumulation of energy 
within the system 

(15.7) 


For batch processes there can be an accumulation of energy within 
the system, but for continuous processes at steady state: 

[Energy out] = [Energy in] (15.8) 
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Figure 15.1 

Binary distillation material balance. 

In its most general form, the energy input and output should 
account for heat, work, kinetic energy and potential energy. In 
most process energy balance calculations, change in kinetic and 
potential energy can be neglected. For chemical reactions there can 
be a generation of heat (exothermic) or a consumption of heat 
(endothermic), but overall energy is neither generated nor con¬ 
sumed by the reacting system. There is a difference in the energy 
associated with the chemical bonds in reactants and products. 

The basic specification of unit models is often not straightfor¬ 
ward, even when using commercial simulation software. It is both 
possible to underspecify or overspecify a model. Consider the 
example of specifying the material balance for a simple binary 
distillation. This is illustrated in Figure 15.1. Equations can be set 
up to model the distillation in Figure 15.1. 

Material balance equations 

1. F = D + B (15.9) 

2. Fxa,f = Dxa.d + Bxa.b (15.10) 

3- Fxg f = Dxgp + Bx/ib (15.11) 

Summation equations 

4. xa,f+Xb,f= 1 (15.12) 

5- xa,d + xb,d = 1 (15.13) 

6 - Xajs +x ius = I (15.14) 

Product recovery 

-7 DX A ,D /ICirx 

7- r, a,d=— - (15.15) 

Fx a ,f 


Flowrates and purities 


8 . 

F = 

1000 kmol-h 1 

(15.16) 

9. 

D = 

500 kiriollr 1 

(15.17) 

10 . 

X A ,F 

= 0.5 

(15.18) 

11 . 

x a ,d 

= 0.99 

(15.19) 

12 . 

Ra.d 

= 0.98 

(15.20) 


To determine whether this is a viable specification the number of 
variables and equations need to correspond. The number of 
variables is 10 (. F, Xa,fi Xg p, D, Xa.d, Xgo, B, x A ,g • Xg g, Ra,d)> 
but the number of equations is 12. For there to be a unique solution to 
this model, the number of variables must be equal to the number of 
equations. Thus there is no unique solution to the problem as 
specified. However, before dropping equations, it must be clear 
that the equations constitute independent sources of information. In 
the above equations. Equations 2, 3, 4, 5, and 6 can be combined to 
obtain Equation 1. Alternatively, Equations 1, 2, 4, 5, and 6 can be 
combined to obtain Equation 3, and so on. Thus, the first six 
equations are not independent. One equation must be dropped, 
for example drop Equation 1. This leaves 5 independent equations 
instead of the original 6 , but the problem is still overspecified. One 
further equation must be relaxed. This could be D = 500 kmol ■ h “ 1 
or Xa,d = 0.99 or R a ,d~ 0.98. Then the system can be solved. 
For example, drop the equation D = 500 kmol • IT 1 . Solving 
the equations gives D = 494.9 kmol • IT 1 , B = 505.1 kmol -h _1 , 
x A H = 0.01 99, .^ = 0.9801. If a further equation is relaxed, then 
there is no unique solution. 

Consider now the simple flowsheet in Figure 15.2. To simulate 
this flowsheet requires models for the following units: 

1) Feed streams. For the feed, specifications are required for the 
total flowrate and composition (or component flowrates), tem¬ 
perature and pressure. Solid feeds need additional information. 

2) Mixers. Outlet conditions are fixed by the material and energy 
balance. Outlet pressure would typically be the minimum of the 
two feeds minus the specified pressure drop. 

3) Heaters and coolers. A simple heater does not specify the 
source of heat for heating. Similarly, a simple cooler does not 
specify the sink of heat for cooling. It might be that the heating 
and cooling will be satisfied by utilities, or it might be a 
preliminary stage in the modeling of the flowsheet that will 
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A simple process. 
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ultimately be connected to another heat source or sink. The 
modeling equation for simple heaters and coolers is: 

f T> 

Q = m / CpdT (15.21) 

Jr, 

where Q = heating or cooling duty (kW) 
m = stream flowrate (kg-s -1 ) 

C P = stream specific heat capacity as a function of 
temperature (k J • kg ~ 1 • 1 ) 

T\ = stream inlet temperature (°C, K) 

T 2 = stream outlet temperature (°C, K) 

The inlet conditions will be specified by the upstream unit, 
which might be a feed stream or another unit. The duty on the 
heater or cooler can be specified in different ways. The outlet 
temperature might be specified by the heating or cooling 
heat duty. 

4) Heat exchangers. A heat exchanger is more complex than a 
simple heater or cooler, as both the heat source and heat sink need 
to be specified in die model. Again, the inlet conditions will be 
specified by die upstream units. Heat exchangers have been 
considered in more detail in Chapter 12. However, simple 
modeling equations for countercurrent heat transfer are given by: 


example, the heat duty can be specified, and, given the inlet 
conditions and flowrates from upstream units, the outlet tem¬ 
peratures and UA calculated. Alternatively, the UA can be 
specified and the outlet temperatures and heat duty calculated. 
Another option might be to specify the value of the overall heat 
transfer coefficient U and the heat duty Q and calculate the heat 
transfer area A and the outlet temperatures. Other combinations 
are possible. If the overall heat transfer coefficient U is to be 
calculated, details of the heat exchanger geometry need to be 
supplied. Such calculations have been discussed in more detail 
in Chapter 12. In addition to the heat duty calculation, the 
change in pressure across the heat exchanger must either be 
specified or calculated. Calculation of the pressure drop 
requires details of the exchanger geometry to be supplied. 
The most common approach in flowsheet simulation is to 
specify a reasonable pressure drop for the streams. 

5) Reactors. Three broad classes of reactor models are used in 
flowsheet simulation: 

a) Conversion reactor. Extent of reaction defined by the 
reactor conversion: 

Reactant consumed in the reactor 

Conversion = X = - 

Reactant/efl to the reactor 

(15.25) 


(Tin —Tci) — (Tm — Tci) 


Q = UA A T lm = UA 


In 


Tjn - Tqi 
Thi - Tci 


(15.22) 


This reactor model is therefore a simple material balance based 
on the specified conversion for each of the reactions, 
b) Equilibrium reactor. For an equilibrium reactor, with 
reactions such as: 


A . 1 B (15.26) 


Q = m H Cp„(T H \ - T, n ) (15.23) 

Q = m c Cp C (T C n - T c i) (15.24) 

where Q = heat exchanger duty (kW) 

U = overall heat transfer coefficient (kW-m 2 K ') 
= U (m H , m c , physical properties, exchanger 
geometry) 

A = heat transfer area (m~) 

AT lm = logarithmic temperature difference 
(°C, K) 

m H , m c = flowrates for the hot and cold streams 

(kg-s -1 ) 

C PfH , Cp'C = specific heat capacities of the hot and cold 
streams (kJ-kg _l -K _1 ) 

Thu Tci = inlet temperatures of the hot and cold streams 
(°C, K) 

T H 2 , T C 2 = outlet temperatures of the hot and cold streams 
(°C, K) 

Equations 15.22 to 15.24 assume that the physical properties 
are constant through the heat exchanger. Additionally, 
Equation 15.22 assumes countercurrent heat transfer. More 
complex models are given in Chapter 12. There are many ways 
in which the heat exchanger model can be specified. For 


The equilibrium constants define the equilibrium and the 
equilibrium conversion, as discussed in Chapter 5: 

K a = — (gas phase reactions) (15.27) 

3A 

K a = — (liquid phase reactions) (15.28) 

Xa 

The equilibrium constants might be fixed or a function of 
temperature, for example: 

b 

\n(K a ) = a + - + c\n{T) + dT (15.29) 

where T = reaction temperature 

a, b, c, d = constants correlated from experimental 
or thermodynamic data 

The equilibrium constants can be calculated from thermo¬ 
dynamic data, as detailed in Chapter 5. Another approach 
that is useful when the reactions occurring are not known or 
are high in number due to many components participating in the 
reactions, is often known as the “Gibbs reactor". The Gibbs 
reactor models the system by finding the equilibrium state 
with the lowest Gibbs Free Energy. The approach effectively 
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finds all the possible equilibrium reactions and allows them 
all to equilibrate. There is no need to know individual 
equilibrium constants. Only components listed as reacting 
in the reaction undergo reaction. Setting components to be 
reactive and inert is an important aspect in modeling using 
this approach. 

c) Kinetic reactor. The third approach is to create a kinetic 
model, as discussed in Chapters 4 to 6. A reactor flow model 
must be chosen. For example, for the reaction from 
Equation 15.26 in plug flow, the kinetic model is: 


t = _ r CA ’°“< dc A 
Jc AM ~ r A 

-r A = k A C A - k' A C B 


(15.30) 

(15.31) 


where x 

r A 


k A -> k A 
C A 
C b 


reactor space-time (s) 

rate of reaction of Component A 

(kmol ■ m -s _1 ) 

reaction rate constants for the forward and 
reverse reactions (s -1 ) 
molar concentration of Component A 
(kmol ■ m -3 ) 

molar concentration of Component B 
(kmol ■ m -3 ) 


The corresponding model for a mixed flow reactor is given by: 


C A ,in -c A 

.out 

T = -- 

—fA 

—r A = k A C A — k'.CB 


(15.32) 

(15.33) 


Thus for a basic model the flow pattern and kinetic expressions 
need to be specified. 

6 ) Separators. The flowsheet in Figure 15.2 features a phase 
separator. There are many possibilities for modeling separators: 

a) Siniple splitter. The simplest option for modeling the 
separator is a simple flow splitter in which the inlet 
flow is split in a specified ratio. For this model there is 
no separation of components and the outlet streams have 
the same composition. A pressure drop can also be 
specified. 

b) Component splitter. In a component splitter the split of each 
component is specified as a ratio. This might be useful for 
initial calculations for flash or distillation separation in 
which an estimate of the split on each component is speci¬ 
fied. It is also useful when separators are difficult to model 
(e.g. pressure swing adsorption, chromatography, mem¬ 
branes, etc.). A pressure drop can also be specified. 

c) Flash separator. A single-stage vaporization or condensa¬ 
tion might be used if the relative volatilities are large 
between some of the components. Vaporization might be 
through heat input or pressure reduction. However, only a 
limited separation is possible. If the vapor liquid equili¬ 
brium K, is very large (typically K t > 10), then component i 
will mostly go with the vapor. If K, is very small (typically 


Kj < 0.1), then component i will mostly go with the liquid 
(Douglas, 1985). 

d) Distillation. If distillation is to be modeled for the sepa¬ 
ration, then the separation needs to be defined. Summa¬ 
rizing from Chapter 8, two important decisions must be 
made, whichever way the column is to be modeled. These 
are: 

i. Operating pressure. Initially, the operating pressure at 
the top of the column is normally set by the desire to be 
able to use cooling water or air cooling in the overhead 
condenser, but vacuum operation should be avoided if 
possible. If a very high operating pressure is required as 
a result of trying to operate the condenser against 
cooling water or air cooling, a combination of high 
operating pressure and low temperature condensation 
using refrigeration should be used. Process constraints 
might restrict the maximum temperature of the distilla¬ 
tion to avoid product decomposition. In these circum¬ 
stances, vacuum operation might be necessary to reduce 
the boiling temperature. 

ii. Pressure drop. The pressure drop across the column 
must be specified, or the pressure drop per plate. 

If the column is to be modelled by shortcut calculations (e.g. 
those of Fenske-Underwood-Gilliland, see Chapter 8), 
then the following must be specified additionally: 

i. Feed condition. The feed condition is specified by q. For 
saturated liquid feed q = 1 and for saturated vapor feed 
q = 0. 

ii. Material balance. The light and heavy key components 
and their recovery in the overhead and bottoms need to 
be defined. The key components are often adjacent in 
volatility, but do not have to be. There is no control over 
the split of the nonkey components. The split happens 
according to the material and energy balance and 
physical properties. The Fenske equation can be used 
to estimate the composition of the products (at total 
reflux). 

iii. Energy balance. The reflux ratio or ratio of actual to 
minimum reflux ( R/R m i„ ) must be specified. 

If the column is to be modelled by rigorous calculations, 
then the following must be specified in addition to operating 
pressure and pressure drop: 

i. Feed composition and flowrate. The composition of the 
feed and flowrate must be specified or calculated from 
an upstream unit model. 

ii. Feed condition. The feed condition can be taken to be 
that from an upstream unit, or specified by two from 
temperature, pressure and q. 

iii. Number of stages and stage layout. The number of 
theoretical stages and the feed stage must be specified. 
For more complex columns, the layout of the stages 
needs to be specified. 

iv. Material and energy balance. Specify two from distil¬ 
late flowrate, bottoms flowrate, a component recovery 
in one of the products (up to two can be specified) reflux 
ratio, reboil ratio, condenser duty, or reboiler duty. 
Other specifications are possible but less common. 
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7) Pumps. The power required for a given pumping duty can be 
calculated from: 


IT = 


FAP 

n 


(15.34) 


the outlet and inlet flows: 

W = Hj,, - H out 

_ Hj„ — H outI s (15.37) 

'7 is 


where W = power required for pumping 
(N-m-s -1 = J-s -1 =W) 

F = volumetric flowrate (m 3 -s _1 ) 

A P = pressure drop across pump (N-m““) 
rj = pump efficiency (—) 


where W = power for compressor (kj-s ') 

A mechanical efficiency for the machine can also be 
included: 

W = H ‘" ~ Hou,JS (15.38) 

1 Iis'Imech 


The efficiency of a pump is a function of both its design and its 
capacity. The efficiency is a strong function of capacity and 
might be as high as 90% for a large pump and as low as 30% for 
a small one. For centrifugal pumps, a flrst estimate of the pump 
efficiency can be obtained from (Branan, 1999): 


, 7 = 0.8 -9.367 x 10“ 3 A/t +5.461 x lO~ 5 AhF - 1.514 
x 10“ 7 A/iF 2 + 5.820 x 10“ 5 Ah 2 - 3.029 
x 10“ 7 A IrF + 8.348 x 10“ 10 A h 2 F 2 (15.35) 


where >/ = pump efficiency 

A h = head developed by the 
pump (m) 

F = flowrate (m 3 -h _l ) 


15 < Ah < 90 
20 < F < 230 


For flows below 20 m 3 • h“ 1 down to 5 m 3 • h“ 1 the efficiency can 
be approximated by taking the efficiency at 20 m 3 - h _1 and then 
subtracting the product of 7.9x10“ and the difference 
between 20m 3 h“ and the required flowrate (Branan, 1999). 

8 ) Compressors. Two basic approaches are used for compressor 
modeling. 

a) Adiabatic compression. Figure 13.18 shows a compression 
process on a plot of enthalpy versus entropy. An ideal 
compression would follow a vertical (isentropic) path 
from the inlet pressure to the outlet pressure. A real com¬ 
pression would involve an increase in entropy, as shown in 
Figure 13.18. By definition, the isentropic efficiency r\ IS is 
given by: 


'1 is = 


H in H out js 
Hj„ H out 


(15.36) 


where 


hs 

H,„ 


H, 


out, IS 


H„ 


isentropic compressor efficiency (—) 
total enthalpy of the inlet stream 
(kJ-s _1 ) 

total enthalpy of the outlet stream for 
an isentropic compression (kJ-s -1 ) 
total enthalpy of the outlet stream for a 
real compression (kj-s ') 


where ijmech = compressor mechanical efficiency (—) 

The mechanical efficiency is typically 98 to 99% and can 
therefore often be neglected. The calculation starts with the 
inlet enthalpy and, given the inlet enthalpy and the pressure, 
calculates the entropy of the inlet. Then assuming the outlet 
entropy is the same as the inlet (isentropic), given the outlet 
pressure, calculate the outlet enthalpy. From the isentropic 
enthalpy change, the real outlet enthalpy can then be 
calculated by dividing the isentropic enthalpy change by 
the isentropic efficiency to get the real enthalpy change. The 
power requirements can be calculated by dividing the 
isentropic enthalpy change by the isentropic efficiency 
and mechanical efficiency to give the overall power require¬ 
ments. The outlet temperature can then be calculated from 
the real outlet enthalpy and the outlet pressure using 
physical properties predicted by an equation of state (see 
Appendix A). 

The temperature rise accompanying gas compression 
might be unacceptably high because of the properties of the 
gas (e.g. decomposition, polymerization, etc.), the materials 
of construction of the compressor or the properties of the 
lubricating oil used in the machine. The temperature must 
be below the flash point of the lubricating oil (i.e. the 
temperature at which it gives off enough vapor to form 
an ignitable mixture). If this is the case, the overall com¬ 
pression can be broken down into a number of stages with 
intermediate cooling. Also, intermediate cooling will 
reduce the volume of gas between stages and reduce the 
power for compression of the next stage. On the other hand, 
the intercoolers will have a pressure drop that will increase 
the power requirements, but this effect is usually small 
compared with the reduction in power from gas cooling. 
The power for the staged compression of a gas can initially 
be set by (see Appendix G): 



where N = number of compression stages 
r = stage compression ratio 


The power for a real adiabatic compression can also be Equation 15.39 sets the compression ratio to minimize the 

calculated from the difference between the total enthalpy of overall compression power for an (V-stage compression. 
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However, the basis is for adiabatic ideal gas compres¬ 
sion and therefore not strictly valid for real gas com¬ 
pression (see Appendix G). It is also assumed that 
intermediate cooling is back to initial conditions and 
there is no pressure drop for the gas in the intercoolers, 
which might not be the case with real intercoolers. 
Whilst compression ratios for staged compression of 7 
or greater can be used for certain types of machine, the 
maximum per stage is normally taken to be 3 or 4. If 
the maximum temperature is known, then the maximum 
pressure ratio can be calculated. For multistage process 
compressors, each stage can have its own adiabatic 
efficiency. Between each stage the pressure drop across 
each intercooler and the outlet temperature of the gas 
from each intercooler must be specified. Any cooling 
after the final stage will be dealt with via an external 
cooler. 

Staged compression should not be confused with com¬ 
pressor stages. A centrifugal compressor will often have 
multiple impellers (or wheels) mounted on the shaft to form 
a multistage machine without cooling. Staged compression 
is where the overall compression is broken down into 
intermediate stages with intercooling. 

The isentropic efficiency is a function of the machine 
design and pressure ratio (P 0 „ f /P,„). For reciprocating com¬ 
pressors the isentropic efficiency may typically be in the 
range 60—80%, depending on the compression ratio, flow- 
rate, machine design and properties of the gas. For centrif¬ 
ugal compressors the isentropic efficiency may typically be 
in the range 70—90%, depending on the compression ratio, 
flowrate, machine design and properties of the gas. The 
mechanical efficiency, accounting for losses in bearings, 
etc., is generally assumed to be 98—99% and is often 
neglected. 

The approach to modeling for adiabatic compression 
discussed here is dependent on calculation of the physical 
properties (enthalpy and entropy) from an equation of state, 
and is thus not suited to hand calculations, but is suited 
to calculations using a software package. Alternative 
approaches are possible and further details on compressor 
design and operation are given in Appendix G. 
b) Polytropic compression. The basis of the adiabatic model 
was compression along a thermodynamically reversible 
(isentropic) path. Adiabatic compression of an ideal gas 
along an isentropic path can be expressed as: 

PV y = constant (15.40) 


follow a polytropic compression represented by the expres¬ 
sion (see Appendix G): 


PV" = constant (15.41) 


where n = polytropic coefficient 

The power required for a polytropic compression can be 
expressed as (see Appendix G): 


W = —— Pi " Fil,N \ 1 - {rf- x)ln \ (15.42) 

n — \ rjp 1 


where 




n 

Pin 

Fin 

N 

>Ip 


power required for gas compression 
(N-m-s -1 = Js _1 = W) 
polytropic coefficient (—) 
inlet pressure (N-m - ~) 
inlet volumetric flowrate (nr s _1 ) 
number of compression stages (—) 
polytropic efficiency, i.e. ratio of 
polytropic power to actual power (—) 
stage compression ratio (—) 



The polytropic efficiency is a function of the flowrate, 
physical properties of the gas and the machine design. 
Polytropic efficiency is always greater than isentropic 
efficiency for the same compression in the same machine, 
how much greater being dependent on the heat capacity 
ratio and pressure ratio (see Chapter 13). The isentropic 
efficiency, although fundamentally valid, can be misleading 
if used for comparing the efficiencies of different compres¬ 
sors with differing pressure ratios. For two compressors 
with different pressure ratios, the higher pressure ratio 
compressor will have a lower isentropic efficiency because 
of thermodynamic losses. This property can make it difficult 
to comparatively evaluate different compressor designs. 
Polytropic efficiency is better than isentropic efficiency 
for comparison between compressors, since the value of 
the polytropic efficiency does not change as much as the 
value of the isentropic efficiency. 

The isentropic and polytropic efficiencies can be related 
for the same compression process by (see Chapter 13): 


15 


where 


y = C P IC V 
C P 

— - for an ideal gas 

(Cp-R) 

C P = heat capacity at constant pressure 
C v = heat capacity at constant volume 


nis — 



(15.43) 


In practice, the compression will be neither adiabatic nor The polytropic coefficient can be estimated from the heat 

reversible. Instead, the gas compression can be assumed to capacity ratio and the polytropic efficiency (say from an 
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equipment manufacturer) from the relationship (see 
Chapter 13): 


rip -y + 1 

The value of n is always greater than y. 

9) Product streams. When using simulation software product 
streams must be defined as such. 


15.3 Flowsheet Models 

The previous section discussed the individual unit models that 
comprise the flowsheet. These must now be connected to form a 
processing system. Just as individual unit models can be 
overspecified or underspecified, the same is true for flowsheets 
when the unit models are connected together. It was pointed out 
above that if there are M variables and N independent equa¬ 
tions, then if M = N there is a unique solution. If M < N there is 
no unique solution. If M>N, then ( M — N) variables must 
receive their values from other sources. The difference ( M — N) 
is the number of degrees of freedom DF. The degrees of 
freedom can either be removed by additional specifications 
or can be exploited for optimization. It should be again noted 
that the equations must constitute independent sources of 
information (any relation that can be derived from the others 
is not independent). When considering flowsheets, both the 
degrees of freedom for the unit models and the connecting 
relations need to be considered. Degrees of freedom DF for the 
system are related to the number of degrees of freedom of each 
unit model DF , and number of connecting relations: 


15.4 Simulation of 
Recycles 

Computer simulation packages are normally used to evaluate the 
material and energy balance once the recycle structure has been 
established. 

To understand how such computer packages function, consider 
the simple flowsheet in Figure 15.3a. This involves an isomeriza¬ 
tion of Component A to Components. The mixture of A and B from 
the reactor is separated into relatively pure A, which is recycled, 
and relatively pure B, which is the product. No byproducts are 
formed and the reactor performance can be characterized by its 
conversion. The performance of the separator is to be characterized 
by the recovery of A to the recycle stream (r A ) and recovery of B to 
the product ( r B ). 

In this case, only the material balance will be solved in order to 
keep the problem simple. If the material balance is to be solved, 
then a series of material balance equations can be written for the 
flowsheet in Figure 15.3a: 

Mixer 

m A 2 = m AA + m A5 (15.46) 

m B , 2 = m B , i + ms, 5 (15.47) 

Reactor 

m A . 3 = m A2 (\ - X) (15.48) 

m B , 3 = m B , 2 + Xm A[2 (15.49) 

Separator 

m AA = m A 3 (\ - r A ) (15.50) 


df = Y. df ‘ 


Number of 
connecting 
relations 


(15.45) 


As an example, consider two steam heaters in series providing 
heat to a feed stream, the first serviced by low-pressure steam and 
the second by high-pressure steam. Some of the degrees of freedom 
for the downstream heater are specified by the outlet of the 
upstream heater. The temperature between the two heaters can 
be chosen. However, if the outlet temperature of the upsteam low- 
pressure steam heater is specified, the inlet temperature to the 
downstream high-pressure steam heater is fixed. Alternatively, if 
the inlet temperature of the high-pressure steam heater is specified, 
the outlet temperature to the upstream low-pressure steam heater is 
fixed. An underspecified problem cannot be solved. An over- 
specified problem cannot be solved, or at least cannot be solved 
consistently. Any degrees of freedom provide design variables that 
can be varied or optimized. 

As with unit models, the flowsheet must also comply with 
material and energy balances, as specified in Equations 15.3 
to 15.8. 




lb) Block structure of sequential modular calculation. 


Figure 15.3 

A simple process with recycle. 
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m A , 5 = r A m A 3 

(15.51) 

m B , 4 = r B m B 3 

(15.52) 

m B . 5 = m B 3( 1 - r B ) 

(15.53) 


where m t j = molar flowrate of Component i in Stream j 
X = reactor conversion 
Yj = fractional recovery of Component i 

Equations 15.46 to 15.53 form a set of 8 equations and 13 
variables ( m A and m B for each stream, X, r A , r B ). Specifying the feed 
stream m AA and m Bl , and X, r A and r B allows the set of equations to 
be solved. There are two basic approaches that could be adopted. 

1) Equation-oriented. The equation-oriented or equation-based 
approach solves the set of equations simultaneously. If the 
problem involves n design variables, with p equations (equality 
constraints) and q inequality constraints, the problem becomes 
one of: 

solve hi(xi,x 2 , ■ ■ ■ ,x n ) — 0 (i = 1 , p) 
subject to gj(xi,x 2 ,... ,x„) < 0 (j = 1 , q) ' 

Whilst this approach seems straightforward for the simple 
mass balance above, for more complex recycle systems with 
energy balance equations and phase equilibrium equations, it is 
not straightforward. Equations describing the flowsheet con¬ 
nectivity are combined with equations describing the various 
unit models in the flowsheet and, if possible, the physical 
property correlations into one large equation set (Biegler, 
Grossman and Westerberg, 1997). The solution of the set of 
equations can be performed by a general-purpose nonlinear 
equation solver. Because of the difficulties of including the 
physical property equations, these are often formulated as 
distinct procedures and kept separate from equations describing 
the flowsheet connectivity and unit models (Biegler, Grossman 
and Westerberg, 1997). 

For example, in the simple problem above, if the values are 
set to: 

m A \ = lOOkmol 
m B i = Okmol 

X = 0.7 (15.55) 

= 0.95 
r B = 0.95 

then the equations can be solved simultaneously to give: 

m A .5 = 39.8601 kmol 
m B 5 = 5.1527 kmol 
m AA = 2.0979 kmol 
m B 4 = 97.9021 kmol 

2) Sequential modular. In the sequential modular approach, the 
process equations are grouped within unit operation blocks. 
Each unit operation block contains the equations that relate the 
outlet stream and the performance variables for the block to the 


inlet stream variables and specified parameters. Each unit 
operation block is then solved one at a time in sequence 
(Biegler, Grossman and Westerberg, 1997). The output calcu¬ 
lated from each block becomes the feed to the next block, and so 
on. Figure 15.3b shows the block structure for the flowsheet in 
Figure 15.3a. The direction of information flow usually follows 
that of the material flow. First the feed stream must be created. 
This then goes to a mixer where the fresh feed is mixed with the 
recycle stream. Here a problem is encountered, as the flowrate 
and composition of the recycle are unknown. The sequential 
modular solution technique is to tear one of the streams in the 
recycle loop. In Figure 15.3b, the recycle stream itself has been 
torn. In general, tearing the recycle stream itself is only one 
option for tearing a stream in a loop. Tearing determines those 
streams or information flows that must be tom to render the 
system (or subsystem) to be acyclic. A recycle convergence 
unit or solver is inserted in the tear stream (Figure 15.3b). To 
start the calculation of the material balance in Figure 15.3b, 
values for the component molar flowrates for the recycle stream 
(tear stream) must be estimated. This allows the material 
balance in the reactor and separator to be solved. In turn, 
this allows the molar flowrates for the recycle stream to be 
calculated. The calculated and estimated values can then be 
compared to test whether errors are within a specified tolerance. 
It is usual to specify a scaled error, typically of the form: 

f(x) — x 

—Tolerance < - < Tolerance (15.56) 

x 

where x = estimate of the variable 

fix) = resulting calculated value of the variable 

Care needs to be taken if some components are present in 
trace quantities. If an estimated concentration is 0.5 ppm and 
the calculated value is 1 ppm, the scaled error is 100%. This is 
much too large an error for most variables and yet the absolute 
error might be acceptable for a trace component. In other 
situations, it might be necessary to define trace components 
with a high precision. A trace component threshold can be set, 
below which the convergence criterion is ignored. It is unlikely 
that the estimated values for the recycle stream will be within 
tolerance for the initial estimate. If the convergence criteria are 
not met, then the convergence block needs to update the value 
of the recycle stream. 

The equation-oriented approach and the sequential modular 
approach each have their relative advantages and disadvantages. 
The sequential modular approach is intuitive and easy to under¬ 
stand. It allows the designer to interact with the solution as it 
develops and errors tend to be more straightforward to under¬ 
stand than with the equation-oriented approach. However, large 
problems may be difficult to converge with the sequential 
modular approach. On the other hand, the equation-oriented 
approach can make it difficult to diagnose errors. It is generally 
not as robust as the sequential modular approach and generally 
requires a good initialization to solve. One major advantage of 
the equation-oriented approach is the ability to formulate the 


15 
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problem as an optimization problem, as design problems almost 
invariably involve some optimization. Thus, the formulation in 
Equation 15.54 can be readily transformed to the corresponding 
optimization problem and the material and energy balance 
solved simultaneously with the optimization problem: 

minimize f(xi,xi ,... ,x n ) 

subject to hi(pc u x 2 , ■ ■ ■ ,x n ) = 0 (i = 1, p) (15.57) 
gj(xi,X2,...,x n )<0 (j = 1, q) 

Of course, the two approaches can be combined and the 
sequential modular approach used to provide an initialization 
for the equation-oriented approach. 

15.5 Convergence of 
Recycles 

For the sequential modular approach, there are a number of ways 
that the convergence of the recycle can be achieved. 

1) Direct substitution. The simplest approach to this is direct 
substitution or repeated substitution or successive substitu¬ 
tion (Biegler, Grossman and Westerberg, 1997, Seider, 
Seader and Lewin, 2010). This approach is illustrated in 
Figure 15.4a. The sequence is calculated from an initial 
estimate of the recycle stream X\. The calculated value 
from the flowsheet response f(x\) then becomes x 2 , the value 
for the next iteration. Thus: 

x k+1 =f(x k ) (15.58) 



This is repeated until all convergence criteria are met, when: 

x k+x &f(x k+ 1 ) (15.59) 

In practice this means iterating until a convergence tolerance is 
achieved: 

—Tolerance <ffT±l2 — k < Tolerance (15.60) 

x k 

Figure 15.4a shows a schematic representation of the direct 
substitution strategy that is convergent. By contrast Figure 15.4b 
shows a direct substitution strategy that is divergent. Fortu¬ 
nately, unstable cases with direct substitution are rare. 

For illustration, consider the example from Figure 15.3. 
Assuming the values in Equation 15.55, the initial estimate 
could be: 

m A s — 50 kmol 
m B , 5 = 5 kmol 

Table 15.1 follows the iterations using direct substitution until 
convergence is achieved. 

Most recycle problems are multivariable in nature. If a 
material balance is to be solved, then the convergence variables 
can be taken to be the component molar flowrates or mole 
fractions. When a material and energy balance is to be solved, 
the additional convergence variables are usually taken to be 
pressure and enthalpy. For multivariable systems using direct 
substitution, for each variable i on iteration k: 

x k k +1 =f(xi, k + 1 ) (15.61) 



Figure 15.4 

Solution of recycles by direct substitution. 
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Table 15.1 

Solution of material balance by direct substitution. 


Iteration 

Assumed 

Calculated 

Scaled residual 


»U ,5 (kmol) 

«i B ,5 (kmol) 

hi a ,5 (kmol) 

niB ,5 (kmol) 

m ,\,5 

H‘B.5 

1 

50 

5 

42.7500 

5.5000 

—0.1450 

0.1000 

2 

42.7500 

5.500 

40.6838 

5.2713 

—0.0483 

-0.0416 

3 

40.6838 

5.2713 

40.0949 

5.1875 

-0.0145 

-0.0159 

4 

40.0949 

5.1875 

39.9270 

5.1627 

-0.0042 

-0.0048 

5 

39.9270 

5.1627 

39.8792 

5.1556 

-0.0012 

-0.0014 

6 

39.8792 

5.1556 

39.8656 

5.1536 

-0.0003 

-0.0004 

7 

39.8656 

5.1536 

39.8617 

5.1530 

-0.0001 

-0.0001 

8 

39.8617 

5.1530 

39.8606 

5.1528 

0.0000 

0.0000 


For multidimensional problems, the root mean square of the 
error (RMS) can be used as a convergence criterion: 


RMS = 



< Tolerance 


(15.62) 


Using direct substitution, the variables are treated as if 
independent of each other. Yet this is not the case. Despite 
this, the approach tends to work well for many cases. However, 
convergence might require many iterations and some problems 
might fail to converge to the required tolerance. Rather than use 
direct substitution, the convergence unit can accelerate the 
convergence. 

2) The Wegstein Method. The most commonly used method to 
accelerate convergence is the Wegstein Method (1958), illus¬ 
trated in Figure 15.5. The direct substitution iterations are 
linearized. A straight-line equation can be written for the 
two iterations as: 


f(x) — ax + b (15.63) 



Figure 15.5 

The Wegstein Method. 


where a = slope of the line 

- f(x k ) -f{x k - 1 ) 

Xl: Xl _ | 

f(x k ), fix k _ |) = calculated values of variables for 
iterations k and k — 1 

Xk, X[c— i = estimated values of variables for 
iterations k and k — 1 


Substituting Equation 15.64 into Equation 15.63 gives: 

f(xk+i) = aXk+\ + fix k ) - ax k \ (15.65) 


For iteration k, Equation 15.63 can be written to define the 
intercept: 


The intersection is required for Equation 15.65 with the 
equation: 


15 


b =f(xk ) - ax k 


(15.64) 


f(.Xk+ i ) = x k+ i 


(15.66) 
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Substituting Equation 15.66 into Equation 15.65 gives: 

Xk+ 1 = axk+i + [f(xk) - axk\ (15.67) 

Rearranging Equation 15.67 gives: 

Xk+ 1 = {~~[) Xi - (15.68) 

Substituting q = a/(a — 1) gives: 

Xk+ 1 = qx k + (1 - q)f(xk) (15.69) 


method. To solve the recycle in Figures 15.4 requires the 
solution of: 

f(x) = x (15.71) 

To solve this equation using the Newton-Raphson Method, the 
root of the following equation is determined: 

g(x)=f(x)-x = 0 (15.72) 

Figure 15.6a shows g'{x\) to be the derivative (slope) of g(x) at 
X\ . The slope is defined as: 


Thus, Equation 15.69 can be used to accelerate the conver¬ 
gence and is known as the Wegstein Method (Wengstein, 
1958). Bounds are normally set for the value of Wegstein 
acceleration parameter q to prevent unstable behavior. If q = 0 
in Equation 15.69, the method becomes direct substitution. If 
q < 0, acceleration of the solution occurs. If q is bounded such 
that 0 <q< 1, then slow but stable convergence can occur. 
Bounding in the range — 5 < q < 0 is usual (Towler and Sinnott, 
2013). 

Returning to the example from Figure 15.3, the solution by 
direct substitution is followed in Table 15.1. If the Wegstein 
Method is applied after the first two iterations: 

_ 40.6838 -42.7500 
Q 42.7500 - 50 
= 0.2850 

q = -0.3986 

Substituting in Equation 15.69 gives: 

x M = -0.3986 x 42.7500 + ( 1 - (-0.3986)) X 40.6838 
= 39.8602 kmol 

For multivariable problems, Equation 15.69 is written for each 
variable i on iteration k as: 


*.-,*+ 1 = QiXi,k + (1 - q,)f{Xi,k ) 


(15.70) 


g\x t) = 


g(x\ )~ 0 

Xi — x 2 


(15.73) 


Rearranging gives: 


Xn = Xi 


g(.X l) 
•?'(*!) 


(15.74) 


Thus starting with an initial guess at x t , the next guess x 2 is 
given by Equation 15.74. The process is repeated according 
to: 


x k+1 = x k - —— for g'(x k ) + 0 (15.75) 

gw 

where g'(x k ) is the derivative of g(x) at x k on iteration k. 
Equation 15.75 is applied repeatedly until successive new 
approximations to the solution change by less than an accept¬ 
able tolerance. 

This procedure is illustrated in Figure 15.6a. The equivalent 
illustration in fix) is shown in Figure 15.6b. A significant 
disadvantage of this method is the need for gradient information 
(derivatives). For explicit functions, the derivatives can be 
obtained analytically. For process simulation in general, and 
recycle convergence in particular, such analytical derivatives are 
not available and gradients must be approximated by numerical 
perturbation by a small value Sx. Using this approach, which 
introduces some errors, then Equation 15.75 becomes: 


where q { = a,/(a,— 1) 

As with the direct substitution approach, the Wegstein 
Method treats the variables as if independent of each other, 
but this is not the case. Application of the method starts with a 
number of direct substitution steps. The convergence is then 
accelerated. Further direct substitution steps are followed by 
acceleration, until convergence is achieved. Compared with 
direct substitution only, this approaches the solution much 
more rapidly. 

3) Newton-Raphson methods. More sophisticated methods for 
convergence are Newton-Raphson methods, which exploit 
gradients to solve the recycle system. To understand these 
methods, start with the simplest form of the Newton-Raphson 


Xk +1 — X k 


g(x k ) 


g(x k + Sx) - g(x k ) 


Sx 


(15.76) 


As an example, apply the Newton-Raphson acceleration to 
the problem in Figure 15.3a after the first two iterations in 
Table 15.1: 

x k = 42.75 kmol, f(x k ) = 40.6838 kmol 
g(x k ) = 40.6838 - 42.7500 = -2.0663 kmol 

Now perturbate x k by, say, 0.1: 

x k + Sx = 42.7500 + 0.1 = 42.8500 kmol 
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Ax) A*)=* 




(a) Newton-Raphson Method solving for the root of g(.v). (b) Newton-Raphson Method solving I'or/f.v) = x. 

Figure 15.6 

The Newton-Raphson Method. 


Now solving iorfix+bx) from the unit operation blocks: 


The Newton-Raphson Method becomes: 


f( x k + 8x) — 40.7123 kmol x k+ i = Xk - ,J k 'g(x k ) (15.79) 

g(x k + 5x) = 40.7123 - 42.8500 = -2.1378 kmol 


Now apply the Newton-Raphson acceleration from Equation 
15.76: 


x M = 42.7500 - 


-2.0663 

-2.1378 -(-2.0663) 


xO.l 


= 39.8601 kmol 


This is clearly much better than direct substitution. For 
multivariable problems with n recycle variables, a set of n 
equations and n unknowns can be written for the tear stream 
variables: 

gi(xi,x 2 , ■ ■ -x„) = 0 
g 2 (xi,x 2 , ...x„) = 0 

(15.77) 


where x k and x k+1 are the vectors of variable x,- for iterations 
k and k+ 1, g(x k ) is the vector of functions g,- for iteration 
k and J k is the Jacobian matrix of partial derivatives: 


dg i 

dgi 

0 g\ 

dx\ 

dx 2 

0 x„ 

dgi 

dg 2 

0 g2 

dx\ 

dx 2 

0 x n 

dg„ 

dg„ 

Qg„ 

dx\ 

0 x 2 

dx n _ 


(15.80) 

15 


g„(x i,x 2 ,...x„) = 0 

Note that each of the n equations is a function of the n unknowns 
associated with the tear stream. In vector notation, this 
becomes: 

(15.78) 


The Jacobian can in some rare cases be evaluated directly 
by using analytical partial derivatives for each variable. 
However, in most cases the Jacobian must be determined 
numerically using small perturbations of the recycle 
variables, as given by: 


g(x) = 0 
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£[(*1 +8xi) -gi(xi) 
Sx i 

g 2 (xi + 8x i) - g 2 (.ri) 

gl(*2 + 8X 2 ) ~ g i(x 2 ) 

Sx 2 

gl(x 2 + Sx 2 ) ~ g 2 (x 2 ) 

gi(x„ + 8x n ) - gi{x„y 
8x n 

g 2 (x„ + 8x n ) - g 2 (x„) 


Sx i 

Sx 2 

Sx n 

(15.81) 

g„(x 1 + <5*1 ) - g„(x i) 

g„(.X 2 + 8x 2 ) ~ g„(x 2 ) 

g n (x„ + 8x n ) - g n {x„) 


Sx i 

Sx 2 

8x„ 

k 


Using this approach, the variables in the recycle x, are first 
guessed. The unit models in the recycle loop are then evaluated 
using these initial guesses to calculate new values of To 
calculate the Jacobian numerically, each value of*,- is perturbed 
in turn one at a time. For each perturbation the flowsheet 
response is determined by solving the unit models in the recycle 
loop. The value of x t is then re-set and the next variable 
perturbed, and so on. In this way, the Jacobian of partial 
derivatives is populated. New values of the recycle variables 
are then determined from Equation 15.79. The Newton- 
Raphson approach starts with direct substitution. The conver¬ 
gence is then accelerated. Further direct substitution steps are 
followed by acceleration and the process repeated until con¬ 
vergence is achieved within a specified tolerance. The conver¬ 
gence criterion is usually the root mean square error. The 
approach is computationally very expensive. More efficient 
methods are the Secant or Quasi-Newton Methods. The New- 
ton-Raphson Method is useful with complex recycle structures 
and when design specifications are imposed (see Section 15.6). 

4) Secant Methods. In the Secant Method, instead of using the 
first derivative to determine the root of g(.r), successive 
iteration values are used to determine the location of the 
root. The first derivative in the Newton-Raphson Method is 
approximated as: 


g\Xk) 


gfa) ~ g(*k- 1) 

x k x k— 1 


(15.82) 


Thus the Secant Method for a single-variable problem becomes: 


Xk+ i = x k - g{xk) — X \ * s. (15.83) 

g{Xk) ~ g(Xk- 1 ) 

The Secant Method is similar to using the Newton-Raphson 
Method with numerical derivatives, but using a large perturba¬ 
tion to estimate the slope, rather than a small perturbation. 
Figure 15.7 contrasts the Newton-Raphson and Secant Meth¬ 
ods for the first iteration. The advantage of the Secant Method is 
that the Newton-Raphson Method requires the evaluation of g 
( x ) and g'(-*) on each iteration, whereas the Secant Method only 
requires the evaluation of g(x) on each iteration. The maximum 
step size needs to be specified. As an example, apply secant 
acceleration to the problem in Figure 15.3a after the first two 
iterations in Table 15.1: 





Figure 15.7 

The Secant Method. 


Xk = 42.75 kmol, /(.«<-) = 40.6838 kmol, g(xk) 
= 40.6838 - 42.7500 = -2.0663 kmol 


Now apply the secant acceleration from Equation 15.83: 


x M = 42.7500 - (7.25) 
= 39.8601 kmol 


/ 42.75 - 50.00 \ 

V-2.0663 - (-7.2500)/ 


Again, this is clearly much better than direct substitution. It 
should be noted that the results for the Wegstein, Newton- 
Raphson and secant accelerations are the same in this case. This 
results from the linear nature of the flowsheet response curve in 
this simple example. For multivariable problems, the method of 
Broyden (1965) is normally used. Broyden’s Method is similar 
to the multivariable Newton-Raphson method, but uses an 
approximation of the Jacobian. The single variable Secant 
Equation (Equation 15.83) is generalized and used to determine 
the approximate Jacobian: 


Jk(x k - x k _i) « g(x k ) - g(x k _i) (15.84) 


Xk -1 = 50.00 kmol, f(xk) = 42.7500 kmol, 
g(x k ) = 42.75 - 50.00 = -7.25 kmol 


However, this does not provide enough information to 
populate the whole Jacobian. The method uses the current 
estimate Jk-i with the least change that satisfies the Secant 
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Formula (Equation 15.84). Different variations are possible for 
the approach to determination of the approximate Jacobian and 
the details of the method are outside the scope of this discus¬ 
sion. Having determined the approximate Jacobian, the method 
proceeds in the Newton-Raphson direction (Equation 15.79) 
with the approximate Jacobian updated as the iteration prog¬ 
resses. As with the Newton-Raphson Method, the Broyden 
Method starts with direct substitution steps before acceleration. 
Broyden’s Method is faster than that of Newton-Raphson, but 
can be less reliable. Like the Newton-Raphson Method, it is 
useful with complex recycle structures and when design spec¬ 
ifications are imposed (see Section 15.6). 


Example 15.1 

a) Given the estimate of the reactor effluent from Example 14.2 for 
fraction of methane in the recycle and purge of 0.4, calculate the 
actual separation in the phase separator assuming the 
temperature to be 40 °C. Phase equilibrium for this mixture 
can be represented by the Peng-Robinson Equation of State 
with binary interaction parameters assumed to be zero. Many 
computer simulation programs are available commercially to 
carry out such calculations. 

b) Repeat the calculation from Example 14.2 with actual phase 
equilibrium data in the phase separation instead of assuming a 
shatp split. Direct substitution can be used to converge the 
recycle using simulation software. 

Solution 

a) If such a phase separation is carried out assuming the feed in 
Table 14.2, the results are given in Table 15.2. 

The phase separation at 40 °C gives a good separation of the 
hydrogen and methane into the vapor phase and benzene, 
toluene and diphenyl into the liquid phase. Under these condi¬ 
tions, the hydrogen and methane are above their critical 
temperatures and are effectively noncondensibles. However, 
some hydrogen and methane dissolve in the liquid phase. Also, 
some aromatics are carried with the vapor. An important 


Table 15.2 

Phase separation calculated using the Peng-Robinson Equation of 
State. 


Component 

Reactor 

effluent 

flowrate 

(kmol-h -1 ) 

Vapor 
flowrate 
from phase 
separator 
(kmol h -1 ) 

Liquid 
flowrate 
from phase 
separator 
(kmolh “') 

Hydrogen 

1554 

1550 

4 

Methane 

1036 

1020 

16 

Benzene 

265 

17.8 

247.2 

Toluene 

91 

2.3 

88.7 

Diphenyl 

4 

0 

4 


Table 15.3 

Composition of the reactor effluent and phase separation calculated 
using the Peng-Robinson Equation of State and solving the recycle for 
Example 15.1. 


Component 

Reactor 

effluent 

flowrate 
(kmol-h"') 

Vapor 
flowrate 
from phase 
separator 
(kmolh “ 1 ) 

Liquid 
flowrate 
from phase 
separator 
(kmolh “ 1 ) 

Hydrogen 

1536 

1532 

4 

Methane 

1053 

1036 

17 

Benzene 

283 

18 

265 

Toluene 

93 

3 

90 

Diphenyl 

4 

0 

4 


Table 15.4 

K-values for the phase separation based on the Peng-Robinson 
Equation of State. 


Component 

Ki 

Hydrogen 

54 

Methane 

8.9 

Benzene 

0.010 

Toluene 

0.0037 

Diphenyl 

1.2 xlO -5 


consequence of this is that the flowsheet in Figure 14.8 would 
need to be modified to separate the hydrogen and methane 
carried forward with the liquid from the phase separation. This 
will require another distillation column to separate the hydro¬ 
gen and the methane from the aromatics before separating the 
aromatics. 

The reader might like to check that as the temperature of the 
phase separation is increased or its pressure decreased, the 
separation between the hydrogen, methane and the other 
components becomes worse. 

b) Assuming the phase split operates at 40 bar and 40 °C, a 
rigorous solution of the phase equilibrium using the Peng- 
Robinson Equation of State and the recycle equations using 
flowsheet simulation software gives a composition of the 
reactor effluent, given in Table 15.3. 

Comparing this solution with that based on a sharp phase 
separation in Example 14.2, the errors are surprisingly small. 
However, studying the K-values in the phase separator given in 
Table 15.4, it is not so surprising. 

The temperature of the phase split is well above the critical 
temperatures of both hydrogen and methane, leading to large 
K-values. On the other hand, the K-values of the benzene, 
toluene and diphenyl are very low; hence the assumption of a 
sharp split in Example 14.2 was a good one in this case. 
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15.6 Design Specifications 

For sequential modular simulations, design specifications can be 
used to set values in the flowsheet that would otherwise involve 
repeated simulations and trial and error to achieve the required 
value. For example, the feed flowrate to the flowsheet must be 
specified, but it may be desirable to specify the flowrate of the 
product exiting the flowsheet. There is often not a clear link 
between the feed and product flowrates due to material losses in 
various places. Specifying the product flowrate can be done by 
adding a design specification unit to the simulation model that 
acts like a process controller. The desired value from the 
flowsheet is specified and the design specification manipulates 
a variable in order to achieve the desired value. In the case of the 
product flowrate specification, the design specification unit 
manipulates the feed flowrate to achieve the desired product 
flowrate. Another example might be the need to specify the 
concentration of one of the components in a gas recycle stream 
to its maximum acceptable value. A unit input variable, process 
feed variable or other specified input must first be identified that 
will be used to manipulate the recycle composition. This could 
be the split fraction for the purge splitter. The variable to be 
controlled is chosen. This could be the composition of the 
recycle or purge. A design specification unit is then used to 
link the two and manipulate the purge split fraction to achieve 
the desired recycle concentration. In this way, design specifica¬ 
tions simulate the steady-state effect of a feedback controller. A 
design specification can only manipulate the value of one 
variable. Adding a design specification creates a loop that 
requires a convergence block to be inserted between the manip¬ 
ulated and controlled variable. A convergence block is required 
for each design specification. The manipulated variable is 
adjusted until convergence is achieved: 

|Specified value — Calculated value\ < Tolerance (15.85) 

When comparing recycle convergence with design specifications, 
in the case of design specifications the solution is specified and 
values during iteration are compared with the correct value. In the 
case of recycle convergence comparison is made only between 
neighboring iteration values. Supplying a good estimate for the 
manipulated variable will help the design specification converge in 
fewer iterations. This is especially important for large flowsheets 
with a number of recycles and design specifications. 

15.7 Flowsheet 
Sequencing 

When dealing with more complex flowsheets than the one in 
Figure 15.3, the order in which the calculations take place in 
the sequential modular approach is important. The first considera¬ 
tion is to tear streams for which a good initial estimate can be 
provided. Thereafter the choice of tear streams should be to reduce 


the complexity of the calculation of the solution. Consider the 
block flowsheet in Figure 15.8a. At first sight there appears to be 
five tear streams. Figure 15.8b shows a reordered calculation 
sequence. This calculation order requires tearing of only two 
streams rather than five. This will greatly simplify the calculations. 
Also in Figure 15.8b, the calculation sequence has been partitioned 
into two sets of blocks. Partitioning identifies the sets of blocks that 
must be solved together. In Figure 15.8b, there is little point solving 
the second partition until the first partition has been solved. If there 
are multiple tear streams in a partition, then the tear streams can 
either be converged sequentially or simultaneously. Various algo¬ 
rithms are available for the systematic partitioning and tearing of 
flowsheets (Biegler, Grossman and Westerberg, 1997). Rather than 
tearing for the minimum number of tear streams, it might be better 
to give priority to tearing streams for which good estimates can be 
provided, irrespective of the compatibility with the minimum tear 
set. Some software packages identify automatically the tear steams 
for the minimum number. However, the designer might override 
the automatic choice if good estimates can be provided for certain 
streams. 

15.8 Model Validation 

All flowsheet simulation models should be subject to some 
kind of validation. There is a temptation to simply accept 
whatever output comes from a computer simulation. However, 
inappropriate choice of physical property models or unit models 
can lead to the output being not representative of the real process 
or, in the worst case, being completely wrong. The best way to 
validate a flowsheet simulation model is to attempt to model an 
existing operation or process that is similar to the one being 
designed. The most important issues in judging whether a 
process is similar or not are the components being processed, 
pressure and temperature. If the objective of the simulation is to 
help to understand or modify an existing process, then validation 
will occur naturally by comparing the model with the existing 
operation. However, if it is a new design, validation can be less 
straightforward. The designer should attempt to identify operat¬ 
ing data that have been reported for the key unit models and 
attempt to reproduce the reported performance in a simulation 
model before adapting it to the new circumstances. Reported 
data for a whole process can also be used to help the validation, 
if this is available. 

15.9 Process Optimization 

Once the structure of the reaction, separation and recycle system 
has been established and a simulation model developed, degrees of 
freedom that have a significant effect on the overall process 
economics can be optimized. Such optimization will most often 
be performed automatically. However, because of the difficulties 
when optimizing, discussed in Chapter 3, particularly when opti¬ 
mizing nonlinear problems, it is important to understand the trends 
that are to be expected. Consideration here will be restricted to the 
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(b) Re-ordered calculation sequence showing 2 tear streams. 


Figure 15.8 

Partitioning and tearing a complex flowsheet. 


trends to be expected when optimizing reactor conversion and 
recycle systems involving a purge. 

1) Optimization of reactor conversion. Some change in the 
reactor conversion might be possible. If the reactor conversion 
is changed so as to optimize its value, then not only is the 
reactor affected in size and performance but also the separation 
system, since it now has a different separation task. The size of 
the recycle will also change. If the recycle requires a compres¬ 
sor, then the capital and operating costs of the recycle com¬ 
pressor will change. In addition, the heating and cooling duties 
associated with the reactor and the separation and recycle 
system change. As the reactor conversion increases, the reactor 
volume increases and hence the reactor capital cost increases. 
At the same time, the amount of unconverted feed needing to 
be separated decreases and hence the cost of recycling 
unconverted feed decreases. 

Consider a simple process in which FEED is reacted to 
PRODUCT via the reaction: 

FEED -» PRODUCT (15.86) 

The flowsheet synthesis is started at the reactor. The effluent 
from the reactor contains both PROD UCT and unreacted FEED 
that must be separated. Unreacted FEED is recycled to the 
reactor via a pump if the recycle is liquid or a compressor if the 
recycle is vapor. 


Optimization of the system can be carried out by minimizing 
cost or maximizing economic potential (EP), as discussed in 
Chapter 2. Costs for the process to carry out the reaction in 
Equation 15.86 are illustrated in Figure 15.9, decomposed 
according to the layers of the onion model (Smith and Linnhoff, 
1988). In Figure 15.9, the annualized reactor cost (capital only) 
increases since high conversion requires a larger volume and 
hence a higher capital cost. The annualized separation and 
recycle cost (capital only in this case) decreases with increasing 
reactor conversion, since the amount of unreacted FEED to 
separate and recycle decreases. If the recycle had required a 
compressor, the capital and operating costs of the compressor 
would have been included in the separation and recycle cost. 
The cost of the heat exchanger network and utilities is a 
combination of annualized energy cost and annualized capital 
cost of all exchangers, heaters and coolers. Later, it will be 
explained how to estimate the energy cost of the heat exchanger 
network without having to carry out its detailed design. 
Figure 15.9 shows that the cost of the heat exchanger network 
and utilities decreases with increasing conversion, since the 
separation duty is decreased and also the heating and cooling in 
the recycle. Combining the reactor, separation and recycle and 
heat exchanger network costs into a total annual cost (energy 
and capital) reveals that there is an optimum reactor conversion. 
From Figure 15.9, for this example, heat integration and the 
cost of the heat exchanger network and utilities have a 
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Figure 15.9 

Overall cost trade-offs for a simple process as a function of reactor 
conversion. 


significant influence on the optimum conversion. In other cases, 
the relative importance of the component costs will be different. 

If the cost of the heat exchanger network changes, perhaps 
through a change in energy cost, then the optimum reactor 
conversion will change. This change will likely dictate a 
different optimum reactor conversion and hence different 
separator design and process flowrates. 

In Figure 15.9, the only cost forcing the optimum conver¬ 
sion back from high values is that of the reactor. Hence, for such 
simple reaction systems, a high optimum conversion would be 
expected. This was the reason in Chapter 5 that an initial value 
of reactor conversion of 0.95 of the maximum conversion was 
chosen for simple reaction systems. 

In Figure 15.9, the curves are limited by a maximum reactor 
conversion of 1.0. If the reaction had been reversible, then a 
similar picture would have been obtained. However, instead of 
being limited by a reactor conversion of 1.0, the curves would 
have been limited by the equilibrium conversion (see 
Chapter 5). 

Consider the example of a process that involves the multiple 
reactions: 


FEED -> PRODUCT 

PRODUCT -> BYPRODUCT 


(15.87) 


Because there is a mixture of FEED, PRODUCT and 
BYPRODUCT in the reactor effluent, an additional separator 
is required. The economic trade-offs now become more com¬ 
plex and a new cost must be added to the trade-offs. This is a 


raw materials inefficiency cost due to byproduct formation. If 
the PRODUCT formation is kept constant, despite varying 
levels of BYPRODUCT formation, then the cost can be defined 
to be (Smith and Omidkhah Nasrin, 1993a): 

Cost due to BY PRODUCT formation 

= cost of FEED lost to BYPRODUCT (15.88) 
- value of BYPRODUCT 

The value of PRODUCT formation and the raw materials cost 
of FEED that reacts to PRODUCT are constant. Alternatively, 
if the byproduct has no value, the cost of disposal should be 
included as: 

Cost due to BYPRODUCT formation 

= cost of FEED lost to BYPRODUCT (15.89) 
+ cost of disposal of BYPRODUCT 

By considering only those raw materials that undergo reaction 
to an undesired byproduct, only the raw materials costs that are 
in principle avoidable are considered. Those raw materials 
costs that are inevitable, that is, the stoichiometric requirements 
for FEED that converts into the desired PRODUCT , are not 
included. Raw materials costs that are in principle avoidable are 
distinguished from those that are inevitable from the stoichio¬ 
metric requirements of the reaction (Smith and Omidkhah 
Nasrin, 1993a, 1993b). 

Figure 15.10 shows typical cost trade-offs for this case. At 
high conversion, the raw materials cost due to byproduct 
formation is dominant. This is because the reaction to the 
undesired BYPRODUCT is series in nature, which results in 
the selectivity becoming very low at high conversions. In 
Chapter 4, the initial setting for reactor conversion was set 
to be 0.5 of the maximum conversion for such reaction systems. 
Figure 15.10 shows clearly why a high setting for reactor 
conversion would be inappropriate. The byproduct formation 
cost forces the optimum to lower values of conversion. Again, if 
the primary reaction had been reversible, then a similar picture 
would have been obtained. However, instead of being limited 
by a reactor conversion of 1.0, the curves would have been 
limited by the equilibrium conversion (see Chapter 5). 

Also, if there are two separators, the order of separation can 
change. The trade-offs for these two alternative flowsheets will 
be different. The choice between different separation sequences 
can be made using the methods described in Chapters 10 and 
11. However, as the reactor conversion changes, the most 
appropriate sequence can also change. In other words, different 
separation system structures can become appropriate for dif¬ 
ferent reactor conversions. 

2) Optimization of processes involving a purge. If an impurity 
entering with the feed, or a byproduct of reaction, needs to be 
removed via a purge, the concentration of impurity in the 
recycle can be varied as a degree of freedom. If the impurity 
is allowed to build up to a high concentration, then this reduces 
the loss of valuable raw materials in the purge. However, this 
decrease in raw materials cost is offset by an increase in the cost 
of recycling the additional impurity, together with an increased 















Continuous Process Simulation and Optimization 411 


X 


Reactor 


-► PRODUCT 


*• BYPRODUCT 


FEED + 
IMPURITY 


Reactor 


X 


> FEED • 
IMPURITY 


> 


\L 


PRODUCT 



Figure 15.10 

Cost trade-offs for a process with byproduct formation from secondary 
reactions. 



Figure 15.11 

Cost trade-offs for a process with a purge for a fixed concentration of 
impurity in the recycle. 


capital cost of equipment in the recycle. Changes in the recycle 
concentration again make changes throughout the flowsheet. 

As with the case of byproduct losses, another cost needs to 
be added to the trade-offs when there is a purge. This is a raw 
materials efficiency cost due to purge losses. If the PRODUCT 
formation is constant, this cost can be defined to be (Smith and 
Omidkhah Nasrin, 1993a, 1993b): 

Cost of purge losses = Cost of FEED lost to purge . _ Qn 
— Value of purge 

The purge by its nature is a mixture and usually only has value 
in terms of its fuel value. Alternatively, if the purge must be 
disposed of by effluent treatment: 

Cost of purge losses = Cost of FEED lost to purge 
+ Cost of disposal of purge 

(15.91) 

Again, as with the byproduct case, those raw materials costs 
that are in principle avoidable (i.e. the purge losses) are 
distinguished from those that are inevitable (i.e. the stoichio¬ 
metric requirements for FEED entering the process that con¬ 
verts to the desired PRODUCT). Consider the trade-offs for the 
reaction in Equation 15.86, but now with IMPURITY entering 
with the FEED. 


Now there are two variables in the optimization. These are 
the reactor conversion (as before) but now also the concentra¬ 
tion of IMPURITY in the recycle. For each setting of the 
IMPURITY concentration in the recycle, a set of trade-offs 
can be produced analogous to those shown in Figures 15.9 and 
15.10. Figure 15.11 shows the trade-offs for the feed impurity 
case and a purge with fixed concentration of impurity in the 
recycle (Smith and Omidkhah Nasrin, 1993a, 1993b). 

As the concentration of impurity in the recycle is varied, each 
component cost shows a family of curves when plotted against 
reactor conversion. The reactor cost (capital only) increases as 
before with increasing conversion (Figure 15.12a). Separation 
and recycle costs decrease as before (Figure 15.12b). 
Figure 15.12c shows the cost of the heat exchanger network 
and utilities to again decrease with increasing conversion. Each 
of the component costs in Figure 15.12 increase with increasing 
concentration of impurity in the recycle. 

Figure 15.13 shows the corresponding component costs for 
the purge losses. Figure 15.13a shows component costs that are 
typical when the value of the raw materials lost in the purge is 
high relative to the fuel value of the purge. Figure 15.13b shows 
component costs that are typical when the value of the raw 
materials lost in the purge is low relative to the fuel value of the 
purge. If the process produces a byproduct to be purged and the 
purge has a value, then the component cost of the purge can 
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(a) Reactor costs. 


(b) Separation and recycle costs. (c) HEN and utility costs. 


Figure 15.12 

Cost trade-offs for processes with a purge as recycle inert concentration changes. 


Cost of 
purge loss 





(a) Value of lost raw materials high relative to (b) Value of lost raw materials low 

fuel value of purge. relative to fuel value of purge. 


(c) If the reaction produces impurity 
to be purged which has value then 
the pattern can become more complex. 


Figure 15.13 

Cost trade-offs for purge losses as reactor conversion and recycle impurity concentration change. 


show more complex behavior, as shown in Figure 15.13c. This 
shows a complex pattern that depends on the relative costs of 
raw materials and fuel value of the purge (Smith and Omidkhah 
Nasrin, 1993a, 1993b). 

Figure 15.14 shows the component costs combined to give a 
total cost that varies with both reactor conversion and recycle 
concentration of impurity. Each setting of the recycle impurity 
concentration shows a cost profile with an optimum reactor 
conversion. As the recycle impurity concentration is increased, 
the total cost initially decreases but then increases for larger 
values of recycle concentration. The optimum conditions in 
Figure 15.14 are in the region of y = 0.6 and X = 0.5, although 
the optimum is quite flat. 

An alternative way to view the trade-offs shown in 
Figure 15.15 is as a contour diagram. The contours in 
Figure 15.15a are lines of constant total cost. The objective 
of the optimization is to find the lowest point. A simple strategy 



Optimum 

performance 


Figure 15.14 

Putting all the costs together allows the optimum conversion and recycle 
inert concentration to be determined. 
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(a) Contour diagram of reactor conversion 
and recycle impurity concentration 
showing lines of constant cost. 


v 



(b) Fixing the first variable, optimizing 
the second and then fixing the 
second and optimizing the first. 


y 



(c) Repeating the procedure approaches 
the optimum. 


Figure 15.15 

Optimization of reactor conversion and recycle impurity concentration using a univariate search. 


would fix the first variable, then optimize the second variable, 
and then fix the second variable and optimize the first, and so on 
in a univariate search, as discussed in Chapter 3. This is 
illustrated in Figure 15.15b, where reactor conversion ( X) is 
first fixed and impurity concentration (y) optimized. Impurity 
concentration is then fixed and conversion optimized. In this 
case, after two searches the solution is close to the optimum 
(Figure 15.15c). Whether this is adequate depends on how flat 
the solution space is in the region of the optimum. Whether such 
a strategy will find the actual optimum depends on the shape of 
the solution space and the initialization for the optimization, as 
discussed in Chapter 3. Other strategies for the optimization 
have been discussed in Chapter 3. 

Obviously, the use of purges is not restricted to dealing with 
impurities. Purges can also be used to deal with byproducts. As 
with the optimization of reactor conversion, changes in the 
recycle concentration of impurity might change the most 
appropriate separation sequence. 

15.10 Continuous 
Process Simulation and 
Optimization - Summary 

Once the basic flowsheet has been synthesized, it needs more 
detailed evaluation. The material and energy balances need to be 
established and preliminary sizing carried out for the major items 
of equipment. This requires a detailed simulation model to be 
created. Such simulation models are normally created with general 
purpose process simulation packages. The choice of physical 
properties can be critical to ensure that the simulation model is 
representative of the process to be constructed. Phase equilibrium 
models can be critical in this respect. A series of unit models need 
to be created to model the various transformation steps in the 
process. These unit models then need to be linked together to form 
a simulation model of the overall process. 


There are two basic approaches to modeling process flowsheets. 
The first approach is the equation-based approach that solves a set 
of equations simultaneously. In the second approach, the sequen¬ 
tial modular approach, the process equations are grouped within 
unit operation blocks. Each unit operation block is then solved one 
at a time in sequence. The sequential modular approach creates 
problems when solving flowsheets with recycles. The sequential 
modular solution technique is to tear one of the streams in the 
recycle loop. A recycle convergence unit is inserted in the tear 
stream. The recycle convergence unit might use direct substitution 
as the means to solve the recycle or the calculation can be 
accelerated using a variety of techniques. Design specifications 
can also be added using the sequential modular approach. The 
calculation sequence can often be changed, which can have a 
significant influence on the convergence of the simulation model. 

Flowsheet models should be validated as much as possible by 
comparing the predictions with actual operation of similar plant or 
equipment. Once a validated flowsheet model has been developed, 
it can be subjected to optimization. Reactor conversion and recycle 
composition for flowsheets involving a purge can be important 
optimization variables. 

15.11 Exercises 

1. A process is to be simulated involving a simple reaction, 
separation and recycle system, as illustrated in Figure 15.3. 
The reaction is: 

A- > B 

The feed contains 95 kmol of A and 5 kmol of B. The reactor 
operates at a conversion of 70%. The performance of the 
separator gives a recovery of A in the recycle stream of 95% 
and a recovery of B in the product stream of 98%. In a 
spreadsheet: 

a) Solve the material balance using a sequential modular 
approach by tearing the recycle stream and using direct 
(repeated) substitution to a scaled residual convergence of 
0.0001 for both components. 
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Figure 15.16 

Front end of the benzene process from Exercise 3. 


b) Solve the material balance by accelerating the solution 
using the Wegstein Method after the second direct substi¬ 
tution iteration. 

c) Check the solutions by solving the equations 
simultaneously. 

d) From the material balance, calculate the process yield for 
the manufacture of B. 

2. Create a flowsheet simulation model for the process in 
Example 15.1 in a flowsheeting package. Compare the 
answer with the spreadsheet results from Exercise 1. The 
flowsheet simulation could be set up by introducing two new 
components to the simulation software. Given that physical 
properties of the Components A and B are not necessary for 
the simple material balance, the simplest approach is to 
define A and B as being two components already in the 
physical property database, e.g.: 

butane-> isobutane 

This can be simulated without introducing any new 
components. 

Assume: 

i. The feed enters at 20 °C and 45 bar. 

ii. All operations after the feed operate at 40 bar. 

iii. The feed is heated to 500 °C before entering the reactor. 

iv. The reactor is modelled by a conversion reactor with a 
conversion of 70%. 

v. There is no heat of reaction. 

vi. The reactor effluent is cooled to 150 °C before entering the 
separator. 

vii. The separator is modelled using a splitter with a recovery 
of A of 95% in the recycle and a recovery of B of 98% in 
the product. 

viii. The recycle convergence is by direct substitution to a 
scaled residual of 0.0001. 

3. Create a flowsheet simulation model for the toluene hydro¬ 
dealkylation process (Douglas, 1985). Benzene is to be pro¬ 
duced from toluene according to the reaction: 

C 6 H 5 CH 3 + H 2 -> C 6 H 6 + CH 4 

toluene hydrogen benzene methane 


The reaction is earned out in the gas phase and operates at 
700 °C and 40 bar. Some of the benzene formed undergoes a 
series of secondary reactions that can be characterized by the 
single secondary reversible reaction to an unwanted byproduct, 
diphenyl: 

2C 6 H 6 <=► C 12 H 10 + H 2 

benzene diphenyl hydrogen 

A hydrogen/toluene ratio of 5 is required at the reactor inlet to 
prevent excessive coke formation in the reactor. The fraction of 
toluene reacted that is converted to benzene is related to the 
conversion (i.e. fraction of toluene fed that is reacted) accord¬ 
ing to (Douglas, 1985): 

_ 0.0036 

(1— X) 1 ' 544 

where S = selectivity 
X = conversion 

The flowsheet for the process front end, without the distillation 
system and toluene recycle, is shown in Figure 15.16. The 
toluene feed of 265 kmol • h -1 can be assumed to be pure. The 
hydrogen feed contains methane as an impurity at a mole 
fraction of 0.05. Methane is also a byproduct from the primary 
reaction and the methane is to be removed from the process by 
means of a purge. 

Assume: 

i. Physical properties can be modelled by the Peng-Rob- 
inson Equation of State. 

ii. The toluene and hydrogen feeds enter at 25 °C and 45 bar. 

iii. The reactor operates at 700 °C and 40 bar. 

iv. The reactor can be modelled by a conversion reactor with 
a toluene conversion of 0.75. 

v. The reactor effluent is at 700 °C and 40 bar. 

vi. The flash separator after the reactor operates at 40 °C and 
36 bar. 

vii. The purge fraction (fraction of purge to recycle) is 0.3. 

viii. The recycle gas compressor can be modelled as an adia¬ 
batic compression with an isentropic efficiency of 0.8. 

Using a flowsheeting package, develop a flowsheet simulation 
model using direct substitution for recycle convergence with a 
scaled residual of 0.0001. 
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Figure 15.17 

Benzene process from Exercise 4. 


Table 15.5 

Distillation column details for Exercise 3. 


Column 

Condenser type 

Pressure (bar) 

Number of stages 

Reflux ratio 

Distillate rate 
(kmol h" 1 ) 

Stabilizer 

Partial 

20 

4 

2 

50.5 

Benzene column 

Total 

1.1 

15 

1 

260 

Toluene column 

Total 

1.1 

7 

1 

56 


a) Assume a feed of hydrogen with 1400 kmol- h 1 . 

b) Use a design constraint to impose a hydrogen toluene ratio 
of 5 by varying the flowrate of the hydrogen feed. 


4. The liquid stream product for Figure 15.16 can readily be 
separated into relatively pure components by distillation, the 
benzene taken off as product, diphenyl as an unwanted byprod¬ 
uct and the toluene recycled. The flowsheet is shown in 



Figure 15.18 

Block flowsheet for Exercise 6. 
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Figure 15.17. The distillation columns are to be modelled as 
rigorous equilibrium models with the details given in 
Table 15.5. Assume that each of the distillation columns has 
a saturated liquid feed. Using a flowsheeting package, develop 
a flowsheet simulation model to solve the material and energy 
balance by adding the distillation and toluene recycle to the 
model from Exercise 3b. The flowsheet model should be 
converged to a scaled residual convergence of 0.0001 using 
direct substitution. 

5. Adapt the flowsheet model from Exercise 4 by adding a design 
specification to achieve a production rate of benzene of 
265 krnol • IT 1 and a design specification to maintain a recycle 
concentration of hydrogen in the recycle of 0.6. 

6. Figure 15.18 shows the block diagram of a flowsheet simula¬ 
tion model. 

a) Separate the flowsheet model into four partitions such that 
streams only go forward from one partition to the next and 
there is no recycling between partitions. 

b) Within each partition, identify the tear streams 

c) For the partitions with more than one tear stream suggest a 
different flowsheet sequence to decrease the number of tear 
streams. 
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Chapter 16 


Batch Processes 


16.1 Characteristics of 
Batch Processes 

As pointed out in Chapter 1, in a batch process the main steps 
operate discontinuously. This means that temperature, concentra¬ 
tion, mass and other properties vary with time. Also as pointed out 
in Chapter 1, most batch processes are made up of a series of batch 
and semicontinuous steps. A semicontinuous step operates con¬ 
tinuously with periodic start-ups and shutdowns. 

Many batch processes are designed on the basis of a scale-up 
from the laboratory, particularly for the manufacture of specialty 
chemicals and pharmaceuticals. If this is the case, the process 
development will produce a recipe for the manufacturing process. 
The recipe is not unlike a recipe used in cookery. It is a step-by-step 
procedure that resembles the laboratory procedure, but scaled to 
the quantities required for manufacturing. It provides information 
on the quantities of material to be used in any step in the 
manufacturing, the conditions of temperature, pressure, and so 
on, at any time, and the times over which the various steps take 
place. The recipe can be thought of as the equivalent of the material 
and energy balance in a continuous process. However, care should 
be taken to avoid taking artificial constraints from the laboratory to 
the manufacturing process (i.e. those constraints imposed by the 
laboratory procedures that do not apply to industrial plant). 

As noted in Chapter 1, the priorities in batch processes are often 
quite different from those in large-scale continuous processes. 
Particularly when manufacturing specialty chemicals and pharma¬ 
ceuticals, the shortest time possible to get a new product to market 
is often the biggest priority (accepting that the product must meet 
the specifications and regulations demanded and the process must 
meet the required safety and environmental standards). This is 
particularly true if the product is protected by patent. The period 
over which the product is protected by patent must be exploited to 
its full. This means that product development, testing, pilot plant 
work, process design and construction should be fast tracked and 
carried out as much as possible in parallel. 
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Before a system of batch reaction and separation processes is 
considered, the main operations that will be used in batch processes 
need to be reviewed, but with the emphasis on how they will differ 
from the corresponding operations in continuous processes. 

16.2 Batch Reactors 

As with continuous processes, the heart of a batch chemical process 
is its reactor. Idealized reactor models were considered in 
Chapter 4. In an ideal-batch reactor, all fluid elements have the 
same residence time. There is thus an analogy between ideal-batch 
reactors and continuous plug-flow reactors. There are four major 
factors that affect batch reactor performance: 

• Contacting pattern 

• Operating conditions 

• Agitation for agitated vessel reactors 

• Solvent selection. 

1) Contacting pattern. Most batch reactors are agitated vessels 
with a standard configuration. However, this is only one way 
that such reactions can be accomplished. If the reaction is 
multiphase, then any of the contacting patterns in Figures 6.4 
and 6.5 might be considered to enhance the mass transfer 
relative to that which can be achieved using an agitated vessel. 
For example, a recirculation system could be used in which 
material was taken from the reactor and returned to the reactor 
via a pump in the case of a liquid or a compressor in the case of a 
gas. If such possibilities are considered, then there is no reason 
why the kind of equipment used for continuous processes could 
not be applied, with recirculation of the materials used to create 
the batch mode. Indeed, the reactor could simply be operated in 
a semicontinuous mode. If the reaction is rapid and the temper¬ 
ature can be controlled, whether single-phase or multiphase, 
then a simple static mixer arrangement operated in semicontin¬ 
uous mode might be the best solution (Figure 6.4 and 6.5). 

Figure 16.1 shows various modes of operation for agitated 
vessel batch and semibatch reactors. In Figure 16.1a, the feeds 
are loaded into the reactor at the beginning of the batch, the 
reaction then proceeds for a specified time, after which the 
products are removed. By contrast, Figure 16.1b shows 


16 
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FEED2 



FEED 1 


(a) Batch operation. 


(b) Semi-batch operation in which both composition 
and volume change. 


FEED I FEED 2 



(c) Semi-batch operation in which 

composition is maintained constant, 
but volume changes. 


FEED I 




(d) Semi-batch operation in which composition 
changes, but volume is maintained constant. 


Figure 16.1 

Various modes of operation for batch and semi-batch reactors. 


semibatch operation in which one of the feeds is initially 
charged to the reactor and the other feed is charged progres¬ 
sively. This mode of operation was discussed in Chapter 4. The 
semibatch operation in Figure 16.1b is one in which both the 
composition and the volume in the reactor change with time. 
However, batch reactors offer additional degrees of freedom. 
Figure 16. lc shows a semibatch operation in which the feeds are 
charged to the reactor as the batch progresses. In this way, 
composition can in principle be maintained constant, but volume 
changes. Finally, Figure 16. Id shows semibatch operation in 
which the product is withdrawn before the end of a batch 
reaction. In the arrangements shown in 16.Id, the composition 
changes but the volume can in principle be maintained constant. 
In Chapter 4, some simple heuristics were developed to help 
decide the contacting pattern if some knowledge of the reaction 
kinetics is available. For example, for the parallel reaction: 

FEEDl + FEEDl -> PRODUCT n = kiC a F l mm C b F l EEm 

FEED I + FEED! -> BYPRODUCT r 2 = k 2 C% Em C% En2 

(16.1) 

Taking the ratio of the reaction rates: 


^*2 __ ^2 /~<ci2 — d\ f'bj — b\ 
~ — T~ ^ FEED 1 C FEEDl 
r i /ci 


(16.2) 


In order to minimize the formation of the unwanted 
BYPRODUCT, the ratio of the reaction rates in Equation 16.2 
should be minimized. Thus (Smith and Petela, 1992; 
Sharratt, 1997): 


• a 2 > a i and b 2 >b\. The concentration of both feeds should 
be minimized and each added progressively as the reaction 
proceeds. Predilution of the feeds might be considered. 

• a 2 > ai and b 2 <b ,. The concentration of FEEDl should be 
minimized by charging FEEDl at the beginning of the batch 
and adding FEEDl progressively as the reaction proceeds. 
Predilution of FEEDl might be considered. 

• a 2 < a i and b 2 >b\. The concentration of FEEDl should be 
minimized by charging FEEDl at the beginning of the batch 
and adding FEEDl progressively as the reaction proceeds. 
Predilution of FEEDl might be considered. 

• ci 2 < a i and b 2 <b t . The concentration of FEEDl and 
FEEDl should be maximized by rapid addition and mixing. 

Whilst heuristics like these are helpful, they have also severe 
limitations: 

• Knowledge of the reaction chemistry and the kinetics is 
needed. 

• They only are helpful when dealing with simple reaction 
systems. 

• They are only qualitative. 

Even if it is decided to use semibatch operation in the above 
example in which FEEDl is charged to the reactor initially and 
then FEEDl as the reaction progresses, it is not known how fast the 
feed should be added to obtain the optimum performance. Feed 
addition rate and product takeoff rate are degrees of freedom that 
need to be optimized. 

There are many practical issues that need to be considered 
when choosing mixing equipment and mixing patterns, in 
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addition to those for maximizing yield, selectivity or conver¬ 
sion (Hamby, Nienow and Edwards, 1997). This is especially 
the case when dealing with multiphase reactions (Hamby, 
Nienow and Edwards, 1997). A superstmcture approach can 
be used for the optimization of the reaction mixing pattern but 
this requires a detailed model of the reaction system to be 
available (Zhang and Smith, 2004). 

2) Operating conditions. Once batch cycle time and total amount 
of reactants have been fixed for a given batch reactor system, 
variables such as temperature, pressure, feed addition rates and 
product takeoff rates are dynamic variables that change through 
the batch cycle time. These values form profiles for each 
variable across the batch cycle time. 

If the rate of feed addition, rate of product takeoff, tempera¬ 
ture and pressure are known in each time interval, a simulation 
of the reactor can be carried out in that time interval. The 
problem is that the conditions will change from one time 
interval to subsequent time intervals. The profile of the dynamic 
variables (feed addition, product takeoff, temperature and 
pressure) needs to be known through time. An approach to 
profile optimization will be discussed later. 

The resulting optimal profiles for the operating conditions 
will need to be evaluated in terms of their practicality from the 
point of view of control and safety. If a complex profile offers 
only a marginal benefit relative to a fixed value, then simplicity 
(and possibly safety) will dictate a fixed value to be maintained. 
However, an optimized profile might offer a significant 
increase in the performance, in which the complex control 
problem will be worth addressing. 

3) Agitation. Different designs of agitated vessel are available. 
The main differences are related to the way heat is added or 
removed and the design of the agitator. Figure 16.2 shows three 
designs of agitated vessel. Figure 16.2a shows a design with an 
internal coil for the addition or removal of heat. Figure 16.2b 


shows a design with an external jacket and Figure 16.2c shows 
a design with half-pipes welded to the exterior for the addition 
or removal of heat. Figure 16.3 shows four of the more common 
designs of agitator. Many other designs of agitator are availa¬ 
ble. Multiple agitators can be mounted on the same shaft. 
Different agitator designs create different flow patterns in the 
agitated vessel. Processing duties are central to the selection of 
the agitator. The duties of the agitator are: 

• Mixing 

• Solids suspension (suspending sinking solids or incorporat¬ 
ing floating solids) 

• Dispersion of two liquid phases 

• Gas dispersion 

• Heat transfer. 

Selection of the most appropriate design of agitator is a 
specialized subject outside of the scope of this text (see, for 
example, Hamby, Nienow and Edwards, 1997). 

Within the context of reaction systems, it is important to note 
that the selectivity of the system can be effected by agitation 
when competing reactions are involved that produce byprod¬ 
ucts. For example, consider the reaction system: 

FEED 1 + FEED! -* PRODUCT 

PRODUCT + FEED! -» BYPRODUCT ^ 

Where mixing is imperfect, then regions of excess FEED 2 
produce excessive BYPRODUCT. Regions low in FEED 2 give 
lower rates for both the PRODUCT and BYPRODUCT. This 
means that imperfect mixing favors the production of the 
BYPRODUCT. 

Often the reaction kinetics is not known when trying to 
design a batch reactor. Indeed, the reaction chemistry is often 
not known. In such circumstances, scale-up from small-scale 
experiments to production scale is used. Two broad scales of 


clj? Cst 





Figure 16.2 

Heat transfer in agitated vessels. 
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(d) I’faudler impeller. 


Figure 16.3 

Examples of agitator design. 


mixing can be distinguished. Mixing through the bulk flow is 
termed macromixing. Mixing at the molecular level through 
diffusion is termed micromixing. The rate of micromixing 
depends on the operating conditions, viscosity and the 
energy dissipation rate. If the energy dissipation rate from 
the agitator in the reaction zone is held constant, the product 
distribution for the same operating conditions should be 
independent of the scale. If the reaction is very slow, then 
the reaction will proceed throughout the whole reactor 
volume. On the other hand, if the reaction is very fast, the 
reaction will proceed in only a small fraction of the whole 
reactor volume. The fraction within which the reaction takes 
place is scale-dependent and reaction zones spread out to 
different extents at different scales. This introduces com¬ 
plexities in the scale-up of reaction systems. 

4) Solvent selection. Solvents are very common in batch reaction 
systems. The solvent has a number of purposes (Sharratt, 1997): 

• mobilize solid reactants or solid products with high melting 
points; 

• allow reaction and mass transfer; 

• modify the reaction pathway; 

• act as a heat sink; 

• provide temperature control when the solvent is allowed to 
evaporate from the reactor, is condensed and returned to the 
reactor; 

• allow material transfer to other units. 

There are many issues to consider in solvent selection (Sharratt, 
1997): 

• a large working range between the melting and boiling 
points is desirable; 


• viscosity should allow good mixing; 

• interfacial tension should be considered for liquid-liquid 
reactions; 

• the solvent should be easily recovered for recycling (i.e. no 
azeotropes if distillation is to be used, low latent heat, etc.); 

• low boiling point can create environmental problems 
through the release of volatile organic compounds 
(VOCs) that create environmental problems; 

• the solvent should be easily disposed of if waste is formed 
(e.g. chlorinated solvents should be avoided); 

• effect on reactions (solvent polarity, bond type, effect on 
reaction rate, activation energy, equilibrium, changes in 
reaction mechanism). 


16.3 Batch Distillation 


Batch distillation has a number of advantages when compared with 

continuous distillation: 

• The same equipment can be used to process many different 
feeds and produce different products. 

• There is flexibility to meet different product specifications. 

• One distillation column can separate a multicomponent mixture 
into relatively pure products. 

The disadvantages of batch distillation are: 

• High-purity products require the careful control of the column 
because of its dynamic state. 

• The mixture is exposed to a high temperature for extended 
periods. 

• Energy requirements are generally higher. 

1) Batch distillation without reflux. The simplest batch distilla¬ 
tion involves charging a feed to a batch distillation pot, as 
shown in Figure 16.4. There are no trays or packing materials, 
and no reflux is returned to the pot. The vapor formed is 
removed from the system. Since this vapor is richer in the 
more volatile components than the liquid in the pot, the liquid 
remaining in the pot becomes steadily leaner in these compo¬ 
nents. The result of this vaporization is that the composition of 
the product changes progressively through time. The vapor 
leaving the pot at any time is assumed to be in equilibrium with 
the liquid in the pot, but since the vapor is richer in the more 
volatile components, the composition of the liquid and vapor 
are not constant. To show how the compositions change with 
time, consider vaporization of an initial charge to the distilla¬ 
tion pot in Figure 16.4. 

Initially, restrict considerations to binary mixtures. Let F be 
the initial binary feed to the pot (kmol) and x F be the mole 
fraction of the more volatile component (A) in the feed. Let B be 
the amount of material remaining in the batch pot at time t, x B be 
the mole fraction of Component A in the pot, and x D the mole 
fraction of Component A in the vapor phase. If a small amount 
of liquid dB with a vapor mole fraction x D is vaporized, a 
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Figure 16.4 

Simple distillation from a batch pot. 

material balance for Component A gives: 

xqcIB = d{Bx B ) 

= Bdx B + x B dB 

Rearranging Equation 16.4 gives: 


(16.4) 


Substituting in Equation 16.7 gives: 

dx B 


ln- 

F 


ax B _ 

F 1 + x B (a — 1) XB 
' XB r 1 +A-g(a- 1) 
a B (a - 1)(1 -x) 

1 


dx B 


- + - 


1 


x B (a — 1)(1 —x B ) (1 -x B ) 
1 ( . l-x B 


dXn 


(16.10) 


.(« - !) 
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(a - 1) 
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(a - 1) 


In 


-ln- 

x B 

x B {\ - x F ) 


X F {\ - x B ) 


+ (—ln(l -x B )) 

1 — Xp 


In 


'x B 
\x F 


In (— ) + a In 


1 ~x B 

1 — Xp 

1 -x B 


dB _ B 

dx B x D - x B 


Integrating Equation 16.5: 



(16.5) 


(16.6) 


If the K-value or relative volatility is not constant, then 
Equation 16.7 must be integrated numerically. Numerical 
integration is illustrated in Figure 16.5, in which 1 l{x D — x B ) 
is plotted versus the bottoms mole fraction x B . Integrating to 
find the area under the graph (e.g. using the Trapezoidal Rule or 
Simpson’s Rule), the amount of liquid left in the pot at the end 
of the batch is given by: 


or 


B final = F exp (-Area) (16.11) 


In — = 

F J x „ x d - x B 


(16.7) 


where B/j na i = total moles in the batch pot at the end of the batch 
The amount of distillate is by mass balance: 


where 


B = total moles in the batch pot at time t 
F = total moles in the batch pot at the beginning of 
the operation 

x B = mole fraction of Component A in the liquid in 
the batch pot at time 1 

x F = mole fraction of Component A in the liquid in 
the batch pot at the beginning of the operation 
x D = mole fraction of Component A in the vaporized 
material leaving the batch pot at time t 


Equation 16.7 is known as the Rayleigh Equation and 
describes the material balance around the distillation pot. 
Equation 16.7 can be integrated analytically for some special 
cases. If the vapor composition leaving the pot can be related to 
the composition of the liquid in the pot according to y = Kx 
where K is assumed to be constant, then substituting x D = Kx B 
in Equation 16.7 and integrating gives: 



1 

K- 1 


In 


XB 

x F 


(16.8) 


Dfinai = F[1 - exp(—Area)] (16.12) 


The amount of A in the final product 

= XpF X B fi IIa lBfi na l 



Another simple case is when the relative volatility a can be Bottom concentration ol A, x jn 

assumed to be constant. From Equation 8.20: 


ax B 

1 -x B (l - a) 


xd = 


(16.9) 


Figure 16.5 

Integration of the Rayleigh Equation for constant reflux ratio. 
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Thus the average overhead composition of x A D is given by: 


x D 


XfF X HJ Lna l Bjlnal 

F - Bf illa i 


(16.13) 


Although the equations developed here were for binary 
mixtures, the Rayleigh Equation (Equation 16.7) can also be 
written for each component in a muticomponent mixture. 

2) Batch distillation with reflux. Batch distillation from a pot will 
not provide a good separation unless the relative volatility is 
very high. In most cases, a rectifying column with reflux is 
added to the pot, as shown in Figure 16.6. The operation of a 
batch distillation can be analyzed for binary systems at a given 
instant in time using a McCabe-Thiele diagram. The operating 
line is the same as that for the rectifying section of a continuous 
distillation (see Chapter 8): 


1 


R 1 

~R + i Xi ’ n + ~r + \ Xud 


(8.34) 


This is shown in Figure 16.6, where the slope of the operating 
line is given by R/(R +1). The feed is charged to the distillation 
pot at the beginning of the batch and is subjected to continuous 
vaporization. This vapor would then flow upward through trays 
or packing to the condenser and reflux would be returned, 
as with continuous distillation. However, unlike continuous 


distillation, the overhead product will change with time. The 
first material to be distilled will be the more volatile compo¬ 
nents. As the vaporization proceeds and product is withdrawn 
overhead, the product will become gradually richer in the less- 
volatile components. 

Figure 16.6 illustrates what happens if the reflux ratio is 
fixed for a binary separation. Because the reflux ratio is fixed, 
the slope of the operating line is fixed, but its position varies 
through time. For a fixed number of stages, the distillate and the 
bottoms gradually become more concentrated in the heavier 
component. This means that the product quality deteriorates 
with time and blending is required to meet the appropriate 
purity specification. The Rayleigh Equation (Equation 16.7) 
can be integrated graphically, as illustrated in Figure 16.5 for 
the separation of an AB mixture. The initial charge to the 
distillation pot is F moles with a mole fraction of x F . 
The McCabe-Thiele construction can be used to determine 
the distillate mole fraction x D for various bottoms mole 
fractions x B for a fixed reflux ratio (fixed slope of operating 
line) and a given number of stages (four stages in the case of 
Figure 16.6). Thus, the Rayleigh Equation can be integrated 
numerically as in Figure 16.5. 

Alternatively, by careful control of the reflux ratio, it is 
possible to hold the composition of the distillate constant for a 
time until the required reflux ratio becomes intolerably large, as 
illustrated in Figure 16.7. Again, the Rayleigh Equation can be 
integrated numerically as in Figure 16.5. 



Figure 16.6 

If reflux ratio is fixed in batch distillation the overhead product purity decreases. 
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Figure 16.7 

If reflux ratio can be varied in batch distillation to maintain overhead product purity. 


Operation at constant reflux ratio is better than operation 
with constant distillate composition for high-yield batch 
separations. However, operation with constant distillate 
composition might be necessary if high product purity is 
required. In fact, it is not necessary to operate in one of these 
two special cases of constant reflux ratio or constant distil¬ 
late composition. Given the appropriate control scheme, the 
reflux ratio can be varied through the batch with an objective 
different from that of maintaining constant distillate compo¬ 
sition, perhaps with a constraint on the final mean distillate 
composition. Optimization of the profile of the reflux ratio 
through the batch can be performed, as will be discussed 
later. 


3) Modeling binary batch distillation. Batch distillation can be 
modeled by dividing the batch cycle into time increments and 
steady-state continuous distillation assumed in each time incre¬ 
ment. For a binary distillation with constant relative volatility 
and constant molar overflow the separation performance is 
predicted by the McCabe-Thiele diagram in each time incre¬ 
ment. However, this requires repeated application of the 
graphical approach, which is not convenient. An analytical 
solution of the McCabe-Thiele construction was developed by 
Smoker (1938). The operation line for the rectifying section can 
be represented by: 


y = 


-x + - 


R+ 1 R +1 


x D 


(8.45) 


or 


where 


y = ux + v 

y — vapor mole fraction 
x = liquid mole fraction 
x D = distillate mole fraction 
R = reflux ratio 
R 


Xd 


For constant relative volatility: 

xa 

1 +x(a — 1) 


(16.14) 


(8.27) 


where a = relative volatility 

y can be eliminated from these equations to give a quadratic 
in x: 


u(a — I)* 2 + [« + (a — l)v — a]x + v = 0 (16.15) 


16 


There is only one real root k to this equation, where 0 < k < 1. 
Representing the root in this equation: 

u(a — 1 )k 2 + \u + (a — l)v — a]k + v = 0 


(16.16) 
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Smoker (1938) showed that the number of theoretical stages for 
the rectifying section is given by: 


Expanding the left-hand side of Equation (16.21) and combin¬ 
ing with Equations 16.20 and 16.21 gives: 


4(1 -P4) 

/in r a 1 

4(l - P x d) 

/ iuvA 


where 

N = number of theoretical stages 

Xp = Xp — k 

x* D = Xd — k 

0 = nw(a- 1) 

a — uw 2 


(16.17) 


or 


dB dx r b dB 

Xr ^ +B ^r =Xrl) it 


(16.22) 


clB dx r B 
B x r j) x r n 


(16.23) 


Writing Equation 16.23 for the other components i for i= 1 to 
NC(i^r): 


w — 1 + k(a - 1) 
Rearranging Equation 16.17 gives: 


dx,n dx t b 

%r,D %r,B %i,D %i,B 


(16.24) 


F ~ / a \ N 

xd — k 

(— 2 ) [1 - K*d ~ k)\ + P(x D - k) 
\uw L ) 


Thus: 


x F 


- + k 


(16.18) 


(16.19) 


This equation needs to be integrated across the batch. If the 
batch cycle is divided into small increments, then for a small 
defined step in the reference component dx r>B the values of x r<D , 
x rB , Xi.D and at any step k + 1 can be assumed to be the same 
as the previous step k for the calculation of the component 
increments for each component dx iB . Thus, from 
Equation 16.24: 


It should be noted that Equation 16.17 cannot be rearranged 
to be explicit in terms of x D , but can be made explicit in terms of 
x F (x B in a batch rectification process). Thus, it is convenient to 
set values of x D in each time increment and the corresponding 
value of x B calculated in order to integrate the Rayleigh 
Equation. The reflux ratio might be held constant across 
time intervals or varied between intervals. Illustrative examples 
are presented later. 

4) Modeling multicomponent batch distillation. A shortcut 
model for a multicomponent batch rectifier can also be devel¬ 
oped (Diwekar and Madhavan, 1991). As with the binary 
model, the basis of the multicomponent model is to consider 
the batch distillation column as a continuous column which is at 
steady state within any time interval, but with a feed that varies 
between time intervals. In this way, it is possible to apply the 
Fenske-Underwood-Gilliland (FUG) method (see Chapter 8) 
to each interval of time. The reflux ratio might be held constant 
across time intervals or varied. Zero hold-up on the plates and in 
the condenser is assumed, together with constant relative 
volatility and constant molar overflow. 

First it is necessary to develop the Rayleigh Equation for the 
multicomponent case. Assuming that the vapor flowrate V is 
constant, the overall mass balance equation is: 


dB _ V 
dt R + 1 


(16.20) 


The mass balance for the component taken as reference is: 


d (. x rB B) V 

— X y n 

dt ' R+ 1 


(16.21) 


j M 1 _ ux r,B 
aX i,B ~ 1- t 

a-k n 1 


(* Id xJ i,B ) 


(16.25) 


The compositions for Component i in step k+ 1 are given by: 


At = A,b + d At 


Jr , dXf R 

X* b + -7-- X 


( A,d A,it) 


( Ad A,i 


(16.26) 


It must be assured that the sum of the mole fractions for xj j 1 
must add to 1.0. From Equation 16.26: 


NC 


NC 


E-'" = E 


lr dX r R 

Xt: d —7 T" X 


NC 

J2A, b + 


( A.d - A,b ) 

dXf b 

( A,d—A, it) 


( Ad A* 
nc NC 

E4-E4 


(16.27) 


As long as the summation for the previous step k adds to unity, 
that is: 

NC NC 

E-4 = 1 and Ei = > (16 - 28) 

i i 

then Equation 16.27 becomes: 


E# 1 


(16.29) 


where x r B = mole fraction of the reference component r in 
the bottoms (pot) at any time t 
x r ,D = mole fraction of the reference component r in 
the distillate at any time t 


Thus Equation 16.26 provides a basis to integrate 
Equation 16.24. However, Equation 16.26 requires knowledge 
of the distillate concentrations. The Fenske Equation can be 
used to relate the distillate and bottoms compositions, as 
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demonstrated in Chapter 8 for continuous distillation: 

< D = < miU {^j<B (16.30) 

However, the distillate composition of the reference compo¬ 
nent is needed to complete the calculations. Since the 
individual overhead compositions must add up to unity, 
for each interval k: 


Y^ x i,D = 1 

i=l 

Combining Equation 16.30 with 16.31: 

Jc NC 

1 = 

D • , 


x r,B /-I 


Jc X >V 

r ' D E <"""4., 


(16.31) 


(16.32) 


(16.33) 




At the beginning of the batch, the operation is assumed to be 
at total reflux. If it is assumed there is no hold-up on the trays 
and in the condenser, then x Q iB are the same as the feed 
concentration, and N mi „ equals the number of stages in the 
column. Thus, the distillate compositions can be calculated 
from Equation 16.33 for Component r and Equation 16.30 for 
all other components with N min . If N min is known for the 
subsequent intervals then new bottoms concentrations can be 
calculated from Equation 16.27 and distillate compositions from 
Equations 16.33 and 16.30. However, once the distillate product 
begins to be taken after Interval 0, then N min is unknown and 
must be calculated. In principle, N min can be calculated from the 
Gilliland Correlation if the actual reflux ratio R , the minimum 
reflux ratio R min , and the actual number of stages N are known 
(see Chapter 8). An explicit equation was presented by Eduljee 
(1975) to represent the Gilliland Correlation: 


Kin = R-(R+ 1 ) 


| 4 f N-N min 

3 I N +1 


1 1/0.5668 


(16.34) 


where R a . = minimum reflux ratio calculated by the 

min J 

Eduljee Equation 
R = actual reflux ratio 
N = actual number of theoretical stages 
N min = minimum number of theoretical stages 

The minimum reflux ratio can be calculated using the Under¬ 
wood Equations (see Chapter 8): 


x i,D = mole fraction of Component i in the 
distillate 

0 = root of the equation 
q = feed condition 

= heat required to vaporize one mole of feed 
molar latent heat of vaporization of feed 
= 1 for a saturated liquid feed, 0 for a saturated 
vapor feed 

NC = number of components 

minimum reflux ratio calculated by the 
Underwood Equation 


R':L = 


At each interval an initial value of N, 

r>G 


mm is guessed, which 
enables the calculation of R)' njn and R^ in . The difference 

d G dU 

v min y min 


(Rmin ~ Rmin ) can then be taken as an objective to solve those 
equations and find the value of N mi „ iteratively. The moles of 
material in pot B is also needed. The Rayleigh Equation 16.23 
can be integrated, resulting in: 


In 


' dx rB 

x r,D x r.B 


(16.37) 


Equation 16.37 can be solved numerically by a series of 
incremental changes, using, for example, the Trapezoidal 
Rule. In the case of a binary model it is more convenient to 
set values of x D in each time increment and the corresponding 
value of x B calculated in order to integrate the Rayleigh Equa¬ 
tion. However, the equations for multicomponent distillation 
require the value of x B to be set and the value of x D calculated in 
each time increment. The calculation will be illustrated later. 

5) Batch cycle time. It is clear that Equations 16.7, 16.8, 16.10, 
16.13 and 16.23 are independent of time. Yet the batch time is 
an important consideration. F and B represent the moles of 
material, but now let V represent the rate at which vapor is 
leaving the pot. For continuous distillation, it can be seen from 
Figure 8.21 that D = V/(R + 1). Thus for batch distillation at any 
instant: 


dB 

dt 


V 

~R+ 1 


R 1 

dt = - dB 

V 


(16.38) 


(16.39) 


If an operating policy is adopted of maintaining the reflux ratio 
constant, then in Equation 16.39 both V and R are constant and 


NC 

a i x i,B , 

(16.35) 

the equation can be integrated: 


NC 

nil _ \ ^ a ‘ X U) , 

nm, a . _ (3 

i=l ' 

(16.36) 

QQ 

+ ^ 

1 

II 

^_o 

(16.40) 

where a,- = volatility of Component i 

relative to the 

t B =^(F-B) 

(16.41) 


reference Component r 

Xj'B = mole fraction of Component i in the bottoms 


where t B = batch cycle time. 
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For the general case in which the reflux ratio is allowed to 
vary, then the Rayleigh Equation for a binary mixture is given by: 


dB = 


BcIxb 


(x D - x B ) 

Substituting Equation 16.40 into Equation 16.37 gives: 


(16.42) 


, B R+ 1 
dt = -- 


V (x D - x B ) 
Integrating Equation 16.43 gives: 

r XF b r+ i 

*B= 77 


dx n 


V (x D - x B ) 


dx B 


(16.43) 


(16.44) 


6) Modelling errors. Approximate models for batch distillation 
have been developed in this chapter. Using approximate mod¬ 
els for steady state might not present errors that are too serious. 
However, in batch distillation if the Rayleigh Equation needs 
to be integrated numerically a continuous model is used for a 
series of small increments. Errors in each increment will 
accumulate through the calculation. The models also neglect 
hold-up in the column and the condenser. Extra caution 
should be applied when interpreting the results of approximate 
batch distillation calculations. Such calculations can be 
useful to explore trends, but more rigorous calculations 
should be applied later when the design is finalized (Diwekar, 
2011 ). 


For the multicomponent systems, the corresponding equation is: 




B R+ 1 

Jx k rjl V ( x r p - x rJS ) 


dXf B 


(16.45) 


Example 16.1 A solvent 5 is to be recovered from a heavier 
residue HR by distillation in a batch rectifier. The initial charge to 
the pot is 150kmol with a mole fraction S of 0.6. The relative 
volatility between S and HR is 3.5. It can be assumed that the boil- 
up rate is lOOkmofh -1 . 

a) If it is assumed that the column is operated without reflux, 
calculate the average distillate composition for a recovety of 
solvent of 90%. 

b) If the column is refluxed and the trays and condenser provide 
the equivalent of four theoretical stages, calculate the 
recovery for a mean distillate purity of 98% and minimum 
recovery of solvent 90% for a reflux ratio maintained to be 
constant at 9. 

c) For the refluxed distillation in Part b, calculate the batch cycle 
time and total energy consumed if the enthalpy of vaporization 
is 33.000kJ kmol -1 . 

Solution 

a) If the solvent recovety is assumed to be 90%: 


Bx b = 0.1 xFxf 

= 0.1 x 150x0.6 
= 9 kmol 
9 


From Equation 16.10: 



1 

a- 1 




In 



1 

(3-5-1) 




Solving by trial and error: 

B = 40.08 kmol 
x B = 0.2246 
Dx d = Fxf — Bx b 

= 150x0.6-40.08x0.2246 
= 81.00 kmol 
D = 150-40.08 
= 109.92 kmol 
_ 81.00 
Xd ~ 109.92 
= 0.74 

b) For the refluxed column. Equation 16.7 must be solved 
numerically to obtain the material balance. The variation of 
bottoms composition is required for the numerical integration. 
However, the McCabe-Theile Method calculated by the 
Smoker Equation requires x B to be calculated from x D . Thus, 
x D will be varied from an initial concentration by incremental 
reduction and x B calculated from the Smoker Equation 
(Equation 16.19). It can be assumed that the distillation will 
be started at total reflux to establish the separation and then the 
separation commenced by fixing the reflux ratio to a value of 9. 
The distillate composition at total reflux for time 0 can be 
calculated from the Fenske Equation (Equation 8.56): 



= 0.9956 
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Table 16.1 

Batch distillation with fixed reflux ratio of 9. 


Interval 

x D 

K 

W 

P 

x B 

1 

A Area 

ln(B/F) 

B 

X D 

Bx b 

*D -X/l 

0 

0.9956 

0.044216 

1.110540 

1.045474 

0.6000 

2.527952 

0.000000 

0.000000 

150.00 

0.9956 

90.00 

1 

0.9906 

0.043958 

1.109896 

1.044305 

0.4894 

1.995445 

0.250063 

0.250063 

116.81 

0.9892 

57.17 

2 

0.9856 

0.043701 

1.109252 

1.043139 

0.3890 

1.676138 

0.184438 

0.434502 

97.14 

0.9878 

37.78 

3 

0.9806 

0.043444 

1.108610 

1.041976 

0.3244 

1.524036 

0.103275 

0.537776 

87.61 

0.9869 

28.42 

4 

0.9756 

0.043187 

1.107969 

1.040818 

0.2794 

1.436478 

0.066603 

0.604379 

81.96 

0.9862 

22.90 

5 

0.9706 

0.042931 

1.107329 

1.039662 

0.2462 

1.380590 

0.046737 

0.651116 

78.22 

0.9855 

19.26 

6 

0.9656 

0.042676 

1.106690 

1.038511 

0.2208 

1.342596 

0.034717 

0.685833 

75.55 

0.9849 

16.68 

7 

0.9606 

0.042421 

1.106052 

1.037362 

0.2005 

1.315711 

0.026875 

0.712709 

73.55 

0.9843 

14.75 

8 

0.9556 

0.042166 

1.105415 

1.036217 

0.1841 

1.296203 

0.021468 

0.734177 

71.99 

0.9838 

13.25 

9 

0.9506 

0.041912 

1.104779 

1.035076 

0.1705 

1.281853 

0.017578 

0.751755 

70.73 

0.9833 

12.06 

10 

0.9456 

0.041658 

1.104144 

1.033938 

0.1590 

1.271257 

0.014684 

0.766438 

69.70 

0.9828 

11.08 

11 

0.9406 

0.041404 

1.103510 

1.032803 

0.1491 

1.263483 

0.012471 

0.778909 

68.84 

0.9824 

10.26 

12 

0.9356 

0.041151 

1.102878 

1.031672 

0.1406 

1.257889 

0.010740 

0.789650 

68.10 

0.9820 

9.57 

13 

0.9306 

0.040898 

1.102246 

1.030544 

0.1331 

1.254020 

0.009361 

0.799010 

67.47 

0.9816 

8.98 

14 

0.9256 

0.040646 

1.101616 

1.029420 

0.1266 

1.251541 

0.008243 

0.807253 

66.91 

0.9813 

8.47 

15 

0.9206 

0.040394 

1.100986 

1.028298 

0.1207 

1.250203 

0.007324 

0.814577 

66.42 

0.9809 

8.02 

16 

0.9156 

0.040143 

1.100358 

1.027181 

0.1155 

1.249816 

0.006560 

0.821137 

65.99 

0.9806 

7.62 

17 

0.9106 

0.039892 

1.099730 

1.026066 

0.1107 

1.250233 

0.005916 

0.827053 

65.60 

0.9803 

7.26 

18 

0.9056 

0.039642 

1.099104 

1.024955 

0.1064 

1.251338 

0.005370 

0.832424 

65.25 

0.9800 

6.94 


This gives the initial distillate composition. Then for the first 
increment of the batch, the initial distillate composition is 
decreased by a small increment and the bottoms composition 
calculated from the Smoker Equation. A series of incremental 
changes allows Equation 16.7 to be solved numerically, in this 
case for simplicity by the Trapezoidal Rule. The calculation can 
be conveniently performed in a spreadsheet. Table 16.1 shows 
the details of the calculation for an incremental change in x D of 
0.005. From Table 16.1, for a distillate composition of 0.98 the 
recovery of S in the distillate 

= Fxf - Bxg 
= 150x0.6-6.94 
= 83.06 kmol 
= 92.2% 

This result should be contrasted with that from Part a above 
where no reflux was used. 


c) The batch time for a constant reflux ratio is given by 
Equation 16.41: 


- Tsr (150 -®- 25) 

= 8.48 h 

The energy required for the separation 

= 100x33,000x8.48 
= 27.98 x 10 6 kJ 

It should be noted that decreasing the size of the increment, 
and thus increasing the number of increments, changes the 
answer slightly. For example, decreasing the change in x D to 
0.0025 for a mean distillate purity of 0.98 leads to a recovery of 
93.7% and a batch cycle time of 8.61 h. Numerical accuracy 
could also be improved by using more accurate numerical 
integration techniques. 
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(a) Batch rectifier. 



(b) Batch stripper. 
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(c) Middle vessel column. 


Figure 16.8 

Different batch distillation arrangements for multiple products. 


Whilst the methods presented here for batch distillation model¬ 
ing are useful for systems in which the vapor liquid equilibrium is 
relatively ideal, the vapor-liquid equilibrium most often requires a 
model more complex than the constant relative volatility illustrated 
in the previous examples. In such circumstances a more rigorous 
tray to tray model is required (Diwekar, 2011). 

Most batch distillation operations use a batch rectifier arrange¬ 
ment to purify a single product overhead, as illustrated in Figures 
16.6 and 16.7. However, the separation can require multiple 
products, in which case other configurations are sometimes 


required, as illustrated in Figure 16.8 (Diwekar, 2011). The batch 
rectifier illustrated in Figure 16.8a allows the possibility of multi¬ 
ple products being distilled overhead from the same feed mixture. 
Figure 16.8b illustrates a batch stripper. In a batch stripper the pot is 
located above the stripping column. High boiling components are 
separated from the liquid in the pot and collected in the bottom 
product receivers. This arrangement tends to be used if the mixture 
to be distilled forms a minimum boiling azeotrope with a low 
boiling entrainer used for the separation. Figure 16.8c illustrates a 
batch operation involving both rectifier and stripper sections. This 


Figure 16.9 

Batch distillation of a multiproduct mixture. 
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offers more flexibility to accommodate different separations in the 
same equipment. Each of the arrangements in Figure 16.8 allow 
multiple products to be distilled from the same feed mixture 
(Diwekar, 2011). Different product receivers are used to collect 
the separate products. Figure 16.9 illustrates a profile of distillate 
composition versus the ratio of distillate to feed flowrate for a 
variety of products distilled overhead in a batch rectifier. 
Initially, Product 1 is distilled overhead. Once Product 1 has 
largely been distilled overhead, its concentration begins to fall in 
the distillate and the composition of Product 2 begins to rise. 
Then Product 2 is distilled overhead for a period, after which its 
concentration begins to fall as the concentration of Product 3 


increases in the distillate. The distillation is finished by collect¬ 
ing Product 3 overhead. 

When evaluating a batch distillation, either through simula¬ 
tion or from scale-up of a pilot plant, one thing that needs 
special attention is the hold-up in the column. Liquid hold-up 
on the trays (or within the packing) and in the condensing and 
reflux system reduces the sharpness of separation and will 
require increased reflux or increased number of stages. If 
hold-up in the column is not accounted for, products might 
be off specification (Diwekar, 2011). The problem is worst 
when the feed contains low concentrations of components that 
need to be separated. 


Example 16.2 A charge of 150kmol of the ternary mixture 
detailed in Table 16.2 is to be separated in a batch rectifier. Two 
different distillate receivers will collect the two lightest compo¬ 
nents as they distil overhead in turn, leaving the heaviest compo¬ 
nent as a residue in the pot. The column and condenser are 
equivalent to five theoretical stages and is refluxed with a reflux 
ratio of 11, which is maintained to be constant. Simulate the 
recovery of the lightest component, which is to be recovered 
with a minimum concentration of 99%. If the boil-up rate from 
the pot is to be maintained at lOOkmol-h -1 , determine the time 
required to recover the first product. 


Table 16.2 

Data for the ternary batch separation. 


Component 

x F 

a, 

L 

0.45 

8 

I 

0.25 

3 

H 

0.3 

1 


Solution The heaviest component H is to be taken as the 
reference component. Equation 16.24 must be solved numerically 
to obtain the material balance. This can be stepped through 
incrementally in a spreadsheet. However, at each step two itera¬ 
tions are required. For each step a solver can be used first to vary 8 
for the Underwood Equations to determine the value of R ^ lin ; then 
N min is varied to minimize the difference (R„ lin — Knowing 
the value of N min allows the distillate composition to be determined 
and the material balance for each increment. Table 16.3 shows the 
results of the calculation for an assumed value of dx rB = 0.01. A 
series of incremental changes allows Equation 16.24 to be solved 
numerically. 

From Table 16.3 it can be seen that in the first increment when 
k = 0, x iiB are the feed concentrations and are known. N min is also 
known, as the operation is on total reflux. This allows the distillate 
concentrations to be determined from the Fenske Equation 


(assuming no hold-up in the column and the condenser), with .t 3 >D 
determined from Equation 16.33 and x 2D and x \j> f rom 
Equation 16.30. For the next increment when k= 1, the heaviest 
component is the reference component and its concentration is 
defined by dx rB = 0.01. Then x 2B and x l B are determined from 
Equation 16.26. Initial values of x iiD for k= 1 can be determined 
from the Fenske Equation using an initial estimate of N min (say the 
value from the previous increment), with x 3D determined from 
Equation 16.33 and x 2 , D and X\ j> from Equation 16.30. However, 
the value of N min needs to be refined later. The value of 8 for 
the Underwood Equations can then be determined from 
Equation 16.35 from the bottoms concentrations x iB and a i r by 
iteration using a solver. In turn, this allows an initial value of R^ lin to 
be determined from the initial values of x i D using Equation 16.36. 
The value of R% lin can then be determined from Equation 16.34 from 
the specified R and the initial estimate of N min . Now the value of 
N wi „ needs to be refined by iteration using a solver to minimize 
(R„ lin — R^ nin ). This allows the distillate concentrations for iteration 
k= 1 to be refined. Now the integral in Equation 16.37 needs to be 
evaluated for that increment using, say, the Trapezoidal Rule and 
thus the value of B can be determined. Finally, the mean distillate 
concentration for increment k = 1 can be determined from 
Equation 16.13. The whole procedure is then repeated for incre¬ 
ment k = 2 and so on, until the mean concentration of the distillate 
falls below the specified x 1D = 0.99. Details of the calculation are 
given in Table 16.3. 

The batch time to distil the lightest product with a constant 
reflux ratio is given by Equation 16.41: 


t B 



It should again be noted that decreasing the size of the increment 
needs to be explored. The simulation is tedious to perform by hand 
and routine calculations require commercial software. Another 
point to note, especially when using approximate models for 
distillation, is the danger of accumulating errors. The model creates 
an error in each increment, which in the individual increment might 
not be serious, but the errors will accumulate increment by 
increment. 
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Table 16.3 

Batch distillation with fixed reflux ratio of 11. 


K 

X 3JI 
= X r , B 

X 2 JS 

Xljf 

X 3J) 

= X r ,D 

X 2J) 

Xij) 

N min 

e 

j^ai-0 

R min 

r L 


1 

A Area 

In (B/F) 

B 

X D 

XrJD — X r JS 

0 

0.3000 

0.2500 

0.4500 

2.03 X Iff~ 5 

0.0041 

0.9959 

5.0000 






-3.3336 

0.0000 

0.0000 

150.00 


1 

0.3100 

0.2582 

0.4318 

3.75 X 10~ 3 

0.0057 

0.9943 

4.7391 

1.3172 

3.69 X 10~® 

0.20028 

0.20028 

-4.52x10-" 

-3.2262 

-0.0328 

-0.0328 

145.16 

0.9958 

2 

0.3200 

0.2663 

0.4137 

4.04 x 10~ 3 

0.0061 

0.9938 

4.7386 

1.3285 

2.95 X 10~ 7 

0.20262 

0.20262 

-2.39 XIO- 10 

-3.1254 

-0.0318 

-0.0646 

140.62 

0.9950 

3 

0.3300 

0.2745 

0.3955 

4.36 X 10~ 3 

0.0066 

0.9933 

4.7380 

1.3398 

9.93X10' 7 

0.20499 

0.20499 

-6.50 xl0-‘° 

-3.0307 

-0.0308 

-0.0953 

136.36 

0.9946 

4 

0.3400 

0.2826 

0.3774 

4.71 x 10~ 3 

0.0071 

0.9928 

4.7375 

1.3511 

-6.87x10-® 

0.20742 

0.20742 

-1.37x10-’ 

-2.9416 

-0.0299 

-0.1252 

132.35 

0.9943 

5 

0.3500 

0.2907 

0.3593 

5.10X 10~ 5 

0.0077 

0.9922 

4.7369 

1.3625 

-1.67 x lO -7 

0.20989 

0.20989 

-2.53x10-’ 

-2.8576 

-0.0290 

-0.1542 

128.57 

0.9940 

6 

0.3600 

0.2988 

0.3412 

5.52 x 10~ 5 

0.0083 

0.9916 

4.7364 

1.3738 

-3.41 x 10"' 

0.21243 

0.21243 

-4.29x10-’ 

-2.7782 

-0.0282 

-0.1824 

124.99 

0.9938 

7 

0.3700 

0.3069 

0.3231 

6.00 x 10~ 5 

0.0090 

0.9909 

4.7358 

1.3851 

-6.17 X10~ 7 

0.21502 

0.21502 

-6.90x10-’ 

-2.7031 

-0.0274 

-0.2098 

121.61 

0.9935 

8 

0.3800 

0.3149 

0.3051 

6.53 x 10 J 

0.0098 

0.9901 

4.7352 

1.3964 

6.16x10-® 

0.21769 

0.21769 

-1.07x10-® 

-2.6320 

-0.0267 

-0.2365 

118.41 

0.9932 

9 

0.3900 

0.3229 

0.2871 

7.12 x 10 J 

0.0107 

0.9892 

4.7346 

1.4076 

1.07x10-' 

0.22044 

0.22044 

-1.63x10-® 

-2.5646 

-0.0260 

-0.2624 

115.38 

0.9929 

10 

0.4000 

0.3309 

0.2691 

7.80 x 10 J 

0.0117 

0.9882 

4.7340 

1.4189 

1.71x10-' 

0.22329 

0.22329 

-1.29x10-® 

-2.5005 

-0.0253 

-0.2878 

112.49 

0.9926 

11 

0.4100 

0.3389 

0.2511 

8.57 X 10~ 5 

0.0128 

0.9871 

4.7333 

1.4301 

2.58 xl0~ 7 

0.22626 

0.22626 

-3.66x10-® 

-2.4395 

-0.0247 

-0.3125 

109.75 

0.9923 

12 

0.4200 

0.3469 

0.2331 

9.45 X 10~ 3 

0.0141 

0.9858 

4.7326 

1.4412 

3.67x10-' 

0.22937 

0.22937 

-5.53x10-® 

-2.3815 

-0.0241 

-0.3366 

107.13 

0.9920 

13 

0.4300 

0.3548 

0.2152 

1.05xl0~ 4 

0.0157 

0.9842 

4.7319 

1.4523 

4.97x10-' 

0.23266 

0.23266 

-8.53x10-® 

-2.3261 

-0.0235 

-0.3601 

104.64 

0.9917 

14 

0.4400 

0.3627 

0.1973 

1.17 X 10~ 4 

0.0174 

0.9824 

4.7311 

1.4634 

6.44x10-' 

0.23618 

0.23618 

-1.37x10-' 

-2.2733 

-0.0230 

-0.3831 

102.26 

0.9913 

15 

0.4500 

0.3705 

0.1795 

1.31 X 10~ 4 

0.0196 

0.9803 

4.7302 

1.4744 

7.98x10-' 

0.23998 

0.23998 

-2.32x10-' 

-2.2229 

-0.0225 

-0.4056 

99.99 

0.9909 

16 

0.4600 

0.3783 

0.1617 

1.49 X 10~ 4 

0.0221 

0.9777 

4.7293 

1.4853 

9.51 X 10-' 

0.24416 

0.24416 

-4.30x10-' 

-2.1746 

-0.0220 

-0.4276 

97.81 

0.9904 

17 

0.4700 

0.3861 

0.1439 

1.71 X 10~ 4 

0.0253 

0.9745 

4.7283 

1.4962 

-1.33x10-' 

0.24885 

0.24885 

-9.27x10-' 

-2.1284 

-0.0215 

-0.4491 

95.73 

0.9899 
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16.4 Batch Crystallization 

Crystallization is very common in the production of fine and 
specialty chemicals. Many chemical products are in the form of 
solid crystals. Also, crystallization has the advantage that it can 
produce a product with a high purity and can be more effective than 
distillation from the separation of heat-sensitive materials. Crys¬ 
tallization has already been discussed in Chapter 9 and has two 
main steps. First, the solute to be crystallized is dissolved in a 
suitable solvent, unless it is already dissolved, for example, solute 
dissolved in a solvent from a previous a reaction step. Second, the 
solid is then deposited in the form of crystals from the solution by 
cooling, evaporation and so on. 

Two of the main objectives in crystallization are to maximize 
the average crystal size and to minimize the coefficient of variation 
of crystal size. As pointed out in Chapter 9, large crystals are easier 
to filter and wash in order to produce a high purity product. 
Table 16.4 compares batch and continuous crystallization. 

From Table 16.4, it can be concluded that both batch and 
continuous crystallization have their relative advantages and dis¬ 
advantages. The biggest single advantage of batch crystallization is 
its flexibility. Batch crystallization operations are most often 
carried out in an agitated vessel. However, the vessel might be 
fitted with baffles or a draft tube. A draft tube is a vertical cylinder 


Table 16.4 

Batch versus continuous crystallization. 


Batch 

Continuous 

Flexible 

Not flexible 

Low capital investment 

High capital investment 

Small process development 
requirements 

Large process development 
requirements 

Poor reproducibility 

Good reproducibility 


placed inside the crystallizer with a diameter typically 70% of the 
vessel diameter. The agitator induces a vertical flow through the 
inside of the draft tube and circulation vertically in the opposite 
direction on the outside of the draft tube. This can help maintain 
good circulation rates for the slurry. 

Cooling crystallization (see Chapter 9) is the most common 
method of achieving supersaturation. A solvent is preferred that 
exhibits a high solubility at high temperature, but a low solubility at 
low temperature. The initial temperature is reduced gradually to the 
final temperature. Figure 16.10 illustrates a batch cooling crystal¬ 
lization. Starting at Point A in the unsaturated region, this can be 
cooled and the metastable region entered. A cooling profile can 
then be followed within the metastable region to the final tempera¬ 
ture. As pointed out in Chapter 9, it is desirable to stay out of the 
labile region, otherwise too many fine crystals are created. In 
cooling from the initial to the final temperature, different cooling 
profiles can be followed, as illustrated in Figure 16.11. 
Figure 16.11a shows natural cooling, whereby there is a large 
temperature decrease initially, but as the temperature difference 
between the crystallization and the ambient temperature decreases, 
the rate of cooling decreases. Natural cooling is uncontrolled and 
tends to lead to poor crystal quality. Rather than relying on natural 
cooling, a coolant such as cooling water could be exploited. 
Figure 16.11b illustrates linear cooling in which the coolant 
flowrate is used to maintain a constant rate of cooling. This tends 
to lead to better crystal quality than natural cooling. Finally, 
Figure 16.1 lc illustrates controlled cooling in which the flowrate 
of the coolant is varied in order to follow a specified profile from the 
initial to the final temperature. The cooling profile is a degree of 
freedom for optimization and can be optimized using profile 
optimization (Choong and Smith, 2004a). This will be discussed 
later. 

Although cooling crystallization is the most common method of 
inducing supersaturation in batch crystallization processes, other 
methods can be used, as discussed in Chapter 9. For example, 
evaporation can be used, in which case the profile of the rate of 
evaporation through the batch can also be optimized (Choong and 
Smith, 2004b). Indeed, the profiles of both temperature and rate of 


Figure 16.10 

Batch cooling crytallization. 


Concentration of 
Solute 
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(a) Natural Cooling. (b) Linear Cooling. (c) Controlled Cooling. 

Figure 16.11 

Types of batch cooling crystallization. 


evaporation can be controlled simultaneously to obtain greater 
control over the level of supersaturation as the batch proceeds 
(Choong and Smith, 2004b). However, it should be noted that there 
is often reluctance to use evaporation in the production of fine, 
specialty and pharmaceutical products, as evaporation can con¬ 
centrate any impurities and increase the level of contamination of 
the final product. 

The agitator is a key component of crystallizer design and is 
required to: 

• generate appropriate levels of secondary nucleation throughout 
the vessel; 

• prevent local excessive levels of supersaturation; 

• provide adequate temperature control throughout the vessel for 
cooling crystallization; 

• provide adequate rates of heat transfer for evaporation if 
evaporative crystallization is used; 

• keep crystals from settling on the bottom of the crystallizer to 
maintain crystal growth and a low coefficient variation of crystal 
size. 

Increasing the power input and fluid shear from agitation 
increases both crystal breakage and secondary nucleation. As 


Table 16.5 

Optimization variables for batch and semibatch cooling crystallization. 


Batch 

Semibatch 

1. Temperature profile 

1. Solute/feed flowrate 

2. Number of seeds 

2. Temperature profile 

3. Size of seeds 

3. Number of seeds 

4. Agitation 

4. Seed addition profile 

5. Initial level of supersaturation 

5. Size of seeds 

6. Batch time 

6. Agitation 


7. Initial level of supersaturation 


8. Batch Time 


the speed of an agitator is increased, this generally reduces the 
size of the metastable region. Scale-up of crystallizers from 
laboratory size to full-scale operation is far from straightforward. 
If a crystallization operation is scaled up for a constant power input 
per unit volume of slurry based on geometric similarity, the 
maximum shear rate at the agitator increases, but the average 
shear rate decreases. This can result in a greater variation of crystal 
size from scale-up. Secondary nucleation is likely to vary signifi¬ 
cantly with location in the crystallizer. Changes in the agitation and 
vessel geometry can change the local rates of energy dissipation 
and result in significant changes in total secondary nucleation. 

As pointed out in Chapter 9, another way to create secondary 
nucleation is to add seed crystals to start the crystals growing in the 
supersaturated solution. These seeds should be pure product. 

Just as a reactor can be operated in batch or semibatch mode, a 
crystallizer can also be operated in batch or semibatch mode. 
Table 16.5 contrasts the optimization variables for batch and 
semibatch operation of cooling crystallization. 

As mentioned previously, scale-up of crystallization processes 
from the laboratory is far from straightforward. Various parameters 
need to be maintained to be as close to those used in the laboratory 
as possible in order to reproduce the results from the laboratory. For 
scale-up, supersolubility, agitation (and its effect on secondary 
nucleation throughout the vessel), fraction of solids in the slurry, 
seed number and sizes, contact time between growing crystals and 
liquid all need to be maintained. 

16.5 Batch Filtration 

Batch filtration involves the separation of suspended solids from a 
slurry of associated liquid. The required product could be either the 
solid particles or the liquid filtrate. In batch filtration, the filter 
medium presents an initial resistance to the fluid flow that will 
change as particles are deposited. The driving forces used in batch 
filtration are (Sharratt, 1997): 

• gravity, 

• vacuum, 

• pressure, 

• centrifugal. 
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If a constant pressure difference is maintained across a filter 
medium and filter cake, then for the filtration of volume of liquid 
F, filtration time is proportional to the square of F. 

As discussed in Chapter 7, filter aids can be added to the slurry 
to reduce the filter cake resistance. These are materials that have 
high porosity. Their application is normally restricted to cases 
where the filtrate is valuable and the solid cake is a waste. In cases 
where the solid is valuable, the filter aid should be readily separable 
from the filter cake. Sometimes the filter aid is precoated on to the 
filter medium. If the solid filter cake is the product, then the cake is 
normally washed to remove dissolved solutes and solvents present 
in the original feed. Liquid may be retained within the cake within 
clusters of particles or at points of contact between particles. In an 
ideal situation, perfect washing would require only one volume of 
wash liquid equivalent to the void in the solid bed to wash away 
unwanted solute and solvent. In practice, perfect washing is not 
achieved and the actual washing efficiency depends on mixing and 
mass transfer. After washing the filter cake, the product would 
normally be dried to remove any wash liquid remaining within the 
solid. 

Experimental results from the laboratory or pilot plant may 
often be scaled up by a factor of 100 times or more. However, to 
reduce errors in scale-up, a similar filter, the same slurry mixture, 
the same filter aid and approximately the same pressure drop 
should be used. 

A detailed discussion of filtration can be found in Rushton and 
Griffiths (1987) and Svarovsky (1981). 

16.6 Batch Heating and 
Cooling 

Consider now the problem of batch heating and cooling. The case 
assumed here is of an agitated vessel containing a liquid that is 
perfectly mixed, with no feed to or product removal from the vessel 
(Figure 16.2). Heat transfer to or from the liquid is accomplished by 
the flow of a heating or cooling medium through a coil mounted 
within the vessel (Figure 16.2a), a jacket on the outside of the 
vessel (Figure 16.2b) or a half-pipe jacket welded to the outside of 
the vessel (Figure 16.2c). Figure 16.3 shows some examples of 
different agitator designs. Within the context of heat transfer, 
different agitator designs will induce different flow patterns that 
will influence the heat transfer coefficient. 

The overall heat transfer coefficient for coil heating (Figure 16.2a) 
is usually in the range 400-600 W-m _2 -K _1 (Carpenter, 1997). 
Typical, overall heat transfer coefficients for jacketed agitated vessels 
are given in Table 16.6 (Carpenter, 1997). 

The overall heat transfer coefficient is usually controlled by the 
process side. For the inside vessel wall surface, the process side 
film transfer coefficient can be calculated from (Carpenter, 1997): 

Nu = a Re 2/i Pi 2/3 j (16.46) 


For a coil, the outside overall heat transfer coefficient is given by 
(Carpenter, 1997): 


Table 16.6 

Typical overall heat transfer coefficients for jacketed agitated vessels. 



U (W m _2 K _1 ) 

Heating (stainless steel vessel) 

400 

Heating (glass-lined steel vessel) 

310 

Cooling (stainless steel vessel) 

350 

Cooling (glass-lined steel vessel) 

200 


where Nu 

Re 

Pr 

C P 

k 

h 

Dvi 

k 

N 

Dimp 

P 

P 

Pw 

a 


Nu = 1.4 Re 0 62 Pr 1/3 (^j (16.47) 

hDyj 

k 

NDJmpP 

P 

Cp p / k 

liquid specific heat capactiy (Jkg _1 K _l ) 
liquid thermal conductivity (W m _1 K _l ) 
heat transfer coefficient for the process side 
(W-m _2 -K _1 ) 

internal diameter of the vessel (m) 
liquid thermal conductivity (W-m _1 -K _1 ) 
impeller rotational speed (s -1 ) 
impeller diameter (m) 
liquid density (kg m - ) 
liquid viscosity in the bulk fluid (N-s-m -2 ) 
liquid viscosity at the heat transfer surface 
(N-s-nT 2 ) 

constant given in Table 16.7 


Heat transfer coefficients for a liquid used in a jacket on the 
utility side are given by (Carpenter, 1997; Lehrer, 1970): 


Nu = 


0.03Re 3 / 4 Pr 
1 + 1 .lARe~ l l\Pr- 1) 



(16.48) 


where 


Nu 


Re 


hd e 

k 


pd e 


ViU A + VB 


p 


Table 16.7 

Constants for agitated vessel heat transfer coefficients (Carpenter, 1997). 


Impeller type 

a 

Propeller 

0.46 

45° Turbine 

0.61 

Rushton Turbine 

0.87 
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d e 


Vi 


vb 

Dj 

Dvo 

Q 

Dinlet 

z 

P 

8 

AT 

va 


va 


0.816 (Dj-D V o) 

4 Q 

jrD 1 

,llj INLET 

0.5 V^A T 
diameter of the jacket (m) 
outside diameter of the vessel (m) 
liquid flowrate of the cooling liquid 
(m 3 -s _1 ) 

inside diameter of the inlet nozzle (m) 
wetted jacket height (m) 
coefficient of thermal expansion of the 
cooling liquid (—) 
acceleration due to gravity (ms 2 ) 
temperature rise of the cooling liquid (K) 
4 Q 

n(n l n 2 \ (radlal 1Illet ) 

k \Pj D vo ) 

2 Q 

— --—— (tangential inlet) 

(Pj - D vo )z 


For a liquid used in a half-pipe external jacket: 

Nu = 0.023 Re 0 S Pr 1/3 (—\ (16.49) 

\MwJ 

The area for heat transfer should be the whole jacketed area and the 
diameter should be the hydraulic diameter given by (Carpenter, 
1997): 



where d, is the diameter of the half-pipe. 

For the analysis of batch process heating and cooling, the 

following assumptions are made: 

• Heat transfer area is specified (A). 

• Overall heat transfer coefficient (U) is specified and constant 
across the whole surface and through time. 

• Agitation produces a uniform temperature in the vessel. 

• Specific heat capacities are assumed constant. 

• Heat losses are negligible. 

A number of different cases will be considered (Bowman, Mueller 

and Nagle, 1940: Kern, 1950). 

1) Heating with an isothermal heating medium. This case cor¬ 
responds with a condensing pure component being used as a 
heating medium. This could be the use of steam with no 
significant superheat and no condensate subcooling. The 
batch temperature is T at any time t. A differential heat 
balance gives: 


dQ = mC P — = UMTcond ~ T ) (16.50) 

dt 

where dQ = increment of heat transferred (J s _1 ) 
m = mass of liquid in the vessel (kg) 

C P = specific heat capacity of the liquid 
(J-kg-'-K- 1 ) 


T 

t 

U 

A 

T COND 


temperature of the liquid in the vessel 
(°C, K) 
time (s) 

overall heat transfer coefficient 

(W-m _2 -K _1 ) 

heat transfer area (m 2 ) 

temperature of the heating medium (°C, K) 


Rearranging and integrating Equation 16.50 gives: 


mCp r Tl dT 
UA J Tl (T cond ~ T) 

where T , = initial temperature of the batch 
T 2 = final temperature of the batch 

From Equation 16.51: 



mCp T cond ~ T i 
UA T cond — T 2 


(16.51) 


(16.52) 


2) Cooling with an isothermal cooling medium. This case cor¬ 
responds to a vaporizing pure component being used as the 
cooling medium. This could be a vaporizing refrigerant. A 
differential heat balance gives: 

dQ = —mCp il1 - = UA(T - T evap ) (16.53) 

dt 


where T EVAP = temperature of the cooling medium (°C, K) 
Rearranging and integrating Equation 16.53 gives: 



dt = — 


mC P 

~UA 



dT 

(T - T E vap ) 


(16.54) 


From Equation 16.54: 


mC P 

t B = -In 

UA 


T i - T E vap 
Ti~ Tevap 


(16.55) 


3) Heating with a nonisothermal heating medium. Assume that 
the heating medium has a constant flowrate with a fixed inlet 
temperature and an outlet temperature that varies through the 
operation. A differential heat balance gives: 


dQ = m H C PH {T m - T h2 ) = UAAT lm (16.56) 


where 





T) - ( T h2 - T) 
Tm - T 
.77 /2 - T 


Tm — Thi 


In 


Tm - T 


Tm ~ T 


(16.57) 


m H = mass flowrate of the heating medium (kg-s ’) 



Batch Processes 435 


Cph = specific heat capacity of heating medium 

(J-kg _l -K _1 ) where K 2 = exp 

T m = inlet temperature of heating medium (°C, K) 

T H2 = outlet temperature of heating medium (°C, K) 

The differential heat balance can be written as: 


UA 

m c Cpc 


Rearranging Equation 16.56: 


T hi — T + 


Tm-T 

Ki 


where 


K i = exp 


UA 

111/1C pi/ 


The differential heat balance can be written as: 


(16.58) 


dT 

dQ = —mCp— = m c Cpc{Tc2 ~ Ta ) 
dt 


(16.66) 


Substituting Equation 16.65 into Equation 16.66 gives: 


dT 

dt 


m c Cpc 

mCp 


K 2 - 1 
K 2 


(T - T C2 ) 


(16.67) 


dT 

dQ = mCp—- = m H CpH(Jm - T H2 ) (16.59) 

dt 


Substituting Equation 16.58 into Equation 16.59 and rear¬ 
ranging gives: 

Rearranging and integrating Equation 16.60 gives: 


m H C rH J Tl (T„, - T) 


Rearranging and integrating Equation 16.67 gives: 
f ,B , mCp ( K 2 \ f Tl dT 

Jo f ~~m c Cpc \K 2 -l) J Tl (T-T a ) ' } 


From Equation 16.68: 


tB = 


mCp 

m c Cpc 


& 


In 


T i —T ci 


Ti ~ Tci 


(16.69) 


From Equation 16.61: 


mCp - 

( K x \ 

(In 

T m - 7j 

m H C PH 

- 1 J 

Tm — T 2 


The analysis can be extended to heating and cooling recircula¬ 
tion loops using external heat exchangers (Fisher, 1944; Kern, 
(16.62) 1950). 


4) Cooling with a nonisothermal cooling medium. Again assume 
a fixed flowrate of cooling medium with a fixed inlet tempera¬ 
ture. A differential energy balance gives: 


dQ = m c C PC (T C2 ~ T C \) = UAAT lm (16.63) 


where 


AT lm 


(T - T C i) - (T - To) 


In 


T - Tci 
T - Tci 


Tci ~Tci 


In 


T-Tci 
T ~ Tci 


(16.64) 


m c = mass flowrate of the cooling medium (kg-s ') 
Cpc = specific heat capacity of cooling medium 
(J-kg-'-K- 1 ) 

Tci, T c 2 = inlet and outlet temperatures of cooling medium 
(°C, K) 


Rearranging Equation 16.63 gives: 


T ci = 


T - 


T -T C i 
K 2 


Example 16.3 A jacketed vessel contains 10 t of solvent at 
100°C with a heat capacity of 1.72 kJ kg _I K _1 . The contents of 
the vessel are to be cooled in a batch cooling operation to 40 °C 
using cooling water at 25 °C. The cooling water has a heat capacity 
of 4.2 kJ-kg“ 1 K“ 1 and the maximum return temperature is 40 °C. It 
can be assumed that the jacket has a heat transfer area of 18 m 2 with 
an overall heat transfer coefficient of 350 W m _2 K _1 . Calculate 
the flowrate of cooling water required and the time required for the 
operation. 

Solution First calculate the cooling water flowrate for a maxi¬ 
mum return temperature of 40 °C. The maximum return tempera¬ 
ture will occur at the beginning of the batch. Equation 16.65 gives 
the cooling water return temperature: 


Tci = T- 


T-Tq 

Ki 


where K 2 


exp 


UA 

mcCpc 


K 2 


exp 


0.350 x 18 
4.2mc 


Tc2 


100 - 


100 - 25 

Ki 


16 


(16.65) 




436 Chemical Process Design and Integration 


Solve by varying m c until T C2 = 40°C to give m c = 6.72 
kg-s~'. Now the batch cooling time can be calculated: 


K 2 = exp 


0.350 x 18 
6.72x4.2 


= 5.0 


mCp 

( k 2 \ 

In 

T i - T c 2 

m cCpc 

KKi - 1) 

T 2 - T c 2 


10,000 X 1.72 

( 5.0 N 

)m 

100-25' 

6.72x4.2 

LI\ 

b 

1 

40-25 


= 21.383s 
= 5.9 h 


This is a long operation to cool the batch. Such equipment is not 
well suited to heating and cooling operations. 


16.7 Optimization of Batch 
Operations 



Through a batch operation such as a batch reaction or batch 
distillation, the process conditions vary through time. In order 
to improve the performance of batch operations, the conditions 
through the batch can be directed to change through time to 
improve the overall batch performance. In the batch reaction, 
the temperature profile through time might be controlled to 
increase the conversion or yield. For a batch distillation, the reflux 
ratio profile through time might be varied to increase product 
recovery or decrease the energy. Should the conditions be main¬ 
tained constant through the batch? Should they increase or 
decrease? Should the increase or decrease be linear, exponential, 
and so on? Should the profile go through a maximum or minimum? 
This presents a dynamic optimization. 

A profile generator algorithm can be developed to generate 
various families of curves that are continuous functions through 
time. In principle, this can be achieved in many ways (Mehta and 
Kokossis, 1988; Choong and Smith, 2004a). One way is to exploit 
two different profiles to generate a wide variety of shapes. Although 
many mathematical expressions could be used, two types of profile 
described by the following mathematical equations can be exploited 
to give a wide variety of profiles, the shape of which can be easily 
controlled in an optimization (Choong and Smith, 2004a). 

Type 1 


X = Xf — (XF — Xo) 



t F 


(16.70) 


Type II 


x = x 0 -(x 0 - X F ) 



(16.71) 


\*F\y 



Figure 16.12 

Two basic profiles can be combined in different ways. 


In these equations, x is the instantaneous value of any control 
variable at any time t, x 0 is the initial value and x F is the final value 
of the control variable. In principle, x can be any control variable 
such as temperature, reactant feed rate, evaporation rate, heat 
removed or supplied, and so on; t F is the final time for the profile. 
The convexity and concavity of the profiles are governed by the 
values of a\ and a 2 . Figures 16.12a and 16.12b illustrate typical 
forms of each curve. 

Combining these two profiles across the time horizon allows 
virtually all types of continuous curves to be produced that can be 
implemented in a practical design. When the two profiles are 
combined, two additional variables are needed. The value of t F \ 
indicates the point where the two curves meet and x\ is the 
corresponding value of the control variable where the curves 
meet. Figure 16.12c illustrates the form of Type I followed by 
Type II and Figure 16.12d the form of Type II followed by Type I. 
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By combining the two curves together, only six variables are 
needed to generate the various profiles. These six variables are the 
initial and final values of the control variable Xo and Xp 2 , two 
exponential constants ci\ and a 2 , the intermediate point in time 
where the two profiles converge t n and die corresponding interme¬ 
diate value of the control variable where the profiles converge X\. In 
limiting cases, only one type of profile will be used, rather titan two. 

In formulating profiles, emphasis should be placed on searching 
for profiles that are continuous and easily implemented in practice. 
Therefore, curves that include serious discontinuities should nor¬ 
mally be avoided. It is meaningless to have a global optimum 
solution with complex and practically unrealizable profiles. Curve 
combinations from the above equations such as Type I + Type I or 
Type II + Type II should not normally be considered as there can be 
a prominent discontinuity at the intermediate point. The profile 
generator can be easily extended to combine three or more curves 
across the time horizon instead of two. However, there is little 
practical use to employ more than two different curves for the 
majority of problems. The complexity of the profiles increases with 
the number of curves generated. It should not be forgotten that a 
way must be found to realize the profile in practice. In a dynamic 
problem varying through time, a control system must be designed 
that will allow the profile to be followed through time. 

At each point along the profile, the process will have a different 
performance, depending on the value of the control variable. The 
process can be modeled in different ways along the profile. The 
profile can be divided into increments in time, and a model 
developed for each time increment. The size of the increments 
must be assessed in such an approach to make sure that the 
increments are small enough to follow the changes in the profile 
adequately. Alternatively, the rate of change through time can be 
modeled by differential equations. The profile functions 
(Equations 16.70 and 16.71) are readily differentiated to obtain 
gradients for the solution of the differential equations. 

Having evaluated the system performance for each setting of the 
six variables, the variables are optimized simultaneously in a 
multidimensional optimization to maximize or minimize an objec¬ 
tive function evaluated at each setting of the variables. In practice, 
many models tend to be nonlinear and hence, for example, SQP or a 
stochastic search method can be used. 

In order to generate a profile through time that involves both 
Type I and Type II profiles, a more complex mathematical 
formulation is required than simply Equations 16.70 and 16.71. 
Type I and II profiles need to be combined and the shape optimized 
by optimizing both the shape of the individual Type I and II profiles 
and the order in which they are imposed. In order to switch the 
order of the profiles, two logic variables y and >9 are introduced. A 
further logic variable tp) is introduced to prevent potential “divide 
by zero” problems during optimization. 

Type I 


x = f)x\ + (I - >9)x 2 - [i9(.ri - xo) + (1 - >9)(x 2 -xi)] 

ABS((1 — 9){t F \ + t F2 ) + i9? f i — (1 — 8)t F \ — t) a ' 

St/. \ + (1 — i9)(t// 2 — t/.'i) + 4>\ 

(16.72) 


Type II 


x = (7 - 1 )^ ,9xi + (1 - <9)x 0 - |'9(xi - x 2 ) + (1 - >9)(x 0 -xi)] 
ABS(t — St F i) 


i9((f 2 - tp 1 ) + (1 - S)tFi + <t> n. 


(16.73) 


where t 
tFI 


f F2 

x 

Xo 

Xl 


x 2 

8 


Y 


</; 


time 

intermediate time where the profile changes from 
Type I to Type II or vice versa 
final batch time 

instantaneous value of x at time t 
initial value of x at time 0 

intermediate value of x at time t F \ where the profile 
changes from Type I to Type II or vice versa 
final value of x at time tp 2 

logic variable used to control the order of the profiles: 

t9 = 1 gives Type I + Type II 

8 = 0 gives Type II + Type I 

logic variable used to control the order of the 

profiles: 

IF ,9=1 AND t< tp\, y=l 

IF ,9=1 AND t> t F i, y = 0 

IF ,9 = 0 AND t < t F i, y = 0 

IF ,9 = 0 AND t > t F i, y=l 

logic variable used to avoid “divide by zero” 

numerical problems during optimization: 


IF[,9t/ri + (1 - 8 ){t F 2 - ?fi)] = 0 , cp l — arbitary value (say 1 ) 

IF[,9f/-’i + (1 - 8)(t F 2 - fpi)] + 0, <Py = 0 

IF[,9(r F2 — tpi) + (1 — 8)tpi] = 0 , cp u = arbitary value (say 1 ) 

IF[,9(rF2 - t F i) + (1 - 8)tpi] A 0, cp u = 0 


In Equations 16.72 and 16.73 the ABS (absolute value) function 
avoids numerical problems during optimization caused by attempt¬ 
ing to raise negative values to a power of a\ or a 2 ■ Such negative 
values do not have a physical significance but occur when a 
calculation is made on a Type I or Type II function that is to be 
eliminated by the variable y. Equations 16.72 and 16.73 can be 
combined to create a rich variety of shapes that can, in principle, be 
implemented in a batch control system. The optimization variables 
are: 


x 0 ,xi,x 2 ,f F i,fli,fl 2 ,<9 

Additionally, the batch time can also be optimized if 
required. All of the above variables are continuous, with the 
exception of 8 , which is integer. This would make the optimization 
to be typically a mixed integer nonlinear program. This can be done 
by either a mixed integer deterministic method or stochastic search 
optimization (see Chapter 3). However, mixed integer optimiza¬ 
tion can be avoided by simply using a nonlinear program with ,9 
set 1 (Type I followed by Type II, as illustrated in Figure 16.12c) 
and then repeating with 8 set to zero (Type II followed by Type I, as 
illustrated in Figure 16.12d). 
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The control variables can be constrained to fixed values (e.g. 
fixed initial temperature in a temperature profile) or constrained to 
be between certain limits. In addition to the six variables dictating 
the shape of the profile, can also be optimized if required. For 
example, this can be important in batch processes to optimize the 
batch cycle time in a batch process, in addition to the other 
variables. 

The approach is readily applied to single profiles, such as the 
optimization of batch distillation (Jain, Kim and Smith, 2012). It can 
also be readily extended to problems involving multiple profiles. 
For example, in a batch crystallization process, the temperature 
profile and evaporation profile can be optimized simultaneously 


(Choong and Smith. 2004b). Each profile optimization would 
involve six variables using the above profile equations. 

Once the optimum profile(s) has been established, its practical¬ 
ity for implementation must be assessed. For a continuous process, 
the equipment must be able to be designed such that the profile can 
be followed through space by adjusting rates of reaction, mass 
transfer, heat transfer, and so on. In a dynamic problem, a control 
system must be designed that will allow the profile to be followed 
through time. If the profile is not practical, then the optimization 
must be repeated with additional constraints added to avoid the 
impractical features. 


Example 16.4 The following isomerization reaction is to be 
carried out in a batch reactor: 

k\ 

A , B (16.74) 

The forward and reverse reaction rates are given by: 


k i = exp 

|^13.25 - 

RT \ 

(16.75) 

k 2 — exp 

38.25 - 

121 , 000 ' 

(16.76) 

RT 


where k x = rate of forward reaction (min -1 ) 
k 2 = rate of reverse reaction (min -1 ) 

R = gas constant (8.3145 kJ K - 1 kmol -1 ) 

T = reaction temperature (K) 

The batch reaction time is fixed to be 6 h. 

a) Determine an expression for the variation of concentration of 
A ( Ca ) through time from an initial concentration C Ao , which can 
be applied to incremental changes through time. 

b) For an initial concentration of C Ao = 0 determine the optimum 
temperature to maximize conversion in the batch time if the 
temperature is maintained constant through the batch. 

c) For an initial concentration of Ca 0 = 0 determine the optimum 
temperature profile to maximize conversion in the batch time. 

Solution 

a) For a batch reaction: 

- _ f c ^ cICa 
Jca i -r A 

_ _ r C M _ dC A 
Ca i k x C A -k 2 C B 

_ _ K'i, _ dC a _ 

JcA .ki C A - k 2 (C A<> - C A ) 

_ _ pCa 2 _ dC^ _ 

Ca i (Aq + k 2 )C A — k 2 C A „ 

= -^ 2 H(h+k2)c A -k 2 c Ao )] c c 2 


Substituting and rearranging gives: 

_ [(&i + k 2 )C Al - k 2 C A 0 ] [exp - (k\ + k 2 )t] - k 2 C A „ 
ki +k 2 

(16.77) 

By definition of conversion: 

X = Ca °~ Ca2 (16.78) 

C A 0 

b) For a constant temperature through the batch. Equations 16.77 
and 16.78 define the conversion through the batch with k t and k 2 
defined by Equations 16.75 and 16.76. The model can be set up 
in a spreadsheet with the temperature T varied using a solver to 
maximize the conversion X. A temperature of 324.9 K gives a 
conversion of 0.722. 

c) To determine the optimum temperature profile, the batch time 
of 260 min is divided into increments of, say, 20 min and 
Equations 16.77 to 16.78 used to calculate the outlet 
concentration and conversion for each time increment. The 
temperature profile through the batch can be defined using 
Equations 16.72 and 16.73. The optimization can be carried 
out in a spreadsheet with the variables T 0 ,T X , T 2 , t FX ,a x and a 2 
varied using the spreadsheet solver. Repeating the calculation 
for 5 = 1 and i9 = 0 allows the optimum profile to be 
determined. Figure 16.13 shows the optimum temperature 
profile with: 

T 0 = 367.3 K 
T n = 333.7 K 
T f2 = 316.3 K 
t F i — 83.5 min 
a\ = 2.398 
a 2 — 0.548 
,9 = 1 

This gives an optimum conversion of 0.760, an increase of 4%. 
It should be noted that this is a nonlinear optimization with many 
local optima around the solution. Thus different combinations 
of settings allow similar optimum conversions to be achieved. 
However, all have the same basic shape, as shown in 
Figure 16.13. 
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Figure 16.13 

Optimum temperature profile for Example 16.4. 


Example 16.5 For the separation in Example 16.1, achieving a 

mean distillate purity of 0.98 and a recovery of 5 of 90%: 

a) Optimize the reflux ratio to minimize the batch cycle time, 
maintaining the reflux ratio to be constant across the batch cycle. 

b) Optimize the reflux ratio profile across the batch cycle time to 
minimize the batch cycle time. 

Solution 

a) As with Example 16.1, the material balance must be solved by 
solving Equation 16.7 numerically. If the reflux ratio is 
maintained constant across the cycle, then the batch cycle 
time can be calculated using Equation 16.41. Assuming the 
distillation is first established at total reflux, then, as in 
Example 16.1, .v D = 0.9956 at r = 0. The batch time is to be 
minimized subject to the constraint xd = 0.98, Bx b = 9.0. To 
achieve this, the reflux ratio must be varied, but also with the 
increment in x D (Ax D ) varied simultaneously. This can be set up 
in a spreadsheet using the spreadsheet solver. 

Table 16.8 shows the results from an optimization that 
divides the batch cycle into 20 increments: 

R = 6.1712 
Ax,, = 0.004136 

From Equation 16.41: 

t = 5.93 h 

b) In order to impose and optimize a reflux ratio profile, 
Equations 16.72 and 16.73 need to be applied across the 
batch cycle. However, unlike the batch reactor optimization 
in Example 16.3, the batch cycle time is calculated, rather than 
set. Also, because the reflux ratio varies across the cycle, the 


batch cycle time must be calculated by numerically integrating 
Equation 16.44. Thus, the cycle is divided into increments across 
an arbitrary scale when applying Equations 16.72 and 16.73(say 
0 to 100). As before, total reflux is assumed at time 0, giving 
x D = 0.9956. The distillation concentration is decreased in 
increments through the batch cycle. The batch cycle time is 
minimized subject to xd = 0.98 and Bx b = 9.0, but now 
optimizing: 

xo,x\,X2,tm,ai,a2,9, Ax D 

The calculations can be performed in a spreadsheet using the 
spreadsheet solver. The results are given in Table 16.9 based on 
dividing the batch cycle into 20 intervals. The resulting optimi¬ 
zation variables are: 

xo = 10.89 
xi = 3.44 
x 2 = 15.02 
t Fl — 14.0(out of 100) 
a x = 2.783 
a 2 = 1.482 
8 = 1 

A x D = 0.00259 

The minimized batch cycle time is 4.98 h (compared with 
5.93 h when the reflux ratio is optimized, but held constant 
through the cycle). It should be noted that there are inevitably 
numerical errors as a result of the numerical integration. 
Increasing the number of time intervals decreases the errors. 
Also, more accurate numerical integration can be performed 
using Simpson’s Rule. However, the errors are still small in 
this case. It should also be noted that different optimal points 
can be found with similar performance, due to the nonlinear 
nature of the optimization. The reflux ratio profile is shown in 
Figure 16.14. 
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Table 16.8 

Batch distillation for the optimized reflux ratio held constant over the cycle. 



Figure 16.14 

Optimum reflux ratio profile for Example 16.5. 
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Table 16.9 

Batch distillation for the optimized reflux ratio profile. 


Interval 

t 

RR 

x D 

x B 

1 

A Area 

In (B/F) 

B 

xd 

Bx b 

B R + l 

At 

t 

Xd -Xb 

V(xd -x b ) 

0 

0 

10.8899 

0.9956 

0.6000 

2.527952 

0.000000 

0.000000 

150.00 

0.9956 

90.00 

45.0857 

0.0000 

0.0000 

1 

5 

5.6067 

0.9930 

0.6000 

2.544624 

0.000003 

0.000003 

150.00 

0.9943 

90.00 

25.2175 

0.0000 

0.0000 

2 

10 

3.6611 

0.9904 

0.5772 

2.420233 

0.056576 

0.056579 

141.75 

0.9915 

81.82 

15.9906 

0.4696 

0.4696 

3 

15 

3.4543 

0.9878 

0.5305 

2.186889 

0.107530 

0.164109 

127.30 

0.9895 

67.53 

12.4002 

0.6626 

1.1323 

4 

20 

3.6636 

0.9852 

0.4778 

1.970775 

0.109631 

0.273740 

114.08 

0.9881 

54.51 

10.4850 

0.6034 

1.7357 

5 

25 

3.9900 

0.9826 

0.4296 

1.808131 

0.091139 

0.364879 

104.14 

0.9871 

44.73 

9.3963 

0.4795 

2.2152 

6 

30 

4.3984 

0.9800 

0.3866 

1.685285 

0.074946 

0.439825 

96.62 

0.9862 

37.36 

8.7906 

0.3902 

2.6054 

7 

35 

4.8740 

0.9774 

0.3490 

1.591333 

0.061641 

0.501466 

90.85 

0.9854 

31.71 

8.4918 

0.3251 

2.9305 

8 

40 

5.4077 

0.9748 

0.3163 

1.518493 

0.050903 

0.552369 

86.34 

0.9848 

27.31 

8.4007 

0.2765 

3.2070 

9 

45 

5.9934 

0.9722 

0.2879 

1.461248 

0.042300 

0.594669 

82.76 

0.9842 

23.83 

8.4575 

0.2393 

3.4463 

10 

50 

6.6265 

0.9696 

0.2633 

1.415674 

0.035420 

0.630089 

79.88 

0.9836 

21.03 

8.6246 

0.2103 

3.6566 

11 

55 

7.3036 

0.9671 

0.2419 

1.378957 

0.029904 

0.659993 

77.53 

0.9831 

18.75 

8.8772 

0.1873 

3.8439 

12 

60 

8.0216 

0.9645 

0.2232 

1.349054 

0.025462 

0.685455 

75.58 

0.9827 

16.87 

9.1985 

0.1687 

4.0126 

13 

65 

8.7784 

0.9619 

0.2069 

1.324468 

0.021860 

0.707315 

73.94 

0.9822 

15.30 

9.5767 

0.1535 

4.1661 

14 

70 

9.5717 

0.9593 

0.1925 

1.304084 

0.018918 

0.726233 

72.56 

0.9819 

13.96 

10.0033 

0.1409 

4.3070 

15 

75 

10.3999 

0.9567 

0.1797 

1.287064 

0.016497 

0.742729 

71.37 

0.9815 

12.83 

10.4720 

0.1304 

4.4374 

16 

80 

11.2615 

0.9541 

0.1684 

1.272769 

0.014488 

0.757217 

70.35 

0.9812 

11.85 

10.9782 

0.1214 

4.5588 

17 

85 

12.1552 

0.9515 

0.1583 

1.260705 

0.012808 

0.770025 

69.45 

0.9808 

10.99 

11.5182 

0.1137 

4.6725 

18 

90 

13.0797 

0.9489 

0.1492 

1.250488 

0.011393 

0.781418 

68.66 

0.9805 

10.25 

12.0892 

0.1071 

4.7796 

19 

95 

14.0340 

0.9463 

0.1410 

1.241813 

0.010193 

0.791611 

67.97 

0.9803 

9.59 

12.6890 

0.1013 

4.8810 

20 

100 

15.0171 

0.9437 

0.1336 

1.234437 

0.009167 

0.800778 

67.35 

0.9800 

9.00 

13.3159 

0.0963 

4.9772 


16 
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Figure 16.15 

Gantt chart for a simple batch process. 


16.8 Gantt Charts 

Now consider the complete batch process. Figure 16.15 shows a 
simple process. Feed material is withdrawn from storage using a 
pump. The feed material is preheated in a heat exchanger before 
being fed to a batch reactor. Once the reactor is full, further heating 
takes place inside the reactor using steam to the reactor jacket, 
before the reaction proceeds. During the later stages of the reaction, 
cooling water is applied to the reactor jacket. Once the reaction is 
complete, the reactor product is withdrawn using a pump. The 
reactor product is passed to a batch distillation that produces a 
finished product in the overhead and a residue left in the distilla¬ 
tion. The product and residue are sent to storage. 

The process is also shown in Figure 16.15 as a Gantt or time 
event chart (Mah, 1990; Biegler, Grossman and Westerberg, 
1997). The first two steps, pumping for reactor filling and feed 
preheat are both semicontinuous. The heating inside the reactor, 
the reaction itself and the cooling using the reactor jacket are all 
batch. The pumping to empty the reactor and charge to the batch 
distillation is again semicontinuous. The distillation step is batch. It 
can be seen from the Gantt chart in Figure 16.15 that there is very 
poor utilization of equipment. There are considerable periods over 
which the equipment is standing idle, sometimes termed dead time. 
The batch cycle time is the time interval between successive 
batches of product being produced. 


High utilization of equipment is one of the goals of batch 
process design. This can be achieved by overlapping batches. 
Overlapping means that more than one batch, at different stages, 
resides in the process at any time, as shown in Figure 16.16. This 
allows the batch cycle time, that is, the time interval between 
producing successive batches of product, to be decreased consid¬ 
erably. The step with the longest time limits the cycle time. 
Alternatively, if more than one step is carried out in the same 
equipment, the cycle time is limited by the longest series of steps in 
the same equipment. The batch cycle time must be at least as long 
as the longest step. The rest of the equipment other than the limiting 
step is then idle for some fraction of the batch cycle. 

16.9 Production Schedules 
for Single Products 

Batch processes can be dedicated to the production of a single 
product or can produce multiple products. Start by considering the 
simplest case in which the process produces only a single product. 
Consider the process shown in Figure 16.17 involving three steps 
(Step A, Step B and Step C) in which Step A takes 10 h, Step B takes 
5h and Step C also takes 5h. Figure 16.17a shows a sequential 
production schedule. Subsequent batches are only started once the 
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Figure 16.16 

Overlapping batches allows the batch cycle time to be decreased. 


Figure 16.17 

Production schedules for a three-step process. 



\ 

10 | 10 | 10 | 10 | 10 


STORAGE 

B 

C 


• 1 
i 

5 | 5 


— r 

i 

5 | 3 


1 1 I I M I I 1 




5 • 5 > 5 * 5 • 

- 1 - 1 - 1 - h 


(d) Intermediate storage for the limiting step. 


-► 

Time (h) 














































444 Chemical Process Design and Integration 


previous batch has been completely finished. For this sequential 
production schedule, the cycle time is 20 h. This clearly leads to 
very poor utilization of equipment. It has already been noted that 
overlapping batches can reduce the cycle time. This is illustrated in 
Figure 16.17b, where subsequent batches are started as soon as the 
appropriate equipment becomes available. Cycle time in 
Figure 16.17b decreases to 10 h for overlapping batches (the length 
of the longest step). If a specified volume of production needs to be 
achieved over a given period of time, then the equipment in the 
process that uses overlapping batches in Figure 16.17b can in 
principle be half the size of the equipment for sequential production 
in Figure 16.17a. 

Even with overlapping batches in Figure 16.17b, Steps B and C 
are underutilized. Step A is fully utilized and this is the limiting step. 
Figure 16.17c shows a design in which there are two items of 
equipment operating Step A, but in parallel. This allows both Step B 
and Step C to be carried out with complete utilization. If the sizes of 
the equipment are compared to the sequential production schedule, 
then each of the two Steps A1 and A2 in Figure 16.17c can in 
principle be one-quarter the size of the equipment for Step A for 
sequential production in Figure 16.17a. The size of the equipment 
for Steps 5 and C in Figure 16.17c will also be one-quarter the size of 
those in the sequential production schedule in Figure 16.17a for the 
same production rate. 

The final option shown in Figure 16.17d is to use intermediate 
storage for the limiting step. Material from Step A is sent to storage, 
from which Step B draws its feed. Material is still passed directly 
from Step B to Step C. Now all three steps are fully utilized. For the 
same rate of production over a period of time, the size of Step A can 
in principle be half that relative to the sequential production in 
Figure 16.17a and the sizes of Steps B and C can in principle be 
one-quarter those for sequential production. However, this is at the 
cost of introducing intermediate storage. 


16.10 Production 
Schedules for Multiple 
Products 


So far plants have been considered involving a single product. 
However, batch processes often produce multiple products in the 
same equipment. Here two broad types of process can be distin¬ 
guished. In flowshop or multiproduct plants, all products produced 
require all steps in the process and follow the same sequence of 
operations. In jobshop or multipurpose processes, not all products 
require all steps and/or might follow a different sequence of steps 
(Biegler, Grossman and Westerberg, 1997). 

Figure 16.18 shows a process that produces two products. 
Product 1 and 2, in a flowshop process. Figure 16.18a shows a 
production cycle involving a sequential production schedule. 
Production alternates between Product 1 and Product 2. The cycle 
time to produce a batch each of Product 1 and 2 is 28 h. 

The first thing that can be considered in order to reduce the cycle 
time and increase equipment utilization is to overlap the batches as 
shown in Figure 16.18b. This reduces the cycle time to 18 h. 


All of the schedules considered so far involved transferring 
material from one step to another, from a step to storage or from 
storage to a step without any time delay. This is known as zero-wait 
transfer. An alternative is to exploit the equipment in which a 
production step has taken place to provide hold-up. In this situa¬ 
tion, material is held in the equipment until it is required by the 
production schedule. A schedule using equipment hold-up is 
shown in Figure 16.18c. This reduces the cycle time to 15 h. 

Finally, Figure 16.18d shows the use of intermediate storage. 
The use of storage is only necessary for Product 2. Use of 
intermediate storage in this way reduces the cycle time to 14 h. 

Consider now another problem involving the production of 
two products (Product 1 and 2) each involving two steps (Step A 
and B) in a flowshop plant. Figure 16.19a shows the production 
cycle for three batches each of Product 1 and Product 2. It can be 
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Figure 16.18 

Production schedule for two products with a three-step process. 
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seen from Figure 16.19a that the batches have been overlapped 
to increase equipment utilization. In order to produce three 
products each of Product 1 and Product 2, the schedule in 
Figure 16.19a involves single-product campaigns. Three 
batches of Product 1 and three batches of Product 2 follow 
directly from each other. For this production schedule, the cycle 
time is 47 h. The total time required to produce a given number 
of batches, in this case three batches of each Product 1 and 
Product 2, is known as the makespan. From Figure 16.19a, for 
single-product campaigns the makespan is 53 h. 

An alternative production schedule can be suggested by fol¬ 
lowing a mixed-product campaign, as illustrated in Figure 16.19b. 
Alternating between batches of Product 1 and Product 2 in 
Figure 16.19b allows the cycle time to be reduced to 45 h and 
the makespan to be reduced to 51 h. 


16.11 Equipment Cleaning 
and Material Transfer 


So far, in the discussion of production schedules, some practical 
issues have been neglected. Two practical issues can be encoun¬ 
tered in production scheduling that can have a significant effect on 
the cycle time and the makespan (Biegler, Grssman and West- 
erberg, 1997). 

Consider first the changeover between two different products. It 
is usual for the equipment to be cleaned when changing from one 
product to another. Figure 16.20 shows the single-product cam¬ 
paigns and mixed-product campaigns from Figure 16.19, but with 
cleaning between product changes. The cleaning increases both the 
cycle time and the makespan. If the single-product campaign 
without cleaning in Figure 16.19a is compared with the single¬ 
product campaign with cleaning in Figure 16.20a, then the cycle 
time increases from 47 to 49 h and the makespan from 53 to 55 h. 
However, when the mixed-product campaign in Figure 16.19a is 
compared with the mixed-product campaign with cleaning in 
Figure 16.20b, it can be seen that there is a more significant increase 
in both the cycle time and the makespan. Cleaning increases the 
cycle time from 45 to 55 h and the makespan from 51 to 61 h. 

Without cleaning the mixed-product campaign would have 
been considered to be more efficient than the single-product 
campaigns. Once cleaning is introduced, the mixed-product cam¬ 
paigns are seen to be less efficient than single-product campaigns. 

Whether cleaning introduces such a decrease in the overall 
equipment utilization as that presented in Figures 16.19 and 16.20 
depends on the problem. However, it is something that must be 
taken into account when planning production schedules. Another 
issue to be addressed later is that when products are changed in a 
batch production system and equipment needs to be cleaned, this 
can produce a significant amount of waste from the process that can 
create a significant environmental problem. This will be discussed 
again later under cleaner production. 

Another important issue that has been neglected so far in the 
production schedules is that of transfer times between different 
steps. Figure 16.21 shows again the production schedule from 
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Figure 16.19 

Single versus mixed product campaigns for three batches each of two 
products. 


Figure 16.17, but this time introducing an allowance of 1 h to 
transfer material between storage and the production steps, from 
one production step to another and from the outlet of a 
production step to storage. If material is being transferred 
from one step to another step, then the emptying of one step 
and filling the next step can be earned out simultaneously; 
hence the transfer from Step A to Step B and from Step B to 
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Figure 16.20 

Cleaning between product changes extends the cycle times. 
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Figure 16.21 

Transfer times extend the cycle times. 



(a) Sequential production schedule with one hour transfer times. 
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(b) Overlapping production schedule with one hour 
transfer limes. 


|-1 Production 


Cleaning 


Step C overlaps. The cycle time for sequential production as 
shown in Figure 16.21a increases from 20 h to 24 h for one-hour 
transfer times. Figure 16.21b shows overlapping production 
with 1 h transfer times. In this case, the cycle time increases 
from 10 h to 12 h. 

16.12 Synthesis of 
Reaction and Separation 
Systems for Batch 
Processes 

Now consider how to synthesize the reaction and separation system 
for a batch process. Start by assuming the process to be continuous 
and then, if choosing to use batch operation, the continuous steps 
are replaced by batch steps (Myriantheos, 1986). It is simpler to 
start with continuous process operation because the time depen¬ 
dency of batch operation adds additional constraints over and 
above those for continuous operation. 

However, there is one very significant difference between batch 
and continuous processes as far as the synthesis of reaction and 
separation systems is concerned. Continuous processes involve 
connections in space between processing steps. Batch processes 
also have connections in space between processing steps. In addi¬ 
tion, batch processes have connections in time between processing 


steps. In batch processes, the connections in space can sometimes be 
substituted by connections in time. Consider the sequential produc¬ 
tion schedule in Figure 16.17a. Suppose that Step B and Step C 
could be carried out in the same equipment as Step A. This would 
mean that only one piece of equipment would be needed rather than 
three, but the production schedule would look the same as shown in 
Figure 16.17a. This would serve to reduce the capital cost of the 
equipment. It would also give advantages in terms of material 
transfer. Thus, the transfer times between the steps in Figure 16.21 
would be eliminated. Another advantage in terms of cleaning is that 
there is less equipment to clean and less waste resulting from 
cleaning. Of course, the option to overlap batches would no longer 
be available if steps were merged. An example of how steps can be 
merged is a reaction followed by cooling crystallization. In princi¬ 
ple, both steps can be carried out in the same equipment. 

Before steps are merged into a single piece of equipment, it 
must be ensured that the equipment is suitable for multiple 
purposes in terms of its function, size, materials of construction 
and pressure rating. Also, it is clear that merging will affect the 
production schedule and the schedule needs to be considered 
when merging. 

Finally, recycling of materials is difficult in batch processes 
because the connection in time cannot usually be made between the 
steps involved in the recycling. This is because different steps take 
place in different time periods. However, time can be bridged 
through the use of intermediate storage for the recycle. 

The approach is illustrated by the following example. 
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Example 16.6 Butadiene sulfone (or 3-sulfolene) is an inter¬ 
mediate used for the production of solvents. It can be produced 
from butadiene and sulfur dioxide according to the reaction 
(McKetta, 1977; Myriantheos, 1986): 


CHt=CHCH=CHt+SOt . 

* CH = CH 


\ / 


CHt CH, 


\ / 


so 2 

butadiene sulfur 

butadiene 

dioxide 

sulfone 


This is an exothermic, reversible, homogeneous reaction that 
takes place in a single liquid phase. The liquid butadiene feed 


contains 0.5% n-butane as an impurity. The sulfur dioxide is 
essentially pure. The mole ratio of sulfur dioxide to butadiene 
must be kept above 1 to prevent unwanted polymerization 
reactions. A value of 1.2 will be assumed. The temperature in 
the process must be kept above 65 °C to prevent crystallization of 
the butadiene sulfone but below 100 °C to prevent its decompo¬ 
sition. The product must contain less than 0.5 wt% butadiene and 
less than 0.3 wt% sulfur dioxide. 

The normal boiling points of the materials are given in the 
Table 16.10. 

Synthesize a continuous reaction, separation and recycle 
system for the process, with a view that the process will later 
become batch. 
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Figure 16.22 

Reaction and separation system for the production of butadiene sulfone. 
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Table 16.10 

Normal boiling points for the components. 


Material 

Normal boiling point (°C) 

Sulfur dioxide 

-10 

Butadiene 

-4 

n-Butane 

-1 

Butadiene sulfone 

151 


Solution The reversible nature of the reaction means that 
neither of the feed materials can be forced to complete conversion. 
The reactor design in Figure 16.22a shows that the reactor product 
contains a mixture of both feed and product materials together with 
the n-butane impurity. These must be separated, but how? 

If the relative boiling points of the components in the reactor 
product are considered, there is a wide range of volatilities. The 
sulfur dioxide, butadiene and /i-butane are all low boilers and the 
butadiene sulfone is a much higher boiling material by compari¬ 
son. Given that the reaction takes place in the liquid phase, a 
partial vaporization might well give a good separation between 
the butadiene sulfone and the other components (Figure 16.22b). 
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Figure 16.23 

The recycle system for the production of butadiene sulfone. 
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A vapor-liquid equilibrium calculation shows that a good 
separation is obtained but the required product purity of butadiene 
< 0.5 wt% and sulfur dioxide < 0.3 wt% is not obtained. Further 
separation of the liquid is needed. Distillation of the liquid is 
difficult because of the narrow temperature limits between which 
the distillation must operate. However, the liquid can be stripped 
using nitrogen (Figure 16.22c). 

The type of equipment illustrated in Figure 16.22 is more 
typical of batch operation than continuous operation, even though 
continuous operation is being contemplated at the moment. For 
example, the evaporator is a stirred tank with a heating jacket. In 
continuous plant, a more elaborate design with tubular heating of 
some type would probably have been used, perhaps with multiple 
stages. 


Now consider recycling unconverted feed material to the 
reactor. Figure 16.23a shows recycles for unconverted feed 
material. The recycle from the evaporator to the reactor has 
been made possible by pressurizing the evaporator with the 
evaporator feed pump. Had this not been done, the vapor recycle 
would have required a compressor. The stripper works at a lower 
pressure to allow the unconverted material to be stripped. Thus, 
the recycle from the stripper requires a compressor. It is then 
condensed and fed back to the reactor. 

Another problem is that most of the n-butane impurity that enters 
with the feed enters the vapor phase from the evaporator. Thus the n- 
butane builds up in the recycle unless a purge is provided (Figure 
16.23a). Finally, the possibility of a nitrogen recycle should be 
considered to minimize the use of fresh nitrogen (Figure 16.23b). 


Example 16.7 Convert the continuous process from Example 
16.6 into a batch process. Preliminary sizing of the equipment 
indicates that the duration of the processing steps are given in 
Table 16.11 (Myriantheos, 1986). 

Table 16.11 

Duration of processing steps. 


Processing step 

Duration (h) 

Reaction 

2.1 

Evaporation 

0.45 

Stripping 

0.65 

Vessel filling 

0.25 

Vessel emptying 

0.25 


Solution Having synthesized the continuous flowsheet shown in 
Figure 16.23b, now convert this into batch operation. The reactor 
now becomes batch, requiring the reaction to be completed before the 
separation can take place. Figure 16.24 shows the production 
schedule for a sequential batch schedule. Note in Figure 16.24 
that there is a small overlap between the process steps. This is to 

PROCESS 
STEP 

Reaction 


Evaporation 

Stripping 



allow for the fact that emptying of one step and filling the following 
step take place during the same time period. 

The Gantt chart shown in Figure 16.24 indicates that individual 
items of equipment have a poor utilization. To improve the equip¬ 
ment utilization, overlapping batches are shown in Figure 16.25. 
Clearly, it is not possible to recycle directly from the separators to the 
reactor since the reactor is fed at a time different from that at which 
the separation is carried out. A storage tank is needed to hold the 
recycle material. This material is then used to provide part of the feed 
for the next batch. The final flowsheet for batch operation is shown in 
Figure 16.26. 

In Figure 16.25, the reactor limits the batch cycle time, that is, it 
has no dead time. On the other hand, the evaporator and stripper both 
have significant dead time. Figure 16.27 shows the schedule for an 
arrangement with two reactors operating in parallel. With parallel 
operation, the reaction operations can overlap, allowing the evap¬ 
oration and stripping operations to be carried out more frequently. 
This improves the overall utilization of equipment, and in principle 
allows the size of equipment to be reduced. 

The batch cycle time has been reduced from 2.6 to 1.3 h. This 
means that a greater number of batches can be processed and hence, if 
there are two reactors each with the original capacity, the process 
capacity has increased. However, the increase in capacity has been 
achieved at the expense of an increased capital cost for the second 
reactor. An economic assessment is required before it can judge 
whether the trade-off is justified. 
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Figure 16.24 

Gantt chart for a repeated batch cycle for Example 16.7. 
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Figure 16.25 

Overlapping batches for Example 16.7 reduces the batch cycle time. 


Perhaps the additional capacity might not be needed. If it is not 
needed then the size of the reactors, evaporator and stripper can be 
reduced. Keeping the original process capacity with parallel opera¬ 
tion of the reactors would mean a trade-off between the increased 
capital cost of two (smaller) reactors versus reduced capital cost of 
the evaporator and stripper. An economic comparison would be 
required to judge whether this would be beneficial. 

Another option to improve utilization of equipment is, instead of 
adding a reactor in parallel, installing intermediate storage. 
Figure 16.28 shows a production schedule with intermediate storage 
between the reactor and evaporator and between the reactor and 
stripper. The evaporation step is no longer constrained to start on 
completion of the reaction step and start the stripping step on 
completion of the evaporation step. The individual steps can be 
decoupled via the intermediate storage. This maintains the original 
batch cycle time of 2.6 h but allows, as shown in Figure 16.28, the 


elimination of dead time in the evaporation and stripping steps. 
Now more evaporation and stripping steps can be carried out and 
the size of the evaporator and stripper reduced accordingly. This 
time the capital cost of intermediate storage is traded off against 
reduced capital cost of the evaporator and stripper. In 
Figure 16.28, the intermediate storage between the reactor and 
evaporator has a significant effect on equipment utilization. The 
intermediate storage between the evaporator and stripper has a less 
pronounced effect and would be more difficult to justify 
economically. 

Finally, merging of operations into the same equipment could be 
considered to replace connections through space by those through 
time. For example, it might be possible to carry out the reaction and 
evaporation in the same equipment. Overlapping of the reaction and 
evaporation would no longer be possible, but there would be savings 
in capital cost. 



Figure 16.26 

Flowsheet for the production of butadiene sulfone in a batch process. 
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Figure 16.27 

Placing units in parallel for the limiting step reduces the batch cycle time for Example 16.7. 
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Figure 16.28 

Gantt chart for Example 16.7 with intermediate storage. 
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16.13 Storage in Batch 
Processes 

The storage requirements associated with continuous processes 
were discussed in Chapter 14. The minimum storage volume in 
batch processes is equal to the delivered batch size for feed 
materials, or the manufactured quantity per batch for the product. 

Because batch processes are in a dynamic state, it can be 
difficult to maintain the required product specification throughout 
the batch. Thus, storage can help to dampen out variations in 
product quality for fluid products. Variations in the outlet propert¬ 
ies from the storage are reduced compared with variations in the 
inlet properties for fluid products. As long as the mean quality is 
within specifications, all of the product can be sold. 

Batch manufacture often takes place in the form of campaigns. 
Each campaign manufactures a quantity of a given product that is 
stored until dispatched. Product campaigns might involve a single 
batch or a number of batches. The production might then be 
switched to a different product and another campaign carried 
out for that product. Changing product leads to lost production 
time, creates waste through equipment cleaning and decon¬ 
tamination and might result in some off-specification product as 
a result of the changeover. Thus, operation of the plant is favored 
by large batches and long production campaigns, but this increases 
storage costs (capital, working and operating). 

As with storage for continuous processes, storage tanks for 
liquids should not be designed to operate with less that 10% 
inventory at the minimum or more than 90% full at the maximum. 
As with storage for continuous processes, the amount of feed 
product and intermediate storage will depend on capital, working 
and operating costs, together with operability, control and safety 
considerations. 

16.14 Batch Processes - 
Summary 

Many batch processes are designed on the basis of a scale-up from 
the laboratory, particularly for the manufacture of specialty chem¬ 
icals. Particularly when manufacturing specialty chemicals, the 
shortest time possible to get a new product to market is often the 
biggest priority (accepting that the product must meet the specifi¬ 
cations and regulations demanded and the process must meet the 
required safety and environmental standards). This is particularly 
true if the product is protected by patent. 

For batch reactors the four major factors that affect batch reactor 
performance are: 

• Contacting pattern 

• Operating conditions 

• Agitation 

• Solvent selection. 

Batch distillation has a number of advantages when compared with 
continuous distillation: 


• The same equipment can be used to process many different 
feeds and produce different products. 

• There is flexibility to meet different product specifications. 

• One distillation column can separate a multicomponent mixture 
into relatively pure products. 

Crystallization is very common in the production of fine and 
specialty chemicals. Many chemical products are in the form of 
solid crystals. Also, crystallization has the advantage that it can 
produce a product with a high purity and can be more effective than 
distillation from the separation of heat-sensitive materials. Batch 
crystallization is: 

• Flexible 

• Incurs low capital investment 

• Features small process development requirements 

• But can give poor reproducibility. 

Batch filtration involves the separation of suspended solids from a 
slurry of associated liquid. The required product could be either the 
solid particles or the liquid filtrate. In batch filtration, the filter 
medium presents an initial resistance to the fluid flow that will 
change as particles are deposited. The driving forces used in batch 
filtration are: 

• gravity, 

• vacuum, 

• pressure, 

• centrifugal. 

Batch heating and cooling can be analyzed for agitated vessels for 
both constant temperature and variable temperature heating and 
cooling media. 

Production schedules for batch processes can be sequential, 
overlapping, parallel, use intermediate storage, or use a combina¬ 
tion of these. Such schedules can be analyzed using Gantt charts. 
Batch processes often produce multiple products in the same 
equipment and can be distinguished as flowshop or multiproduct 
plants. Equipment cleaning and material transfer policy have a 
significant effect on the production schedule. 

Synthesis of the reaction and separation system for a batch 
process can be carried out by assuming the process to be continu¬ 
ous and then replacing the continuous steps by batch steps. When 
synthesizing a batch process, connections through both space and 
time can be exploited. 

16.15 Exercises 

1. Benzyl acetate is to be manufactured in a batch reactor from 
the reaction between benzyl chloride and sodium acetate in a 
solution of xylene in the presence of triethylamine as catalyst 
according to the reaction: 

C 6 H 5 CH 2 Cl + CH 3 COONa ->• CH 3 COOC 6 H 5 CH 2 + NaCl 
or 

A + B C + D 
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The kinetic model for the reaction is given by 


-r A = k A C A 


where r A = rate of reaction of benzyl chloride 
k A = reaction rate constant 
= 0.01306 h“' 

C A = molar concentration of benzyl chloride 


Assuming no products are present in the reactor feed, calculate 
the residence time required for a conversion of 40% and 60%. 

2. A product C is to be produced in a batch reaction according to: 
A + B , C + D 


Table 16.12 

Molar masses for the components. 


Component 

Molar mass 
(kg kmol -1 ) 

Density at 60 °C 
(kgm -3 ) 

Acetic acid 

60.05 

1018 

Ethanol 

46.07 

754 

Ethyl acetate 

88.11 

847 

Water 

18.02 

980 


on a conversion of 60% and operation of 24 h per day 
based on the volume of the feed. 


The reactor is to be fed with a large excess of B. The feed ratio 
to the reactor is to be 5 kmol B per kmol A. Under these 
conditions the reaction rate can be described by: 

r A = —kC\ 

where r A = rate of reaction 

k = reaction rate constant 
= 0.0174 m 3 kmol -1 min -1 
C A = concentration of A (kmolm -3 ) 

The density of the reaction mixture can be assumed constant at 
10.75 kmolm -3 . 

a) Calculate the time required to reach 50% conversion of A. 

b) If the reactor is shut down for 30 min between batches, 
calculate the reaction volume required to produce 
lOkmol h -1 of C. 

3. Ethyl acetate is to be manufactured in a batch reactor from the 
reaction between ethanol and acetic acid in the liquid phase 
according to the reaction: 

CHjCOOH +C 2 H 5 OH . CH3COOC2H5+H2O 

acetic acid ethanol ethyl acetate water 

or 

A+B < = C + D 

The reaction rate expression is of the form 

—>'a = k A C A — k' A Cc 

where k A = 0.002688 nr 3 -kmol -1 -min -1 
k' A = 0.004644 min” 1 

Molar masses and densities for the components are given in 
Table 16.12. 

The reactants are equimolar with product concentrations of 
initially zero and reactor volume is constant. 

a) Calculate the residence time required for a conversion of 
60%. 

b ) The operating schedule for the reactor requires it to be shut 
down between batch reactions for 1 h. Calculate the 
volume of the reactor required to produce 10t-d -1 based 


4. A binary mixture of 125 kmol of components A and B is to be 
separated by batch distillation. The feed mixture contains a 
mole fraction of A of 65%. The relative volatility between A 
and B is 2.75. The distillation is required to recover 90% of A. 
If only a batch distillation pot is used (i.e. no distillation trays 
and no reflux), calculate the composition of the recovered A. 

a) Using an analytical solution of the Rayleigh Equation. 

b) Using a numerical solution of the Rayleigh Equation. 

5. The mixture from Exercise 4 is to be separated in a batch 
rectifier with the equivalent of six theoretical stages. The 
vapor is generated in the pot at a rate of 95 kmol h - . 

a) Calculate the recovery of A and the batch cycle time 
required to recover A with a purity of 98% using a constant 
reflux ratio of 6. 

b) Calculate the reflux ratio to minimize the batch cycle time 
to recover 90% of A with a purity of 98%. 

6. A batch process consists of the four steps given in 
Table 16.13. For repeated batch cycles of the same process, 
calculate the cycle time for: 

a) a sequential production schedule; 

b) overlapping batches. 

7. A batch process consists of three steps given in Table 16.14. 
For repeated cycles of the same process, calculate the cycle 
time for: 

a) a sequential production schedule; 

b) overlapping batches; 


Table 16.13 

Batch steps for Exercise 6. 


Step 

Duration (h) 

A 

0.75 

B 

3 

C 

0.75 

D 

6 



454 Chemical Process Design and Integration 


Table 16.14 

Batch steps for Exercise 7. 

Step 

Duration (h) 

A 

12 

B 

5 

C 

5 


Table 16.15 

Batch steps for Exercise 8. 


Step 

Product 1 (h) 

Product 2 (h) 

A 

12 

4 

B 

5 

3 

C 

5 

3 


c) two parallel units for the limiting step; 

d) intermediate storage for the limiting step. 

8. A batch process manufactures Product 1 and Product 2 in the 
same process. The manufacture of both products involves 
three steps with durations given in Table 16.15. Calculate the 
cycle time and makespan for one batch each of Product 1 and 
Product 2 with no delay between the two batches for: 

a) a sequential production schedule with zero-wait transfer; 

b) overlapping batches with zero-wait transfer; 

c) overlapping batches with hold-up; 

d) overlapping batches with intermediate storage. 

9. The following process is proposed for the production of 
Product C. For the scheduling of the production campaign, 
overlapping is allowed and a zero-wait transfer is applied for 
storage policy. The process is represented in Figure 16.29. 

Stage I 

• Liquid raw materials A and B are reacted in a batch reactor 
for 6 h. 

• 1 kg of A and 1 kg of B are mixed to produce C. 

• A reactor is operated with 70% of yield by mass. 

• The mixture density is 800 kgm -3 . 

Stage II 

• The liquid mixture of A, B and C is fed into a tank and 
mixed with a solvent for 3 h. The product C is converted 
into solids. 

• 1 kg of solvent is added and mixed with A, B and C. 

• The mixture density is 950 kg m -3 . 


Stage III 

• The product C is separated by centrifuge for 4 h. 

• 90% recovery by mass for product C is obtained. 

• The mixture density is 900 kg m -3 . 

a) Calculate the cycle time for the production of Product C 
when only one unit is used for each stage. Use a Gantt 
chart to show at least two production batches. 

b) The current production campaign must produce 
100,000 kgy -1 of product C. The plant is operated for 
7200 h y -1 . What is the size of the reactor (Stage I) 
required? (Use the cycle time calculated in Part a). 

c) The addition of parallel units can increase the efficiency 
of equipment utilization. When two reactors are oper¬ 
ated for Stage I, one tank for Stage II, and two centri¬ 
fuges for Stage III, how is the cycle time changed? 
Use a Gantt chart to show at least four production 
batches. 

10. The plant from Exercise 9 is modified to produce Products D 

and E according to the schedule in Table 16.16. 

a) When no intermediate storage is applied as the storage 
policy, calculate the cycle time for the production of 
D and £ in a sequence DEDEDE .... Use a Gantt 
chart to show at least two cycles of production (i.e. 
DEDE ). 

b) When unlimited intermediate storage is applied for stor¬ 
age policy, calculate the cycle time for the production of D 
and £ in a sequence DEEDEEDEE .... Use a Gantt 
chart to show at least two cycles of production (i.e. 
DEEDEE). 


Solvent 



Liquid 

A. II, Solvent 


Solid 
Product C 


Figure 16.29 

A simple batch process involving three steps. 
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Table 16.16 

Modified schedule. 



Product 

Stage I 

Stage II 

Stage III 

Processing 
times (h) 

D 

8 

3 

5 


E 

4 

2 

4 
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Chapter 17 


Heat Exchanger Networks I 
- Network Targets 


F ixing the major processing steps (reactors, separators and 
recycles) fixes the material and energy balance. Thus, the 
heating and cooling duties for the heat recovery system are known. 
However, completing the design of the heat exchanger network is 
not necessary in order to assess energy performance of the com¬ 
pleted design. Targets can be set for the heat exchanger network to 
assess the energy performance of the complete process design 
without actually having to carry out the network design. Moreover, 
the targets allow the designer to suggest process changes for the 
reactor and separation and recycle systems to improve the targets 
for energy cost. 

Using targets for the heat exchanger network, rather than 
designs, allows many design options for the overall process to be 
screened quickly and conveniently. Screening many design 
options by completed designs is often not practical in terms of 
the time and effort required. In Chapters 19 to 22, energy targets 
will be used to suggest design improvements to the reaction, 
separation and recycle systems. 

17.1 Composite Curves 

The analysis of the heat exchanger network first identifies sources 
of heat (termed hot streams ) and sinks (termed cold streams ) from 
the material and energy balance. Consider first a very simple 
problem with just one hot stream (heat source) and one cold stream 
(heat sink). The initial temperature (termed supply temperature ), 
final temperature (termed target temperature) and enthalpy change 
of both streams are given in Table 17.1. 

Steam is available at 180 °C and cooling water at 20 °C. Clearly, 
it is possible to heat the cold stream in Table 17.1 using steam and 
cool the hot stream using cooling water. However, this would incur 
excessive energy cost. It is also incompatible with the goals of 
sustainable industrial activity, which call for use of the minimum 
energy consumption. Instead, it is preferable to try to recover the 
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heat between process streams, if this is possible. The scope for heat 
recovery can be determined by plotting both streams from 
Table 17.1 on temperature-enthalpy axes. For feasible heat 
exchange between the two streams, the hot stream must be at 
all points hotter than the cold stream. Figure 17.1a shows the 
temperature-enthalpy plot for this problem with a minimum 
temperature difference (AT min ) of 10 °C. The region of overlap 
between the two streams in Figure 17. la determines the amount of 
heat recovery possible (for AT min = 10 °C). For this problem, the 
heat recovery ( Qrec ) is 11 MW. The part of the cold stream that 
extends beyond the start of the hot stream in Figure 17.1a cannot be 
heated by recovery and requires steam. This is the hot utility target 
or energy target ( Quinm ), which for this problem is 3 MW. The part 
of the hot stream that extends beyond the start of the cold stream in 
Figure 17.1a cannot be cooled by heat recovery and requires 
cooling water. This is the minimum cold utility (2cmm)> which 
for this problem is 1 MW. Also shown at the bottom of Figure 17.1a 
is the arrangement of heat exchangers corresponding with the 
temperature-enthalpy plot. 

The temperatures or enthalpy change for the streams (and hence 
their slope) cannot be changed, but the relative position of the two 
streams can be changed by moving them horizontally relative to 
each other. This is possible since the reference enthalpy for the hot 
stream can be changed independently from the reference enthalpy 
for the cold stream, but the enthalpy difference across the streams 
cannot be changed. Figure 17.1b shows the same two streams 
moved to a different relative position such that A T mi „ is now 20 °C. 
The amount of overlap between the streams is reduced (and hence 
heat recovery is reduced) to 10 MW. A greater amount of the cold 
stream now extends beyond the start of the hot stream, and hence 
the amount of steam is increased to 4 MW. Also, more of the hot 
stream extends beyond the start of the cold stream, increasing the 
cooling water demand to 2 MW. Thus, the approach of plotting a 
hot and a cold stream on the same temperature-enthalpy axes can 
determine hot and cold utility for a given value of AT min . 

The importance of A T min is that it sets the relative location of the 
hot and cold streams in this two-stream problem, and therefore the 
amount of heat recovery. Setting the value of A T min or Qn m in or 
Qcmin sets the relative location and the amount of heat recovery. 
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Table 17.1 

Two-stream heat recovery problem. 


Stream 

Type 

Supply temperature T s (°C) 

Target temperature T t (°C) 

A H (MW) 

1 

Cold 

40 

110 

14 

2 

Hot 

160 

40 

-12 


Consider now the extension of this approach to several hot 
and cold streams. Figure 17.2 shows a simple flowsheet. Tem¬ 
peratures and heat duties for each stream are shown. Two of the 
streams in Figure 17.2 are sources of heat (hot streams) and two 
are sinks for heat (cold streams). Assuming that the heat 
capacities are constant, the data for the hot and cold streams 
can be extracted as given in Table 17.2. Note that the heat 
capacities (CP) are total heat capacities, being the product of 
mass flowrate and specific heat capacity (CP = m C P ). Had the 
heat capacities varied significantly, the nonlinear temperature- 
enthalpy behavior could have been represented by a series of 
linear segments (see Chapter 19). 

Instead of dealing with individual streams as given in 
Table 17.1, an overview of the process is needed. Figure 17.3a 
shows the two hot streams individually on temperature-enthalpy 
axes. How these hot streams behave overall can be quantified by 
combining them in the given temperature ranges (Hohman, 1971; 


Huang and Elshout, 1976; Linnhoff, Mason and Wardle, 1979). 
The temperature ranges in question are defined by changes in the 
overall rate of change of enthalpy with temperature. If heat 
capacities are constant, then changes will occur only when streams 
start or finish. Thus, in Figure 17.3, the temperature axis is divided 
into ranges defined by the supply and target temperatures of the 
streams. 

Within each temperature range, the streams are combined to 
produce a composite hot stream. This composite hot stream has a 
CP in any temperature range that is the sum of the individual 
streams. Also, in any temperature range, the enthalpy change of the 
composite stream is the sum of the enthalpy changes of the 
individual streams. Figure 17.3b shows the composite curve 
of the hot streams (Hohman, 1971; Huang and Elshout, 1976; 
Linnhoff, Mason and Wardle, 1979). The composite hot stream is a 
single stream that is equivalent to the individual hot streams in 
terms of temperature and enthalpy. Similarly, the composite curve 



(a) Recovery for AT 1 ,,,,,, = 10‘’C. 


(b) Recovery for A T mi „ = 20''C. 


Figure 17.1 

A simple heat recovery problem with one hot stream and one cold stream. 
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Figure 17.2 

A simple flowsheet with two hot streams and two cold streams. 


Table 17.2 

Heat exchange stream data for the flowsheet in Figure 17.2. 


Stream 

Type 

Supply temperature T s (°C) 

Target temperature T t (°C) 

AH (MW) 

Heat capacity flowrate CP 
(MWK -1 ) 

1. Reactor 1 feed 

Cold 

20 

180 

32.0 

0.2 

2. Reactor 1 product 

Hot 

250 

40 

-31.5 

0.15 

3. Reactor 2 feed 

Cold 

140 

230 

27.0 

0.3 

4. Reactor 2 product 

Hot 

200 

80 

-30.0 

0.25 


T (°C) T (°C) 




(a) The hot streams plotted separately. (b) The composite hot stream. 

Figure 17.3 

The hot streams can be combined to obtain a composite hot stream. 
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rc’o 



(a) The cold streams plotted separately. 


r(°C) 



(b) The composite cold stream. 


Figure 17.4 

The cold streams can be combined to obtain a composite cold stream. 


of the cold streams for the problem can be produced, as shown in 
Figure 17.4. Again, the composite cold stream is a single stream 
that is equivalent to the individual cold streams in terms of 
temperature and enthalpy. 

The composite hot and cold curves can now be plotted on the 
same axes, as in Figure 17.5. Plotting the composite hot and cold 
curves is analogous to plotting the single hot and cold streams in 
Figure 17.1. The composite curves in Figure 17.5a are set to have a 
minimum temperature difference (A T min ) of 10 °C. Where the 
curves overlap in Figure 17.5a, heat can be recovered vertically 
from the hot streams that comprise the hot composite curve into the 
cold streams that comprise the cold composite curve. The way in 
which the composite curves are constructed (i.e. monotonically 
decreasing hot composite curve and monotonically increasing cold 
composite curve) allows maximum overlap between the curves and 
hence maximum heat recovery. Maximizing the energy recovery 
thereby minimizes the external requirements for heating and cool¬ 
ing duties and minimizes the energy consumption. In this problem, 
for A T min = 10 °C, the maximum heat recovery ( Qrec ) is 51.5 MW. 

Where the cold composite curve extends beyond the start of the 
hot composite curve in Figure 17.5a, heat recovery is not possible, 
and the cold composite curve must be supplied with an external hot 
utility such as steam. This represents the target for hot utility 
(QHmin )• For this problem, with AT min = 10°C, Q Hmin = 7.5 MW. 
Where the hot composite curve extends beyond the start of the cold 
composite curve in Figure 17.5a, heat recovery is again not 
possible and the hot composite curve must be supplied with an 
external cold utility such as cooling water. This represents the 
target for cold utility ( Qcmin )■ For this problem, setting A T min = 
10 °C gives Qcmin = 10.0 ,V1W. 

Specifying the hot utility or cold utility heat duty or A T min fixes 
the relative position of the two curves. As with the simple problem 


in Figure 17.1, the relative position of the two curves is a degree of 
freedom (Linnhoff et al., 1982). Again, the relative position of the 
two curves can be changed by moving them horizontally relative to 
each other. Clearly, to consider heat recovery from hot streams into 
cold streams, the hot composite curve must be in a position such 
that it is always above the cold composite curve for feasible heat 
transfer. Thereafter, the relative position of the curves can be 
chosen. Figure 17.5b shows the curves with AT min = 20 °C. The hot 
and cold utility targets are now increased to 11.5 MW and 14 MW 
respectively. 

If utility consumption is to be minimized, the composite curves 
can be set to their practical minimum, which will be dictated by the 
type of heat transfer equipment used for the heat transfer in the 
region of the pinch. To achieve a small A T min in a design requires 
heat exchangers that exhibit pure countercurrent flow. With shell- 
and-tube heat exchangers this is not possible, even if single-shell 
pass and single-tube pass designs are used, because the shell-side 
stream takes periodic cross-flow. Consequently, operating with a 
AT min less than 10 °C should be avoided, unless under special 
circumstances (Polley, 1993). A smaller value of 5 °C or less can be 
achieved with plate heat exchangers, and the value can go as low as 
1 °C with plate-fin designs (Polley, 1993). For high-temperature 
processes, typically involving heat transfer with a flue gas, A T min 
less than 20 °C should be avoided. It should be noted, however, that 
such constraints only apply to the heat transfer equipment that 
operates around the point of closest approach between the compos¬ 
ite curves. Additional constraints apply if vaporization or conden¬ 
sation is occurring at the point of closest approach (see Chapter 12). 

Figure 17.6 illustrates what happens to the annualized cost of 
the system as the relative position of the composite curves is 
changed over a range of values of A T min . When the curves just 
touch, there is no driving force for heat transfer at one point in the 
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TCC) 



(a) The hoi and cold composite curves plotted together at A7'„„=I0 : C. 


Figure 17.5 

Plotting the hot and cold composite curves together allows the 
targets for hot and cold utility to be obtained. 



(b) Increasing AT,„ m from 10°C to 20°C increases the hot and cold utility targets. 


process, which would require infinite heat transfer area and hence 
infinite capital cost. As the energy target (and hence AT min between 
the curves) is increased, the annualized capital cost decreases. This 
results from increased temperature differences throughout the 
process, decreasing the heat transfer area. On the other hand, 
the cost of utilities increases as t\T ml „ increases. There is a 
trade-off between utility cost and annualized capital cost and an 
economic amount of energy recovery. It should be noted that the 
cost of either heating or cooling can dominate the utility cost. For 
high-temperature processes it tends to be the cost of supplying heat 
that dominates the trade-off. In low-temperature processes where 
cooling is required below ambient temperature to be serviced by 
expensive refrigeration, it tends to be the cost of supplying cooling 
that dominates the trade-off. The utilities versus capital cost trade¬ 
off is also very dependent on the annualization of the capital cost. If 
a long period is chosen for the capital cost annualization, this forces 
the optimum point to a lower value of A T min . 

In practice, the shape of the economic trade-off is in most cases 
quite flat in the region of the optimum. This means that in most 
cases, as long as a reasonable value is taken somewhere in the flat 
region of the optimum, no serious errors will result. Also, the 


network design to be developed later will be subjected to optimi¬ 
zation (see Chapter 18). A typical value appropriate for most above 
ambient temperature processes is 10 °C. In some cases, especially 
where heat transfer coefficients are low, values as high as 20 °C 
are sometimes used. For low-temperature processes requiring 
moderate temperature refrigeration, a value of 5 °C is reasonable, 
decreasing to 1 °C for processes requiring very low-temperature 
refrigeration. 

17.2 The Heat Recovery 
Pinch 

Once a value of A T min has been chosen, this fixes the relative 
position of the composite curves and hence the energy target. The 
value of A T min and its location between the composite curves have 
important implications for design, if the energy target is to be 
achieved in the design of a heat exchanger network. The t±T min is 
normally observed at only one point between the hot and the cold 
composite curves, called the heat recovery pinch (Umeda, Itoh and 
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Annualized 

Cost 



Figure 17.6 

The correct setting for XT min is fixed by economic trade-offs. 


Shiroko, 1978; Umeda, Harada and Shiroko, 1979; Umeda, Niida 
and Shiroko, 1979; Linnhoff, Mason and Wardle, 1979). The pinch 
point occurs between the composite curves where there is either a 
change in slope on the hot composite curve or a change in slope on 
the cold composite curve. If the pinch occurs at a change in slope on 
the hot composite curve, the slope moving down the curve 
becomes less steep at the pinch. This is where a hot stream starts. 
Alternatively, if the pinch occurs at a change in slope on the cold 
composite curve, the slope moving up the curve at the pinch also 
becomes less steep. This is where a cold stream starts. So the pinch 
point occurs where a hot stream starts or a cold stream starts. The 
pinch point has a special significance. 

The trade-off between energy and capital in the composite 
curves suggests that, “on average”, individual exchangers should 
have a temperature difference no smaller than A good 

initialization in heat exchanger network design is to assume that no 
individual heat exchanger has a temperature difference smaller 
than the A T min between the composite curves. 

With this rule in mind, divide the process at the pinch as shown 
in Figure 17.7a. Above the pinch (in temperature terms) the process 
is in heat balance with the minimum hot utility, Quinn- Heat is 
received from hot utility and no heat is rejected. The process acts as 
a heat sink. Below the pinch (in temperature terms), the process is 
in heat balance with the minimum cold utility, Qc,nm- No heat is 
received but heat is rejected to cold utility. The process acts as a 
heat source. 

Consider now the possibility of transferring heat between these 
two systems. Figure 17.7b shows that it is possible to transfer heat 
from hot streams above the pinch to cold streams below it. The pinch 
temperature for hot streams for the problem is 150°C and for cold 


streams 140 °C. Transfer of heat from above the pinch to below, as 
shown in Figure 17.7b, means transfer of heat from hot streams with 
a temperature of 150°C or greater into cold streams with a temper¬ 
ature of 140°C or less. This is clearly possible. By contrast, 
Figure 17.7c shows that heat transfer from hot streams below the 
pinch to cold streams above is not possible. Such transfer requires 
heat being transferred from hot streams with a temperature of 150 °C 
or less into cold streams with a temperature of 140 °C or greater. 
This is clearly not possible (without violating the A T min constraint). 

If an amount of heat XP is transferred from the system above the 
pinch to the system below the pinch, as in Figure 17.8a, this will 
create a deficit of heat XP above the pinch and an additional surplus 
of heat XP below the pinch. The only way this can be corrected is by 
importing an extra XP amount of heat from hot utility and exporting 
an extra XP amount of heat to cold utility (Linnhoff, Mason and 
Wardle, 1979; Linnhoff et al., 1982). 

Analogous effects are caused by the inappropriate use of 
utilities. Utilities are appropriate if they are necessary to satisfy 
the enthalpy imbalance in that part of the process. Above the pinch, 
hot utility (in this case, steam) is needed to satisfy the enthalpy 
imbalance. Figure 17.8b illustrates what happens if inappropriate 
use of utilities is made. If cooling to cold utility XP is used to cool 
hot streams above the pinch, this creates an enthalpy imbalance in 
the system above the pinch. To satisfy the enthalpy imbalance 
above the pinch, an import of (Q Hm in + XP) heat from hot utility is 
required. Overall, ( Qcmin + XP ) of cold utility is used (Linnhoff, 
Mason and Wardle, 1979; Linnhoff et al., 1982). 

Another inappropriate use of utilities involves heating of some 
of the cold streams below the pinch by hot utility (steam in this 
case). Below the pinch, cold utility is needed to satisfy the enthalpy 
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(a) The pinch divides the process into a heat source and a heat sink. 




(b) Heat transfer from above the pinch to 
below the pinch is possible. 


(c) Heat transfer from below to above 
the pinch is not possible without 
violating 


Figure 17.7 

The composite curves set the energy target and the location of the pinch. 


imbalance. Figure 17.8c illustrates what happens if an amount of 
heat XP from the hot utility is used below the pinch. must still 
be supplied above the pinch to satisfy the enthalpy imbalance 
above the pinch. Overall, (Q Hm m +XP) of steam is used and 
(Qcmin + XP ) of cooling water (Linnhoff, Mason and Wardle, 
1979; Linnhoff et ah, 1982). 


In other words, to achieve the energy target set by the composite 
curves, the designer must not transfer heat across the pinch by 
(Linnhoff, Mason and Wardle, 1979; Linnhoff et al, 1982): 

a) process-to-process heat transfer, 

b) inappropriate use of utilities. 



(a) Process-process heal transfer 
across the pinch. 




(c) Hot utility below the pinch 


Figure 17.8 

Three forms of cross-pinch heat transfer. 
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Figure 17.9 

A design that achieves the energy target. 


These rules are both necessary and sufficient to ensure that the 
target is achieved, providing that the initialization rule is adhered to 
that no individual heat exchanger should have a temperature 
difference smaller than A T min . 

Figure 17.9a shows a design corresponding to the flowsheet in 
Figure 17.2, which achieves the target of Q Hm m = 7.5 MW and 
Qcmin = 10 MW for A T min = 10 °C. Figure 17.9b shows an alter¬ 
native representation of the flowsheet in Figure 17.9a, known as the 
grid diagram (Linnhoff and Flower, 1978). The grid diagram 
shows only heat transfer operations. Hot streams are at the top 
running left to right. Cold streams are at the bottom running right to 
left. A heat exchange match is represented by a vertical line joining 
two circles on the two streams being matched. An exchanger using 
hot utility is represented by a circle with an “H". An exchanger 
using cold utility is represented by a circle with a “C”. The 
importance of the grid diagram is clear in Figure 17.9b, since 
the pinch, and how it divides the process into two parts, is easily 
accommodated. Dividing the process into two parts on a 


conventional diagram such as shown in Figure 17.9a is both 
difficult and extremely cumbersome. 

Details of how the design in Figure 17.9 was developed are 
explained in Chapter 18. For now, simply take note that the targets 
set by the composite curves are achievable in design, providing that 
the pinch is recognized and there is no transfer of heat across the 
pinch, either process-to-process or through inappropriate use of 
utilities. However, the insight of the pinch is needed to analyze 
some of the important decisions still to be made before the network 
design is addressed. 

17.3 Threshold Problems 

Not all problems have a pinch to divide the process into two parts 
(Linnhoff et ah, 1982). Consider the composite curves in 
Figure 17.10a. At this setting, both steam and cooling water are 
required. As the composite curves are moved closer together, both 
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Figure 17.10 

As Ar„ ; „ is varied, some problems require only cold utility below a threshold value. 


the steam and cooling water requirements decrease until the setting 
shown in Figure 17.10b is reached. At this setting, the composite 
curves are in alignment at the hot end, indicating that there is no 
longer a demand for hot utility. Moving the curves closer together 
as shown in Figure 17.10c, decreases the cold utility demand at the 
cold end but opens up a demand for cold utility at the hot end 
corresponding with the decrease at the cold end. In other words, as 
the curves are moved closer together, beyond the setting in 
Figure 17.10b, the utility demand is constant and set by the energy 
balance between the hot and cold streams. The setting shown in 


Figure 17.10b marks a threshold, and problems that exhibit this 
feature are known as threshold problems (Linnhoff et al ., 1982). In 
some threshold problems, the hot utility requirement disappears as 
in Figure 17.10. In others, the cold utility disappears as shown in 
Figure 17.11. 

Considering the capital-energy trade-off for threshold prob¬ 
lems, there are two possible outcomes, as shown in Figure 17.12. 
Below the threshold A T mim utility costs are constant, since utility 
demand is constant. Figure 17.12a shows a situation where the 
optimum occurs at the threshold A7 , m/ „. Figure 17.12b shows a 



Figure 17.11 

In some threshold problems only hot utility is required below the threshold value of A T mit 
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(a) The capital - energy trade-off can lead to an optimum at threshold A T mi , 



(b) The capital - energy trade-oil'can lead to an optimum above &T njf){;snoLn . 


Figure 17.12 

The optimum setting of the capital-energy trade-off for threshold 
problems. 


situation where the optimum occurs above the threshold A T min . 
The flat profile of utility costs below the threshold A T min means 
that the optimum can never occur below the threshold value. It can 
only be at or above the threshold value. 

In a situation, as shown in Figure 17.12a, with the optimum A T ml „ 
at the threshold, there is no pinch. On the other hand, in a situation as 
shown in Figure 17.12b with the optimum above the threshold value, 
there is a demand for both utilities and there is a pinch. 

It is interesting to note that threshold problems are quite 
common in practice and although they do not have a process 
pinch, pinches are introduced into the design when multiple 
utilities are added. Figure 17.13a shows composite curves similar 
to the composite curves from Figure 17.10 but with two levels of 
cold utility used instead of one. In this case, the second cold utility 
is steam generation. The introduction of this second utility causes a 
pinch. This is known as a utility pinch since it is caused by the 
introduction of an additional utility (Linnhoff et ah, 1982). 

Figure 17.13b shows composite curves similar to those from 
Figure 17.11, but with two levels of steam used. Again, the 
introduction of a second steam level causes a utility pinch. 




Figure 17.13 

Threshold problems are turned into pinched problems when additional 
utilities are added. 


In design, the same rules must be obeyed around a utility pinch 
as a process pinch. Heat should not be transferred across it by 
process-to-process transfer and there should be no inappropriate 
use of utilities. In Figure 17.13a, this means that the only utility to 
be used above the utility pinch is steam generation and only cooling 
water below. In Figure 17.13b, this means that the only utility to be 
used above the utility pinch is high-pressure steam and only low- 
pressure steam below. 


17.4 The Problem Table 
Algorithm 

Although composite curves can be used to set energy targets, they 
are inconvenient since they are based on a graphical construction. 
A method of calculating energy targets directly without the 
necessity of graphical construction can be developed (Hohman, 
1971; Linnhoff and Flower, 1978; Bandyopadhyay and Saliu, 
2010). The process is first divided into temperature intervals in 
the same way as was done for construction of the composite curves. 
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Figure 17.14a shows composite curves divided into temperature 
intervals with one temperature interval highlighted. It is not 
possible to recover all of the heat in each temperature interval 
since temperature differences are not feasible throughout the 
interval. Figure 17.14b shows that some heat recovery is possible. 
The amount that can be recovered is difficult to quantify and 
depends on both AT mi „ and the relative slopes of the two curves in 
the temperature interval. A simple transformation allows the heat 
recovery within temperature intervals to be readily quantified. 
Instead of working in the actual temperature scale, the temperatures 
are shifted. Purely for the purposes of construction, the hot 



(a) Temperature differences are not feasible within a 
temperature interval. 



(b) Some heat can be recovered, but is difficult to quantity. 



(c) Heat transfer within shifted temperature intervals is feasible. 


Figure 17.14 

Shifting the composite curves in temperature allows complete heat 
recovery within temperature intervals. 


composite is shifted to be AT mi ,J2 colder than it is in practice 
and that the cold composite is shifted to be AT min /2 hotter than it is 
in practice, as shown in Figure 17.14c. The shifted composite 
curves now touch at the pinch. Carrying out a heat balance between 
the shifted composite curves within a shifted temperature interval, 
as shown in Figure 17.14c, shows that heat transfer is feasible 
throughout each shifted temperature interval, since hot streams are 
in practice actually AT min /2 hotter and cold streams AT min /2 colder. 
Thus, within each shifted interval, the hot streams are in reality 
hotter than the cold streams by A T min and heat transfer is feasible 
throughout the shifted temperature interval. 

It is important to note that shifting the curves vertically does not 
alter the horizontal overlap between the curves. It therefore does 
not alter the amount by which the cold composite curve extends 
beyond the start of the hot composite curve at the hot end of the 
problem. Also, it does not alter the amount by which the hot 
composite curve extends beyond the start of the cold composite 
curve at the cold end. The shift simply removes the problem of 
ensuring temperature feasibility within temperature intervals. 

This shifting technique can be used to develop a strategy to 
calculate the energy targets without having to construct composite 
curves (Hohman, 1971; Linnhoff and Flower, 1978; Bandy opad- 
hyay and Sahu, 2010): 

1) Set up shifted temperature intervals from the stream supply and 
target temperatures by subtracting A T min l2 from the hot streams 
and adding A T min /2 to the cold streams (as in Figure 17.14c). 

2) In each shifted temperature interval, calculate a simple energy 
balance from: 


AHj = 


E Cp c- E CP " 

Cold Streams Hot Streams 


ATj 


(17.1) 


where A77, is the heat balance for shifted temperature interval 
i and A 7) is the temperature difference across it. If the cold 
streams dominate the hot streams in a temperature interval, then 
the interval has a net deficit of heat, and AH is positive. If hot 
streams dominate cold streams, the interval has a net surplus of 
heat, and AH is negative. This is consistent with standard 
thermodynamic convention; for example, for an exothermic 
reaction, AH is negative. If no hot utility is used, this is 
equivalent to constructing the shifted composite curves shown 
in Figure 17.15a. 

3) The overlap in the shifted curves as shown in Figure 17.15a 
means that heat transfer is infeasible. At some point, this 
overlap is a maximum. This maximum overlap is added as 
hot utility to correct the overlap. The shifted curves now touch 
at the pinch, as shown in Figure 17.15b. Since the shifted curves 
just touch, the actual curves are separated by AT min at this point 
(Figure 17.15b). 

This basic approach can be developed into a formal algorithm 
known as the problem table algorithm (Linnhoff and Flower, 
1978). The algorithm will be explained using the data from 
Figure 17.2 given in Table 17.2 for AT min = 10°C. 

First determine the shifted temperature intervals (7*) from 
actual supply and target temperatures. Hot streams are shifted 


17 
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Figure 17.15 

The utility target can be determined from the maximum overlap between 
the shifted composite curves. 


down in temperature by A T mi J2 and cold streams up by A T min /2, as 
detailed in Table 17.3. 

The stream population is shown in Figure 17.16 with a vertical 
temperature scale. The interval temperatures shown in 
Figure 17.16 are set to A T mi J2 below hot stream temperatures 
and A T min l2 above cold stream temperatures. 

Next, a heat balance is carried out within each shifted tempera¬ 
ture interval according to Equation 17.1. Summing the interval heat 
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Figure 17.16 

The stream population for the data from Figure 17.2. 


balances in Figure 17.17 provides a cross check on the calculation, 
as the summation must agree with the overall enthalpy balance 
across the four streams in Table 17.2, —2.5 MW in this case 
(Bandyopadhyay and Sahu, 2010). In Figure 17.17, some of the 
shifted intervals are seen to have a surplus of heat and some have a 
deficit. The heat balance within each shifted interval allows 
maximum heat recovery within each interval. However, recovery 
must also be allowed between intervals. 

Now, cascade any surplus heat down the temperature scale 
from interval to interval. This is possible because any excess heat 
available from the hot streams in an interval is hot enough to supply 
a deficit in the cold streams in the next interval down. Figure 17.18 
shows the cascade for the problem. First, assume no heat is 
supplied to the first interval from hot utility (Figure 17.18a). 
The first interval has a surplus of 1.5 MW, which is cascaded to 
the next interval. This second interval has a deficit of 6 MW, which 
leaves the heat cascaded from this interval to be —4.5 MW. In the 
third interval, the process has a surplus of 1 MW, which leaves 
-3.5 MW, to be cascaded to the next interval, and so on. 


Table 17.3 

Shifted temperatures for the data from Table 17.2. 


Stream 

Type 

Ts 

T t 

Ts * 

/ / ■ 

1 

Cold 

20 

180 

25 

185 

2 

Hot 

250 

40 

245 

35 

3 

Cold 

140 

230 

145 

235 

4 

Hot 

200 

80 

195 

75 
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Figure 17.17 

The temperature interval heat balances. 


HOT UTILITY HOT UTILITY 



COLD UTILITY COLD UTILITY 


(a) Cascade surplus heat from high to low temperature. (b) Add heat from hot utility to make all heat 

flows zero or positive. 

Figure 17.18 

The problem table cascade. 
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Some of the heat flows in Figure 17.18a are negative, which is 
infeasible. Heat cannot be transferred up the temperature scale. To 
make the cascade feasible, sufficient heat must be added from hot 
utility to make the heat flows to be at least zero. The smallest 
amount of heat needed from hot utility is the largest negative heat 
flow from Figure 17.18a, that is 7.5 MW. In Figure 17.18b, 
7.5 MW is added from hot utility to the first interval. This does 
not change the heat balance within each interval, but increases all of 
the heat flows between intervals by 7.5 MW, giving one heat flow 
of just zero at an interval temperature of 145 °C. 

More than 7.5 MW could be added from hot utility to the first 
interval, but the objective is to find the minimum hot and 
cold utility, hence only the minimum is added. Thus from 
Figure 17.18b, 2//,,,/,, = 7.5 MW and Qcmin = 10 MW. This corre¬ 
sponds with the values obtained from the composite curves in 
Figure 17.5. One further important piece of information can be 
deduced from the cascade in Figure 17.18b. The point where the 


heat flow goes to zero at 7* = 145 °C corresponds to the pinch. 
It was noted in Section 17.2 that the pinch must correspond with 
either the start of a hot stream, or the start of the cold stream. 
This provides another cross check for the calculation. From 
Figure 17.17, for the interval pinch temperature to be feasible, 
it must be one of 254 °C, or 195 °C, or 145 °C, or 25 °C. Thus, for 
this example the actual hot and cold stream pinch temperatures are 
150 °C and 140 °C respectively. Again, this agrees with the result 
from the composite curves in Figure 17.5a. 

The initial setting for the heat cascade in Figure 17.18a corre¬ 
sponds to the setting for the shifted composite curves in 
Figure 17.15a where there is an overlap. The setting of the heat 
cascade for zero or positive heat flows in Figure 17.18b corre¬ 
sponds to the shifted composite curve setting in Figure 17.15b. 

The composite curves are useful in providing conceptual under¬ 
standing of the process but the problem table algorithm is a more 
convenient calculation tool. 


Example 17.1 The flowsheet for a low-temperature distillation 
process is shown in Figure 17.19. Calculate the minimum hot and 
cold utility requirements and the location of the pinch assuming 


Solution First extract the stream data from the flowsheet. This is 
given in Table 17.4 below. 

Next, calculate the shifted interval temperatures. Hot stream 
temperatures are shifted down by 2.5 °C and cold stream tempera¬ 
tures shifted up by 2.5 °C, as shown in Table 17.5. 


Figure 17.19 

A low-temperature distillation process. 



Table 17.4 

Stream data for a low-temperature distillation process. 


Stream 

Type 

Supply temperature 
T s (°C) 

Target temperature 
T t CC) 

A H (MW) 

CP (MW K -1 ) 

1. Feed to column 1 

Hot 

20 

0 

-0.8 

0.04 

2. Column 1 condenser 

Hot 

-19 

-20 

-1.2 

1.2 

3. Column 2 condenser 

Hot 

-39 

-40 

-0.8 

0.8 

4. Column 1 reboiler 

Cold 

19 

20 

1.2 

1.2 

5. Column 2 reboiler 

Cold 

-1 

0 

0.8 

0.8 

6. Column 2 bottoms 

Cold 

0 

20 

0.2 

0.01 

7. Column 2 overheads 

Cold 

-40 

20 

0.6 

0.01 
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Table 17.5 

Shifted temperatures for the data in Table 17.4. 


Stream 

Type 

T s 

T t 

n 

T* 

1 

Hot 

20 

0 

17.5 

-2.5 

2 

Hot 

-19 

-20 

-21.5 

-22.5 

3 

Hot 

-39 

-40 

-41.5 

-42.5 

4 

Cold 

19 

20 

21.5 

22.5 

5 

Cold 

-1 

0 

1.5 

2.5 

6 

Cold 

0 

20 

2.5 

22.5 

7 

Cold 

-40 

20 

-37.5 

22.5 


Now carry out a heat balance within each shifted temperature 
interval, as shown in Figure 17.20. The sum of the interval heat 
balances is 0.0 MW, which agrees with the sum of the energy 
balance for the seven streams in Table 17.4. Finally, the heat cascade 
is shown in Figure 17.21. Figure 17.21a shows the cascade with zero 
hot utility. This leads to negative heat flows, the largest of which is 


-1.84MW. Adding 1.84MW from hot utility as shown in 
Figure 17.21b gives Q Hmin = 1.84MW, Q Cmin = 1.84MW. The 
interval pinch temperature is —21.5 °C, corresponding with the start 
of Stream 2 in Figure 17.20. The hot stream pinch temperature is 
— 19 °C and cold stream pinch temperature is — 24 °C. 
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Figure 17.20 

Temperature interval heat balances for Example 17.1. 
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Figure 17.21 

The problem table cascade for Example 17.1. 


(a) MOT UTILITY 
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-37.5“C 
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OMW 
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-0.8MW 
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(b) HOT UTILITY 



COLD UTILITY 


COLD UTILITY 


17.5 Non-global Minimum 
Temperature Differences 

So far, it has been assumed that the minimum temperature differ¬ 
ence for a heat exchanger network applies globally between all 
streams in the network. However, there are occasions when non- 
global minimum temperature differences might be required. For 
example, suppose a heat exchanger network is servicing some 
streams that are liquid and some that are gaseous. For the liquid- 
liquid heat transfer matches, a value of perhaps A7 , mi „ = 10°C is 
appropriate. However, for the gas-gas matches, a larger tempera¬ 
ture minimum temperature difference is required, say AT mi „ = 
20 °C. How can this be accommodated in the targeting? 

When carrying out the problem table algorithm, the temper¬ 
atures were shifted according to A T min l2 being added to the cold 


streams and subtracted from the hot streams. This value of 
A7’, m „/2 can be considered to be a contribution to the overall 
A7’„„„ between the hot and the cold streams. Rather than making 
the A7’ m ,„ contribution equal for all streams, it could be made 
stream-specific: 

Ta j Tn j • A T lu i n con j i 

T* C j = Tcj + A T mincont j 

where T%„ T H i are the shifted and actual temperatures for Hot 
Stream i, T* C j, T C j are the shifted and actual temperatures for Cold 
Stream j, and A7’ m( -„ co „, i ,- and A T mincont j are the contributions to 
A T min for Hot Stream i and Cold Stream j. Thus, for the above 
example, if the A T min contribution for liquid streams is taken to be 
5 °C and for gas streams 10 °C, then a liquid-liquid match would 
lead to A T min = 10 °C, a gas-gas match would lead to A T min = 20 
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°C and a liquid-gas match would lead to A T min = 15 °C (Linnh- 
off etal., 1982). To include this in the problem table algorithm is 
straightforward. All that needs to be done is that the appropriate 
A T min contribution is to be allocated to each stream and then that 
A T min contribution is subtracted in the case of hot streams and 
added in the case of cold streams (rather than just subtracting or 
adding \T mi J2). This would lead to different interval tempera¬ 
tures compared with a global minimum temperature difference. 
The remainder of the problem table algorithm would be the 
same. Once the interval temperatures based on A T min contribu¬ 
tions have been established, the interval heat balances can be 
performed and the cascade set up in the same way as for a global 
A T ■ 

L - XJ min- 

From the point of view of the composite curves, the location 
of the pinch and the A T min at the pinch would depend on which 
kind of streams were located in the region of the point of closest 
approach between the composite curves. If only liquid streams 
were present around the point of closest approach of the 
composite curves, then in the above example, Ar mi „=10°C 
will apply. If there were only gas streams in the region around 
the point of closest approach, then in the above example, 
A7 , mi „ = 20°C would apply. If there was a mixture of liquid 
and gas streams at the point of closest approach, then A T min 
= 15 °C would apply. 

17.6 Process Constraints 

So far it has been assumed that any hot stream could, in principle, 
be matched with any cold stream providing there is a feasible 


temperature difference between them. Often, practical constraints 
prevent this. For example, it might be the case that if two streams 
are matched in a heat exchanger and a leak develops, such that the 
two streams come into contact, this might produce an unacceptably 
hazardous situation. If this were the case, then no doubt a constraint 
would be imposed to prevent the two streams being matched. 
Another reason for a constraint might be that two streams are 
expected to be geographically very distant from each other, leading 
to unacceptably long pipe runs. Potential control and start-up 
problems might also call for constraints. There are many reasons 
why constraints might be imposed. 

One common reason for imposing constraints results from 
areas of integrity (Ahmad and Hui, 1991). A process is often 
normally designed to have logically identifiable sections or areas. 
An example might be the “reaction area” and “separation area” of 
the process. These areas might need to be kept separate for reasons 
such as start-up, shutdown, operational flexibility, safety, and so 
on. The areas are often made operationally independent by use of 
intermediate storage between the areas. Such independent areas are 
generally described as areas of integrity and impose constraints on 
the ability to transfer heat. Clearly, to maintain operational inde¬ 
pendence, two areas cannot be dependent on each other for heating 
and cooling by recovery. 

The question now is, given that there are often constraints to 
deal with, how to evaluate the effect of these constraints on the 
system performance? The problem table algorithm cannot be used 
directly if constraints are imposed. However, the effect of con¬ 
straints on the energy performance can often be evaluated using the 
problem table algorithm, together with a little common sense. The 
following example illustrates how (Ahmad and Hui, 1991). 


Example 17.2 A process is to be divided into two operationally 
independent areas of integrity. Area A and Area B. The stream data 
for the two areas are given in Table 17.6 (Ahmad and Hui, 1991). 

Calculate the penalty in utility consumption to maintain the two 
areas of integrity for AT min = 20 °C. 

Solution To identify the penalty, first calculate the utility 
consumption of the two areas separate from each other, as shown 
in Figure 17.22a. Next, combine all of the streams from both 
areas and again calculate the utility consumption (Figure 17.22b). 
Figure 17.23a shows the problem table cascade for Area A, the 


cascade for Area B is shown in Figure 17.23b, and that for Areas 
A and B combined is shown in Figure 17.23c. 

With Areas A and B separate, the total hot utility consump¬ 
tion is (1400 + 0) = 1400 kW and the total cold utility con¬ 
sumption is (0+1350)= 1350 kW. With Areas A and B 
combined, the total utility consumption is 950 kW of hot utility 
and 900 kW of cold utility. 

The penalty for maintaining the areas of integrity is thus 
(1400-950) = 450 kW of hot utility and (1350 - 900) = 450 
kW of cold utility. 


Table 17.6 

Stream data for heat recovery between two areas of integrity. 


Area A 

Area B 

Stream 

T s (°C) 

TV (°Q 

CP (kW K -1 ) 

Stream 

Ts (°C) 

TV CO 

CP( kWK’j 

1 

190 

no 

2.5 

3 

140 

50 

20.0 

2 

90 

170 

20.0 

4 

30 

120 

5.0 
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Figure 17.22 

The areas of integrity can be targeted separately and then the combination targeted. 


HOT UTILITY 



COLD UTILITY 

(a) Area A. (b) Area B. (c) Area A+B. 


Figure 17.23 

Problem table cascade for the separate and combined areas of integrity. 
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Having quantified the penalty as a result of imposing con¬ 
straints, the designer can exercise judgment as to whether it is 
acceptable or too expensive. If it is too expensive, there is a choice 
between two options: 

a) Reject the constraints and operate the process as a single 
system. 

b) Find a way to overcome the constraint. This is often possible by 
using a heat transfer fluid. The simplest option is via the 
existing utility system. For example, rather than have a direct 
match between two streams, it might be possible for the heat 
source to generate steam to be fed into the steam mains and the 
heat sink to use steam from the same mains. The utility system 
then acts as a buffer between the heat sources and sinks. 
Another possibility might be to use a heat transfer fluid 
such as hot oil or hot water, which circulates between the 
two streams being matched. To maintain operational indepen¬ 
dence, a standby heater and cooler supplied by utilities can be 
provided in the hot oil circuit or hot water circuit, so that if 
either the heat source or sink is not operational, utilities could 
substitute heat recovery for short periods. 

Many constraints can be evaluated by scoping the problem 
with different boundaries. In Example 17.2, the sets of streams 
that were constrained to be separate were collected to be within 
each boundary for targeting. Comparing the targets for the 
streams within each boundary with that for all the streams 
put together allows the penalty of the constraint to be evaluated. 
The approach is more widely applicable than just areas of 
integrity. Whenever a stream, or set of streams, is to be main¬ 
tained separate from any other set of streams, the same approach 
can be used. However, this approach of scoping out the problem 
with different boundaries has limitations in the evaluation of 
constraints. More complex constraints require linear program¬ 
ming to obtain the energy target (Cerda et al., 1983; Papoulias 
and Grossman, 1983). 

17.7 Utility Selection 

After maximizing heat recovery in the heat exchanger network, 
those heating and cooling duties not serviced by heat recovery 
must be provided by external utilities. The most common hot 
utility is steam. It is usually available at several levels. High- 
temperature heating duties require furnace flue gas or a hot oil 
circuit. Cold utilities might be refrigeration, cooling water, air 
cooling, furnace air preheating, boiler feedwater preheating or 
even steam generation if heat needs to be rejected at high 
temperatures. 

Although the composite curves can be used to set energy 
targets, they are not a suitable tool for the selection of utilities. 
The grand composite curve, to be developed next, is a more 
appropriate tool for understanding the interface between the 
process and the utility system (Itoh, Shiroko and Umeda, 1982; 
Linnhoff et al., 1982; Townsend and Linnhoff, 1983). It will 
also be shown in Chapters 20 to 22 to be a useful tool to study 


the interaction between heat-integrated reactors and separators 
and the rest of the process. 

The grand composite curve is obtained by plotting the problem 
table cascade. A typical grand composite curve is shown in 
Figure 17.24. It shows the heat flow through the process against 
temperature. It should be noted that the temperature plotted here is 
shifted temperature (7*) and not actual temperature. Hot streams 
are represented AT mi „/2 colder and cold streams AT min /2 hotter 
than they are in practice. Thus, an allowance for A T min is built into 
the construction. 

The point of zero heat flow in the grand composite curve in 
Figure 17.24 is the heat recovery pinch. The open “jaws” at the 
top and bottom are Q Hm m and Qcmin respectively. Thus, the heat 
sink above the pinch and heat source below the pinch can be 
identified as shown in Figure 17.24. The shaded areas in 
Figure 17.24, known as pockets, represent areas of additional 
process-to-process heat transfer. Remember that the profile of 
the grand composite curve represents residual heating and 
cooling demands after recovering heat within the shifted tem¬ 
perature intervals in the problem table algorithm. In the pockets 
in Figure 17.24, a local surplus of heat in the process is used at 
temperature differences in excess of A T min to satisfy a local 
deficit. This reflects the cascading of excess heat from high- 
temperature intervals to lower temperature intervals in the 
problem table algorithm. 

Figure 17.25a shows the same grand composite curve with 
two levels of steam used as hot utility. Figure 17.25b shows 
again the same grand composite curve but with hot oil used as 
hot utility. 


Qllmin 



Figure 17.24 

The grand composite curve shows the utility requirements both in 
enthalpy and temperature terms. 
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Example 17.3 The problem table cascade for the process in 
Figure 17.2 is given in Figure 17.18. Using the grand composite 
curve: 

a) For two levels of steam at saturation conditions and 
temperatures of 240 °C and 180°C, determine the loads on 
the two steam levels that maximizes the use of the lower 
pressure steam. 

b) Instead of using steam, a hot oil circuit is to be used with a 
supply temperature of 280°C and C P = 2.\ kJ-kg _1 -K _1 . 
Calculate the minimum flowrate of hot oil. 


Solution 


b) Figure 17.26b shows the grand composite curve with hot oil 
providing the hot utility requirements. If the minimum flowrate 
is required, then this corresponds to the steepest slope and 
minimum return temperature. For this problem, the minimum 
return temperature for the hot oil is the pinch temperature 
(T* = 145 °C, T= 150 °C for hot streams). Check that the hot 
oil line can fit in the grand composite curve at 7* = 195 °C: 


Load on hot oil from T* = 195 °C to T* = 145 °C 


_ 195 - 145 
~ 275 - 145 

= 2.9 MW 


X 7.5 


a) For \T min = 10 °C, the two steam levels are plotted on the grand 
composite curve at temperatures of 235 °C and 175 °C. 
Figure 17.26a shows the loads that maximize the use of the 
lower pressure steam. Calculate the load on the low-pressure 
steam by interpolation of the cascade heat flows. At 
r= 175 °C: 


Load of 180 °C steam = 


175 - 145 
185 - 145 


x 4 


= 3 MW 

Load of 240 °C steam = 7.5-3 
= 4.5 MW 


Thus, the hot oil line fits in the grand composite curve: 


i 1 

Minimum flowrate = 7.5x10 X- -X 


1 


27.5 kg-s“ 


2.1 (280 - 150) 


In other problems, the shape of the grand composite curve away 
from the pinch could have limited the flowrate. 
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T*C C) 



Figure 17.26 

Alternative utility mixes for the process in Figure 17.2. 


r*rc> 



17.8 Furnaces 

When a hot utility needs to be at a high temperature and/or provide 
high heat fluxes, radiant heat transfer is used from combustion of 
fuel in a furnace. Furnace designs vary according to the function of 
the furnace, heating duty, type of fuel and the method of introduc¬ 
ing combustion air (see Chapter 12). Sometimes the function is to 
purely provide heat, while sometimes the furnace is also a reactor 
and provides heat for an endothermic reaction. However, process 
furnaces have a number of features in common. In the chamber in 
which combustion takes place, heat is transferred mainly by 
radiation to tubes around the walls of the chamber, through which 
passes the fluid to be heated. After the flue gas leaves the 
combustion chamber, most furnace designs extract further heat 
from the flue gas in a convection section before the flue gas is 
vented to atmosphere (see Chapter 12). 

Figure 17.27 shows a grand composite curve with a flue gas 
matched against it to provide hot utility (Linnhoff and de Leur, 1988). 
The flue gas starts atits theoretical flame temperature (see Chapter 12) 
shifted for A T min on the grand composite curve and presents a sloping 
profile because it is giving up sensible heat. The theoretical flame 
temperature is the temperature attained when a fuel is burnt in air or 
oxygen without loss or gain of heat, as explained in Chapter 12. 



Figure 17.27 

Simple furnace model. 
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In Figure 17.27, the flue gas is cooled to the pinch temperature 
before being released to atmosphere. The heat released from the flue 
gas between the pinch temperature and ambient is the stack loss. Thus 
in Figure 17.27, for a given grand composite curve and theoretical 
flame temperature, the heat from fuel and stack loss can be determined. 

All combustion processes work with an excess of air or oxygen 
to ensure complete combustion of the fuel. Excess air typically 
ranges between 5 and 20% depending on the fuel, burner design 
and furnace design. As excess air is reduced, the theoretical flame 
temperature increases as shown in Figure 17.28. This has the effect 
of reducing the stack loss and increasing the thermal efficiency of 
the furnace for a given process heating duty. Alternatively, if 
the combustion air is preheated (typically by heat recovery), then 
again the theoretical flame temperature increases as shown in 
Figure 17.28, reducing the stack loss. 

Although, the higher flame temperatures in Figure 17.28 reduce 
the fuel consumption for a given process heating duty, there is one 
significant disadvantage. Higher flame temperatures increase the 
formation of oxides of nitrogen, which are environmentally harm¬ 
ful. This point will be returned to in Chapter 25. 

In Figures 17.27 and 17.28, the flue gas is capable of being 
cooled to the pinch temperature before being released to atmo¬ 
sphere. This is not always the case. Figure 17.29a shows a situation 
in which the flue gas is released to atmosphere above the pinch 
temperature for practical reasons. There is a practical minimum, the 



Figure 17.28 

Increasing the theoretical flame temperature by reducing excess air or 
preheating combustion air reduces the stack loss. 



Figure 17.29 

Furnace stack temperature can be limited by other factors than pinch temperature. 
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acid dew point, to which a flue gas can be cooled without 
condensation causing corrosion in the stack (see Chapter 12). 
The minimum stack temperature in Figure 17.29a is fixed by the 


acid dew point. Another case is shown in Figure 17.29b where the 
process away from the pinch limits the slope of the flue gas line and 
hence the stack loss. 


Example 17.4 The process in Figure 17.2 is to have its hot 
utility supplied by a furnace. The theoretical flame temperature 
for combustion is 1800°C and the acid dew point for the flue 
gas is 160 °C. The ambient temperature is 10 °C. Assume 
AT min = 10 °C for process-to-process heat transfer but AT min 
= 30°C for flue gas-to-process heat transfer. A high value for 
A T min for flue gas-to-process heat transfer has been chosen 
because of poor heat transfer coefficients in the convection 
bank of the furnace. Calculate the fuel required, stack loss and 
furnace efficiency. 


can be cooled to the pinch temperature corresponding with a shifted 
temperature of 145 °C before venting to atmosphere. The actual 
stack temperature is thus (145 + 25) = 170 °C. This is just above the 
acid dew point of 160 °C. Now calculate the fuel consumption: 


Q 


Hmin 


CP FLUE GAS — 


7.5 MW 
7.5 

1775 - 145 


= 0.0046 MW ■ K“‘ 



Figure 17.30 

Flue gas matched against the grand composite curve of the process in Figure 17.2. 


Solution The first problem is that a different value of A T min is 
required for different matches. The problem table algorithm is easily 
adapted to accommodate this. This is achieved by assigning AT min 
contributions to streams. If the process streams are assigned a 
contribution of 5 °C and the flue gas a contribution of 25 °C, then 
a process-to-process match has a A T min of (5 + 5)= 10°C and a 
process-to-flue gas match has a A T min of (5 + 25) = 30 °C. When 
setting up the interval temperatures in the problem table algorithm, 
the interval boundaries are now set at hot stream temperatures minus 
their A T min contribution, rather than half the global A T min . Simi¬ 
larly, boundaries are now set on the basis of cold stream tempera¬ 
tures plus their A T min contribution. 

Figure 17.30 shows the grand composite curve plotted from the 
problem table cascade in Figure 17.18b. The starting point for the 
flue gas is an actual temperature of 1800 °C, which corresponds to a 
shifted temperature of (1800 — 25) = 1775 °C on the grand compos¬ 
ite curve. The flue gas profile is not restricted above the pinch and 


The fuel consumption is now calculated by taking the flue 
gas from the theoretical flame temperature to ambient temper¬ 
ature: 


Fuel required = 0.0046(1800- 10) 
= 8.23 MW 

Stack loss = 0.0046(170- 10) 
= 0.74 MW 


Furnace efficiency = 


Qh r 


Fuel required 

_ 7 ' 5 
_ 8213 

= 91 % 


-X 100 


-X 100 
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17.9 Cogeneration 
(Combined Heat and Power 
Generation) 

More complex utility options are encountered when combined heat 
and power generation (or cogeneration) is exploited. Here the heat 
rejected by a heat engine such as a steam turbine, gas turbine or 
diesel engine is used as hot utility. 

Fundamentally, there are two possible ways to integrate a heat 
engine exhaust (Townsend and Linnhoff, 1983). In Figure 17.31, 
the process is represented as a heat sink and heat source separated 
by the pinch. Integration of the heat engine across the pinch as 
shown in Figure 17.31a is counterproductive. The process still 
requires Q Hm m and the heat engine performs no better than operated 
stand-alone. There is no saving by integrating a heat engine across 
the pinch (Townsend and Linnhoff, 1983). 

Figure 17.31b shows the heat engine integrated above the 
pinch. In rejecting heat above the pinch, it is rejecting heat into 
the part of the process, which is overall a heat sink. In so doing, it is 
exploiting the temperature difference that exists between the utility 
source and the process sink, producing power at high efficiency. 
The net effect in Figure 17.3 lb is the import of extra energy W from 
heat sources to produce W power. Owing to the process and heat 
engine acting as one system, apparently conversion of heat to 
power at 100% efficiency is achieved (Townsend and Linnhoff, 
1983). 

Now consider the two most commonly used heat engines (steam 
and gas turbines) in more detail to see whether they achieve this in 


practice. To make a quantitative assessment of any combined heat 
and power scheme, the grand composite curve should be used and 
the heat engine exhaust treated like any other utility. 

Figure 17.32 shows a steam turbine integrated with the 
process above the pinch. A steam turbine is conceptually like 
a centrifugal compressor, but working in reverse. Steam is 
expanded from high to low pressure in the machine, producing 
power. In Figure 17.32 heat Q HP is taken into the process from 
high-pressure steam. The balance of the hot utility demand Q LP 
is taken from the steam turbine exhaust. In Figure 17.32a, heat 
Qfuel is taken into the boiler from fuel. An overall energy 
balance gives: 

Qfuel = Qhp + Qlp + W + Qloss (17.2) 

The process requires ( Q HP + Q LP ) to satisfy its enthalpy imbalance 
above the pinch. If there were no losses from the boiler, then fuel W 
would be converted to power W at 100% efficiency. However, 
the boiler losses Qloss reduce this to below 100% conversion. In 
practice, in addition to the boiler losses, there can also be signifi¬ 
cant losses from the steam distribution system. Figure 17.32b 
shows how the grand composite curve can be used to size steam 
turbine cycles (Townsend and Linnhoff, 1983). Steam turbines 
will be dealt with in more detail in Chapter 23. 

Figure 17.33a shows a schematic of a simple gas turbine. The 
machine is essentially a rotary compressor mounted on the same 
shaft as a turbine. Air enters the compressor where it is compressed 
before entering a combustion chamber. Here the combustion of 
fuel increases its temperature. The mixture of air and combustion 



Figure 17.31 

Heat engine exhaust can be integrated either across or not across the pinch. 
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(a) 


(b) 




Figure 17.32 

Integration of a steam turbine with the process. 


gases is expanded in the turbine. The input of energy to the 
combustion chamber allows enough power to be developed in 
the turbine to both drive the compressor and provide useful power. 
The performance of the machine is specified in terms of the power 
output, airflow rate through the machine, efficiency of conversion 
of heat to power and the temperature of the exhaust. Gas turbines 
are normally used only for relatively large-scale applications, and 
will be dealt with in more detail in Chapter 23. 


<a) ft,.*, 



Figure 17.33 

A gas turbine exhaust matched against the process (same as a flue gas). 


Figure 17.33b shows a gas turbine matched against the grand 
composite curve (Townsend and Linnhoff, 1983). As with the 
steam turbine, if there was no stack loss to atmosphere (i.e. if Q LO ss 
was zero), then W heat would be turned into W power. The stack 
losses in Figure 17.33 reduce the efficiency of conversion of heat to 
power. The overall efficiency of conversion of heat to power 
depends on the turbine exhaust profile, the pinch temperature 
and the shape of the process grand composite curve. 
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Table 17.7 

Stream data for Example 17.5. 


Stream 

T s (°C) 

Tt CO 

Heat capacity flowrate 
(MW-K -1 ) 

No. 

Type 

1 

Hot 

450 

50 

0.25 

2 

Hot 

50 

40 

1.5 

3 

Cold 

30 

400 

0.22 

4 

Cold 

30 

400 

0.05 

5 

Cold 

120 

121 

22.0 


Example 17.5 The stream data for a heat recovery problem are 
given in Table 17.7. 

A problem table analysis for A T min = 20 °C results in the heat 
cascade given in Table 17.8. 

Table 17.8 

Problem table cascade for Example 17.5. 


r co 

Cascade heat flow (MW) 

440 

21.9 

410 

29.4 

131 

23.82 

130 

1.8 

40 

0 

30 

15 


The process also has a requirement for 7 MW of power. Two 

alternative cogeneration schemes are to be compared economically. 

a) A steam turbine with its exhaust saturated at 150 °C used for 
process heating is one of the options to be considered. 
Superheated steam is generated in the central boiler house at 
41 bar with a temperature of 300 °C. This superheated steam can 
be expanded in a single-stage turbine with an isentropic 
efficiency of 85%. Calculate the maximum generation of 
power possible by matching the exhaust steam against the 
process. 

b) A second possible scheme uses a gas turbine with a flowrate 
of air of 97kg-s _1 , which has an exhaust temperature of 
400 °C. Calculate the power generation if the turbine has 
an efficiency of 30% under these conditions of an ambient 
temperature of 10°C. 

c) The cost of heat from fuel for the gas turbine is $4.5 GW -1 . The 
cost of imported electricity is $19.2 GW^ 1 . Electricity can be 
exported with a value of $14.4 GW~ 1 . The cost of fuel for steam 
generation is $3.2 GW -1 . The overall efficiency of steam 
generation and distribution is 80%. Which scheme is most 
cost-effective, the steam turbine or the gas turbine? 


Solution 

a) This is shown in Figure 17.34a. The steam condensing interval 
temperature is 140 °C. 

Heat flow required from the turbine exhaust = 21.9 MW 

From steam tables, inlet conditions at I) = 300 °C and P t = 41 
bar are: 

Hi = 2959 kJ • kg” 1 

51 = 6.349 kJ • kg" 1 • K _1 

Turbine outlet conditions for isentropic expansion to 150°C 
from steam tables are: 

P 2 = 4.77 bar 

5 2 = 6.349 kJ-kg-'-K” 1 

The wetness fraction ( X) can be calculated front: 

S 2 =XS L + (l-X)S v 

where S L and S v are the saturated liquid and vapor entropies. 
Taking saturated liquid and vapor entropies from steam tables at 
150 °C and 4.77 bar: 

6.349 = 1.842X4- 6.838 (1 - X) 

X = 0.098 

The turbine outlet enthalpy for an isentropic expansion can now 
be calculated from: 

H 2 =XH l + (1-X)H v 

where H L and H v are the saturated liquid and vapor enthalpies. 
Taking saturated liquid and vapor enthalpies from steam tables 
at 150 °C and 4.77 bar: 

H 2 = 0.098 x 632 + (1 - 0.098) 2747 
= 2540kJ-kg” 1 

For a single-stage expansion with isentropic efficiency of 85%: 

H' 2 = Hi - , hs (Hi - H 2 ) 

= 2959 - 0.85(2959 - 2540) 

= 2603 kJ ■ kg” 1 

The actual wetness fraction (X r ) can be calculated from: 

H' 2 = X'H l + (\ -X')H v 
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(h> T*CC) 



Figure 17.34 

Alternative combined heat and power schemes for Example 17.5. 


where H L and H v are the saturated liquid and vapor enthalpies: The gas turbine option is shown in Figure 17.34b: 


H\ = 2603 = 632X' + 2747 (1 - X') 

X' = 0.068 

Assume in this case that the saturated steam and condensate are 
separated after the turbine and only the saturated steam is used 
for process heating: 


Steam flow to process 


Steam flow through turbine = 


Power generated W 


_ 21.9 x 10 3 
~ 2747 - 632 
= 10.35 kg- s’ 1 
10.35 

(1 - 0.068) 

= 11.11kg- s’ 1 
= 11.11 (2959 - 2603) x 10“ 3 
= 3.96 MW 


b) The exhaust from the gas turbine is primarily air with a small 
amount of combustion gases. Hence, the CP of the exhaust can 
be approximated to be that of the airflow. Assuming C P for 
air = 1.03 kJ-kg _1 -K _1 : 


CP EX = 97 x 1.03 
= lOOkW-KT 1 


Qex - CP ex (T E x ~ To) 
= 0.1 X (400- 10) 


= 39 MW 


Qfuel — 


Qex 

(1 — Vgt) 


39 

_ (1 - 0.3) 

= 55.71 MW 


W — Qfuel ~ Qex 
= 16.71 MW 


c) Steam turbine economics: 

3 2 x 10 -3 

Cost of fuel = (21.9 + 3.96) x ——- 

0.0 

= $0.10 s -1 

Cost of imported electricity = (7 - 3.96) X 19.2 x 10 -3 
= $0.06 s -1 

Net cost =$0.16s _1 


17 
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Gas turbine economics: 


Hence the gas turbine is the most profitable in terms of energy 
costs. However, this is only part of the story since the capital cost of a 

Cost of fuel 

= 55.71 x 4.5 xl0“ 3 

= $0.25 s- 1 

gas turbine installation is likely to be significantly higher than that of 
a steam turbine installation. 

Electricity credit 

= (16.71- 7) x 14.4 x 10“ 3 

= $0.14 s _1 


Net cost 

= $0.11 s- 1 



Example 17.6 The problem table cascade for a process is 

given in Table 17.9 for A T mjn = 10 °C. 

It is proposed to provide process cooling by steam generation 

from boiler feedwater with a temperature of 100 °C. 

a) Determine how much steam can be generated at a saturation 
temperature of 230 °C. 

b) Determine how much steam can be generated with a saturation 
temperature of 230 °C and superheated to the maximum 
temperature possible against the process. 

c) Calculate how much power can be generated from the 
superheated steam from Part b, assuming a single-stage 
condensing steam turbine is to be used with an isentropic 
efficiency of 85%. Cooling water is available at 20 °C and is 
to be returned to the cooling tower at 30 °C. 

Solution 

a) Heat available for steam generation at 235 °C interval temperature 
= 12.0 MW 


Table 17.9 

Problem table cascade. 


Interval temperature (°C) 

Heat flow (MW) 

495 

3.6 

455 

9.2 

415 

10.8 

305 

4.2 

285 

0 

215 

16.8 

195 

17.6 

185 

16.6 

125 

16.6 

95 

21.1 

85 

18.1 


From steam tables, the latent heat of water at a saturated 
temperature of 230°C is lS^kJ-kg” 1 . 

0 , . 12.0 xlO 3 

Steam production =- 

F 1812 

= 6.62 kg • s _1 

Taking the heat capacity of water to be 4.3kJ-kg -1 -KT 1 , heat 
duty on boiler feedwater preheating 

= 6.62 x 4.3 X 10 _3 (230 - 100) 

= 3.70 MW 

The profile of steam generation is shown against the grand 
composite curve in Figure 17.35a. The process can support 
both boiler feedwater preheat and steam generation. 

b) Maximum superheat temperature 

= 285 °C interval 
= 280 °C actual 

The profile is shown against the grand composite curve in 
Figure 17.35b. 

From steam tables, enthalpy of superheated steam at 280 °C 
and 28 bar 

= 2947 kJ-kg" 1 

and enthalpy of saturated water at 230 °C and 28 bar 

= 991 kJ • kg’ 1 

, 12.0 x 10 3 

Steam production =- 

F (2947 - 991) 

= 6.13 kg-s' 1 

c) In a condensing turbine, the exhaust from the turbine is 
condensed under vacuum against cooling water. The lower 
the condensing temperature, the greater the power generation. 
The lowest condensing temperature for this problem is cooling 
water temperature plus A T min , that is, 30+ 10 = 40°C. 

From steam tables, inlet conditions at I’i = 280°C and 
P\ = 28 bar are: 


H\ = 2947 kJ -kg -1 
Si = 6.488 kJ • kg" 1 • K _1 
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(a) 

r*( c> 




Figure 17.35 

Alternative cold utilities for Example 17.6. 

Turbine outlet conditions for isentropic expansion to 40 °C 
from steam tables are: 

P 2 = 0.074 bar 

For 52 = 6.488 kJkg _1 K _1 , the wetness fraction (X) and outlet 
enthalpy H 2 can be calculated as shown in Example 17.5: 

X = 0.23 

H 2 = 2020 kJ-kg’ 1 

For a single-stage expansion with isentropic efficiency of 85%: 

H' 2 = 2947 - 0.85 (2947 - 2020) 

“ = 2159 kJ ■ kg -1 

The power generation (W) is given by: 

W= 6.13 (2947- 2159) x 10" 3 
= 4.8 MW 

The wetness fraction for the real expansion is given by: 

H\ = 2159 = X' H l + (1 - X')H V 

= 167.5V +2574(1 - X') 

X' =0.17 

This wetness fraction is possibly too high, since high levels of 
wetness can cause damage to the turbine. To allow a lower 
wetness fraction of, say, 26 = 0.15, the outlet pressure of the 
turbine must be raised to 0.2 bar, corresponding to a condens¬ 
ing temperature of 60 °C. Flowever, in so doing, the power 
generation decreases to 4.2 MW. 


17.10 Integration of Heat 
Pumps 

A heat pump is a device that takes in low-temperature heat and 
upgrades it to a higher temperature to provide process heat. A 
schematic of a simple vapor compression heat pump is shown in 
Figure 17.36. In Figure 17.36, the heat pump absorbs heat at a low 
temperature in the evaporator, consumes power when the working 
fluid is compressed and rejects heat at a higher temperature in the 
condenser. The condensed working fluid is expanded and partially 
vaporizes. The cycle then repeats. The working fluid is usually a 
pure component, which means that the evaporation and condensa¬ 
tion take place isothermally. When considering the integration of a 
heat pump with the process, there are appropriate and inappropriate 
ways to integrate heat pumps. 

There are two fundamental ways in which a heat pump can be 
integrated with the process; across and not across the pinch 
(Townsend and Linnhoff, 1983). Integration not across (above) 
the pinch is illustrated in Figure 17.37a. This arrangement imports 
W power and saves W hot utility. In other words, the system 
converts power into heat, which is not normally worthwhile 
economically. Another integration not across (below) the pinch 
is shown in Figure 17.37b. The result is worse economically. 
Power is turned into waste heat (Townsend and Linnhoff, 1983). 

Integration across the pinch is illustrated in Figure 17.37c. This 
arrangement brings a genuine saving. It also makes overall sense 
since heat is pumped from the part of the process that is overall a 
heat source to the part that is overall a heat sink. 

Figure 17.38 shows a heat pump appropriately integrated 
against a process. Figure 17.38a shows the overall balance. 
Figure 17.38b illustrates how the grand composite curve can be 
used to size the heat pump. If the cold side of the heat pump is fixed 
in Figure 17.38b then power is needed to provide the temperature 
lift. The greater the temperature lift, the greater the power require¬ 
ment and the greater the heat to be rejected. In Figure 17.38b this 
follows the A-B profile. Figure 17.38b shows the minimum 
temperature at which the heat can be rejected above the pinch. 
How the heat pump performs determines its coefficient of per¬ 
formance. The coefficient of performance for a heat pump can 



Figure 17.36 

Schematic of a simple vapor compression heat pump. 
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Qcmin 


(a) Integration of a heat pump above the pinch. 



&■«. + w 

(b) Integration of a heat pump below the pinch. 


Qiimm ~ (Qur + H t 



(c) Integration of a heat pump across the pinch. 


Figure 17.37 

Integration of a heat pump with the process. 


generally be defined as the useful energy delivered to the process 
divided by the power expended to produce this useful energy: 

Qhp + W 

COP hp = (17.3) 

Vv 

where COP HP is the heat pump coefficient of performance, Q HP the 
heat absorbed at low temperature and W the power consumed. 


For any given type of heat pump, a higher COP HP leads to better 
economics. Having a better COP HP and hence better economics 
means working across a small temperature lift with the heat pump. 
The smaller the temperature lift, the better the COP H p- For most 
applications, a temperature lift greater than 25 °C is rarely eco¬ 
nomic. Attractive heat pump application normally requires a lift 
much less than 25 °C. 

Using the grand composite curve, the loads and temperatures of 
the cooling and heating duties and hence the COP H p of integrated 
heat pumps can be readily assessed. 

Thus, the appropriate placement of heat pumps is that they 
should be placed across the pinch (Townsend and Linnhoff, 1983). 
Note that the principle needs careful interpretation if there are 
utility pinches. In such circumstances, heat pump placement above 
the process pinch or below it can be economic, providing the heat 
pump is placed across a utility pinch. Figure 17.39a shows a 
process that does not show a significant potential for heat pumping 
across the process pinch. The heat source just below the process 
pinch is small. The heat sink just above the process pinch is also 
small. Significant heat pumping across the process pinch can only 
be accomplished across a large temperature difference in this case, 
which will result in a poor COP HP . However, Figure 17.39b shows 
another possible heat pump arrangement. A heat source in the 
pocket of the grand composite curve is pumped through a relatively 
small temperature difference to replace medium-pressure (MP) 
steam. To compensate for taking heat from within the pocket of the 
grand composite curve, additional low-pressure (LP) steam is used 
for process heating to maintain the heat balance. Thus, the heat 
pump results in a saving in MP steam for a sacrifice of extra LP 
steam usage and the power required for the heat pump. This might 
be economic if there is a large cost difference between MP and LP 
steam. Although the heat pump does not operate across the process 
pinch, it does not violate the principle of the appropriate placement 
of heat pumps. The heat pump in Figure 17.39b operates across a 
utility pinch. 

17.11 Number of Heat 
Exchange Units 

In the design to follow the targeting stage, heat exchange matches 
are to be made between hot and cold streams in heat exchange 
units. Consider now how to set a target for the minimum number of 
units. It should be noted that a unit will not necessarily be a single 
heat exchanger, but might involve multiple heat exchangers in 
series or parallel on the same stream. The unit on both sides of the 
match will have a single inlet and outlet on the same stream, but 
might constitute multiple heat exchangers in different configura¬ 
tions on either side of the match. 

To understand the minimum number of matches or units in a 
heat exchanger network, some basic results of graph theory can be 
used (Hohman, 1971; Linnhoff, Mason and Wardle, 1979). A 
graph is any collection of points in which some pairs of points are 
connected by lines. Figures 17.40a and 17.40b give two examples 
of graphs. Note that the lines such as BG and CE and CF in 
Figure 17.40a are not supposed to cross, that is, the diagram should 
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(a) (b) 




Qw 


Figure 17.38 

The grand composite curve allows heat pump cycles to be sized. 




(a) A process that shows little scope lor heat (b) I leal pump placed across a utility pinch, 

pumping across the process pinch. 


Figure 17.39 

Heat pumping can be applied across utility pinches as well as the process pinch. 


be drawn in three dimensions. This is true for the other lines in 
Figure 17.40 that appear to cross. 

In this context, the points correspond to process and utility 
streams, and the lines to heat exchange matches between the heat 
sources and heat sinks. 

A path is a sequence of distinct lines that are connected to each 
other. For example, in Figure 17.40a AECGD is a path. A graph 
forms a single component (sometimes called a separate system) 
if any two points are joined by a path. Thus, Figure 17.40b has 
two components (or two separate systems) and Figure 17.40a has 
only one. 


A loop is a path that begins and ends at the same point, like 
CGDHC in Figure 17.40a. If two loops have a line in common, they 
can be linked to form a third loop by deleting the common line. In 
Figure 17.40a, for example, BGCEB and CGDHC can be linked to 
give BGDHCEB. In this case, this last loop is said to be dependent 
on the other two. 

From graph theory, the main result needed in the present context 
is that the number of independent loops for a graph is given by 
(Hohman, 1971; Linnhoff, Mason and Wardle, 1979): 

N UN ns = 5 + L - C (17.4) 
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Figure 17.40 

Two alternative graphs. (Reproduced from Linnhoff B, Mason D and Wardle I. 1979, Comp and Chem Engg, 3: 279, with permission from Elseiver.) 


where Nunits = number of matches or units (lines in graph 
theory) 

S = number of streams including utilities (points in 
graph theory) 

L = number of independent loops 

C = number of components 

In general, if the final network design is achieved in the 
minimum number of units it will keep down the capital cost 
(although this is not the only consideration to keep down the 
capital cost). To minimize the number of units in Equation 17.4, 
L should be zero and C should be a maximum. Assuming L to be 
zero in the final design is a reasonable assumption. However, 
what should be assumed about Cl Consider the network in 
Figure 17.40b that has two components. For there to be two 
components, the heat duties for streams A and B must exactly 
balance the duties for streams E and F. Also, the heat duties for 
streams C and D must exactly balance the duties for streams G and 
H. Such balances are likely to be unusual and not easy to predict. 


The safest assumption for C thus appears to be that there will be one 
component only, that is, C = 1. This leads to an important special 
case when the network has a single component and is loop-free. In 
this case (Hohman, 1971; Linnhoff, Mason and Wardle, 1979): 

N units = S- 1 (17.5) 

Equation 17.5 put in words states that the minimum number of 
units required is one less than the number of streams (including 
utility streams). 

This is a useful result since, if the network is assumed to be loop- 
free and has a single component, the minimum number of units can 
be predicted simply by knowing the number of streams. If the 
problem does not have a pinch, then Equation 17.5 predicts the 
minimum number of units. If the problem has a pinch, then 
Equation 17.5 is applied on each side of the pinch separately 
(Linnhoff, Mason and Wardle, 1979): 

Nunits = [Sabove pinch ~ 1] + [Sbelow pinch — 1] (17.6) 


Example 17.7 For the process in Figure 17.41, calculate the 
minimum number of units given that the pinch is at 150 °C for the 
hot streams and 140 °C for the cold streams. 

Solution Figure 17.41 shows the stream grid with the pinch in 
place dividing the process into two parts. Above the pinch, there are 
five streams, including the steam. Below the pinch, there are four 
streams, including the cooling water. Applying Equation 17.6: 


Nunits — (5 - 1) + (4 - 1) 

= 7 

Looking back at the design presented for this problem in 
Figure 17.9, it does in fact use the minimum number of units of 
7. In the next chapter, design for the minimum number of units will 
be addressed. 
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Figure 17.41 

To target the number of units for pinched problems the streams above and below the pinch must be counted separately with the appropriate utilities included. 


17.12 Heat Exchange Area 

** 1 INTERVALS K 

Targets A mK -- e y- <™> 


In addition to giving the necessary information to predict energy 
targets, the composite curves also contain the necessary informa¬ 
tion to predict the network heat transfer area. To calculate the 
network area from the composite curves, utility streams must be 
included with the process streams in the composite curves to obtain 
the balanced composite curves (Townsend and Linnhoff, 1984), 
going through the same procedure as illustrated in Figures 17.3 and 
17.4 but including the utility streams. The resulting balanced 
composite curves should have no residual demand for utilities. 
The balanced composite curves are divided into vertical enthalpy 
inten’als, as shown in Figure 17.42. Assume initially that the 
overall heat transfer coefficient U is constant throughout the 
process. Assuming true countercurrent heat transfer, the area 
requirement for enthalpy interval k for this vertical heat transfer 
is given by (Hohman, 1971; Townsend and Linnhoff, 1984): 


ANETWORK k 


A H k 

U AT LM k 


(17.7) 


where A NETWORK = heat exchange area for vertical heat transfer 
for the whole network 

K = total number of enthalpy intervals 

The problem with Equation 17.8 is that the overall heat transfer 
coefficient is not constant throughout the process. Is there some 
way to extend this model to deal with the individual heat transfer 
coefficients? 

The effect of individual stream film transfer coefficients can be 
included using the following expression, which is derived in Appen¬ 
dix H (Townsend and Linnhoff, 1984; Linnhoff and Ahmad, 1990): 


INTERVALS K 


A 


NETWORK ~ 


E 


1 


A T LM k 


HOT STREAMS I 


COLD STREAMS J . 


V t,u 4 y q JA 


(17.9) 


where A NETWORK k 

= heat exchange area for vertical heat 

where q ik 


transfer required by interval k 

A H k 

= enthalpy change over interval k 

Qj.k 

A T L Mk 

= log mean temperature difference for 


interval k 

K hj 

U 

= overall heat transfer coefficient 


To obtain the network area. Equation 17.7 is applied to all enthalpy I 

intervals (Hohman, 1971; Townsend and Linnhoff, 1984): 


stream duty on hot stream i in enthalpy 
interval k 

stream duty on cold stream j in enthalpy 
interval k 

film transfer coefficients for hot stream i 
and cold stream j (including wall and 
fouling resistances) 

total number of hot streams in enthalpy 
interval k 
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To determine the network area the balanced composite curves are divided 
into enthalpy intervals. 


J = total number of cold streams in enthalpy 
interval k 

K = total number of enthalpy intervals 

This simple formula allows the network area to be targeted, on the 
basis of a vertical heat exchange model if him transfer coefficients 
vary from stream to stream. However, if there are large variations in 


him transfer coefficients, Equation 17.9 does not predict the true 
minimum network area. If him transfer coefficients vary signifi¬ 
cantly, then deliberate nonvertical matching is required to achieve 
the minimum area. Consider Figure 17.43a. Hot stream A with a low 
heat transfer coefficient is matched against cold stream C with a high 
coefficient. Hot stream B with a high heat transfer coefficient is 
matched with cold stream D with a low coefficient. In both matches, 
the temperature difference is taken to be the vertical separation 
between the curves. This arrangement requires 1616 nr area overall. 

By contrast. Figure 17.43b shows a different arrangement. Hot 
stream A with a low heat transfer coefficient is matched with cold 
stream D, which also has a low coefficient but uses temperature 
differences greater than vertical separation. Hot stream B is matched 
with cold stream C, both with high heat transfer coefficients, but 
with temperature differences less than vertical. This arrangement 
requires 1250 nr area overall, less than the vertical arrangement. 

If film transfer coefficients vary significantly from stream to 
stream, the true minimum area must be predicted using linear 
programming (Saboo, Morari and Colberg, 1986; Ahmad, Linnh- 
off and Smith, 1990). However, Equation 17.9 is still a useful basis 
to calculate the network area for the purposes of capital cost 
estimation, for the following reasons. 

1) Providing film coefficients vary by less than one order of 
magnitude, then Equation 17.9 has been found to predict the 
network area to within 10% of the actual minimum (Ahmad, 
Linnhoff and Smith, 1990). 

2) Network designs tend not to approach the true minimum in 
practice, since a minimum area design is usually too complex 
to be practical. Putting the argument the other way around. 



Figure 17.43 

If film transfer coefficients differ significantly then nonvertical heat transfer is necessary to achieve the minimum area. (Reproduced from Linnhoff B and 
Ahmad S (1990) Cost Optimum Heat Exchanger Networks—1. Minimum Energy and Capital Using Simple Models for Capital Cost, Comp Chem Eng , 14: 
729., with permission from Elseiver.) 


















Heat Exchanger Networks I - Network Targets 491 


starting with the complex design required to achieve minimum 
area, then a significant reduction in complexity usually only 
requires a small penalty in area. 

One significant problem remains - where to get the film transfer 
coefficients /?,- and hj from. There are the following three 
possibilities. 

1) Tabulated experience values (see Chapter 12). 

2) By assuming a reasonable fluid velocity, together with fluid 
physical properties, heat transfer correlations can be used (see 
Chapter 12). 

3) If the pressure drop available for the stream is known, the 
expressions from Chapter 12 can be used. 

The detailed allocation of fluids to the tube side or the shell 
side can only be made later in the heat exchanger network 


design. Also, the area targeting formula does not recognize 
fluids to be allocated to the tube side or the shell side. Area 
targeting only recognizes the individual film heat transfer 
coefficients. All that can be done in network area targeting 
is to make a preliminary estimate of the film heat transfer 
coefficient on the basis of an initial assessment as to whether 
the fluid is likely to be suited to tube-side or shell-side alloca¬ 
tion in the final design. Thus, in addition to the approximations 
inherent within the area targeting formula, there is uncertainty 
regarding the preliminary assessment of the film heat transfer 
coefficients. 

However, one other issue that needs to be included in the 
assessment often helps mitigate the uncertainties in the assessment 
of the film heat transfer coefficient. A fouling allowance needs to be 
added to the film transfer coefficient according to Equations 12.13 
and 12.14. 


Example 17.8 For the process in Figure 17.2, calculate the 
target for network heat transfer area for A T mi „ = 10 °C. Steam at 
240 °C and condensing to 239 °C is to be used for hot utility. 
Cooling water at 20 °C and returning to the cooling tower at 30 °C 
is to be used for cold utility. Table 17.10 presents the stream data, 
together with utility data and stream heat transfer coefficients. 

Calculate the heat exchange area target for the network. 


Figure 17.45 now shows the stream population for each 
enthalpy interval together with the hot and cold stream tempera¬ 
tures. Set up a table to compute Equation 17.9. This is shown in 
Table 17.11. 

Thus, the network area target for this problem for A T min = 10 °C 
is 7410 m 2 . 


Table 17.10 

Complete stream and utility data for the process from Figure 17.2. 


Stream 

Supply temperature 

T s (°C) 

Target temperature 
r, (°C) 

A H (MW) 

Heat capacity 
flowrate CP 
(MWK' 1 ) 

Film heat transfer 

coefficient h 
(MWm~ 2 K _1 ) 

1. Reactor 1 feed 

20 

180 

32.0 

0.2 

0.0006 

2. Reactor 1 product 

250 

40 

-31.5 

0.15 

0.0010 

3. Reactor 2 feed 

140 

230 

27.0 

0.3 

0.0008 

4. Reactor 2 product 

200 

80 

-30.0 

0.25 

0.0008 

5. Steam 

240 

239 

7.5 

7.5 

0.0030 

6. Cooling water 

20 

30 

10.0 

1.0 

0.0010 


Solution First, the balanced composite curves must be con¬ 
structed using the complete set of data from Table 17.10. 
Figure 17.44 shows the balanced composite curves. Note that the 
steam has been incorporated within the construction of the hot 
composite curve to maintain the monotonic nature of composite 
curves. The same is true of the cooling water in the cold composite 
curve. Figure 17.45 also shows the streams divided into enthalpy 
intervals according to the location in the composite curves. Where 
there is a change of slope either on the hot composite curve or on the 
cold composite curve there is an enthalpy interval boundaiy. 


The network design in Figure 17.9 already achieves minimum 
energy consumption and it is now possible to judge how close the 
area target is to design if the area for the individual units in 
Figure 17.9 is calculated. Using the same heat transfer coeffi¬ 
cients as given in Table 17.10, the design in Figure 17.9 requires 
some 8341m 2 , which is 13% above target. Remember that no 
attempt was made to steer the design in Figure 17.9 towards the 
minimum area. Instead, the design achieved the energy target in 
the minimum number of units and that tends to lead to simple 
designs. 
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Figure 17.44 

The enthalpy intervals for the balanced composite curves of Example 17.8. 
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Figure 17.45 

The enthalpy interval stream population for Example 17.8. 
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Table 17.11 

Network area target for the process from Figure 17.2. 


Enthalpy interval 

AT LMk 

Hot streams 'L.(qjhi) k 

Cold streams 



1 

17.38 

1500 

1875 


194.2 

2 

25.30 

2650 

9562.5 


482.7 

3 

28.65 

5850 

7312.5 


459.4 

4 

14.43 

23,125 

28,333.3 


3566.1 

5 

29.38 

25,437.5 

36.666.7 


2113.8 

6 

59.86 

6937.5 

6666.7 


227.3 

7 

34.60 

6000 

6666.7 


366.1 











YA k 

7409.6 


17.13 Sensitivity of Targets 

The targets for minimum energy, minimum number of units and 
network area are all based on an assumption for A T min . It is 
important whenever carrying out process design to test the sensi¬ 
tivity of the design to the assumptions made. Thus, it is important to 
understand the sensitivity of the targets to the value of A7’„„„. 
Figure 17.46 illustrates how the three targets vary as the value of 
A T min changes from a low to a high value for the flowsheet in 
Figure 17.2. Figure 17.46a shows the variation targets for hot and 
cold utilities with A T min . As expected, both increase with increasing 
value oi\T min . With more complex problems, the sensitivity of this 
graph can change as A T min varies, depending on the stream 
population for the problem. In this case the problem is simple 
and the slopes for the hot and cold utilities are both constant. 
Figure 17.46b shows the variation of number of units target with 
A7’„„„. In this case, again because it is a simple problem, the number 


of units target is constant. However, this is not true of all problems 
and number of units can vary as A T min changes. Finally, 
Figure 17.46c shows the variation of the area target with A T min . 
The area target generally decreases as AT min increases. In this case, 
there are no sudden changes in the slope of the graph. However, 
there can be discontinuities in the curve with complex problems. 

17.14 Capital and Total 
Cost Targets 

To predict the capital cost of a network, it can be assumed that a 
heat exchange unit with surface area A can be costed according to a 
simple relationship such as: 

Installed capital cost ofunit = a + bA c (17.10) 


Energy 

Target 

(MW) 



(a) Sensitivity of energy targets. 



17 


Figure 17.46 

Sensitivity of targets for the process in Figure 17.2. 
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where a, b, c = cost law constants that vary according to 

materials of construction, pressure rating and 
type of exchanger 

When cost targeting, the distribution of the targeted area 
between the units is unknown. Thus, to cost a network using 
Equation 17.10, some area distribution must be assumed across the 
units, the simplest being that all units have the same area: 

Network capital cost = N UN i TS [a + b {A NE twork / NunitsY] 

(17.11) 

where Nunits = number of units 


At the targeting stage, no given distribution can be judged 
consistently better than another, since the network is not yet 
known. Also, increasing the chosen value of process energy 
consumption increases temperature differences available for 
heat recovery and hence decreases the necessary heat exchanger 
surface area. Figure 17.46. The network area can be distributed 
over the targeted number of units to obtain a capital cost using 
Equation 17.11. This capital cost can be annualized as detailed 
in Chapter 2. The annualized capital cost can then be traded 
off against the annual utility cost, as shown in Figure 17.6. 
The total cost shows a minimum at the optimum energy 
consumption. 


Example 17.9 For the process in Figure 17.2, determine the 
value of A T min and the total cost of the heat exchanger network at the 
optimum setting of the capital-energy trade-off. The stream and 
utility data are given in Table 17.10. The utility costs are: 

Steam cost = 120,000 ($ • MT’f 1 ) 

Cooling water cost = 10,000 ($ • MW~' • y -1 ) 

The heat exchange units (matches) can be considered to be single 
heat exchanger shells with an installed capital cost given by: 


where j = fractional interest rate per year 
n = number of years 

Annualized heat exchanger capital cost 

= [40,000 + 500A] 

0 . 1(1 + 0 . 1) 5 
X (1 + 0 . 1 ) 5 - 1 
= [40,000 + 500A]0.2638 
= 10,552+ 131.9A 


Annualized network capital cost 

Fleat exchanger capital cost = 40,000 + 500A ($) 

where A is the heat transfer area in nr. The capital cost is to be paid _ N units 

back over five years at 10% interest. 


10,552 + 


131.9 ApjETWORK 


N UNITS 


Solution From Equation 2.7 from Chapter 2: 


Annualized heat exchanger capital cost 


= Capital cost x 


f(l + if 
(1 + if - 1 


Now scan a range of values of AT mln and calculate the targets for 
energy, number of units and network area and combine these into a 
total cost. The results are given in Table 17.12. The data from 
Table 17.12 are presented graphically in Figure 17.47. The optimum 
A T min is at 10 °C, confirming the initial value used for this problem. 
The total annualized cost at the optimum setting of the capital- 
energy trade-off is 2.05 X 10 6 $-y _l . 


Table 17.12 

Variation of annualized costs with AT,,,,, 


A /„„„ 

Qn„,i„ (MW) 

Annual hot 
utility cost 
(10 6 $ y- 1 ) 

Qcnin (MW) 

Annual cold 
utility cost 
(10 6 $ y- 1 ) 

Anetwork 

(m 2 ) 

V UNITS 

Annualized 
capital cost 
(10 6 $ y- 1 ) 

Annualized 

total cost 
(10 6 $-y- x ) 

2 

4.3 

0.516 

6.8 

0.068 

15,519 

7 

2.121 

2.705 

4 

5.1 

0.612 

7.6 

0.076 

11,677 

7 

1.614 

2.302 

6 

5.9 

0.708 

8.4 

0.084 

9645 

7 

1.346 

2.138 

8 

6.7 

0.804 

9.2 

0.092 

8336 

7 

1.173 

2.069 

10 

7.5 

0.900 

10.0 

0.100 

7410 

7 

1.051 

2.051 

12 

8.3 

0.996 

10.8 

0.108 

6716 

7 

0.960 

2.064 

14 

9.1 

1.092 

11.6 

0.116 

6174 

7 

0.888 

2.096 
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Total Annual Cost 



Figure 17.47 

Optimization of the capital-energy trade-off for 
Example 17.9. 


So far it has been assumed that each unit in the network can be 
costed according to Equation 17.10. This assumes that each unit 
comprises a single countercurrent heat exchanger, all heat 
exchangers are constructed from the same materials of construction 
and of the same type, and all heat exchangers are subject to the 
same pressure rating. However, the capital cost of the heat 
exchanger network in general depends on a number of factors: 

1) Number of units (matches between hot and cold streams). This 
can be targeted by Equation 17.5 for networks without a pinch 
and by Equation 17.6 for networks with a pinch. 

2) Number of shells. If multipass shell-and-tube heat exchangers 
are used, then individual units can comprise a number of shells. 
It is possible at the targeting stage to predict the number of 
shells given certain assumptions (Ahmad and Smith, 1989). 

3) Network heat transfer area. If stream heat transfer coeffi¬ 
cients do not vary significantly, then Equation 17.9 can be 
used to target for the network heat transfer area. However, 
once stream heat transfer coefficients vary significantly, then 
preferential matches can be arranged such that larger temper¬ 
ature differences in the network can be exploited to overcome 
poor heat transfer coefficients (Ahmad, Linnhoff and Smith, 
1990). This requires an approach to targeting the networkheat 
transfer area based on linear programming (Saboo, Morari 
and Colberg, 1986; Ahmad, Linnhoff and Smith, 1990). In 
addition, if multipass shell-and-tube heat exchangers are 
used, then the target for network heat transfer area needs to 
be adjusted for noncountercurrent heat transfer (Ahmad and 
Smith, 1989). 

4) Materials of construction. If the same materials of construc¬ 
tion can be used for all heat exchangers, then Equation 17.10 
can be adjusted for the appropriate materials. However, it can 
often be the case that different materials of construction are 
required for different process streams. This can be allowed for 
in the network heat transfer area target by artificially weighting 


the heat transfer coefficients associated with a given stream. For 
example, if a stream requires a more expensive material, then its 
heat transfer coefficient is weighted to be lower than the real 
heat transfer coefficient in order to artificially increase the 
network area and hence the capital cost (Hall, Ahmad and 
Smith, 1990). 

5) Heat exchanger type. If the same exchanger type can be used 
for all heat exchangers, then Equation 17.10 can be adjusted for 
the appropriate type. However, it can often be the case that 
different types of heat exchanger are required for different 
process streams. If this is the case, then, as with mixing 
materials of construction in the same network, the heat transfer 
coefficient for the streams requiring different heat exchanger 
types can be weighted to artificially change the heat transfer 
area, and therefore reflect the change in capital cost (Hall, 
Ahmad and Smith, 1990). 

6) Pressure rating. Different pressure ratings for different 
streams require different mechanical construction of heat 
exchangers. The higher the pressure, the more expensive the 
heat exchanger as a result of the requirements for stronger 
mechanical design. If the same pressure rating is applied 
throughout the network, then this can be reflected simply in 
Equation 17.10. However, different pressure ratings can be 
required in different parts of the network. Again, this can be 
allowed for by weighting individual stream heat transfer 
coefficients in the network area targeting (Hall, Ahmad and 
Smith, 1990). 

There are many uncertainties in trying to predict the capital cost 
from the stream data before the network has been designed. 
Because of this, capital and total cost targets should not be used 
to predict performance. However, such targets can be of value 
when trying to set a reasonable value for A7’„„„ for targeting 
purposes when no experience data are available from previous 
designs. 
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Table 17.13 

Stream data for Exercise 1. 


Stream 

Type 

Supply temperature (°C) 

Target temperature (°C) 

Enthalpy change (MW) 

1 

Hot 

100 

40 

12 

2 

Cold 

10 

150 

7 


17.15 Heat Exchanger 
Network Targets - Summary 

The energy targets for the process can be set without having to 
design the heat exchanger network and utility system. These 
energy targets can be calculated directly from the material and 
energy balance. Thus, energy costs can be established without 
design for the outer layers of the process onion model. Using the 
grand composite curve, different utility scenarios can be screened 
quickly and conveniently, including cogeneration and heat pumps. 

In addition to setting energy targets, targets can also be set for 
the minimum number of units and the network area. The sensitivity 
of the targets to the assumption of A T min should also be examined. 

17.16 Exercises 

1. A heat recovery problem consists of two streams given in 
Table 17.13: 

Steam is available at 180°C and cooling water at 20 °C. 

a) For a minimum permissible temperature difference (A T min ) 
of 10 °C, calculate the minimum hot and cold utility 
requirements. 

b) What are the hot and cold stream pinch temperatures? 

c) If the steam is supplied as the exhaust from a steam turbine, 
is the heat engine appropriately placed? 

d) If the (A T min ) is increased to 20 °C, what will happen to the 
utility requirements? 


2. The stream data for a process involving an exothermic chemical 

reaction are given in Table 17.14. 

a) Perform a problem table analysis for which A T min = 10 °C 
and plot the grand composite curve. Confirm that it is a 
threshold problem requiring only cold utility. 

b) It is proposed to use steam generation as cold utility. 
Calculate how much steam can be generated by the process 
at a pressure of 41 bar with a saturated temperature of 
252 °C and latent heat 1706 kJ-kg _l . Assume that saturated 
boiler feedwater is available and that the steam generated is 
saturated. 

c) If the steam is superheated to a temperature of 350 °C, 
calculate how much steam can be generated at 41 bar. 
Assume the heat capacity of steam is 4.0kJ-kg _1 K _1 . 

d) What would happen if the steam in Part b was generated 
from boiler feedwater at 100 °C with a heat capacity of 
4.2kJ-kg _1 K _ ? How would the steam generation be 
calculated under these circumstances? 

3. The stream data for a process are given in Table 17.15. 

a) Sketch the composite curves for Ar„„„ = 10°C and deter¬ 
mine the hot and cold utility targets. 

b) Determine the targets for the hot and cold utilities for 
ATmi„ = I0°C using the problem table algorithm and 
compare with the composite curves. 

4. The problem table cascade for a process is given in the 

Table 17.16 for AT’,,,,-,, = 10°C. 


Table 17.14 

Stream data for Exercise 2. 


Stream 

Enthalpy change (kW) 

T s (°C) 

t, ec) 

No. 

Type 

1 

Hot 

-7000 

ill 

375 

2 

Hot 

-3600 

376 

180 

3 

Hot 

-2400 

180 

70 

4 

Cold 

2400 

60 

160 

5 

Cold 

200 

20 

130 

6 

Cold 

200 

160 

260 
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Table 17.15 

Stream data for Exercise 3. 


Stream 




No. 

Type 

T s (°C) 

TV CC) 

Heat duty 

(MW) 

1 

Hot 

150 

30 

7.2 

2 

Hot 

40 

40 

10 

3 

Hot 

130 

100 

3 

4 

Cold 

150 

150 

10 

5 

Cold 

50 

140 

3.6 


The minimum permissible temperature differences for var¬ 
ious options are given in Table 17.17. 

a) Calculate the amount of fuel required to satisfy the heating 
requirements for a furnace used to supply hot utility for a 
theoretical flame temperature of 1800°C and acid dew 
point of 150 °C. Ambient temperature is 25 °C. 

b) If the furnace from Part a is used in conjunction with high- 
pressure saturated steam at 300 °C for heating, such that the 
heat duty for the steam is maximized, what is the heat duty 
on the steam and the furnace heat duty? 

c) If the furnace from Part a is used in conjunction with low- 
pressure saturated steam at 210 °C for heating, such that the 
heat duty for the steam is maximized, what is the heat duty 
on the steam and the furnace heat duty? 

d) Instead of the furnace it is proposed to match a gas turbine 
exhaust with an exhaust temperature of 445 °C. Assume 
that the flowrate through the gas turbine can be varied to 
match the process requirements. If the efficiency of the gas 


Table 17.16 

Problem table cascade for Exercise 4. 


Interval temperature (°C) 

Cascade heat flow (MW) 

360 

9.0 

310 

7.6 

230 

8.0 

210 

4.8 

190 

5.8 

190 

0 

170 

1.0 

150 

7.6 

60 

3.0 


Table 17.17 

A T min for different matches. 


Type of match 

A 7(°C) 

Process/process 

10 

Process/steam 

10 

Process/flue gas (furnace or gas 
turbine) 

50 


turbine is 30% under these conditions, how much power 
can be generated? 


5. The problem table cascade for a process is given in Table 17.18 
for AT min = 10 °C. 

It is proposed to provide process cooling by steam genera¬ 
tion from boiler feedwater with a temperature of 80 °C. 


a) Determine how much saturated steam can be generated at a 
temperature of 230 °C. The latent heat of steam under these 
conditions is 1812 kJ-kg - . The heat capacity of water can 
be taken as 4.2kJ-kg _1 -K _1 . 

b) Determine how much steam can be generated with a 
saturation temperature of 230 °C and superheated to the 
maximum temperature possible against the process. The 
heat capacity of steam can be taken as 3.45 kJ-kg _l K -1 . 

c) Calculate how much power can be generated from the 
superheated steam from Part b, assuming the exhaust steam 
is saturated at a pressure of 4 bar with an enthalpy of 
2738kJ-kg _1 . Assume the reference temperature for 
enthalpy is 0 °C. 


Table 17.18 

Problem table cascade for Exercise 5. 


Interval temperature (°C) 

Heat flow (MW) 

495 

3.6 

455 

9.2 

415 

10.8 

305 

4.2 

285 

0 

215 

16.8 

195 

17.6 

185 

16.6 

125 

16.6 

95 

21.1 

85 

18.1 


17 
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Table 17.19 

Problem table cascade for Exercise 6. 


Interval temperature (°C) 

Heat flow (MW) 

440 

21.9 

410 

29.4 

130 

23.82 

130 

1.8 

100 

0 

95 

15 


6. The problem table cascade for a process is given in Table 17.19 
for t±T mi „ = 20 °C. 

The process also has a requirement for 7 MW of power. 
Three alternative utility schemes are to be compared 
economically: 

a) A steam turbine with its exhaust saturated at 150 °C used 
for process heating is one of the options to be considered. 
Steam is raised in the central boiler house at 41 bar with 
an enthalpy of 3137 kj-kg -1 from boiler feedwater with 
an enthalpy of 418kJ-kg _l . The enthalpy of saturated 
condensate at 41 bar is 1095 kj-kg -1 . The overall effi¬ 
ciency of the steam system is 85%. The enthalpy of 
saturated steam at 150°C is 2747kJ-kg _1 and its latent 
heat is 2115kJ-kg _l . Calculate the maximum power 
generation possible by matching the exhaust steam 
against the process. 

b) A second possible scheme uses a gas turbine with an 
exhaust temperature of 400 °C and heat capacity flowrate 
of 0.1 MW K -1 . The minimum stack temperature should 
be taken to be 100 °C. Calculate the power generation if 
the turbine converts heat to power with an efficiency of 
30% under these conditions. Ambient temperature is 
10 °C. 


Table 17.20 

Utility costs for Exercise 6. 


Utility 

Cost ($ MW _1 ) 

Fuel for gas turbine 

0.0042 

Fuel for steam generation 

0.0030 

Imported power 

0.018 

Credit for exported power 

0.014 

Cooling water 

0.00018 


Table 17.21 

Problem table cascade for Exercise 7. 


Interval temperature (°C) 

Heat flow (kW) 

160 

1000 

150 

0 

130 

1100 

110 

1400 

100 

900 

80 

1300 

40 

1400 

10 

1800 

-10 

1900 

-30 

2200 


c) A third possible scheme integrates a heat pump with 
the process. The power required by the heat pump is 
given by: 

& T h -Tc 
0.6 T h 

where Q H is the heat rejected by the heat pump at Th (K). 
Heat is absorbed into the heat pump at Tc (K). Calculate the 
power required by the heat pump. The cost utilities are given 
in Table 17.20. 

The overall efficiency of steam generation and distribution is 
60%. Which scheme is most cost-effective, the steam turbine, 
the gas turbine or the heat pump? 

7. Table 17.21 represents a problem table cascade (AT min = 
10 °C). 

The following utilities are available: 

i. Saturated MP steam at 200 °C. 

ii. Saturated LP steam at 130 °C with a latent heat of vapor¬ 
ization of 2174kJ-kg _1 raised from boiler feed water at 
90°C and the specific heat capacity is 4.2kJ-kg-K _1 . 

iii. Cooling water (20 to 30 °C). 

iv. Refrigeration at 0 °C. 

v. Refrigeration at—40 °C. 

For matches between process and refrigeration, A T min = 
10 °C. Draw the process grand composite curve and set the 
targets for the utilities. Below the pinch use of higher tempera¬ 
tures, cold utilities should be maximized. 
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Chapter 18 


Heat Exchanger Networks II 
- Network Design 


H aving explored the targets for the heat exchanger network, it 
now remains to develop the design for the network. Both 
manual and automated methods for network design are possible. Start 
by developing a manual method that will allow user interaction. 

18.1 The Pinch Design 
Method 

The capital-energy trade-off in the heat exchanger networks was 
discussed in Chapter 17. Varying A T min , as shown in Figure 17.6, 
changed the relative position of the process composite curves. As 
A T min is changed from a small to a large value, the capital cost 
decreases, but the energy cost increases. When the two costs are 
combined to obtain a total cost, the optimum point in the capital- 
energy trade-off is identified, corresponding with an optimum 
value of A T min (Figure 17.6). Such a trade-off can only be carried 
out with any certainty once a design has been established. Thus, in 
order to establish a first design, the initial setting of A T min must be 
approximated from heuristics or past experience for similar pro¬ 
cesses. As pointed out in Chapter 17, the trade-off between energy 
and capital suggests that individual exchangers should have a 
temperature difference no smaller than the t\T min between the 
composite curves. Although Ar m ,„ is not known with certainty, if it 
is assumed fixed for each individual exchanger, this allows some 
rules to be set that simplify the design procedure. 

Flaving made the assumption that no individual heat exchanger 
should have a temperature difference smaller than A T min , two rules 
were deduced in Chapter 17. If the energy target set by the 
composite curves (or the problem table algorithm) is to be 
achieved, the design must not transfer heat across the pinch by: 

• process-to-process heat transfer; 

• inappropriate use of utilities. 
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These rules are necessary for the design to achieve the energy 
target, assuming that no individual exchanger should have a 
temperature difference smaller than A7’ m ,„. To comply with these 
two rules, the process should be divided at the pinch. As pointed 
out in Chapter 17, this is most clearly done by representing the 
stream data in the grid diagram. Figure 18.1 shows the stream data 
from Table 17.2 in grid form with the pinch marked. As pointed out 
in Chapter 17, either a hot stream or a cold stream will start at the 
pinch. Above the pinch, steam can be used (up to Q a „ jn ) and 
below the pinch cooling water can be used (up to Qcmm)- 
However, what strategy should be adopted for the design? A 
number of simple criteria can be developed to help (Linnhoff 
and Hindmarsh, 1983). 

1) Start at the pinch. The pinch is the most constrained region of 
the problem. At the pinch, A T min exists between all hot and cold 
streams. As a result, the number of feasible matches in this 
region is severely restricted. Often there are essential matches 
to be made. If such matches are not made, the result will be 
either the use of temperature differences smaller than A T min or 
excessive use of utilities resulting from heat transfer across the 
pinch. If the design was started away from the pinch at the hot 
end or cold end of the problem, then initial matches are likely to 
need follow-up matches that violate the pinch or the A T min 
criterion as the pinch is approached. Thus, if the design is 
started at the pinch, then initial decisions are made in the most 
constrained part of the problem. This is much less likely to lead 
to difficulties later. 

2) The CP inequality for individual matches. Figure 18.2a shows 
the temperature profiles for an individual exchanger at the 
pinch, above the pinch (Linnhoff et al., 1982; Linnhoff and 
Hindmarsh, 1983). Moving away from the pinch, temperature 
differences must increase. Figure 18.2a shows a match between 
a hot stream and a cold stream that has a CP smaller than the hot 
stream. At the pinch, the match starts with a temperature 
difference equal to A T min . The relative slopes of the tempera¬ 
ture-enthalpy profiles of the two streams mean that the tem¬ 
perature differences become smaller moving away from the 
pinch, which is infeasible. Alternatively, Figure 18.2b shows a 


18 



502 Chemical Process Design and Integration 


PINCH 



= 7.5MW j Qcmin = I0MW 


CP 

(MWC) 


0.15 

0.25 
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Figure 18.1 

The grid diagram for the data from the Table 17.2. 


match involving the same hot stream but with a cold stream that 
has a larger CP. The relative slopes of the temperature- 
enthalpy profiles now cause the temperature differences to 
become larger moving away from the pinch, which is feasible. 
Thus, starting with t±T min at the pinch, for temperature differ¬ 
ences to increase moving away from the pinch (Linnhoff et al ., 


1982; Linnhoff and Hindmarsh, 1983): 

CPh<CPc (above pinch) (18.1) 

Figure 18.3 shows the situation below the pinch at the pinch. 
If a cold stream is matched with a hot stream with smaller CP, as 



(a) Match is infeasible. 


(b) Match is feasible. 


Figure 18.2 

Criteria for the pinch matches above the pinch. 
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(a) Match is infeasible. (b) Match is feasible. 


Figure 18.3 

Criteria for pinch matches below the pinch. 


shown in Figure 18.3a (i.e. a steeper slope), then the tempera¬ 
ture differences become smaller (which is infeasible). If the 
same cold stream is matched with a hot stream with a larger CP 
(i.e. a less steep slope), as shown in Figure 18.3b, then 
temperature differences become larger, which is feasible. 
Thus, starting with AT min at the pinch, for temperature differ¬ 
ences to increase moving away from the pinch (Linnhoff et al ., 
1982; Linnhoff and Hindmarsh, 1983): 

CP H > CPc (below pinch) (18.2) 

Note that the CP inequalities given by Equations 18.1 and 
18.2 only apply at the pinch and when both ends of the match 
are at pinch conditions. 

3) The CP table. Identification of the essential matches in the 
region of the pinch is clarified by use of the CP table (Linnhoff 
et al., 1982; Linnhoff and Flindmarsh, 1983). In the CP table, 
the CP values of the hot and cold streams for the streams at the 
pinch are listed in descending order. 

Figure 18.4a shows the grid diagram with the CP table for 
the design above the pinch. Cold utility must not be used above 
the pinch, which means that hot streams must be cooled to pinch 
temperature by heat recovery. Hot utility can be used, if 
necessary, on the cold streams above the pinch. Thus, it is 
essential to match hot streams above the pinch with a cold 
partner. In addition, if the hot stream is at pinch conditions, the 
cold stream it is to be matched with must also be at pinch 
conditions, otherwise the A T min constraint will be violated. 


Figure 18.4a shows a feasible design arrangement above the 
pinch that does not use temperature differences smaller than 
A T min . Note again that the CP inequality only applies when a 
match is made between two streams that are both at the pinch. 
Away from the pinch, temperature differences increase and it is 
no longer essential to obey the CP inequalities. 

Figure 18.4b shows the grid diagram with the CP table for 
the design below the pinch. Hot utility must not be used below 
the pinch, which means that cold streams must be heated to 
pinch temperature by heat recovery. Cold utility can be used, if 
necessary, on the hot streams below the pinch. Thus, it is 
essential to match cold streams below the pinch with a hot 
partner. In addition, if the cold stream is at pinch conditions, the 
hot stream it is to be matched with must also be at pinch 
conditions, otherwise the A T min constraint will be violated. 
Figure 18.4b shows a design arrangement below the pinch that 
does not use temperature differences smaller than t\T min . 

Having decided that some essential matches need to be 
made around the pinch, the next question is how big should the 
matches be? 

4) The “tick-off” heuristic. Once the matches around the pinch 
have been chosen to satisfy the criteria for minimum energy, 
the design should be continued in such a manner as to keep 
capital costs to a minimum. One important criterion in the 
capital cost is the number of units (there are others, of course, 
which shall be addressed later). Keeping the number of units 
to a minimum can be achieved using the tick-off heuristic. To 
tick off a stream, individual units are made as large as 


18 


















































504 Chemical Process Design and Integration 


CP s in 

descending 

order 


▼ 


CP„<CP c 


CP H iCP c 

0.25 0.3 


0.25 0.2 

0.15 0.2 


0.15 


CP 

0.15 

0.25 

0.2 

0.3 


PINCH 


PINCH 




CP 

0.15 

0.25 

0.2 


Figure 18.4 

The CP table for the designs above and below the pinch for the problem from Table 17.2. 


possible, that is, the smaller of the two heat duties on the 

streams being matched. 

Figure 18.5a shows the matches around the pinch from 
Figure 18.4a with their duties maximized to tick-off streams. It 
should be emphasized that the tick-off heuristic is only a heuristic 
and can in some cases penalize the design. Methods will be 
developed later that allow such penalties to be identified as the 
design proceeds. 

The design in Figure 18.5a can now be completed by satisfying 
the heating and cooling duties away from the pinch. Cooling water 
must not be used above the pinch. Therefore, if there are hot 
streams above the pinch for which the pinch matches do not satisfy 
the duties, additional process-to-process heat recovery is required. 
Figure 18.5b shows an additional match to satisfy the residual 
cooling of the hot streams above the pinch. Again, the duty on the 
unit is maximized. Finally, above the pinch, the residual heating 
duty on the cold streams must be satisfied. Since there are no hot 
streams left above the pinch, hot utility must be used as shown in 
Figure 18.5c. 

Turning now to the cold end design, Figure 18.6a shows the 
pinch design with the streams ticked off. If there are any cold 
streams below the pinch for which the pinch matches do not satisfy 
the duties, then additional process-to-process heat recovery is 
required, since hot utility must not be used. Figure 18.6b shows 
an additional match to satisfy the residual heating of the cold 
streams below the pinch. Again, the duty on the unit is maximized. 
Finally, below the pinch, the residual cooling duty on the hot 
streams must be satisfied. Since there are no cold streams left below 
the pinch, cold utility must be used (Figure 18.6c). 

The final design shown in Figure 18.7 amalgamates the hot end 
design from Figure 18.5c and the cold end design from 


Figure 18.6c. The duty on hot utility of 7.5 MW agrees with Q Hm m 
and the duty on cold utility of 10.0 MW agrees with Qcmm 
predicted by the composite curves and the problem table algorithm. 

Note one further point from Figure 18.7. The number of units is 
seven in total (including the heater and cooler). Referring back to 
Example 17.7, the target for the minimum number of units was 
predicted to be seven. It therefore appears that there was something 
in the procedure that naturally steered the design to achieve the 
target for the minimum number of units. 

It is in fact the tick-off heuristic that steered the design toward 
the minimum number of units (Linnhoff et al ., 1982; Linnhoff and 
Hindmarsh, 1983). The target for the minimum number of units 
was given by: 

N units = S-\ (17.5) 

Before any matches are placed, the target indicates that the 
number of units required is equal to the number of streams 
(including utilities) minus one. The tick-off heuristic satisfied 
the heat duty on one stream every time one of the units was 
used. The stream that has been ticked off is no longer part of the 
remaining design problem. The tick-off heuristic ensures that 
having placed a unit (and used up one of the available units), a 
stream is removed from the problem. Thus, Equation 17.5 is 
satisfied if every match satisfies the heat duty on a stream or a 
utility. 

This design procedure is known as the pinch design method and 
can be summarized in five steps (Linnhoff and Hindmarsh, 1983). 

• Divide the problem at the pinch into separate problems. 

• The design for the separate problems is started at the pinch, 

moving away. 
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Figure 18.5 

Sizing the units above the pinch using the tick-off heuristic. 



Figure 18.6 

Sizing the units below the pinch using the tick-off heuristic. 


PINCH 


i 



18 


Figure 18.7 

The completed design for the data from Table 17.2. 
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• Temperature feasibility requires constraints on the CP values to • Away from the pinch, there is usually more freedom in the 

be satisfied for matches between the streams at the pinch. choice of matches. In this case, the designer can discriminate on 

• The loads on individual units are determined using the tick-off the basis of operability, plant layout and so on. 

heuristic to minimize the number of units. Occasionally, the 

heuristic causes problems. 

Example 18.1 The process stream data for a heat recovery 
network problem are given in Table 18.1. 

A problem table analysis on these data reveals that the minimum 
hot utility requirement for the process is 15 MW and the minimum 
cold utility requirement is 26 MW for a minimum allowable tem¬ 
perature difference of 20 °C. The analysis also reveals that the pinch 
is located at a temperature of 120 °C for hot streams and 100 °C for 
cold streams. Design a heat exchanger network for maximum energy 
recoveiy featuring the minimum number of units. 

Solution Figure 18.8a shows the hot end design with the CP table. 

Above the pinch, adjacent to the pinch, CP H < CPc • The duty on the 
units has been maximized according to the tick-off heuristic. 

Figure 18.8b shows the cold end design with the CP table. Below 
the pinch, adjacent to the pinch, CP H > CPc■ Again the duty on units 
has been maximized according to the tick-off heuristic. 

The completed design is shown in Figure 18.8c. The minimum 
number of units for this problem is given by 

N UNITS — {S — 1 )abOVE PINCH + (^ _ 1 ) BELOW PINCH 

= (5-1) +(4-1) 

= 7 



Table 18.1 

Stream data for Example 18.1. 


Stream 

No. Type 

Supply 

temperature 

(°C) 

Target 

temperature 

(°C) 

Heat capacity 
flowrate 
(MW K -1 ) 

1 

Hot 

400 

60 

0.3 

2 

Hot 

210 

40 

0.5 

3 

Cold 

20 

160 

0.4 

4 

Cold 

too 

300 

0.6 


The design in Figure 18.8 is seen to achieve the minimum number of 
units target. 


Figure 18.8 

Maximium energy recovery design for Example 18.1. 





Heat Exchanger Networks II - Network Design 507 


Ar„„,,= 10" PINCH 



Figure 18.9 

The design grid for a problem stream-specific with AT min contributions. 


The pinch design method, as discussed so far, has assumed the 
same A T min applied between all stream matches. In Chapter 17, it 
was discussed how the basic targeting methods for the composite 
curves and the problem table algorithm can be modified to allow 
stream-specific values of A T min . The example was quoted in which 
liquid streams were required to have a A7' m ,„ contribution of 5 °C 
and gas streams a A T min contribution of 10 °C. For liquid-liquid 
matches, this would lead to a A T min = 10 °C. For gas-gas matches, 
this would lead to a A T min = 20 °C. For liquid-gas matches, it will 
lead to a AT min = 15 °C (Linnhoff et ai, 1982). Modifying the 
problem table and the composite curves to account for these 
stream-specific values of AT min is straightforward, but how is 
the pinch design method modified to take account of such A T min 
contributions? Figure 18.9 illustrates the approach. Suppose the 
interval pinch temperature from the problem table is 120 °C. This 
would correspond with hot stream pinch temperatures of 125 °C 
and 130 °C for hot streams with A T min contributions of 5°C and 
10 °C respectively. For an interval pinch temperature of 120 °C, the 
corresponding cold stream pinch temperatures would be 115°C 
and 110 °C for cold streams with A T min contributions of 5 °C and 
10 °C respectively. The stream grid is set up as shown in 
Figure 18.9 with the pinch matches being made and given their 
appropriate value of A7„„ depending on the streams being 
matched. The constraints regarding the CP inequalities apply in 
this case, just as the case with a global value of A T min . 

18.2 Design for Threshold 
Problems 

In Section 17.3, it was discussed that some problems, known as 
threshold problems, do not have a pinch. They need either hot 
utility or cold utility, but not both. How should the approach be 
modified to deal with the design of threshold problems? 


The philosophy in the pinch design method was to start the 
design where it was most constrained. If the design is pinched, the 
problem is most constrained at the pinch. If there is no pinch, where 
is the design most constrained? Figure 18.10a shows one typical 
threshold problem that requires no hot utility, just cold utility. The 
most constrained part of this problem is the no-utility end (Linnhoff 
et al ., 1982). This is where temperature differences are smallest and 
there may be constraints, as shown in Figure 18.10b, where the 
target temperatures on some of the hot streams can only be satisfied 
by specific matches. Also, if individual matches are required to 
have a temperature difference no smaller than the threshold A T mi „, 
the CP inequalities described in the pinch design method must be 
applied. For the most part, problems similar to those in 
Figure 18.10a are treated as one half of a pinched problem. 

Figure 18.11 shows another threshold problem that requires 
only hot utility. This problem is different in characteristic from the 
one in Figure 18.10. Now the minimum temperature difference is 
in the middle of the problem causing a pseudo-pinch. The best 
strategy to deal with this type of threshold problem is to treat it as a 
pinched problem. In Figure 18.11, the problem is divided into two 
parts at the pseudo-pinch and the pinch design method is followed. 
The only complication in applying the pinch design method for 
such problems is that one half of the problem (the cold end in 
Figure 18.11) will not feature the flexibility offered by matching 
against utility. 

18.3 Stream Splitting 

The pinch design method developed earlier followed several 
rules and guidelines to allow design for minimum utility (or 
maximum energy recovery) in the minimum number of units. 
Occasionally, it appears not to be possible to create the appro¬ 
priate matches because one or other of the design criteria cannot 
be satisfied. 
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(a) Composite curves for a threshold problem. H (kW) 



(b) Essential matches for the threshold problem. 


Figure 18.10 

Even though threshold problems have large driving forces, there are still often essential matches to be made, especially at the no utility end. 

Consider Figure 18.12a, which shows the above-pinch part of a 

design. Cold utility must not be used above the pinch, which means where = number of hot streams at the pinch (including 

that all hot streams must be cooled to pinch temperature by heat branches) 

recovery. There are three hot streams and two cold streams in Sc = number of cold streams at the pinch (including 

Figure 18.12a. Thus, regardless of the CP values of the streams, branches) 

one of the hot streams cannot be cooled to pinch temperature 

without some violation of the A T mi „ constraint. The problem can If there had been a greater number of cold streams than hot 

only be resolved by splitting a cold stream into two parallel streams in the design above the pinch, this would not have created a 

branches, as shown in Figure 18.12b. Now each hot stream has a problem, since hot utility can be used above the pinch, 
cold steam with which to match, capable of cooling it to pinch By contrast, now consider part of a design below the pinch, as 

temperature. Thus, in addition to the CP inequality criteria shown in Figure 18.13a. Here hot utility must not be used, which 

introduced earlier, there is a stream number criterion above means that all cold streams must be heated to pinch temperature by 

the pinch such that (Linnhoff et al., 1982; Linnhoff and Hind- heat recovery. There are now three cold streams and two hot 

marsh, 1983): streams in Figure 18.13a. Again, regardless of CP values, one of 

the cold streams cannot be heated to pinch temperature without 
(18.3) some violation of the A T mi „ constraint. The problem can only be 


Sh < Sc (above pinch) 
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Figure 18.11 

Some threshold problems must be treated as pinched problems. 


resolved by splitting a hot stream into two parallel branches, as 
shown in Figure 18.13b. Now each cold stream has a hot stream 
with which to match and be capable of heating it to pinch 
temperature. Thus there is a stream number criterion below the 
pinch, such that (Linnhoff et ah, 1982; Linnhoff and Hindmarsh, 
1983): 

Sh > Sc (below pinch) (18.4) 

Had there been more hot streams than cold below the pinch, this 
would not have created a problem since cold utility can be used 
below the pinch. 

It is not only the number of streams that creates the need to split 
streams at the pinch. Sometimes the CP inequality criteria. Equa¬ 
tions 18.1 and 18.2, cannot be met at the pinch without a stream 
split. Consider the above-pinch part of a problem in Figure 18.14a. 
The number of hot streams is less than the number of cold streams. 


and hence Equation 18.3 is satisfied. However, the CP inequality. 
Equation 18.1, must be satisfied. Neither of the two cold streams 
has a large enough CP. The hot stream can be made smaller by 
splitting it into two parallel branches (Figure 18.14b). 

Figure 18.15a shows the below-pinch part of a problem. The 
number of hot streams is greater than the number of cold streams 
and hence Equation 18.4 is satisfied. However, neither of the two 
hot streams has a large enough CP to satisfy the CP inequality of 
Equation 18.2. The cold stream can be made smaller by splitting it 
into two parallel branches (Figure 18.15b). 

Clearly, in designs different from those in Figures 18.14 and 
18.15, when streams are split to satisfy the CP inequality, this 
might create a problem with the number of streams at the pinch 
such that Equations 18.3 and 18.4 are no longer satisfied. This 
would then require further stream splits to satisfy the stream 
number criterion. Figures 18.16a and 18.16b present algorithms 
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PINCH 





Figure 18.13 

If the number of cold streams below the pinch, at the pinch, is greater than 
the pinch number of hot streams, then stream splitting of the hot steam is 
required. 


Figure 18.12 

If the number of hot streams at the pinch, above the pinch, is greater than 
the number of cold streams, then stream splitting of the cold streams is 
required. 


for the overall approach (Linnhoff et al, 1982; Linnhoff and 
Hindmarsh, 1983). 

One further important point needs to be made regarding stream 
splitting. In Figure 18.14, the hot stream is split into two branches 
with CP values of 3 and 2 to satisfy the CP inequality criteria. 
However, a different split could have been chosen. For example, 
the split could have been into branch CP values of 4 and 1, or 2.5 
and 2.5, or 2 and 3 (or any setting between 4 and 1 and 2 and 3). 
Each of these would also have satisfied the CP inequalities. Thus, 
there is a degree of freedom in the design to choose the branch 
flowrates. By fixing the heat duties on the two units in 
Figure 18.14b and changing the branch flowrates, the temperature 
differences across each unit are changed. The best choice can only 
be made by sizing and costing the various units in the completed 
network for different branch flowrates. This is an important degree 


of freedom when the network is optimized. Similar arguments 
could be made regarding the cold end design in Figure 18.15b. 

Example 18.2 A problem table analysis for part of a high- 
temperature process reveals that for AT min = 20°C the process 
requires 9.2 MW of hot utility, 6.4 MW of cold utility and the pinch 
is located at 520 °C for hot streams and 500 °C for cold streams. 
The process stream data are given in Table 18.2. 


Table 18.2 

Stream data. 


Stream 

Supply 

temperature 

(°C) 

Target 

temperature 

(°C) 

Heat capacity 
flowrate 
(MWK" 1 ) 

No. 

Type 

1 

Hot 

720 

320 

0.045 

2 

Hot 

520 

220 

0.04 

3 

Cold 

300 

900 

0.043 

4 

Cold 

200 

550 

0.02 


H R 
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Figure 18.14 

The CP inequality rules can necessiate stream splitting above the pinch. 
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Figure 18.15 

The CP inequality rules can necessiate stream splitting below the pinch. 


Design a heat exchanger network for maximum energy recov¬ 
ery that features the minimum number of units. 

Solution Figure 18.17a shows the stream grid with the CP 
tables for the above-pinch and below-pinch designs. Following 
the algorithm in Figure 18.16a, a hot stream must be split above the 
pinch to satisfy the CP inequality, as shown in Figure 18.17b. 
Thereafter the design is straightforward and the final design is 
shown in Figure 18.17c. 

The target for the minimum number of units is given by: 

N UNITS = (S — ABOVE PINCH + (v> — 1 )BELOW PINCH 

= (4 - 1) + (5 - 1) 

= 7 

The design in Figure 18.17c is seen to achieve the minimum units 
target. 


18.4 Design for Multiple 
Pinches 

In Chapter 17, it was discussed as to how the use of multiple 
utilities could give rise to multiple pinches. For example, the design 
for the process in Figure 17.2 could have used either a single level 
of hot utility or two steam levels (Figure 17.26a). The targeting 
indicated that instead of using 7.5 MW of high-pressure steam at 
240 °C, 3 MW of this could be substituted with low-pressure steam 
at 180°C. Where the low-pressure steam touches the grand com¬ 
posite curve in Figure 17.26a results in a utility pinch. The high- 
pressure steam also causes a utility pinch below the temperature of 
the high-pressure steam. Figure 18.18a shows the grid diagram 
when two steam levels are used with the two utility pinches 
dividing the process into four parts. 

Following the pinch rules, heat should not be transferred across 
either the process pinch or either of the utility pinches by process- 
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(a) Above the pinch. 



(b) Below the pinch. 


Figure 18.16 

Stream splitting algorithms. 


to-process heat exchange. Also, there must be no inappropriate use 
of utilities. This means that above the high-temperature utility 
pinch shown in Figure 18.18a, high-pressure steam should be used 
and no low-pressure steam or cooling water. Between the utility 
pinches, no utility at all can be used and the heating and cooling 
must be satisfied by only heat recovery. Between the low-temper¬ 
ature utility pinch and the process pinch low-pressure steam should 


be used and no high-pressure steam or cooling water. Below the 
process pinch in Figure 18.18a only cooling water should be used. 
The appropriate utility streams have been included with the process 
streams in Figure 18.18a. 

The network can now be designed using the pinch design 
method (Linnhoff el al., 1982, Linnhoff and Flindmarsh, 1983). 
The philosophy of the pinch design method is to start at the pinch. 
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Figure 18.17 

Maximum energy recovery design for Example 18.2. 


and move away. At the pinch, the rules for the CP inequality and 
the number of streams must be obeyed. Above the high temperature 
utility pinch in Figure 18.18a and below the process pinch in 
Figure 18.18a there is clearly no problem in applying this philoso¬ 
phy. However, between the pinches there is a problem, since 
designing away from both pinches could lead to a clash. 

More careful examination of Figure 18.18a reveals that, 
between the low-temperature utility pinch and the process pinch, 
one is more constrained than the other. Below the utility pinch, 
CP H > CP c is required and low-pressure steam is available as a hot 
stream with an extremely large CP. In fact, if steam is assumed to 
condense or vaporize isothermally, it will have a CP that is infinite. 


Thus, following the philosophy of starting the design in the most 
constrained region, the design between the pinches in 
Figure 18.18a should be started at the most constrained pinch, 
which is the process pinch. 

Finally, the design between the two utility pinches must 
satisfy the constraint CP H > CP c below the high-temperature 
utility pinch and CP H < CP c above the low-temperature utility 
pinch without the use of utilities. This part of the design is the 
most constrained. The design must start from each utility pinch 
and meet feasibly in the middle. Figure 18.18b shows one 
possible design. 

Following this approach, the final design is shown in 
Figure 18.18b. It achieves the energy target set in Example 
17.3 and in the minimum number of units. Remember that, in 
this case, to calculate the minimum number of units, the stream 
count must be performed separately in the four parts of the 
problem. Note that the stream split on the low-pressure steam in 
Figure 18.18b is not strictly necessary, but is made for practical 
reasons. Without the stream split, steam would have to partially 
condense in one unit and the steam-condensate mixture trans¬ 
ferred to the next unit. The stream split allows two conventional 
steam heaters on low-pressure steam to be used. It is clear from 
Figure 18.18b that the use of two steam levels has increased the 
complexity of the design considerably. However, the complex¬ 
ity of the design can be reduced later when the structure is 
subjected to optimization. The optimization can remove units 
that are uneconomic. 

It is rare for there to be two process pinches in a problem. 
Multiple pinches usually arise from the introduction of additional 
utilities causing utility pinches. 


Example 18.3 The stream data for a process are given in 
Table 18.3. 

It has been decided to integrate a gas turbine exhaust 
with the process. The exhaust temperature of the gas turbine 
is 400 °C with CP = 0.05 MW K' 1 . Ambient temperature is 
10 °C. 

a) Calculate the problem table cascade for A T min = 20 °C. 

b) Saturated steam is to be generated by the process at a high- 
pressure level of 250 °C and low-pressure level of 140 °C, each 
from saturated boiler feedwater. The generation of the higher- 
pressure steam is to be maximized. How much steam can be 
generated at the two levels assuming boiler feedwater and final 
steam conditions are both saturated? 

c) Design a network for maximum energy recovety for 
A T mi „ = 20 °C that generates steam at these two levels. 

d) What is the residual cooling demand? 


Solution 

a) The problem table cascade is shown in Table 18.4 for 
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(a) The stream grid. 


UTILITY UTILITY PROCESS 



(b) Network design, 


Figure 18.18 

Network design for the process from Figure 18.2 using two steam levels. 


Table 18.3 Table 18.4 

Stream data. Problem table cascade. 


Stream 

No. Type 

Supply 

temperature 

(°C) 

Target 

temperature 

(°C) 

Heat capacity 
flowrate 
(MWK" 1 ) 

1 

Hot 

635 

155 

0.044 

2 

Cold 

10 

615 

0.023 

3 

Cold 

85 

250 

0.020 

4 

Cold 

250 

615 

0.020 


b) For high-pressure steam, 7* = 260°C and for low-pressure 
steam, T* =150°C. Figure 18.19 shows the grand composite 
curve plotted from the problem table cascade. The two levels of 
steam generation are shown. 

Duty on high-pressure steam generation 


Interval temperature (°C) 

Cascade heat flow (MW) 

625 

0 

390 

0.235 

260 

6.865 

145 

12.73 

95 

13.08 

20 

15.105 

0 

16.105 


By interpolation from the problem table cascade, heat flow at 
7* = 150°C 


= 6.865 + 


(260 - 150) 
(260 - 145) 


X (12.73 -6.865) 


6.865 MW 


= 12.475 MW 
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T * 



Figure 18.19 

Grand composite curve for Example 18.3 showing two levels of steam generation. 


Duty on low-pressure steam generation = 12.475 — 6.865 

= 5.61 MW 

c) The use of two levels of steam generation in Figure 18.19 creates 
two utility pinches. Thus, the stream grid needs to be divided into 
three parts. Figure 18.20 shows the final design, which achieves 
the targets set for both high-pressure (TIP) and low-pressure (LP) 
steam generation. In Figure 18.20 above the HP pinch, the CP of 
Stream 1 and the gas turbine stream are too large to match directly 


against Streams 3 and 4. This is overcome in Figure 18.20 by 
splitting Stream 1 and exploiting the infinite CP of the HP steam 
generation. Between the pinches, the design is started below the 
HP pinch and developed toward the LP pinch, where the infinite 
CP of the LP steam generation can be exploited to satisfy the CP 
inequalities. Below the LP pinch, although the CP inequalities 
can be satisfied by direct matches, the heat duty on Stream 1 is 
small compared with the other streams. If Stream 1 did not exist 
below the LP pinch, then this would call for the gas turbine 


CP 



Figure 18.20 

Network design for Example 18.3. 
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stream to be split. This has been done in Figure 18.20 
because of the small duty on Stream 1. Although the steam 
generation for both high-pressure and low-pressure steam is 
shown with steam splits in Figure 18.20, in practice these units 
would be individual steam generators, each fed with boiler 
feedwater. Also, the stream split for the gas turbine exhaust 
could be accommodated by splitting the gas turbine flow into 
two ducts or by placing two sets of tubes in the same gas turbine 
exhaust located in parallel. The design in Figure 18.20 has 
significant scope for simplification, but at the penalty of 
reduced energy efficiency. Such trade-offs are at the 
discretion of the designer. 

d) There is a cooling demand of 0.22 MW on Stream 1 that needs 
to be satisfied by cold utility and cooling demand of 3.41 MW 
required by the gas turbine exhaust. The cooling of the gas 
turbine exhaust is satisfied by simply venting it to atmosphere 
after heat recovery has been completed. 


18.5 Remaining Problem 
Analysis 

The considerations addressed so far in network design have been 
restricted to those of energy performance and number of units. In 
addition, the problems have all been straightforward to design for 
maximum energy recovery in the minimum number of units by 
ticking-off streams. Not all problems are so straightforward. Also, 
the heat transfer area should be considered when placing matches. 
Here, a more sophisticated approach is needed (Linnhoff and 
Ahmad, 1990). 

When a match is placed, the duty needs to be chosen with some 
quantitative assessment of the match in the context of the whole 
network, without having to complete the network. This can be done 
by exploiting the powers of targeting using a technique known as 
remaining problem analysis. 

Consider the first design for minimum energy in a more 
complex problem than has so far been addressed. If a problem 
table analysis is performed on the stream data, QHmm and Qcmin can 
be calculated. When the network is designed and a match placed, it 
would be useful to assess whether there will be any energy penalty 
caused by some feature of the match without having to complete 
the design. Whether there will be a penalty can be determined by 
performing a problem table analysis on the remaining problem. 
The problem table analysis is simply repeated on the stream data, 
leaving out those parts of the hot and cold stream satisfied by the 
match. One of two results would then occur: 

1) The algorithm may calculate Qmnin and Qcmin to be unchanged. 
In this case, the designer knows that the match will not penalize 
the design in terms of increased utility usage. 

2) The algorithm may calculate an increase in Q Hm m and Qcmin- 
This means that the match is transferring heat across the pinch 
or that there is some feature of the design that will cause cross¬ 
pinch heat transfer if the design was completed. If the match is 


not transferring heat across the pinch directly, then the increase 
in utility will result from the match being too big as a result of 
the tick-off heuristic. 

The remaining problem analysis technique can be applied to 
any feature of the network that can be targeted, such as a minimum 
area. In Chapter 17, the approach to targeting for heat transfer area 
(Equation 17.9) was based on “vertical'’ heat transfer from the hot 
composite curve to the cold composite curve. If heat transfer 
coefficients do not vary significantly, this model predicts the 
minimum area requirements adequately for most purposes (Linnh¬ 
off and Ahmad, 1990). Thus, if heat transfer coefficients do not 
vary significantly, then the matches created in the design should 
come as close as possible to the conditions that would correspond 
with vertical transfer between the composite curves. Remaining 
problem analysis can be used to approach the area target, as closely 
as a practical design permits, using a minimum (or near-minimum) 
number of units. Suppose a match is placed; then its area require¬ 
ment can be calculated. A remaining problem analysis can be 
carried out by calculating the area target for the stream data, leaving 
out those parts of the data satisfied by the match. The area of the 
match is now added to the area target for the remaining problem. 
Subtraction of the original area target for the whole-stream data 
Anetwork gives the area penalty incurred. 

If heat transfer coefficients vary significantly, then the “verti¬ 
cal'' heat transfer model adopted in Equation 17.9 predicts a 
network area that is higher than the true minimum, as illustrated 
in Figure 17.43. Under these circumstances, a careful pattern of 
“nonvertical” matching is required to approach the minimum 
network area. However, the remaining problem analysis approach 
can still be used to steer the design toward a minimum area under 
these circumstances. When heat transfer coefficients vary signifi¬ 
cantly, the minimum network area can be predicted using linear 
programming (Saboo, Morari and Colberg, 1986; Ahmad, Linnh¬ 
off and Smith, 1990). The remaining problem analysis approach 
can then be applied using these more sophisticated area targeting 
methods. Under such circumstances, the design is likely to be 
difficult to steer toward the minimum area and an automated design 
method can be used, as will be discussed later. 

Example 18.4 The stream data for a process are given in 
Table 18.5. 


Table 18.5 

Stream data. 


Stream 

Supply 

temperature 

(°C) 

Target 

temperature 

(°C) 

Heat capacity 
flowrate 
(MWK" 1 2 ) 

No. 

Type 

1 

Hot 

150 

50 

0.2 

2 

Hot 

170 

40 

0.1 

3 

Cold 

50 

120 

0.3 

4 

Cold 

80 

110 

0.5 
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Steam is available condensing between 180 and 179°C and 
cooling water between 20 and 30 °C. All film transfer coefficients 
are 200 Wm _2 K _1 . For A T milt = 10°C, the minimum hot and cold 
utility duties are 7 MW and 4 MW respectively, corresponding with a 
pinch at 90 °C on the hot streams and 80 °C on the cold streams. 

a) Develop a maximum energy recovery design above the pinch 
that comes close to the area target in the minimum number of 
units. 

b) Develop a maximum energy recovery design below the pinch 
that comes as close as possible to the minimum number of units. 

Solution 

a) The area target for the above-pinch problem shown in 
Figure 18.21 is 8859 m". If the design is started at the pinch 
with Stream 1, then Figure 18.21a shows a feasible match that 
obeys the CP inequality. Maximizing its duty to 12 MW allows 
two streams to be ticked off simultaneously. This results from a 
coincidence in the stream data, the duties for Streams 1 and 3 
being equal above the pinch. The area of the match is 6592 m 2 
and the target for the remaining problem above the pinch is 
3419 m 2 , giving a total of 10,011nr. Thus, the match in 
Figure 18.21a causes the overall target to be exceeded by 
1152 m 2 (13%). This does not seem to be a good match. 

Figure 18.21b shows an alternative match for Stream 1 that 
also obeys the CP inequality. The tick-off heuristic also fixes its 


FINCH 



ITIMTOl 


duty to be 12 MW. The area for this match is 5087 m 2 and the 
target for the remaining problem above the pinch is 3788 m 2 , 
giving a total of 8875 m 2 . Thus, the match in Figure 18.21b 
causes the overall target to be exceeded by 16 m 2 (0.2%). This 
seems to be a better match and therefore is accepted. 

Placing the next match above the pinch as shown in 
Figure 18.21c also allows the CP inequality to be obeyed. 
The area for both matches in Figure 18.21c is 7856 m 2 and 
the target for the remaining problem is 1020 m 2 . giving a total of 
8876 m 2 . Accepting both matches causes the overall area target 
to be exceeded by 17 m 2 (0.2%). This seems to be reasonable and 
both matches are accepted. No further process-to-process 
matches are possible and it remains to place hot utility, 
b) The cold utility target for the problem shown in Figure 18.22 is 
4 MW. If the design is started at the pinch with Stream 3, then 
Stream 3 must be split to satisfy the CP inequality (Figure. 18.22a). 
Matching one of the branches against Stream 1 and ticking 
off Stream 1 results in a duty of 8 MW. This is a case in 
which the tick-off heuristic has caused problems. The match is 
infeasible, because the temperature difference between the streams 
at the cold end of the match is infeasible. Its duty must be reduced 
to 6 MW to be feasible without either stream being ticked off 
(Figure 18.22b). 

Figure 18.22c shows an additional match placed on the other 
branch for Stream 3 with its duty maximized to 3 MW to tick off 
Stream 3. No further process-to-process matches are possible and 
it remains to place cold utility. 




Figure 18.21 

Above the pinch design for Example 18.4. 


Figure 18.22 

Below the pinch design for Example 18.4. 
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Figure 18.23 

Alternative designs for Example 18.4. 


Figure 18.23a shows the complete design, achieving maxi¬ 
mum energy recovery in one more unit than the target mini¬ 
mum, due to the inability to tick off streams below the pinch. If 
the match in Figure 18.21a had been accepted and the design 
completed, then the design in Figure 18.23b would have been 
obtained. This achieves the target for the minimum number of 
units of 7 (at the expense of excessive area). This results from 
the coincidence of data mentioned earlier in Figure 18.21a, 
which allowed two streams to be ticked off simultaneously. The 
result is that the design above the pinch uses one fewer unit than 
the target, owing to the formation of two components above the 
pinch. The design below the pinch uses one more than the target 
and the net result is that the overall design achieves the target for 
the minimum number of units. 


For R^\: 


( Rk - 1 )Tmk + Rk(X - l)Td*+(l — R k X)T mk = 0 R k F 1 

(18.5) 

{X— 1)77,1,1 +X(Rk - l)7'cu+(l — R k X)TC 2 k =0 Rk ^ 1 

(18.6) 


For R = 1: 


Thu + YT CU - (7 + 1) T H2k =0 R k = 1 (18.7) 

YT mk + Ten ~(Y+ 1 )Tc2k = 0 R k = 1 (18.8) 


where 

(18.9) 
(18.10) 
(18.11) 

CP Hk = heat capacity flowrate for the hot stream (product of 
mass flowrate and specific heat capacity) for Fleat 
Exchanger k 

CP C k = heat capacity flowrate for the cold stream (product of 
mass flowrate and specific heat capacity) for Fleat 
Exchanger k 

Thu = inlet temperature of the hot stream for Heat 
Exchanger k 

Tmk = outlet temperature of the hot stream for Heat 
Exchanger k 

Ten = inlet temperature of the cold stream for Heat 
Exchanger k 

Tcik = outlet temperature of the cold stream for Heat 
Exchanger k 

U k = overall heat transfer coefficient for Heat Exchanger k 
A k = heat transfer area for Heat Exchanger k 
F T k = logarithmic mean temperature correction factor for 
Heat Exchanger k 


Rk = 


CP C k 

CP Hk 


X = exp 


U k A k (Rk - 1 )Frk 
CP ck 


Y = 


UkA k Fj k 

CP ck 


18.6 Simulation of Heat 
Exchanger Networks 

Once a network structure has been created, further design detail can 
be added. The whole network performance can then be simulated. 
In the simplest case, the values of U for each heat exchanger are 
estimated or calculated and then fixed. The A T LM for each heat 
exchanger is known from the preliminary design, which allows the 
heat transfer area A for each heat exchanger to be determined. If the 
values of U and A are fixed and the CP for each stream is constant, 
then the simulation equations for an individual heat exchanger 
(Equations 12.83, 12.86, 12.88, 12.93, 12.95, 12.105 and 12.106) 
can be written for each heat exchanger in the network: 


If there are stream splits, the mixer associated with each split 
requires an additional equation. Assuming no heat of mixing: 


T MIX = 


EiCP; 


Y CP < T < 


(18.12) 


where T M ix = temperature of the mixing junction (°C) 

CP, = heat capacity flowrate of Stream i entering the 
mixing junction (kW-KT 1 ) 

T, = temperature of Stream i entering the mixing 
junction (°C) 

Consider the application of these equations to a heat exchanger 
network. The first thing that needs to be understood is the number 
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Figure 18.24 

An example heat exchanger network. (Reproduced 
from Ning Jiang, Jacob David Shelley, Steve Doyle, 
Robin Smith (2014) Heat exchanger network retrofit 
with a fixed network structure. Applied Energy , 127: 
25-33, with permission from Elsevier.) 


of unknown temperatures that need to be determined. The number 
of unique temperature nodes in a network is given by: 


Number of 


temperature nodes 



Number of streams 


+ 2x 


Number of 
L heat exchangers J 


Number of’ 
mixers 
(18.13) 


As an example, consider the number of unique temperature nodes 
in the network in Figure 18.24: 


Number of 
temperature nodes 


[6 + 2] + 2 x [12] + [0] = 32 (18.14) 


Thus there are 32 temperature nodes, some of which are known. 
The initial temperatures of the process steams and utility streams 
are known, of which there are eight in total. That leaves 24 
temperatures unknown. Two equations can be written for each 
heat exchanger, which leaves 24 equations and 24 unknown 
temperatures. 

If I/*, A k , R k , CP C k, CP Hk and Nshells are fixed then Equations 
18.5 to 18.8 and 18.12 are a set of linear equations. Equations 18.5 
and 18.8 are linear because Equations 12.42 and 12.43 show that 

is a function of R and P j_ 2 . In turn, Equation 12.103 shows that 
P\- 2 is a function of U k , A k , R K , CP ck and Nshells- Thus if U k , A k , 
R k , CPci- CP Hk and Nshells are fixed then X and Y above are also 
fixed and if CP, are fixed in Equation 18.12 then Equations 18.5 to 
18.8 and 18.12 are a set of linear equations. This set of simulta¬ 
neous linear equations can be solved efficiently using, for example, 
the LU Decomposition Method (Press et al., 2007). It should be 
noted that the specified target temperatures of the streams will not 
necessarily be achieved, as this is a simulation calculation in which 
the final network temperatures are to be calculated. 

The approach can be adapted to streams with nonlinear heat 
capacity flowrates. Figure 18.25 illustrates the approach for non¬ 
linear stream heat capacity, showing how the enthalpy-tempera¬ 
ture profile can be linearized between the inlet and outlet 
temperatures. A similar approach can be adopted as used for the 


linear CP case. This time, however, the enthalpy of the stream must 
be defined as a function of temperature, as shown in Figure 18.25. 
Knowing enthalpy as a function of temperature, each time the 
temperatures are set at an intermediate point in the solution of 
Equations 18.5 to 18.11, the inlet and outlet temperatures for each 
heat exchanger define points on the temperature-enthalpy profile 
for the stream, as shown in Figure 18.25. This defines the enthalpy 
change for the stream across the heat exchanger, from which CP Hk 
and CPc k can be calculated. However, the nonlinear temperature- 
enthalpy profile makes the equation set nonlinear. Different meth¬ 
ods can be used to solve the set of nonlinear equations (Press et al ., 
2007). One way is to use a nonlinear equation solver to manipulate 
the temperatures and use the LU Decomposition Method to solve 
the network for each iteration. 

Finally, it is possible to go one step further and introduce the 
models for U k developed in Chapter 12. This allows a detailed 
simulation of the whole network in a nonlinear model. 



Figure 18.25 

Nonlinear stream heat capacity linearization for Heat Exchanger k. 
(Reproduced from Ning Jiang, Jacob David Shelley, Steve Doyle, Robin 
Smith (2014) Heat exchanger network retrofit with a fixed network 
structure, Applied Energy, 127: 25-33, with permission from Elsevier.) 
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18.7 Optimization of a 
Fixed Network Structure 

The pinch design method creates a network structure based on the 
assumption that no heat exchanger should have a temperature 
difference smaller than A T min . Having created a structure for the 
heat exchanger network, the structure can be subjected to continu¬ 
ous optimization. The constraint that no exchanger should have a 
temperature difference smaller than A T min can be relaxed during 
the optimization. The continuous optimization of heat exchanger 
networks is based on the redistribution of the exchanger duties. 
Some exchangers should perhaps be larger, some smaller and some 
perhaps removed from the design altogether. Exchangers are 
removed from the design if the optimization sets their duty to zero. 

Given a network structure, it is possible to identify loops and 
paths for it, as in Section 17.11 (Linnhoffeta/., 1982; Linnhoff and 
Hindmarsh, 1983). Within the context of optimization, only those 
paths that connect two different utilities need to be considered. This 
could be a path from steam to cooling water or a path from high- 
pressure steam used as hot utility to low-pressure steam also used 
as hot utility. These paths between two different utilities will be 
termed utility paths. Loops and utility paths both provide degrees 
of freedom in the optimization. 

Consider Figure 18.26a, which shows the network design from 
Figure 18.7, but with a loop highlighted. Heat can be shifted around 
loops. Figure 18.26a shows the effect of shifting heat duty u around 
the loop. In this loop, heat duty u is simply moved from Unit E to 
Unit B. The change in heat duties around the loop maintains the 


network heat balance and the supply and target temperatures of the 
streams. However, the temperatures around the loop change and 
hence the temperature differences of the exchangers in the loop 
change in addition to their duties. The magnitude of u could be 
changed to different values and the network costed at each value to 
find the optimum setting for u. If the optimum setting for u turns out 
to be 6.5 MW (the original duty on Unit E), then the duty on one of 
the exchangers is zero and should be removed from the design. 

Figure 18.26b shows the network with another loop marked. 
Figure 18.26b shows the effect of shifting heat duty v around the 
loop. Again the heat balance is maintained, but the temperatures as 
well as the duties around the loop change. As before, the value of v 
can be optimized by costing the network at different settings of v. If 
v is optimized to 7.0 MW (the original duty on Unit A), then the 
duty on A becomes zero and this unit is removed from the design. 
Note again that once optimization is started, there is no longer a 
constraint to maintain temperature differences to be larger than 
A T ■ 

L - x± mirr 

Figure 18.27a shows the network with autility path highlighted. 
Heat duty can be shifted along utility paths in a similar way to that 
for loops. Figure 18.27a shows the effect of shifting heat duty w 
along the path. This time the heat balance changes because the 
loads imported from hot utility and exported to cold utility both 
change by w. The supply and target temperatures are maintained. If 
w is optimized to 7.0 MW, this will result in Unit A being removed 
from the design. Different values of w can be taken and the network 
sized and costed at each value to find the optimal setting for w. 
Figure 18.27 shows other utility paths that can be exploited for 
optimization. 


Figure 18.26 

The loops that can be exploited for the optimization of 
the design for Figure 18.7. 




(b) Another loop allowing heat duties to be changed without changing the utility consumption. 
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(a> (b) 






Figure 18.27 

The utility paths that can be exploited for the optimisation of the design from Figure 18.7. 


In fact, the optimization of the network requires that u, v, w, x, y 
and z in Figures 18.26 and 18.27 must be optimized simulta¬ 
neously. Furthermore, stream splits may exist in the design and 
variations of their branch flowrates can be superimposed on the 
exploitation of loops and paths in the optimization. During this 
optimization, the design is no longer constrained to have tempera¬ 
ture differences larger than A T min (although very small values in 
individual heat exchangers should be avoided for practical rea¬ 
sons). Also, pinches no longer divide the design into independent 
thermodynamic regions and there is no longer any concern about 
cross-pinch heat transfer. The objective now is simply to minimize 
cost. 

Thus, loops, utility paths and stream splits offer the degrees of 
freedom for manipulating the network cost. The objective function 
in new design is usually to minimize total cost, that is, combined 
operating and annualized capital cost. The annualization period 
chosen for the capital cost will have a direct influence on the 
optimization. A longer annualization period will lead to more 
energy-efficient designs. 

In practice, rather than manipulate loops and paths explicitly, 
the optimization is normally formulated such that the individual 
duties on each match are varied in the multivariable optimization, 
subject to: 

• the total enthalpy change on each stream being within a speci¬ 
fied tolerance of the original stream data, 

• non-negative heat duty for each match. 


• positive temperature difference for each exchanger to be greater 
than a practical minimum value for a given type of heat 
exchanger, 

• for stream splits, branch flowrates must be positive and above a 
practical minimum flowrate. 

In a network, some of the duties on the matches will not be 
able to be varied because they are not in a loop or a utility path. 
This simplifies the optimization. The problem is one of multi- 
variable nonlinear continuous optimization (Gunderson and 
Naess, 1988). 

If the network is optimized at fixed energy consumption, then 
only loops and stream splits are exploited. When energy consump¬ 
tion is allowed to vary, utility paths must also be included. As the 
network energy consumption increases, the overall capital cost 
tends to decrease and vice versa. 


Example 18.5 Evolve the heat exchanger network in 

Figure 18.7 to simplify its structure. 

a) Remove the smallest heat recovery unit from the network by 
exploiting the degree of freedom in a loop. 

b) Recalculate the network temperatures and identify any 
violations of the A T min = 10 °C constraint. 

c) Restore the original A T min = 10 °C throughout the network by 
exploiting a utility path. 


18 







522 Chemical Process Design and Integration 


Solution 

a) Figure 18.28a shows the network from Figure 18.7 with a loop 
highlighted involving the unit with the smallest heat duty 
(6.5 MW). A heat duty of 6.5 MW has been shifted around 
the loop to adjust the smallest unit to a duty of zero. This will 
change the temperatures around the loop. 


b) Heat balances around the units for the new heat duties allow the 
new temperatures in the network to be calculated, as shown in 
Figure 18.28b. Also highlighted in Figure 18.28b is a unit with an 
infeasible temperature difference. Not only is it less than the 
original A T min of 10 °C, it is actually negative. Removing a unit 
in this way will always create a temperature difference smaller 
than the original AT,,,,-,,, if the hot and cold utility remain fixed. 
There is a minimum number of units to satisfy the problem for hot 


, 250° 


LOOP 




if 

m 200 ° 


1 

1 ( 

LU 


1 

i 

1 

1 

„ 180" 


1 

i 

c 

\ L_ 



230"^ 

18.0+6.5MWI 


O- 


40" 


o-t-o 


llO.OMW 1 


6 


140" 


II7.5MWI I6.5-6.5MWI 


i 7.5MW I I7.0MW I I12.5MW1 

(a) The network with 6.5 MW of heat shifted around a loop. 


80° 


CP 

(MW-K-'H 

0.15 


025 


20 " 


0 02 


0.3 


0 

0 


250° 


o—CP 2 ! 


200 ° 


180° 


^ 40" W"> 

-► 0.15 


I IQ.OMWl 




80" 


0.25 


.^1107.5”! 


I14.SMWI 


<2%—o- 


- 6 — 

I17.5MWI 


20 ° 


12.5MW 


I 7.5MW I ITOMW I 


0 0.2 

0.3 


(b) Calculating intermediate network temperatures reveals on infesiable temperature 
difference. 
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(e) Increasing the heat flow along a utility path allows the feasible temperature difference 
to be restored. 


Figure 18.28 

Evolution of a network to remove a unit. 
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utility consumption of Q Hmin and a cold utility consumption of 
Q Cm in* subject to the A T min constraint. If a unit is then removed, 
something must be violated. By its nature, shifting heat load 
around a loop does not change the energy consumption, but 
does change internal temperatures, 
c) Given the infeasible temperature difference in Figure 18.28b, 
this can be corrected by exploiting a utility path to change the 
temperatures in the network at the expense of increased energy 
consumption. Figure 18.28c shows the network with a utility 
path highlighted. The utility path allows one of the infeasible 
temperatures to be adjusted (Stream 2 in this case). If the 
original A T min of 10 °C is to be restored, then the intermediate 
temperature of Stream 2 needs to be adjusted to 117.5 °C, as 
shown in Figure 18.28c. The unknown is how much additional 
heat duty (x MW) needs to be shifted along the utility path to 
restore the temperature to 117.5 °C. This can be determined by 
a simple heat balance around the cooler: 

10.0 + x = 0.15(117.5 -40) 
x- 1.6 MW 

Thus the hot and cold utility consumption both need to be 
increased by 1.6 MW to restore the A T min to the original 
10 °C. In fact there is no justification to restore the A T min 
back to the original 10 °C. The amount of additional energy 
shifted along the utility path is a degree of freedom that 
should be set by cost optimization. However, the example 
illustrates how the degrees of freedom can be manipulated 
in network optimization. 


18.8 Automated Methods of 
Heat Exchanger Network 
Design 

Having considered a manual method for the design of heat 
exchanger networks, now consider automated approaches. Manual 
methods for network design are adequate for smaller problems. 
However, larger and more complex problems demand greater 
automation. Also, it is often necessary to account for more details 
of equipment design when creating the network. Two basic 
approaches are possible for the automation of network design. 

1) Optimization of a superstructure. Manual methods for heat 
exchanger network design are based on the creation of an 
irreducible structure. No redundant features are included. 
However, after the structure has been created, some features 
might be removed later by optimization. Any scope for sim¬ 
plification of the network by optimization to remove features is 
a consequence of the assumptions made during the creation of 
the initial structure. However, no attempt is made to deliber¬ 
ately include redundant features. 

The first approach to automated network design uses deter¬ 
ministic optimization to optimize a superstructure (Floudas, 


Ciric and Grossman, 1986). A superstructure is created that 
deliberately includes redundant features. This is then subjected 
to deterministic optimization. Redundant features are removed 
by the optimization, leaving the final network design. Floudas, 
Ciric and Grossmann (1986) showed how a heat exchanger 
network superstructure could be set up with all structural 
features included. The basic network superstructure is illus¬ 
trated in Figure 18.29a. This shows a single stream split into 
three branches, with a match on each branch. A number of 
additional connections are included, such that the basic struc¬ 
ture in Figure 18.29a can be evolved to any of the structures in 
Figure 18.29b by the removal of the appropriate connections 
from Figure 18.29a. Figure 18.29 illustrates how the super¬ 
structure could be evolved to different parallel, series, series- 
parallel and parallel-series configurations by the removal of the 
appropriate connections from the superstructure. Figure 18.30 
illustrates the approach as applied to part of a heat exchanger 
network problem involving two hot streams, two cold streams 
and steam. Figure 18.30a shows a superstructure for that part of 
the network. All structural features have been included. The 
approach is to then optimize the superstructure in order to 
remove the unnecessary features and minimize the cost. 
Figure 18.30b shows the evolution to one possible outcome. 

Whilst this approach seems simple in principle, the 
optimization required is a mixed integer nonlinear program¬ 
ming problem (MINLP, see Chapter 3). This is a difficult 
optimization problem with all of the issues associated with 
local optima. 

Another issue is how to set up the initial superstructure. The 
problem could be divided at the pinch, as done in the pinch 
design method, and a superstructure set up on each side of the 
pinch, like the one in Figure 18.30. However, for large complex 
problems this would not be comprehensive enough in terms of 
the number of structural options. The overall problem could 
therefore be divided into enthalpy intervals, as shown in 
Figure 18.31, in which a superstructure is created within 
each enthalpy interval (Yee, Grossmann and Kravanja, 
1990). This brings the potential danger of an overcomplex 
superstructure with the danger of the optimization finding an 
unnecessarily complex final design. Rather than dividing the 
composite curves into enthalpy intervals, as shown in 
Figure 18.31, with a superstructure within each enthalpy 
interval, some enthalpy intervals can be merged together 
into blocks (Zhu etal, 1995). Blocks can be created by merging 
together enthalpy intervals such that there is at least a feasible 
minimum temperature difference between all hot and cold 
streams throughout the block. A superstructure is then created 
within each block, rather than each enthalpy interval. This 
simplifies the complete superstructure for the whole network. 

The major advantage of the superstructure approach to heat 
exchanger network design is that, in principle, it is capable of 
designing large networks with complex constraints and 
accounting for equipment details. One major disadvantage 
of the approach is that the optimization is a difficult MINLP, 
particularly for large problems. Another significant dis¬ 
advantage is that, because a computer carries out the optimiza¬ 
tion, the designer is removed from the decision making. 
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(a) Basic network superstructure. 
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(b) Possible evolutions from the basic superstructure. 


Figure 18.29 

Basic superstructure allows evolution to all stiuctual options. 


2) Automated design using stochastic search optimization. 
Rather than using deterministic optimization to optimize a 
superstructure, an automated approach based on stochastic 
search optimization can be developed (Dolan, Cummings 
and Le Van, 1990). The most commonly used approach 
exploiting stochastic search optimization is simulated 


annealing (see Chapter 3). In this approach, an initial design 
is first created. The initial design can be in principle any feasible 
design and does not need to include all features that are 
candidates for the final design. This is in contrast with the 
superstructure approach. The initial design is then subject to an 
evolutionary development using simulated annealing moves. 




Figure 18.30 

Heat exchanger network design from the optimization of a superstructure. 
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Figure 18.31 

Create a superstructure for each enthalpy interval. 


The moves can be continuous moves, changing, for example, 
heat exchanger duties. The moves can also be structural moves, 
for example, adding a new heat exchanger to the design. The 
various moves in the design can be categorized as: 
Continuous moves: 

• Change a heat exchanger duty. 

• Change a flow fraction of a stream split. 

Discrete moves to change the network configuration: 

• Add a heat exchanger. 

• Delete a heat exchanger. 

• Move a heat exchanger to a new location. 

• Add a stream split. 

• Delete a stream split. 

After each move, the network energy balance needs to be 
restored, the network simulated and the objective function 
evaluated. Different mechanisms are possible to restore the 
energy balance. The stochastic search optimization then fol¬ 
lows an evolution as described in Chapter 3. The optimization 
does not depend on gradients and is not trapped by local optima. 
In principle, the optimization can start from any initial feasible 
design and, allowed enough time, will find the region of the 
global optimum. In practice, because the number of moves is 
limited by computational constraints and the moves themselves 
are subject to rules programmed into the optimization, the 
initial design can make a difference. It is generally better to start 
with a more complex initial design than a simpler initial design. 
Another point to note is that even continuous moves, such as 
changing a heat exchanger duty, take finite steps. Because of 


this, the final design can be fine-tuned using nonlinear pro¬ 
gramming continuous optimization. It is straightforward to 
include constraints in the approach based on stochastic search 
optimization. For example, if it is necessary to forbid a particu¬ 
lar match between two streams, then the probability of that 
move in simulated annealing can be set to zero (see Chapter 3). 

18.9 Heat Exchanger 
Network Retrofit with a Fixed 
Network Structure 

So far, all considerations regarding the targeting and design of heat 
exchanger networks have related to new, or grassroot, design. It is 
often necessary to retrofit an existing heat exchanger network. The 
need to retrofit might arise from a desire to reduce the utility 
consumption of the existing network, the need to increase the 
throughput, modification of the feed to the process or a modifica¬ 
tion to the product specifications. All of these objectives might 
require heat duties within the network to be changed. Consider first 
the case when the network structure is fixed. Whilst this seems to be 
unnecessarily constrained, it can be desirable to maintain a low 
capital cost for the retrofit. Changing the network structure of heat 
exchanger networks to allow new equipment is often extremely 
expensive because of the piping and civil engineering costs. Even 
further, modifying existing plant to change the network structure 
might not be possible as a result of congestion in the plant layout. 
Cost-effective retrofit most often involves the fewest modifications 


18 

















































































526 Chemical Process Design and Integration 


to the existing network. Thus, retrofitting the network with a fixed 
structure is an extreme case of the retrofit problem. Later, retrofit 
allowing change in the network structure will be explored. 

If the network overall heat recovery performance is to be 
increased to allow increased overall heat recovery or to accommo¬ 
date increased throughput, then this will require increased heat 
duties for the network matches at various places in the network. 
There are two general ways that allow the duty of a match to be 
increased. Either the heat transfer area can be increased or the 
overall heat transfer coefficient can be increased. Either of these 
changes on individual matches might enhance the performance of 
the overall network to a greater or lesser extent, depending on the 
details of the design of the heat exchangers and the network 
structure. 

1) Increase in the heat transfer area. If shell-and-tube heat 
exchangers are being used, and additional heat transfer area 
is required, it might be possible to install a new tube bundle with 
a more compact tube layout into an existing shell if the 
additional area requirement is small. If this is not feasible, 
then the existing area can be supplemented by adding a new 
shell (or more than one shell if there is a large area requirement) 
in: 

a) Series. The addition of new exchangers in series to the 
existing match will lead to an increase in the overall 
pressure drop across the match. This might be important 
if the pump (or compressor) is close to its maximum 
capacity. 

b) Parallel. The addition of new exchangers in parallel will 
leave the pressure difference largely unchanged. The pres¬ 
sure drop across the match will be the largest between that of 
the existing exchangers under the new conditions and new 
exchangers installed in parallel. 

Rather than shell-and-tube heat exchangers, the network 
might involve plate-and-frame heat exchangers (see 
Chapter 12). Adding additional area to plate-and-frame heat 
exchangers is generally more straightforward than shell-and- 
tube exchangers. Plate-and-frame heat exchangers can often 
have their area increased by adding additional plates to the 
existing frame. If an additional frame needs to be added to 
provide the additional area, then the new frame can be added in 
series or parallel with the existing frame. Series arrangements 
increase the pressure drop. Parallel arrangements decrease the 
flowrate through each frame and decrease the heat transfer 
coefficient in the existing frame. The pressure drop across the 
match will be the largest between that of the existing exchang¬ 
ers under the new conditions and new exchangers installed in 
parallel. 

2) Increase in the overall heat transfer coefficient. Increasing 
the overall heat transfer coefficient is equivalent to increasing 
the heat transfer area. Changes to the number of tube passes or 
the baffle arrangement might allow the heat transfer coefficient 
to be enhanced. Alternatively, tube inserts can be used, as 
discussed in Chapter 12. A major disadvantage in using tube 
inserts is that it will increase the pressure drop in each tube pass. 
In retrofit this can be important, as the pumps driving the flow 


might be limited in their capacity to meet the required increase 
in pressure drop (see Chapter 13). However, as discussed in 
Chapter 12, an increase in the pressure drop is not inevitable 
when using tube inserts for heat transfer enhancement. 
Although tube-side enhancement increases the pressure drop 
per tube pass, the number of tube passes might be decreased by 
changes to the tube-side partition plates. 

Given that the network simulation calculations are extremely 
rapid once set up, it is straightforward to explore changes of a fixed 
network structure through a sensitivity analysis. This is especially 
the case when stream heat capacities are constant. If the objective 
of a retrofit is to reduce the load on a particular utility exchanger, 
then the retrofit is guided by the sensitivity of the inlet temperature 
to that utility exchanger to changes in the UA of existing heat 
exchangers in the network. In such a sensitivity analysis, different 
values of U and A are assumed for a particular match and a 
simulation calculation carried out for each setting. This is also 
carried out for other heat exchangers that might be candidates to 
improve the network performance. The sensitivity of network 
performance to changes to each candidate heat exchanger is 
then compared. In this way, the heat exchangers within the network 
that are most influential to the inlet temperatures of utility exchang¬ 
ers can be identified. 

The approach involves the following steps: 

Step 1. If changes to the network structure are not allowed, then 
reduction in the duty on a particular utility exchanger can only 
be brought about by modifying heat exchangers located on a 
utility path involving that utility exchanger. Thus the network 
structure needs to be analyzed to identify those exchangers 
located on a utility path involving the utility exchanger being 
studied. 

Step 2. For those heat exchangers located on utility paths for the 
utility exchanger being studied, a sensitivity analysis is carried out 
to identify the most influential heat exchanger to bring about a 
reduction in the consumption of that utility. 

Step 3. The most influential heat exchanger identified in Step 2 is 
increased in performance either by heat transfer enhancement or 
addition of heat transfer area, depending on the feasibility and 
preferences. If the retrofit objective is to reduce the utility con¬ 
sumption, then the feasibility of the network retrofit will be 
violated when the addition of duty to a process heat exchanger 
exceeds the duty on one of the utility exchangers on the utility path. 
In other words, as the duty on a process heat exchanger is increased, 
the corresponding reduction on the utility exchangers will mean 
that at some point the duty on one of the utility exchangers becomes 
zero and it is essentially removed from the network. Otherwise, the 
stream target temperatures will not be able to be maintained. In 
addition to checking that the changes in the duties are feasible, it is 
also advisable to check whether the changes in the duties result in 
infeasible temperature differences in the network. 

Step 4. Having enhanced one of the heat exchangers, the target 
temperatures will no longer be achieved. Stream target tempera¬ 
tures are then corrected to bring them within acceptable bounds by 
adjusting the loads on utility exchangers, and if necessary enhanc¬ 
ing additional process heat exchangers. 
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Table 18.6 

Heat exchanger data. 


Exchanger 

Duty (kW) 

UA 

(kWK' 1 ) 

V SHELLS 

Ft 

1 

6141 

205 

2 

0.878 

2 

6135 

259 

2 

0.820 

3 

5557 

100 

1 

0.882 

4 

2689 

34.2 

1 

0.937 

5 

3431 

59.7 

1 

0.978 

6 

2292 

59.9 

1 

0.831 

7 

3623 

41.4 

1 

0.985 

Cl 

657 

- 

- 

- 

C2 

1142 

- 

- 

- 

C3 

817 

- 

- 

- 

C4 

881 

- 

- 

- 

H 

14,453 

- 

- 

- 


Step 5. Having enhanced the network performance and brought 
the target temperatures back to within acceptable bounds, the new 
network design becomes a new base case for further possible 
improvement. Steps 2 to 4 are repeated until the retrofit objective is 
satisfied or the retrofit scope is exhausted. 

The approach can be demonstrated on the network shown in 
Figure 18.24. The duties, UA values and other details are given in 
Table 18.6. 

Suppose the objective is to retrofit in order to decrease the 
energy consumption of the heater. This can be interpreted as an 


objective to increase the process stream temperature entering the 
heater. From Figure 18.24, all heat exchangers except Heat 
Exchanger 7 are located on a utility path to the heater. A sensitivity 
analysis is carried out by varying the UA for Heat Exchangers 1 to 6 
in increments and resimulating the network to calculate the change 
in the inlet temperature to the heater. The simulations are very rapid 
and robust, allowing this to be done quickly using software. 
Figure 18.32 shows the results graphically, in which the 
A-Tobjective is the change in temperature at the inlet to the heater 
as a result of changes to the UA in each heat exchanger in turn. The 
change in UA can be interpreted as a change in the U through heat 
transfer enhancement, or a change in the area A through the addition 
of new shells, or a combination of both. It is clear from Figure 18.32 
that Heat Exchanger 5 is by far the most influential to increase the 
heater inlet temperature. An examination of the duties along the 
utility path for Heat Exchanger 5 reveals that the maximum increase 
in the duty is 817 kW. This is the duty that removes Cooler C3 from 
the network. Increasing the duty on Heat Exchanger 5 by 817 kW 
corresponds with a temperature change at the inlet of the heater of 
5.7 °C. In turn, from Figure 18.32 this corresponds to an increase of 
almost 50% in the UA for Heat Exchanger 5. If the duties are 
changed along the utility path, then a check of the temperatures 
reveals that there are no small temperature differences, and the 
proposed retrofit appears feasible in the context of the network. 

Assuming an enhanced UA of 49% for Exchanger 5 with all 
other exchangers having the original UA from Table 18.6, the 
network is simulated in Figure 18.33a. The basis of the simulation 
is that the process heat exchangers have a fixed UA, but the utility 
heat exchangers are assumed to have fixed duty. The required 
target temperatures are no longer achieved. The network then 
needs to be balanced to achieve the required target temperatures. 
For this problem, this can be achieved by adjusting the duties on the 
heater and the coolers. To balance the network, the network is 
simulated for different settings of the heater and cooler duties and 
keeping the UA of the process heat exchangers fixed until the target 
temperatures are achieved. The result after balancing is shown in 


kToiuuc rm 



AUA 

(%> 


Figure 18.32 

Network sensitivity analysis. (Reproduced from Ning 
Jiang, Jacob David Shelley, Steve Doyle, Robin Smith 
(2014) Heat exchanger network retrofit with a fixed 
network structure, Applied Energy , 127 : 25-33, with 
permission from Elsevier.) 
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Figure 18.33 

Network changes after heat transfer enhancement. 
(Reproduced from Ning Jiang, Jacob David Shelley, 
Steve Doyle, Robin Smith (2014) Heat exchanger 
network retrofit with a fixed network structure. 
Applied Energy , 127 : 25-33, with permission 
from Elsevier.) 
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(a) Network after enhancement of Heat Exchanger 5. 
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(b) Network after enhancement of Heat Exchanger 5 
and network balancing. 
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Figure 18.33b. The final heater duty is 13,729 kW. This represents 
a saving of 724 kW of hot utility. The saving in cold utility is 
742 kW. This discrepancy between the hot and cold utility saving 
figures is caused by minor differences between the original target 
temperatures and those achieved in Figure 18.33b. In practice, 
there is always some tolerance on the target temperatures, depend¬ 
ing on the destination of the stream. The design in Figure 18.33b 
achieves a saving in hot utility of 5.1%. It should be noted that the 
change in hot utility is not 817 kW, due to the downstream effects 
of the enhancement of Heat Exchanger 5. In the overall picture, the 
heat load on any given process exchanger after balancing depends 
on the UA of the heat exchangers. 

In this example the balancing of the network was achieved 
through manipulation of the utility exchanger duties. In more 
complex examples, the balancing might require adjustment of 
the UA of some of the process heat exchangers in addition to 
manipulation of the utility exchanger duties. 

Now knowing how much equipment enhancement is required, 
detailed modification of Heat Exchanger 5 can be explored to 
achieve the required enhancement. The enhancement of existing 
heat exchangers can be made by adding a new area or enhancing 
heat transfer. Two commonly used heat transfer enhancement 
techniques are considered here: twisted tapes and coiled wires 


(see Section 12.8). The details of Heat Exchanger 5 are given in 
Table 18.7. 

Heat Exchanger 5 is tube-side controlled and a potential 
candidate for tube insert enhancement (see Section 12.8). Thus, 
tube inserts are considered for this case. The performance models 
for twisted tapes and coiled wires given in Section 12.8 are used to 
calculate the enhanced heat exchanger performance. 

Given the required duty enhancement of 817 kW for Heat 
Exchanger 5, different enhancement designs can be obtained. 
The first option is a new unit installed in series with the existing 
unit with an area of 113 m 2 , assuming the heat transfer coef¬ 
ficients for the new heat exchanger are the same as the original 
heat exchanger. Rather than install a new heat exchanger, 
tube inserts can be used in the existing heat exchanger. The 
inside heat transfer film coefficient creates 55% of the total 
resistance to heat transfer, and hence enhancing the tube side 
should be effective. Twisted-tape tube inserts with a twist ratio 
of 6.57 and thickness of 1.6 mm and coiled-wire tube inserts 
with a pitch of 82 mm and thickness of 1.6 mm can be used. The 
performances of the tube inserts are compared in Table 18.8 
based on the models in Section 12.8. However, the results for 
wire coils should be treated with caution, as the correlations are 
out of range for the p!d I used. 
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Table 18.7 

Heat exchanger data for Heat Exchanger 5. 


Streams 

Shell side 

Tube side 

Heat capacity C P (Jkg -1 K -1 ) 

2718.5 

2325 

Thermal conductivity k (Wm -I K -1 ) 

0.215 

0.106 

Viscosity p (Nsm -2 ) 

2.1 X 10 -4 

2.38 xl0“ 3 

Density p (kgm -3 ) 

776 

544.5 

Flowrate m (kg s -1 ) 

67.93 

61.87 

Inlet temperature T in (°C) 

273 

193.04 

Final temperature (°C) 

254.4 

216.9 

Fouling resistance (m 2 K W -1 ) 

6.90 x 10~ 4 

5.35 x 10~ 4 

Film heat transfer coefficient (W m -2 K -1 ) 

2692 

505.0 

Pressure drop (Pa) 

22,988 

14,740 

Geometry of heat exchanger 

Tube pitch p T (m) 

0.025 

Number of tubes N p 

808 

Number of tube passes N P 

2 

Tube effective length L e jf( m) 

5.0 

Tube conductivity k tube (Wm -1 K -1 ) 

51.91 

Tube pattern (tube layout angle) 

90° 

Tube inner diameter d I (m) 

0.016 

Tube outer diameter do (m) 

0.020 

Shell inner diameter D$ (m) 

0.9 

Number of baffles N B 

9 

Baffle spacing B (m) 

0.5 

Inlet baffle spacing B in (m) 

0.5 

Outlet baffle spacing B out (m) 

0.5 

Baffle cut B c 

25% 

Inner diameter of tube-side inlet nozzle d TN in i et (m) 

0.3048 

Inner diameter of tube-side outlet nozzle d TNout [ et (m) 

0.3048 

Inner diameter of shell-side inlet nozzle d N s,iniet (m) 

0.3048 

Inner diameter of shell-side outlet nozzle d^outiet (m) 

0.3048 

Shell-bundle diametric clearance (m) 

0.041 

Area (m 2 ) 

253.8 

Overall heat transfer coefficient (W m -2 K -1 ) 

235.4 

Duty (kW) 

3431 
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Table 18.8 

Enhancement options for Heat Exchanger 5. 


Options 

h T (W m " 2 K -1 ) 

hs (W m ~ 2 K" 1 ) 

U (W m _2 K _1 ) 

etkw) 

AP T (kPa) 

APs (kPa) 

Twisted tapes 

963.8 

2692 

325.2 

4247 

22.8 

26.4 

Coiled wires 

963.8 

2692 

325.2 

4247 

12.5 

26.4 


Increasing the duty on Heat Exchanger 5 by 817 kW does not 
lead to a reduction of 817 kW in hot utility. This is because the UA 
of the other heat exchangers are fixed, but their duties are not fixed. 
The heat transfer enhancement options are likely to be more 
attractive than new area, as long as the increase in pressure 
drop can be accommodated. 

Further retrofit could be carried out by enhancing the next most 
influential heat exchanger, which is Heat Exchanger 1 from 
Figure 18.32. If it is assumed that the UA of Exchanger 1 is 
enhanced by, say, 40%, this allows an additional 557 kW of heat 
exchange, leading to a reduction of 108 kW of hot utility. To 
balance the network with Heat Exchanger 1 enhanced requires the 
level of enhancement on Heat Exchanger 5 to be decreased. The 
resulting cumulative energy saving is 5.7% (Jiang et al., 2014). 
Thus the benefits of the second step in the retrofit are marginal and 
possibly not worth pursuing. 

18.10 Heat Exchanger 
Network Retrofit through 
Structural Changes 

Allowing structural changes opens further options for retrofit. One 
approach to retrofit allowing structural changes would be to try and 
evolve the network toward an ideal grassroot design. Following 
this approach, stream data would be targeted using the composite 
curves or the problem table to determine the location of the pinch 
for an assumed A T min . Knowing the location of the pinch, the 
existing units in the network could then be located relative to the 
pinch. Any cross-pinch heat transfer could then be identified and 
eliminated by disconnecting the units that are transferring heat 
across the pinch. These could be process-to-process heat transfer or 
the inappropriate use of utilities (e.g. use of steam below the pinch). 
The network could then be reconnected, with as many features of 
the existing network retained as possible (Tjoe and Linnhoff, 1986). 
This might improve the energy performance of an existing heat 
exchanger network, but it has a number of fundamental problems: 

• Which A T mi „ should be used? As the value of A7),,,-,, changes, 
the location of the pinch changes and therefore the assessment of 
which unit transfers heat across the pinch also changes. 

• Existing equipment is only reused in an ad hoc way. 

• The retrofit is likely to involve a large number of modifications 
to the existing network. One of the overriding priorities in 
retrofit is to carry out as few modifications as possible. 


• Constraints associated with the existing network are not readily 

included. 

The fundamental problem with this approach is that it is 
attempting to change the network to a grassroot design, rather 
than accepting the features that already exist. For these reasons, 
approaches based on energy targeting and the pinch design method 
are fundamentally unsuitable for retrofit. Energy targeting can be 
used to give an idea of the scope to improve the network, but it is 
most likely that realizing the scope indicated by the target will be 
uneconomic. A better approach is to evolve the network from the 
existing structure in order to identify only the most critical, and 
therefore cost-effective, changes to the network structure (Asante 
and Zhu, 1997). 

Suppose that it is desired to reduce the energy consumption of 
the existing heat exchanger network shown in Figure 18.34a. 
Figure 18.34b shows the composite curves for the basic stream 
data. The composite curves have been adjusted such that the 
overlap between the composite curves corresponds with the actual 
existing heat recovery duty of 200 MW. For the composite curves, 
this corresponds with a A T min of 22.5 °C. On the other hand, it can 
be seen that the existing heat exchanger network has minimum 
temperature differences of 20 °C. First consider how the energy 
consumption of the existing network might be decreased without 
changing the network structure. As discussed previously, this is 
only possible by the exploitation of a utility path. The existing 
network in Figure 18.34a has only one degree of freedom that can 
be exploited for network optimization. This is highlighted within 
the bubble superimposed on the network. It involves a utility path 
between the heater and the cooler. The matches in the network 
outside of this bubble are all constrained by the heat duties on 
individual streams. The only way, therefore, that the utility con¬ 
sumption of the existing network can be decreased is by shifting the 
heat load along the path between the heater and the cooler. 

Figure 18.35a shows the network evolved to reduce the utility 
consumption to the point where the temperature difference in the 
existing network is now 0 °C (Asante and Zhu, 1997). This is not a 
limit that could be achieved in practice, but is taken here for the 
sake of illustration. For a minimum temperature difference of 0 °C 
in the existing network, the energy recovery must increase to 
220 MW. Compare the composite curves for increased heat recov¬ 
ery. These are shown in Figure 18.35b for their maximum overlap, 
which is 250 MW. At this setting, the composite curves still have a 
A T min of 6 °C. This reveals that the maximum heat recovery within 
the existing heat exchanger network structure is different from that 
theoretically possible from the composite curves. The difference is 
caused by the fact that the existing heat exchanger network 
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Figure 18.34 

An existing heat exchanger network. (Reproduced from Asante NDK and Zhu XX (1997) An Automated and Interactive Approach for Heat Exchanger 
Network Retrofit, Trans IChemE, 75 : 349, by permission of Elsevier.) 


structure is not appropriate for maximum energy recovery. How 
can the existing network structure be modified to improve its 
performance? 

The existing heat exchanger network is shown again in 
Figure 18.36 with its recovery increased to an absolute maximum. 
Figure 18.36a highlights what is limiting the existing heat 
exchanger network in terms of its heat recovery. One of the existing 
units features the minimum temperature difference (0°C in this 
case for the sake of illustration). The composite curves are also 
shown in Figure 18.36b, but set to the same overall heat recovery 
load as that featuring the existing heat exchanger network at its 
limit (220 MW). Superimposed on the composite curves are the 
temperature profiles for the hot streams in each of the existing units. 
One of the matches limits the heat recovery, in this case the one 
featuring a temperature difference of 0 °C. This match that limits 
the heat recovery is known as the pinching match (Asante and Zhu, 


1997). The point at which this occurs is known as the network 
pinch (Asante and Zhu, 1997). The network pinch limits the heat 
recovery for the existing heat exchanger network. 

In practice, if the network pinch is being identified in a design 
study, then a practical minimum temperature difference of, say, 10 °C 
or 20 °C would be taken rather than the 0 °C used here for the sake of 
illustration. The principle is exactly the same. One or more matches in 
the existing network feature a practical minimum temperature dif¬ 
ference for the heat exchangers when the network is pinched. 

There are four ways in which the network pinch can be over¬ 
come and the performance of the existing heat exchanger network 
improved beyond that for the pinched condition (Asante and Zhu, 
1997). 

a) Resequencing. Figure 18.37 illustrates how resequencing can 
be used to overcome the network pinch. Resequencing moves 



(a) Existing network with Qrec increased to 220 MW. 



(b) Composite curves for maximum energy recovery 
indicates Q KFC = 250 MW. 


Figure 18.35 

Maximizing the energy recovery of the existing heat echanger network even down to AT = 0°C gives an energy performance worse than the energy target. 
(Reproduced from Asante NDK and Zhu XX ( 1 997) An Automated and Interactive Approach for Heat Exchanger Network Retrofit, Trans IChemE , 75 : 349, by 
permission of Elsevier.) 
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(a) Maximum heat recovery condition with Q m =220 MW. (b) Composite curves with Qg FC - 220 MW. 


Figure 18.36 

The network pinch limits the energy recovery in the existing heat exchanger network. (Reproduced from Asante NDK and Zhu XX (1997) An Automated and 
Interactive Approach for Heat Exchanger Network Retrofit, Trans IChemE, 75 : 349, by permission of Elsevier.) 


the unit to a new location in the network, but between the same 
streams as the original match. Figure 18.37 shows a cold stream 
being heated by two hot streams. One of the hot stream profiles 
indicates that it is a pinching match and features a minimum 
temperature difference of 0 °C (again for the sake of illustra¬ 
tion). In Figure 18.37, the pinching match is adjacent to another 
hot stream that has a finite temperature difference for the heat 
exchange. If the position of the two hot streams is swapped by a 
simple resequence, as shown in Figure 18.37, then the pinching 
match no longer limits. This means that there is now new scope 
to reduce the energy consumption of the network by exploiting 


a utility path, as shown in Figure 18.37. If the utility path is 
exploited to its limit, then a new network pinch is created, but 
now at a lower utility consumption for the network, 
b) Repiping. Repiping is very similar to resequencing. Like 
resequencing, repiping moves the unit to a new location in 
the network. However, in repiping the unit can be moved to a 
location involving streams other than in the original location, 
rather than be restricted to operate between the same streams. 
Repiping is a more general case than resequencing, but might 
not be practical for a variety of reasons, for example, materials 
of construction or mechanical pressure rating being unsuitable 


New 





Figure 18.37 

Resequencing a match can be used to overcome the network pinch. (Reproduced from Asante NDK and Zhu XX (1997) An Automated and Interactive 
Approach for Heat Exchanger Network Retrofit, Trans IChemE, 75 : 349, by permission of Elsevier.) 
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Existing 




Figure 18.38 

Adding a new heat exchanger can be used to overcome the heat network pinch. (Reproduced from Asante NDK and Zhu XX (1997) An Automated and 
Interactive Approach for Heat Exchanger Network Retrofit, Trans IChemE, 75 : 349, by permission of Elsevier.) 


for other streams. The basic principle of repiping is the same as 
that for resequencing, but a distinction needs to be made for 
practical reasons. 

c) Inserting a new match. Figure 18.38 shows how the network 
pinch can be overcome by inserting a new match. Again the 
principle is illustrated by two hot streams providing heat to a 
cold stream. One of the matches is pinched. If a new match is 
inserted such that the heat duty on the hot stream adjacent to the 
pinching match is decreased and replaced by the new match, 
then the position of the pinching match can be changed such 
that it is no longer pinching. This introduces scope to exploit 
the utility path to reduce the utility consumption of the network, 
until it is again pinched. The network is now pinched again, but 
at a lower utility consumption. 

d) Introduce additional stream splitting. The fourth way to over¬ 
come the network pinch is by introducing additional stream 
splitting to the existing network, as illustrated in Figure 18.39. 
In this case, it can be seen that two matches are pinched 
simultaneously. By introducing a stream split, the cold stream 
profiles in the two pinched units are now such that one of the 


pinching matches is no longer pinched. This means that there is 
scope to exploit a utility path and reduce the energy consump¬ 
tion. This is being carried out to its limit in Figure 18.39 such 
that the network is again pinched, but at a lower utility 
consumption. Again, it should be emphasized that in practice 
a finite practical minimum temperature difference should be 
used rather than 0 °C. However, any assumption of minimum 
temperature difference to identify, and then overcome, the 
network pinch does not guarantee an optimum retrofit. 

As an example, Figure 18.40a illustrates an existing heat exchanger 
network. The existing hot utility consumption is 14,453 kW. As a 
first step to retrofit, the existing network can be pinched by 
exploiting the degrees of freedom for energy reduction to the 
maximum without changing the network structure. This can be 
achieved by a linear programming (LP) optimization used to adjust 
the heat loads throughout the network with the objective of 
minimizing the energy consumption, subject to a constraint of a 
minimum temperature difference throughout the network. In this 
case the optimization will be constrained such that there is a 
practical minimum temperature difference of 10°C in all of the 



Pinching 




Figure 18.39 

Changing the stream splitting arrangement can be used 
to overcome the network pinch. (Reproduced from 
Asante NDK and Zhu XX (1997) An Automated 
and Interactive Approach for Heat Exchanger Network 
Retrofit, Trans IChemE , 75 : 349, by permission of 
Elsevier.) 
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CP 

(kW-K -1 ) 

86.0 

21.4 
184.7 

23.5 
129.4 
143.9 


(ii) Existing design with initial settings 



(b) The pinched network. 


2 


I Duty | 


Exchangers Exchangers Duty 
with AT;,,, w jt)! in kW 

additional area 


Figure 18.40 

Existing network design. 


matches. Any new network area can then be calculated from the 
new operating conditions for each match. The result is shown in 
Figure 18.40b. The hot utility consumption can in principle be 
reduced to 12,445 kW without changing the network structure, 
subject to a constraint that no heat exchanger uses a temperature 
difference less than 10 °C. It can be seen that, although a significant 
energy reduction is possible, additional heat transfer area needs to 
be added to Exchangers 1, 2, 3 and 5. The additional area can be 
added as new area or created indirectly using heat transfer enhance¬ 
ment. Whilst this shows a possible retrofit, it is not necessarily an 
economic retrofit. To make sure that the retrofit is economic, a 
capital energy trade-off would need to be carried out. The capital 
cost of any new heat transfer area, or the cost of heat transfer 
enhancement, would need to be estimated and its costs annualized 
over a specified period. Combining this annualized capital cost 
with the annual operation cost gives a total cost that can be 
minimized. This is a nonlinear programming (NLP) optimization 


problem. The result of this might well be to eliminate some of the 
additional heat transfer area or heat transfer enhancement that has 
been included in the pinched network, but at the penalty of 
decreasing the level of energy saving. 

Any further reduction in the energy consumption requires a 
change in the network structure. Figure 18.41a illustrates the 
potential for a resequence. In this case. Exchanger 7 is moved 
to a new location and the new network structure is pinched through 
an LP optimization. This allows the energy consumption to be 
reduced to 11,715 kW. Unfortunately, this is at the penalty of 
additional heat transfer area or heat transfer enhancement required 
for most of the process-to-process heat exchangers. Again, 
although this shows a possible retrofit, it is unlikely to be an 
economic retrofit and should be subject to capital energy optimi¬ 
zation using NLP optimization, as discussed above. This would 
remove some of the additional area or heat transfer enhancement, 
but at the expense of penalty in energy saving. 
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with &T MII with additional 
area 


I »uty I 


Duty 
in kW 


Figure 18.41 

Network changes are required to overcome the network pinch. 


Rather than resequence a heat exchanger, as illustrated in 
Figure 18.41a, a new heat exchanger can be introduced, as 
illustrated in Figure 18.41b. This shows a new Fleat Exchanger 
8 introduced to change the network structure and, after LP optimi¬ 
zation, allowing the energy to be reduced to 11,831 kW, subject to 
a minimum temperature difference of 10 °C. New heat exchanger 
area or heat transfer enhancement is required in four of the existing 
process-to-process heat exchangers, together with additional area 


for one of the coolers. Again, this network change could be subject 
to a capital energy optimization. 

Finally, Figure 18.41c illustrates the effect of introducing a new 
stream split arrangement into the network. As before, the network 
has been pinched using LP optimization, subject to a minimum 
temperature difference of 10 °C. Now the energy consumption is 
decreased to 12,189 kW with a penalty of additional area or heat 
transfer enhancement required for all process-to-process heat 
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exchangers, except Heat Exchanger 7. This again should be subject 
to a capital energy trade-off to obtain an optimum retrofit. 

In the example in Figures 18.40 and 18.41, the resequence 
option shown in Figure 18.41a seems to be the most attractive, but 
this is a superficial assessment and each option should to be 
subjected to a capital-energy trade-off optimization before 
screening. 

The modified network should be subjected to cost optimization 
in order to obtain the correct setting for the capital-energy trade¬ 
off. The optimization of a heat exchanger network with a fixed 
structure is a nonlinear programming (NLP) optimization, as 
discussed previously. When dealing with the optimization of 
existing heat exchanger networks, it needs to be recognized that 
there is existing heat transfer area in place, but new area (or heat 
transfer enhancement) needs to be installed in some parts of the 
network to improve the network performance. The existing heat 
transfer area has zero capital cost and only new heat transfer area, 
heat transfer enhancement, pipework modifications and any civil 
engineering need to be included in the capital costs for the 
optimization. Care is required when specifying the form of the 
capital cost correlation in retrofit. Designers often like to use a cost 
per unit area, such as: 

Capital cost = bA (18.15) 

where A = heat transfer area 
b = cost coefficient 

If the capital cost of new heat transfer area is expressed in the form 
of Equation 18.15, then this will lead to poor retrofit projects. The 
problem with Equation 18.15 is that the optimization is likely to 
spread new heat transfer area or heat transfer enhancement in the 
network in many locations, without incurring a cost penalty 
associated with the many modifications that would result. To 
ensure that new heat transfer area is not spread around throughout 
the existing heat exchanger network, a capital cost correlation 
should be used that is of the form: 

Capital cost = a + bA c (18.16) 

where a, b, c = cost coefficients 

In Equation 18.16, the coefficient a is a threshold cost that is 
incurred even if a small amount of heat transfer area is installed. 
If a large threshold cost is used in the cost correlation, then this 
would lead the optimization to attempt to concentrate any new 
heat transfer area required in as few locations as possible in the 
network. This, in turn, will lead to fewer modifications in the 
retrofit project to accommodate the new heat transfer area 
requirements. 

It should be noted that a resequence or repipe does not 
involve zero capital cost, even though no new heat exchanger 
equipment might be purchased. The pipework modifications for 
a resequence or repipe might be very expensive. Also, equip¬ 
ment might need to be relocated, perhaps incurring civil engi¬ 
neering costs. Methods for capital cost estimation for retrofit 
were discussed in Chapter 2. 


Whilst the concept of the network pinch provides insights to the 
structural changes necessary to improve the network performance, 
it does not provide guidance as to how to choose the best network 
structural changes. The identification of which changes to make is 
not intuitive. For this, an automated approach needs to be 
introduced. 

18.11 Automated Methods 
of Heat Exchanger Network 
Retrofit 

Given that it is difficult to identify the key network changes in 
structural retrofit by intuition, the approach to heat exchanger 
network retrofit based on the concept of the network pinch can 
be automated (Zhu and Asante, 1999). A superstructure can be 
created for network resequencing (or repiping) and the best rese¬ 
quence (or repipe) identified by optimizing the superstructure of 
resequences (or repipes) for an assumed practical A T min (Zhu and 
Asante, 1999). This can be formulated as an MILP optimization if 
the network is optimized for minimum energy consumption with a 
fixed A T min (Zhu and Asante, 1999). Inclusion of area calculations 
to estimate heat exchanger capital costs would make the optimiza¬ 
tion nonlinear. Similarly, a superstructure can be created for 
positioning new matches or sL'eam split modifications in the 
existing network and the superstructure optimized for minimum 
energy cost for an assumed practical A T min (Zhu and Asante, 1999). 

After each suggested modification has been identified using 
MILP, the network can be subjected to a detailed capital-energy 
trade-off requiring NLP optimization. Optimization of the capital- 
energy trade-off is illustrated in Figure 18.42. Structural modifi¬ 
cations are first explored using MILP and then the setting of the 
capital-energy trade-off corrected using NLP. By decomposing 
the problem in this way, what is overall an MINLP problem, is 
carried out by MILP followed by NLP. 

This approach is readily extended to carry out the structural and 
capital-energy optimization simultaneously. This requires a super¬ 
structure to be developed around the existing network structure by 
adding possible new features to the existing structure, including 
network resequencing, introducing new matches or stream-split 
modifications in the existing network. For the objective of minimum 
total cost, including the optimization of the capital-energy trade-off, 
the resulting optimization problem is a mixed integer nonlinear 
programming problem (MINLP). If the MINLP is constrained to 
allow a single modification, the retrofit strategy can follow an 
evolutionary approach, as illustrated in Figure 18.43. The network 
is first optimized within the existing structure, then one modification 
identified and optimized, then a second modification identified and 
optimized, and so on. This approach has a number of practical 
advantages. It allows a series of different network retrofit designs to 
be developed, each with increasing levels of energy saving corre¬ 
sponding with more complex and more expensive retrofits. Each 
can then be investigated in detail to explore the practicalities of 
implementation. At each stage, if necessary, the optimizations can 
be re-run with additional constraints if investigation of the 
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Figure 18.42 

Retrofit based on the network pinch can proceed in a stepwise approach. 


implementation identifies unanticipated problems. However, the 
approach also has disadvantages. It will not necessarily lead to the 
best retrofit, because different combinations of network changes can 
be chosen. To obtain the best retrofit requires all options to be 
considered simultaneously. 

A better approach is to again follow an evolutionary strategy, 
but consider the modifications simultaneously. This can be done by 
first optimizing the existing network. Then the retrofit super¬ 
structure can be optimized by an MINLP optimization, constrain¬ 
ing to a single network change. The original network is then 
reoptimized for retrofit by an MINLP optimization constraining 
to two network changes, then the original network is reoptimized 
for three network changes, and so on. This is illustrated in 
Figure 18.44. At each stage the optimizations can be re-run 
with additional constraints if investigation of the implementation 
identifies unanticipated problems. 


Following this approach allows a series of potential retrofits to 
be identified, each with increasing energy saving, but each with 
increasing complexity and capital cost. This is necessary because it 
is impossible to include all practical details and issues regarding the 
layout, congestion and piping arrangements of an existing process 
in the optimization. Preparing a list of options gives greater 
flexibility to choose a retrofit package that is both economic 
and can be implemented without excessive modifications to the 
existing process. 

Rather than using deterministic optimization of a superstructure 
to identify retrofit options, an approach based on stochastic search 
optimization can be used, such as simulated annealing in a similar 
approach to that for new design discussed earlier. The approach 
starts from the existing network design. Then simulated annealing 
is used to identify structural changes involving resequencing, 
repiping, new matches, or changes to stream splitting arrangements 



Figure 18.43 

Using MINLP or stochastic optimization contstrained to one change at a time. 
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Figure 18.44 

Using MINLP or stochastic optimization constrained by the number of modifications. 


through a series of moves. After each move, the energy balance 
needs to be restored by some mechanism, the new network 
simulated and the objective function evaluated. As with the use 
of deterministic optimization, the best approach is to carry out a 
series of retrofit optimizations in which the number of network 
modifications is restricted by a constraint, gradually increasing the 
number of allowed modifications. The optimizations should 
include the capital-energy trade-off. Again at each stage, if 
necessary, the optimizations can be re-run with additional con¬ 
straints if investigation of the implementation identifies 
unanticipated problems. The preferred retrofit can then be chosen 
from the list of possible options. 

This approach guides the retrofit to simple and practical solu¬ 
tions and has the major advantage that it allows the designer to 
assess modifications and to keep control over the complexity of the 
retrofit as the retrofit design develops. 

18.12 Heat Exchanger 
Network Design - Summary 

A good initialization for heat exchanger network design is to 
assume that no individual exchanger should have a temperature 
difference smaller than A T min . Having decided that no exchanger 
should have a temperature difference smaller than A T min two rules 
were deduced in Chapter 17. If the energy target set by the 
composite curves (or the problem table algorithm) is to be 
achieved, there must be no transfer heat across the pinch by: 

• process-to-process heat transfer, 

• inappropriate use of utilities. 

These rules are both necessary and sufficient for the design to 
achieve the energy target given that no individual exchanger 
should have a temperature difference smaller than AT min . 


The design of heat exchanger networks can be summarized in 
five steps. 

1) Divide the problem at the pinch into separate problems. 

2) The design for the separate problems is started at the pinch, 
moving away. 

3) Temperature feasibility requires constraints on the CPs to be 
satisfied for matches between the streams at the pinch. 

4) The loads on individual units are determined using the tick-off 
heuristic to minimize the number of units. Occasionally, the 
heuristic causes problems. 

5) Away from the pinch, there is usually more freedom in the 
choice of matches. In this case, the designer can discriminate on 
the basis of operability, plant layout, and so on. 

If the number of hot streams at the pinch above the pinch is 
greater than the number of cold streams, then the cold streams must 
be split to satisfy the A T mi „ constraint. If the number of cold 
streams at the pinch below the pinch is greater than the number of 
hot streams, then the hot streams must be split to satisfy the A T rnin 
constraints. If the CP inequalities for all streams at the pinch cannot 
be satisfied, this also can necessitate stream splitting. 

If the problem involves more than one pinch, then between 
pinches the design should be started from the most constrained 
pinch. 

Remaining problem analysis can be used to make a quantitative 
assessment of matches in the context of the whole network without 
having to complete the network. 

Once the initial network structure has been defined, then loops, 
utility paths and stream splits offer the degrees of freedom for 
manipulating network cost in multivariable continuous optimiza¬ 
tion. When the design is optimized, any constraint that temperature 
differences should be larger than k.T min or that there should not be 
heat transfer across the pinch no longer applies. The objective is 
simply to design for minimum total cost. 
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For more complex network designs, especially those involving 
many constraints, equipment specifications, and so on, design 
methods based on the optimization of a superstructure can be 
used. Approaches based on the deterministic optimization of a 
superstructure or stochastic search optimization can be used. 

Network retrofit can be performed by resequencing and repip¬ 
ing of heat exchangers, the introduction of new exchangers and 
additional stream splitting. Deterministic optimization of a super¬ 
structure or stochastic search optimization can be used to identify 
network changes. A series of potential retrofits should be identi¬ 
fied, each with increasing energy saving, but each with increasing 
complexity and capital cost. This is necessary because it is 
impossible to include all practical details and issues regarding 
the layout, congestion and piping arrangements of an existing 
process in the optimization. Preparing a list of options gives greater 
flexibility to choose an option that is both economic and can be 
implemented without excessive modifications to the existing 
process. New heat transfer area to existing matches can be added 
through the addition of new heat exchanger shells in series or 
parallel or through heat transfer enhancement to existing 
exchangers. 


18.13 Exercises 


1. The stream data for a process are given in the Table 18.9. 

a) For a A T min of 10 °C, the pinch is at 90 °C for hot streams 
and 80 °C for cold streams. Design a heat exchanger 
network for maximum energy recovery that features the 
minimum number of units. 

b) By relaxing the constraint of A7’„„„ = 10 °C, shift the heat 
load through a utility path such that the network uses only 
hot utility and no cold utility at all. 

2. The process stream data for a heat recovery network problem 
are given in Table 18.10. 

a) Determine the energy targets for hot and cold utility for 
Ar mi „ = 20 o C. 

b) Design a heat exchanger network to achieve the energy 
targets in the minimum number of units. 


Table 18.10 

Stream data for Exercise 2. 


Stream 

T s (°C) 

TtC C) 

CP (MW K -1 ) 

1. Hot 

300 

80 

0.15 

2. Hot 

200 

40 

0.225 

3. Cold 

40 

180 

0.2 

4. Cold 

140 

280 

0.3 


c) Identify the scope to reduce the number of units by 
manipulating loops and utility paths by sacrificing energy 
consumption. 

d) Design a network to realize this scope and restore 
A7 mm = 20°C. 

3. The heat recovery stream data for a process are given in 
Table 18.11. A problem table analysis for AT ml „= 10°C results 
in the heat recovery cascade given in Table 18.12. 

a) Design a heat recovery network in the minimum number 
of units. The number of units is below what might have 
been expected from the target for the number of units. 
Why? 

b) Low-pressure saturated steam can be generated from 
saturated boiler feedwater at an interval temperature of 
115 °C. Determine how much low-pressure steam can be 
generated and design a network to achieve this duty. 


Table 18.11 

Stream data for Exercise 3. 


Stream 

T s (°C) 

T r CO 

CP (kW K' 1 ) 

1. Hot 

180 

40 

200 

2. Hot 

150 

40 

400 

3. Cold 

60 

180 

300 

4. Cold 

30 

130 

220 


Table 18.9 

Stream data for Exercise 1. 


Stream 

Supply 

temperature 

(°C) 

Target 

temperature 

(°C) 

Heat capacity 
flowrate 
(MWK"‘) 

No. 

Type 

1 

Hot 

200 

100 

0.4 

2 

Hot 

200 

100 

0.2 

3 

Hot 

150 

60 

1.2 

4 

Cold 

50 

140 

1.1 

5 

Cold 

80 

120 

2.4 


Table 18.12 

Heat recovery cascade for Exercise 3. 


Interval temperature (°C) 

Heat flow (MW) 

185 

6.0 

175 

3.0 

145 

0 

135 

3.0 

65 

8.6 

35 

20.0 
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Table 18.13 

Stream data for Exercise 4. 


Stream 

T s (°C) 

7 r CO 

CP (MW K -1 ) 

1. Cold 

18 

123 

0.0933 

2. Cold 

118 

193 

0.1961 

3. Cold 

189 

286 

0.1796 

4. Hot 

159 

77 

0.2285 

5. Hot 

267 

80 

0.0204 

6. Hot 

343 

90 

0.0538 


c) The network design from Part b results in two steam 
generators. Evolve the network to remove one of these by 
suffering a penalty in steam generation, but maintain 
A7' m ,„=IO°C. 

4. The process stream data for a heat recovery problem are 
given in Table 18.13. A problem table analysis reveals that 
Qiimin = 13.95 MW, Qcmin = 8.19 MW, hot stream pinch tem¬ 
perature is 159 °C and cold stream pinch temperature is 149 °C 
for AT mi „ = 10°C. 

a) Design a heat recovery network with the minimum num¬ 
ber of units. (Hint: below the pinch it may be necessary to 
split a stream away from the pinch to achieve the mini¬ 
mum number of units.) 

b) Evolve the design to eliminate stream splits below the 
pinch, while maintaining the same number of units, by 


Table 18.15 

Problem table cascade for Exercise 5. 


Interval temperature (°C) 

Heat flow (MW) 

220 

20.95 

210 

19.95 

150 

6.75 

125 

0 

110 

4.2 

100 

12 

95 

13.7 

85 

14.5 

75 

16.5 

70 

18.25 

55 

28.75 

40 

31.75 


allowing a temperature difference slightly smaller 
than 10 °C. 

5. The data for a heat recovery problem are given in the 
Table 18.14. The problem table cascade is given inTable 18.15 


Table 18.14 

Stream data for Exercise 5. 


Stream 




No. 

Type 

T s (°C) 

T, fC) 

Heat capacity flowrate (MW K ') 

1 

Hot 

120 

65 

0.5 

2 

Hot 

80 

50 

0.3 

3 

Hot 

135 

110 

0.29 

4 

Hot 

220 

95 

0.02 

5 

Hot 

135 

105 

0.26 

6 

Cold 

65 

90 

0.15 

7 

Cold 

75 

200 

0.14 

8 

Cold 

30 

210 

0.1 

9 

Cold 

60 

140 

0.05 

Steam 


250 

— 

— 

Cooling water 


15 

— 

— 
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Table 18.16 


Table 18.17 


Stream data for Exercise 6. 


Stream data for Exercise 7. 


Stream 

'/; (°o 

T t CC) 

Stream heat 
duty (MW) 

No. 

Type 

1 

Hot 

150 

50 

-20 

2 

Hot 

170 

40 

-13 

3 

Cold 

50 

120 

21 

4 

Cold 

80 

110 

15 


Given these data: 

a) Set out the stream grid. 

b) Design a maximum energy recovery network. 

6. The stream data for a process are given in the Table 18.16. 
Steam is available between 180 and 179 °C and cooling 
water between 20 and 40 °C. For A T min = 10 °C, the minimum 
hot and cold utility duties are 7 MW and 4 MW respectively. 
The pinch is at 90 °C on the hot streams and 80 °C on the cold 
streams. 

a) Calculate the target for the minimum number of units for 
maximum energy recovery. 

b) Develop two alternative maximum energy recovery 
designs, keeping units to a minimum. 

c) Explain why the design below the pinch cannot achieve 
the target for the minimum number of units. 


Table 18.18 

Heat flow cascade for Exercise 7. 


Interval temperature (°C) 

Heat flow (kW) 

349 

1528 

303 

1758 

273 

1368 

210 

675 

205 

520 

165 

0 

140 

250 

135 

255 

95 

1095 

85 

1255 

83 

1283 

35 

851 


Stream 

T s (°C) 

TtCC) 

CP (kW K -1 ) 

No. 

Type 

1 

Hot 

170 

88 

23 

2 

Hot 

278 

90 

2 

3 

Hot 

354 

100 

5 

4 

Cold 

30 

135 

9 

5 

Cold 

130 

205 

20 

6 

Cold 

200 

298 

18 


d) How many degrees of freedom are available for network 
optimization? 

7. The stream data for a process are given in the Table 18.17. A 
problem table heat cascade for Ar„„„=10°C is given the 
Table 18.18. Hot utility is to be provided by a hot oil circuit 
with a supply temperature of400 °C. Cooling water is available 
at 20 °C. 

a) Calculate the minimum flowrate of hot oil if C P for the hot 
oil is 2.1 kJ-kg -K _l , assuming A T mi „ process-to-pro- 
cess heat recovery is 10°C and process to hot oil to be 
20 °C. 

b) Design a heat exchanger network for maximum 
energy recovery in the minimum number of units ensuring 
A T mi „ = 10°C for all process-to-process heat exchangers 
throughout the network. 

c) Suggest an alternative network design below the pinch to 
eliminate stream splits by accepting a violation of A T min . 

d) What tools could have been used to develop the design 
below the pinch more systematically? 

8. The stream data for a process are given in Table 18.19. 

a) Sketch the composite curves for A T min = 10 °C. 

b) Determine the target for hot and cold utility for 


Table 18.19 

Stream data for Exercise 8. 


Stream 



Heat duty 

No. 

Type 

T s (°C) 

TtCC) 

(MW) 

1 

Hot 

150 

30 

7.2 

2 

Hot 

40 

40 

10 

3 

Hot 

130 

100 

3 

4 

Cold 

150 

150 

10 

5 

Cold 

50 

140 

3.6 


18 
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Table 18.20 

Stream data for Exercise 9. 


Stream 

T s (°C) 

7Y(°C) 

Heat capacity 
flowrate 
(MW K _1 ) 

No. 

Type 

1 

Hot 

500 

100 

4 

2 

Cold 

50 

450 

1 

3 

Cold 

60 

400 

1 

4 

Cold 

40 

420 

0.75 


c) Design a maximum energy recovery network in the 
minimum number of units for A T min = 10 °C. 

d) Can the number of units be reduced by evolution of the 
network? 

9. The stream data for a process are given in Table 18.20. 
ST threshold for the problem is 50 °C and A T min is 20°C. 
A problem table analysis on these data produces the cascade 
given in Table 18.21 for A7’ m ,„ = 20°C. 

a) Design a heat exchanger network for this problem that 
achieves maximum energy recovery in the minimum 
number of units. 

b) Determine how much steam at a condensing temperature 
of 180°C can be generated by this process. 

c) Sketch the composite curves for the process showing the 
maximum steam generation at 180°C. 

d) Design a network that achieves maximum energy recov¬ 
ery in the minimum number of units and that generates the 
maximum possible steam at 180°C. 
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Heat Exchanger 
Networks III - Stream Data 


T he heat exchanger network targeting and design methods 
presented in Chapters 17 and 18 maximize heat recovery 
for a given set of process conditions. However, before any analysis 
can be performed, the material and energy balance needs to be 
represented as a set of hot and cold streams. This is often not 
straightforward. First, the process conditions are often not fixed 
rigidly. Process conditions such as pressures, temperatures and 
flowrates might have the freedom to be changed within certain 
limits. The flexibility to change the processing conditions, where 
this is possible, can be exploited to improve the heat recovery 
further. But, even if the process conditions are fixed for a given 
process flowsheet and material and energy balance, it is still not 
straightforward to interpret the flowsheet as a set of hot and cold 
streams. 

Consider first the issue of changing the process conditions and 
how those changes might be directed to improve the heat recovery. 

19.1 Process Changes 
for Heat Integration 

Consider the composite curves in Figure 19.1a. Any process 
change that (Umeda, Harada and Shiroko, 1979a; Umeda, Nidda 
and Shiroko, 1979b): 

• increases the total hot stream heat duty above the pinch, 

• decreases the total cold stream heat duty above the pinch, 

• decreases the total hot stream heat duty below the pinch, 

• increases the total cold stream heat duty below the pinch 

will bring about a decrease in utility requirements. This is known as 
the plus-minus principle (Linnhoff and Parker, 1984; Linnhoff and 
Vredeveld, 1984). These simple guidelines provide a reference for 
appropriate design changes to improve the targets. The changes 
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apply throughout the process to reactors, recycle flowrates, distil¬ 
lation columns, and so on. 

If a process change, such as a change in distillation column 
pressure, allows shifting a hot stream from below the pinch to 
above, it has the effect of increasing the overall hot stream duty 
above the pinch and therefore decreasing hot utility. Simulta¬ 
neously, it decreases the overall hot stream duty below the pinch 
and decreases cold utility. Shifting a cold stream from above the 
pinch to below decreases the overall cold stream duty above the 
pinch, decreasing hot utility, and increases the overall cold stream 
duty below the pinch, reducing cold utility. Thus, one way to 
implement the plus-minus principle, as illustrated in Figure 19.1b, 
is (Linnhoff et al, 1982): 

• shifting hot streams from below to above the pinch or 

• shifting cold streams from above to below the pinch. 

Another way to relate these principles is to remember that heat 
integration will always benefit by keeping hot streams hot and 
keeping cold streams cold (Linnhoff et al., 1982). 

19.2 The T rade-Offs 
Between Process Changes, 
Utility Selection, Energy 
Cost and Capital Cost 

Although the plus-minus principle is the basic reference in guiding 
process changes to reduce utility costs, it takes no account of 
capital costs. Process changes to reduce utility consumption will 
normally bring about a reduction in temperature difference in the 
process, as indicated in Figure 19.1. Thus, the capital-energy 
trade-off (and hence A T min ) might need to be readjusted after 
process changes. 

In addition, the decrease in driving forces in Figure 19.1 caused 
by the process changes also affects the potential for using multiple 
utilities. For example, as the driving forces above the pinch become 
smaller, the potential to switch duty from high-pressure to 
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(a) The plus/minus principle. (b) Shifting streams through the pinch in the right 

direction enacts the plus/minus principle. 


Figure 19.1 

The plus/minus principle guides process changes to reduce utility consumption. (Reproduced from Smith R and Linnhoff B, 1998, Trans IChemE ChERD, 66: 
195 by permission of the Institution of Chemical Engineers.) 


low-pressure steam, as discussed in Section 17.7, decreases. 
Process changes are competing with better choice of utility levels, 
heat engines and heat pumps for available spare driving forces. 

19.3 Data Extraction 


Having discussed the way in which changes to the basic stream 
data can improve targets, an even more fundamental question now 
needs to be addressed. Before any heat integration analysis can be 
carried out, the basic stream data needs to be extracted from the 
material and energy balance. In some cases, the representation of 
the stream data from the material and energy balance is straightfor¬ 
ward. However, there are a number of pitfalls that can lead to errors 
and missed opportunities. Missed opportunities can arise through 
extracting unnecessarily too many constraints. 

Consider now the basic principles of data extraction for heat 
integration. 


essential as far as the stream data are concerned. Heating the 
outlet of the filter from 70 °C to 135 °C is part of a previously 
suggested solution. It is not a constraint that the process 
heating should stop at 135 °C. The feed stream needs to be 
heated to 200 °C, but the midpoint at 135 °C is not a con¬ 
straint. The feed is heated from 10 °C to 70 °C before entering 
a filter. It may be that the temperature at which the filtration 
can take place has some flexibility and does not need to be 



(a) Feed stream to a distillation column. 



1) Stream identification. Figure 19.2a shows part of a flowsheet 
in which a feed stream is heated from 10 °C to 70 °C before 
being filtered. After the filter, it is heated from 70 °C to 135 °C 
and then from 135 °C to 200 °C before it is fed to a distillation 
column. A fundamental question for the representation of 
stream data for heat integration is “How many streams are 
there in this part of the flowsheet?” It could be assumed that 
there is a stream from 10 °C to 70 °C, another from 70 °C to 
135 °C and a third from 135 °C to 200 °C. These are three cold 
streams. There are also three hot streams currently preheating 
the cold streams. One stream is cooled from 110 °C to 30 °C, 
another from 150 °C to 90 °C and a third from 210 °C to 
170 °C. If the data are extracted in this way, then there will be 
some very neat matches between hot and cold streams: the 
ones that already exist. Extracting the data in this way does 
not seem to open up any opportunities for improvement. 
Fundamental questions need to be asked about what exactly is 



(b) Data extraction assuming the filter must operate around 70°C. 


Figure 19.2 

Stream identification. 
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Figure 19.3 

Estimates of temperature-enthalpy profiles from existing exchanger heat 
duties and temperatures. 


rigidly at 70 °C. Thus, for this problem, it would seem to be 
appropriate to extract the feed stream to the distillation as two 
streams, one from 10 °C to 70 °C and a second from 70 °C to 
200 °C. The operation of the filter at 70 °C is kept flexible, as 
shown in Figure 19.2b. 

2) Temperature-enthalpy profiles. Targeting of heat exchanger 
networks has assumed that the heat capacities of the streams 
are constant, leading to straight lines when plotted on a 
temperature-enthalpy plot. However, heat capacities are 
often not constant and this must somehow be represented, 
otherwise serious errors might occur. Consider again the feed 
preheat for the distillation shown in Figure 19.2a. If the 
physical properties are known for the stream, then the tem¬ 
perature-enthalpy profile of the feed stream can be obtained 
from physical property correlations. This is one possibility. 
Another possibility is to represent the temperature-enthalpy 
profiles approximately, as illustrated in Figure 19.3. The 
known temperatures and heat duties for the existing heat 
exchangers can be plotted on a temperature-enthalpy profile, 
as shown in Figure 19.3. This shows a nonlinear temperature- 
enthalpy profile taken directly from the flowsheet but repre¬ 
sented as three linear segments. Such an approximation is 
good enough for many purposes. It is also a particularly 
convenient approach to adopt when dealing with retrofit of 
existing flowsheets. 

Suppose that the actual behavior of temperature versus 
enthalpy is known and is highly nonlinear, as shown in 
Figure 19.4. How can the nonlinear data be linearized so 
that the construction of composite curves and the problem 
table algorithm can be performed? Figure 19.4 shows the 
nonlinear streams being represented by a series of linear 
segments. The linearization of the hot streams should be 
carried out on the under side (low-temperature side) of the 



Figure 19.4 

Linearization of nonlinear temperature-enthalpy profiles. 


curve and the linearization of the cold streams on the upper 
side (high-temperature side) of the curve. This is a conserva¬ 
tive way to represent the nonlinear data, as the linearizations 
will come closer than the actual curves. 

There is a great temptation to use a large number of linear 
segments to represent nonlinear stream data. This is very 
rarely necessary. Most nonlinear stream data can be repre¬ 
sented reasonably well by two or three linear segments, as 
illustrated in Figure 19.4. 

3) Mixing. Figure 19.5 illustrates a mixing junction in which a 
stream at 100 °C is mixed with a stream at 50 °C to produce a 



Figure 19.5 

Nonisothermal mixing carries out direct contact heat transfer. 
























546 Chemical Process Design and Integration 



80° 


50° 


70" 


30" 



(a) Data for problem table analysis. 



(b) Direct contact heat transfer might transfer heat across the pinch. 

Figure 19.6 

Nonisothermal mixing degrades temperature driving forces and might 
transfer heat across the pinch. 


combined stream with a temperature of 70 °C. Great caution 
must be exercised with such mixing points, as the mixing acts 
as a heat transfer unit. The mixing transfers heat directly 
rather than indirectly through a heat exchanger. This is 
illustrated in Figure 19.5. 

The data for a problem table analysis could be taken as 
that for the mixer in Figure 19.6a where one stream is 
cooled from 150°C to 100°C, another is cooled from 80°C 
to 50 °C and both of these are combined to produce a stream 
with 70 °C. This 70 °C stream is then cooled to 30 °C. If the 
stream data are extracted as illustrated in Figure 19.6a, then 
the heat transfer that takes place in the mixing junction is 


80" 30" 

-► 

Figure 19.7 

Streams should be assumed to mix isothermally for energy targeting. 


embedded within the stream data as being inevitable, and 
this might lead to lost opportunities. It might be, for 
example in Figure 19.6b, that the pinch temperature is 
somewhere between 100 °C and 50 °C. If this is the case, 
then some cross-pinch heat transfer will be embedded 
within the stream data. This will be a lost opportunity to 
improve the energy performance of the system. 

The cross-pinch heat transfer that occurs in the mixing 
junction can never be corrected. Mixing streams non- 
isothermally therefore carries out heat transfer that should 
be avoided. To avoid this, streams need to be mixed 
isothermally. Figure 19.7 illustrates how the data should 
be extracted for this mixing junction. For there to be no 
prejudice in terms of heat transfer, it should be assumed 
that the streams are mixed at 30 °C in the first instance. 
This means extracting the streams as two separation 
streams, one from 150 °C to 30 °C and another from 
80 °C to 30 °C. This assumes that the mixing takes place 
at 30 °C, for which there can be no heat transfer that takes 
place as a result of the mixing. Even if the mixing junction 
does not transfer heat across the pinch, it does degrade 
driving forces for the overall heat integration. In the 
example in Figure 19.6, high temperature heat at 100 °C 
is degraded to 70 °C. The overall heat exchange can never 
benefit by such degradation. 

4) Utilities. In general, utilities should not be extracted from 
an existing flowsheet and included in the heat integration. 
For example, suppose a high-temperature heating duty 
could be carried out either with high-pressure steam or 
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with hot oil generated in a furnace. The cold stream that the 
utility is heating needs to be included. However, the high- 
pressure steam or hot oil should not be included. The 
targeting should be carried out, the grand composite curve 
constructed, and then the designer should make the decision 
as to the best choice of hot utility. Most uses of utilities, 
either hot or cold, fall into this category. However, there are 
other cases that are not so straightforward. Suppose steam 
is being used in a distillation, but injected as live steam 
directly into the distillation in order to reduce the partial 
pressure of the vaporizing components. This is common in 
refinery distillation, as discussed in Chapter 8. In this case, 
although the steam is generated in a boiler that is part of the 
utility system, the steam, when it enters the distillation, 
becomes part of the process. The distillation will not work 
without the injection of live steam. In this case, the steam 
that is injected into the process is effectively a process 
stream, rather than a utility. However, the steam will most 
often be generated in the utility system and should be left 
out of the stream data and considered separately in the 
utility system. 

5) Effective temperatures. When extracting stream data to 
represent the heat sources and heat sinks for the heat 
exchanger network problem, care must be exercised so as 
to represent the availability of heat at its effective tem¬ 
perature. For example, consider the part of the process 
represented in Figure 19.8. The feed stream to a reactor is 


Quench Liquid 



100"C 

40"C 

100°C 

30'’C 


-> 


95"C 20"C 

< - 


Figure 19.8 

Data must be extracted at effective temperatures. 


preheated from 20 °C to 95 °C before entering the reactor. 
The effluent from the reactor is at 120 °C and enters a 
quench that cools the reactor effluent from 120 °C to 
100°C. The vapor leaving the quench is at 100°C and 
needs to be cooled to 40 °C. The quenched liquid also 
leaves at 100 °C but needs to be cooled to 30 °C. How 
should the data be extracted? 

The fundamental question regarding representation of 
the part of the flowsheet in Figure 19.8 as heat sources and 
heat sinks is at what temperature the heat becomes availa¬ 
ble for heat recovery opportunities. Even though the 
reactor effluent is at 120°C, the heat is not available at 
this temperature because the reactor effluent needs to be 
quenched. The heat only becomes available at 100 °C as a 
vapor stream that needs to be condensed and cooled to 
40 °C and as a quench liquid at 100°C that needs to be 
cooled to 30 °C. 

6) Reboiling. When reboiling a liquid there might be a 
significant difference between the bubble and dew points. 
If the data are extracted as a vaporization profile starting 
at the bubble point and ending at the dew point it would 
mean that any heat integration could in principle exploit 
this profile in countercurrent heat transfer. However, this 
is often not practical when the equipment to be used is 
taken into account. As discussed in Chapters 8 and 12, 
there are three types of reboiler used for most reboiling 
applications: kettle, vertical thermosyphon and horizontal 
thermosyphon. In kettle reboilers the vaporization takes 
place on the outside of the tube bundle and there is mixing 
around the tube bundle as the boiling occurs. In a vertical 
thermosyphon, vaporization takes place in the inside of 
tubes, but only a small fraction of the liquid entering the 
tubes is vaporized. In a horizontal thermosyphon, vapor¬ 
ization takes place on the outside of the tubes with only a 
small fraction of the entering liquid being vaporized and 
there is mixing around the tube bundle as the boiling 
occurs. Thus it is not possible in these types of reboiler to 
exploit the difference in temperature between the bubble 
and dew points. The safe way to extract reboiler data is to 
assume that the reboiler heating duty occurs at the dew 
point of the entering liquid being vaporized. Only if 
special equipment, such as plate heat exchangers, is to 
be used should the actual vaporization profile be included 
in the stream data. 

7) Condensing. Similar to reboiling, for condensation there 
might be a significant difference in temperature between 
the dew point and bubble point of the condensing vapor. 
Again, if the data are extracted as a condensing profile 
starting at the dew point and ending at the bubble point it 
would mean that any heat integration could in principle 
exploit this profile in countercurrent heat transfer. How¬ 
ever, like the common types of reboilers, the common 
types of shell-and-tube condensers, as discussed in 
Chapter 12, do not allow the temperature difference 
between dew and bubble points to be exploited. For 
example, condensers often use condensation on the shell 
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side of horizontal shell-and-tube heat exchangers in which 
the vapor and liquid mix as the condensation occurs. The 
safe way to extract data for condensers is to assume the 
condensation cooling duty occurs at the bubble point of 
the entering vapor being condensed. Only if special 
equipment such as plate heat exchangers is used should 
the actual condensing profile be included in the stream 
data. 

8) Heat losses. For the majority of cases, heat losses to the 
environment from hot surfaces will be small compared to 
other heat duties and can be neglected. Occasionally, it 
might be necessary to accept a significant heat loss and to 
account for it in the energy balance. If the heat loss is from 
a cold stream, then it should be included with the process 
duty, as the heat loss must be serviced either from heat 
recovery or hot utility. If the loss is from a hot stream, the 
heat loss can be accounted for by splitting the stream from 
which the heat loss is occurring into two components: the 
process duty and the heat loss. The heat loss should then be 
left out of the analysis if the heat loss from the hot stream is 
to be accepted. 

9) Soft constraints. In Figure 19.2b, there was a situation in 
which there was some flexibility to change the tempera¬ 
ture at which a filtration takes place. These are termed soft 
constraints. There is not complete freedom to choose the 
conditions under which the operation takes place, but 
there is some flexibility to change the conditions. Another 
example of a soft constraint is the product storage tem¬ 
perature. There is sometimes flexibility to choose the 
temperature at which material is stored. How should 
such soft constraints be directed to benefit the overall 
heat integration problem? 

When extracting soft constraints, the plus-minus prin¬ 
ciple needs to be invoked, such that the flexibility in 
choosing conditions is directed to reduce the utility con¬ 
sumption, as indicated in Figure 19.1a. Consider the 
example in Figure 19.9, in which a product stream needs 
to be cooled before entering the storage tank. There is 
some flexibility to choose the storage temperature, but 
what temperature should be chosen? Composite curves are 
shown in Figure 19.9, and these indicate that the hot 
stream pinch temperature is 65 °C. The product cooling 
is a hot stream and it is only of use down to a temperature 
of 65 °C. Thus, 65 °C would seem to be a sensible storage 
temperature, as far as the heat integration is concerned. 

10) Enforced matches. There are often some features of the 
heat exchanger network that the designer might wish to 
accept as fixed. This is often the case in retrofit. For 
example, a match between a hot and a cold stream might 
exist that is considered to be already appropriate or too 
expensive to change. If this is the case, then the part of the 
hot and cold streams involved in the enforced match 
should be left out of the analysis and added back in at 
the end of the analysis. Another typical case encountered 
in retrofit situations is where hot and cold streams with 
small heat duties are being serviced by utilities. Even 




Figure 19.9 

Soft temperatures. 


though the temperatures might make the streams tempting 
to add into the analysis, if their heat duties are small, they 
will not make a significant difference, and changing them 
is unlikely to be economic. Again, such streams can be 
accepted as enforced matches and left out of the analysis. 
Only streams with large heat duties are likely to have a 
significant influence on the outcome. 

11) Data accuracy. It is important to try and work with a set of 
data that is consistent when designing the heat exchanger 
network. Data inconsistencies are more likely to occur in 
retrofit situations than in new design. If there are incon¬ 
sistencies in the data, it should be adjusted to make the 
energy balance consistent. Also, especially in retrofit 
situations, accurate data might not be available across 
the whole problem. If this is the case, then it is better to 
adjust the data to make it self-consistent and carry out a 
preliminary analysis. The most accurate data will be 
required where the problem is most constrained, in the 
region of the heat recovery pinch. Until a preliminary 
analysis is performed, the location of the heat recovery 
pinch is unknown. Having obtained insights into where 
data errors are likely to be a problem, then better data can 
be obtained for only those parts of the problem that are 
sensitive to data errors. Care should be taken to avoid 
spending considerable effort refining data that will have 
no significant influence on the analysis. 
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Example 19.1 Phthalic anhydride is an important intermedi¬ 
ate for the plastics industry. Manufacture is by the controlled 
oxidation of o-xylene or naphthalene. The most common route 
uses o-xylene via the reaction: 

CgHio + 30 2 -* C 8 H 4 0 3 + 3H 2 0 

o-xylene oxygen phthalic anhydride water 

A side reaction occurs in parallel: 

C 8 H 10 +5/2O 2 -» 8C0 2 +5H 2 0 

o-xylene oxygen carbon dioxide water 

The reaction uses a fixed-bed vanadium pentoxide-titanium diox¬ 
ide catalyst that gives good selectivity for phthalic anhydride, 
providing the temperature is controlled within relatively narrow 
limits. The reaction is carried out in the vapor phase with reactor 
temperatures typically in the range 380 to 400 °C. 

The reaction is exothermic, and multitubular reactors are 
employed with direct cooling of the reactor via a heat transfer 
medium. A number of heat transfer media have been proposed to 
carry out the reactor cooling, such as hot oil circuits, water, sulfur, 
mercury, and so on. However, the favored heat transfer medium is 
usually a molten heat transfer salt, which is a eutectic mixture of 
sodium-potassium nitrate-nitrite. 

Figure 19.10 shows a flowsheet for the manufacture of phthalic 
anhydride by the oxidation of o-xylene. Air and o-xylene are heated 
and mixed in a venturi, where the o-xylene vaporizes. The reaction 
mixture enters a tubular catalytic reactor. The heat of reaction is 
removed from the reactor by recirculation of molten salt. The 
temperature control in the reactor would be difficult to maintain by 
methods other than molten salt. Heat is removed from the molten 
salt by generating high pressure steam. 

The gaseous reactor product is cooled first by boiler feed- 
water before entering a cooling water condenser. The cooling 


duty provided by the boiler feedwater has been fixed to avoid 
condensation. The phthalic anhydride in fact forms a solid on the 
tube walls in the cooling water condenser and is cooled to 70 °C. 
Periodically, the on-line condenser is taken off-line and the 
phthalic anhydride melted off the surfaces by recirculation of 
high-pressure hot water. Two condensers are used in parallel, 
one on-line performing the condensation duty and one off-line 
recovering the phthalic anhydride. The heat duties shown in 
Figure 19.10 are time-averaged values. The noncondensible 
gases contain small quantities of byproducts and traces of 
phthalic anhydride and are scrubbed before being vented to 
atmosphere. 

The crude phthalic anhydride is heated and held at 260 °C to 
allow some byproduct reactions to go to completion. Purifica¬ 
tion is by continuous distillation in two columns. In the first 
column, maleic anhydride and benzoic and toluic acids are 
removed overhead. In the second column, pure phthalic anhy¬ 
dride is removed overhead. High-boiling residues are removed 
from the bottom of the second column. The reboilers of both 
distillation columns are serviced by a fired heater via a hot oil 
circuit. 

There are two existing steam mains. These are high-pressure 
steam at 41 bar superheated to 270 °C and medium-pressure steam 
at lObar superheated at 180°C. Boiler feedwater is available at 
80 °C and cooling water at 25 °C to be heated to 30 °C. 

a) Extract the data from the flowsheet. 

b) Plot the composite curves and the grand composite curve. 

Solution 

a) From the flowsheet in Figure 19.10, the stream data for the heat 
recovery problem are presented in Table 19.1. 
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Outline of phthalic anhydride flowsheet. 
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Table 19.1 

Stream data for the process in Figure 19.1. 



A number of points should be noted about the data extrac¬ 
tion from the flowsheet: 

1. The reactor is highly exothermic and the data have been 
extracted as the molten salt being a hot stream. The basis of 
this is that it is assumed that the molten salt circuit is an 
essential feature of the reactor design. Thereafter, there is 
freedom within reason to choose how the molten salt is cooled. 

2. The product sublimation and melting are both carried out on 
a noncontinuous basis. Thus, time-averaged values have 
been taken. 

3. The product sublimation and product melting imply a linear 
change in enthalpy over a relatively large change in temper¬ 
ature. However, changes of phase normally take place with a 
relatively small change in temperature. Thus, the product 
sublimation might involve desuperheating over a relatively 
large range of temperature, change of phase over a relatively 
small change in temperature and subcooling over a relatively 
large range in temperature. Product melting might involve 
heating to melting point over a relatively large range of 
temperature, followed by melting over a relatively small 
change in temperature. Thus, representation of the product 
sublimation and product melting as a linear change in 
enthalpy seems to be inappropriate. To overcome this, these 
two streams could be broken down into linear segments to 
represent this nonlinear temperature-enthalpy behavior. 
Here, for the sake of simplicity, the streams will be assumed 
to have a linear temperature-enthalpy behavior. 

4. The air starts at 20 °C, but it is heated to 60 °C in the 
compressor by the increase in pressure. If the compressor is 


an essential feature of the process, then the heating between 
20 and 60 °C is serviced by the compressor and should not 
be included in the heat recovery problem. 

5. The air and o-xylene are mixed at unequal temperature in 
the venturi, where the o-xylene vaporizes. Mixing at 
unequal temperatures provides heat transfer by direct 
contact and might in principle be direct contact heat 
transfer across the pinch, the location of which is as 
yet unknown. Thus, accepting the direct contact heat 
transfer might lead to unnecessarily high energy targets if 
the mixing causes heat transfer across the pinch. The 
problem is avoided in targeting by mixing streams, where 
possible, at the same temperature, thus avoiding any 
direct contact heat transfer. Of course, once the targets 
have been established and the location of the pinch 
known, streams can then be mixed at unequal tempera¬ 
tures in the design away from the pinch in the knowledge 
that there is no cross-pinch heat transfer. In this case, the 
process conditions will be accepted, initially at least, 
because of the vaporization occurring in the mixing, 
b) Figure 19.1 la shows the composite curves for the process. The 
problem is clearly threshold in nature, requiring only cooling, 
with a threshold Ar m ,„ of 86 °C. Figure 19.11b shows the grand 
composite curves for A T mjn = 10 °C. The reason A T min has been 
taken to be 10 °C and not 86 °C is that the cooling will be 
supplied by the introduction of steam generation, which will 
turn the threshold problem into a pinched problem, as discussed 
in Chapter 16, for which the value of A T min is 10 °C for this 
problem. 
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Figure 19.11 

The composite and grand composite curves for the 
phthalic anhydride process. 


(a) I he composite curves for the process show it to he a threshold problem. 


JVC) 



(b) The grand composite curve for the process for A7„„ = IO°C. 


19.4 Heat Exchanger 
Network Stream Data - 
Summary 

The basic reference in guiding process changes to reduce utility 
costs is the plus-minus principle. However, process changes so 
identified can change the capital-energy trade-off and utility 
selection. 

For data extraction from a flowsheet: 

• Only essential constraints are included in the stream data. 

• Stream data should be linearized on the safe side. 

• Mixing should take place isothermally. 

• Utilities should not be extracted with the stream data. 

• Data should be extracted at effective temperatures. 

• Reboiling and condensing data should not necessarily be 
extracted as countercurrent heat transfer. 


• Soft constraints should exploit the plus-minus principle to 
improve the targets. 

• Heat losses from a cold stream can be accounted for by the 
inclusion of a fictitious cold stream. 

• Heat losses from a hot stream can be accounted for by splitting 
the hot stream to represent the loss. 

• Accurate data are not always required throughout the whole 
problem. 

• Enforced matches can be accounted for by leaving parts of the 
stream data out of the problem. 


19.5 Exercises 

1. The process flowsheet for a cellulose acetate fiber process is 
shown in Figure 19.12. Solvent is removed from the fibers in a 
dryer by recirculating air. The air is cooled before it enters an 
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Figure 19.12 

Flowsheet of a process for the manufacture of cellulose acetate fiber. 


absorber where the solvent is absorbed in water. The solvent- 
water mixture is separated in a distillation column and the water 
recycled. The process is serviced by saturated steam at 150 °C, 
cooling water at 20 °C and refrigerant at —5 °C. The tempera¬ 
ture rise of both the cooling water and refrigerant can be 
neglected. 

a) Extract the stream data from the flowsheet and present them 
as hot and cold streams with supply and target temperatures 
and heat capacity flowrates. 

b) Sketch the composite curves for the process for 

AT . = 10°C 
1 min 1 

c) Determine the minimum number of units for a heat 
exchanger network that uses maximum cooling water. 

d) Determine the scope for network simplification by using 
less than the maximum possible cooling water. 

e) Design a network for the process that achieves maxi¬ 
mum energy recovery in the minimum number of units 
when no cooling water is used (i.e. only steam and 
refrigeration). 

f) Suggest an obvious use of cooling water instead of refrig¬ 
eration for the network in Part e. 

2. Figure 19.13 shows two situations where a feed stream 
is heated before entering an agitated reactor vessel. The 
temperature of the reactor needs to be controlled to be 
100 °C. In the first case (Figure 19.13a), the feed is preheated 




Figure 19.13 

Data extraction for a reactor feed. 
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to a higher temperature than the reactor. In the second case 
(Figure 19.13b), the feed is preheated to a lower temperature 
than the reactor. In each case, how should the data for the 
feed stream be extracted if: 

a) Heat of reaction is removed from the reactor by cooling 
water and it is considered essential to remove the heat of 
reaction by cooling water for safety reasons. 

b) Heat of reaction is to be added to the reactor using steam 
and it is considered essential to add the heat of reaction by 
steam for control reasons. 
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Heat Integration of Reactors 


20.1 The Heat Integration 
Characteristics of Reactors 

The heat integration characteristics of reactors depend both on 
the decisions that have been made for the removal or addition of 
heat and the reactor mixing characteristics. In the first instance, 
adiabatic operation should be considered since this gives the 
simplest design. 

1) Adiabatic operation. If adiabatic operation leads to an 
acceptable temperature rise for exothermic reactors or an 
acceptable decrease for endothermic reactors, then this is the 
option that would normally be chosen. If so, then the feed 
stream to the reactor requires heating and the effluent stream 
requires cooling in most cases. The heat integration charac¬ 
teristics are thus in most cases a cold stream (the reactor 
feed) if the feed needs to be increased in temperature or 
vaporized and a hot stream (the reactor effluent) if the 
product needs to be decreased in temperature or condensed. 
The heat of reaction appears as increased temperature of the 
effluent stream in the case of an exothermic reaction or 
decreased temperature in the case of an endothermic reaction. 

2) Heat carriers. If adiabatic operation produces an 
unacceptable rise or fall in temperature, then the option 
discussed in Chapters 6 and 14 is to introduce a heat carrier. 
The operation is still adiabatic, but an inert material is 
introduced with the reactor feed as a heat carrier. The heat 
integration characteristics are as before. The reactor feed is in 
most cases a cold stream and the reactor effluent a hot 
stream. The heat carrier serves to increase the heat capacity 
flowrate of both streams. 

3) Cold shot and hot shot. Injection of cold fresh feed for 
exothermic reactions or preheated feed for endothermic 
reactions to intermediate points in the reactor can be used to 
control the temperature in the reactor. Again, the heat 
integration characteristics are similar to adiabatic operation. 
The feed is most often a cold stream if it needs to be 
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increased in temperature or vaporized and the product a hot 
stream if it needs to be decreased in temperature or 
condensed. If heat is provided to the cold shot or hot shot 
streams, these are additional cold streams. 

4) Indirect heat transfer with the reactor. Although indirect 
heat transfer with the reactor tends to bring about the most 
complex reactor design options, it is often preferable to the 
use of a heat carrier. A heat carrier creates complications 
elsewhere in the flowsheet. A number of options for indirect 
heat transfer were discussed earlier in Chapter 6. 

The first distinction to be drawn, as far as heat transfer is 
concerned, is between the plug-flow and mixed-flow reactor. 
In the plug-flow reactor shown in Figure 20.1, the heat 
transfer can take place over a range of temperatures. The 
shape of the profile depends on the following: 

• Inlet feed concentration 

• Inlet temperature 

• Inlet pressure and pressure drop (gas-phase reactions) 

• Conversion 

• Byproduct formation 

• Heat of reaction 

• Rate of cooling/heating 

• Presence of catalyst diluents or changes in catalyst 
through the reactor. 

Figure 20.1a shows two possible thermal profiles for 
exothermic plug-flow reactors. If the rate of heat removal is 
low and/or the heat of reaction if high, then the temperature 
of the reacting stream will increase along the length of the 
reactor. If the rate of heat removal is high and/or the heat of 
reaction is low, then the temperature will decrease. Under 
conditions between the two profiles shown in Figure 20.1a, a 
maximum can occur in the temperature at an intermediate 
point between the reactor inlet and exit. 

Figure 20.1b shows two possible thermal profiles for 
endothermic plug-flow reactors. This time, the temperature 
decreases for low rates of heat addition and/or high heat of 
reaction. The temperature increases for the reverse condi¬ 
tions. Under conditions between the profiles shown in 
Figure 20.1b, a minimum can occur in the temperature 
profile at an intermediate point between the inlet and exit. 
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Figure 20.1 

The heat transfer characteristics of plug-flow reactors. 


The thermal profile through the reactor will, in most 
circumstances, be carefully optimized to maximize selectiv¬ 
ity, extend catalyst life, and so on. Because of this, direct heat 
integration with other process streams is almost never carried 
out. The heat transfer to or from the reactor is instead usually 
carried out by a heat transfer intermediate. For example, in 
exothermic reactions, cooling might occur by boiling water to 
generate steam, which, in turn, can be used to heat cold 
streams elsewhere in the process or across the site. 

By contrast, if the reactor is mixed-flow, then the reactor 
is isothermal. This behavior is typical of stirred tanks used 
for liquid-phase reactions or fluidized-bed reactors used for 
gas-phase reactions. The mixing causes the temperature in 
the reactor to be effectively uniform. 

For indirect heat transfer, the heat integration character¬ 
istics of the reactor can be broken down into the following 
three cases: 

a) If the reactor can be matched directly with other process 
streams (which is unlikely), then the reactor profile should 
be included in the heat integration problem. This would 
be a hot stream in the case of an exothermic reaction or a 
cold stream in the case of an endothermic reaction. 

b) If a heat transfer intermediate is to be used and the 
cooling/heating medium is fixed, then the cooling/heating 
medium should be included and not the reactor profile 
itself. Once the cooling medium leaves an exothermic 
reactor, it is a hot stream requiring cooling. Similarly, 
once the heating medium leaves an endothermic reactor. 


it is a cold stream requiring heating. For cooling and 
heating media such as heat transfer oils and molten salts, 
these will be returned directly to the reactor once the heat 
has been removed or added. 

c) If a heat transfer intermediate is to be used but the 
temperature of the cooling/heating medium is not fixed, 
then both the reactor profile and the cooling/heating 
medium should be included. The temperature of the 
heating/cooling medium can then be varied within the 
content of the overall heat integration problem to 
improve the targets, as described in Chapter 19. 

In addition to the indirect cooling/heating within the 
reactor, the reactor feed is an additional cold stream, if it 
needs to be increased in temperature or vaporized, and the 
reactor product an additional hot stream, if it needs to be 
decreased in temperature or condensed. 

For the ideal-batch reactor, the temperature can be assumed 
to be uniform throughout the reactor at any instant in time for 
the purposes of heat integration. Figure 20.2a shows typical 
variations in temperature with time for an exothermic reaction 
in a batch reactor. A family of curves illustrates the effect of 
increasing the rate of heat removal and/or decreasing heat of 
reaction. Each individual curve assumes the rate of heat 
transfer to the cooling medium to be constant for that curve 
throughout the batch cycle. Figure 20.2b shows typical curves 
for endothermic reactions. Again, each individual curve in 
Figure 20.2b assumes the rate of heat addition from the 
heating medium to be constant throughout the batch process. 
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Figure 20.2 

The heat transfer characteristics of batch reactors. 


Fixing the rate of heat transfer in a batch reactor is often 
not the best way to control the reaction. The heating or 
cooling characteristics can be varied with time to suit the 
characteristics of the reaction (see Chapter 16). Because of 
the complexity of batch operation and the fact that operation 
is usually on a small scale, it is rare for any attempt to be 
made to recover heat from a batch reactor, or supply heat by 
recovery. Instead, utilities are normally used. 

The heat duty on the heating/cooling medium is given by 

Qreact = —{AH streams + AH REAC t) (20.1) 

where 

Qreact = reactor heating or cooling required 

AH streams = enthalpy change between feed and 
product streams 

AH RE act = reaction enthalpy (negative in the case 
of exothermic reactions) 

5) Quench. As discussed in Chapter 6, the reactor effluent may 
need to be cooled rapidly (quenched). This can be by indirect 
heat transfer using conventional heat transfer equipment or 
by direct heat transfer by mixing with another fluid. 

If indirect heat transfer is used with a large temperature differ¬ 
ence to promote high rates of cooling, then the cooling fluid (e.g. 
boiling water) is fixed by process requirements. In this case, the 
heat of reaction is not available at the temperature of the reactor 
effluent. Rather, the heat of reaction becomes available at the 
temperature of the quench fluid. Thus, the feed stream to the reactor 
is a cold stream, the quench fluid is a hot stream and the reactor 
effluent after the quench is also a hot stream. This was discussed 
under data extraction in Chapter 19. 

The reactor effluent might require cooling by direct heat transfer 
because the reaction needs to be stopped quickly, or a conventional 
heat exchanger would foul, or the reactor products are too hot or 


corrosive to pass to a conventional heat exchanger. The reactor 
product is mixed with a liquid that can be recycled, cooled product 
or an inert material such as water. The liquid vaporizes partially or 
totally and cools the reactor effluent. Here, the reactor feed is a cold 
stream and the vapor and any liquid from the quench are hot streams. 

Now consider the placement of the reactor in terms of the 
overall heat integration problem. 

20.2 Appropriate 
Placement of Reactors 

In Chapter 17, it was seen how the pinch takes on fundamental 
significance in improving heat integration. Now consider the 
consequences of placing reactors in different locations relative to 
the pinch. 

Figure 20.3 shows the background process represented simply 
as a heat sink and heat source divided by the pinch. Figure 20.3a 
shows the process with an exothermic reactor integrated above the 
pinch. The minimum hot utility can be reduced by the heat released 
by reaction. 

By comparison, Figure 20.3b shows an exothermic reactor 
integrated below the pinch. Although heat is being recovered, it is 
being recovered into part of the process, which is a heat source. 
The hot utility requirement cannot be reduced, since the process 
above the pinch needs at least Q Hm m to satisfy its enthalpy 
imbalance. 

There is no benefit by integrating an exothermic reactor below 
the pinch. The appropriate placement for exothermic reactors is 
above the pinch (Glavic, Kravanja and Homsak, 1988). 

Figure 20.4a shows an endothermic reactor integrated above the 
pinch. The endothermic reactor removes Q RE act from the process 
above the pinch. The process above the pinch needs at least Q Hm m 
to satisfy its enthalpy imbalance. Thus, an extra Qreact must be 


20 
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(b) Exothermic reactor integrated below the pinch. 

Figure 20.3 

Appropriate placement of an exothermic reactor. 


(b) Endothermic reactor integrated below the pinch. 

Figure 20.4 

Appropriate placement of an endothermic reator. 


imported from hot utility to compensate. There is no benefit in 
integrating an endothermic reactor above the pinch. Locally, it 
might seem that a benefit is being derived by running the reaction 
by recovery. However, additional hot utility must be imported 
elsewhere to compensate. 

By contrast. Figure 20.4b shows an endothermic reactor inte¬ 
grated below the pinch. The reactor imports Q RE act from part of 
the process that needs to reject heat anyway. Thus, integration of 
the reactor serves to reduce the cold utility consumption by 
Qreact- There is an overall reduction in hot utility because, 
without integration, the process and reactor would require 
(QHmin + Qreact) front the utility. 

There is no benefit in integrating an endothermic reactor above 
the pinch. The appropriate placement for endothermic reactors is 
below the pinch (Glavic, Kravanja and Homsak, 1988). 


20.3 Use of the Grand 
Composite Curve for Heat 
Integration of Reactors 

The above appropriate placement arguments assume that the pro¬ 
cess has the capacity to accept or give up the reactor heat duties at the 
given reactor temperature. A quantitative tool is needed to assess the 
capacity of the background process. For this purpose, the grand 
composite curve is used and the reactor profile treated as if it was a 
utility, as explained in Chapter 17. 

The problem with representing a reactor profile is that, unlike 
utility profiles, the reactor profile might involve several streams. 
The reactor profile involves not only streams such as those for 
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indirect heat transfer shown in Figure 20.1, but also the reactor feed 
and effluent streams that can be an important feature of the reactor 
heating and cooling characteristics. The various streams associated 
with the reactor can be combined to form a grand composite curve 


for the reactor. This can then be matched against the grand 
composite curve for the rest of the process. The following example 
illustrates the approach. 


Example 20.1 Consider again the process for the manufacture 
of phthalic anhydride discussed in Example 19.1. The data was 
extracted from the flowsheet in Figure 19.10 and listed in 


Table 19.1. The composite curves and grand composite curve are 
shown in Figure 19.11. 



id) 



n’t) 



Figure 20.5 

The problem can be divided into two parts, one associated with the reactor and the other with the rest of the process (A T min = 10 °C) and then 
superimposed. 


20 
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a) Examine the placement of the reactor relative to the rest of the 
process. 

b) Determine the utility requirements of the process. 

Solution 

a) The stream data used to construct the grand composite curve in 
Figure 20.5a include those associated with the reactor and those 
for the rest of the process. If the placement of the reactor 
relative to the rest of the process is to be examined, those 
streams associated with the reactor need to be separated from 
the rest of the process. Figure 20.5b shows the grand composite 
curves for the two pails of the process. Figure 20.5b is based 
on Streams 1, 2, 6 and 7 from Table 19.1 and Figure 20.5c is 
based on Streams 3, 4, 5, 8, 9, 10 and 11. 

In Figure 20.5d, the grand composite curves for the 
reactor and that for the rest of the process are superimposed. 
To obtain maximum overlap, one of the curves must be taken 
as a mirror image. It can be seen in Figure 20.5d that the 


reactor is appropriately placed relative to the rest of the 
process. Had the reactor not been appropriately placed, it 
would have been extremely unlikely that the reactor would 
have been changed to make it so. Rather, to obtain appropri¬ 
ate placement of the reactor, the rest of the process would 
more likely have been changed. 

b) Figure 20.6 shows the grand composite curve for all the 
streams with a steam generation profile matched against it. The 
process cooling demand is satisfied by the generation of high- 
pressure (41 bar) steam from boiler feedwater, which is 
superheated to 270 °C. High-pressure steam generation is 
preferable to low-pressure generation. There is apparently no 
need for cooling water. 

A greater amount of steam would be generated if the 
noncondensible vent was treated using catalytic thermal 
oxidation (see Chapter 25) rather than absorption. The 
exotherm from catalytic thermal oxidation would create an 
extra hot stream for steam generation. 



Figure 20.6 

The grand composite curve for the whole process apparently requires only high-pressure steam generation from boiler feedwater. 


20.4 Evolving Reactor 
Design to Improve Heat 
Integration 

If the reactor is inappropriately placed, then the process changes 
might make it possible to correct this. One option would be to 


change the reactor conditions to bring this about. Most often, 
however, the reactor conditions will probably have been optimized 
for selectivity, catalyst performance, and so on, which, taken 
together with safety, materials-of-construction constraints, control, 
and so on, makes it unlikely that the reactor conditions would be 
changed to improve heat integration. Rather, to obtain appropriate 
placement of the reactor, the rest of the process would most likely 
be changed. 
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If changes to the reactor design are possible, then the simple 
criteria introduced in Chapter 19 can be used to direct those 
changes. Heat integration will always benefit by making hot 
streams hotter and cold streams colder. This applies whether 
the heat integration is carried out directly between process streams 
or through an intermediate such as steam. For example, consider 
the exothennic reactions in Figure 20.1a. Allowing the reactor to 
work at a higher temperature improves the heat integration poten¬ 
tial if this does not interfere with selectivity or catalyst life or 
introduce safety and control problems, and so on. However, if the 
reactor must work with a fixed intermediate cooling fluid, such 
as steam generation, then the only benefit will be a reduced heat 
transfer area in the reactor. The steam becomes a hot stream 
available for heat integration after leaving the reactor. If the 
pressure of steam generation can be increased, then there may 
be energy or heat transfer area benefits when it is integrated with the 
rest of the process. 

Care should be taken when preheating reactor feeds within 
the reactor using the heat of reaction. This is achieved in practice 
simply by passing the cold feeds directly to the reactor and 
allowing them to be preheated by mixing with hot materials 
within the reactor. However, if the exothermic reactor is appro¬ 
priately placed above the pinch and the feeds start below the 
pinch, then the preheating within the reactor is cross-pinch heat 
transfer. In this case, feeds should be preheated by recovery 
using streams below the pinch before being fed to the reactor. 
This increases the heat generated within the reactor and heat 
integration will benefit from the increased heat available for 
recovery from the reactor. 

20.5 Heat Integration 
of Reactors - Summary 

The appropriate placement of reactors, as far as heat integration is 
concerned, is that exothermic reactors should be integrated above 
the pinch and endothermic reactors below the pinch. Care should 
be taken when reactor feeds are preheated by heat of reaction 
within the reactor for exothermic reactions. This can constitute 
cross-pinch heat transfer. The feeds should be preheated to pinch 
temperature by heat recovery before being fed to the reactor. 

Appropriate placement can be assessed quantitatively using 
the grand composite curve. The streams associated with the 
reactor can be represented as a grand composite curve for the 
reactor and then matched against the grand composite curve for 
the rest of the process. 

If the reactor is not appropriately placed, then it is more likely 
that the rest of the process would be changed to bring about 
appropriate placement rather than changing the reactor. If changes 
to the reactor design are possible, then the simple criterion of 


Table 20.1 

Stream data for a process with an exothermic chemical reactor. 


Stream 

Enthalpy 
change (kW) 

T s (°C) 

Tt(°C) 

No. 

Type 

1 

Hot 

7000 

ill 

375 

2 

Hot 

3600 

376 

180 

3 

Hot 

2400 

180 

70 

4 

Cold 

2400 

60 

160 

5 

Cold 

200 

20 

130 

6 

Cold 

200 

160 

260 


making hot streams hotter and cold streams colder can be used to 

bring about beneficial changes. 

20.6 Exercises 

1. The stream data for a process involving a highly exothermic 

chemical reaction are given in Table 20.1. 

a) Sketch the composite curves for A T mjn = 10 °C, confirm 
that it is a threshold problem and determine the cold 
utility requirements. 

b) It is proposed to use steam generation as cold utility. 
Assume saturated boiler feedwater is available and that 
the steam generated is saturated in order to calculate how 
much steam can be generated by the process at a pressure 
of 41 bar. The temperature of saturated steam at the 
pressure is 252°C and the latent heat is 1706kJ-kg _1 . 

c) If the steam is superheated to a temperature of 350 °C, 
calculate how much steam can be generated at 41 bar. 
Assume the heat capacity of steam is 4.0kJ-kg _l -K _l . 

d) Describe what would happen if the steam was generated 
from boiler feedwater at 100°C with a heat capacity of 
4.4kJ-kg -K _ . How would the steam generation be 
calculated under these circumstances? 

Reference 

Glavic P, Kravanja Z and Homsak M (1988) Heat Integration of Reactors: I. 

Criteria for the Placement of Reactors into Process Flowsheet, Chem Eng 

Sci, 43: 593. 
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Chapter 21 


Heat Integration 
of Distillation 


21.1 The Heat Integration 
Characteristics of 
Distillation 

The dominant heating and cooling duties associated with a distil¬ 
lation column are the reboiler and condenser duties. In general, 
however, there will be other duties associated with heating and 
cooling of feed and product streams. These sensible heat duties 
usually will be small in comparison with the latent heat changes in 
reboilers and condensers. 

Both the reboiling and condensing processes normally take 
place over a range of temperature. Practical considerations, 
however, usually dictate that the heat to the reboiler must be 
supplied at a temperature above the dew point of the vapor 
leaving the reboiler and that the heat removed in the condenser 
must be removed at a temperature lower than the bubble point of 
the liquid, as discussed in Chapter 19. Hence, in preliminary 
design at least, both reboiling and condensing can be assumed to 
take place at constant temperatures. 

21.2 The Appropriate 
Placement of Distillation 

Consider now the consequences of heat integrating simple 
distillation columns (i.e. one feed, two products, one reboiler 
and one condenser) in different locations relative to the heat 
recovery pinch. The distillation takes heat Q RE b into the reboiler 
at temperature Treb and rejects heat Qcond at a lower tempera¬ 
ture Tcond- There are two possible ways in which the column 
can be heat integrated with the rest of the process. The reboiler 
and condenser can be integrated either across, or not across, the 
heat recovery pinch. 
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1) Distillation across the pinch. This arrangement is shown in 
Figure 21.1a. The background process (which does not include 
the reboiler and condenser) is represented simply as a heat sink 
and heat source divided by the pinch. Heat Q REB is taken into 
the reboiler above the pinch temperature and heat Qcond 
rejected from the condenser below the pinch temperature. 
Because the process sink above the pinch requires at least 
QHmin to satisfy its enthalpy balance, the Q REB removed by 
the reboiler must be compensated for by introducing an extra 
Qreb from hot utility. Below the pinch, the process needs to 
reject Qcmin anyway, and an extra heat load Qcond from the 
condenser has been introduced. 

By heat integrating the distillation column with the process 
and by considering only the reboiler, it might be concluded that 
energy has been saved. The reboiler has its heat requirements 
provided by heat recovery. However, the overall situation is 
that heat is being transferred across the heat recovery pinch 
through the distillation column and that the consumption of hot 
and cold utilities in the process must increase correspondingly. 
There are fundamentally no savings available from the integra¬ 
tion of a separator across the pinch (Umeda, Niida and Shiroko, 
1979; Linnhoff, Dunford and Smith, 1983). 

2) Distillation not across the pinch. Here the situation is some¬ 
what different. Figure 21.1b shows a distillation column 
entirely above the pinch. The distillation column takes heat 
Qreb from the process and returns Qcond at a temperature 
above the pinch. The hot utility consumption changes by 
( Qreb ~ Qcond)- The cold utility consumption is unchanged. 
Usually, Q R eb and Qcond have a similar magnitude. 
If Qreb a Qcond> then the hot utility consumption is Q Hm m 
and there is no additional hot utility required to run the 
column. It takes a “free ride” from the process. Heat inte¬ 
gration below the pinch is illustrated in Figure 21.1c. Now the 
hot utility is unchanged, but the cold utility consumption 
changes by {Qcond ~ Qreb)- Again, given that Q REB and 
Qcond usually have similar magnitudes, the result is similar 
to heat integration above the pinch. 

All these arguments can be summarized by a simple state¬ 
ment: the appropriate placement for distillation is not across the 
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(c) T> 




Figure 21.1 

The appropriate placement of distillation columns. (Reproduced from 
Smith R and Linnhoff B, 1998, Trans IChemE ChERD, 66 : 195 by 
permission of the Institution of Chemical Engineers.) 


21.3 Use of the Grand 
Composite Curve for Heat 
Integration of Distillation 

The appropriate placement principle can only be applied if the 
process has the capacity to provide or accept the required heat 
duties. A quantitative tool is needed to assess the source and sink 
capacities of any given background process. For this purpose, the 
grand composite curve can be used. Given that the dominant 
heating and cooling duties associated with the distillation column 
are the reboiler and condenser duties, a convenient representation 
of the column is therefore a simple “box” representing the reboiler 
and condenser loads (Linnhoff, Dunford and Smith, 1983). This 
“box” can be matched with the grand composite representing the 
remainder of the process. The grand composite curve would 
include all heating and cooling duties for the process, including 
those associated with separator feed and product heating and 
cooling, but excluding reboiler and condenser loads. 

Consider now a few examples of the use of this simple represen¬ 
tation. A grand composite curve is shown in Figure 21.2a. The 
distillation column reboiler and condenser duties are shown 
separately and are matched against it. The reboiler and condenser 
duties are on opposite sides of the heat recovery pinch and the 
column does not lit. In Figure 21.2b, although the reboiler and 
condenser duties are both above the pinch, the heat duties prevent a 
fit. Part of the duties can be accommodated and, if heat integrated, 
that would be a saving, but less than the full reboiler and condenser 
duties. 

The distillation columns shown in Figure 21.3 both fit. 
Figure 21.3a shows a case in which the reboiler duty can be 
supplied by hot utility. The condenser duty must be integrated 
with the rest of the process. Another example is shown in 
Figure 21.3b. This distillation column also fits. The reboiler 
duty must be supplied by integration with the process. Part of 
the condenser duty in Figure 21.3b must also be integrated, while 
the remainder of the condenser duty can be rejected to cold utility. 


pinch (Umeda, Niida and Shiroko, 1979; Linnhoff, Dunford 
and Smith, 1983). Although the principle has been developed 
with regard to distillation columns, it clearly applies to any 
separator that takes in heat at a higher temperature and rejects 
heat at a lower temperature. 

If both the reboiler and condenser are integrated with the 
process, this can make the column difficult to start up and 
control. However, when the integration is considered more 
closely, it becomes clear that both the reboiler and condenser 
do not need to be integrated. Above the pinch, the reboiler can 
be serviced directly from the hot utility with the condenser 
integrated above the pinch. In this case, the overall utility 
consumption will be the same as that shown in 
Figure 21.1b. Below the pinch, the condenser can be serviced 
directly by cold utility with the reboiler integrated below the 
pinch. Now the overall utility consumption will be the same as 
that shown in Figure 21.1c. 


21.4 Evolving the Design of 
Simple Distillation Columns 
to Improve Heat Integration 

If an inappropriately placed distillation column is shifted above the 
heat recovery pinch by changing its pressure, the condensing 
stream, which is a hot stream, is shifted from below to above 
the pinch. The reboiling stream, which is a cold stream, stays above 
the pinch. If the inappropriately placed distillation column is 
shifted below the pinch, then the reboiling stream, which is a 
cold stream, is shifted from above to below the pinch. The 
condensing stream stays below the pinch. Thus appropriate place¬ 
ment is a particular case of shifting streams across the pinch, which 
in turn is a particular case of the plus-minus principle (see 
Chapter 19). 
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(b) A distillation column that can only be partially 
integrated. 


21 


Figure 21.2 

Distillation columns that do not fit against the grand composite curve. (Reproduced from Smith R and Linnhoff B, 1998, Trans IChemE ChERD, 66: 195 by 
permission of the Institution of Chemical Engineers.) 




Figure 21.3 

Distillation cloumns that fit against the grand composite 
curve. (Reproduced from Smith R and Linnhoff B. 
1998. Trans IChemE ChERD , 66: 195 by permission 
of the Institution of Chemical Engineers.) 


(a) A column appropriately placed above 
Ihv pinch. 


|b) A column appropriately placed below 
the pinch. 


If a distillation column is inappropriately placed across the 
pinch, it may be possible to change its pressure to achieve 
appropriate placement. Of course, as the pressure is changed, 
the shape of the “box” also changes, since not only do the reboiler 
and condenser temperatures change but also the difference 
between them. The relative volatility will also be affected, gener¬ 
ally decreasing with increasing pressure. Thus, both the height and 
the width of the box will change as the pressure changes. Changes 
in pressure also affect the heating and cooling duties for column 


feed and products. These streams normally would be included in 
the background process. Hence, the shape of the grand composite 
curve will also change to some extent as the column pressure 
changes. However, as pointed out previously, it is likely that these 
effects will not be significant in most processes by comparison with 
the latent heat changes in condensers and reboilers, since the 
sensible heat loads involved will usually be small by comparison. 

Constraints will often present themselves over which the 
pressure of the distillation columns will operate. For example, it 
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(b) Integration of double cITcct 
columns separately. 


Figure 21.4 

Double-effect distillation. (Reproduced from Smith R and Linnhoff B, 
1998. Trans IChemE ChERD, 66: 195 by permission of the Institution of 
Chemical Engineers.) 


is often the case that the maximum pressure of a distillation column 
is restricted to avoid decomposition of material in the reboiler. This 
is especially the case when reboiling high molar mass material. 
Distillation of high molar mass material is often constrained to 
operate under vacuum conditions. However, unless absolutely 
necessary, vacuum distillation is best avoided. Clearly, if the 
pressure of the distillation column is constrained, then this restricts 
the heat integration opportunities. 

If the distillation column will not fit either above or below the 
pinch, either because of the heat duties or constraints, then other 
design options can be considered. One possibility is double-effect 
distillation, as shown in Figure 21.4a (Smith and Linnhoff, 1988). 
The column feed is split and fed to two separate parallel columns. 
The classical application of double-effect distillation is to choose 
the relative pressures of the columns such that the heat from the 
condenser of the high-pressure column can be used to provide 
the reboiler heat to the low-pressure column. In isolation, the 
scheme would save energy, approximately halving the energy 
consumption by using the same energy twice in different temper¬ 
ature ranges. The energy reduction will be at the expense of 
increased capital cost. However, used on a stand-alone basis in 
this way, in reducing the heat load on the system, the temperature 
difference over the distillation system increases. If an attempt is 
made to heat integrate this double-effect distillation with the rest of 
the process, the increased temperature difference across the system 
might create problems. The increased temperature difference 
might prevent integration above the pinch (perhaps because the 
required high temperature in the reboiler creates fouling) or below 
the pinch (perhaps because the required low temperature in the 
condenser would require expensive refrigeration). 




Figure 21.5 

Distillation column with intermediate condenser. The profile can be 
designed to fit the background process. (Reproduced from Smith R 
and Linnhoff B, 1998, Trans IChemE ChERD, 66: 195 by permission 
of the Institution of Chemical Engineers.) 


However, there is no fundamental reason why these two 
columns must be linked together thermally. Figure 21.4b shows 
two columns that are not linked thermally and, as a result, each can 
be individually appropriately placed. Obviously, the capital cost 
of such a scheme will be higher than that of a single column, but it 
may be justified by favorable energy savings. 

Another design option that can be considered if a column will 
not fit into the grand composite curve is the use of an intermediate 
condenser, as illustrated in Figure 21.5. The shape of the “box” is 
now altered, because the intermediate condenser changes the heat 
flow through the column with some of the heat being rejected at a 
higher temperature in the intermediate condenser. In the particular 
design shown in Figure 21.5, the match with the grand composite 
curve would require that at least part of the heat rejected from 
the intermediate condenser should be passed to the process. An 
analogous approach can be used to evaluate the possibilities for 
the use of intermediate reboilers. For intermediate reboilers, part 
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(a) A typical vapor recompression scheme for above ambient 
temperature distillation. 


(b) A typical vapor recompression scheme for below ambient 
temperature distillation. 


Figure 21.6 

Heat pumping in distillation. Vapour recompression schemes. 


of the reboiler heat is supplied at an intermediate point in the 
column, at a temperature lower than the reboiler temperature. 
Flower and Jackson (1964), Kayihan (1980) and Soares-Pinto 
et al. (2011) have presented procedures for the location of inter¬ 
mediate reboilers and condensers. 

21.5 Heat Pumping in 
Distillation 

Various heat-pumping schemes have been proposed as a means 
of saving energy in distillation. One approach is to use a heat 
pumping fluid in a closed loop, like the schemes discussed in 
Chapter 17. An alternative in distillation is to use the column 
overhead vapor as the heat pumping fluid in an open loop. Such 
open-loop schemes are known as vapor recompression. Many 
different arrangements are possible. Two possible schemes are 
illustrated in Figure 21.6. Figure 21.6a shows a scheme typical for 
above ambient temperature distillation. Some auxiliary cooling is 
normally required to satisfy the overall energy balance. 
Figure 21.6a features an auxiliary condenser. If the feed is signifi¬ 
cantly subcooled, some auxiliary reboiling might be required. 
Figure 21.6b shows a scheme typical for below ambient processes. 
If an auxiliary cooler is required, it is better to supply the cooling at 
a higher temperature to avoid the use of refrigeration. Compared 
with Figure 21.6a, the scheme in Figure 21.6b requires auxiliary 
cooling at a higher temperature. Again, if the feed is significantly 
subcooled, some auxiliary reboiling might be required. 

Open-loop (vapor recompression) schemes have an advantage 
over closed-loop systems in terms of the temperature lift required. 
Closed-loop systems require indirect heat transfer in two heat 
exchanger operations for the temperature lift, each requiring a finite 


temperature difference. Open-loop systems require indirect heat 
transfer in one heat exchange operation for the temperature lift. 
Thus, the temperature lift, and hence power requirements, are 
generally smaller for open-loop systems compared with closed- 
loop systems. However, in closed-loop systems the heat pumping 
fluid can be chosen from a range of fluids to keep the power 
requirements potentially lower than for the same temperature lift 
using the distillation overhead vapor as the working fluid. 

For heat pumping to be economic on a stand-alone basis across 
the distillation column, it must operate across a small temperature 
difference, which for distillation means close boiling mixtures. In 
addition, unless the column is constrained to operate either on a 
stand-alone basis or at a pressure that would mean it would be 
across the pinch, heat integration is likely to be preferred. Heat 
pumping schemes for distillation are most likely to be attractive for 
the distillation of close boiling mixtures in constrained situations 
(Smith and Linnhoff, 1988). 

21.6 Capital Cost 
Considerations for the 
Integration of Distillation 

The design changes suggested so far for distillation columns have 
been motivated by the incentive to reduce energy costs by more 
effective integration between the distillation column and the rest of 
the process. However, there are capital cost implications when the 
distillation design and the heat integration scheme are changed. 
These implications fall into two broad categories: changes in 
distillation capital cost and changes in heat exchanger network 
capital cost. Obviously, these capital cost changes should be 
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Figure 21.7 

The capital-capital trade-off for an appropriately integrated distillation column. (Reproduced from Smith R and Linnhoff B, 1998, Trans IChemE ChERD, 
66: 195 by permission of the Institution of Chemical Engineers.) 


considered together, along with the energy cost changes, in order 
to achieve an optimum trade-off between capital and energy costs. 

1) Distillation capital costs. The classical optimization in distil¬ 
lation, as discussed in Chapter 8, is to trade off the capital cost 
of the column against the energy cost for the distillation by 
changing the reflux ratio. In Chapter 8, this was discussed for 
the situation of distillation columns operating on utilities and 
not integrated with the rest of the process. Experience gained 
with this traditional optimization has led to rules of thumb for 
the selection of reflux ratios. Typically, the optimum ratio of 
actual to minimum reflux ratio is usually around 1.1 or lower. 
Practical considerations often prevent a ratio of less than 1.1 
being used except in special circumstances, as discussed in 
Chapter 8. 

If the column is inappropriately placed with the process, then 
an increase in reflux ratio causes a corresponding overall 
increase in energy and the trade-off rules apply. However, if 
the column is appropriately placed, then the reflux ratio can often 
be increased (up to a limit) without changing the overall energy 
consumption, as shown in Figure 21.7. Increasing the heat flow 
through the column decreases the requirement for distillation 
stages but increases the vapor rate. In designs initialized by 
traditional rules of thumb, this would have the effect of decreas¬ 
ing the capital cost of the column. However, the corresponding 
decrease in heat flow through the heat exchanger network will 
have the effect of decreasing temperature differences and 
increasing the capital cost of the heat exchanger network, as 
shown in Figure 21.7. Thus, the trade-off for an appropriately 
integrated distillation column becomes one between the capital 
cost of the column and the capital cost of the heat exchanger 
network (Smith and Finnhoff, 1988) (Figure 21.7). 

Consequently, the optimum reflux ratio for an appropriately 
integrated distillation column will be problem specific and is 
likely to be quite different from that of a stand-alone column 
operated from utilities. 

2) Heat exchanger network capital costs. It is easy for the 
designer to become carried away with the elegance of “packing 
boxes” into space around the grand composite curve. However, 


the full implications of integration are only clear when the 
corresponding composite curves of the process with the distil¬ 
lation column are considered. Temperature differences become 
smaller throughout the process as a result of the integration. 
This means that the capital-energy trade-off should be read¬ 
justed, and a larger A T min might be required. The optimization 
of the capital-energy trade-off might undo part of the savings 
achieved by appropriate integration. 

Unfortunately, the overall design problem is even more 
complex in practice. Farge temperature differences in the 
process (i.e. space in the grand composite curve) could equally 
well be exploited to allow the use of moderate temperature 
utilities or the integration of heat engines, heat pumps, and so 
on, in preference to integration of distillation columns. There is 
thus a three-way trade-off between distillation design and 
integration, utility selection and the capital-energy trade-off 
(A T min optimization). 

21.7 Heat Integration 
Characteristics of Distillation 
Sequences 

The problem of distillation sequencing was discussed in 
Chapter 10, where the distillation columns in the sequence were 
operated on a stand-alone basis using utilities for the reboilers and 
condensers. Following the approach in Chapter 10, the best few 
nonintegrated distillation sequences can be found. These 
sequences can then be heat integrated as discussed above. 
Figure 21.8 shows how heat integration can be applied within a 
two-column direct distillation sequence for the separation of three 
products. In Figure 21.8a, the first distillation column has been 
increased in pressure such that the condenser of the first column can 
provide the heat for the reboiler of the second column, sometimes 
known as forward integration. In Figure 21.8b, the pressure of the 
second column has been increased such that the condenser of the 
second column can provide the heat for the reboiler of the first. 




Heat Integration of Distillation 569 




(b) Backward heat integration. 


(a) Forward heat integration. 

Figure 21.8 

Heat integration of a sequence of two simple distillation columns. 
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sometimes known as backward integration. Both schemes will 
bring about a significant reduction in the energy requirement. 
However, these are generally five heating/cooling duties associ¬ 
ated with a distillation column: 

• feed preheating/cooling, 

• cooling in the condenser, 

• heating in the reboiler, 

• overhead product heating/cooling, 

• bottoms product heating/cooling. 

Each of these duties in the distillation can be generally satisfied 
in one of the following ways: 

• hot or cold utilities, 

• heat integration with reboiling/condensing duties of other dis¬ 
tillation columns, 

• heat integration with background process heating and cooling 
utilities, 

• heat pumping around the distillation using a closed loop, 

• heat pumping around the distillation using an open loop, 

• heat pumping from other distillation column condenser or 
process cooling duties using a closed loop, 

• heat pumping from other distillation column condenser duties 
using an open loop, 

• heat pumping from the distillation condenser duty to other 
distillation or process heating duties using a closed loop, 

• heat pumping from the distillation condenser duty to other 
distillation or process heating duties using an open loop. 

In addition, as will be discussed in Chapter 24, for low- 
temperature processes requiring complex refrigeration systems, 
energy integration can also be carried out with the refrigeration 
system. Further opportunities are presented by introducing 


intermediate reboiling and condensing to the distillation. One 
approach to the overall problem breaks down the design procedure 
into two steps of first determining the best nonintegrated sequence 
and then heat integration. This assumes that the two problems of 
distillation sequencing and heat integration can be decoupled. 

However, there are complex interactions between the design of 
the distillation arrangement and the heat integration. Not only can 
different distillation sequences of simple columns be chosen, but 
the pressure of the columns can be varied between practical 
constraints. As the pressures of the columns are varied, the energy 
integration options discussed above vary. Another factor that can 
create problems as the pressure of each column in the sequence is 
varied, is the effect on the feed condition for downstream columns. 
If two columns are at the same pressure, then a saturated liquid 
leaving one column will be saturated as it enters the second 
column. However, if the pressure of the first column becomes 
higher than the second as a result of a pressure change, then the 
saturated liquid from the first column will become a subcooled feed 
to the second. If the pressure of the first column becomes lower 
than the second as a result of a pressure change, then the saturated 
liquid from the first column will become a partially vaporized or 
superheated feed to the second. The feed condition can have a 
significant influence on the column design. 

Constraints might be applied for the sake of reducing the capital 
costs (e.g. to avoid long pipe runs). In addition, constraints might 
be applied to avoid complex heat integration arrangements for the 
sake of operability and control (e.g. to have heat recovery to a 
reboiler from a single source of heat, rather than two or three 
sources of heat). 

In addition to these issues regarding simple columns, there are 
also issues associated with the introduction of complex columns 
into the sequence. Figure 21.9a illustrates the thermal character¬ 
istics of a direct sequence of two simple columns. Once the two 
columns are thermally coupled, as illustrated in Figure 21.9b, the 
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Figure 21.9 


Thermally coupling the direct sequence changes both the loads and 
levels. 
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(a) The direct sequence. 


(h) Thermally coupled direct sequence. 




Reboiler 


Reboiler; 

uj 

f— 

i 

i 

© i 

! i © 1 

H 

• i i 

1 i i 

: © ! ! 

a 

U 

0®L- 

1 i \ 


_] Condenser 

2 

u 

Condenser 

E— 




ENTHALPY 


ENTHALPY 


(a) The indirect sequence. 


(b) Thermally coupled indirect sequence. 


Figure 21.10 

Thermally coupling the indirect sequence changes both the loads and levels. 


overall heat load is reduced. However, all of the heat must be 
supplied at the highest temperature for the system. Thus there is a 
trade-off in which the load is reduced, but the levels required to 
supply the heat become more extreme. The corresponding case for 
the indirect sequence is shown in Figure 21.10. As the indirect 
sequence is thermally coupled, the heat load is reduced, but now all 
of the heat must be rejected at the lowest temperature. Thus, there is 
a benefit of reduced load but a disadvantage of heat rejection at 
more extreme levels. The same problem occurs with thermally 
coupled prefractionators and partition (dividing wall) distillation 
columns. However, this time both heat supply and rejection must 
be carried out at the most extreme temperatures. 

All of these arguments demand a more sophisticated approach 
than a sequential approach in which the sequence and heat inte¬ 
gration (including complex columns) are explored simultaneously. 


Example 21.1 Two distillation columns have been sequenced 
to be in the direct sequence (see Figure 21.8). Opportunities for heat 
integration between the two columns are to be explored. The 
operating pressures of the two columns need to be chosen to allow 
heat recovery. Data for Column 1 and Column 2 at various 
pressures are given in Tables 21.1 and 21.2. 

Medium-pressure (MP) steam is available for reboiler heating at 
200 °C. Cooling water is available for condensation, to be returned 
to the cooling tower at 30 °C. Assume a minimum permissible 
temperature difference for heat transfer of 10 °C. Determine the 
minimum utility requirements for: 

a) both columns operating at 1 bar, 

b) forward heat integration, 

c) backward heat integration. 
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Table 21.1 

Data for Column 1. 


p 

Tcond 

Tree 

Qcond 

Qreb 

(bar) 

(°C) 

(°C) 

(kW) 

(kW) 

1 

90 

120 

3000 

3000 

2 

130 

160 

3600 

3600 

3 

140 

170 

4000 

4000 

4 

160 

190 

4300 

4300 


Solution 

a) Heat integration between the condenser and reboiler is feasible 
if 

TcOND > Treb + AT„„„ 

From Tables 20.1 and 20.2, when both columns operate at 1 
bar, no heat integration is possible. Thus, 

QHmin = 3000 + 5500 
= 8500 kW 
Qcmin — 3000 + 5500 
= 8500 kW 

b) Consider forward heat integration by increasing the pressure 
of Column 1. Because heat duties will increase with 
increasing pressure, low operating pressures are preferred. 
Thus, Column 2 is kept at 1 bar with a reboiler temperature of 
130 °C. This means that the minimum condensing 
temperature of Column 1 must be 140 °C, which 
corresponds with a pressure of 3 bar. From Tables 20.1 
and 20.2: 

Q Hmin = 4000 + (5500 - 4000) 

= 5500 kW 
Qcmin = 0 + 5500 
= 5500 kW 

c) For backward heat integration, the appropriate operating 
pressures are 1 bar for Column 1 and 2 bar for Column 2. 


Table 21.2 

Data for Column 2. 


P 

Tcond 

Tree 

Qcond 

Qreb 

(bar) 

(°C) 

(°C) 

(kW) 

(kW) 

1 

110 

130 

5500 

5500 

2 

130 

153 

6000 

6000 

3 

150 

175 

6300 

6300 

4 

163 

190 

6500 

6500 

5 

170 

200 

6600 

6600 


Thus, from Tables 20.1 and 20.2: 

QHmin = 0 + 6000 
= 6000 kW 

Qcmin = 3000 + (6000 - 3000) 

= 6000 kW 

Thus, to minimize utility costs, forward heat integration should 
be used with Column 1 at 3 bar and Column 2 at 1 bar. 

21.8 Design of Heat 
Integrated Distillation 
Sequences 

In order to explore distillation sequencing and heat integration 
simultaneously, a more automated approach to the problem is 
required. Chapter 10 discussed how distillation sequences can be 
developed automatically. Figure 10.19 illustrates how all options 
for the separation of the mixture of five components using 
simple columns can be embedded in a superstructure that can 
be optimized to remove redundant features. The optimization 
involves not only the distillation configuration but also the operat¬ 
ing pressure, reflux ratio and feed condition and choice of a partial 
or total condenser for each column. It should be again noted that 
there are interactions between columns in series as far as the feed 
condition is concerned. Figure 10.20 then shows that any two 
columns connected in series can in principle be replaced by 
different complex column arrangements. The appropriate complex 
column arrangement options depend on whether the two simple 
columns in series to be replaced are in the direct or indirect 
sequence. In Chapter 10 it was discussed how this structure can 
be subjected to structural optimization using stochastic search 
optimization (e.g. simulated annealing algorithm, see 
Chapter 3). Stochastic search optimization starts with any feasible 
distillation sequence (e.g. one of the simple column sequences). 
The design is then evolved in the optimization through a series of 
structural moves, as discussed in Chapter 10, to improve the 
design. In addition to the structural moves, changes in column 
pressure, reflux ratio, feed condition and condenser type of all 
columns need to be explored. After each move the design needs to 
be simulated and evaluated. 

Also as discussed in Chapter 10, rather than using stochastic 
search optimization and moves from an initial design, a com¬ 
prehensive superstructure can be developed by embedding all 
possible combinations of simple and complex columns into a 
single superstructure and optimized using deterministic optimi¬ 
zation (MINLP). 

Whichever approach is used, the approach so far assumes that 
all the heating and cooling will be satisfied by utilities. For most 
problems heat integration will have a significant effect on the final 
design, and for the reasons discussed above, the optimization of the 
distillation structure and heat integration need to be carried out 
simultaneously. The simplest approach, which applies to new 
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design, is to use energy targeting from the problem table by 
assuming a A T min . In this approach, whenever a structural change 
is made to the distillation and the design simulated and evaluated, 
energy costs are included from energy targeting. This is straight¬ 
forward if only a single hot and cold utility is involved. If multiple 
utilities are involved, the energy targeting needs to optimize the 
utility mix for each distillation structural move when it is evaluated. 
A linear program can be used to optimize a mix of utilities matched 
against the grand composite curve. However, rather than use the 
energy targeting methods described in Chapter 17, linear program¬ 
ming can be used to provide a heat exchanger network design, as 
long as a A T min is fixed. This network design can then be used to 
evaluate each change in the structure of the distillation system. 
Whichever method is used to provide the heat integration perform¬ 
ance, the heat exchanger network evaluation is carried out as a 
subproblem to the basic distillation structural optimization. 

If the heat integrated distillation problem is a retrofit, then an 
evolutionary move can be adopted from the existing distillation 
structure. This can be carried out using stochastic search opti¬ 
mization starting from the existing distillation structure and 
evolving in a series of moves from the existing structure. In 
comparison with the new design problem, retrofit cannot use 
energy targeting to adequately represent the retrofit potential for 
heat integration. For retrofit, the heat exchanger network should 
be evolved from the existing heat exchanger network structure 
using the methods described in Chapter 18. Each change in the 
distillation structure or operating conditions creates a new heat 
integration problem. This new heat exchanger network problem 
needs to be passed to a retrofit algorithm, as described in 
Chapter 18, to retrofit the existing heat exchanger network to 
the new conditions. Most retrofit problems will only be eco¬ 
nomic for a small number of equipment changes. Thus, it will 
normally be necessary to constrain the number of changes 
allowed in the retrofit optimization. 

21.9 Heat Integration of 
Distillation - Summary 

The appropriate placement of distillation columns when heat 
integrated is not across the heat recovery pinch. The grand 
composite curve can be used as a quantitative tool to assess 
integration opportunities. The scope for integrating conventional 
distillation columns into an overall process is often limited. 
Practical constraints often prevent integration of columns with 
the rest of the process. If the column cannot be integrated with the 
rest of the process, or if the potential for integration is limited by the 
heat flows in the background process, then attention must be turned 
back to the distillation operation itself and complex arrangements 
considered. 

The use of complex columns (side-strippers, side-rectifiers and 
thermally coupled prefractionators) reduces the overall heat duties 
for the separation at the expense of more extreme temperatures for 
reboiling and condensing. Heat integration benefits from smaller 
duties, but more extreme temperatures make the heat integration 
more difficult). 


Thus, the introduction of constraints and complex columns 
demands a simultaneous solution of the sequencing and heat 
recovery problems. This can be earned out on the basis of the 
deterministic optimization of a superstructure or stochastic search 
optimization. 


21.10 Exercises 


1. Table 21.3 represents a problem table cascade) A T mi „= 10°C). 
The utilities available are given in Table 21.4. The power 
required by refrigeration is given by 


W = 


Qc 

0.6 



where W = power required for the refrigeration cycle 
Qc = the cooling duty 

T c = temperature at which heat is taken into the 
refrigeration cycle (K) 

T h = temperature at which heat is rejected from the 
refrigeration cycle (K) 

Assume that only a single level of refrigeration can be used and 
heat rejection from refrigeration is to cooling water. 


Table 21.3 

Heat flow cascade for Exercise 1. 


Interval temperature (°C) 

Heat flow (kW) 

160 

1000 

150 

0 

130 

1100 

110 

1400 

100 

900 

80 

1300 

40 

1400 

10 

1800 

-10 

1900 

-30 

2200 


Table 21.4 

Utility data for Exercise 1. 


Utility 

Cost 

Steam at 180 °C 

$135kW~‘-y~' 

Cooling water from 20 °C to 40 °C 

$4.5kW“ 1 -y- 1 

Electricity 

$620kW“ 1 y“ 1 
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The process also has a distillation column presently using 

steam and cooling water. The reboiler is at 120 °C, the con¬ 
denser is at 90 °C and each has a duty of 1400 kW. 

a) Calculate the utility costs without column integration. 

b) Calculate the utility costs by integrating the column at the 
current pressure. 

c) It is proposed to integrate the column by decreasing the 
column pressure. It can be assumed that the temperature 
difference across the column and the reboiler and con¬ 
denser duties remain fixed as the column pressure is 
changed. Calculate the utility cost of an integrated 
column. 

d) Determine the most appropriate reboiler and condenser 
temperatures to integrate the column. Calculate the utility 
cost. 

e) What could be done to decrease the refrigeration cost? 

2. A problem table analysis for a given process produces the heat 

flow cascade in Table 21.5 for A T min = 10 °C. 

a) A distillation column, which separates a mixture of 
toluene and diphenyl into relatively pure products, is to 
be integrated with the process. The operating pressure 
of the column has been fixed initially to atmospheric 
(1.013 bara). At this pressure, the toluene condenses over¬ 
head at a constant temperature of 111 °C and diphenyl is 
reboiled at a constant temperature of 255 °C. What would 
be the consequence of integrating the distillation column 
with the process at a pressure of 1.013 bara? 

b) Can you suggest a more appropriate operating pressure 
for the distillation column if it is to be integrated with the 
process? The reboiler and condenser loads are both 
4.0 MW and can be assumed not to change significantly 
with pressure. The vapor pressures of toluene and diphenyl 
can be represented by: 


In P, = Aj — 


Bj 

T + Ct 


Table 21.5 

Problem table cascade for Exercise 2. 


Interval temperature (°C) 

Cascade heat flow (MW) 

295 

18.3 

285 

19.8 

185 

4.8 

145 

0 

85 

10.8 

45 

12.0 

35 

14.3 


Table 21.6 

Vapor pressure constants. 


Component 

Ai 

Bi 

Ci 

Toluene 

9.3935 

3096.52 

-53.67 

Diphenyl 

10.0630 

4602.23 

-70.42 


where P, is the vapor pressure (bar), T is the absolute 
temperature (K) and A,-, B, and C, are constants, which are 
given in Table 21.6. Vacuum operation should be avoided 
and the reboiler temperature kept as low as possible to 
minimize fouling. 

c) Sketch the shape of the grand composite curve after the 
distillation column has been integrated. 

3. A direct sequence of two distillation columns is to separate a 
mixture at its bubble point into three products A, B and C. 
Steam is available at 200 °C and cooling water at 30 °C. The 
minimum temperature difference for heat transfer is 10 °C. 
Data for the two columns are given in Tables 21.7 and 21.8. 

Assuming the feeds to both columns are both saturated 
liquid, calculate the minimum utility requirement for: 

a) heat integration when both columns operate at 1 bar, 

b) forward heat integration by selecting appropriate operating 
pressures, 

c) backward heat integration by selecting appropriate operat¬ 
ing pressures. 


Table 21.7 

Exercise 3 data for Column 1. 


P 

Tcond 

Tree 

Qcond 

Qreb 

(bar) 

(°C) 

(°C) 

(kW) 

(kW) 

1 

90 

120 

3000 

3000 

2 

130 

160 

3600 

3600 

3 

140 

170 

4000 

4000 

4 

160 

190 

4300 

4300 


Table 21.8 

Exercise 3 data for Column 2. 


P 

Tcond 

Treb 

Qcond 

Qreb 

(bar) 

(°C) 

(°C) 

(kW) 

(kW) 

1 

110 

130 

5500 

5500 

2 

130 

153 

6000 

6000 

3 

150 

175 

6300 

6300 

4 

163 

190 

6500 

6500 

5 

170 

200 

6600 

6600 
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Table 21.9 

Exercise 4 data for Column 1. 


P (bar) 

Tcond (°C) 

Tree (°C) 

Saturated liquid feed 

Saturated vapor feed 

Qcond (kW) 

Qreb (kW) 

Treed (°C) 

Qfeed (kW) 

1 

90 

130 

3000 

3000 

110 

2000 

2 

110 

152 

4000 

4000 

130 

1800 

3 

130 

173 

5000 

5000 

150 

1600 

4 

150 

195 

6000 

6000 

170 

1500 


Table 21.10 

Exercise 4 data for Column 2. 





Saturated liquid feed 

Saturated vapor feed 

P (bar) 

Tcond (°C) 

Tree (°C) 

Qcond (kW) 

Qreb (kW) 

Treed (°C) 

Qfeed (kW) 

I 

120 

140 

3000 

3000 

130 

1500 

2 

140 

165 

4000 

4000 

150 

1300 

2.5 

150 

178 

4500 

4500 

160 

1200 


4. A direct sequence of two distillation columns produces three 
products A, B and C. The feed condition and operating 
pressures are to be chosen to maximize heat recovery opportu¬ 
nities. To simplify the calculations, assume that condenser 
duties do not change when changing from saturated liquid to 
saturated vapor feed. This will not be true in practice, but 
simplifies the exercise. Assume also that the reboiler duty for 
saturated liquid feed is the sum of the reboiler duty for saturated 
vapor feed plus the heat duty to vaporize the feed. Data for the 
two columns are given in Tables 21.9 and 21.10. 

Cooling water is available with a return temperature of 
30 °C and a cost of $4.5 kW _1 -y _1 . Low-pressure steam is 
available at a temperature of 140 °C and a cost of 
$90kW _1 -y _1 . Medium-pressure steam is available at a tem¬ 
perature of 200 °C and a cost of $ 135 kW -1 -y _1 . The minimum 
temperature difference allowed is 10 °C. 

a) List the possible heat integration opportunities (include steam 
generation opportunities and feed heating opportunities). 


b) Calculate the minimum cost for backward heat integration by 
optimizing the column pressures for saturated liquid feeds. 

c) Calculate the minimum cost for backward heat integration 
by optimizing the column pressures, but disallow heat 
recovery between condensers and reboilers. Keep both 
feeds to be saturated liquids. 

d) If the feeds to both columns are saturated vapor, calculate 
the minimum utility cost, but disallow heat recovery 
between condensers and reboilers. Use the pressures 
from Part b above. 

e) Calculate the minimum cost for saturated vapor feeds but 
keeping the column pressures to 1 bar. 

5. Consider the use of a side-rectifier or side-stripper for the 
separation of a three-product mixture. Assume that thermally 
coupled columns operate at the same pressure. Also, assume 
the feed to be saturated liquid. Data for the operation of the two 
arrangements are given in Tables 21.11 and 21.12. 


Table 21.11 

Side-rectifier data for Exercise 5. 


P (bar) 

Tcondi (°C) 

Trebi (°C) 

Qcondi (kW) 

Qrebi (kW) 

TcOND2 (°C) 

Qcond2 (kW) 

1 

90 

140 

2000 

4500 

120 

2500 

2 

110 

165 

2500 

5500 

140 

3000 

2.5 

120 

178 

3000 

6500 

150 

3500 
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Table 21.12 

Side-stripper data for Exercise 5. 


P (bar) 

Tcondi (°C) 

Trebi (°C) 

Qcondi (kW) 

Qreb 1 (kW) 

TreB2 (°C) 

Qrebi (kW) 

1 

90 

140 

5000 

3000 

120 

2500 

2 

110 

165 

6000 

3500 

140 

2500 

2.5 

120 

178 

7000 

4000 

150 

3000 


Using the utility data from Exercise 4: 

a) When both columns operate at 1 bar, which of the two 
complex column arrangements will have lower utility 
costs? 

b) Compare the results with the direct sequence of heat- 
integrated simple columns operating at 1 bar. 

c) Optimize column pressure in both complex column 
arrangements to minimize utility costs. 
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Chapter 22 


Heat Integration of Evaporators 
and Dryers 


22.1 The Heat Integration 
Characteristics of 
Evaporators 

Evaporation processes usually separate a single component (typi¬ 
cally water) from a nonvolatile material, as discussed in Chapter 9. 
As such, it is good enough in most cases to assume that the 
vaporization and condensation processes take place at constant 
temperatures. 

As with distillation, the dominant heating and cooling 
duties associated with an evaporator are the vaporization 
and condensation duties. As with distillation, there will be 
other duties associated with the evaporator for heating or 
cooling of feed, product and condensate streams. These sensi¬ 
ble heat duties will usually be small in comparison with the 
latent heat changes. 

Figure 22.1a shows a single-stage evaporator represented on 
both actual and shifted temperature scales. Note that in the shifted 
temperature scale, the evaporation and condensation duties are 
shown at different temperatures even though they are at the same 
actual temperature. Figure 22.1b shows a similar plot for a three- 
stage evaporator. 

Fike distillation, evaporation can be represented as a box. 
This again assumes that any heating or cooling required by the 
feed and concentrate will be included with the other process 
streams in the grand composite curve. However, with evapo¬ 
ration, the temperature difference across the box can be manip¬ 
ulated by varying the heat transfer area. Increasing the heat 
transfer area between stages allows a smaller temperature dif¬ 
ference between stages and hence a smaller overall temperature 
difference, and vice versa. 
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22.2 Appropriate 
Placement of Evaporators 

The concept of the appropriate placement of distillation columns 
was developed in the preceding chapter. The principle also 
applies to evaporators. The heat integration characteristics of 
distillation columns and evaporators are very similar. Thus, 
evaporator placement should not be across the pinch (Smith 
and Linnhoff, 1988). 

22.3 Evolving Evaporator 
Design to Improve Heat 
Integration 

The thermodynamic profile of an evaporator can also be manip¬ 
ulated. The approach is similar to that used for distillation columns. 
The degrees of freedom are obviously different (Smith and Linnh¬ 
off, 1988; Smith and Jones, 1990). 

Consider the three-stage evaporator against a background 
process, as shown in Figure 22.2a. At the chosen pressure, the 
evaporator will not fit against the grand composite curve. The most 
obvious possibility is to first try an increase in pressure to allow 
appropriate placement above the pinch (Figure 22.2b). 

Now suppose that the required increase in pressure in 
Figure 22.2b would cause unacceptably high levels of decompo¬ 
sition and fouling in the evaporator as a result of the increase in 
temperature. The possibility of increasing the number of stages 
from three to, say, six could now be considered in order to allow a 
fit to the grand composite curve above the pinch (Figure 22.3a). 
The evaporator fits, but there still might be a problem of product 
degradation because of high temperatures. However, it is not 
necessary for all evaporator stages to be linked thermally with 
each other. Instead, Figure 22.3b shows a six-stage system with 
three effects appropriately placed above the pinch and three below. 
This could be either a conventional six-stage system in which the 
first three and last three stages are not linked thermally or. 
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Figure 22.1 

The representation of evaporators in shifted temperatures. (Reproduced from Smith R and Jones P.S (1990) The Optimal Design of Integrated Evaporation 
Systems, J Heat Recovery Syst CHP, 10: 341, with permission from Elsevier.) 


alternatively, two parallel three-stage systems, analogous to double 
effecting in distillation. 

Yet another design option is shown in Figure 22.3c in which 
the heat flow (and hence mass flow) is changed between stages 
in the evaporator. Figure 22.3c shows an arrangement in which 
part of the vapor from the second stage is used for process 


heating rather than evaporation in the third stage. This means 
that more evaporation is taking place in the first two stages than 
the third and subsequent stages. It should be noted that even if 
the heat flow through the multistage evaporator is constant, the 
rate of evaporation will decrease because the latent heat 
increases as the pressure decreases. 


Temperature Ton High 



appropriate placement, but the temperature is tow 
high 


Figure 22.2 

Integration of a three-stage evaporator. 
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(a) A six-stage evaporator integrated 
above the pinch. 


(b) Two three-stage evaporators 
integrated independently. 


(c) A five-stage evaporator with 
change in heat flow. 


Figure 22.3 

Evaporator design with the help of the grand composite curve. (Reproduced from Smith R and LinnhoffB, 1998, Trans IChemE ChERD, 66: 195 by permission 
of the Institution of Chemical Engineers.) 


If the evaporator cannot be integrated with the rest of the 
process because of the heat duty or constraints, another option 
is to use heat pumping. As with heat pumping in distillation, 
heat pumping of evaporators only makes sense if the evaporator 
cannot be integrated or must operate across the pinch. In 
practice, in many processes where there is a large evaporator 
duty, the pinch is caused by the evaporator vaporization and 
condensation duties. In such a situation heat pumping can make 
sense, because heat pumping around the evaporator also heat 
pumps around the pinch (see Case Study in Section 22.6). This 
will be most often vapor recompression, in basically the same 
arrangement as distillation. The evaporated vapor, which is 
very commonly water vapor, is compressed and used in the 
vaporization, as illustrated in Figure 22.4. Figure 22.4 illus¬ 
trates a mechanical vapor recompression. For water evapora¬ 
tion, a steam ejector can also be used for the compression in 
thermal vapor recompression. Although Figure 22.4 shows a 
single-stage evaporator with a mechanical recompression. 



Figure 22.4 

Evaporator mechanical vapor recompression. 


multiple stages can be combined with heat pumping and 
many different configurations are used. 

22.4 The Heat Integration 
Characteristics of Dryers 

The heat input to dryers, as discussed in Chapter 9, is to a gas and, 
as such, it takes place over a range of temperatures. Moreover, the 
gas is heated to a temperature higher than the boiling point of the 
liquid to be evaporated. The exhaust gases from the dryer will be at 
a lower temperature than the inlet, but again the heat available in 
the exhaust will be available over a range of temperatures. The 
thermal characteristics of dryers tend to be design specific and quite 
different in nature from both distillation and evaporation. 
Figure 22.5 illustrates the heat integration characteristics of a 
typical dryer. 

22.5 Evolving Dryer Design 
to Improve Heat Integration 

It was noted that dryers are quite different in character from both 
distillation and evaporation. However, heat is still taken in at a 
high temperature to be rejected in the dryer exhaust. The 
appropriate placement principle, as applied to distillation col¬ 
umns and evaporators, also applies to dryers. The plus-minus 
principle from Chapter 19 provides a general tool that can be 
used to understand the integration of dryers in the overall 
process context. If the designer has the freedom to manipulate 
drying temperature and gas flowrates, then these can be changed 
in accordance with the plus-minus principle in order to reduce 
overall utility costs. 
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Figure 22.5 

The heat integration characteristics of dryers. 


Figure 22.6 

A plant for the production of animal feed. The heat 
pump encroaches into a “pocket” in the grand 
composite curve. (Reproduced from Smith R and 
Linnhoff B, 1998, Trans IChemE ChERD, 66 : 195 
by permission of the Institution of Chemical 
Engineers.) 
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Figure 22.7 

A simple modification reduces the load on the heat 
pump, saving electricity. (Reproduced from Smith R 
and Linnhoff B, 1998, Trans IChemE ChERD, 66: 
195 by permission of the Institution of Chemical 
Engineers.) 
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22.6 A Case Study 

Figure 22.6 shows a plant for the production of animal feed from spent 
grains from a food process. The plant has two feeds, one of low and 
one of high concentration solids. Water is removed from the low 
concentration feed by an evaporator, followed by a rotary dryer. Water 
is removed from the high concentration feed by a centrifuge, followed 
by two stages of drying in rotary dryers. As is usual with this type of 
plant, the evaporators and dryers have been designed on a stand-alone 
basis without consideration of the process context. Optimization of the 
evaporator on a stand-alone basis has indicated that heat pumping 
using a mechanical vapor recompression system would be economic. 

Figure 22.6 shows the grand composite curve for this process 
and the location of the evaporator heat pump. The heating duty for 
the first dryer has been omitted from the grand composite curve, 
since the required temperature is too high to allow integration with 
the rest of the process. The heat pump can be seen to be appropri¬ 
ately placed across the pinch. Flowever, the cold side, below the 
pinch, encroaches into a pocket in the grand composite curve. If the 


design of the heat pump is changed so as not to encroach into the 
pocket, the result shown in Figure 22.7 is obtained. The resulting 
steam consumption is virtually unchanged, but energy costs will be 
lower. This results from the reduced load on the heat pump leading 
to a reduction in electricity demand. 

22.7 Heat Integration 
of Evaporators and 
Dryers - Summary 

Like distillation, the appropriate placement of evaporators and 
dryers is that they should be above the pinch, below the pinch, but 
not across the pinch. The grand composite curve can be used to 
assess appropriate placement quantitatively. 

Also like distillation, the thermal profile of evaporators can be 
manipulated by changing the pressure. However, the degrees of 
freedom in evaporator design open up more options. 







582 Chemical Process Design and Integration 


Table 22.1 range of temperatures. Changes to drier design can be directed by 

Problem table cascade for the background process. the plus—minus principle. 


n°o 

Af/(kW) 

211 

0 

191 

2800 

185 

3280 

171 

2580 

125 

4880 

105 

2880 

95 

2680 

80 

4330 

60 

4930 

51 

4480 

45 

3580 


22.8 Exercises 

1. Table 22.1 presents the problem table cascade data for a process 
for A7’ min = 10 °C. 

An evaporation process is to be integrated with the 
process. The evaporator is required to evaporate 1.77kg-s~' 
of water. The latent heat of vaporization of the water can be 
assumed to be 2260 kJ kg -1 and to be constant. Cooling 
water is available at 25 °C to be returned to the cooling tower 
at 35 °C. Suggest an outline evaporator configuration that 
will allow heat integration of the evaporator with the back¬ 
ground process. 
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Chapter 23 


Steam Systems and 
Cogeneration 


M ost processes operate in the context of an existing site in 
which a number of processes are linked to the same utility 
system. The utility systems of most sites have evolved over a 
period of many years without fundamental questions being 
addressed as to the design and operation of the utility system. 
The picture is complicated by individual production processes on a 
site belonging to different business areas, each assessing invest¬ 
ment proposals independently from one another and each planning 
for the future in terms of their own business. Yet, the efficiency of 
the site infrastructure and the required investment is of strategic 
importance and must be considered across the site as a whole, even 
if this crosses the boundaries of different business areas. 

There are a number of reasons why site steam and power 
systems need to be studied in process design: 

1) A grassroot utility system may need to be designed. However, 
this is rare, and most situations would involve modification of 
an existing system. 

2) Modifications might be required to an existing utility system as 
a result of changes in the demand for steam and power on a site. 
This might result from a new process starting up, a process 
closing down, changes in process capacity or basic modifica¬ 
tions to the process technology. 

3) An old utility system might need a revamp to replace old 
equipment. 

4) Modifications to the configuration might be required to an 
existing utility system to reduce its operating costs. 

5) Changes to the operation of the utility system might allow 
reduced operating costs. 

6) The choice of utility for a new process on the site requires an 
understanding of the costs and constraints associated with the 
utility system that is servicing it. 

7) Before energy conservation projects are implemented in exist¬ 
ing processes on a site, the true value of those savings needs to 
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be established. This is usually not possible without studying the 
utility system. 

8) The true energy costs associated with a production expansion 
require the true cost implications in the utility system to be 
established, even if there is no capital investment required in the 
utility system. 

Figure 23.1 shows a typical site utility system. Various 
processes operate on the site and are connected to a common 
utility system. In Figure 23.1, a very high pressure steam is 
generated in utility stream boilers. A gas turbine generates power 
and exhausts its flue gas to a heat recovery steam generator 
(HRSG) to generate high-pressure steam. Steam is expanded in 
steam turbines to high-, medium- and low-pressure mains, pro¬ 
ducing power. The final exhaust steam from the steam turbines is 
expanded to vacuum conditions and condensed against cooling 
water. It may be that this power generation needs to be supple¬ 
mented by the import of power from outside power generation via 
the grid. It might also be the case that excess power is generated on 
the site and exported. 

In Figure 23.1, three levels of steam are distributed around the 
site, and the various processes are connected to the steam mains. 
Process A in Figure 23.1 has a local fired heater. It imports low- 
pressure steam and exports high- and medium-pressure steam via 
the site distribution system. Process B imports both high- and low- 
pressure steam. Process C imports high- and medium-pressure 
steam and exports low-pressure steam via the low-pressure steam 
main. Finally, Processes A, B and C all require the rejection of 
waste heat to the ambient, and this is achieved using a cooling 
water circuit. Some sites use other methods for cooling. These will 
be discussed in Chapter 24. 

This is a complex system to analyze. Steam is available at 
different pressures and temperatures. Some processes use steam 
while others generate steam. There are interactions between the 
processes and the utility system via steam use and generation. 
There are also interactions between the processes on the site 
through the steam mains. Some processes export waste heat 
into the steam system, while other processes use this waste heat 
by drawing from the steam system. This is heat recovery between 
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Figure 23.1 

A typical site utility system. 


processes on the site using steam as an intermediate for heat 
transfer. In Figure 23.1, there is cogeneration (combined heat 
and power generation) from steam turbines. Strictly, cogeneration 
is the production of useful heat and power from the same heat 
source. Generation of power might be through a steam turbine or 
gas turbine coupled to an electric generator for the production of 
electricity in a turbogenerator, or a steam turbine or gas turbine 
coupled directly to a machine on a direct drive (e.g. a steam turbine 
driving a process compressor directly). However, the byproduct 
heat must be useful to class the power generation as cogeneration. 
Cogeneration is the most efficient way to produce heat and power 
and lowers energy costs. It also lowers the overall emissions of 
combustion gases, although this can only be judged properly by 
including the emissions created by external power generation 
resulting from any imported power or the savings in emissions 
from external power generation resulting from the exported power 
(see Chapter 25). 

Another important feature of steam and cogeneration sys¬ 
tems is that the load on the system can vary significantly through 
time. Processes on the site will start up and shut down, and the 
capacity of the processes will vary according to market 
demands, maintenance requirements, and so on. There are likely 
to be changes in heating requirements between winter and 
summer. Also, the utility system itself requires equipment to 
be taken off-line and maintained and can suffer breakdown, 
which affects the capacity of the system. Yet, despite these 
variations, it is important that the steam and cogeneration system 
continues to satisfy the site demands under variable and even 
upset conditions. This requires considerable flexibility in the 
steam and cogeneration system to operate in different 


conditions. In turn, this means that there is a requirement for 
significant spare capacity or contingency or redundancy in the 
equipment. This might mean that discrete spare items of equip¬ 
ment are installed to cope with the variable conditions, or 
equipment is simply oversized. 

Steam is distributed around the site for various purposes: 

1) Steam heaters. Steam is by far the most commonly used 
heating medium. Shell-and-tube heat exchangers are the most 
common, but other heat exchanger designs and pipe coils are 
also used. 

2) Steam tracing. Fluids in tanks, pipes and other process 
equipment often have characteristics that cause them to 
freeze, become too viscous, or condense undesirably at 
ambient temperature, even if the tanks, pipes and equipment 
are insulated. In order to prevent such problems, additional 
heat can be added, combined with insulation. A tube or small- 
diameter pipe carrying steam attached to the vessel or pipe for 
this purpose is referred to as steam tracing. Jackets can also be 
used instead of tubes. 

3) Space heating. Production buildings, workshops, ware¬ 
houses and offices can require space heating. Pipes, radiators 
and fan heaters can be used to create space heating from 
steam. 

4) Water heating through live steam injection. Rather than use 
indirect steam heating in a heat exchange device, steam can be 
injected directly into water to provide heating. However, care 
must be exercised that any treatment chemicals in the steam 
do not cause unacceptable contamination of the water (e.g. in 
food processing operations). 
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5) Boiler feedwater deaeration. One of the operations required 
to prepare the water to be used for steam generation involves 
the use of steam to strip out gases dissolved in the water in a 
deaeration operation. Deaeration will be discussed in more 
detail later in this chapter. 

6) Power generation in steam turbines. A steam turbine con¬ 
verts the energy of steam into power by expanding the steam 
across rows of blades to create rotational power. Steam 
turbines will be discussed in more detail later in this chapter. 

7) Steam ejectors. As discussed in Chapter 13, and illustrated in 
Figures 13.16and 13.17, steam can be usedforthe production 
of vacuum in steam ejector systems. 

8) Flaring. Combustible waste gases are often disposed of by 
combustion in flares. Flares will be considered in more detail 
in Chapter 25. Mixing of the waste gases with combustion air 
at the flare tip is often assisted by the use of steam jets. Large 
amounts of steam can be consumed, especially under upset 
process conditions. 

9) Atomization of fuel oil in combustion operations. The com¬ 
bustion of viscous fuel oil in burners often requires steam to 
atomize the fuel oil for combustion. 

10) Steam injection into combustion processes for NO x abate¬ 
ment. Steam can be injected into combustion processes to 
lower emission of oxides of nitrogen (NOx). The steam acts to 
decrease the flame temperature. This will be discussed in 
Chapter 25. 

11 ) Steam distillation. As pointed out in Chapter 8, steam is 
added to some distillation operations to assist the separation. 
This is particularly important in crude oil distillation. 

12) Reactor steam. As pointed out in Chapters 4 to 6, steam 
might be required as a reactant and is sometimes fed to 
reactors along with the reactants in order to decrease the 
partial pressure of the reactants. 

13) Reactor decoking. Reactors processing hydrocarbon feeds 
often suffer from the deposition of coke (carbon) on the 
reactor surfaces. Such deposits of coke can be removed by the 
application of steam. To achieve this, the reactor is taken off¬ 
line periodically and decoked by the application of steam jets. 

14) Soot blowing. Furnace and boiler heat transfer surfaces 
exposed to the flue gas become fouled through the deposition 
of soot and ash. This fouling reduces the efficiency of the heat 
transfer. Soot blowing removes the deposits by applying jets 
of steam periodically. 

Steam used in flaring, decoking of reactors and soot blowing 

will be short-term demands on the system, requiring flexibility in 

its operation. 

It is no accident that steam is used extensively for process 

heating, as it provides a number of useful features that include: 

• energy can be generated at one point and distributed; 

• it is a convenient form of transferring energy around; 

• it has a wide range of operating temperatures; 

• it has a high heat content through the latent heat; 

• the temperature is easy to control through control of the pressure; 


• it can be used to generate power in steam turbines and generate 
vacuum in steam ejectors; 

• it does not require expensive materials of construction; 

• it is nontoxic and losses are easily replaced. 

Power is also required across the site to drive machines and as 
electrical power. Shaft power is required to drive various process 
and utility machines: 

• Electricity generators 

• Process gas compressors 

• Air compressors 

• Refrigeration compressors 

• Fans 

• Pumps 

• Mixers 

• Solids conveyors (e.g. belt and screw conveyors) 

• Solids processing equipment (e.g. crushing, grinding and 
pelletizing). 

Electricity is required across the site (depending on the nature of 
the processes) for: 

• Electrical process heating (e.g. immersion heaters and electric 
ovens) 

• Electrical tracing (the electrical equivalent of steam tracing) 

• Electrolysis operations (e.g. chlorine and aluminum production) 

• Operations requiring an electrical field (e.g. electrocoagulation 
and electrodialysis) 

• Instrumentation and control systems 

• Lighting. 

The major components of the steam system will be discussed 
next, before integrating the components into an efficient steam and 
cogeneration system. 

23.1 Boiler Feedwater 
Treatment 

Figure 23.2 shows a schematic representation of a boiler feedwater 
treatment system. Raw water from a reservoir, river, lake, borehole 
or a seawater desalination plant is fed to the steam system. 
However, it needs to be treated before it can be used for steam 
generation. The treatment required depends both on the quality of 
the raw water and the requirements of the utility system. The 
principal problems with raw water are (Kemmer, 1988; Betz, 
1991): 

• suspended solids, 

• dissolved solids, 

• dissolved salts, 

• dissolved gases (particularly, oxygen and carbon dioxide). 

Thus, the raw water entering the system in Figure 23.2 may need to 
be first filtered to remove suspended solids. If required, this would 
commonly be carried out using sand filtration. Figure 23.3 
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Figure 23.2 

Boiler feedwater treatment. 


illustrates the design of two different types of sand filter, one 
using gravity to provide the flow, the other using pressure from a 
pump. Sand filters are typically capable of removing 90% to 
95% of suspended solids, removing solids down to around 10 to 
20 pm. The sand beds need to be periodically taken off-line and 
back-flushed with clean water to remove the captured solids. 
Microfiltration using a membrane can also be used and goes 


further than sand filtration, removing particles down to around 
0.5 pm. 

Dissolved salts, which can cause fouling and corrosion in the 
steam boiler, then need to be removed. The principal problems are 
associated with calcium and magnesium ions, which would other¬ 
wise deposit as scale on heat transfer surfaces. The presence of 
silica is also a particular problem. Silica can form low-conductivity 



Water Inlet 



(b) Pressure filter. 


Figure 23.3 

Sand filters for the removal of suspended solids. 
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deposits in the boiler and if carried from the boiler in water droplets 
or a volatile form can cause damage to steam turbine blades, 
particularly the low-pressure section of steam turbines where some 
condensation can occur. The quality of feedwater required depends 
on the boiler operating pressure and boiler design. Sodium zeolite 
softening is the simplest process and is used to remove scale¬ 
forming ions, such as calcium and magnesium, sometimes referred 
to as hardness. The softened water produced can be used for low- to 
medium-pressure boilers. In this process, the water is passed 
through a bed of sodium zeolite, and the calcium and magnesium 
ions are removed according to (Kemmer, 1988; Betz, 1991): 


so 4 
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where Z refers to zeolite. The resin is regenerated by treatment with 
sodium chloride solution (Kemmer, 1988; Betz, 1991): 
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The softening process removes the sparingly soluble calcium 
and magnesium ions and replaces them with less objectionable 
sodium ions. Softening alone is not sufficient for most high- 
pressure boiler feedwaters. Also, the processes on a site often 
have a requirement for deionized water. Deionization, in addition 
to removing hardness, removes other dissolved solids, such as 
sodium, silica, alkalinity and mineral ions such as chloride, sulfate 
and nitrate. Deionization is essentially the removal of all inorganic 
salts. In this process, a strong acid cation resin converts dissolved 
salts into their corresponding acids and a strong base anion resin in 
the hydroxide form removes these acids. The cation ion-exchange 
resin exchanges hydrogen for the raw-water ions according to 
(Kemmer, 1988; Betz, 1991): 
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To complete the deionization process, water from the cation 
unit is passed through a strong base anion exchange resin in the 
hydroxide form. The resin exchanges hydrogen ions for both 
highly ionized mineral ions and the more weakly ionized carbonic 
and silicic acids according to (Kemmer, 1988; Betz, 1991): 
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As the ion-exchange beds approach exhaustion, they need to be 
taken off-line and regenerated. The cation resins are regenerated 


with an acid solution, which returns the exchange sites to the 
hydrogen form. Sulfuric acid is normally used for this. The anion 
exchange resin is regenerated using sodium hydroxide solution, 
which returns the exchange sites to the hydroxyl form. 

Rather than use ion exchange, water can be deionized using 
membrane processes. Both nanofiltration and reverse osmosis 
can be used, but only reverse osmosis is capable of producing 
high-quality boiler feedwater. Nanofiltration is only capable of 
separating covalent ions and larger univalent ions such as heavy 
metals. Nanofiltration and reverse osmosis have been discussed 
in detail in Chapter 9. The main advantage of reverse osmosis 
over ion exchange is that it does not require the costly and 
hazardous chemicals required by ion exchange to regenerate the 
beds. The regeneration liquors also create an environmental 
burden. In addition, the regeneration of ion exchange beds can 
take many hours, with beds off-line for a significant period. On 
the other hand, reverse osmosis only requires periodic routine 
maintenance. 

Having removed the suspended solids and dissolved salts, the 
water then needs to have the dissolved gases removed, principally 
oxygen and carbon dioxide, which would otherwise cause corro¬ 
sion in the steam boiler. The usual method to achieve this is 
deaeration, which removes dissolved gases by raising the water 
temperature and stripping the dissolved gases (Kemmer, 1988; 
Betz, 1991). There are many different designs of deaerator. 
Figure 23.4 illustrates a typical design. The water to be deaerated 
enters at the top of the deaerator via a spray system. This water is 
contacted with injected steam. Some form of packing or plates is 
normally used to assist the contact between the boiler feedwater 
and steam. Boiler feedwater is heated to within a few degrees of 
saturation temperature of the steam. Most of the noncondensable 
gases (principally, oxygen and free carbon dioxide) are released 
into the steam. Deaerated water decends to a storage tank below. 



Figure 23.4 

Boiler feedwater deaeration. 
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where a steam blanket protects it from recontamination. The 
deaeration steam flows up through the deaerator and most of it 
is condensed to become part of the deaerated water. A small portion 
of the steam, which contains the noncondensable gases released 
from water, is vented to atmosphere. There is a minimum temper¬ 
ature difference between the deaeration steam and the final boiler 
feedwater temperature to make the deaerator function effectively. 
A temperature difference of at least 10 °C is required. Some designs 
of deaerator include a vent condenser that sprays in a small portion 
of the boiler feedwater feed to a spray system prior to venting the 
steam and noncondensable gases in order to minimize the vented 
steam, so reducing the visible plume from the deaerator and 
improving energy efficiency. 

Even after deaeration, there is some residual oxygen that 
needs to be removed by chemical treatment (Kemmer, 1988; 
Betz, 1991). After the deaerator, oxygen scavengers (e.g. hydro- 
quinone) are added to react with the residual oxygen that would 
otherwise cause corrosion. Unfortunately, the boiler feedwater 
treatment does not remove all of the solids in the raw water, and 
the deposition of solids in the boiler is another problem. 
Phosphates can be added to precipitate any calcium and mag¬ 
nesium away from the heat transfer surfaces of the boiler. 
Polymer dispersant can also be added to help keep any precipi¬ 
tate dispersed. Chelants (weak organic acids) can be used. These 
have the ability to complex with many cations (calcium, mag¬ 
nesium and heavy metals, under boiler conditions). They accom¬ 
plish this by locking the metals into a soluble organic ring 
structure. Another corrosion problem is in the condensate 
system. Steam condensate contains carbon dioxide, which is 
corrosive to steel. If left untreated, condensate can have a pH of 
5.0 to 6.5, which is corrosive to the steel piping in the conden¬ 
sate return lines. Volatile amines (e.g. cyclohexylamine, dieth- 
ylaminoethanol) can be added to the boiler feedwater to prevent 
corrosion in the condensate system. As the steam condenses, 
these amines neutralize the acid (H + ) generated by the dissolu¬ 
tion of carbon dioxide or other acidic contaminants in the steam 
condensate system. 

The purity of the boiler feedwater and the treatment required 
depend on the pressure of the boiler. The higher the pressure of the 
boiler, the purer the feed used. 

The deaerated treated boiler feedwater then enters the boiler. 
Evaporation takes place in the boiler and the steam generated is 
fed to the steam system. Solids (either suspended or dissolved) 
not removed by the boiler feedwater treatment build up in the 
boiler, along with products of corrosion. If the solids are allowed 
to build up they can lead to foaming and carryover of solids into 
the steam. The solids will also lead to scale formation in the 
boiler, resulting in the deterioration of performance and possibly 
localized overheating and boiler failure. The control of the 
concentration of solids is achieved by purging, known as blow¬ 
down. The blowdown can be carried out continuously or inter¬ 
mittently. The total dissolved solids (TDS) are limited according 
to the boiler design and pressure. Table 23.1 presents some 
typical values. 

Blowdown is normally controlled by measuring the conductiv¬ 
ity of the water. Blowdown rates are usually quoted as the ratio of 
flowrate of blowdown to evaporation rate. The blowdown rate 


Table 23.1 

Typical allowable solids levels for boilers at different pressures. 


Pressure range (barg) 

Total dissolved solids (ppm) 

15-25 

3000 

25-35 

2000 

35^15 

1500 

45-60 

500 

60-75 

300 

75-100 

100 


required depends on the boiler feedwater treatment system and the 
pressure of the boiler. Typical blowdown rates are: 

• small, low-pressure boilers: 5 to 10%, 

• large, high-pressure boilers: 2 to 5%, 

• very large boilers with very pure feed: less than 2%. 

The steam from the boiler goes to the steam system to 
perform various duties. The steam is ultimately condensed 
somewhere in the steam system. Some condensate is returned 
to the deaerator and some lost from the system to effluent. 
Sometimes, the returned condensate is subjected to deionization 
in a condensate-polishing step to remove any traces of dissolved 
solids that might have been picked up. Condensate return as high 
as 90% or greater is possible, but return rates are often signifi¬ 
cantly lower than this. Higher levels of condensate return than 
90% might not be able to be justified because of the capital cost 
of the pipework required for condensate return or the possibility 
of some condensate being contaminated. This constant loss of 
condensate from the steam system means that there must be a 
constant make up with freshwater. 


Example 23.1 A small package fire-tube boiler has makeup 
water that contains 250 ppm total dissolved solids (TDS). The 
steam system operates with 50% condensate return. Estimate 
the blowdown rate. Assume that the maximum limit for the 
TDS in the boiler is 3000 ppm. Assume that there are no solids 
in the evaporation or the condensate return. 

Solution Referring to Figure 23.5: 

iiimCm = m F Cf = m B C B 

where m M , C M = flowrate and concentration of solids in 
makeup water 

m F , C F = flowrate and concentration of solids in the 
boiler feed 

m B , C B = flowrate and concentration of solids in the 
blowdown 
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Figure 23.5 

Boiler blowdown material balance. 

Also: 

m F = m M + m C R 

Combining these equations gives: 

(m F - m CR )C M = m B C B 

For a condensate return fraction of CR: 

{m F - CR m E )C M = m B C B 
(m E + m B - CR m E )C M = »i B C B 

Rearranging: 

m B _ C M ( 1 - CR) 
m E C B — Cm 
_ 250(1 -0.5) 

“ 3000 - 250 
= 0.038 
= 3.8% 


Example 23.2 The condensate return rate on a site is 
unknown. The boilers are high-pressure water-tube boilers having 
a makeup water that contains 5 ppm total dissolved solids (TDS). 
The TDS in the boilers are controlled to be 100 ppm. Flowrate 
measurements indicate that the blowdown rate based on the 
evaporation rate is 2%. Assuming that there are no solids in the 
evaporation or the condensate return, calculate the condensate 
return rate. 

Solution Again referring to Figure 23.5, a mass balance for the 
total dissolved solids, as with Example 23.1 gives: 

(m E + m B - CRm E )C M = m B C B 


Rearranging: 


CR = 1 — — ( Cb ~ ° M 
m E \ C M 

(100 - 5\ 

= 1 -°-° 2 (—) 
= 0.62 


= 62% 


23.2 Steam Boilers 


There are many types of steam boilers, depending on the steam 
pressure, steam output and fuel type (Dryden, 1982). Pressures are 
normally of the following order: 

• lOObarg, used for power generation; 

• 40 barg is the normal maximum pressure for distribution (higher 

pressure requires materials other than carbon steel); 

• 10-40 barg are the conventional distribution pressure levels; 

• 2-5 barg are typically the lowest pressures used for distribution. 

Figure 23.6 illustrates a fire-tube (or shell) boiler. Water is 
preheated by the stack gas in an economizer and enters the boiler 
shell. The shell is a large metal cylinder housing a pool of boiling 
water that is vaporized by a hot flue gas flowing through the inside 
of tubes. The steam pressure is contained by the large cylindrical 
shell, which imposes certain mechanical limitations. A large- 
diameter shell requires a thicker wall to contain the same pressure 
as a small-diameter shell. The economic limit for such designs is 
around 20 barg (but they are available at higher pressures). Fire- 
tube boilers are normally used for small heating duties of low- 
pressure steam. Fuels are normally restricted to be gas or light fuel 
oil. One of the main disadvantages of the design is difficulty of 
providing superheat to the steam. 

Higher duty boilers use a water-tube arrangement, as shown in 
Figure 23.7. The water is first preheated in an economizer from the 
stack gas and introduced into the steam drum behind a baffle. The 
steam drum is connected to a lower water or mud drum by the boiler 
tubes. Because the cold water is dense, it descends in the “down¬ 
comer” towards the water drum. This causes hot water to flow 
upwards from the water drum in the front tubes closer to the flame. 
Continued heating of the water in the front tubes causes partial 
vaporization of the water. Steam is separated from the hot water in 
the steam drum. The steam separated in the steam drum enters a 
superheating section before entering the steam system. Water-tube 
boilers are suitable for high pressures and high steam output. Fuels 
can be gas, fuel oil or pulverized solid fuel. In the case of solid 
fuels, the boiler must have some mechanism for the removal of ash 
produced by combustion from the base of the radiant chamber. 

Another design of boiler is illustrated in Figure 23.8 that uses a 
fluidized bed combustion system. This is used for the combustion 
of solid fuels (coal, petroleum, coke, or biomass). The combustion 
air is typically preheated by the stack gas before entering the 
combustion zone. Fuel particles are suspended in a hot, bubbling 
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Figure 23.6 

Fire-tube (or shell) boiler. 


fluidized bed of fuel and ash. The fuel bums throughout its volume 
with no flame. Light ash particles leave the top of the bed, together 
with waste gases. The fluidized bed creates good contact between 
the fuel and combustion air and combustion takes place at temper¬ 
atures lower than a conventional boiler from 800 to 900 °C, with a 
resulting reduced formation of oxides of nitrogen (see Chapter 25). 
The solid fuel can have a high moisture and ash content and can 
contain significant amounts of sulfur as impurity. Limestone can be 
added to the combustion, which reacts with any sulfur to form 
calcium sulfate and leaves with the spent ash, rather than the sulfur 
being discharged to the atmosphere with the flue gas as oxides of 


sulfur. Figure 23.8 illustrates a bubbling fluidized bed boiler. An 
alternative design uses a circulating fluidized bed. Circulating beds 
use a higher fluidizing velocity, causing the particles to pass 
through the main combustion chamber and into a cyclone, from 
which the larger particles are extracted and returned to the com¬ 
bustion chamber. 

Many other designs of boiler are available. The draft in boilers 
can be forced draft in which a fan is used to blow air into the fired 
heater. The fired heater is thus at a pressure slightly above 
atmospheric. Alternatively, in induced draft designs a fan is 
located in the duct for the waste combustion gases after the boiler 


Superheated 



Figure 23.7 

Water-tube boiler. 
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Figure 23.8 

Fluidized-bed boiler. 


and before entering the stack. This creates a pressure in the boiler 
slightly below atmospheric. For large boilers requiring a significant 
amount of equipment in the flue to treat the exhaust gases to remove 
oxides of sulfur and/or oxides of nitrogen, as well as equipment for 
heat recovery, a combination of forced and induced draft might 
need to be used in a balanced draft arrangement. 

Quantifying the performance of steam boilers requires the heat 
input, heat output and losses to be quantified. 

1) Heat input. Heat input can be based on the gross or net calorific 
value of the fuel. As discussed in Chapter 12, the gross calorific 
value of the fuel is the quantity of heat released from the 
complete combustion of a specified amount of the fuel at 
standard temperature (15 °C or 25 °C) and standard pressure 
(1.01325 bar) with water initially present in the fuel and that 
from the combustion products in the liquid state. This latent 
heat from the condensation of the water is rarely recovered in 
combustion equipment. The net calorific value of the fuel 
assumes that the latent heat of water vapor is not recovered 
and is defined as the quantity of heat released from the complete 
combustion of a specified amount of the fuel at standard 
temperature (15 °C or 25 °C) and standard pressure 
(1.01325 bar) with water initially present in the fuel and that 
from the combustion products in the vapor state at standard 
temperature. The relationship between net calorific value and 
gross calorific value is given by: 

(23.1) 


where NCV = net calorific value (Jm 3 , kJm 3 , J-kg ', 
kJ-kg- 1 ) 

GCV = gross calorific value (J-m -3 , kj-m -3 , 

J-kg-', kJ-kg- 1 ) 

m coND = mass of condensate formed per unit volume 
of gas or unit mass of solid/liquid fuel (kg) 
AH vap = latent heat of vaporization at standard 
temperature (J-kg - , kJ-kg - )The net 
calorific value will be used as the basis 
here for heat input: 

Qinput = m FUEL NCV (23.2) 

where Qinput = heat input from fuel (W, kW) 

tn fuel = flowrate of fuel (m 3 -s _1 , kg-s _l ) 

2) Heat output. The heat output is the heat supplied from the 
boiler feedwater supply temperature to the final temperature 
of the steam. Some boiler standards also consider the heat in 
the blowdown to be heat output. In principle, heat can be 
recovered from the blowdown, but at least part of this heat, 
and sometimes all of it is lost. It is therefore most appropri¬ 
ate to consider the blowdown as part of the losses, but 
accounting for any heat recovery that might be carried out, 
for example for boiler feedwater preheat. The output is 
defined as: 

QoUTPUT — m STEAM(HSTEAM ~ HbFW ) 


NCV = GCV — ihcondAHvap 


(23.3) 
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where Qoutput — heat output to steam generation (W, kW) 
m steam — flowrate of steam (kg-s _1 ) 

Hsteam = enthalpy of the steam (Jkg - , kJ-kg” ) 
Hbfw — enthalpy of the boiler feedwater (J-kg“ , 
kJ-kg" 1 ) 

3) Heat losses. The heat losses from the boiler are: 

a) Stack loss. Flue gases leaving the furnace at a high 
temperature carry a significant amount of heat as they are 
cooled to ambient temperature in the environment. This 
is normally by far the largest loss from the boiler. To 
quantify the stack loss in principle requires knowledge of 
the flue gas flowrate, its composition and the enthalpy of 
the individual components. Equation 12.196 provides an 
approximate heat capacity as a function of temperature. 

b) Heat loss from unburnt combustible gases. The most 
common unbumt combustible gases are carbon mon¬ 
oxide and hydrogen. It is usual to find only carbon 
monoxide in any significant amounts in flue gases, but 
in principle it should only be there in negligible quanti¬ 
ties. The use of excess air should normally keep the 
carbon monoxide to very small amounts. To quantify 
the heat loss from unbumt combustible gases requires 
knowledge of the flowrates of the flue gases and their net 
calorific value. 

c) Heat loss from unburnt combustible fuel. Unbumt solid 
fuel can leave the furnace with the bottom ash from the 
base of the combustion chamber or leave with fly ash 
that is carried with the flue gases. Unburnt liquid fuel 
can leave with the flue gases. To quantify the heat loss 
from unburnt solid fuel requires knowledge of the 
unbumt solid fuel flowrate in the bottom ash and fly 
ash and the net calorific value of the fuel. For a coal-fired 
boiler losses can be 2% or higher. To quantify the heat 
loss from unbumt liquid fuel requires knowledge of the 
unbumt liquid fuel flowrate carried with the flue gases 
and the net calorific value of the fuel. Such losses from 
an oil-fired boiler can be in the range 0.2 to 0.5%. 

d) Heat loss from the ash. Sensible heat in the bottom ash 
and the fly ash leaving with the flue gases is another 
source of loss. 

e) Casing losses. Heat is lost to the environment from the 
outer surface of the boiler by radiation and convection. 
Such losses can be estimated by assuming a heat transfer 
coefficient of the order of 250 W-m -K -1 and outside 
skin temperature of 55 °C. Casing losses as a percentage 
decrease with the size of the boiler. For gas- and oil-fired 
boilers casing losses range from 0.25% for large boilers 
to 1.25% for small boilers. For coal-fired boilers, casing 
losses range from 0.5% to 1.5% for the designs of boiler 
used in the process industries. 

f) Blowdown losses. As pointed out above, the heat avail¬ 
able in the blowdown water is taken in some standards 
to be part of the boiler output. However, even if heat 
recovery from the blowdown is used, at least part of the 
blowdown heat will be lost. Thus, blowdown loss can be 


taken to be the heat in the blowdown water from its 
discharge temperature down to the reference tempera¬ 
ture. The discharge temperature might be that in the 
boiler, in other words the steam saturation temperature, 
or the blowdown temperature after heat recovery, 

g) Atomizing steam losses. Steam is sometimes used to 
atomize fuel in burners using fuel oil. This can be 
accounted for from the flowrate of atomizing steam 
and the enthalpy of the atomizing steam. 

The performance of steam boilers is measured by boiler effi¬ 
ciency. Two different methods are used to calculate the boiler 
efficiency: the direct method and the indirect method. In the direct 
method, the efficiency is calculated directly from the heat output 
from the boiler and the fuel input: 

_ Qoutput _ m STEAM(H steam ~ Hbfw ) A , 

,lB0,LER ~ Q IN tput~ m FUEL NCV (23 - 4) 

where >1boiler = boiler efficiency (—) 


In the indirect method, the efficiency is calculated from the fuel 
input and the losses: 


d boiler — 


Qloss 

Qintput 


(23.5) 


where Qloss = sum °f the losses for the stack, unbumt 

combustible gas, unburnt combustible solid or 
liquid fuel, ash, casing, blowdown and 
atomizing steam (W, kW) 


The definition used for boiler efficiency here is based on the net 
calorific value of the fuel. Efficiencies can be based on the gross 
calorific value or the net calorific value. Values based on the gross 
calorific value will be lower than those based on the net calorific value. 

Figure 23.9 shows the steam generation profile in the boiler as it is 
matched against the boiler flue gas from the theoretical 
flame temperature as discussed in Chapter 12 (typically 1800°C) 
to ambient temperature. Figure 23.9 shows the steam being preheated 
from subcooled boiler feedwater to superheated steam. Maximum 
steam temperature is normally below 600 °C. Higher temperatures 
require expensive materials of construction. In turn, the flue gas is 
cooled to the stack temperature before release to the atmosphere. The 
flue gases are normally kept above their dew point before release to 
atmosphere, particularly if there is any sulfur in the fuel. The heat loss 
in the stack Qstack is the major inefficiency in the use of the fuel. 

The efficiency of boilers changes with the boiler load. 
Figure 23.10a illustrates the variation of boiler performance 
with load. The maximum load at which the boiler can be operated 
continuously is the maximum continuous rating (MCR). Operation 
in excess of MCR can be maintained for only short periods. The 
point of maximum boiler efficiency is known as the economic 
continuous rating (ECR). ECR is usually in the range of 60 to 80% 
of MCR, depending on the boiler design. The average working 
load of the boiler should correspond with ECR. Thus, for most 
applications it is best to have ECR at around 80% of MCR. Boilers 
can normally be operated as low as 20% of MCR. Boiler 



Steam Systems and Cogeneration 593 


Atmosphere 

O',,) 


Flue Cias 
(Tjrux) 




Figure 23.9 

Model of steam boiler. 


efficiencies can range from 75% to 90%, but can be as high as 93% 
or 94% for large water-tube boilers. There are two major factors 
that contribute to the variation of efficiency with load. The casing 
loss, principally from radiation, does not depend on the load. Thus, 
at low load proportionally more heat is lost as a result of the casing 
loss. This causes a decrease in efficiency as the load is decreased, 
and a corresponding increase as the load is increased. The other 
major effect causing the variation in efficiency is due to the 
flowrate of the flue gas. Increasing the flowrate of flue gas as 


the boiler load is increased results in a less than proportionate 
increase in the rate of heat transfer from the combustion gases to the 
heat transfer surfaces. The two effects combine to result in a 
maximum in the boiler efficiency, as illustrated in Figure 23.10a. 

Modeling the variation of efficiency with a load across a wide 
range is difficult to achieve accurately using a single modeling 
equation. A polynomial equation could be used. However, the 
generally poor accuracy of the data available and the resulting 
problems the nonlinearity causes in optimization call for a simpler 


Maximum 



(a) The boiler efficiency as a function of load normally (b) Boiler efficiency showing only a monotonic 

shows a maximum. increase in efficiency with increase in load. 


Figure 23.10 

Steam boiler performance at part-load. 
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approach. A simpler form of equation can be used over narrower 
ranges (Shang, 2000): 

'1 boiler = ,n max (23 ' 6) 

a + b - 

IH STEAM 

where ni max = maximum flowrate of steam from the boiler 
(kg-s -1 ) 

m steam — mass flowrate of steam generated in the boiler 
(kg-s -1 ) 

a, b = correlating parameters 

For a given boiler, the correlating parameters a and b can be 
determined by fitting data points from part-load operation. The 
values of a and b depend on the design of boiler in new design and 
also on the age and maintenance of the boiler in existing equip¬ 
ment. From Equation 23.6, the fuel required for the boiler is given 
by: 

Qsteam 

IlBOILER 

AH ST eam m STEAM (23.7) 

1 Iboiler 

AH S TEAM[omSTEAM + bm max\ 

where A H STEAM = enthalpy difference between generated 
steam and boiler feedwater 

This simpler form of Equation 23.6 has the advantage that it 
leads to a linear equation between fuel consumption and steam 
generation for use in optimization. Equation 23.7 is adequate for 
many modeling and optimization applications. It provides a linear 
relationship between Q FUEL and m STEAM , with A H SIEAM , m max , a 
and b all being constant for a given boiler. However, the shape of 
the curve in Figure 23.10b only shows a monotonic increase of 
efficiency with load. It may be required to model an efficiency 
profile that goes through a maximum, in which case Equation 23.7 
can be fitted to different ranges of m STEAM lm max with one on each 
side of ECR. This allows a linear model to be retained. 

Given that the largest loss from the boiler is in the stack, 
reducing the stack loss has the biggest effect on the boiler 
efficiency. Every 22 °C reduction in the flue gas temperature 
increases the boiler efficiency by 1%. Economizers can be used 
to preheat the incoming boiler feedwater from the flue gas and 
decrease the stack temperature, as illustrated in Figures 23.6 to 
23.8. These are heat exchangers between the incoming boiler 
feedwater and the hot flue gases before they are vented to atmo¬ 
sphere (Dryden, 1982). This increases the energy efficiency of the 
boiler. Another option to increase energy efficiency is to use an air 
preheater (Dryden, 1982), in which there is heat recovery from the 
hot flue gas to the incoming cold combustion air, as illustrated in 
Figure 23.8. This has the disadvantage that the combustion tem¬ 
perature is increased with a resulting increase in the formation of 
oxides of nitrogen (NO x ). The acid dew point limits the minimum 
temperature for flue gases containing oxides of sulfur (SOx). If 
condensation occurs with flue gases containing SO x , this will 


cause corrosion of metal surfaces. Metal heat exchange surfaces 
should normally be above 130 to 160 °C in flue gas containing any 
SO x - The acid dew point depends on the sulfur content of the fuel 
and the amount of excess air used. 

Excess air also has a major influence on the boiler efficiency. 
Excess air is essential to maintain the efficiency combustion 
process. However, too much excess leads to unnecessary stack 
loss. Boilers are typically controlled to have excess oxygen in the 
flue gas of around 3%. Every 1% above this will decrease the 
efficiency by 1%. 


Example 23.3 A medium-sized boiler has the following 
specifications: 


Steam output 

31.6 kg-s -1 

Steam pressure 

60 bar 

Steam temperature 

500 °C 

BFW temperature 

100 °C 

Fuel, natural gas 

96.5% CH 4 , 0.5% C 2 H 6 , remainder 
noncombustible 

GCV 

38,700 kJ-m -3 at 15 °C 

Fuel consumption 

2.9m 3 -s -1 


Determine the boiler efficiency based on the net calorific value 
of the fuel. 


Solution 

CH 4 (vap) + 2CF C0 2 + 2H 2 0(vap) 

1 kmol CH 4 produces 2 kmol H 2 0, 0.965 kmol CFH produces 2 x 
0.965 x 18 = 34.74 kg H 2 0 

C 2 H 6 (vap) + 3i0 2 2C0 2 + 3H 2 0(vap) 

1 kmol C 2 H 6 produces 3 kmol H z O, 0.005 kmol C 2 H 6 produces 
3 X 0.005 X 18 = 0.27kgH 2 O. Thus, 1 kmol of gas produces 
34.74 + 0.27 = 35.01 kg of H 2 0 

Also, volume occupied by 1 kmol of gas = (RT/P) 

= (8314.5 X 288/1.013 x 10 5 ) 

= 1223.64 m 3 at 1.013 bar and 15 °C 

Therefore, steam formed perm 3 of gas = 35.01/23.64 

= 1.481kg 

Then, using the relationship between GCV and NCV: 

Qacv = Qncv + mcONDAH VA p 

Q ncv = 38,700-(1.481 X 2441.8) = 35,084 kj-m -3 

Taking the steam properties from steam tables, the heat transferred 
to the working fluid is given by: 

Hsteam ~ Hbfw — 3421 —419.1 = 3001.9 kJ-kg 1 


Qfuel — 




Steam Systems and Cogeneration 595 


The boiler efficiency is given by: 

t] B = (3001.9x31.6)/(2.9x35084) 
= 0.93 (93%) 


23.3 Gas Turbines 


In its simplest form, the gas turbine consists of a compressor and a 
turbine (or expander). In a single-shaft gas turbine, these are 
mechanically connected and are rotating at the same speed, as 
shown in Figure 23.11a. Air from ambient is compressed and 
raised in temperature as a result of the compression. A portion of 
the compressed air enters a combustion chamber where fuel is fired 
to raise the temperature of the gases. Most of the air from the 
compressor provides cooling for the combustor walls. The hot, 
compressed mixture of air and combustion gases then flows to the 
inlet of the turbine. Combustor outlet temperatures range between 
800 °C to over 1600 °C. In the turbine, the gas is expanded to 
develop power to drive the compressor. Around two-thirds of the 
power produced by the turbine is needed to drive the compressor. 
However, by virtue of the energy imported in the combustion 
process, excess power is produced. The higher the expander inlet 
temperature, the better is the performance of the machine. Tem¬ 
peratures in the turbine are limited by turbine blade materials. 


Different machine configurations are possible with gas turbines. 
Figure 23.11b shows a split-shaft or twin-shaft arrangement. 
This is mechanically more complex. The first turbine provides 
the power necessary to drive the compressor. The second turbine 
provides the power for the external load. Figure 23.11c shows a 
hollow-shaft or twin-spool arrangement in which the compres¬ 
sion and expansion are separated into two stages linked by 
concentric shafts. The high-temperature turbine drives a high- 
pressure air compressor and a low-pressure turbine is used to 
drive the low-pressure compressor and the load. Each shaft is 
run at the optimum speed, improving the overall efficiency. The 
expanded gas can be discharged directly to atmosphere, as 
shown in Figure 23.11a to c, or can be used to preheat the 
air at the exit of the compressor before entering the combustion 
chamber in a regenerator, as illustrated in Figure 23.1 Id. This 
increases the efficiency of the machine. However, the 
increased pressure drop on both the compressed air and turbine 
exhaust sides of the recuperator creates some inefficiency in 
the cycle. 

The efficiency of the gas turbine can be defined as: 


>1gt — 


W 

Qfuel 


(23.8) 


where rj GT = gas turbine efficiency (—) 

W = turbine shaft power (kW) 
Qfuel = heat released from fuel (kW) 


Fuel 



(a) Single-shaft gas turbine. 


Fuel 



Fuel 



Flue Gas 



(d) Single-shaft gas turbine with recuperation. 


Figure 23.11 

Gas turbine configurations. 
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Table 23.2 


Gas turbine types. 

Industrial 

Aero-derivative 

• Lower-pressure ratio (typically up to 15) 

• Higher-pressure ratio (typically up to 30) 

• Robust 

• Lightweight 

• Lower efficiency (typically 30 to 35%) 

• Higher efficiency (typically up to 45%) 

• Long periods of continuous operation without overhaul 

• Require more frequent maintenance than industrial machines 

• Lower capital cost per unit power output 

• Higher capital cost per unit power output (require advanced 

• Sizes over 300 MW 

materials) 


• Sizes limited up to 65 MW 


The efficiency of gas turbines can alternatively be expressed as a 
heat rate, which is simply the inverse of efficiency: 

HR = (23.9) 

W 

where HR = gas turbine heat rate (—) 

Depending on the definition of W and Qfuel in Equation 23.9, 
the heat rate often quoted is units dependent. The performance of 
the machine is normally specified at maximum load at International 
Standards Organization (ISO) conditions of 15 °C, 1.013 bar and 
60% relative humidity. For families of gas turbines from a particu¬ 
lar manufacturer, the performance at maximum load can be 
correlated according to: 

Qfuel, max = a + bW max (23.10) 

where QFUEL,max = heat released from fuel at maximum load 
and ISO conditions (MW) 

W max = turbine shaft power at maximum load and 
ISO conditions (MW) 

a, b = constants depending on the family of 
machine and turbine manufacturer 

For example, a = 2.668, £> = 21.99 MW for 25 MW < W max < 250 
MW (Brooks, 2001; Varbanov, Doyle and Smith, 2004). 
Equation 23.10 can be rearranged to give: 

dGT,max )) (23.11) 

ci H- 

w 

vr max 

Equations 23.10 and 23.11 can be used for preliminary sizing of 
machines. However, it should be emphasized that such correlations 
apply only to a class of machines from a particular manufacturer. 
The basic characteristics of gas turbines are: 

• Sizes are restricted to standard frame sizes ranging from under 
500 kW to over 300 MW. 

• Microturbines are available in the size range 25 kW to 500 kW. 

• Electrical efficiency is 30 to 45% (increasing to over 50% for 
designs with cooled turbine blades). 


• Exhaust temperatures are in the range 450 to 600 °C. 

• Fuels need to be at a high pressure. 

• Fuels must be free of particulates and sulfur. 

The most common fuels used are gas (natural gas, methane, 
propane, synthesis gas) and light fuel oils. Contaminants such as 
ash, alkalis (sodium and potassium) and sulfur result in deposits, 
which degrade performance and cause corrosion in the hot section 
of the turbine. Total alkalis and total sulfur in the fuel should both 
be less than 10 ppm. Gas turbines can be equipped with dual firing 
to allow the machine to be switched between fuels (e.g. natural gas 
and light fuel oil). 

Gas turbines can be classified as industrial or frame machines 
and aero-derivative machines, which are mechanically more com¬ 
plex. The aero-derivative machines are lighter weight units derived 
from aircraft engines. Table 23.2 compares the characteristics of 
the two broad classes of gas turbine machines. 

Aero-derivative gas turbines are typically used for offshore oil 
exploration applications where weight and efficiency are a pre¬ 
mium, to drive compressors for natural gas pipelines and in stand¬ 
alone power generation applications for peak periods of high 
power demand. For stand-alone applications, gas turbine effi¬ 
ciency becomes a critical issue. However, if heat is to be recovered 
from the gas turbine exhaust, the efficiency becomes less important 
as the waste heat is utilized. 

Gas turbines require a start-up device, which is usually an 
electric motor. The power of the start-up device can be up to 15% of 
the gas turbine power, depending on the size and design of the 
machine. Once the gas turbine has been started, the motor can be 
switched off, run as a helper motor to boost the power from the gas 
turbine or switched to be a generator to generate electricity from the 
gas turbine. 

The gas turbine performance is a function of a number of 
important parameters. 

1) Expander inlet temperature. The power produced by the 
turbine (expander) is proportional to the absolute temperature 
of the inlet gases. An increase in the expander inlet temperature 
increases the power output and efficiency of the machine. 
The maximum temperature is constrained by the turbine blade 
materials. Expander inlet temperatures up to 1300°C can be 
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achieved without cooling of the turbine blades. Air cooling of 
the turbine blades can be used in which 1 to 3% of the main air 
flow is directed through internal passages within the blades to 
provide cooling. This allows turbine inlet temperatures to be 
increased to 1600 °C and higher. 

2) Pressure ratio. As the design pressure ratio across the com¬ 
pressor increases, the power output initially increases to a 
maximum and then starts to decrease. The optimum pressure 
ratio increases with increasing expander inlet temperature. 
Pressure ratios for industrial machines are typically in the 
range 10 to 15 but can be higher. For aero-derivative machines, 
pressure ratios are typically 20 to 30. 

3) Ambient conditions. The performance of the machine is nor¬ 
mally specified at International Standards Organization (ISO) 
conditions of 15 °C, 1.013 bar and 60% relative humidity. The 
power consumed by the compressor is proportional to the 
absolute temperature of the inlet air. Thus, a decrease in the 
ambient temperature increases both the power output and the 
efficiency for a given machine, and vice versa. For example, at 
40 °C, the power output might typically drop to around 90% of 
the ISO-rated power. At 0 °C, the power output might increase 
to 106% of the ISO-rated power. In hot climates, inlet air 
cooling (e.g. by using a spray of water into the inlet air or an 
inlet air chiller) can be used to increase performance. However, 
care must be taken to avoid carryover of water into the 
compressor (e.g. by the installation of a coalescing pad), 
otherwise this can cause compressor fouling and degrade 
performance. Decreasing relative humidity causes the power 
output and efficiency to decrease. Increasing altitude causes the 
power output to decrease. 

4) Working load. The efficiency drops off quickly as the load 
decreases. The more the load is decreased from 100% rated 
capacity, the steeper is the decline in the machine performance. 
The decline in performance depends on the machine and the 
control system. For example, at 70% of full load, the ratio of the 
part-load efficiency to the efficiency at full load might vary 
typically between 0.95 and 0.85, depending on the machine and 
the control system. Twin-shaft and hollow-shaft machines have 
a better part-load performance than single-shaft machines. Part¬ 
load performance depends on the size of the machine. How¬ 
ever, in a gas turbine cogeneration system the machine is often 
designed such that the gas turbine is not routinely operated at 
full load in order to increase the reliability of the machine. 

5) Back-pressure. Before the gases are vented to atmosphere, 
they might go through a device that has a pressure drop. This 
could be a heat recovery steam generator (HRSG), a furnace or 
a NOx treatment unit. The back-pressure created by such a 
device decreases the power generation. 

The combustion within the gas turbine creates emissions. The 
principal concern is usually NOx- NOx emissions will be dealt 
with in detail in Chapter 25, but it is worth reviewing the problems 
associated with gas turbines at this point. NO x emissions from gas 
turbines can be dealt with in one of three ways as follows: 

1) Staged combustion. In a standard combustion arrangement in a 
gas turbine, the fuel and air are mixed in the combustor. This 


leads to a high local peak flame temperature in which the 
nitrogen in the combustion air reacts with oxygen to produce 
NOx- Staged or premixed combustion alleviates this problem 
by premixing the fuel and air in a substoichiometric mixture. 
This first stage of combustion involves a fuel-rich zone. 
Additional air is then mixed and the combustion completed. 
Such staged combustion lowers the peak flame temperature and 
the NO x formation. NO x emissions can be reduced to 10 ppm 
for gaseous fuels and 25 ppm for liquid fuels. 

2) Steam injection. Steam can be injected into the combustion 
zone as an inert material with the puipose of reducing the peak 
flame temperature and thereby reducing NO x formation. NOx 
emissions can be reduced by typically 60% by steam injection. 
An obvious drawback is that the injected steam is lost to 
atmosphere and the latent heat in the steam cannot be recov¬ 
ered. A positive side effect of the steam injection is that it 
increases the power output due to the higher mass flowrate 
through the turbine. Indeed, steam injection over and above that 
required for NO x suppression can be used to increase power 
production during times of peak power demand. 

3) Treatment of the exhaust gases. If staged combustion or steam 
injection cannot satisfy the regulatory requirements for NO x 
emissions, then the gas turbine exhaust must be treated to 
remove the NO x - Alternatively, if an existing gas turbine 
installation requires the NO x emissions to be decreased, 
then, again, the exhaust gases must be treated. The usual 
method to treat NOx emissions in gas turbine exhausts is by 
selective catalytic reduction. This will be dealt with in more 
detail in Chapter 25, but involves the injection of ammonia 
upstream of a catalyst to chemically reduce the NO x to 
nitrogen. 

Gas turbines can be modeled as three separate sections: 

1) The air compressor can be modeled by Equation 13.42 or 13.43 
with an efficiency of 85 to 90% (Perry and Green, 1997). 

2) The combustion chamber where the fuel is injected and reacts 
with the compressed air can be modeled as a combustion 
process as detailed in Chapter 12. However, there is also a 
significant pressure loss that must be accounted for. The 
pressure loss varies from 2 to 8% and the combustion tempera¬ 
ture from 800 to over 1600 °C, depending on the machine 
design (Perry and Green, 1997). 

3) The turbine expander can be modeled by Equation 13.72 or 
13.73 with an efficiency from 88 to 92% (Perry and Green, 
1997). 

To model a specific machine, the compressor efficiency, combus¬ 
tion temperature, combustor pressure drop and turbine efficiency 
can be varied until the model agrees with the ISO-rated perform¬ 
ance specified by the manufacturer. 

Whilst this modeling approach is useful for conceptual design, 
it is not readily adapted for use in the modeling and optimization of 
an existing system if part-load operation is to be varied. This is 
because the parameters used to model the machine at ISO-rated 
conditions are likely to change with load. An alternative approach 
can be developed based on the Willans Line approach, named after 
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the Victorian mechanical engineer Peter William Willans. To 
develop such an approach, the fuel-to-air ratio and steam-to-air 
ratio can be defined as: 

J. niFUEL mSTEAM 

/ =- S = - 

m A m m A!R 

A mass balance gives: 


'Hex = Hair + m STEAM + m FUEL 

f + s+l (23.12) 

=- ~j - m FU EL 

where m AIR , m STEAM , = mass flowrates of the inlet air, steam 
m fuel? m Ex injected (if any), fuel and exhaust 
respectively 


An energy balance across the gas turbine gives (Shang, 2000): 


MAIrHair + msTEAMHsTEAM + >n F UELH F UEL + tn FUEL isH COMB 

— m EX H EX — W — Wloss = 0 

(23.13) 


where 


H A ir, Hsteam, = specific enthalpy of the inlet air, 
Hfuel, Hrx injected steam (if any), fuel and 

exhaust respectively 

A Hcomb = net heat of combustion of the fuel 
W = power production 
Wloss = power lost due to mechanical 
inefficiencies 


Combining Equations 23.12 and 23.13 and rearranging gives 
(Shang, 2000; Varbanov, Doyle and Smith, 2004): 

W = n m FUEL — W E oss (23.14) 


where n 


H, 


A,R + -Hs 


If the gas turbine has a fixed fuel-to-air ratio and fixed steam-to- 
air ratio at part load and the mechanical losses are assumed to be 
independent of load, then Equation 23.14 forms a linear relation¬ 
ship between machine output and mass flow of fuel. The relation¬ 
ship between shaft power and mass flow through a heat engine is 
sometimes referred to as a Willans Line (Shang, 2000; Varbanov, 
Doyle and Smith, 2004). Whether this is strictly true or not depends 
on the control system for the gas turbine. Thus, the Willans Line for 
the gas turbine can be written as: 

W — n m FUEL — Wirt (23.15) 

where W INT = intercept of the Willans Line (kW, MW) 


However, Equation 23.15 assumes that the gas turbine operates 
at ISO conditions (ambient conditions of 15 °C, 1.013 bar and 60% 
relative humidity). Most importantly, a correction is needed for the 
ambient temperature. Thus, Equation 23.15 can be modified to 
include a correction for ambient temperature: 


(23.16) 


where J 0 = ambient temperature (°C) 

a, b = correlating parameters for power 

Thus, to model the performance of a gas turbine at part load 
requires n, W INT , a , and b to be fitted to gas turbine operating 
data by regression. The term (a + bT 0 ) must be constrained to 
equal 1.0 at 15 °C. The correlating parameters for variation of 
power with ambient temperature are specific to a particular gas 
turbine model. 

Figure 23.12 shows integrated gas turbine arrangements in 
which the exhaust from the gas turbine is used to generate steam 
in a heat recovery steam generator (HRSG) before being vented to 
atmosphere. It is possible to fire fuel after the gas turbine to increase 
the temperature of the gas turbine exhaust before entering the 
HRSG, as gas turbine exhaust is still rich in oxygen (typically 15% 
O 2 ). This is known as supplementary or auxiliary firing. The steam 
from the HRSG might be used directly for process heating or be 
expanded in a steam turbine system to generate additional power. 
Figure 23.12a shows an HRSG in which a single pressure level of 
steam is generated. Figure 23.12b shows a more complex arrange¬ 
ment where two levels of steam are generated in a dual-pressure 
HRSG. Figure 23.13a shows the corresponding representation of a 
single-pressure HRSG without supplementary firing on a temper¬ 
ature-enthalpy diagram. The steam profile includes boiler feed- 
water preheat, latent heat and superheat. Maximizing the heat 
recovery from the gas turbine exhaust into steam generation will be 
limited by a pinch between the gas turbine exhaust and the steam 
generation profile. Figure 23.13b shows a dual-pressure HRSG in a 
temperature-enthalpy diagram. This includes boiler feedwater 
preheat and superheat for both the low-pressure (LP) and high- 
pressure (HP) levels. The dual-pressure HRSG allows a better 
match between the steam profile and the gas turbine exhaust. This 
means that a greater amount of heat recovery is possible when 
compared with a single pressure HRSG. In the case of the dual 
pressure HRSG, there are degrees of freedom for how much LP and 
HP steam are generated, leading to two pinches that limit the heat 
recovery potential. The largest gas turbines sometimes use a triple¬ 
pressure HRSG, although these are normally reserved for power 
station applications. 

Figure 23.13 shows the potential to generate steam from a gas 
turbine exhaust without supplementary firing. The potential to 
generate steam can be increased by introducing firing of fuel after 
the gas turbine. There are three firing modes for gas turbines: 

1) Unfired HRSG. An unfired HRSG uses the sensible heat in the 
gas turbine exhaust to raise steam. 

2) Supplementary fired HRSG. Supplementary firing raises the 
temperature by firing fuel to use a portion of the oxygen in the 
exhaust. Supplementary firing uses convective heat transfer 
and temperatures are limited to a maximum of 925 °C by 
ducting materials. However, the supplementary firing temper¬ 
ature can be increased to 1200 to 1300 °C if the walls of the 
HRSG are water cooled. 

3) Fully fired HRSG. Fully fired HRSGs make full utilization of 
the excess oxygen to raise the maximum amount of steam in the 
HRSG. Full firing means reducing the excess oxygen to a 
minimum of around the 3% normally demanded by all 


W = (n m FUEL — Wirt)(p + bTo) 
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(a) Single-pressure HRSG. 



(b) Dual-pressure HRSG. 

Figure 23.12 

Gas turbine with heat recovery steam generator (HRSG). 


combustion processes to ensure efficient combustion. How¬ 
ever, this means that radiant heat transfer will result from full 
firing. Essentially, full firing means that the gas turbine exhaust 
is used as preheated combustion air to a steam boiler. 


Figure 23.14 shows supplementary firing on a temperature- 
enthalpy diagram. The supplementary firing increases the temper¬ 
ature of the exhaust, thereby increasing the amount of available 
heat and the potential for steam generation. Supplementary firing 




(a) Single Pressure HRSG. 


(b) Dual Pressure HRSG. 


Figure 23.13 

Temperature-enthalpy representation of HRSGs. 
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Figure 23.14 

Supplementary fired HRSG. 


allows greater amounts of steam to be generated with a high 
efficiency. Higher steam superheat temperatures are possible. 
Also, importantly, supplementary firing introduces more flexibility 
to the steam system. As already discussed, gas turbines are 
inflexible in terms of their part load performance. Supplementary 
firing allows the amount of steam generation to be varied without 
changing the load on the gas turbine. Figure 23.14 shows a 
situation in which the supplementary firing allows a closer match 
between the gas turbine exhaust and the steam generation profile 
when compared with the unfired case. The closer match for the 
supplementary fired case results in a lower stack temperature when 
compared with the unfired case. This can mean that the additional 
heat to steam generation from supplementary firing is greater than 
the heat input from fuel from the supplementary firing, as a result of 
the lower stack temperature. 


Example 23.4 A gas turbine is to be modeled at ISO condi¬ 
tions. From the manufacturer's data, the air flowrate is 641 kg s -1 , 
the pressure ratio is 17 and the turbine inlet temperature is 1250 °C. 
It can be assumed that the gas has a compressibility factor of 1.0 
and mean molar mass of 28.8 kgkmol -1 . Calculate: 

a) The power required for the compressor and the outlet 
temperature from the compressor, assuming the isentropic 
efficiency to be 0.85 and y= 1.38 for the gas. 

b) The power generated by the turbine expansion and the exhaust 
temperature, assuming the pressure drop across the combustor 
to be 6% of the inlet pressure, exhaust pressure to be 1.013 bar, 
isentropic efficiency to be 0.88 and /= 1.32 for the gas. 

c) The shaft power generated by the gas turbine, neglecting 
mechanical losses. 


d) The heat required from fuel, turbine efficiency and turbine heat 
rate in kJ kWh -1 , assuming the mean molal heat capacity of the 
gas to be 33.2kJkmol -1 K -1 . 

Solution 

a) The power required by the compressor can be calculated from 
Equation 13.43: 



ZRT in 

>hs 


1 - 



fr-tyrl 


641 / 1.38 \ 1.0 x 8314.5 x 288.15 

2U \1.38 - 1 ) X 085 


17xl.013\ (L38-1)/1 - 38 ' 

1.013 ) 


= -2.693 X 10 8 W 


The outlet temperature from the compressor can be calculated 
from Equation 13.47: 


T 


out 




+ >lis ~ 1 


(w) [(17) (U8 - 1)/L38 + 0.85 - 1] 

688.8 K 
415.6 °C 


b) Power generated by the expander can be calculated from 
Equation 13.73: 
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W = 


Y 

j- 1 


= /64A 


lis^ZRT i 

1.32 


1 - 


1 out 

P,„ 


(r i )Ir 


28.8/ V 1.32 — 1 


= 5.006 X 10 8 W 


x 0.88 x 1.0x8314.5 x 1523.15 


1 - 


1.013 


0.94 x 17 x 1.013 


(1.32-1)/!.32' 


Exhaust temperature from the turbine can be calculated from 
Equation 13.80: 


Tout — T’in'hs.E 


= 1523.15 x0.88 


O'-O/r 


+-1 

' llS,E 


/ 1.013 \ (1.32—1)/1.32 j 

x \0.94 X 17 x 1.013 J + 088 

= 867.4 K 
= 594.2 °C 


c) Shaft power generated by the gas turbine 

= (5.006 - 2.693) X 10 8 
= 2.313 xl0 8 W 
= 231.3 MW 


d) Heat required from fuel 


= (1^) X 33.2 x (1250 -415.6) 
= 6.165 xl0 5 kJ s- 1 


Heat rate = 


'7 = 


6.165 x 10 s x 3600 
231.3 x 10 3 
9595 kJ-kWfT 1 
231.3 x 10 3 

6.165 x 10 s 
0.375 


Example 23.5 Data are given for a gas turbine bring natural 
gas at ISO conditions: 

W = 26,070 kW 
HR = 12,650kJkWh _1 
ihex = 446,000 kg-fT 1 
T ex = 488 °C 

Using these data calculate: 

a) The fuel consumption t\H FUEL and efbciency i] GT at standard 
conditions. 


b) Heat recovered from the exhaust if T stack = 100 °C and if C P 
of the exhaust is 1.1 kJkg _l K _l . 

c) W max , HR, rf GT and Qfuel at an ambient temperature of 0°C. 
The change in performance can be estimated from 

W Max (kW) = 29,036- 189.4T 0 
H/?(kJkWh _1 ) = 12,274 + 31.327o 

where T 0 = ambient temperature (°C) 

d) The heat available in the exhaust if it is supplementary bred to 
850 °C for ISO conditions. 

Solution 

a) From Equation 23.9: 

A H FU el — W HR 

_ 26,070(kW) x 12,650(kJ kWh _1 ) 
3600(kJkWh _1 ) 

= 91,607 kW 

f,GT ~ HR 

3600 (kj kWh -1 ) 

_ 12,650(kJkWh _1 ) 

= 0.28 

b) Qex = mCp(T E x — Tstack) 

_ 446,000 X 1.1 X (488- 100) 

" 3600 

= 52, 876 kW 

= 52.9 MW 

c) At 0°C: W max = 29,036 - 189.4T 0 

= 29,036- 189.4x0 
= 29,036 kW 

HR = 12,274 + 31.327o 
= 12,274 kJ-kWfT 1 

3600 
nGT ~ 12,274 
= 0.29 


Qfuel = W HR 

_ 29,036 X 12,274 
~ 3600 

= 98,997 kW 


d) Qsf — mCp(TsF - Texhaust) 

_ 446,000 X 1.1 X (850-488) 

~~ 3600 

= 49,333 kW 

= 49.3 MW 

Total heat in the exhaust with supplementary bring 

= 52.9 + 49.3 
= 102.2 MW 






602 Chemical Process Design and Integration 


The emphasis on gas turbine integration so far has been to 
utilize the exhaust for generation of steam in unfired, supplemen¬ 
tary fired or fully fired systems. However, the exhaust can be used 
in other ways. In principle, it can be used directly for process 
heating. This would require a direct match between process fluids 
and the hot gas turbine exhaust gases. Safety issues might, 
however, prevent this. If the process fluid is flammable and a 
leak develops, then flammable material will leak into a duct of hot, 
oxygen-rich gas with all the potential for fire and explosion. The 
gas turbine exhaust can also be used for drying. Drying, as 
discussed in Chapter 7, usually involves the removal of water 
by evaporation into hot air. In some applications, a gas turbine can 
be ducted directly into a dryer to provide the hot air. However, care 
should be taken to ensure that the small amounts of combustion 
products (including NOx) do not contaminate the process. Finally, 
the hot exhaust gases from a gas turbine can be used to supply 
preheated combustion air (albeit slightly depleted in oxygen) to 
furnaces. Examples of the application of this type of arrangement 
are in ethylene production with the furnace reactors and fired 
heaters in petroleum refinery applications. 

23.4 Steam Turbines 

A steam turbine converts the energy of steam into power by 
expanding the steam across rows of blades mounted on wheels, 
causing the wheels to rotate by extracting energy from the steam 
(Elliot, 1989). Steam turbine blades can be categorized as impulse 
or reaction, although most combine elements of the two (Elliot, 
1989). An impulse turbine is rather like a water wheel. A single¬ 


wheel impulse turbine is illustrated in Figure 23.15a. Impulse 
nozzles orient the steam to flow in well-formed high-speed jets. 
Moving blades or buckets absorb the kinetic energy of the jet and 
convert it into mechanical work. As the steam strikes the moving 
blades, it suffers a change in direction and, therefore, momentum. 
This gives rise to an impulse on the blades. In a pure impulse 
turbine, no pressure drop occurs in the moving blades (except that 
caused by friction). The pressure drop occurs across the stationary 
blades only. Figure 23.15b illustrates an impulse turbine with two 
wheels. 

The principle of a reaction turbine is somewhat different. A 
reaction turbine with a single wheel is illustrated in Figure 23.15c. 
Steam passing through the fixed blades undergoes a small decrease 
in pressure and its velocity increases. It then enters the row of 
moving blades and, just as in the impulse turbine, suffers a change in 
direction, and therefore momentum. However, during its passage 
through the blades, the steam undergoes a further drop in pressure. 
The resulting increase in velocity gives rise to a reactive force in the 
direction opposite to that of the added velocity. This is the same 
reaction principle used to propel rockets and to propel airplanes 
using jet engines. The gross propelling force in a steam turbine is a 
combination of impulse and reaction. Thus, in reality, the blades in a 
so-called reaction turbine are partly impulse and partly reaction. 
Figure 23.15c illustrates a reaction turbine with a single wheel. 
Figure 23.15d illustrates a reaction turbine with two wheels. 

The blades are mounted on a rotating shaft. The rotating shaft is 
supported within a casing. The casing supports the bearings for the 
rotating shaft, the stationary blades and the steam inlet nozzles. 

Steam turbine sizes vary from under 100 kW to over 250 MW. 
Impulse machines are used for small turbines, and the high- 
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(a) Impulse turbine 
with single wheel. 


(b) Impulse turbine 
with two wheels. 


(c) Reaction turbine 
with single wheel. 


(d) Reaction turbine 
with two wheels. 


Figure 23.15 

Steam turbine types. 
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HP Steam 



(a) Back pressure. 



(c) hxtraction 




(il) Induction. 


Figure 23.16 

Configuration of steam turbines. 


pressure section of large turbines use impulse blades. The low- 
pressure sections of large turbines tend to use reaction blades. The 
maximum steam inlet temperature depends on the machine design 
and is normally below 585 °C. Higher inlet temperatures require 
special materials of construction. 

Figure 23.16 shows the basic ways in which a steam turbine can 
be configured. Steam turbines can be divided into two basic classes: 

• back-pressure turbines, which exhaust steam at pressures higher 
than atmospheric pressure; 

• condensing turbines, which exhaust steam at pressures lower 
than atmospheric pressure. 

The exhaust pressure of a steam turbine is fixed by the operating 
pressure of the downstream equipment. Figure 23.16a shows a 
back-pressure turbine operating between high-pressure and low- 
pressure steam mains. The pressure of the low-pressure steam 
mains will be controlled elsewhere (see later). 

Figure 23.16b shows a condensing turbine. Three types of 
condensers are used in practice as follows: 

1) Direct contact, in which cooling water is sprayed directly into 
the exhaust steam. 

2) Surface condensers, in which the cooling water and exhaust 
steam remain separate (see Chapter 12). Rather than using 
cooling water, boiler feedwater can be preheated to recover the 
waste heat. 

3) Air coolers again use surface condensation but reject the heat 
directly to ambient air (see Chapter 24). 

Of the three types, surface condensers using cooling water are 
by far the most common. When a volume filled with steam is 


condensed, the resulting condensate occupies a smaller volume 
and a vacuum is created. Any noncondensable gases remaining 
after the condensation are removed by steam ejectors or liquid ring 
pumps (see Chapter 13). The pressure at the exhaust of the 
condensing turbine is maintained at a reasonable temperature 
above cooling water temperature (e.g. 40 °C at 0.07 bara to 
50 °C at 0.12 bara, depending on the temperature of the cooling 
water). The higher the pressure difference across the steam turbine, 
the more the energy that can be converted from the turbine inlet 
steam into power. For a given temperature difference between the 
condensing steam and the cooling medium, the lower the tempera¬ 
ture of cooling, the more the power that can be generated for a given 
flowrate of steam with fixed inlet conditions. 

Both back-pressure and condensing turbines can be categorized 
further by the steam that flows through the machine. Figure 23.16c 
shows an extraction machine. Extraction machines bleed off part of 
the main steam flow at one or more points. The extraction might be 
uncontrolled and the flows dictated by the pressures at the inlets 
and outlets and the pressure drops in the sections of the turbine. 
Alternatively, the extraction might be controlled by internal control 
valves. Figure 23.16c shows a single extraction with both the 
extraction and the exhaust being fed to steam mains. The exhaust 
could have been taken to vacuum conditions and condensed, as in 
Figure 23.16b. 

Figure 23.16d shows an induction turbine. Induction turbines 
work like extraction machines, except in reverse. Steam at a higher 
pressure than the exhaust is injected into the turbine to increase the 
flow partway through the machine to increase the power produc¬ 
tion. In a situation like the one shown in Figure 23.16d, an excess of 
medium-pressure (MP) steam generation over and above that 
for process heating is used to produce power and exhaust into a 
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low-pressure steam, where there is a demand for the low-pressure 
steam for process heating. Again, the exhaust could have been 
taken to vacuum conditions and condensed. 

Any given machine will have minimum and maximum allowa¬ 
ble steam flowrates. In the case of extraction and induction 
machines, there will be minimum and maximum flowrates allowa¬ 
ble in each turbine section. These minimum and maximum flow- 
rates are determined by the physical characteristics of individual 
turbines and specified by the turbine manufacturer. 

The expansion process in a steam turbine transforms a portion 
of the energy of inlet steam to power. The turbine efficiency can be 
defined as: 


IT _ IT 
nsT ~w7s~ m AH IS 


(23.17) 


where t] ST = steam turbine efficiency (—) 

IT = turbine shaft power (kW) 

W/s = power corresponding with an isentropic expansion 
(kW) 

A H IS = enthalpy change to the outlet pressure having the 
same entropy as the inlet steam (kJ-kg - ) 

= H in -H IS 

H in = specific enthalpy of the inlet steam (kJ-kg -1 ) 


His = specific enthalpy of steam at outlet pressure having 
the same entropy as the inlet steam (kJ-kg -1 ) 
m = turbine steam flow (kg-s -1 ) 


where rj ST = overall steam turbine efficiency 
Imech = mechanical efficiency 

Steam turbine efficiency is dictated by a number of factors. The 
most significant among them are: 

• turbine size in terms of maximum power load, 

• inlet pressure of the steam, 

• outlet pressure of the steam, 

• operating load (part-load conditions). 

If the turbine is driving an electricity generating set, then there will 
also be an efficiency associated with electricity generation (typi¬ 
cally 95 to 98%). 

The steam turbine power output can in principle be modelled by 
Equations 13.72 or 13.75. However, the difficulties of defining 
physical properties that vary significantly through the turbine 
means that it is usual to calculate the power from an enthalpy 
balance across the machine and an efficiency, as defined in 
Equations 23.17 to 23.19. From an energy balance across the 
turbine: 

IT = rj si ecu m {Hin — H out ) (23.20) 

Combining Equations 23.18 and 23.20 gives: 

W = >1mech Vis m A H is (23.21) 


The overall turbine efficiency can be represented by two 
components: the isentropic efficiency and the mechanical effi¬ 
ciency. The efficiency with which energy is extracted from steam 
is characterized by the isentropic efficiency, introduced in 
Figure 2.1 and Equation 2.3, defined as: 


Hi, , H ol 
1 H h , - Hr 


(23.18) 


where ;/ /s = turbine isentropic efficiency (—) 

Hj,, = specific enthalpy of the inlet steam (kJ-kg -1 ) 
H ou t = specific enthalpy of the outlet steam (kJ-kg x ) 
His = enthalpy of steam at the outlet pressure having 
the same entropy as the inlet steam (kJ-kg -1 ) 


AH = Hu,-Ho. 


The isentropic efficiency reflects the inefficiency associated 
with the flow of the steam through the turbine and characterizes the 
efficiency at which energy is extracted from the steam. The 
mechanical efficiency reflects the efficiency with which the energy 
that is extracted from steam is transformed into useful power and 
accounts for machine frictional losses and heat losses. The 
mechanical efficiency is high (typically 0.97 to 0.99) (Siddhartha 
and Rajkumar, 1999). In addition to the mechanical efficiency 
being much higher than the isentropic efficiency, in most cases the 
mechanical efficiency does not change significantly with load. By 
contrast, the isentropic efficiency does change significantly with 
load. The overall steam turbine efficiency can be defined as: 


This is useful for preliminary design, but iimech and t]is must be 
known. Because v]mech^ > his^ and >1mech can be assumed to be a 
value of 0.97 to 0.99, the biggest problem in using Equation 23.21 
is knowledge of iji S . Peterson and Mann (1985) presented data to 
demonstrate that for steam turbines operating at maximum load, 
steam turbine efficiency increases with the size of the turbine and 
turbine inlet pressure for a fixed outlet pressure. Varbanov, Doyle 
and Smith (2004) demonstrated from turbine data that at maximum 
load, different sized turbines follow a linear relationship between 
shaft power and isentropic power. At maximum load, it can be 
assumed that (Varbanov, Doyle and Smith, 2004; Sun and Smith, 
2015): 

W, s , max = ciW max + b (23.22) 

where Wis,„mx = power corresponding with an isentropic 
expansion at maximum load (kW) 

W max = turbine shaft power at maximum load (kW) 
a, b = modeling coefficients 

Writing the efficiency from Equation 23.21 at maximum load and 
combining with Equation 23.22 gives: 

'1ST,max = g (23.23) 


where tjsT.max — steam turbine efficiency at maximum load (—) 


hsr — ’Iis >1 mech 


(23.19) 


Equation 23.23 has the same form as the equation for 
gas turbine efficiency at maximum load (Equation 23.11). 
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(a) Efficiency versus power 
output. 


(b) Power output versus let 
steam flowrate. 


A straight line can be used to 
represent turbine performance. 


(d) Straight line segments can be 
used to improve the 
representation. 


Figure 23.17 

Steam turbine performance versus load. 


Coefficients a and b are functions of the inlet and outlet 
pressures. 

Equations 23.23 can be used to predict the efficiency of a steam 
turbine at maximum load if W max is specified. This is useful for 
design. Alternatively, if the design flowrate of steam is known, 
rather than the power requirement, VT,„ fl . v can be eliminated by 
combining Equations 23.21 and 23.22 to give: 

n S T, ma . = (l-(23.24) 

^ \ is J 

Steam systems often need to be flexible in order to service site 
demands that can change significantly through time. For a steam 
turbine driving a machine such as a compressor on a direct drive, 
the load will be constant. However, for machines driving an 
electricity generator, the load is likely to change significantly 
through time. Generally, the efficiency of steam turbines decreases 
with decreasing load. Figure 23.17a illustrates the relationship 
between turbine efficiency and mass flow through the turbine. 
Because i]mech P* biS’ the major contribution to the nonlinear trend 
of the overall efficiency with a part-load is from the isentropic 
efficiency rfr S . A turbine model needs to capture this behavior. 

The relationship between shaft power and the mass flow of 
steam is again sometimes called the Willans Line, after Peter 
William Willans. A typical Willans Line for a steam turbine is 
illustrated in Figure 23.13b. For many machines this is almost a 
straight line. The power-steam flow relationship in Figure 23.13b 
can be represented over a reasonable range by a linear relationship, 
as shown in Figure 23.17c. The straight-line relationship is 
given by (Mavromatis, 1996; Mavromatis and Kokossis, 1998; 
Varbanov, Doyle and Smith, 2004; Sun and Smith, 2015): 

W = n m - W, NT (23.25) 


n = slope of the linear Willans Line (kj-kg ') 

W/nt = intercept of the linear Willans Line (kW) 

If a single straight-line relationship, as shown in Figure 23.17c, 
is not adequate, then a series of linear segments can be used, as 
shown in Figure 23.17d. Each linear segment in Figure 23.17d is 
represented by an equation of the form of Equation 23.25, each 
with its own slope and intercept. It is worth preserving the linearity 
of the model rather than introducing a nonlinear model, as the 
linear model has advantages for use in optimization, as will be 
discussed later. However, most often in practice, a single straight 
line gives an adequate representation. 

Whilst Equation 23.22 allows the maximum point in 
Equation 23.25 to be defined, the intercept point must somehow 
be defined. Assume: 


W INT = cW max (23.26) 


where c = modeling coefficient 

Writing Equation 23.25 at maximum load and combining with 
Equation 23.26 gives: 


W max = (23.27) 

(1 +c) 

Combining Equations 23.22 and 23.27 gives: 

— ) (23.28) 

Wlmax J 

Combining Equations 23.22 and 23.26, assuming 

W IS,max = Wl m ax A///S, giVGS. 


(1 +C) 


AH 


where W = shaft power produced by the turbine, not 
including mechanical losses (kW) 
m = mass flowrate of the steam through the turbine 
(kg-s~ ! ) 


W INT = - (m„ lax A H IS - b ) (23.29) 

Equations 23.28 and 23.29 define the slope and the intercept for 
Equation 23.25. The a , b and c coefficients in Equations 23.28 and 
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Table 23.3 

Steam turbine modeling coefficients (Sun and Smith, 2015). 



Back-pressure 

turbines 

Condensing turbines 

a x 

1.1880 

1.3150 


—2.9564 X 10~ 4 

-1.6347 x 10~ 3 


4.6473 x 10~ 3 

-0.36798 

bi 

449.98 

-437.77 

bi 

5.6702 

29.007 

^3 

-11.505 

10.359 

Cl 

0.20515 

7.8863 xl0“ 2 

C2 

—6.9517 X 10 -4 

5.2833 xl0“ 4 

C3 

2.8446 xl0“ 3 

-0.70315 


23.29 need to be fitted to actual turbine data. The form of the 
correlations for coefficients a, b and c is given by (Sun and Smith, 
2015): 


a = a\ + a 2 Pin + a 2 P out 

(23.30) 

b — b\ + b 2 Pin + b 2 P out 

(23.31) 

C — C 2 Pin “1“ C 2 Pout 

(23.32) 


where a | to a 3 , iq to b 3 and c\ to c 3 are modeling coefficients. These 
modeling coefficients have been fitted to data from 70 back¬ 
pressure turbines at 214 operating states and 104 condensing 
turbines at 335 operating states (Sun and Smith, 2015), giving a 
mean error of power prediction of 2%. The modeling coefficients 
are given in Table 23.3. 

For any load of a given steam turbine with fixed inlet pressure, 
back-pressure and inlet temperature, the isentropic enthalpy 
change remains constant. As a result of changing isentropic 
efficiency, the actual enthalpy drop across the turbine changes 
with load. However, the change cannot exceed the isentropic 
enthalpy change. The model can be used to predict the variation 
of turbine efficiency with load: 


W W 
%r ~Ws~ mAH,s 

n m — Wint 
m AH is 


(23.33) 


The model can also be used to predict the variation isentropic 
efficiency turbine efficiency with load if the mechanical efficiency 
is known: 


r hs ~ 


AH 

A hTs 


W 


m >1 mech AH is 
n m — Wint 


(23.34) 


The outlet enthalpy from the turbine can be calculated by an energy 
balance. The outlet enthalpy is the inlet enthalpy minus both the 
useful power extracted from the steam and the mechanical losses: 

H out = H in -— (23.35) 

'Imech m 

If the outlet enthalpy and pressure are known, then the outlet 
temperature can be calculated from steam properties. 

This approach to steam turbine modeling has so far been 
restricted to simple turbines with a single feed and single exhaust. 
In principle, the approach can be extended to complex steam 
turbines by representing the sections of complex turbines as simple 
turbines on the same shaft (Chou and Shih, 1987). This decom¬ 
position approach is illustrated in Figure 23.18. Figure 23.18 
shows two examples of complex turbines that have been decom¬ 
posed into the corresponding basic components involving simple 
turbine units, splitters and mixers. Figure 23.18a shows how an 
extraction machine with a single extraction can be modeled by two 
simple turbine units with the appropriate connections. 
Figure 23.18a shows a controlled extraction. Other designs of 
machine have uncontrolled extraction. Figure 23.18b illustrates 
how an induction machine can be modeled by simple turbine units 
with the appropriate connections. It should be noted that the 
control features and internal flow patterns in complex turbines 
can create additional inefficiencies when compared with two 
simple turbines. Thus, the decomposition approach might over¬ 
predict the power generation for given steam flows. This can be 
compensated for by adding some additional pressure drop between 
the sections. Alternatively, some of the coefficients in the model 
can be regressed to fit a particular turbine. 

It is often necessary to model an existing turbine as part of the 
modeling of an existing steam system, for optimization of die 
existing system or retrofit study. The data from Table 23.3 can 
be used if no operating data are available. If operating data are 
available, the a, b and c coefficients can be fitted to measured data 
by regression. However, it is often die case that only a limited 
number of operating points are available. In this case, some of the 
coefficients can be taken from Table 23.3 and others regressed from 
measured data. When fitting data for a complex turbine, such as 
those shown in Figure 23.18, a set of a coefficients and b coefficients 
are required for each section of the complex turbine. These can be 
partly set by Table 23.3 and partly regressed. One problem faced 
when regressing data for a complex turbine is that the breakdown of 
total power generated to that generated in each section of the turbine 
is not known, but only the total power. In this situation, die 
measured temperature of die extraction streams can be taken as 
an indirect measure of the power extracted in the turbine section. 
The regression for a complex turbine thus becomes (Sun and Smith, 
2015): 


£, 


WCALCULATED ~ WmEASUREd\~ 
W MEASURED J , 


out,CALCULATED 


- T, 


[ out,MEASURED 


out,MEASURED^ 


(23.36) 


m Umech AH is 


subject to 0.4 < t} ST < 0.9 
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Steam Extraction 




(a) Extraction steam turbines. 


Induction 


Steam Steam 



Exhaust 

Steam 



(b) Induction steam turbines. 


Figure 23.18 

Modeling complex steam turbines. 


where (W calculated ~ W measured)) = difference 

between the 
calculated and 
measured total 
power for data 
point i 

[Tout ,calculated ~ T out ^ measured) t = difference 

between the 
calculated and 
measured steam 
outlet temperature 
for data point i 


Example 23.6 A process heating duty of 25 MW is to be 
supplied by the exhaust steam of a back-pressure turbine. High- 
pressure steam at lOObarg with a temperature of 485 °C is to be 
expanded to 20barg for process heating. The heating duty of the 
20 barg steam can be assumed to be the sum of the superheat and 
latent heat. Assume the mechanical efficiency to be 97%. 

a) Determine the power production, steam flowrate and turbine 
efficiency for a fully loaded back-pressure turbine. 

b) If the turbine is sized for an additional 20% extra flowrate, but 
operated at the same process heating duty, determine the power 
production 

Solution 

a) The conditions for the inlet steam are fixed, but the conditions 
of the outlet steam will depend on the performance of the 


turbine. First, estimate the steam flowrate from the process 
heating duty. A good approximation is that the sum of the heat 
content of the superheat and latent heat is constant from inlet to 
outlet. At the turbine inlet, the heat content of the superheat is 
higher than that of the outlet, but the latent heat is lower in the 
inlet than in the outlet. The two trends tend to cancel each other 
out, with the total heat content of superheat and latent heat 
being approximately constant across the turbine. From steam 
tables, the enthalpy of the superheated steam H SUP , enthalpy of 
the saturated steam H SAT and enthalpy of the saturated 
condensate H L at 100 barg are: 

H SUP = 3335 kj kg 1 at 485 °C 
H S at = 2726 kj-kg -1 
H l = 1412 kj-kg” 1 

Assuming the heat content of the superheat and latent heat of 
steam to be constant, the flowrate of steam can be estimated to 
be: 

25 X 10 3 

m =- 

3335 - 1412 

= 13.0 kgs -1 

Now calculate the parameters for the steam turbine model: 

Cl = Cl i CI2P in ^3 Pout 

= 1.1880 - 2.9564 x 10“ 4 X 101.01 + 4.6473 X 10“ 3 x 21.01 
= 1.2558 
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b =b\+ UP in + UP out 

= 449.98 + 5.6702 x 101.01 - 11.505 x 21.01 
= 781.01 


C — C\ + Co Pin + C^Pout 

= 0.20515 - 6.9517 X 10~ 4 X 101.01 + 2.8446 x 10~ 3 X 21.01 
= 0.19470 

Next, determine the isentropic enthalpy change A H IS . From 
steam properties, the entropy of the inlet steam is: 

Ssup = 6.5432 kj-kg _l K _1 

From steam properties, the enthalpy of steam at 20 barg with 
this entropy is: 


H SUP = 2912 kJkg- 1 


Thus: 


A H IS = 3335 -2912 
= 423 kj-kg -1 

Calculate the turbine power at maximum flowrate from 
Equation 23.22: 


W 


max 


IF IS,max b 

a 

rritnax AH is b 

a 


_ 13 x423 -781.01 
“ 1.2558 

= 3757 kW 


The outlet steam enthalpy is given by an energy balance from 
Equation 23.35: 


W max - 3346 W 
H out = 3042 kJ-kg- 1 
m — 11.78 kg-s -1 


Further iteration will not bring any significant change. Calcu¬ 
late the steam turbine efficiency at maximum load from 
Equation 23.24: 


7 ST, max 


1 (, _ b —) 

rt \ tilfnax AH is J 

1 / 781.01 \ 

1.2558 V “ 11.78 X 423 J 
0.672 


b) The turbine is to be sized with a spare capacity of an extra 20% 
flowrate: 


rrimax = 1.2 x 11.78 = 14.14 kg s 1 

Part-load performance is predicted by the Willans Line front 
Equation 23.25. First calculate the slope and intercept point 
from Equations 23.28 and 23.29: 

(1+c)/. „ b 
n - - A His - 

^ \ Wl,nax 

= (1 +0.19470) / _ 781.01 \ 

1.2558 V 14 - 14 ) 

= 349.9 kj-kg” 1 

c 

VF/jvj- = - (rrimax AH is - b) 
a 

0.19470 

= t ^ 14 - 14x423 - 78L01) 

= 806.2 kW 


From Equation 23.25: 


Hout — H j n 


= 3335 


W 


’Imech m 
3757 


0.97 x 13.0 
= 3037 kj-kg" 1 


Now revise the steam flow. From steam properties at 20 barg, 
H l = 920 kJ-kg- 1 : 


25 x 10 3 
_ 3037 - 920 
= 11.81 kgs-' 


W = n m — Wint 

= 349.9x 11.78 - 806.2 
= 3315 kW 


The outlet steam enthalpy is given by an energy balance from 
Equation 23.35: 

W 

Hout — H\ n 


1 Imech m 
3315 

= 3335 - 

0.97 X 11.78 

= 3045 kJ- kg" 1 


Now revise the steam flow: 


Compare this with the original estimate of 13.0kg s l . The 
calculation is now repeated with the revised steam flow: 

Wmax = 3356 W 
H out = 3042 kJ-kg -1 
m — 11.78 kg-s -1 

A further iteration with the revised steam flow gives: 


25 X 10 3 

m =- 

3045 - 920 

= 11.76 kgs" 1 

This is a slightly lower flowrate than a turbine sized for 
maximum load to supply 25 MW of heat at 20 barg, as slightly 
less power is produced by the larger turbine operating at part 
load. 
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23.5 Steam Distribution 

Steam is distributed around the site for various purposes, as 
discussed earlier. When using steam in steam heaters, steam tracing 
and space heating devices, it is preferred to feed the steam close to 
saturation conditions. Superheated steam is normally not preferred 
for process heating, as desuperheating to saturation before con¬ 
densation as part of the process duty involves a poor heat transfer 
coefficient. Also, the higher temperature from the superheat might 
cause fouling or product degradation on the process side. Steam is 
often desuperheated locally to within 3 °C to 5 °C of saturation 
before entering the steam heater by mixing the steam with boiler 
feedwater under temperature control, as illustrated in Figure 23.19. 

When using steam in steam heaters, steam tracing and space 
heating devices, some mechanism is required to allow the conden¬ 
sate to leave the heat transfer device, whilst preventing uncon¬ 
densed steam from leaving. Also, condensation occurs in the pipes 
used for steam distribution around the site and this condensate must 
be prevented from building up. Steam traps are devices designed to 
allow condensate to pass, whilst not allowing steam to pass. It is 
also important that any air ingress before start-up is allowed to 
leave, as this can cause a significant deterioration in the heat 
transfer coefficient. Various designs of steam trap are used in 
the process industries: 

a) Figure 23.20a shows a float trap. Such traps are commonly 
used on process equipment. A float-type trap operates from the 
difference in density between steam and condensate. In 
Figure 23.20a, as condensate builds up within the steam 


inlet Steam 

'M.m iu. w 



Outlet Steam 

Figure 23.19 

A desuperheater. 

trap the float rises and lifts the valve off its seat, allowing 
condensate to leave. The design in Figure 23.20a requires air to 
be vented manually. A more sophisticated design can incor¬ 
porate a thermostatic air vent that allows the initial air to pass 
whilst the trap is also handling condensate, 
b) Figure 23.20b shows an inverted bucket steam trap. These are 
also used on process equipment. The inverted bucket is 
attached by a lever to a valve. The inverted bucket features 
a small vent hole in the top of the bucket. Condensate flows 
from the bottom of the bucket through to the outlet. Any steam 
entering the trap causes the bucket to become buoyant, which 



Steam and 
Condensate 


Condensate - 
and Flash Out 


(a) Float trap. 





Expansion 

Bellows 


Steam and 
Condensate 


Condensate and 
Flash Out 



(d) Expansion trap, 


Figure 23.20 

Steam traps. 
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rises and closes the outlet. The trap remains closed until the 
steam in the bucket has condensed or bubbled through the vent 
hole. The bucket then sinks, opening the trap. Any air entering 
the trap at start-up will also give the bucket buoyancy and close 
the valve. The vent hole allows air to escape. 

c) Figure 23.20c shows a disk steam trap. At start-up, incoming 
pressure raises the disk and condensate and air are discharged 
under the disk to the outlet. When steam enters the trap, static 
pressure above the disk forces the disk against the valve seat 
and it closes. At the same time, steam entering at a high velocity 
creates a low-pressure area under the disk, also forcing it to 
close. When condensate enters, the pressure against the disk 
decreases and the trap opens. Disk traps are commonly used to 
allow condensate release from steam mains. 

d) Figure 23.20d shows a bellows steam trap. The bellows trap uses 
a fluid-filled thermal element (bellows) that operates through 
thermal expansion and contraction. At start-up the trap is open, 
allowing air and condensate to be removed from the system. 
When steam enters the trap the fluid in the bellows vaporizes and 
expands as the temperature increases, causing the bellows to close 
the valve. Condensate entering the trap causes the temperature to 
decrease, the fluid in the bellows condenses and contracts, 
causing the bellows to open the valve. These traps are used on 
process equipment, steam mains and steam tracing. 

Many other designs of steam trap are available. For large heat 
transfer duties, it is good practice to recover the steam that is flashed 
as the condensate reduces in pressure. Such an arrangement is 
shown in Figure 23.21. Steam enters the steam heater and conden¬ 
sate (in practice, with some steam) passes through the trap. Flashing 
occurs before the mixture enters a settling drum that allows the flash 
steam to be separated from the condensate. The flash steam would 
then be fed to a steam main at the appropriate pressure. 

Steam condensate should be recovered and returned to the 
deaerator for boiler feedwater wherever possible. Return to the 
boiler might be via feedwater treatment for polishing and then 
deaeration if there is some danger of contamination. Steam con¬ 
densate from steam heaters, steam tracing and space heating 
devices should normally be returned to the deaerator. For steam 
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Flash Steam 
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Figure 23.21 

Flash steam recovery. 


ejector systems, condensate collected in the hotwell, as illustrated in 
Figure 13.17, is in most cases too contaminated to be returned 
directly to the deaerator. The condensate is either treated and 
disposed of, or treated and reused (but not necessarily as boiler 
feedwater). The steam injected into distillation operations is ulti¬ 
mately condensed, but the condensate is highly contaminated and 
either treated and disposed of or treated and reused (not necessarily 
as boiler feedwater). Similarly, condensate from dilution steam used 
in reactors and recovered within the process will be too contami¬ 
nated for direct reuse as boiler feedwater. In some cases, reactor 
dilution steam is generated within the process in a heat exchanger, 
rather than a steam boiler (e.g. from heat recovery), fed to the reactor 
and the condensate recycled directly in a closed loop. This is 
possible, because the dilution steam can be contaminated by process 
components without causing problems in the reactor. Any steam 
used for flaring, fuel oil atomization, NOx abatement in combustion 
processes, reactor decoking and soot blowing operations is lost. 

Given the various users of steam on the site, a distribution 
system is required. Steam mains or headers distribute steam around 
the site at various pressures. The number of steam headers and their 
pressures depend on the various processes requirements and the 
requirements to generate power from steam centrally or locally. 
Figure 23.22 shows a schematic of a typical steam distribution 
system. Raw water is treated before entering the boilers that fire 
fuel to generate high-pressure (HP) steam. Figure 23.22 illustrates 
the features of a typical steam system. It is common to have at least 
three levels of steam. On larger sites, steam may also be generated 
at a very high pressure (typically 100 bar), which will only be used 
for power generation in steam turbines in the boiler house. Steam 
would then be distributed around the site, which for larger sites 
would typically be at three pressures. On small sites there might be 
only a single pressure of steam distributed around the site. Back¬ 
pressure turbines let steam down from the high-pressure mains to 
the lower-pressure mains to generate power. Supplementary power 
may be generated using condensing turbines. Operating a con¬ 
densing turbine from the highest-pressure inlet maximizes the 
power production. The system in Figure 23.22 shows flash steam 
recovery into the medium-pressure and low-pressure mains. Also, 
as shown in Figure 23.22, the boiler blowdown is flashed and flash 
steam recovered before being used to preheat incoming boiler 
feedwater and being sent to the effluent. Whether flash steam 
recovery is economic is a matter of economy of scale. 

Also shown in Figure 23.22 are letdown stations between the 
steam mains to control the mains pressures via a pressure control 
system. It is desirable to have a low flow in the letdown stations. 
Instead, it is preferred to let down through steam turbines to 
generate power. However, zero flow in letdown stations is also 
undesirable. It is preferred to have some flow (typically a few tons 
per hour) for control and to avoid condensation in the pipework. In 
some cases, the letdown stations also have desuperheaters, as 
illustrated in Figure 23.22. When steam is let down from a high 
to a low pressure under adiabatic conditions in a valve the amount 
of superheat increases. Desuperheating, if carried out, is achieved 
by the injection of boiler feedwater under temperature control, 
which evaporates and reduces the superheat. There are two impor¬ 
tant factors determining the desirable amount of superheat in the 
steam mains. 
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VENT 



Figure 23.22 

Features of a typical steam distribution system. 


a) Steam heating is most efficiently carried out using the latent 
heat from condensation, rather than having to desuperheat 
before condensing the steam. Thus, the design of steam heaters 
benefits from having no superheat in the steam. However, 
having no superheat in the steam mains is undesirable, as this 
would lead to excessive condensation in the steam mains. It is 
desirable to have at least 10 to 20 °C superheat in steam mains 
to avoid excessive condensation in the mains. 

b) In addition to using steam for steam heating, it is also used for 
power generation by expansion through steam turbines. Steam 
turbines might generate electricity centrally that is distributed 
to motors around the site. Alternatively, steam turbines might 
be used to drive machines directly. Expansion in steam turbines 
reduces the superheat in the steam as it is reduced in pressure. If 
there is not enough superheat in the inlet steam, then conden¬ 
sation can take place in the steam turbine. While a small amount 
of condensation in the machine is acceptable, excessive con¬ 
densation can be damaging to the machine. Also, if the steam 
turbine is exhausting to a steam main, then it is desirable to have 
some degree of superheat in the outlet to maintain some 
superheat in the outlet low-pressure steam main. 


Consider the simple steam turbine cascade in Figure 23.23a in 
which there are no inputs to the steam mains, apart from the utility 
boilers and steam turbines. The steam mains pressures and the 
vacuum steam pressure have been fixed. The isentropic efficiencies 
of all the steam turbines in the cascade have also been specified. 
Once file temperature of the steam generated in the utility boilers has 
been specified, then all die steam mains temperatures are also fixed 
as a result. This follows from the definition of isentropic efficiency. 
The temperature and pressure of the VHP steam fixes its enthalpy. 
Specifying ///s,vhp-hp fixes the HP steam enthalpy, and since the HP 
steam pressure is fixed, the temperature is also fixed. In turn, all the 
lower pressure mains conditions are also fixed down the cascade. As 
the steam passes through the steam turbine cascade, the amount of 
superheat in the steam decreases. The steam main with die lowest 
amount of steam superheat is the low-pressure main and there should 
be at least 10 to 20 °C of superheat. Also, if there is condensing 
power generation as in Figure 23.23a, then the superheat is further 
decreased to the point where the steam might start to condense. More 
than 12% wetness in the steam, or slightly higher in some circum¬ 
stances, can lead to damage of the steam turbine blades. Thus, if there 
is not enough superheat in the low-pressure main or there is too much 
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(a) Steam turbine cascade with no letdown flow. (b) Steam turbine cascade with letdown flow. 

Figure 23.23 

A simple steam turbine cascade. 


wetness in the vacuum steam, then in Figure 23.23a the only way to 
increase the low-pressure steam superheat or decrease the vacuum 
steam wetness is to increase the temperature of the utility VHP 
steam. However, there is a maximum temperature that can be used 
with the VHP steam created by the limitations of the materials of 
construction of the pipework and steam turbines. Maximum steam 
turbine inlet temperatures are typically 500 °C to 585 °C, depending 
on the machine design. If the temperature required to satisfy the 
minimum superheat and maximum vacuum pressure wetness con¬ 
straints is greater than the maximum of, say, 550 °C, then one way to 
satisfy the constraints and keep the temperature below 550 °C is to 
allow some flow in letdown stations between the steam mains, as 
shown in Figure 23.23b. As steam is expanded through a valve, 
because no energy is extracted, the superheat of the steam at lower 
pressure is increased. So in Figure 23.23b steam could be cascaded 
down through the letdown stations in parallel with the flow through 
the steam turbines in order to satisfy all of the constraints. However, 
any flow in letdown stations should be minimized, as this represents 
a missed opportunity to generate power in the steam turbines. In 
practice, there might be flow of steam into the various steam mains 
from process steam generation that will also affect the superheat in 
the steam mains. This will be examined in more detail in the 
following sections in the context of site targeting. 

The general policy on steam usage for heating is that low- 
pressure steam should be used in preference to high-pressure 
steam. Using low-pressure steam for steam heating: 

• allows power generation in steam turbines from the high- 
pressure steam; 


• provides a higher latent heat in the steam for the steam heater; 

• leads to lower capital cost heat transfer equipment due to the 

lower pressures. 

It should be noted that there will be significant heat losses in the 
distribution system that might be typically 10% of the fuel fired in 
the boilers. 

23.6 Site Composite 
Curves 

Just as it is useful to have energy targets for individual processes, it 
is also useful to have energy targets for the site. This requires a 
thermodynamic analysis for the site to develop site composite 
curves. Site composite curves provide a temperature-enthalpy 
picture for the whole site, analogous to those for individual 
processes developed in Chapter 17. There are two ways in which 
such curves can be developed. The first relates to a new design 
situation. 

A new design situation would start from the grand composite 
curves of each of the processes on the site and would combine them 
together to obtain a picture of the overall site utility system (Dhole 
and Linnhoff, 1992). This is illustrated in Figure 23.24, where two 
processes have their heat sink and heat source profiles from their 
grand composite curves combined to obtain a site hot composite 
curve and a site cold composite curve, using the procedure 
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Figure 23.24 

Site composite curves for new design can be pro¬ 
duced by combining the grand opposite curves for 
the individual processes. 


developed for composite curves in Chapter 17. Wherever there is 
an overlap in temperature between streams, the heat loads within 
the temperature intervals are combined together. 

In Figure 23.24, the pockets of additional heat recovery in the 
grand composite curve have been left out of the site analysis. This 
assumes that this part of the heat recovery will take place within the 
processes (see Chapter 17). The remaining heat sink profiles and 
heat source profiles are combined to produce the site composite 
curves (Dhole and Linnhoff, 1992). While it is usually justified to 
leave out the pockets of additional heat recovery in a process and 
accept the in-process heat recovery, some processes demand that 
information from within the pockets should be included. 
Figure 23.25 shows a grand composite curve typical of processes 
involving highly exothermic chemical reactions. The grand 



Figure 23.25 

Sometimes the details of the grand composite curve pockets should be 
included in the site profiles. 


composite curve shows only a cooling profile and no heating 
requirement, as a result of the reaction exothermic heat. There is a 
large pocket of additional heat recovery, which has not been 
isolated in Figure 23.25. The temperatures within the pocket are 
such that high-pressure steam can be generated within the pocket. 
If high-pressure steam is generated within the pocket, as indicated 
in Figure 23.25, then heat is used to generate steam where 
previously heat recovery would have satisfied the cooling require¬ 
ments. This disturbs the energy balance within the pocket. To 
compensate for this, low-pressure steam can be used to provide 
heating within the pocket, where previously heat recovery would 
have satisfied the heating requirements within the pocket. In 
practice, exploiting the pocket in the way indicated in 
Figure 23.25, using a combination of high-pressure and low- 
pressure steam, is likely to be economic if there is a significant 
difference in value between the high- and low-pressure steam. 
Thus, the extraction of the data from the grand composite curves in 
such scenarios should include part of the profiles within the pocket, 
as shown in Figure 23.25. However, when should such opportuni¬ 
ties be exploited? The situation arises when the temperature 
difference across the pocket spans two steam levels. If the pocket 
does not span two steam levels, then the pocket should be isolated, 
as shown in Figure 23.24. Also, even if the pocket spans a large 
temperature range, the heat duties within the pocket must be large 
enough to justify the complication of introducing an extra steam 
level into the design of that process. 

One further point needs to be noted regarding the construction 
of the site composite curves. The temperatures are shifted over and 
above the shift included in the construction of the grand composite 
curve. If the original hot and cold streams were shifted by AT rnin /2 
to produce the grand composite curve, then site composite curves 
require an additional shift of A T mi J2 to give a total shift of A T mi „, 
as illustrated in Figure 23.26 (Raissi, 1994). If different values of 
A T min apply to different processes, then data for each grand 
composite curve are given their individual shift in AT min before 
the steams are combined in the construction of the site composite 
curves. Even further, within a grand composite curve for an 
individual process, different streams might have different shifts 
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Figure 23.26 

Site composite curves are required to have a total 
shift of A T mln from the original temperature. 


7 



in AT min in the construction of the grand composite curve, as 
discussed in Chapter 17. Each stream must ultimately be shifted by 
the AT mi „ for that stream before the construction of the site 
composite curves. 

The other way to construct the site composite curves relates 
more to a retrofit situation. In a retrofit situation, the plants and their 
heat recovery systems are already in place. The heat recovery might 
already be maximized and in agreement with the target set by the 
composite curves and the problem table algorithm (see 
Chapter 17). If this is the case, then the grand composite curve 
will give an accurate reflection of the process utility demand. 
However, in retrofit, the heat recovery might not be at its maxi¬ 
mum. Thus in retrofit situations, the grand composite curve does 
not necessarily give an accurate picture of utility demands, as it 
assumes maximum heat recovery. If the existing amount of heat 
recovery is assumed to be fixed (whether maximized or not), the 
site profiles can be constructed from the individual process duties 
within each of the utility heat exchangers on the site. The tempera¬ 
ture-enthalpy profiles of the process streams within each of the 
utility heat exchangers are used to construct the site composite 
curves in exactly the same way as discussed in Chapter 17 for 
process composite curves. This way of constructing the site 
composite curves thus accepts the existing heat recovery system 
within each process, good or bad. Again, the temperature needs to 
be shifted for the site composite curves. Starting from the individ¬ 
ual process stream data, this needs to have a shift of AT min , as 
indicated in Figure 23.26. One additional advantage of this 
approach relative to that based on grand composite curves is 
that fewer data are required for the construction. Construction 
of the grand composite curve for a process requires data for all heat 
sources and sinks in the process to be collected, whereas the 
alternate approach requires only data from the utility heat exchang¬ 
ers to be collected. 

Following these procedures allows composite curves for the 
total site to be developed that give a picture of the heating and 
cooling requirements of the total site, both in terms of enthalpy and 
temperature (Dhole and Linnhoff, 1992). As an example. 
Table 23.4 presents the data for a site involving five processes. 
Steam is generated at very high pressure and distributed around the 
site at three lower pressures; AT min is 10 °C for all processes (Sun, 
Doyle and Smith, 2015a). 

Figure 23.27 shows the individual composite curves for the 
individual processes after the AT min shift. Figure 23.28 shows the 
composite curves for the individual processes combined to give a 
site hot composite curx’e and a site cold composite curve by 


following the same approach used for the construction of process 
composite curves described in Chapter 17. Figure 23.29a shows 
the steam generation and steam use profiles matched against the 
site composite curves. For the sake of clarity, for now, only the 
latent heat part of the steam generation and use profiles is shown in 
Figure 23.29a. Later, the complexities associated with boiler 
feedwater preheat, steam superheat, steam desuperheating and 
condensate cooling will be considered. It should be noted, by 
contrast with the composite curves for individual processes, that 
direct heat recovery between the site composite curves is not 
allowed. All heating, cooling and recovery in the site analysis 
takes place through the utility system only. Figure 23.29a shows an 
ideal match between the steam generation and steam use and the 
site composite curves. The targets are set for site cooling by starting 
with the highest temperature cooling utility, in this case high- 
pressure (HP) steam generation. This is matched against the site hot 
composite curve and maximized. The second highest temperature 
cooling utility is medium-pressure (MP) steam generation. This is 
now maximized. The next highest temperature cooling utility is 
low-pressure (LP) steam generation. This is now maximized, with 
the residual cooling being satisfied by cooling water. To set the 
targets for steam use, the lowest temperature heating utility is first 
maximized. In this case, the lowest temperature heating utility is 
LP steam use. Having maximized the LP steam use, the next lowest 
heating utility is maximized, in this case MP steam. The residual 
high temperature heating is taken up by HP steam. 

It should be noted that, in Figure 23.29a, the steam is repre¬ 
sented at its actual temperature and when a steam profile touches a 
site composite curve, this implies AT mi „ between the steam and the 
process because of the A T shift built into the construction of the site 
composite curves. This is analogous to the match between utility 
profiles and grand composite curves discussed in Chapter 17. In 
practice, the streams in the construction of the site hot composite 
curve are AT min hotter than plotted, and the streams in the site cold 
composite curve are AT min colder than plotted. The steam profiles 
are plotted at their actual temperatures. 

Figure 23.29b shows the site composite curves, but now 
relating to a retrofit situation. This time the loads on the various 
steam mains have been fixed to their existing duties (Dhole and 
Linnhoff, 1992). There is now a mismatch between the site 
composite curves and the steam profiles. In the example in 
Figure 23.29b, the steam generation matched against the site 
hot composite curve is on target. However, the steam use is poorly 
matched against the site cold composite curve. In Figure 23.29b, 
the LP steam duty should be higher, the MP steam duty higher and 
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Table 23.4 

Process and steam data for a total site (Sun, Doyle and Smith, 2015a). 


Process A 

Process B 

Stream 

7’.s (°C) 

T, CO 

A77 (MW) 

CP 

(MW-K -1 ) 

Stream 

7,s CC) 

T r CC) 

A77 (MW) 

CP 

(MW-K' 1 ) 

1 

300 

280 

30 

1.5 

1 

270 

260 

10 

1 

2 

148 

135 

10 

0.769231 

2 

260 

241 

10 

0.5263 

3 

135 

110 

20 

0.8 

3 

241 

240 

20 

20 

4 

110 

100 

10 

1 

4 

240 

220 

10 

0.5 






5 

220 

200 

5 

0.25 






6 

200 

150 

5 

0.1 






7 

150 

135 

10 

0.6667 






8 

135 

90 

10 

0.2222 

Process C 

Process D 

Stream 

T s CC) 

7’, CC) 

A77 (MW) 

CP 

(MW-K -1 ) 

Stream 

T s CC) 

T, CC) 

A77 (MW) 

CP 

(MW-K' 1 ) 

1 

169 

174 

10 

2 

1 

209 

210 

20 

20 

2 

168 

169 

10 

10 

2 

149 

150 

20 

20 

3 

159 

168 

10 

1.1111 

3 

104 

105 

30 

30 

4 

179 

160 

5 

0.2632 

4 

119 

118 

20 

20 

5 

160 

150 

15 

1.5 

5 

101 

100 

30 

30 

6 

150 

135 

5 

0.3333 

6 

95 

94 

20 

20 

7 

135 

90 

5 

0.1111 






8 

90 

85 

8 

1.6 






9 

85 

84 

12 

12 






Process E 

Steam and utility data 

Stream 

T s (°C) 

7’, CC) 

A77 (MW) 

CP 

(MW-K -1 ) 

Main 

T s CC) 

T, CC) 

TsatCC) 

Pressure 

(bar) 

1 

235 

237 

5.7143 

2.8571 

VHP 

111 

550 

310.9 

100 

2 

230 

235 

16.1039 

3.2208 

HP 

105 

270 

250.3 

40 

3 

180 

230 

18.1818 

0.3636 

MP 

105 

232 

212.4 

20 

4 

160 

180 

30 

1.5 

LP 

105 

172 

157.8 

5 

5 

110 

160 

20 

0.4 

CW 

20 

30 



6 

95 

110 

5 

0.3333 






7 

90 

95 

25 

5 






8 

110 

90 

40 

2 






9 

90 

80 

20 

2 
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Figure 23.27 

Individual composite curves after the A T min shift for the example site with five processes. (Reproduced from Li Sun, Steve Doyle, Robin Smith, Heat Recovery 
and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 


the HP duty lower. Ultimately, the penalty for such a mismatch is 
lost opportunity for cogeneration in steam turbines. A greater use 
of the lower-pressure steam for heating allows more steam to be 
expanded from the HP level through to the lower levels, and hence 
more power to be generated in steam turbines. 

T 



Figure 23.28 

Individual process composite curves can be combined to give the site 
composite curves. 


While Figure 23.29 is useful in being able to set targets for 
steam generation and steam use and identify missed opportunities 
in retrofit, the recovery of heat between processes through the 
steam system has not yet been addressed. Figure 23.30a shows a 
site in which HP steam, MP steam and LP steam are both generated 
and used on the site. Steam that is generated by waste heat does not 
need to be generated from the utility system from burning fuel in 
utility steam boilers. The steam generated by processes is fed into 
the steam mains, which is subsequently used by other processes on 
the site, as illustrated in Figure 23.30b. This heat recovery between 
processes through the steam system needs to be included in 
targeting for the site. 

Figure 23.31a shows no overlap between the site composite 
curves. If this setting was used in practice, any HP. MP or LP steam 
generated from the site hot composite curve would have to be 
vented and all of the HP, MP and LP steam used by the site cold 
composite curve would need to be let down from utility VHP 
steam. In practice, venting steam like this would never be done. 
However, to obtain the whole picture requires consideration of 
power generation alongside heat recovery, which will be included 
in the next section. Figure 23.3 lb illustrates how heat recovery for 
the site can be targeted by overlapping the steam profiles. 
Figure 23.31b shows the region of overlap between the steam 
profiles to be a measure of the heat recovery across the site through 
the steam system (Raissi, 1994; Klemes et al., 1997). For the 
setting in Figure 23.31b, some of the MP steam and all of the LP 
steam generated from the site composite would still need to be 
vented. Again this would not be done in practice, but the power 
generation implications will be considered in the next section. 
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(a) A good match for the steam profiles against the (b) A poor match between the steam profiles and the 

site composite curves. site composite curves. 


Figure 23.29 

Steam generation can be matched against the site hot composite curve and steam use against the site cold composite curve. (Reproduced from Li Sun, Steve 
Doyle, Robin Smith, Heat Recovery and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 


Some of MP steam and all of LP steam use against the site 
composite curve would need to be let down from utility VHP 
steam. The amount of overlap between the steam profiles is a 
degree of freedom available to the designer. 

Figure 23.32 shows that increasing the heat recovery between 
the site composite curves decreases the steam that must be gener¬ 
ated in the utility boilers and decreases the site heat rejection. In 
other words, increasing the heat recovery decreases the heat flow 
through the system from utility steam generation through site 
cooling, and vice versa. If the overlap between the site steam 
profiles is maximized, as shown in Figure 23.32b, this minimizes 
the steam generation in the utility boilers and the site heat rejection. 
The limit is set by the site pinch (Raissi, 1994; Klemes etal., 1997). 
Figure 23.33 illustrates the overall significance of the site pinch, 
dividing the site into a heat deficit above the site pinch and a heat 
surplus below the site pinch. This is analogous to the process pinch 
dividing individual processes into two parts, as discussed in 
Chapter 17. 
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Figure 23.30 

Site heat recovery through the steam system. 


So far, a number of issues have not been addressed for the steam 

profiles: 

1) Boilerfeedwater preheating. Boiler feedwater is fed to process 
steam generation at the deaeration temperature, which will be 
below saturation temperature. Preheating of the boiler feed- 
water prior to vaporization can be carried out by recovery from 
the site hot composite curve. 

2) Steam superheating. Steam fed to the steam mains from 
process steam generation should be superheated and this can 
also be carried out by heat recovery from the site hot composite 
curve. 

3) Steam desuperheating. Steam fed to process steam heaters, if 
superheated, involves a poor heat transfer coefficient until 
saturation conditions are attained. The design of steam heaters 
benefits from the desuperheating of steam prior to use. If this is 
carried out, boiler feedwater from the deaerator is injected into 
the steam under temperature control to typically bring it within 
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T T 



(u) Site composite curves with no heat recovery 
through the steam system. 


(b) Site composite curses with some heat 
recovery through the steam system. 


Figure 23.31 

Overlapping the site composite curves gives the potential for heat recovery through the steam system. (Reproduced from Li Sun, Steve Doyle, Robin Smith, 
Heat Recovery and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 


10°C of saturation. The benefit is smaller and cheaper heat 
exchangers and in some cases less damage to sensitive process 
fluids. However, for the same process heating load, the mass 
flowrate of steam increases and additional boiler fuel is 
required to compensate for the desuperheating. 

4) Condensate heat recovery. After condensation of the steam in 
process steam heaters, additional heat can be extracted from the 
condensate before returning the condensate to the boiler. This 
has drawbacks for the design of the heat transfer equipment, 
reducing overall heat transfer coefficients. However, less 
energy is lost in the condensate system, which possibly reduces 
boiler fuel. 


These options need to be included in the targets so that they can 
be screened as to the benefit or penalty of different options. 
Figure 23.34 illustrates how this can be allowed for. 
Figure 23.34a shows as an example two steam generation profiles, 
each with boiler feedwater preheating and steam superheating. 
Figure 23.34b shows how these two profiles can be combined to 
produce a composite steam profile, in the same way as composite 
curves are constructed for the process streams. Following the same 
approach as illustrated in Figure 23.34 allows all additional 
features to be included in the steam profiles. Figure 23.35a shows 
the site hot composite curve matched against a composite steam 
profile that includes boiler feedwater preheating and steam 



(a) Site composite curves with some heat recovery fb) Site composite curves with maximum heat 

recovery. 


Figure 23.32 

Maximizing the overlap minimizes the utility boiler demand. (From Sun L, Doyle S and Smith R, 2015, Energy , 84: 196, reproduced by permission.) 
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Figure 23.33 

Maximizing the overlap creates a pinch for the site, dividing it into a heat 
sink and heat source, (analogous to individual process pinch). 


superheating, along with vaporization, and a site cold composite 
curve matched against a composite steam profile that includes 
steam superheating and condensate cooling, along with condensa¬ 
tion. Figure 23.35b shows the overlap between site composite 
curves maximized to create a site pinch and minimize the utility 
boiler demand (Sun, Doyle and Smith, 2015a). 

It should be noted that in Figure 23.35 the superheat for both the 
steam generation and use have been assumed to be the same. The 
superheat for the generation is a matter of design of the heat transfer 
equipment. In principle, any degree of superheat could be designed 
for. On the other hand, steam for steam use will be drawn from the 
appropriate steam header with whatever superheat is available in 
the steam main. The temperature in the steam header will be a 
function of the superheat temperature for process steam generation. 


temperature of the utility steam, the efficiency of the steam turbines 
expanding between the headers, the amount of letdown flow 
between the steam headers and any desuperheating between the 
steam headers. Thus, in practice, the superheat temperature for the 
steam use is not as straightforward to set as with the generation. 

Figure 23.36 shows a comparison of various options for the 
steam use profile to be matched against the site cold composite 
curve. Another option is shown in Figure 23.37, which features 
flash steam recovery in the steam use profile matched against the 
site cold composite curve. As an example, Figure 23.38 shows the 
site composite curves including boiler feedwater preheating, steam 
superheating, steam desuperheating to saturation prior to use, but 
no condensate cooling. Another example shown in Figure 23.39 
includes boiler feedwater preheating, steam superheating, steam 
desuperheating to saturation prior to use and condensate cooling 
(Sun, Doyle and Smith, 2015a). 

Important features that have been left out of the targeting so far 
are associated with the utility steam generation. The utility boiler 
feedwater preheating, vaporization and steam superheating could 
have been included in principle. This would have required the 
boiler flue gas profile to be included in the site hot composite curve. 
However, the utility boilers are normally kept as self-contained 
systems with their own economizers, rather than integrated with 
the site. Although this is normally the case, integration options can 
in principle be explored. 

Whilst the targets developed so far are thermodynamically 
feasible, they might be difficult to achieve in practice because 
of the resulting design complexity. Consider the site composite 
curves shown in Figure 23.39. Where the boiler feedwater recovers 
heat from the site hot composite curve, might require the boiler 
feedwater to be circulated around a number of processes to achieve 
the temperature in Figure 23.39, because a number of different 
processes are brought together in the construction of the site hot 
composite curve. Also, the superheating of the steam might require 
the steam to be circulated around a number of processes to achieve 



(a) Individual steam profiles. (b) Composite steam profile. 

Figure 23.34 

Boiler feedwater preheating (or boiler feed water cooling) and steam superheating (or desuperheating) can be included by creating a composite of the steam 
profiles. (Reproduced from Li Sun, Steve Doyle, Robin Smith, Heat Recovery and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14- 
03308, with permission from Elsevier.) 
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(a) Composite steam profiles matched against site 
composite curves 


(b) Site composite curves with composite steam 
profiles set for maxium heat recovery. 


Figure 23.35 

Site composite curves including BFW preheating, steam superheating, superheated steam use and condensate cooling. (Reproduced from Li Sun, Steve Doyle, 
Robin Smith, Heat Recovery and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 



(a) Site cold composite curve with superheated 



(c) Site cold composite curse with superheated steam 
and no condensate heat recovery. 



(b) Site cold composite curve with steam desuperheated 



(d) Site cold composite curve with steam desuperheated 
Prior to use and no condensate heat recovery. 


Figure 23.36 

Various options are possible for the steam use profile to match against the site cold composite curve. (Reproduced from Li Sun, Steve Doyle, Robin Smith, Heat 
Recovery and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 
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Figure 23.37 

Site cold composite curve with flash steam recovery. (Reproduced 
from Li Sun, Steve Doyle, Robin Smith, Heat Recovery and 
Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY- 
D-14-03308, with permission from Elsevier.) 


A// 



(a) Steam profiles matched againsl Ihe she <»» Site composite curves with steam profiles set 

composite curves. for maxi urn heal recovery. 


Figure 23.38 

Site composite curves including BFW preheating, steam superheating, steam desuperheating prior to use and no condensate cooling. (Reproduced from Li Sun, 
Steve Doyle, Robin Smith, Heat Recovery and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 



(a) Sleam profiles matched auainsi composite 1 ^) ^* le composite curves with steam profiles set 

curves. for maxiurn heat recovery. 


Figure 23.39 

Site composite curves including BFW preheating, steam superheating, steam desuperheating prior to use and condensate cooling. (Reproduced from Li Sun, 
Steve Doyle, Robin Smith, Heat Recovery and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 
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Figure 23.40 

Targets can be set for the steam generation and use for the individual processes on the site. (Reproduced from Li Sun. Steve Doyle, Robin Smith, Heat Recovery 
and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 


the temperature in Figure 23.39. Circulating steam in this way is 
even more problematic than circulating boiler feedwater. The same 
argument applies to the condensate cooling against the site cold 
composite curve shown in Figure 23.39. Thus, although the targets 
set in Figure 23.39 are thermodynamically feasible, they might 
involve significant undesirable design complexity (Sun, Doyle and 
Smith, 2015a). 


This problem can be overcome by decomposing the site data 
(Sun, Doyle and Smith, 2015a). Figure 23.40 shows again the hot 
and cold composite curves for the individual processes on the site 
after the A T min shift. Also in Figure 23.40, steam profile targets 
have been matched against the individual processes. Figure 23.41a 
shows the steam profiles of the individual processes combined to 
give steam profiles for the whole site. Figure 23.41b shows the 



In) Site steam profiles with no overlap. (M Site steam profiles with maximum overlap. 


Figure 23.41 

Site steam profiles based on decomposed site including boiler feedwater preheat, steam superheating, steam desuperheating to saturation prior to use and no 
condensate cooling. (Reproduced from Li Sun, Steve Doyle, Robin Smith, Heat Recovery and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: 
EGY-D-14-03308, with permission from Elsevier.) 
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same profiles, but overlapped to maximize heat recovery through 
the steam system and minimize utility boiler demand. It should be 
noted that the targets set by the construction in Figure 23.41 are 
achieved without the need to pass boiler feedwater, steam or 
condensate around the various processes on the site to achieve 
the target heat recovery. The targets set in Figure 23.41 are based 
on the decomposed targets for the site. Because the data have been 
decomposed, the steam profiles shown in Figure 23.41 will not 
match against the site composite curves. Hence the site composite 
curves have not been shown in Figure 23.41. The targets set by the 
decomposed approach in Figure 23.41 (for the case of boiler 
feedwater preheat, steam superheating and steam desuperheating 
to saturation prior to use) will show a higher utility boiler demand 
and site cooling than the corresponding targets based on the site 
composite curves in Figure 23.38. However, both targets are useful 
in understanding the potential benefits of different options for the 
site utility system. 

In setting the appropriate amount of heat recovery across the site 
through the steam system, various trade-offs need to be considered. 
Before this can be done, the cogeneration implications of the site 
heat recovery need to be quantified. 

23.7 Cogeneration Targets 

So far, targets for the site have been restricted to the heat duties for 
steam generation and steam use. However, this does not provide 
the complete picture, as the cogeneration potential from the 
expansion of steam in steam turbines needs to be included. This 
requires a simple model of power generation to be combined with 


the heating and cooling duties. A simple isentropic efficiency 
model can be used for this purpose based on Equation 23.23. 
The isentropic efficiency can be taken from typical values or 
calculated from Equation 23.23. 

The cascade of steam in a steam turbine network was considered 
in Figure 23.23. It was noted that if there is no process steam 
recovery into the steam mains, once the steam mains pressures, the 
temperature of the utility steam and the isentropic efficiency of the 
turbines have been specified, then the temperatures of all the steam 
mains are fixed as a result. However, there are practical constraints 
that need to be maintained in the operation of the steam system. 
There is a minimum practical amount of superheat that needs to be 
maintained in the steam mains in order to prevent excessive 
condensation (typically 10 to 20 °C). Also, for the condensing 
turbine in Figure 23.23, the minimum dryness of the steam at the 
exit needs to be maintained to typically a minimum of 90%. 

As an example, consider the case given in Figure 23.42a based 
on the data from Table 23.4 for the case of boiler feedwater preheat 
and superheat for steam generation and for the steam use desu¬ 
perheating to saturation prior to use and no condensate recovery 
(Sun, Doyle and Smith, 2015a). Calculation of the steam turbine 
cascade requires the model of the steam expansion to be considered 
simultaneously with the target heating and cooling duties from the 
site composite curves (or from the decomposed steam profiles). 
The flowrate of steam generated at a given level is determined by 
matching the steam generation profile (given the assumed boiler 
feedwater feed condition and steam superheat temperature) against 
the corresponding cooling duty from the site hot composite curve 
(or from the decomposed steam profile). The flowrate of steam 
used at a given level is determined by matching the steam use 




(a) Steam turbine cascade with no letdown (low 
and boiler flow minimized. 


(b) Steam turbine cascade fora maxium steam 
temperature of 570 C and minium LP superheat 


of20 C. 


Figure 23.42 

Steam turbine cascade for power generation targeting for the case with BFW preheating, steam superheating, steam desuperheating prior to use and no 
condensate cooling. (Reproduced from Li Sun, Steve Doyle, Robin Smith, Heat Recovery and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: 
EGY-D-14-03308, with permission from Elsevier.) 
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profile (given the properties of the steam header at that level) 
against the heating duty for the site cold composite curve (or from 
the decomposed steam profile). The properties of the steam in each 
header are determined by a material and energy balance for that 
header. This is determined by the properties and flowrate of the 
steam generated that is feeding the header, the flowrate through, 
inlet steam conditions and isentropic efficiency of the steam turbine 
feeding the header, and the flowrate through and inlet steam 
conditions of the letdown station feeding the header. The calcula¬ 
tion can start with the utility steam and work down through the 
cascade from high to low pressure simulating the steam turbine and 
letdown expansions, performing a material and energy balance for 
each header to determine the header conditions and the flowrates to 
and from each header to service the cooling and heating duties. 
Figure 23.42a shows the results assuming an isentropic efficiency 
for all steam turbines of 0.75, with the constraint that all the steam 
mains should have a superheat of at least 20 °C. It is also assumed 
that the letdown flow through the valves is zero, even though 
practical reasons, as discussed earlier, dictate that it would be better 
to maintain a small flow. To achieve the constraint of a minimum of 
20 °C superheat requires the temperature of the utility steam to be 
varied by trial and error, with the steam cascade calculated for each 
iteration until the constraint for superheat is met. It can be seen in 
Figure 23.42a that this requires a utility steam temperature of 
624 °C. This temperature is too high and should be below 600 °C 
because of limitations of the materials of construction. 

If it is assumed that the maximum temperature is 570 °C, then at 
this temperature it will not be possible to maintain a minimum 
superheat of 20 °C in the LP main. One way to overcome this 
problem is to fix the temperature of the utility steam to its maximum 
of 570 °C and expand steam through the letdown stations to increase 
the superheat, in the steam mains to the required minimum value. 
Expanding steam through a steam turbine decreases the amount of 
superheat because of the energy extracted for power generation, 
whereas expanding steam in a valve increases the amount of 
superheat, as this is an adiabatic process. Figure 23.42b shows a 
steam turbine cascade in which the utility boiler steam has been set 
to a temperature of 570 °C and the flow of steam in the letdown 
stations has gradually been increased until the minimum superheat 
temperature in the mains has been achieved. In this case, to achieve 
the constraint of a minimum of 20 °C in the LP main with a 
maximum utility boiler steam temperature of 570 °C requires a 
flow of 3.65 kg-s -1 of steam through the letdown stations. An 
alternative way to overcome the constraint would be to increase the 
amount of superheat in the steam generated by recovery. 
Figure 23.42b gives the cogeneration target for the example based 
on the assumed maximum utility steam temperature, turbine isen¬ 
tropic efficiency and minimum steam main superheat. 

Different options can now be compared on the basis of the 
targets for steam generation, steam use and cogeneration. 
Table 23.5 shows a comparison of the different options based 
on an assumed maximum temperature for the utility steam of 
570 °C, turbine isentropic efficiency of 0.75 and minimum steam 
main superheat of 20 °C (Sun, Doyle and Smith, 2015a). 

Table 23.5 lists the boiler flowrate, the letdown flow rate and 
power generation for various utility options based on a utility steam 
temperature of 570 °C and minimum mains superheat of 20 °C. 


Any desuperheating of steam prior to use is assumed to be carried 
out locally. Also shown in Table 23.5 is the power generation per 
unit of boiler steam flow as a basis of comparison between the 
different options. It can be seen that the decomposed options in 
each case perform worse than the integrated options, as expected. 
Table 23.5 shows that the option for superheated steam use and no 
condensate heat recovery is best for both the integrated and 
decomposed targets. Desuperheating increases the utility boiler 
demand. This is caused by the need to compensate for the injection 
of boiler feedwater, which must be heated from its supply temper¬ 
ature to the saturation temperature of the steam by direct heat 
transfer. In addition, desuperheating increases the flowrate of 
condensate after providing the heating duty, which creates addi¬ 
tional losses from the condensate system. Table 23.5 shows that 
condensate heat recovery is not beneficial. This is because con¬ 
densate heat recovery extracts heat at a high level, rather than 
allowing that heat to be cascaded down in pressure for power 
production. It should be noted that the model used here does not 
include the features of the condensate return system and the effect 
on the deaeration steam. Condensate subcooling will degrade the 
heat returned to the deaerator, increasing the deaeration steam. 
These targets can be used to explore different options, but ulti¬ 
mately each needs to be evaluated by a more detailed simulation of 
the whole utility system. 

The steam turbine expansion zones can be represented graphi¬ 
cally, as shown in Figure 23.43 (Sun, Doyle and Smith, 2015a). 
This shows both the site composite curves and the expansion zones 
for the steam in the steam turbine network. To identify the 
expansion zones, an energy balance must be performed between 
each of the steam mains. The heat used to generate steam from the 
site hot composite curve will be used to offset heat required by the 
site cold composite curve. If there is a deficit of steam, then this 
must be cascaded through a steam turbine from a level above. If 
there is a surplus of steam, then the surplus can be cascaded down 
to the next level. 

So far, all of the settings for a heat recovery between the site 
composite curves have been set to a maximum, thereby minimizing 
the utility boiler load. Figure 23.44 shows a setting between the site 
composite curves that does not feature maximum heat recovery 
through the steam system, and therefore does not have a site pinch. 
This means that more heat needs to be imported from the utility 
boilers and more heat rejected from the site. However, in 
Figure 23.44 it can be seen that the additional heat rejected from 
the site is achieved by expanding steam through to vacuum condi¬ 
tions and then condensing against cooling water in condensing 
power generation. Thus, the steam turbine network in Figure 23.44 
involves a combination of power generation from back-pressure 
steam turbines and condensing steam turbines. The more steam 
import from the utility boilers, the more condensing power genera¬ 
tion there is. This is a trade-off that needs to be explored economi¬ 
cally, based on the cost of the additional steam generation, profit 
from power generation and the capital cost required. 

In Figures 23.43 and 23.44, a single steam turbine is shown 
expanding between the different steam levels. In practice, this 
might be simple steam turbines expanding between each level, 
simple steam turbines operating across levels, extraction steam 
turbines operating between and/or across multiple levels or 
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Table 23.5 

Site targets for different utility options (Sun, Doyle and Smith, 2015a). 


Integrated options 

Source profile 

Sink profile 

Boiler flowrate 
(kgs -1 ) 

Letdown flowrate 
(kg s" 1 ) 

Power generation 
(MW) 

Power generation per 
unit boiler flow 
(MWkg-'s) 

BFW preheat + steam 
superheat 

Superheated steam 
use + condensate heat 

recovery 

50.29 

3.6 

20.83 

0.414 

BFW preheat + steam 
superheat 

Superheated steam 
use, no condensate 
heat recovery 

49.95 

3.9 

22.68 

0.454 

BFW preheat + steam 
superheat 

Desuperheated steam 
use + condensate heat 

recovery 

52.66 

3.3 

21.35 

0.405 

BFW preheat + steam 
superheat 

Desuperheated steam 
use, no condensate 
heat recovery 

52.06 

3.7 

23.10 

0.444 

Decomposed options 

Source profile 

Sink profile 

Boiler flowrate 
(kg s" 1 ) 

Letdown flowrate 
(kgs -1 ) 

Power generation 
(MW) 

Power generation per 
nnit boiler flow 
(MWkg-'s) 

BFW preheat + steam 
superheat 

Superheated steam 
use + condensate heat 

recovery 

53.35 

3.1 

21.48 

0.403 

BFW preheat + steam 
superheat 

Superheated steam 
use, no condensate 
heat recovery 

53.25 

2.8 

23.18 

0.435 

BFW preheat + steam 
superheat 

Desuperheated steam 
use + condensate heat 

recovery 

55.95 

2.8 

21.84 

0.390 

BFW preheat + steam 
superheat 

Desuperheated steam 
use, no condensate 
heat recovery 

55.48 

2.6 

23.68 

0.427 



Figure 23.43 

Power generation for the site for pinched conditions. (Reproduced from Li Sun, Steve Doyle, Robin Smith, Heat Recovery and Power Targeting in Utility 
Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 
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Figure 23.44 

Power generation for the site for unpinched conditions showing condensing power generation. (Reproduced from Li Sun, Steve Doyle, Robin Smith, Heat 
Recovery and Power Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 


combinations of simple and extraction machines operating 
between and/or across different levels. Some of the many 
possible configurations are illustrated in Figure 23.45. Also, 
rather than have one steam turbine servicing each expansion, as 
implied by Figure 23.45, expansion duties can be split between 
several machines operating in parallel. If the only feed to each 
main is expanded across steam turbines, all with the same 
isentropic efficiency, then all turbine networks will perform 
the same, irrespective of the configuration. However, in practice 
there are different feeds and turbines do not all have the same 


isentropic efficiency, which means that there will be differences 
between the performances of different steam turbine network 
configurations. Final design of the steam turbine must consider 
driver allocation. The shaft power required by the process and 
utility machines might be provided by the provision of elec¬ 
tricity for an electric motor or by a steam turbine in a direct 
drive. This means that steam turbines might drive turbogener¬ 
ators to generate electricity or drive individual process machines 
on direct drives. Driver allocation will be considered in the next 
section. 



Figure 23.45 

Some of the many possible steam turbine network configurations. 
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23.8 Power Generation and 
Machine Drives 


The site requires both heat and power, and wherever possible this 
should be provided through cogeneration. Power is required across 
the site to drive machines and as electrical power. Electricity can be 
generated on site or imported from central electricity production. 
Electricity might be generated at a capacity above the site require¬ 
ments and exported. The generation of electricity on site can be 
carried out through a machine driving an electricity generator. 
These include: 

• Steam turbine 

• Gas turbine 

• Gas engine (reciprocating engine firing gas) 

• Diesel engine (reciprocating engine firing diesel oil). 

Once electricity has been generated, it can be used in electric motors 
to drive process machines. Alternatively, the above driver machines 
can be coupled directly to process machines in direct drives. 

If cogeneration is to be the objective, then the temperature at 
which the byproduct heat from power generation becomes availa¬ 
ble is an important consideration. Gas turbines produce a hot 
exhaust gas with a temperature that depends on the particular 
machine, but high enough to generate high-pressure steam. Gas 
engines and diesel engines produce a hot exhaust gas at around 
450 °C that can in principle be used to generate some steam. Also, 
the cylinders need to be cooled by jackets supplied with cooling 
water. This provides a source of heat up to 95 °C. Thus, in the case 
of gas engines and diesel engines, around half of the waste heat 
becomes available only at a low temperature. This is appropriate, 
for example, if large amounts of hot water are needed, but 
inappropriate if large amounts of steam are needed. Thus, for 
most sites in the process industries gas engines and diesel engines 
are not appropriate for cogeneration schemes. The discussion here 
will therefore concentrate on steam turbines and gas turbines. 

Before considering the most appropriate drive for process 
machines, it is important to consider the type of cogeneration 
system appropriate for the site. To clarify this, two measures are 
introduced. The site power-to-heat ratio is defined as (Kenney, 
1984; Kimura and Zhu, 2000): 


Rsite — 


W SITE 
Qsite 


(23.37) 


where Rsite = site power-to-heat ratio (—) 

Wsite = power demand for the site, including both shaft 
power and electricity requirements (kW, MW) 
Qsite = process heating demand for the site (kW, MW) 

Site power to heat ratios can vary typically between 0.03 and 3 
depending on the nature of the processes. For example petroleum 
refining has a power to heat ratio of typically around 0.5 based on 
steam requirements, but goes as low as typically 0.1 once the heat 
to process furnaces is included along with the steam heating. In this 
context, it is the steam heating that is most relevant. 


Another useful measure of the utility system performance is the 
cogeneration efficiency. Of the fuel fired in the utility system, some 
of this energy produces power, some provides useful process heat 
and some is lost. The cogeneration efficiency recognizes the 
amount of fuel consumed to produce both power and useful 
process heat, and can be defined as (Kenney, 1984; Kimura and 
Zhu, 2000): 


_ Wsite + Qsite 
t 1cogen — ,, 

'J.FUEL 


(23.38) 


where >1cogen = cogeneration efficiency (—) 

Qfuel = fuel fired in the utility system (kW, MW) 

Having established the basic definitions, a plot can be devel¬ 
oped between cogeneration efficiency with the site power-to-heat 
ratio {Rsite)- It will be assumed initially that power is not to be 
imported to or exported from the site. Figure 23.46 shows the 
variation of v\cogen with Rsite for the case of power generated 
from steam turbines only. Steam turbines are best suited for sites 
with a low site power-to-heat ratio (Rsite)- The development of the 
curve assumes that the site heating demand is fixed. The power 
demand gradually increases, increasing the site power-to-heat 
ratio. Start with the limiting case assuming zero demand for power, 
R S ite = 0, as shown in Figure 23.46. At this point, there is no 
attempt to generate power by expansion in steam turbines. Instead, 
all of the steam is expanded through letdown stations. As R S ite 
increases from zero, the steam is expanded through steam turbines 
to meet the power demand, with the remainder being expanded in 
letdown stations. As Rsite increases further in Figure 23.46, 
eventually all of the potential to expand steam through back¬ 
pressure steam turbines has been realized. This corresponds 
with full cogeneration and the site utility system being pinched 
at R pinch- As additional power is generated above Rpinch in 
Figure 23.46, this requires a gradual increase in the amount of 
condensing power generation from utility steam. This curve 
asymptotically approaches the efficiency for a stand-alone steam 
generation cycle. 

If cogeneration efficiency (rather than cost) is used to dictate the 
import and export policy for electricity from the site, then the 
regions where electricity should be imported and exported are 
illustrated in Figure 23.47 (Varbanov etal. , 2004). At low values of 
Rsite below Rpinch, the site heat demand means that the site has the 
potential to cogenerate more power than it requires in the steam 
turbines. Given that power generation in this situation is more 
efficient than stand-alone power generation, it would be beneficial 
from the point of view of the efficiency to realize the full potential 
for cogeneration between Rsite = 0 and Rsite = Rpinch and to 
export the electricity not required on the site. At high values of 
Rsite, as shown in Figure 23.47, tjcogen decreases and is likely to 
fall below that for centralized stand-alone power generation 
/ Icentral■ This is because the power generation cycles used in 
centralized power generation tend to be more complex and more 
efficient than the simple steam generation cycles used on process 
sites. The maximum efficiency for conventional centralized stand¬ 
alone steam generation is around 40%, but can be significantly 
higher for the most advanced stand-alone cycles. Now, from the 
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Figure 23.46 

The site power-to-heat curve for complete on-site power generation in steam turbines. 


point of view of efficiency, it would be sensible to stop power 
generation on the site when ijcogen falls below the efficiency of 
centralized power generation ri central and to import the balance 
of power required by the site. Of course, these arguments are 


based on thermodynamic efficiency, rather than cost, and a full 
economic analysis is likely to change these thresholds. For 
example, the availability of large amounts of cheap fuel might 
make power export attractive over a wide range of values of 
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Figure 23.47 

The site power-to-heat curve for complete on-site power generation in steam turbines. 
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Rsite , despite poor cogeneration efficiency. It should also be 
recalled from Chapter 2 that power costs (both import and 
export) are usually subject to significant tariff variations accord¬ 
ing to the season of the year (winter versus summer), the time of 
the week (weekend versus weekday) and the time of day (night 
versus day). Even though transient economic factors might 
distort the picture, it is still important to understand the funda¬ 
mentals of the trade-offs. 

It has been noted that steam turbines are best suited to low 
values of Rsite- As the site power demand increases, satisfying 
the site demands for cogenerated power is best suited to gas 
turbines, and combinations of gas turbines and steam turbines. 
The use of gas turbines will lead to cogeneration efficiencies 
higher than that for steam turbines for higher values of Rsite 
(Kenney, 1984). Start by considering a gas turbine with an 
HRSG in isolation: 


Rgt 


Wgt 
Qrec 


W QT 

> 1 rec ( Qfuel.gt — Wgt) 

1 


(Qfuel,gt . \ 

1 

'Irec ( 1 ) 

\ 1 gt ) 


(23.39) 


where R CT = gas turbine power-to-heat ratio (—) 

W C t = power generated by gas turbine (kW, MW) 
Qfueugt = fuel fired in the gas turbine (kW, MW) 

Qrec = heat recovered from the gas turbine exhaust 
(kW, MW) 

Irec — fractional heat recovery from the gas turbine 
exhaust in the HRSG (—) 

Igt = g as turbine efficiency (—) 

Also: 


' 1 cogen,gt 


Wgt + Qrec 
Qfuel,gt 


_ Wgt + Qrec 
W G t/Igt 

= ,CT ( I+ ;i) 


(23.40) 


where rj cogen.gt = gas turbine cogeneration efficiency (—) 


For example if rj REC =0-75 and fixed, then for ?/ Gr =0.3, 
^G7-=0-57, t]cogen,gt~ 0.83, and for tigt = 0.5, Rqt = 1-33, 
1 cogen, gt~ 0.88. 

Figure 23.48 shows the variation of ijcogen with Rsite for the 
case of power generated from gas turbines together with steam 
turbines. The initial point for the curve at R CT relates to power 
generation only from gas turbines that have been sized to satisfy the 
site heating demands from steam generation in HRSGs. Initially, 
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Figure 23.48 

The site power-to-heat curve for complete on-site power generation in a combined cycle using gas and steam turbines. 
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there is no generation of power from steam turbines and all steam is 
expanded through letdown stations. As Rsite is increased, letdown 
station expansion is gradually switched to steam turbine expan¬ 
sion, increasing i]cogen until all of the capacity for back-pressure 
expansion has been exploited. R P i N ch corresponds with the site 
being pinched and full cogeneration capacity from steam turbines. 
Similar to the steam turbine only case in Figure 23.47, there is 
potential for power export between R CT and Rsite in Figure 23.48. 
Also, as with the steam generation only case, Rsite can be increased 
by introducing condensing power generation through supplemen¬ 
tary firing and then full firing. As Rsite increases, the cogeneration 
efficiency decreases to the point where the efficiency would point 
to introducing additional gas turbines without heat recovery, or 
power import from centralized generation, or both. 

The same basic approach discussed here for gas turbines can be 
used for gas engines and diesel engines if there is a demand for hot 
water rather than steam. 

All R-curves will differ to some extent, depending on the site 
utility heating and cooling and equipment specifications. R-curve 
analysis can provide insights into efficiency improvements in 
utility systems. However, it has inherent limitations. Based purely 
on thermodynamics, it does not account for costs. For instance, it 
does not account for different fuels with different prices or, 
perhaps, low-efficiency boilers burning cheaper fuels and more 
efficient boilers burning expensive fuels. In this context, the most 
efficient operation of the utility system does not always mean the 
lowest cost operation. Consequently, there is also a need for an 
economic tool to understand the potential for cost saving in utility 
systems. However, R-curve analysis provides targets for the 
cogeneration potential of a site at different values of power 
requirement and is therefore useful in setting an overall framework 
that can be further optimized by considering economics. 

Once the high-level decisions have been made as to whether 
boilers, steam turbines, gas turbines and HRSGs are to be used in 
the cogeneration system, important decisions need to be made 
regarding the major process drives on the site. The drivers used 
include: 

• Electric motors 

• Steam turbines 

• Gas turbines 

• Turboexpanders. 

Electric motors are by far the most commonly used driver. 
Motors are available in a wide range of sizes from 1 kW to over 
50 MW. The efficiency varies according to the size and design of 
the motor. A first approximation for the efficiency of the motor can 
be obtained from: 

Umotor — q 4235 (23.41) 


where t] MOTOR = efficiency of the motor (—) 

W = power produced by the motor at maximum 
load (kW) 

Motors can be operated at part load, down to typically 50% of full 
load. 


Steam turbines are also used quite commonly as direct drives, 
especially on relatively large shaft power duties. Gas turbines are 
used as direct drives, but only on the largest duties, such as those 
encountered in the liquefaction of natural gas. The use of turboex¬ 
panders is mostly restricted to situations where the expander is used 
to create a subambient temperature within the process, coupled with 
the recovery of power from the process streams (see Chapter 24). 

Broadly, there are two basic options for the allocation of drivers 
to process machines. Power can be generated and distributed for 
use in electric motors or direct drives can be used. A direct drive 
(e.g. steam turbine driving a large pump) can often be the cheapest 
solution relative to a large steam turbine producing power, distri¬ 
bution of the power and use of the power in an electric motor to 
provide the driver. On the other hand, a large single (and efficient) 
generator can service many electric motor drives. Direct drives are 
inflexible as far as the utility system is concerned. For example, if 
the steam turbine is driving a large pump, then the flow through the 
steam turbine needs to be maintained to keep the pump running, 
even if the heat produced at the exhaust of the steam turbine might 
not be required. Electric generators are more flexible as far as the 
utility system is concerned. They can be turned up and down and 
can service many drives with electric motors. There are often many 
small drivers required on a site that are most economically serviced 
by electric motors, rather than direct drives. The best solution is 
usually a combination of electric generators producing electricity 
for electric motors and direct drives. 

There are many issues to be considered for the selection of the 
most appropriate combination of drives: 

• Economic analysis 

• Fit to the existing infrastructure 

• Process requirements 

• Safety issues in the case of power failure 

• Space limitations. 

For example, suppose a new steam turbine is to be installed in an 
existing utility system. The economics of the new steam turbine 
need to be analyzed in terms of capital and operating costs. 
However, issues that need to be addressed include: 

• Boiler capacity 

• Fuel system capacity 

• Steam mains capacity 

• Water treatment capacity 

• Cooling tower capacity 

• Available space. 

The process requirements include consideration of: 

• Rotational speed 

• Speed variability 

• Operational duration without overhaul 

• Size and weight 

• Reliability. 

Many issues need to be considered when choosing the most 
appropriate combination of drivers. Choosing the best combination 



Steam Systems and Cogeneration 631 



Figure 23.49 

Superstructure for the optimization of utility system structure. 


is a trade-off between capital costs, operating costs, system flexi¬ 
bility and reliability. 

Because of the complexity of the problem in most cases, the best 
way to design the system configuration is through the optimization 
of a superstructure. Figure 23.49 illustrates the basic approach, 
without showing all of the details (Del Nogal el ah, 2010). All 
structural features that could be in the final design are included. 
Multiple boilers service the different steam headers. Multiple gas 
turbines with HRSGs with possible supplementary firing also 
service the different steam headers. Gas turbines might carry 
process shaft power loads on direct drives or drive turbogenerators. 
For direct drives, multiple process loads can be included on the 
same shaft. Multiple gas turbine frames can be incorporated to 
service both direct drives and turbogenerators. Stand-alone gas 
turbines can also be included. Figure 23.49 also features a steam 
turbine network with all possible steam turbine locations and 
connections. Each steam turbine might be a direct drive or drive 
a turbogenerator. A model needs to be developed for the super¬ 
structure that is capable of simultaneously optimizing the structure 
and parameters in the utility system (Del Nogal et al., 2010). The 
optimization will remove the redundant features. Where possible, 
R-curve analysis should be used to screen out inappropriate 
features from the superstructure prior to the optimization. 

23.9 Utility Simulation 

Once the utility system structure has been fixed, or an existing 
system is to be studied, then a simulation model needs to be 


developed. The simulation model allows evaluation of the capacity 
and operation of the various system components, flowrates, pres¬ 
sures and temperatures of steam in various parts of the system, 
power generation and power import/export and operating costs. 

Consider a simple example for an existing system shown in 
Figure 23.50 for which it is desired to establish a steam balance. 
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Figure 23.50 

Example of a steam balance. 
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Figure 23.52 

Deaerator material and energy balances. 


(Assume blowdown to be 5%) 


Figure 23.51 

Estimation of the deaeration steam allows the missing flows to be 
determined. 


Figure 23.50 shows that there are two steam mains and no steam 
turbines. Steam is let down from the high- to low-pressure mains 
using a letdown station, which does not have desuperheating. 
Figure 23.50 shows the process steam use and the process steam 
generation from waste heat recovery. Treated water enters the 
deaerator at 25 °C. The site has a 70% condensate return (based on 
the rate of steam generation) at a temperature of 80 °C, as shown in 
Figure 23.50. Figure 23.50 shows the various flows around the 
system that are unknown because of a lack of instrumentation for 
measurements. The flow from the utility boilers, the letdown flow, 
deaerator steam, treated water and condensate return flowrates are 
all unknown. For this particular problem, a steam balance can be 
established if the flow of deaeration steam is known. Assume that 
the flow to the deaerator is 5 t h - . Also assume that the blowdown 
rate is 5%. Having assumed the deaerator flow to be 5 t h -1 fixes the 
letdown flow to be 15 t-fT 1 and the flow from the utility boilers to 
be 25 th -1 , as illustrated in Figure 23.51. Assuming a 5% blow¬ 
down rate for the process and utility steam boilers now allows the 
boiler feedwater flow to be calculated as 42 t h -1 . For a condensate 
return rate of 70%, the flowrate of condensate return to the 
deaerator is 28.0 t-fT 1 . Assuming 5% of the deaeration steam is 
vented (0.3 t-fT 1 ) allows the treated water makeup to be calculated 
as 9.3 t h -1 . 

Thus, in this simple example, assumption of the deaeration 
steam allows the steam balance to be established. However, this is 
based on an assumed deaerator flow. The actual flow to the 
deaerator can be calculated from a heat balance around the 
deaerator. Figure 23.52 shows the flows into and out of the 
deaerator. If the boiler feedwater flow and condensate flows are 
known, together with an assumed value of the vent steam, then the 


flowrate of deaeration steam can be calculated from an energy 
balance around the deaerator. 

A material balance around the deaerator gives: 

nirw = mBFW ~ mcR ~ msTEAM^ 1 - a) (23.42) 

where m-rw, m BFW , = flowrates of treated water, boiler 
m CR , m STEAM feedwater, condensate return and 
deaeration steam respectively 
a = proportion of deaeration steam vented 

An energy balance around the deaerator assuming the enthalpy 
of the vented steam to be saturated at the deaerator pressure gives: 

m TW H TW + m C RH C R + histeamHsteam 

= niBFwHBFW + « histeamHvent (23.43) 


where H rw . H BFW , H CR , = specific enthalpy of the treated 
Hsteam , H vent water, boiler feedwater, 

condensate return deaeration 
steam and vented steam 
respectively 


Combining Equations 23.42 and 23.43 and rearranging gives: 


mSTEAM 


>nBFw(H B FW ~ H tw ) - m CR {H C R - H TW ) 
(H STE am — H TW ) — (x(H V ent — H TW ) 


(23.44) 


Substituting the values for the example and assuming a = 0.05 
gives: 


_ 42(439 - 105) - 28.0(336 - 105) 
msTEAM - (2753 _ 105 ) - 0.05(2683 - 105) 

= 3.0Mi -1 

A new steam balance can now be calculated, the energy balance 
around the deaerator revised and the procedure repeated until 
convergence is achieved. A converged steam balance is shown 
in Figure 23.53. 
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Figure 23.53 

Revising the deaerator steam flow allows the steam flows to be updated. 


In other problems, the letdown stations might use desuperheat¬ 
ing. Figure 23.19 illustrates a desuperheater. A material balance 
gives: 

nisTEAM,out = nisTEAMjn + nijw (23.45) 

An energy balance gives: 


Flash Steam 



Figure 23.54 

Flash steam recovery. 


The flash drum pressure will be known as this will be set by the 
pressure of the main into which the flash steam will be recovered. 
The flash steam and condensate outlet enthalpies are set by 
saturation conditions. 

When setting up simulation models using software, two basic 
approaches can be used, as discussed in Chapter 15. Writing the 
various mass and energy balance equations allows them to be 
solved simultaneously in an equation based approach. Alterna¬ 
tively, a sequential modular approach can be adopted, based on 
balances around each steam header in turn, starting from the 
highest pressure header and working down to the lower pressure 
headers. 


>nSTEAM,out HSTEAM,out — ^STEAM.iu HSTEAM,in + MtW H TW 


(23.46) 


Combining Equations 23.45 and 23.46 and rearranging gives: 


HSTEAM,in ~ H T W 

tn STEAM,out ~ nisTEAMJn JZ - Zjz - 

n STEAM,out ~ n TW 


(23.47) 


Steam flow and conditions of the inlet steam are known. Outlet 
conditions are usually fixed by the downstream main conditions, 
and hence Equation 23.47 can be solved. 

Flash steam recovery might also feature. Condensate or blow¬ 
down is fed to the flash drum, as illustrated in Figure 23.54. A 
material balance gives: 

m F s = m C oND,m ~ mcoND,out (23.48) 


An energy balance gives: 

m F s Hf S = ™COND,in H C OND,in ~ >nCOND,out HcOND,out (23.49) 


Combining Equations 23.47 and 23.48 and rearranging gives: 


HcOND,in — HcOND,out 

IllfS = mcONDjn - — - — - 

HfS ~ tlcOND,out 


(23.50) 


23.10 Optimizing Steam 
Systems 

Large and complex utility systems often have significant scope for 
optimization, even without changing the utility configuration. 
Consider now the optimization of a fixed utility configuration. 
First, the degrees of freedom that can be optimized in utility 
systems need to be identified. 

1) Multiple steam generation devices. Consider the production of 
high-pressure (HP) steam in Figure 23.55. The HP steam needs 
to be expanded through a path from the very high pressure 
(VHP) mains. In turn, the VHP steam can be produced by 
Boiler 1, Boiler 2 or the gas turbine HRSG. If all of these steam 
generation devices are identical in terms of performance and 
operating cost, then there is nothing to choose between gener¬ 
ating the steam in any of the three steam generation devices. 
However, this is not likely to be the case. In this example, the 
two boilers might have different fuels, with different fuel costs 
and different efficiencies, and the gas turbine (perhaps with 
supplementary firing in the HRSG) will have completely 
different characteristics from the steam boilers. Thus, there 
are degrees of freedom created by multiple steam generation 
devices with different costs of fuels, different boiler efficiencies 
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Fuel,., 



Figure 23.55 

Multiple steam generation devices provide degrees of freedom for optimization. (Reproduced from Varbanov PS, Doyle S and Smith R (2004) Modeling and 
Optimisation of Utility Systems, Trans IChemE, 82A: 561, with permission from Elsevier.) 


and different power generation potential. Individual steam 
boilers and HRSGs will have minimum and maximum flows. 

2) Multiple steam turbines. The HP steam required by the pro¬ 
cesses in Figure 23.56 can be generated by expanding through 
either Turbine 71 or 72, or through the letdown station, or a 
combination. Expanding the steam through the turbines is 
usually more economic than through the letdown station as 
there is a power credit resulting from expansion through the 
steam turbines. Moreover, Turbines 71 and T2 are likely to 
have different efficiencies for the expansion between VHP and 
HP steam. Thus, multiple expansion paths create degrees of 


freedom to choose the most appropriate path through which the 
steam is expanded. 

If a steam turbine generates electricity, then the flow through 
the turbine can be varied within the minimum and maximum 
flows allowed by the machine. If a steam turbine is connected 
directly to a drive (e.g. a back-pressure turbine driving a large 
pump), then there is most likely to be no flexibility to change the 
flowrate through the steam turbine as this is fixed by the power 
requirements of the process machine. Process machines can, in 
some cases, be equipped with both a steam turbine and an electric 
motor, allowing the drive to be switched between the two 



Figure 23.56 

Steam turbine networks and let-down stations provide degrees of freedom for optimization. (Reproduced from Varbanov PS, Doyle S and Smith R (2004) 
Modeling and Optimisation of Utility Systems, Trans IChemE , 82A: 561, with permission from Elsevier.) 
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Figure 23.58 

Condensing turbines and vents provide additional degrees of freedom for 
optimization. 


Figure 23.57 

Let-down stations provide degrees of freedom to bypass constraints in the 
utility system. 


according to steam demands in the utility system and operating 
costs. It should be remembered that operating costs might vary 
significantly as a result of different electricity tariffs, according to 
the time of day, the day of the week and the season of the year. 

Extraction steam turbines will have minimum and maxi¬ 
mum flows in each section of the turbine. This leads to 
minimum and maximum flows at each extraction level. 

3) Letdown stations. If there is a requirement for steam to be 
expanded, then flow through the steam turbines should nor¬ 
mally be maximized in order to maximize the power genera¬ 
tion. However, a steam balance must be maintained, and 
letdown stations are still important degrees of freedom in 
the optimization, as shown in Figure 23.57. Steam expanding 
through a letdown station might be able to bypass a flow 
constraint in a steam turbine somewhere in the system and 
increase the power generation indirectly. Some steam flow 
through letdown stations might be required to maintain mini¬ 
mum superheat temperatures in steam mains, and a small flow 
is most often maintained for control and to avoid condensation 
in the pipes. In some instances, the letdown is desuperheated by 
injection of boiler feedwater after expansion, increasing the 
steam flow after expansion. This can replace steam generation 
in the utility boilers and at the same time increase the steam 
flows in the lower-pressure parts of the system. As discussed 
earlier, a minimum superheat is required in steam mains to 
avoid excessive condensation in the mains. Steam heaters 
benefit from having steam close to saturation, whereas if the 
steam is to be used in a steam turbine to generate power locally, 
then the steam needs to be superheated. 

Thus, large letdown flows are usually seen to be a missed 
cogeneration opportunity but might provide a degree of free¬ 
dom to bypass bottlenecks in the steam system. Also, flow 
through letdown stations allows the level of superheat in the 
lower-pressure mains to be controlled independently of the 
flow through the steam turbines. 


4) Condensing turbines. Condensing turbines provide extra 
degrees of freedom for power generation, as shown in 
Figure 23.58. Although the heat from the exhaust of a con¬ 
densing turbine is not required, it provides flexibility in power 
generation to reduce the cost of imported power or to increase 
the credit from exporting surplus power. 

5) Vents. Figure 23.58 also shows a vent on the LP steam main. 
At first sight, it might not seem sensible to vent steam directly to 
ambient. This steam is being generated at the VHP level, for 
which fuel costs are incurred. However, in expanding from the 
VHP main down to the LP main through steam turbines, power 
is generated. It might therefore be the case that for a high 
differential between fuel and power costs, it is economic to vent 
steam. However, it should always be better to expand the steam 
through a condensing turbine if there is one and there is spare 
capacity, rather than vent steam. Also, in some regulatory 
regimes steam venting might not be allowed. 

Figure 23.59 shows an example of an existing site utility 
system. Steam is generated at high pressure (HP), which is 
distributed around the site, along with steam at medium pressure 
(MP) and low pressure (LP). Steam is expanded through a network 
of steam turbines from the HP main to the lower-pressure mains. 
Letdown stations are used to control the mains pressures. Steam is 
used for process heating from the HP, MP and LP mains. Turbines 
71 to T6 generate electricity. Turbines T5 and T6 are condensing 
turbines. Turbines DRV\ and DRV2 are driver turbines connected 
directly to process machines. 

To optimize the system in Figure 23.59 requires a model to be 
developed for the whole system that accounts for: 

• cost of fuel per unit of steam generation in the boilers, 

• cost of fuel per unit of power and steam generation in the gas 
turbine/HRSG, 

• power generation characteristics of the gas turbine, 

• power generation characteristics of the steam turbines, 

• cost of imported power, 

• credit for exported power. 
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Natural Gas: 70.3 MW 



Site Electricity 


On-Site 

: 40.86 MW 

Fuel 

116.5X10 6 $y' 

Exported 

: 10.04 MW 

Power Export 

8.13x10 s S-y- 1 


Site Operating Cost 


109.5*10 6 $-y- 1 


Figure 23.59 

Current operating conditions for a site utility system (flows in t h _1 ). (Reproduced from Li Sun, Steve Doyle, Robin Smith, Heat Recovery and Power Targeting 
in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 


• costs for running the steam and power generation, other than 

fuel costs, 

• flowrate constraints throughout the system, 

• cost of demineralized water require to replace condensate, 

blowdown and vent losses, 

• cooling water costs. 

Figure 23.59 shows the maximum, minimum and current flows 
in each part of the system. Ancillary data for the utility system in 
Figure 23.59 are given in Table 23.6. Data for the fuels used by the 
utility system in Figure 23.59 are given in Table 23.7. Data for the 
steam turbines were given in Table 23.3. 

If the conditions in the steam mains (temperature and pressure) 
are fixed and the steam boilers, steam turbines, gas turbines 
performance models and costs are assumed constant or are linear 
functions, then the optimization can be carried out with a linear 
program. In practice, even if the pressures of the steam mains are 
fixed by pressure control, the temperature (and enthalpy) will vary 
as the flow through the steam turbines and letdown stations vary. If 
this is taken into account, then the model becomes a nonlinear 
optimization. The optimization can be carried out using a nonlinear 
program or an iterative linear programming scheme. For an itera¬ 
tive linear programming approach, the steam system model is first 
simulated and the pressures and temperatures of the steam mains 
fixed. The model is then optimized using a linear program with the 
temperatures of the mains fixed. Resimulation of the model then 
allows the temperatures of the steam mains to be determined. These 


Table 23.6 

Ancillary data for the site utility system in Figure 23.59. 


Ambient conditions 

25 °C, 1.103bar 

Boiler feedwater temperature 

105 °C 

Boiler feedwater return 

30 °C 

temperature 


Condensate return rate 

78.1% 

Boiler efficiency 

90% 

HRSG efficiency 

90% 

Site power demand 

30 MW 

Minimum power import 

0MW 

Maximum power import 

30 MW 

Minimum power export 

0MW 

Maximum power export 

50 MW 

Power cost (import) 

0.118$kWh _1 

Power value (export) 

0.0942 $-kWtr' 

Power distribution losses 

2% 

Cooling water cost 

0.005 $kWh“‘ 

Demineralized water cost 

0.005 $kg _l 
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Table 23.7 

Fuel costs for the utility system in Figure 23.59. 


Fuel 

Net 

heating 

value 

(kjkg- 1 ) 

Density 
(kg m -3 ) 

Price 

($kg -1 ) 

($ kWh -1 ) 

Fuel oil 

40,245 

890 

0.6260 

0.0560 

Fuel gas 

32,502 

0.668 

0.3174 

0.0352 

Natural gas 

46,151 

0.668 

0.4880 

0.0381 


Table 23.8 

The performance of the optimized utility system in Figure 23.60. 


Cost 

Base case ($ y ') 

Optimized system 

($-y _1 ) 

Export power 

8.13 xl0 s 

6.07 x 10 s 

Fuel 

116.5 x10 s 

101.2 x10 s 

Total operating cost 

109.5 x 10 s 

92.27 x 10 s 


temperatures are then fixed, the model reoptimized using a linear 
program and resimulated, and so on, until convergence is achieved. 

For large sites, the conditions in a long steam main will not be 
uniform throughout the main because the steam main will not be well 
mixed and can also have a significant pressure drop along the main. 
Thus, the conditions in the same main can be different in different 
parts of a large site. If this turns out to be an important issue, then if the 
steam mains are assumed to be well mixed, additional steam mains 
must be created in the model to reflect the different conditions in 
different geographic locations for the same steam main. 

Figure 23.60 shows the conditions of the optimized system. 
Table 23.8 compares the cost of the base case conditions in 
Figure 23.59 with those for the optimized system shown in 


Figure 23.60. Note that the settings might need to be adjusted 
slightly to allow a small flow through the HP-MP letdown station. 

Thus, in this case, the optimization is capable of reducing the 
total operating cost by 13%. The scope for cost reduction through 
optimization will be case specific, but for large complex systems is 
most often around 5% or less. 

Finally, all of the discussions so far have assumed that there is 
one set of operating conditions that need to be optimized. This is 
almost never the case. To begin with, shutdown and maintenance 
of process and utility plant dictate that there will be different steam 
flows and constraints during these periods, giving rise to different 
operating cases. To add to this complication, the cost of import 
power and the credit for export power will, in most cases, vary 



Site Electricity 


On-Site 

: 38.26 MW 

Fuel 

101 . 2 * lo ft $y' 

Exported 

: 7.50 MW 

Power Import 

6.07*10 6 $y' 


Site Optimized Cost 

95.27* 10 6 $y-' 


Figure 23.60 

Optimized operating conditions for a site utility system (flows in t h _1 ). (Reproduced from Li Sun, Steve Doyle, Robin Smith, Heat Recovery and Power 
Targeting in Utility Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 
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according to the time of day, time of week and season of the 
year. These tariffs are normally negotiated with the power 
supplier and form a fixed pattern, but often a complex one. 
Each of these different tariffs also presents a different operating 
case for optimization. Thus, many different optimizations are 
required to reflect the picture for each case throughout the year. 
The operational setup of the utility system should then be 
changed for each case to reflect the new conditions. On-line 
optimization is helpful in this respect. 

If an optimization across the whole year is required, perhaps for 
a design modification, then the different operating cases need to be 
weighted according to the duration of each case and combined to 
give an annual picture (Iyer and Grossmann, 1998). 

23.11 Steam Costs 

Steam costs were considered in brief in Chapter 2. The philosophy 
of costing steam was on the basis of the fuel cost to raise the 
highest-pressure steam and the value of power generated in 
expanding to lower levels subtracted from this fuel cost. A simple 
isentropic efficiency model for the steam turbines was used to 
calculate the value of power generated as a result of the expansion 
through steam turbines. This represents a simplified picture of 
steam costs. It is adequate for new design and where full details of 
the steam system are not available. It does not take account of 
existing equipment, equipment performance and the constraints 
associated with both existing equipment and existing steam net¬ 
works. For an existing steam system, the true cost of steam can be 
established using the modeling and optimization techniques dis¬ 
cussed in this chapter. Two distinct cases need to be considered. 

1) Steam cost for fixed steam heat loads. In the first case, the 
steam heat loads for the processes on a site are fixed and the 
objective is to calculate the cost of the steam for the allocation 
of costs to the processes and businesses on a site. To establish 
the true steam costs for an existing steam system requires that a 
model for the existing system needs to be first developed. The 
model should reflect the performance of the existing equipment 
and the constraints in the existing equipment and steam net¬ 
work. The model should also include the existing steam heating 
demands for the various processes. This model can then be 
optimized, as described in the previous section. The cost to 
generate the steam in the utility boilers at the highest pressure 
can be calculated from the optimized model. This will princi¬ 
pally be the cost of fuel but can also include other costs, such as 
raw water, water treatment, labor, power for the boiler feed- 
water pumps and cost of deaeration steam. Having calculated 
the cost of the highest-pressure steam, the model will also 
provide the amount of power generated by expansion of the 
highest-pressure steam to the next highest pressure. The value 
of the power generated by the expansion can then be subtracted 
from the cost of generating the highest-pressure steam in the 
utility boilers to give the cost of the next-to-highest pressure 
steam. The calculation is repeated for the next pressure level 
lower, and so on. Thus, the cost of each steam level is the cost of 
the next highest level minus the value of the power generated 


from the expansion from the next highest level. If there are 
utility boilers generating steam into the lower-pressure steam 
mains, then the cost of operating these boilers must also be 
added to the cost of steam at that level. 

In extreme cases, this approach to costing steam might lead 
to steam at low pressure having a negative cost. This can 
happen if fuel is cheap and power is expensive. This is not a 
fundamental problem as it reflects the true economics. The site 
utility system is benefiting from the availability of a heat sink 
for the low-pressure steam. However, it should be emphasized 
that if the low-pressure steam has a negative cost this does not 
necessarily mean that it is economic to increase use of low- 
pressure steam significantly. As will be discussed later, the cost 
of steam is likely to change as its consumption changes. 

It should also be noted that variation in electricity tariffs that 
might change through the time of day, day of the week and time 
of the year will change the optimization and, therefore, the 
steam costs. An average can be taken according to the relative 
duration of the tariffs. 

2) Steam cost for changed steam heat loads. In the second case, 
the steam costs need to be determined when heat loads are 
changed. This might be a project for reduction in energy 
demand (e.g. retrofit of a heat exchanger network for increased 
heat recovery). Alternatively, a project might involve an 
increase in heat demand as a result of commissioning of 
new plant or expansion of an existing plant. The starting 
case is again a model for the steam system, again optimizing 
for the existing steam heating loads. It might be suspected that 
the steam cost calculated from the model for the existing steam 
loads can be used to provide steam costs for larger or smaller 
steam loads for a given steam main. However, this is not the 
case. The optimum settings for the steam system change once 
the loads for the steam mains change. Constraints on the 
existing equipment will also be encountered and all of this 
needs to be accounted for. 

Consider again the optimized steam system in Figure 23.60. 
Suppose that it is possible to reduce the HP steam demand for the 
processes on this site, for example by improving the heat recovery 
within the processes. How much is such a steam saving actually 
worth? The HP steam is being generated from the steam boilers and 
gas turbine HRSG. If steam is saved, the first obvious action to take 
is to reduce the steam generation in the utility boilers and accept a 
saving in fuel costs as a result. Unfortunately, the saving in fuel 
costs would also be accompanied by an increase in power costs. 
This results from the reduction in the flow of steam through the 
steam turbines, which in turn reduces the cogeneration and power 
export is decreased (or in other cases additional power imported). It 
is therefore not so straightforward to determine exactly what the 
cost benefits associated with a steam saving would be. Another 
way to deal with the surplus of steam at the HP level created by a 
steam saving would be to pass the heat through an alternative path, 
for example to the condensing turbines. This would allow addi¬ 
tional power to be generated, with the resulting cost benefit. In a 
complex utility system, the heat can flow through the utility system 
through many paths. The flow through different paths will have 
different cost implications. 
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In assessing the true cost benefits associated with a steam saving, 
the steam and power balance for the site utility system must be 
considered, together with the costs of fuel and power (or power 
credit in an export situation). In general, a surplus of steam resulting 
from a steam saving in a process demand can be exploited by: 

• saving fuel in the utility boilers; 

• generating extra power by passing the steam to a condensing 
turbine; 

• generating extra power by passing the surplus steam to a vent 
through back-pressure turbines; 

• expanding the steam to a lower level than previously used by 
switching a steam heater from a higher-pressure steam to a 
lower-pressure steam. 

If steam is being generated, rather than used, then the same basic 
arguments apply. For example, suppose additional HP steam was 
being generated by a process into the HP main in Figure 23.60 by 
improving process heat recovery. This leads to a surplus of HP 
steam and the same arguments apply as to what is the most efficient 
way to exploit the surplus of HP steam. 

Steam demand for a given main might decrease as a result of 
improved energy recovery or from a change in production on the 
site. Alternatively, steam demand might increase as a result of an 
increase in the rate of production. In general, the steam balance of a 
main might change as a result of: 

• increasing or decreasing process steam demand; 

• increasing or decreasing process steam generation; 

• switching a process demand from one steam main to another; 

• changing the utility system, for example, shutdown of a boiler, 
steam turbine, and so on. 

The only way to reconcile the true cost implications of a change 
in steam demand created by an energy reduction project or a change 
in production is to use the optimization techniques described in the 
previous section. An optimization model of the existing utility 
system must first be set up. Starting with the steam load on the main 
with the most expensive steam (generally the highest pressure), this 
is gradually reduced and the utility system reoptimized at each 
setting of the steam load. The steam load can only be reduced to the 
point where the flowrate constraints are not violated. 

The concept of steam marginal cost is used to define the cost 
implications of a change in steam demand. Steam marginal cost is 
defined as the change in utility system operating cost for unit change in 
steam demand for a given steam main (Sun, Doyle and Smith, 2015b): 

A Cost 

MCsteam = t- (23.51) 

Am S TEAM 

where MCsteam = marginal cost of steam 
A Cost = change in cost 
A m ST EAM = change in steam flowrate 

It is important to emphasize that the change in the operating cost 
is taken between the optimum operation before the steam demand 
change and the optimum operation after the steam demand change 
for the current step. Obviously, the result is context-specific and. 


for different operating conditions, each steam level will have a 
different marginal steam cost. Even further, the marginal steam 
cost can change for a given level, depending on how much steam is 
saved from the steam main. 

Most often, the objective is to determine the value of steam 
saving resulting from potential energy reduction projects (Varba- 
nov et al., 2004, Sun, Doyle and Smith, 2015b). The first step is to 
optimize the operation of the utility system for the initial steam 
demands. The demand on the selected main is then gradually 
decreased. At each step in the reduction, the whole utility system is 
optimized. The procedure is then repeated until no further decrease 
in steam usage (or increased generation) is possible. 

Figure 23.61 shows a plot of steam marginal cost versus the 
steam savings for the HP steam in Figure 23.60 (Sun, Doyle and 
Smith, 2015b). The pattern is complex and involves step changes 
up and down. Each step change in the marginal cost is caused by the 
optimization being constrained by a new constraint or a new 
combination of constraints. For example, in Figure 23.61, starting 
from the current HP steam load of 198 t-h - 1 the marginal steam cost 
for the initial saving in HP steam with the other steam loads fixed is 
32.9 $-t . Then there is a step increase at a saving in HP steam of 
11.5 t-h -1 to a marginal cost of 33.9 $-t -1 . This step is caused by the 
HP steam load being reduced by using a combination of a back¬ 
pressure and a condensing turbine. The condensing turbine was 
operating at the condition of maximum extraction flowrate to the 
MP main and minimum flowrate to condensation. The letdown 
between the HP and MP flowrate was zero. Once the HP saving is 
greater than 11.5 t-h 1 (HP load below 186.5 t-h J ), it is more 
economic to shut down the condensing turbine, set both the back¬ 
pressure turbine to maximum flowrate, with the balance of steam 
passed through the HP-MP letdown. Further steam saving con¬ 
tinues to an HP saving of 85.6 t-h -1 (HPload below 112.4th -1 ). At 
this point, both boilers are at minimum firing and the HRSG is not 
being fired. Because the gas turbine is assumed to be running 
constantly at full load, steam savings beyond 85.6 t h -1 are 
achieved by reducing the steam generation in the HRSG. However, 

HP Sieam 



Figure 23.61 

Marginal costs for the high-pressure steam. (Reproduced from Li Sun, Steve 
Doyle, Robin Smith, Heat Recovery and Power Targeting in Utility Systems. 
In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 
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because the boilers are at minimum firing and no fuel is being fired 
in the HRSG, the increase in steam saving brings no cost saving and 
the marginal cost goes to zero. This continues for a further 3.5 th - 1 
savings when a condensing turbine is activated with maximum 
flowrate to the MP main and minimum flowrate to condensation, 
one of the back-pressure turbines reduces its flowrate, the HP-MP 
letdown flowrate goes to zero and Boiler 1 flowrate increases 
slightly above its minimum flowrate. The value of the additional 
power generation is greater than the value of the lost power 
generation from the back-pressure turbine and the increased 
cost of fuel for the boiler. Each further step change in the marginal 
cost of the HP steam in Figure 23.61 is caused by the effects of 
constraints on the system. 

The pattern of marginal cost is difficult to interpret in terms of 
formulating an energy conservation strategy. The marginal cost 
can be accumulated according to (Sun, Doyle and Smith, 2015b): 

CC steam = MC steam X tsm steam (23.52) 

where CC S team = cumulative cost of steam 

The cumulative cost can then plotted against the steam saving, as 
shown in Figure 23.62. This shows that the overall benefit of saving 
HP steam decreases as the saving increases. There is no benefit 
from saving HP steam beyond 170th _1 . 

The next question is whether the marginal and cumulative cost 
for HP steam is affected by changes in the steam demand for the 
other steam mains. Consider now the marginal cost of the MP 
steam in Figure 23.60. Initially, to calculate the marginal cost of the 
MP steam, the original flowrate of HP steam is reinstated to be 
198 th 1 . Figure 23.63 shows the marginal cost of the MP steam 
for an HP steam flowrate of 198 t h _l . Also shown in Figure 23.63 
are the MP marginal costs for HP steam flowrates of 86 th -1 and 
31 th . It is clear that the marginal steam costs for different steam 
mains interact with each other. The marginal cost for MP steam 
depends on how much HP steam saving is taken. Again the 
marginal costs in Figure 23.63 show a pattern of step changes 

HP Cumulative 

Stear 
(S 


MP Steam 
Marginal Cost 



Figure 23.63 

Marginal costs for the medium-pressure steam for different savings in 
high-pressure steam. (Reproduced from Li Sun, Steve Doyle, Robin 
Smith, Heat Recovery and Power Targeting in Utility Systems. In Press. 
Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 

caused by the constraints for the steam system. The cumulative 
steam costs for MP steam corresponding with HP steam savings of 
198 t-h -1 , 86 t h -1 and 31 t-h —1 are shown in Figure 23.64. It is 
clear from Figure 23.64 that the greater the HP steam saving, the 
lower the benefit from saving MP steam. Indeed, beyond a certain 
point for HP steam saving, saving MP steam is counterproductive 
(Sun, Doyle and Smith, 2015b). 

This example illustrates that simple steam costs cannot be used 
to evaluate the benefit from steam saving when processes are 
serviced by complex utility systems. A simulation and optimiza¬ 
tion model is needed and must be used to evaluate the true value of 

MP Cumulative 
Steam Cost 
(Sf) . 

1400 -| 



Figure 23.62 

Cumulative cost for the high-pressure steam. (Reproduced from Li Sun, 
Steve Doyle, Robin Smith, Heat Recovery and Power Targeting in Utility 
Systems. In Press. Ms. Ref. No.: EGY-D-14-03308, with permission from 
Elsevier.) 


Figure 23.64 

Cumulative cost for the medium-pressure steam for different savings in 
high-pressure steam. (Reproduced from Li Sun, Steve Doyle, Robin 
Smith, Heat Recovery and Power Targeting in Utility Systems. In Press. 
Ms. Ref. No.: EGY-D-14-03308, with permission from Elsevier.) 
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steam saving by exploring combinations of saving across different 
steam mains. Different combinations of savings from different 
steam mains can be tested. Different combinations will lead to 
different marginal costs and different cost benefits. Plotting mar¬ 
ginal and cumulative steam costs can help to clarify a steam saving 
strategy. It must be remembered that the marginal and cumulative 
costs do not indicate that a certain level of steam saving is possible, 
but only the economic consequences of targeting a certain level of 
steam saving. 

It should also be emphasized that variation in electricity and fuel 
tariffs will change the picture. Thus, graphs equivalent to 
Figure 23.61 to 23.64 could be produced for peak versus off- 
peak electricity costs, and so on. Therefore, to obtain a value of 
steam savings appropriate for a design study, an average needs to 
be taken across the different operating scenarios. The average can 
be taken by weighting the marginal costs for different tariff 
scenarios according to their relative duration. 

The task for the designer now is to consider those processes 
using HP steam and to determine whether economic energy saving 
projects can be identified. 

The arguments so far have focused on retrofitting existing pro¬ 
cesses on a site to reduce the steam consumption or increase the steam 
generation. On the other hand, it might be the case that a new process 
is to be added to the site, creating increased demands on the steam 
system. The same kind of analysis can be performed by increasing the 
consumption of steam, rather than decreasing it, and detennining the 
marginal cost of steam for the new process. Again, steps are likely to 
be encountered in the steam marginal cost created by the constraints 
in the existing utility system. This might then call for the utility system 
to be modified to overcome the constraints in order to reduce the costs 
associated with provision of steam to the process. 

Figures 23.61 to 23.64 show that it is in general incorrect to 
attribute a single value for steam at a given level when the load can 
change (increase or decrease). In general, the value of steam at a 
given level depends on how much is being consumed, as well as fuel 
cost, power cost, equipment performance, equipment constraints, 
and so on. The fact that the price of steam at a given level can vary 
contrasts with the common practice of attributing a single marginal 
cost for each level of steam, irrespective of load. A change in steam 
load might not only arise from an energy saving project or a new 
process being commissioned but also might arise from the day-to- 
day variations in steam load as a result of changes in the pattern of 
production for the existing processes. Using the approach here 
allows the true cost of steam to be established for any pattern of 
steam loads. Details of the existing utility system are included in the 
cost analysis and all of the costs and constraints associated with that 
system. This can give a very different picture as to the costs 
associated with changing steam load at any level, compared to 
an approach that does not take such detail into account. 

23.12 Steam Systems and 
Cogeneration - Summary 

Most process heating is provided from the distribution of steam 
around sites at various pressure levels. Normally, two or three 


steam mains will distribute steam at different pressures around the 
site. The steam system is not only important from the point of view 
of process heating but is also used to generate a significant amount 
of power on the site. 

Boiler feedwater treatment is required for the raw water to 
remove suspended solids, dissolved solids, dissolved salts and 
dissolved gases (particularly oxygen and carbon dioxide). The raw 
water entering the site is commonly filtered and dissolved salts 
removed using softening or ion exchange. The principal problems 
are calcium and magnesium ions. The water is then stripped to 
remove the dissolved gases and treated chemically before being 
used for steam generation. 

There are many types of steam boilers, depending on the steam 
pressure, steam output and fuel type. Blowdown is required to 
remove the dissolved solids not removed in the boiler feedwater 
treatment. The efficiency of the boiler depends on its load. 

Gas turbines consist of a compressor and a turbine mechanically 
connected to each other. Release of energy to the compressed gases 
after the compressor, from the combustion of fuel, creates a net 
production of power. Gas turbines are available in a wide range of 
sizes but are restricted to standard frame sizes. The hot exhaust gas 
is useful for raising steam and the temperature of the exhaust gas 
can be increased by using supplementary firing. The performance 
of gas turbines can be modeled as a compressor and expander 
connected together with a pressure drop in the combustion cham¬ 
bers. Part load can be modeled by a simple correlation involving 
the mass flowrate of fuel. 

Steam turbines are used to convert part of the energy of the 
steam into power and can be configured in different ways. Steam 
turbines can be divided into two basic classes: back-pressure 
turbines and condensing turbines. The efficiency of the turbine 
and its power output depend on the flowrate of steam to the turbine. 
The performance characteristics can be modeled by a simple linear 
relationship over a reasonable range of operation. 

The steam system configuration normally generates most of the 
steam in boilers at the highest pressure, feeding to a high-pressure 
steam main. The highest-pressure steam main is normally used for 
power generation, rather than process heating. Steam is expanded 
from high to lower levels by either steam turbines or expansion 
valves. Steam expanded across letdown valves can be used to 
provide additional superheat to the low-pressure main or desuper¬ 
heated by the injection of boiler feedwater. It is also good practice 
to recover the flash steam from large flowrates of high-pressure 
steam condensate. 

Site composite curves can be used to represent the site heating 
and cooling requirements thermodynamically. This allows the 
analysis of thermal loads and levels on site. Using the models 
for steam turbines and gas turbines allows cogeneration targets for 
the site to be established. A cost trade-off needs to be carried out in 
order to establish the optimum trade-off between fuel requirements 
and cogeneration. 

The site power-to-heat ratio is very important in determining the 
most appropriate cogeneration system for the site and the machine 
driver selection. Drivers are required for many different types of 
process machine on a site. Power can be generated and distributed 
to drive electric motors or direct drives can be used. Direct drives 
are inflexible as far as the utility system operation is concerned. A 
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combination of direct drives and electric motors is usually the best 
solution for the site as a whole. 

Complex steam systems usually feature many important 
degrees of freedom to be optimized. Multiple steam generation 
devices, multiple steam turbines, letdown stations, condensing 
turbines and vents all provide important degrees of freedom for 
optimization. To establish the steam costs for retrofit of site 
processes requires an optimization model to be developed. This 
allows the steam loads for process heating to be gradually 
decreased and the steam system reoptimized at each setting. 
The result in cost savings establishes the true cost of steam for 
retrofit projects aiming to reduce steam consumption on the site. 

23.13 Exercises 

1. A boiler with a capacity of 100,000 kg-h _l is required to 
produce steam of 40 bar and 350 °C. The feedwater from the 
deaerator is at 100 °C and contains 100 ppm dissolved solids. 
Maximum dissolved solids allowed in the boiler is 2000 ppm. 
The steam system operates with 60% condensate return. 
Enthalpy data for steam are given in Table 23.9. Calculate: 

a) the blowdown rate, 

b) the energy consumption for a boiler efficiency of 88%. 

2. A steam turbine operates with inlet steam conditions of 
40 barg and 420 °C and can be assumed to operate with an 
isentropic efficiency of 80% and a mechanical efficiency of 
95%. Using steam properties from Table 23.10 calculate the 
power production for a steam flowrate of 10kg-s~' and the 


Table 23.9 

Enthalpy data for Exercise 1. 



Enthalpy (kj kg ' ) 

Steam at 40 bar, 350 °C 

3095 

Saturated steam at 40 bar 

2800 

Saturated condensate at 40 bar 

1087 

Water at 100°C 

422 


Table 23.11 

Steam properties for Exercise 4. 



Hsup 

(kjkg- 1 ) 

Ssup 

(kJkg-'K- 1 ) 

4///s 

(kjkg- 1 ) 

30 bar. 400 °C 

3232 

6.925 

0 

lObar 

- 

- 

290.1 

0.12 bar 

- 

- 

1016.3 


heat available per kg in the exhaust steam (i.e. superheat plus 
latent heat) for outlet conditions of: 

a) 20 barg, 

b) 10 barg, 

c) 5 barg. 

d) What do you conclude about the heat available in the 
exhaust steam as the outlet pressure varies? 

3. A steam turbine is operating between an inlet steam of 40 barg 
and 420 °C and an outlet steam of 5 barg. Using the Willans 
Line Model with parameters from Table 23.3 and steam 
properties from Table 23.10, calculate the power production 
for a turbine at full load with a flowrate of steam of 10kg-s _1 . 

4. The inlet steam to an extraction turbine is 30 bar and 400 °C 
and can be assumed to operate with a mechanical efficiency of 
95%. The extraction steam is at lObar and the exhaust is 
condensed at 0.12 bar. The steam turbine is fully loaded with a 
throttle flow of 40kg-s~' to the inlet, 15kg-s _1 going to 
extraction and the remaining 25 kg-s _1 going to condensation. 
Using the Willans Line Model with parameters from 
Table 23.3 and steam properties from Tables 23.11, calculate 
the power production. 

5. A site steam system needs to supply steam at medium pressure 
(MP) for process heating purposes of 120 MW at 200 °C and 
at low pressure (LP) of 80 MW at 150 °C. High-pressure (HP) 
steam is generated in the site boilers at 40 bar and 420 °C and 
expanded through steam turbines to the MP and LP pressures. 
Saturation temperatures for the steam should be 10 °C above 
the temperature at which the heating is required. Assuming 
the isentropic efficiency of the turbine to be 70% and the 
mechanical efficiency to be 97% calculate the cogeneration 
target. Steam properties can be taken from Table 23.12. 


Table 23.10 

Steam properties for Exercise 2. 



JWOUkg- 1 ) 

Hr. (kj kg- 1 ) 

Ssur (kJ kg-' K -1 ) 

A H IS (kj kg’ 1 ) 

420 °C, 40 barg 

3261 

1095 

6.828 

0 

20 barg 

- 

920.1 

- 

188.8 

10 barg 

- 

781.4 

- 

346.1 

5 barg 

- 

670.8 

- 

473.8 
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Table 23.12 

Steam properties for Exercise 5. 


Streams 

P (bar) 

Hsup 

(kjkg- 1 ) 

Ssup 

(kJkg-hK- 1 ) 

TsatCC) 

Hsat 

(kjkg- 1 ) 

H l (kj kg" 1 ) 

A H IS (kj kg" 1 ) 

HP 

40 

3262 

6.841 

250.3 

2800 

1087 

0 

MP 

19.1 

- 

- 

210 

2796 

897.7 

207.6 

LP 

6.18 

- 

- 

160 

2757 

675.5 

464.0 


6 . The problem table cascade for a process is given in Table 23.13 
for A T min = 10 °C. This process is to be integrated with a steam 
turbine with a single outlet in a cogeneration scheme. The inlet 
steam is at 40 bar and 350 °C. The rate of power generation can 
be determined from the Willans Line Model with parameters 
from Table 23.3, assuming the turbine to be fully loaded and a 
mechanical efficiency of 97%. Calculate the power generation 
for a fully loaded turbine if the inlet steam flow to the turbine is 
fixed to satisfy process heating requirements. Steam properties 
can be obtained from Table 23.14. 

7. The following data are given for a gas turbine: 


Power generation 

W 

15 MW 

Power efficiency 

iGT 

32.5% 

Exhaust flow 

m EX 

58.32 kg-s-' 

Exhaust temperature 

T E x 

488 °C 

Exhaust heat capacity 

Cp,ex 

l.lkJkg-'-K' 

Stack temperature 

Tstack 

100 °C 


a) Calculate the fuel consumption Qfuel- 

b) Assuming 72% of the heat available in the exhaust can be 
recovered for steam generation, how much steam 
( Q S team ) can be generated from an unfired HRSG in 


Table 23.13 

Problem table cascade for Exercise 6. 


Interval temperature (°C) 

Heat flow (MW) 

400 

15 

400 

20 

170 

20 

115 

21 

115 

11.5 

100 

12 

100 

0 

80 

1 

80 

17.5 

50 

18 

50 

5 


MW? What is the cogeneration efficiency >7 cogen f° r the 
system of gas turbine and HRSG? 

c) With supplementary firing (T SF =800°C), calculate the 
fuel consumption Q SF for the supplementary firing, avail¬ 
able heat from the exhaust Q EX and steam generation for 
the same HRSG with an 83% efficiency. 

d) Calculate the power generation efficiency iipower and 
cogeneration efficiency iJcogen f° r the system of gas 
turbine and HRSG with supplementary firing. Does sup¬ 
plementary firing improve t] POW ER or Vcocen ? 


8 . A gas turbine has the following performance data: 


Electricity output 
Heat rate 
Exhaust flow 
Exhaust temperature 


13.5 MW 
10,810 kJ-kWTT 1 
179,800 kgh“‘ 

480 °C 


The exhaust is to be used to generate steam in an unfired 
HRSG with a minimum stack temperature of 150 °C. The 
specific heat capacity of the exhaust is 1.1 kJ-kg^'-KT 1 . 
Enthalpy data for steam are given in Table 23.15. Calculate 
the following: 

a) Fuel requirement in MW. 

b) The efficiency of the gas turbine. 

c) Amount of steam at lObara and 200 °C that can be 
produced from boiler feedwater at 100 °C in an unfired 
HRSG. Assume A T mi „ = 20 °C for the heat recovery steam 
generator. 


9. Complete the steam balance provided in Figure 23.65. 


a) Calculate extraction flows through 7T and 72 

b) Calculate condensing flows of 71 and 72 from a power 
balance around each turbine, assuming the power gener¬ 
ation is fixed, that the mechanical efficiency is 97% and 
the outlet enthalpy of the steam turbines is equal to the 
enthalpies of the steam mains. Steam properties for the 
inlet to steam turbines can be taken to be those of the steam 
mains, which are given in Table 23.16. Isentropic 
enthalpy changes between the steam mains in 
Figure 23.65 are given in Table 23.17. 

c) Determine the steam production required from the utility 
boilers to meet the steam demand. 

d) Calculate the isentropic and overall efficiency for Turbine 
74 (load = 3.75 MW), assuming the inlet conditions are 
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Table 23.14 

Enthalpies for Exercise 6. 


Streams 

P (bar) 

Hsup 

(kjkg- 1 ) 

Ssup 

(kJkg-fK- 1 ) 

TsatCC) 

Hsat 

(kjkg- 1 ) 

H l (kj kg’ 1 ) 

A H IS (kj kg’ 1 ) 

Inlet 

40 

3095 

6.587 

250.3 

2800 

1087 

0 

Outlet 

1.985 

- 

- 

120 

2706 

503.7 

602.3 


Table 23.15 

Enthalpy data for Exercise 8. 



Enthalpy at 10 bar (kj kg ') 

Steam at 200 °C 

2827 

Saturated steam (179.9 °C) 

2776 

Saturated condensate (179.9°C) 

763 

Water at 100 °C 

420 


However, the flows through Turbines 71 and 72 can be 
changed to rebalance the steam system, whilst maintain¬ 
ing the current power output. How much steam is needed 
from the utility boilers if this is done? What are the cost 
savings from the change? Assume that the conditions of 
the steam in each main are fixed to the values in 
Table 23.16. 

Boiler efficiency = 0.92 
Fuel cost = 5.69S GJ -1 

Power cost = 55$-MWh _1 


given in Table 23.17 and the mechanical efficiency is 
97%. 

e) Turbine 73 is to be shut down and the driver switched to an 
electric motor. It can be assumed that the inlet conditions 
to the turbines do not change as a result of any changes to 
the steam balance. The steam flows through Turbines 74 
and 75 are to be maintained at their current values. 


10. A company is considering implementing a cogeneration 
scheme. At the moment, the company is supplied with 
50,000 MWh of electricity from the grid each year and the 
company produces steam of 80,000 MWh per year from a gas- 
fired boiler. It is proposed to replace this arrangement with a 
gas turbine. With the cogeneration scheme, the waste heat 
from the gas turbine can be used for the steam generation to 
satisfy the steam demand. Assume the power generation 


Process steam generators 
VHP | 134 _ 


HP 



0 

Ml* I 


0.6 


HP 
Generation! 


Tl h© 28.2 MW 


IP 


33.5 

_ r 

( Deaerator ) 


T3 


78 MW 

4r 55.6 


6.6 


Process 

Load 












1 t'CLf d 




Condensing 


43.7 


Utility steam boilers 

_ Loss = 0 



T4 


3.75 MW 


41,8 


6.2 


Process 



Load 


Generation | 


h© 24.4 MW 
Loss = 2 


Loss = 2. 


I oss = 1.7 


Steam flows in t it 


Figure 23.65 

Steam balance for a site. 







Steam Systems and Cogeneration 645 


Table 23.16 

Steam properties for the steam mains in Figure 23.65. 



Pressure (bar) 

Superheat temperature 

(°C) 

Enthalpy (kj kg ') 

Saturation temperature 

(°C) 

VHP 

100 

500 

3375 

311 

HP 

40 

400 

3216 

250 

MP 

15 

300 

3039 

198 

LP 

4.5 

200 

2858 

148 

Condensation 

0.12 

- 

2591 

49.4 

BFW 

- 

- 

504 

- 


efficiency of the gas turbine is 0.35, average electricity tariff 
= 0.063 $-kWh _1 , gas price = 0.015 $kWh _1 , boiler effi¬ 
ciency is 0.9, the installed cost of the gas turbine per kW 
electricity is 1000$-kWh _l and the company operates for 
8000 hours annually. 

a) Calculate the operating costs for both the current operat¬ 
ing system and the proposed cogeneration scheme. 

b) Determine the savings and payback time that can be 
achieved by implementing the cogeneration scheme. 

c) What issues should be considered in recovering the 
exhaust heat from a gas turbine? 

11. It is proposed to locate a thermal oxidizer adjacent to a 
chemical plant, with the purpose of supplying steam gener¬ 
ated from the flue gas of the thermal oxidizer to the chemical 
plant for AT min = 10 °C. The problem table cascades for the 
two processes are given in the Table 23.18. Note that T* 
represents shifted temperatures for the process streams with 
AT tnin l2 = 5 °C. 

a) Plot the total site composite curves. 

b) What are the minimum heat requirements for the total site 
assuming one intermediate steam main at 180 °C is 
installed and only latent heat of the steam is to be used? 

c) Is there a site pinch and, if so, at what temperatures? 


Table 23.17 

Isentropic enthalpy changes in Figure 23.65. 


Inlet 

Outlet 

A H IS (kj kg" 1 ) 

VHP 

HP 

271.7 

VHP 

MP 

507.6 

HP 

MP 

235.8 

HP 

LP 

467.5 

HP 

Condensation 

991.6 

MP 

LP 

231.6 


Table 23.18 

Data for Exercise 1 1. 


Thermal oxidizer 

Chemical plant 

r (°C) 

Q (MW) 

r (°c) 

<2 (MW) 

605 

0 

245 

17 

155 

18 

125 

11 



45 

0 
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Chapter 24 


Cooling and Refrigeration 
Systems 


24.1 Cooling Systems 

Most industrial processes require an external heat sink for heat 
removal and temperature control. Waste heat rejection should be 
minimized as much as possible, both to conserve energy and to 
prevent damage to the environment. Priority should be given to 
recover waste heat in the first instance within the process. If waste 
heat is available at a high enough temperature and is not required 
for process heating within the process itself, then opportunities 
should be explored to pass the heat to other useful heat sinks on the 
site. Heat can be passed between processes on the site through the 
steam system, as discussed in Chapter 23. Other heat transfer 
fluids, such as hot oil, can be used to transfer heat around at high 
temperatures. Below steam temperature, heat can be passed around 
a site using hot water. Heat can also sometimes be rejected usefully 
into the utility system, for example, for boiler feed water preheating 
or combustion air preheating. Once the opportunity for heat 
recovery and rejection to useful external heat sinks has been 
exhausted, then heat must be rejected to the environment. 

If heat rejection is required at temperatures above ambient 
temperature then three different methods can be used: 

• Once through water cooling 

• Recirculating cooling water systems 

• Air coolers. 

If heat rejection is required below that which can normally be 
achieved using cooling water or air cooling, then refrigeration is 
required. A refrigeration system is a heat pump with the purpose of 
providing low-temperature cooling. This means that heat must be 
rejected at a higher temperature, to ambient via an external cooling 
utility (e.g. cooling water), a heat sink within the process, or to 
another refrigeration system. Cooling systems require integration 
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with the processes on the site, with other cooling systems and also 
the hot utility systems. 

Start by considering the above-ambient temperature cooling. 

24.2 Once-Through Water 
Cooling 

Once-through cooling systems take water from a river, canal, lake 
or the sea, use it for cooling and then return it to its source. Heat 
rejection to the environment in this way does have environmental 
consequences and can have an impact on ecosystems. Any change 
of temperature in surface and groundwater resulting from waste 
heat rejection affects the chemical, biochemical and hydrological 
properties of the water and potentially has an impact on the overall 
ecosystem. Once-through cooling systems require large amounts 
of water to be used on a single-use basis. This method is simple and 
cheap but has environmental consequences and problems can be 
created in the process from fouling, unless the water is treated 
before use. 

When the use of fresh cold water is limited, or environmental 
regulations limit the heat rejection to rivers, canals, lakes and the 
sea, then air cooling or recirculating cooling water systems must be 
used. Recirculating cooling water systems are the most common 
method used for heat rejection to the environment. 

24.3 Recirculating Cooling 
Water Systems 

Figure 24.1 illustrates the basic features of a recirculating cooling 
water system (Kroger, 1998). Cooling water from the cooling 
tower is pumped to heat exchangers where waste heat needs to be 
rejected from the process to the environment. The cooling water is 
in turn heated in the heat exchanger network and returned to the 
cooling tower. The hot water returned to the cooling tower flows 
down over packing and is contacted countercurrently or in cross- 
flow with air. The packing should provide a large interfacial area 
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Cooling Water 
Network 


Figure 24.1 

Cooling water systems. 


for heat and mass transfer between the air and the water. The air is 
humidified and heated, and rises through the packing. The water is 
cooled mainly by evaporation as it flows down through the 
packing. The evaporated water leaving the top of the cooling 
tower reflects the cooling duty that is being performed. Water is 
also lost through drift or windage. Drift is droplets of water 
entrained in the air leaving the top of the tower. Drift has the 
same composition as the recirculating water and is different from 
evaporation. Drift should be minimized because it wastes water 
and can also cause staining of buildings, and so on, that are distant 
from the cooling tower. Drift loss is around 0.1 to 0.3% of the water 
circulation rate. Blowdown, as shown in Figure 24.1, is necessary 
to prevent the build-up of contamination in the recirculation. 
Makeup water is required to compensate for the loss of water 
from evaporation, drift and blowdown. The makeup water contains 
solids that build up in the recirculation as a result of the evapo¬ 
ration. The blowdown purges these, along with products of 
corrosion and microbiological growth. Both corrosion and micro¬ 
biological growth need to be inhibited by chemical dosing of the 
recirculation system. Dispersants are added to prevent deposit of 
solids, corrosion inhibitors to prevent corrosion and biocides to 
inhibit biological growth. In Figure 24.1, the blowdown is shown 
to be taken from the cooling tower basin. It can be taken as cold 
blowdown, as shown in Figure 24.1. Alternatively, it can be taken 
from the hot recirculation water before it is returned to the cooling 
tower as hot blowdown. Taking hot blowdown might be helpful in 
increasing the heat rejection from the cooling system, but might not 
be acceptable environmentally from the point of view of the 
resulting increase in effluent temperature. 

Many different designs of cooling tower are available. These 
can be broken down into two broad classes as follows. 

1) Natural draft. Natural draft cooling towers consist of an empty 
shell, usually hyperbolic in shape and constructed in concrete. 
The upper, empty portion of the shell merely serves to increase 
the draft. The lower portion is fitted with the packing. The draft 
is created by the difference in density between the warm humid 
air within the tower and the denser ambient air. 

2) Mechanical draft cooling towers. Mechanical draft cooling 
towers use fans to move the air through the cooling tower. In a 
forced draft design, fans push the air into the bottom of the 


tower. Induced draft cooling towers have a fan at the top of the 
cooling tower to draw air through the tower. The tower height 
for mechanical draft towers does not need to extend much 
beyond the depth of the packing. Mechanical draft cooling 
towers for large duties often comprise a series of rectangular 
cells constructed together, but operating in parallel, each with 
its own fan. 


The type of packing used can be as simple as splash bars but is 
more likely to be packing similar in form to that used in absorption 
and distillation towers. The temperature limitation of the packing 
needs careful attention. Plastic packing has severe temperature 
limitations, as far as the cooling water return temperature is 
concerned. If the temperature is too high, the plastic packing 
will deform and this will result in a deterioration of cooling tower 
performance. Polyvinylchloride is limited to a maximum temper¬ 
ature of around 50 °C. Other types of plastic packing can withstand 
temperatures up to around 70 °C. 

Figure 24.2 gives the basis of a cooling water system model. For 
the cooling tower: 


To — f {F 2 1 To, G, T wb t) 

(24.1) 

Fq =f(F 2 ,T 2 ,G, T wbt ) 

(24.2) 

F E =f(F 2 Jo_,G, T wbt ) 

(24.3) 


where T 0 

T u T 2 


Twbt 


F q 
Fu F 2 

F e 

G 


outlet temperature of the cooling tower 
inlet temperature and outlet temperature for the 
heat exchanger network ( T 2 = inlet temperature 
to the cooling tower) 
wet bulk temperature of the inlet air (the 
equilibrium temperature attained by water that 
is vaporizing into the inlet air and is always 
less than the dry bulk temperature of the air 
into which vaporization is taking place) 
flowrate of water from the cooling tower 
flowrate of water to and from the heat 
exchanger network 
evaporation rate 
flowrate of air 
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F t 



Cooling Water 
Network 

Quo* 


Figure 24.2 

Cooling water system model. 


The difference between T 0 and T wbt measures the degree of 
unsaturation of the inlet air. If the air is initially saturated with 
water vapor, then neither vaporization of the liquid nor depression 
of the wet bulb temperature occurs. A simple cooling tower model 
that can be used in conceptual design is presented elsewhere (Kim 
and Smith, 2001). 

There are some general trends that can be observed for the 
design of cooling towers in terms of the temperature and 
flowrate of the inlet cooling water to the tower. Increasing 
the temperature of the inlet to a given cooling tower design 
for a fixed flowrate increases the performance of the cooling 
tower and allows more heat to be removed (Kim and Smith, 
2001). On the other hand, if the flowrate to the inlet of a given 
cooling tower is decreased for a fixed inlet temperature, then the 
performance of the cooling tower improves, allowing more heat 
to be removed (Kim and Smith, 2001). Thus, the performance of 
a cooling tower is maximized by maximizing the inlet tempera¬ 
ture to the cooling tower, and minimizing the inlet flowrate (Kim 
and Smith, 2001). There will be constraints on the maximum 
return temperature determined by the maximum temperature 
allowable for the cooling tower packing, and fouling and 
corrosion issues, as discussed above. 

Cooling water coolers are usually connected in parallel, as 
illustrated in Figure 24.3a. If process cooling duties allow and the 
coolers are connected in series, as illustrated in Figure 24.3b, this 
has the effect of decreasing the cooling water flowrate and 



(a) Cooling water coolers in parallel. Ih) Cooling water coolers in series. 

Figure 24.3 

Parallel and series arrangements for cooling water coolers. (Reproduced 
from Kim J-K and Smith R (2001) Cooling Water System Design, Client 
Eng Sci, 56: 3641, widi permission from Elsevier.) 


increasing the return temperature. Parallel arrangements as in 
Figure 24.3a favor the design of the heat exchange coolers, 
whereas series arrangements as in Figure 24.3b favor the design 
of the cooling tower. For example, if an existing cooling tower is at 
maximum capacity, its capacity might be able to be increased by 
changing some of the coolers from parallel to series arrangements. 

Referring back to Figure 24.2, the cooling tower makeup and 
blowdown form a mass balance according to: 

F\ = Fq — F b + F m (24.4) 

where F\ = flowrate of water to the heat exchanger network 
F b = flowrate of cooling tower blowdown 
Fm = flowrate of makeup water 

If the heat capacity of the water is assumed to be constant, then an 
energy balance can also be written: 

FiT , = (F 0 - F b )T 0 + F m T m (24.5) 

where Ti = inlet temperature to the heat exchanger network 
(after addition of makeup) 

T 0 = outlet temperature from the cooling tower (before 
addition of makeup) 

Tm = temperature of the makeup water 

The heat load on the heat exchanger network is given by 

Qhen = F 2 Cp(T 2 -Ti) (24.6) 

where Qhen = heat exchanger network cooling duty 
Cp = heat capacity of the water 

As evaporated water is pure, solids are left behind in the 
recirculating water, making it more concentrated than the makeup 
water. The blowdown purges the solids from the system. Note that 
the blowdown has the same chemical composition as the recircu¬ 
lated water. Cycles of concentration is a comparison of the 
dissolved solids in the blowdown compared with those in the 
makeup water. For example, at three cycles of concentration. 
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the blowdown has three times the solids concentration as the 
makeup water. For calculation purposes, blowdown is defined 
to be all nonevaporative water losses (drift, leaks and intentional 
blowdown). In principle, any soluble component in the makeup 
and blowdown can be used to define the concentration for the 
cycles. For example, chloride and sulfate being soluble at high 
concentrations can be used. The cycles of concentration are thus 
defined to be: 

CC = — (24.7) 

Cm 


conditions, the evaporation and drift will be constant as the cycles 
of concentration increase. However, as the cycles of concentration 
increase, the blowdown decreases and hence the makeup water 
decreases. This can be an important consideration from the point of 
view of site water consumption, as discussed in Chapter 26. 

The consequences of an increase in the cycles of concentration 
are that, as the level of dissolved solids increases, corrosion and 
deposition tendencies also increase. The result is that, although 
increasing the cycles of concentration decreases the water require¬ 
ments of the cooling system, the required amount of chemical 
dosing also increases. 


where CC = cycles of concentration 

C B = concentration in blowdown 
C M = concentration in makeup 

A mass balance for the solids entering with the makeup (assuming 
zero solids in the evaporation) gives: 

F m C m = F b C b (24.8) 


24.4 Air Coolers 

Heat above ambient temperature can be rejected directly to the 
environment by the use of air-cooled heat exchangers or fin-fan 
exchangers (Kroger, 1998). Three designs are illustrated in 
Figure 24.5. In these designs, the fluid to be cooled passes through 


Combining Equation 24.7 with Equation 24.8 gives: 

CC = F ^- (24.9) 

Fb 

given that: 

F m =F b + F e (24.10) 

Combining Equations 24.9 and 24.10 gives: 
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(a) Induced draft air-cooled heat exchanger. 


F b = ——— (24.11) 

CC - 1 

I-, F e CC 

Fm = cc^i (24 ' 12) 

Figure 24.4 shows the relationship between the makeup, blow¬ 
down, evaporation and drift versus the cycles of concentration. For 
a given design of cooling tower, fixed heat duty and fixed 
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(b) Forced draft air-cooled heat exchanger. 



Figure 24.4 

Relationship between makeup water and blowdown for cooling towers. 



(c) A-frame air-cooled heat exchanger 

Figure 24.5 

Air-cooled heat exchangers. 
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the inside of tubes and ambient air is blown across the outside by 
the use of fans. The outside surface most often features extended 
surfaces to enhance the heat transfer. High fin tubes are normally 
used, as discussed in Chapter 12. Fins can be engineered in one of 
three ways: 

• Wrapping an 'L’-shaped aluminum strip that is footed on the 
tube. 

• Helically wrapping a strip of aluminum into a pre-cut helical 
groove on the outside of the tube. 

• Extruding fins from the wall of an aluminum tube. Bimetallic 
tubes consist of an inner tube and an outer tube. The outer tube 
is the aluminum tube with extruded fins. The inner tube can have 
the same materials and dimensions as standard heat exchanger 
tubes. 

If integral fins are not used, then the bond between the tube wall 
and the fins creates an additional heat transfer resistance. Similarly, 
if bimetallic tubes are used there is an additional heat transfer 
resistance caused by the bond between the tubes. However, this is 
difficult to quantify and is neglected for preliminary design. 

The enhancement in the heat transfer depends on the dimen¬ 
sions of the tube, the dimensions of the fins, the number of fins per 
unit length, the method by which the fins are formed on the tube, 
tube arrangement (square or triangular pitch), tube and fin materi¬ 
als of construction, as well as air and tube-side velocities, physical 
properties, temperatures and fouling characteristics. Figure 24.6 
shows three typical air cooler layouts from the many possibilities. 
The tubes are grouped into rectangular bundles, typically 1 to 2 m 
wide. The bundles are factory assembled. Within each bundle, the 
tubes are arranged in 2 to 10 rows. Bundles are grouped into bays 
containing one or more bundles in parallel, with each bundle 
connected to inlet and outlet headers. Each bay can be serviced 
by one to three fans, depending on the geometry of the tube layout. 

The headers can be fitted with pass partition plates, to create 
different tube pass arrangements, in a similar way to shell-and-tube 


heat exchangers. Figure 24.5a and b shows twopass arrangements, 
which are most common, but one- to four-pass arrangements can be 
used. Such cross-flow arrangements require F T correction factors. 
As discussed in Chapter 12, it can be assumed that the air side is 
mixed but the tube side is unmixed. However, whilst there will be 
some mixing normal to the flow, the mixing will not be perfect 
across the whole cross-section of the gas flow. A conservative 
assumption is to consider the gas to be completely mixed normal to 
the flow. Equations 12.107 and 12.108 give the F T for cross-flow in 
which the gas side is considered to be mixed normal to its flow, but 
the tube side flows through tubes in a single pass and is unmixed 
(Figure 12.18a). Equations 12.109 and 12.110 give the F r for 
cross-flow in which the gas side is considered to be mixed normal 
to the flow, but the tube side flows through tubes in a two-pass 
countercurrent arrangement and is unmixed when flowing though 
the tubes, but mixed to a uniform temperature between the two 
passes (Figure 12.18a). 

Typical outside film transfer coefficients are 50 to 70 W m _ “ K _ 1 
and fouling coefficients typically 3000 W•m““-K _ 1 . Typical overall 
heat transfer coefficients are presented in Table 24.1. The values in 
Table 24.1 assume high fin tubes, but the heat transfer area is based 
on the bare tube area. 

In Figure 24.5a the tubes are mounted horizontally and the air 
drawn across the tubes in an induced draft arrangement. In 
Figure 24.5b the tubes are also mounted horizontally but the air 
is driven across the tubes in a forced draft arrangement. The 
horizontal arrangements in Figure 24.5a and b are suitable if no 
condensation is taking place, as would be the case for cooling of 
liquids or cooling of gas without condensation. If the cooling duty 
is condensing, then the A-frame arrangement in Figure 24.5c is 
used, in which the tubes are sloped to allow separation of the 
condensed liquid and vapor. 

For a given mass flowrate of air, an induced draft fan in principle 
requires slightly greater power than a forced draft fan, as the 
induced draft fan is compressing hot air with a lower density and 
high volume than a forced draft equivalent. However, induced draft 


Header Bay Width 



(a) 1 Bundle per bay 
1 Fan per bay 
I Bay per unit 


(b) 2 Bundles per bay 

1 Fan per bay 

2 Bays per unit 




(c) 2 Bundles per bay 
2 Fans per bay 
1 Bay per unit 


Figure 24.6 

Some typical layouts of the air-cooled heat exchangers. 
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Table 24.1 

Typical overall heat transfer coefficients for air-cooled heat exchangers (Hudson 
Products, 2015). 


Duty 

Overall heat transfer 
coefficient (W m -2 K -1 ) 

Liquid coolers 


Water 

680-880 

Light hydrocarbons 

400-680 

Heavy hydrocarbons 

30-170 

Gas coolers 


Air or flue gas 

55-170 

Hydrocarbon gasses 

170-510 

Condensers 


Steam 

770-1100 

Hydrocarbons 

400-600 


arrangements provide a more uniform air distribution over the tube 
bundle. Forced draft arrangements have the disadvantage that hot 
air can be recirculated back to the air inlet. The performance of the 
units is affected significantly both by ambient conditions and by 
fouling of the outside surfaces. The air flow across the tubes can be 
controlled by the use of variable pitch fan blades and variable speed 
electric motors to drive the fans. The outside surfaces should be 
cleaned regularly to maintain performance, typically by water 
sprays. Spraying water on the outside surface can also be used 
to temporarily enhance the heat transfer when the ambient tem¬ 
perature is high. If the exchangers have to work in very low 
temperatures under winter conditions, then they can be erected 
within enclosures equipped with louvers to allow some recircula¬ 
tion of hot air and prevent freezing. 

General guidelines for the design of air-cooled heat exchangers 
are (Kroger, 1998; Serth, 2007; Hudson Products, 2015): 

• Air temperature is normally taken to be the temperature only 
exceeded for 5% of the year. This means that the cooler will be 
overdesigned for 95% of the year and will require appropriate 
control systems to avoid overcooling. An air temperature near, 
but below, the maximum to be encountered needs to be chosen. 

• Recirculation in congested areas can increase the effective inlet 
air temperature by 1 to 2 °C compared with ambient air temper¬ 
atures in uncongested areas. 

• Air velocity based on the face area is usually between 3 and 
6 ms. 

• The fan projected area should normally be greater than 40% of 
the face area of the tubes. 

• The pressure drop for the air across the tube bundle is normally 
between 100 and 200 N-m -2 . 


• Fan efficiency is typically assumed to be around 70% in 
preliminary design. 

• Minimum temperature approach (the difference between the 
process fluid outlet temperature and the design air temperature) 
is not normally lower than 10 °C and often taken to be 20 °C. 
More than one tube pass might be used, in which case this 
applies for each tube pass. 

• Tube-side liquid velocity is usually between 1 and 2m-s _1 . 

• Logarithmic mean temperature difference correction F T 
depends on the number of tube rows, number of tube passes 
and the tube-side flow pattern. A value of 0.9 is normally 
assumed in preliminary design for a single pass, 0.96 for two 
passes and 0.99 for three passes. Passes should be arranged for 
countercurrent flow, as in Figure 24.5a and b. 

• Tube bundles are normally rectangular and consist typically of 2 
to 10 rows of finned tubes arranged on a triangular pitch. 

• Tubes can have diameters ranging from 1.59 cm to 15.2 cm, the 
most common being 2.54 cm. 

• The tube pitch is usually between 2 and 2.5 tube diameters. 

• Tube lengths can be between 2 m and 18 m. 

• The fin pitch is 275 to 430finsm _1 , the fin height is 8 to 
25.4 mm, the fin thickness is 0.25 to 0.9 mm and clearance 
between adjacent fins is 3 to 10 mm. 

• Tube bundles are normally factory assembled, which creates a 
width limit for transport of around 3.7 m. Of course greater 
widths can be created in the final assembly by installing bundles 
side by side. 

The outside heat transfer coefficient for banks of finned tubes on 
a triangular pitch can be calculated from Equation 12.111 (Briggs 
and Young, 1963). The details of the calculation have been given in 
Section 12.8. 

Air-cooled heat exchangers of the type in Figure 24.5 are very 
common in some industries, particularly when the plant is located 
in a region where water is scarce for cooling tower systems. Air¬ 
cooled heat exchangers also have the environmental advantage of 
eliminating cooling tower plumes. 

Example 24.1 A hydrocarbon stream with a flowrate of 
100,000 kgh -1 is to be cooled in an air-cooled heat exchanger 
from 90 °C to 50 °C. The heat capacity of the hydrocarbon stream 
can be assumed to be 2.3 kJ kg _1 K _1 . Carry out a preliminary 
design assuming air temperature to be 25 °C (including a small 
allowance for recirculation). The heat capacity of air can be 
assumed to be 1.01 kJ-kg -1 K _l and density 1.16kgm -3 . For 
an assumed outlet air temperature of 40 °C: 

a) Develop a preliminary design based for the tube bundle based 
on tubes with an outside diameter of 2.54 cm, on a triangular 
pitch of 2.5 tube diameters and 10 m tube length with an overall 
heat transfer coefficient of 500 Wm _2 K _1 . 

b) Estimate the power requirements of the fan based on an 
assumed pressure drop across the tubes for the air of 
150 N-m -2 , a fan efficiency of 70% and a motor efficiency 
of 90%. 
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Solution 

a ) Process heat duty 


100,000 

3600 

2555.6 kW 


X 2.3 X (90 - 50) 


Flowrate of air 


2555.6 ^ 1 

1.01 X (40-25) X L16 


= 145.42 m 3 -s-' 


AT LM = 


(90 - 40) - (50 - 25) 


In 


90 - 40 


v 50 - 25 
= 36.07 °C 


Tpi - Tp2 

Tg2 - T<J 1 


90-50 

40-25 


2.6667 


Tg 2 - T a 1 
Tp\ — T a i 


40-25 

90-25 


0.2308 


Start by assuming one pass. From Equation 12.107: 


In 

' 1 -P" 


! - RP 

(1 - tf)ln 

1+Iln (1-ftP) 


In 

1 - 0.2308 


1 - 2.6667 x 0.2308 

(1 - 2.6667)ln 

1+ 1 ln(l 2.6667 x0.2308) 

2.6667 


= 0.9374 

Assuming U = 500 W m 2 Kt\ the heat transfer area based on 
plain tubes is given by: 


UAT lm F t 

2555.6 

~~ 0.5 x36.07x0.9374 
= 151.2m 2 


Area of a single tube = n X 0.0254 x 10 
= 0.7980 m 2 

151.2 

Number of tubes = -= 189.5 

0.7980 

say 190 


Try two tube rows. Width of bundle for Equation 12.114: 

3 p T 

= N trPt + — -4 

190 3 X 0.0254 X 2.5 

= -X 0.0254 x 2.5 +-0.0254 

2 2 

= 6.102 m 

Face area = 10 x 6.102 = 61.02 m 2 
Check air velocity. 

Flowrate of air = 


2555.6 


-X- 


1 


1.01 x (40-25) 1.16 

= 145.42 m 3 • s -1 
145.42 

Air velocity based on face area =-= 2.38 m • s -1 

* 61.02 

This velocity is low. Also check the length-to-width ratio of the 
face: 

10 = 1.6 


6.102 

A higher face velocity that can be arranged to be serviced by 
two fans would be preferred. Try four tube rows in two passes. 
From Equation 12.109: 


F p 


In 

' 1 - 

-p 




rc 

TTp 







77 / 

T-P 


- 

2(1 -R)ln 

1 — —In 
R 

V 

1 — RP 

R 


V 

1-1 

R 

) 



R + 1 


1 - 0.2308 
1 -2.6667x0.2308 


2(1 - 2.6667)ln 


1 


-In 


2.6667 


1 - 0.2308 


_L_\ 


1-2.6667x0.2308 2.6667 


1 -- 


1 


2.6667 


0.9829 


A = 


Q 


Number of tubes = 


■= 180.7 


U AT lm Ft 
2555.6 

0.5 x36.07 x0.9829 
144.2 m 2 
144.2 
0.7980 
say 184 

3 p T 

Width of bundle = NtrPt 3- dp 

184 

= — X 0.0254x2.5 + 
4 

-0.0254 
= 2.991 m 


3 x 0.0254 x 2.5 


Face area = 10x2.991 
= 29.91m 2 
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Air velocity based on face area 

145.42 
“ 29.91 

= 4.86 m • s _1 

This velocity is more reasonable. Check the length-to-width 
ratio of the face 


This could be arranged as two fans, 
b) Assuming a pressure drop of air across the bundle of 
150 Nm 2 , power 

_ 150 X 145.42 
~~ 0.7 x 0.9 

= 34,619 W 

This preliminary design would need to be followed by a design 
that accounted for the inside and outside heat transfer coef¬ 
ficients in detail. 


Example 24.2 From the preliminary design in Example 24.1, 
carry out a more detailed design. The initial design in Exercise 24.1 
estimated that 184 tubes of length 10 m would be needed in four 
rows with two passes. Tubes can be assumed to be steel with 
aluminum fins. Process data are given in Table 24.2 and geometry 
data in Table 24.3. 


Table 24.2 

Data for fluids. 



Hydrocarbon 

Air 

Flowrate (kg h *) 

100,000 

- 

Initial temperature 
(°C) 

90 

25 

Final temperature 
(°C) 

50 

40 

Density (kg m -3 ) 

663 

1.16 

Heat capacity 
(U-kg-'-K- 1 ) 

2.3 

1.01 

Viscosity (N s m -2 ) 

2.45 x 10“ 4 

1.87 x 10~ 5 

Thermal 

conductivity 

(Wm _1 K _1 ) 

0.10 

0.0267 

Fouling coefficient 
(Wm -2 K -1 ) 

5000 

3000 


Table 24.3 

Air cooler geometry data. 

Tube outer diameter d 0 (mm) 

25.4 

Tube inner diameter d/ (mm) 

19.8 

Tube pitch p T (mm) 

2.5 X 

Tube length L (m) 

10.0 

Number of fins Np (m -1 ) 

350 

Fin height H F (m) 

0.0127 

Fin thickness 8 F (m) 

0.0005 

Tube thermal conductivity 

45 

(W-m _1 K _1 ) 


Fin thermal conductivity 

206 

(Wm _1 K _I ) 



Solution The convective heat transfer coefficient can be calcu¬ 
lated from Equation 12.113. First calculate the tube-side heat 
transfer coefficient. The tube-side velocity is given by: 


Vj 


171j{N p j Nj ’) 

p(nd]/4) 

_ (100,000/3600)(2/184) 
~~ 663 x 0.0198 2 /4) 

= 1.479 msf 


Now calculate the Reynolds number for the tube side, which is 
given by: 


Re = 


pvjdi 

P 


_ 663 x 1.479x0.0198 
~ 2.45 X 10“ 4 

= 79,247 

This is a turbulent flow and the tube-side heat transfer coefficient 
can be calculated from Equation 12.59: 


1.4 /M 


K h ,-4 = 0.023 — Pr° 
d, 


„„„„ 0.10 /2300x2.45 x 10- 4 \° 4 /663 x 0.0198\°' 8 

’ “ X 0.0198 X ( 040 J X ( 2.45 x 10“ 4 j 

= 1408.1 
hr = 

= 1408.1 x 1.479 0 ' 8 
= 1925.8 W • m 2 • K -1 
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To calculate the outside heat transfer coefficient, first calculate the 
maximum velocity of the flue gas from Equation 12.116. The 
flowrate and maximum velocity of the air are given by: 

2555.6 

m ° ~ 1.01 X (40-25) 

= 168.7 kg-s- 1 


The maximum gas velocity is given by Equation 12.116: 


m G 


pL 


Ntr(j>t ~ d R - 2H F S F N F ) + — - d R 


168.7 



r i84 

1.16 x 10.0 

-(2.5 X 0.0254 - 0.0254 - 2 x 0.0127 

4 


X 0.0005 X 350) + 

-0.0254 


3 X 2.5 x 0.0254 


= 8.988 m-s -1 

_ pd R V max 
h 

_ 1.16x0.0254x8.988 
1.87 X 10“ 5 
= 14.162 



_ 1.01 x 10 3 x 1.87 x 10“ 5 
= 0.0267 

= 0.7074 


From Equation 12.113: 



The outside film coefficient is given by: 


lio 


0.0267 

0.0254 


0.134 x 14,162 0 681 x 0.7074 1 / 3 


( _ 1 _ 

\0.0127 X 350 


0.0005\°' 2 / 1 

0.0127 ) X \0.0005 x 350 


= 71.72 W-m“ 2 -K“‘ 


The fin efficiency now needs to be calculated from 
Equation 12.117: 



/ 2x71.72 \ 1/2 
\206 x 0.0005 j 


= 37.318 





1 + 0.35 In 


cIr + 2 H f + 8f 


^0.0127 


+ 


0.0005\ 
2 ) 


1 + 0.35 In 


0.0254 + 2x0.0127 + 0.0005 
0.0254 


= 0.01614 
tanh(w//) 


_ tanh(37.318x 0.01614) 
37.318x0.01614 

= 0.8944 


Calculation of the weighted efficiency from Equation 12.119 
requires A ROOT and A FIN to be calculated: 

A root = nd R L{\—N F 8 F ) 

= n x 0.0254 x 10.0 x (1 - 350 x 0.0005) 

= 0.6583 m 2 

Afin = —^— [(rf« + 2 H f )~ — d~ R + 28 F (d R + 2H F )] 

n X 350 x 10.0 r, , 

= ---[(0.0254 + 2 x 0.0127) 2 - 0.0254 2 

+ 2 x 0.0005 X (0.0254 + 2 x 0.0127)] 

= 10.920 nr 


_ A RO ot + d F A F lN 
Aroot + Afin 

_ 0.6583 + 0.8944 x 10.920 
~ 0.6583 + 10.920 

= 0.9004 


The total outside area of each tube is given by: 

A 0 = 0.6583 + 10.920 
= 11.578 m 2 
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The overall heat transfer coefficient is now calculated from 
Equation 12.120: 


— - 1 j r of | A o d R ^ + / A 0 \ 

U >l w h 0 >lw nd R L1k w \d,) \nd,L)\ ,F h T ) 

T 1 1/3000 11.578 0.0254 /0.02543 

“ [o.9004x71.72 + 0.9004 + jrX0.0254X 10.0 X 2 x 45 "^0.0198/ 


/ 11.578 \( 1 1 3 

\ffX0.0254x 10.0/ V5000 + 1925.8/ 


= 36.602 W-nr 2 -KT 1 


From Example 24.1, F T = 0.9829 and the heat transfer area 
required, based on finned tube area, is given by: 


AREQUIRED 


Q 

UATlmFj 


2555.6 x 10 3 
36.602 x 36.07 x 0.9829 


= 1969.4 m 2 


Area available is given by: 

Aavailable = N t x A 0 

= 184 x 11.578 
= 2130.4 m 2 


The area available is higher than the area required by 
(2130.4- 1969.4) = 26.1 m 2 . In Example 24.1 the overall heat 
transfer coefficient was assumed to be 500 W-m _2 -K _1 . In this 
example, the overall heat transfer coefficient was calculated to be 
36.602 W-m _2 -K _1 based on the finned area. Converting to bare 
tubes: 


.. AfipjNED 

u BARE TUBE — U FINN ED - 

&BARE TUBE 


= 36.602 


11.578 

X ^ X 0.0254 x 10 


= 531.1 W-nr 2 -Kr 1 


This is slightly higher than the assumed overall heat transfer 
coefficient in Example 24.1, leading to an over design in area of 
8%. This can be taken as contingency. Alternatively, the design can 
be adjusted. Any surplus or shortfall in area can be corrected by 
adjusting several parameters. The flowrate of air, tube dimensions 
and layout, fin dimensions and fin pitch could all be changed. The 
simplest solution is often to adjust the number of tubes. However, it 
should be noted that it would be unsafe to assume that simply 
adding extra tubes to an existing arrangement would solve a 
problem of a shortfall in area. This is because adding extra tubes 


decreases the tube-side velocity, decreasing the inside heat transfer 
coefficient, and increases the face area, decreasing the outside 
velocity and heat transfer coefficient. In this case, the over design 
might be corrected by removing tubes. However, this would 
increase the air velocity and outside heat transfer coefficient. It 
might be necessary to adjust both the number and length of the 
tubes to maintain a reasonable length to width ratio. 


24.5 Refrigeration 

There are many processes such as gas separation and natural gas 
liquefaction that operate below ambient temperature. If heat 
rejection is required below ambient temperature, then refrigeration 
is required. A refrigeration system is a heat pump that provides 
cooling at temperatures below the level that can normally be 
achieved using cooling water or air cooling (Gosney, 1982; Isalski, 
1989; Dossat, 1991). Thus, the removal of heat using refrigeration 
leads to its rejection at a higher temperature. This higher tempera¬ 
ture might be to an external cooling utility (e.g. cooling water), a 
heat sink within the process or to another refrigeration system. 
Refrigeration is important in chemical engineering operations 
where low temperatures are required to condense gases (Isalski, 
1989), crystallize solids, control reactions, and so on, and for the 
preservation of foods and air conditioning. Generally, the lower the 
temperature of the cooling required to be serviced by the refrigera¬ 
tion system and the larger its duty, the more complex the refrigera¬ 
tion system. Processes involving the liquefaction and separation of 
gases (e.g. ethylene, liquefied natural gas, etc.) are serviced by 
complex refrigeration systems. 

There are two broad classes of refrigeration: 

• Compression refrigeration 

• Absorption refrigeration. 

Compression refrigeration cycles are by far the most 
common and absorption refrigeration is only applied in special 
circumstances. 

Consider first a simple ideal compression refrigeration cycle 
using a pure component as the refrigerant fluid, as illustrated in 
Figure 24.7a. Process cooling is provided by a cold liquid refrig¬ 
erant in the evaporator. A mixture of vapor and liquid refrigerant at 
Point 1 enters the evaporator where the liquid vaporizes and 
produces the cooling effect before exiting the evaporator at Point 2. 
The refrigerant vapor is then compressed to Point 3. At Point 3, the 
vapor is not only at a higher pressure, but is also superheated by the 
compression process. After the compressor, the vapor refrigerant 
enters a condenser where it is cooled and condensed to leave as a 
saturated liquid at Point 4 in the cycle. The liquid is then expanded 
to a lower pressure to Point 1 in the cycle. The expansion process 
partially vaporizes the liquid refrigerant across the expander, 
producing a cooling effect to provide refrigeration, and the cycle 
continues. Figure 24.7b shows the cycle on a temperature-entropy 
diagram. The diagram shows a two-phase envelope, inside of 
which the refrigerant is present as both vapor and liquid. To the 
left of the two-phase envelope, the refrigerant is liquid, and to the 
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Ideal 

Compressor 



Compressor 


24 



Figure 24.7 

A simple (ideal) compression refrigeration cycle. 



// 


Figure 24.8 

Simple compression cycle with expansion valve and nonideal 
compression. 


right of the two-phase envelope, the refrigerant is vapor. Starting at 
Point 1 with a two-phase mixture, the refrigerant enters the 
evaporator, where there is an isothermal vaporization to Point 2. 
From Point 2 to Point 3, there is a compression process that, at this 
stage, is assumed to be ideal. This is an isentropic process finishing 
at Point 3. From Point 3, the refrigerant is first cooled to remove the 
superheat and is then condensed to Point 4, where there is a 
saturated liquid. The refrigerant is expanded from Point 4 to Point 
1, which is assumed here to be an ideal expansion with no increase 
in entropy. In Figure 24.7c, the same cycle is represented on a 
pressure-enthalpy diagram. Again the two-phase envelope is 
evident. From Point 1 to Point 2, the enthalpy of the refrigerant 
increases in the evaporator. From Point 2 to Point 3, the pressure 
is increased in the compressor with a corresponding increase in 
enthalpy. From Point 3 to Point 4, there is no change in pressure but 
a decrease in the enthalpy due to the desuperheating and the 
condensation. Between Point 4 and Point 1, there is a decrease 
in pressure in the expander. The constant entropy assumption 


leads to a decrease in the enthalpy to Point 1. The cycle in 
Figure 24.7 assumed ideal isentropic compression and expansion 
processes. Next consider nonideal compression and expansion 
processes. 

Figure 24.8a again shows a simple compression cycle involving 
a pure refrigerant fluid, but now with an expansion valve or throttle 
rather than an ideal expander. It also features a nonideal compres¬ 
sion. On a temperature-entropy diagram, as shown in 
Figure 24.8b, the compression process now features an increase 
in entropy. The expansion also features an increase in entropy. On 
the pressure-enthalpy diagram in Figure 24.8c, the nonideal 
compression features a greater enthalpy change between Points 
2 and 3 when compared with an isentropic compression. The 
expansion between Points 4 and 1 is now assumed to be isen- 
thalpic, leading to a vertical line on the pressure-enthalpy diagram. 

Figure 24.9a shows the corresponding simple compression 
cycle, but with subcooled condensate. The cycle is basically the 
same as before, except that the liquid leaving the condenser is now 
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the vapor provides no cooling, as it enters and leaves the evaporator 
at the same temperature without change in enthalpy (neglecting 
any pressure drop). Only the vaporization of the liquid produces 
cooling. Some designs of refrigeration use a vapor-liquid separa¬ 
tion drum after the expansion of the refrigerant. The vapor from the 
separation drum is then fed directly to the compressor. The liquid 
from the separation drum is fed to the evaporator and then to the 
compressor after vaporization. This arrangement with a vapor- 
liquid separator is thermodynamically equivalent to the design 
without a separator (neglecting pressure drops). The separation 
drum adds capital cost and complexity to the design without 
bringing any thermodynamic benefit. Whether such a separation 
drum is used largely depends on the type of heat exchanger used for 
the evaporator. For example, if the evaporation takes place on the 
shell side of a kettle reboiler, then feeding a two-phase vapor- 
liquid mixture does not present any problems and a vapor-liquid 
separator would not normally be justified. However, if the evap¬ 
oration takes place in the channels of a plate-fin heat exchanger, 
then feeding a two-phase vapor-liquid mixture would present 
problems, as it is difficult to distribute a two-phase mixture evenly 
across a manifold of channels. Under such circumstances, a vapor- 
liquid separation drum would normally be used. 

The performance of refrigeration cycles is measured as a 
coefficient of performance ( COP REF ), as illustrated in 
Figure 24.10. The coefficient of performance is the ratio of cooling 
duty performed per unit of power required. 

COPref =% (24.13) 

Vv 

where Q c = cooling duty 

W = refrigeration power required 


Figure 24.9 

Simple compression cycle with subcooled condensate. 


The higher the coefficient of performance, the more efficient is the 
refrigeration cycle. An ideal coefficient of performance can be 
defined by: 


subcooled rather than being saturated. The subcooling effect can be 
seen on the temperature-entropy diagram in Figure 24.9b and the 
pressure-enthalpy diagram in Figure 24.9c. Subcooling the liquid 
in the way shown in Figure 24.9 brings a benefit to the cycle. The 
fact that the liquid is subcooled when entering the expansion 
process means that there is less vaporization in the expansion 
process to produce refrigerant at the required temperature. This 
leads to an increase in the proportion of the liquid refrigerant at 
Point 1 entering the evaporator. The liquid refrigerant provides the 
cooling and the vapor present does not provide a cooling effect as 
the vapor enters and leaves at the same temperature without change 
in enthalpy. If a greater proportion of the refrigerant entering the 
evaporator is liquid, it means that the flowrate around the cycle for a 
given refrigeration duty can be decreased. This, in turn, reduces the 
compression duty. Subcooling the liquid in this way therefore 
increases the overall efficiency of the cycle. 

In Figures 24.7a, 24.8a and 24.9a, the expansion of the liquid 
refrigerant produces a two-phase vapor-liquid mixture that is 
fed directly to the evaporator to provide process cooling. For a 
vapor-liquid mixture of a pure refrigerant at saturated conditions. 


Ideal COPref 


Qc 

w 


Tevap 

T cond — Tevap 


(24.14) 


where T EV ap = evaporation temperature (K) 
T C ond = condensing temperature (K) 


Actual performance can be predicted by introducing a Camot 
Efficiency into Equation 24.14: 


COPref = ^ = r, c - — - 

W ' c Tcond ~ T evap 


(24.15) 


where p c = Camot Efficiency (—) 


The Carnot Efficiency is a function of the physical properties of 
the working fluid, the cycle configuration, system pressures in the 
cycle and the compressor performance. The Carnot Efficiency of 
the refrigeration cycle can be determined by a simulation of the 
cycle. This will be discussed later. An approximate value of 0.6 can 
be used for a first estimate of cycle performance. 
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Figure 24.10 

Performance of practical refrigeration cycles. 


It is obvious from Equation 24.15 that the larger the temperature 
difference across the refrigeration cycle ( T C ond — Tevap ), the 
lower will be the coefficient of performance and the higher will 
be the power requirements for a given cooling duty. 


Example 24.3 Estimate the coefficient of performance and 
power requirement for a refrigeration cycle with T EVAP = -30°C, 
Tcond = 40 °C and Q EVAP = 3 MW. 

Solution 



2.08 


W 


3 

24)8 


1.4 MW 


Simple cycles like the ones discussed so far can be used to 
provide cooling as low as typically —40 °C. For lower tempera¬ 
tures, complex cycles are normally used. 

One way to reduce the overall power requirement of a refriger¬ 
ation cycle is to introduce multistage compression and expansion, 
as shown in Figure 24.11a. The expansion is carried out in two 
stages with a vapor-liquid separator between the two stages, often 
called an economizer. Vapor from the economizer passes directly 
to the high-pressure compression stage. Fiquid from the econo¬ 
mizer passes to the second expansion stage. The introduction of an 
economizer reduces the vapor flow in the low-pressure compres¬ 
sion stage. This reduces the overall power requirement. 
Figure 24.11a also shows an intercooler for the vapor between 
the low-pressure and the high-pressure compression stages. 
This intercooler reduces further the compressor power in the 
high-pressure compression stage, reducing the overall power 
requirement. The cycle is shown as a pressure-enthalpy diagram 
in Figure 24.11b. 



Figure 24.11 

Multistage compression and expansion with an economizer. 






































660 Chemical Process Design and Integration 




Figure 24.12 

Multistage compression and expansion with a presaturator. 


Figure 24.12a shows another way to reduce the overall power 
requirement of a refrigeration cycle by introducing multistage 
compression and expansion. Again the expansion is carried out 
in two stages with a vapor-liquid separator between the two. 
However, this time the cooled liquid and vapor from the first 
expansion stage is contacted directly with the compressed vapor 
from the low-pressure compression stage in a presaturator. The 
presaturator cools the vapor from the low-pressure compression 
stage by direct contact and acts as a vapor-liquid separator between 
the stages. The vapor leaving the presaturator being passed to the 
high-pressure compression stage is saturated. Liquid from 
the presaturator passes to the second expansion stage. Again, 
the introduction of a presaturator reduces the vapor flow in the 



Figure 24.13 

A cascade cycle. 


low-pressure compression stage, reducing the overall power 
requirement. The cycle is shown in Figure 24.12b as a pres¬ 
sure-enthalpy diagram. 

Figure 24.13a shows a cascade cycle. This involves two refrig¬ 
erant cycles linked together. Each cycle will use a different refrig¬ 
erant fluid. The low-temperature cycle provides the process cooling 
in the evaporator and rejects its heat to the other cycle, which rejects 
its heat in the condenser to cooling water. Cascade cycles are used 
to provide very low temperature refrigeration where a single 
refrigerant fluid would not be suitable to operate across such a 
wide temperature range. In the cascade in Figure 24.13a, each cycle 
comprises a simple cycle. The cascade cycle is represented in 
Figure 24.13b in a pressure-enthalpy diagram. The temperature 
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(a) (b) 



Figure 24.14 

Cascade cycle with multistage compression and expansion. 


of the interface between the two cycles is normally specified in 
terms of the temperature of the evaporator of the upper (high- 
temperature) cycle and is known as the partition temperature. The 
partition temperature is an important degree of freedom. 

Complex refrigeration cycles can be built up in different 
ways. Figure 24.14 illustrates an example of a cascade cycle 
with multistage compression and expansion of the high-temper- 
ature cycle. 

Figure 24.15a shows a two-level refrigeration cycle. Level 1 and 
Level 2 provide process cooling at different temperatures. This 
reduces the refrigerant flow through the low-pressure compression 


stage and reduces the overall power requirements. It is represented 
in Figure 24.15b in a pressure-enthalpy diagram. 

To illustrate one of the many ways the different features can 
be put together, Figure 24.16a shows a two-level cascade system 
with presaturators. The evaporators in Level 1 and Level 2 
provide process cooling at different temperatures. Two cycles 
are cascaded together, each separate cycle having multistage 
compression involving presaturators. The cycle is shown in a 
pressure-enthalpy diagram in Figure 24.16b. This is only one of 
many possible complex arrangements that combine the various 
features. 




Figure 24.15 

A two-level refrigeration cycle. 
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Figure 24.16 

A two-level cascade system with presaturators. 


24.6 Choice of a Single- 
Component Refrigerant for 
Compression Refrigeration 

Now consider the main factors affecting the choice of refrigerant 
for compression refrigeration, but for now restricting consideration 
to single components. 

1) Freezing point. First, the evaporator temperature should be 
well above the freezing temperature at the operating pressure. 
The freezing points of some common refrigerants at atmo¬ 
spheric pressure are given in Table 24.4. 

2) Vacuum operation. The second consideration, illustrated in 
Figure 24.17, is that, at the evaporator temperature, evaporator 
pressure below atmospheric pressure should be avoided. An 
evaporator pressure above atmospheric avoids potential prob¬ 
lems with the ingress of air into the cycle, which can cause 
performance and safety problems. However, special designs 
can use evaporator pressures below atmospheric. The boiling 
points of some common refrigerants are given in Table 24.4 at 
atmospheric pressure. 

3) Latent heat of vaporization. It is desirable to have a refrigerant 
with a high latent heat. A high latent heat will lead to a lower 
flowrate of refrigerant around the loop and reduce the power 
requirements correspondingly. The shape of the two-phase 


Table 24.4 

Freezing and normal boiling points for some common refrigerants. 


Refrigerant 

Freezing point at 
atmospheric 
pressure (°C) 

Boiling point at 
atmospheric 
pressure (°C) 

Ammonia 

-78 

-33 

Chlorine 

-101 

-34 

n-Butane 

-138 

0 

/-Butane 

-160 

-12 

Ethylene 

-169 

-104 

Ethane 

-183 

-89 

Methane 

-182 

-161 

Propane 

-182 

-42 

Propylene 

-185 

-48 

Nitrogen 

-210 

-196 


envelope is such that as the temperature of the refrigerant 
increases, the latent heat decreases as the critical temperature 
is approached. It is therefore desirable to have evaporator 
and condenser temperatures significantly below the critical 
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Figure 24.17 

Choice of refrigerant for pressure. 


temperature. Also, as the condenser temperature approaches 
the critical point, a greater portion of the heat is extracted in the 
desuperheating, relative to condensation, as illustrated in 
Figure 24.18. This reduces the coefficient of performance, 
as it increases the average heat rejection temperature. It also 
increases the heat transfer area in the condenser. Given that it is 
desirable to operate away from the critical point, where the 
latent heat of vaporization is high for a given refrigerant fluid, 
how close would it be desirable to go to the critical tempera¬ 
ture? The change of latent heat with temperature can be 
correlated using the Watson Equation (Poling, Prausnitz and 
O’Connell, 2001): 


Writing Equation 24.16 between the normal boiling point Tbpt 
and temperature T: 


A Hvap f T c -T \ 038 

A H VAPB pt \Tc — TbptJ 


(24.17) 


where A H VAPBPT = heat of vaporization at the normal 
boiling point 


Let A be the ratio of the heats of vaporization, such that from 
Equation 24.17 


A = 


T C -T \ 
Tc — Tbpt) 


0.38 


(24.18) 


Rearranging Equation 24.18 gives: 

T = T c - A 2 (,3 (T c - T bpt ) (24.19) 


Thus, for a given refrigerant with normal boiling point T bpt and 
critical temperature T c , Equation 24.19 allows the maximum 
temperature to be fixed, if the minimum value of 2 is specified. 
For example, for ethylene, 7’ c = 282 Kand T bpt = 169 K. If the 
minimum heat of vaporization in the evaporator is specified to 
be no lower than 50% of that at the normal boiling point, then 
the maximum temperature is given by: 

T = 282 - 0.5 2 ' 63 (282 - 169) 

= 264 K 


A/?vap2 _ f T c ~ Tf \ 
A/Wi ” Vc-tJ 


(24.16) 


where AH vapi , AH vap2 


T u T 2 

Tc 


heat of vaporization at 
temperatures 7) and 72 
respectively 

absolute temperature (K) 
critical temperature (K) 


The value of A is at the discretion of the designer and more 
conservative values of 60% or 70% could be taken. A value of 
50% is probably as low as would be desirable for many 
applications. 

4) Shape of the two-phase envelope. Another factor affecting 
the choice of refrigerant relates to the shape of the two-phase 
region on a temperature-entropy diagram, as illustrated in 
Figure 24.19, which shows two different two-phase regions. 
The important difference is the slope of the saturated vapor 
line to the right of the two-phase region. Figure 24.19b shows a 



24 


Figure 24.18 

Choice of refrigerant-critical point. 
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Figure 24.19 

Choice of refrigerant-saturated vapor line. 


two-phase region with a steep slope relative to the one in 
Figure 24.19a. If the slope is steep, as is the case with the two- 
phase region in Figure 24.19b, this reduces superheat and 
decreases heat extracted in desuperheating relative to conden¬ 
sation. In turn, this increases the coefficient of performance, as 
it decreases the average heat rejection temperature. It also 
decreases the heat transfer area. 


5) General considerations. The refrigerant should, as much as 
possible, be nontoxic, nonflammable, noncorrosive and have 
low ozone depletion potential and a low global warming 
potential (see Chapter 25). Fluids that are already present in 
the process should be used where possible. Introducing new 
materials for refrigeration introduces new storage requirements 
and new safety and environmental problems. 


Example 24.4 Figure 24.20 gives the operating ranges of a 
number of refrigerants. The upper limit of the operating range in 
Figure 24.20 has been set to ambient temperature if the critical 
temperature is well above ambient temperature or to a temperature 
corresponding with a heat of vaporization of 50% of that at 
atmospheric pressure. The lower temperature in Figure 24.20 has 
been limited by the normal boiling point to avoid vacuum conditions 
in the refrigeration loop. It should be noted that the operating 
range of the refrigerants can be extended at the lower limit by 
operation under vacuum conditions and at the upper limit by 
relaxing the restriction that the latent heat should not be lower 
than 50% of that at atmospheric pressure. The refrigerants in 
Figure 24.20 have been placed in approximate order of power 
requirement for a given refrigeration duty. Four process streams 
given in Table 24.5 require refrigeration cooling. Given the infor¬ 
mation in Figure 24.20, make an initial choice of refrigerants for 
each of the streams in Table 24.5. 

Solution 

Stream 1. At 175 K, the only suitable refrigerant from Figure 24.20 
is ethylene. Methane is too close to its upper limit. If ethylene 
is chosen as a refrigerant and heat rejection is required to 
ambient at 313 K, then it needs to be cascaded with another 
refrigerant for heat rejection to ambient. In principle, ethylene 
could be cascaded with chlorine, ammonia, /-butane, 
propylene or propane. However, the overlap with /-butane 
is small and will require a small temperature difference in the 
heat exchanger linking the two cycles. 


Table 24.5 

Process streams to be cooled by refrigeration. 


Stream no. 

Temperature (K) 

1 

175 

2 

200 

3 

230 

4 

245 


The choice of refrigerant for the cascade will depend on a 
number of factors. Choosing chlorine will minimize the power 
for the system, but introduces significant safety problems. 
Choosing a component already in the process would be 
desirable in order to avoid introducing new safety problems 
(e.g. propylene). 

Stream 2. At 200 K, either ethane or ethylene would be suitable 
refrigerants, with ethane being slightly better from the point of 
view of the power requirements. As for Stream 1, a cascade 
system would be required for heat rejection to ambient 
temperature. 

Stream 3. At 230 K, propylene, ethane and ethylene would all be 
suitable refrigerants. Given that propylene requires the lowest 
power and does not require a cascade for heat rejection to 
ambient, this would be a suitable choice. 
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Figure 24.20 

Operating ranges of refrigerants. 


Stream 4. At 245 K, chlorine, ammonia, propylene and propane 
could all be chosen. In principle, ethane and ethylene could 
also have been included but at 245 K they are too close to their 
critical temperature and would require significantly higher 
refrigeration power than the other options. The safety 


problems associated with chlorine are likely to be greater than 
ammonia. Thus, ammonia might be a suitable choice of 
refrigerant. Choosing a component already in the process 
would be desirable. 


24 


24.7 Targeting Refrigeration 
Power for Pure Component 
Compression Refrigeration 

To evaluate the impact of each design option, a quick and reliable 
method for estimating refrigeration power requirements can be 
very useful (Lee, Zhu and Smith, 2000; Lee, 2001). The benefits 
from setting targets for refrigeration power are to: 

• evaluate refrigeration power requirements before complete 
design; 

• assess the performance of the whole process prior to detailed 
design; 

• allow many alternative design options to be screened quickly 
and estimated reliably; 

• assess energy and capital costs. 

1) Simple cycles. Consider a simple cycle as shown in 
Figure 24.8. The problem is how to estimate the actual 
power requirement, given the cooling duty ( Qevap X 


condensing temperature (T COND ) and evaporating tempera¬ 
ture (T evap ). 

The calculation procedure is performed as follows (Lee, Zhu 
and Smith, 2000; Lee, 2001): 

a) Find the vapor pressure of the refrigerant in the condenser 
‘cond at Tcond and the vapor pressure in the evaporator 
P s E vap a t Tevap using a correlation for the saturated 
liquid vapor pressure, such as the Antoine equation (see 
Appendix A): 

In pS* 7 = A -— (24.20) 

C + T 

where P SAT = saturated liquid vapor pressure (bar) 

A, B, C = constants determined experimentally 
for each refrigerant 
T = temperature (K) 

Once these pressures have been set, this sets the pressure 
difference across the compressor and the throttle if the 
pressure drops in the heat exchangers, flash drums and 
the pipework are neglected. 
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b) An energy balance around the evaporator gives the mass 
flowrate of refrigerant. Referring to Figure 24.8: 


d) For centrifugal compressors, estimate the polytropic 
coefficient n (see Chapter 13): 


Qevap _ Qevap 

H 2 -Hi~H 2 - H 4 


(24.21) 


n = 


Pip 

Pip -7+ 1 


(13.60) 


where m 
Qevap 

Hx 

H 2 

h 4 


refrigerant flowrate (kg-s -1 ) 
evaporator heat duty (J-s -1 , kj-s -1 ) 
specific enthalpy at the evaporator inlet 
(J-kg- 1 , kJ-kg- 1 ) 

specific enthalpy at the evaporator 
outlet (saturated vapor enthalpy at the 
evaporator pressure) (J-kg - , kJ-kg - ) 
specific enthalpy at the condenser 
outlet (saturated liquid enthalpy at the 
condenser pressure) (J-kg - , kJ-kg -1 ) 


The enthalpy can be calculated for most refrigerant fluids 
using the departure function of the Peng-Robinson Equa¬ 
tion of State (see Appendix A). The enthalpy calculations 
are complex and usually carried out using commercial 
physical property software packages. Flowever, given the 
capability to determine the enthalpy. Equation 24.21 allows 
the refrigerant mass flowrate to be determined from a 
knowledge of the evaporator and condenser pressures. 
Once the mass flowrate is known, the volumetric flowrate 
into the compressor can be obtained from the vapor density, 
which can again be obtained from an equation of state such 
as the Peng-Robinson Equation. Thus: 

m 

F = — (24.22) 

Pv 


e) Find the outlet temperature of the compressor (T out ). For an 
adiabatic model, the outlet temperature for each compres¬ 
sion stage can be determined from Equation 13.47, assum¬ 
ing the intercoolers cool back to the inlet temperature: 

Tout = {^f) [(rf- l)lr + nis ~ 1 ] (24.23) 


where r 


Y 


pSAT \ 
r C ON D \ 
pSAT I 
r EVAP / 


N = number of compressor stages 

For a polytropic model, the outlet temperature can be 
determined from Equation 13.52: 

Tout = TEVAp(rf- l)ln (24.24) 

The polytropic coefficient n can be determined from 
Equation 13.60 if rj P is known, 

f) An energy balance around the compressor gives: 

W = m(H 2 -H 3 ) (24.25) 


where F = volumetric flowrate (m 3 -s r ) 
p v = vapor density (kg-m -3 ) 

c) Estimate the compressor efficiency. Compressor manufac¬ 
turer’s data should be used where possible. If this is not 
available, then for a reciprocating compressor, the isen- 
tropic efficiency can be estimated from Equation 13.69: 

tl IS = 0.1091(ln rf - 0.5247(ln rf + 0.8577 In r 
+ 0.3727 1.1 <r <5 

(13.69) 


where rj IS = isotropic efficiency 

r = pressure ratio P„JP in 


For a centrifugal compressor, the polytropic efficiency can 
be estimated from Equation 13.70: 

r)p = 0.017 In F + 0.7 (13.70) 

where t] P = poly tropic efficiency 

F = inlet flowrate of gas (m 3 -s ') 


where W = power required for compression 
(kJ-s“'=kW) 

m = refrigerant flowrate (kg-s _l ) 

H 2 = specific enthalpy at the compressor inlet 
P EVAPT ev a p (kJ-kg ') 

// 3 = specific enthalpy at the compressor outlet 
Pcond, T out (kJ-kg ') 


The compressor inlet and outlet enthalpies can be calculated 
using the departure function of an equation of state (see 
Appendix A) using a commercial physical property soft¬ 
ware package. Thus, the refrigeration power requirement of 
the compressor for this simple vapor-compression cycle is 
obtained. Alternatively, rather than perfonn an energy 
balance around the compressor, the refrigeration power 
can be calculated directly for a reciprocating compressor 
from Equation 13.65: 


( p EVApFi„N r { _ ^(y-iyy 

\r- ] ) nis 


(24.26) 


where 


W = power required for compression 
(N-m-s -1 = J-s -1 = W) 




Cooling and Refrigeration Systems 667 


Pevap- Pcond = inlet and outlet pressures for the 
compressor (N-m“ ) 

F in = inlet volumetric flowrate (nr-s -1 ) 
y = ratio of heat capacities C P /C V (—) 
'7/s = isentropic efficiency (—) 


by correcting the temperature between the stages by weighting 
according to mass flows (Lee, Zhu and Smith, 2000; Lee, 
2001). An energy balance around the mixing junction in 
Figure 24.21a assuming the heat capacity of the vapor to be 
constant gives (Lee, Zhu and Smith, 2000; Lee, 2001): 


= N (P™ 0 t nd \ 


\P S EVAP J 


N = number of compressor stages 


For a centrifugal or axial compressor, the refrigeration power 
can be calculated directly from Equation 13.67: 


(mi + mj)TMix = miTout + m\ T E vapi (24.28) 

where m\, m 2 = mass flowrate for the refrigerant in Levels 
1 and 2 (kg-s -1 ) 

Pmix = temperature after the mixing junction (K) 
Tout = outlet temperature of the compressor for 
Level 2 (low-pressure compressor) (K) 
Tevapi = evaporator temperature for Level 1 (K) 


W = n PEVApFinN [i _ (24.27) 

n — 1 rip L J 

where rj P = polytropic efficiency (ratio of polytropic 
power to actual power) 

2) Multistage cycles. The calculation procedure for targeting 
refrigeration power for simple cycles can be extended to 
multistage cycles, such as the one shown in Figure 24.21a. 
In order to be able to apply the procedure, the temperature 
after the mixing junction between Levels 1 and 2 (T MIX in 
Figure 24.21a) must be determined. T MIX is not at saturated 
conditions, as a result of the superheat from the low-pressure 
(Level 2) compressor. The effect of the mixing between stages 
in a multistage cycle, leading to superheated conditions at the 
inlet to the high-pressure compression stage, can be estimated 


Rearranging Equation 24.28 gives: 

.j. m 2 T out + miT evapx n . 

1 MIX = - (Z4.2V) 

Wi + m2 

The outlet temperature of the high-pressure compressor in 
Figure 24.21a is found by using Equation 24.23 or 24.24 
with T evap replaced by T MIX . Thus, mass flow weighting of 
flows around mixing junctions can be used to extend the 
procedure for refrigeration power targeting to complex cycles. 

However, attempting to target the power requirements for 
complex problems in this way is very restrictive. It requires the 
configuration of the refrigeration system to be specified. The 
more complex the problem, the more options available in the 
design of the refrigeration cycle (or cycles). What is required is 
an approach that allows the interactions between the design of 



(a) A Iwo-stage refrigeration cycle. 


(h) Decomposition of a two-stage cycle into two 
simple cycles. 


Figure 24.21 

Targeting refrigeration work for a multistage cycle. 
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the process and the refrigeration to be explored without restrict¬ 
ing options. 

A multistage cycle, such as the one shown in Fig¬ 
ure 24.21a, can be decomposed into an assembly of simple 
vapor-compression cycles in order to estimate the power 
requirements. Figure 24.21b shows the two-stage cycle being 
modeled as two simple cycles operating in parallel to estimate 
the power requirements. One simple cycle operates between 
Level 1 and ambient with cooling load given by the evapo¬ 
rator for Level 1. The other simple cycle operates between 
Level 2 and ambient with cooling load given by the evapo¬ 
rator for Level 2. 

Thus, for the purposes of refrigeration power targeting 
for screening options, the power requirements can be esti¬ 
mated from an assembly of simple cycles. Rather than reject 
heat to ambient, heat rejection from the refrigeration cycle 
to the process or to another refrigeration cycle can also be 
allowed for, as will be discussed later. As the design 
evolves, the simple cycles used for targeting can be merged 
together to produce complex cycles. As the simple cycles 
are merged, a number of effects can change the power of the 
merged design to differ from that predicted by an assembly 
of simple cycles. 

• Complex cycles can introduce nonisothermal mixing in the 
cycle, which increases the power requirements. In multi¬ 
stage cycles, such as the one shown in Figure 24.21a, the 
high-pressure compressor is subjected to superheated inlet 
conditions, which is a result of mixing of the saturated 
stream from the low-pressure (Level 1) evaporator with the 
superheated compressor outlet from the low-pressure (Level 
2) compression stage. The superheated inlet conditions to 
the high-pressure compression stage lead to an overall 
increase in the power requirements when compared with 
two simple cycles operating in parallel, as in Figure 24.21 b. 

• The introduction of vapor-liquid separators (economizers) 
acts to reduce the power requirements. For example, if a 
vapor-liquid separator is introduced into the cycle in 
Figure 24.21a, as in Figure 24.15, vapor from the first 
(Level 1) throttle is not passed to the low-pressure (Level 2) 
compressor. This reduces the load on the low-pressure 
compressor and the overall power requirements. 

• If compressor loads can be merged, such that a larger 
compressor is required, then the larger compressor is likely 
to have a higher efficiency than the smaller compressors 
used in simple cycles. 

This means that the refrigeration power targets calculated by 
decomposing the refrigeration system into an assembly of 
simple cycles might be lower or higher than the final refrigera¬ 
tion design, depending on the problem and the options chosen 
by the designer. Complex cycles are likely to be cheaper in 
capital cost than a collection of simple cycles. Thus, in deter¬ 
mining the final design for the refrigeration, there are difficult 
trade-offs to be considered, involving operating cost, capital 
cost, complexity, operability and safety. 


Example 24.5 Following Example 24.3, calculate the target 
for refrigeration power for a cooling duty of 3 MW with an 
evaporator temperature of — 30 °C and refrigeration condenser 
temperature of 40 °C using ammonia, propane and propylene. 
Assume that reciprocating compressors are to be used. Enthalpies 
can be calculated from the Peng-Robinson Equation of State. 


Solution From saturated liquid-vapor pressure data, for an 
evaporator temperature of -30 °C and a condenser temperature 
of 40 °C, the following pressures are obtained. 




Pressure (bar) 



Ammonia 

Propylene 

Propane 

Evaporator 

1.2009 

2.1191 

1.6815 

Condenser 

15.548 

16.431 

13.718 

Pressure ratio 

12.95 

7.75 

8.16 

The values of the heat capacity ratio y can be obtained from 
physical property data at average conditions. 

Ammonia 

Propylene 

Propane 

Y 

1.30 

1.13 

1.16 


From the values of y and the pressure ratios, it is clear that the 
pressure ratio for ammonia is very high for a single-stage com¬ 
pression. The guidelines for gas compression given in Chapter 13 
indicate that propylene and propane compressions should be able to 
be achieved in a single compression stage, but the ammonia would 
seem to require two compression stages with intercooling. How¬ 
ever, in this case, the gas entering the compressor is at a low 
temperature, which results in a correspondingly lower outlet 
temperature from the compressor. This would need to be examined 
in some detail. Indeed, if a two-stage compression is introduced, it 
would be sensible to consider using an economizer, together with 
intercooling, to reduce vapor flow in the low-pressure compression 
stage. In this case, the ammonia compression will be assumed to be 
carried out in a single stage so as to compare with the other 
refrigerants on a common basis. 

Calculation of the power requirements for the three refrig¬ 
erants requires the flowrate to be calculated for a duty of 3 MW. 
This can be calculated from the enthalpy difference across the 
evaporator (H 2 — H i). The enthalpy difference across the evap¬ 
orator is assumed to be the difference between the saturated 
vapor enthalpy at the evaporator pressure and the saturated 
liquid enthalpy at the condenser pressure. This assumes no 
subcooling of the refrigerants 



Ammonia 

Propylene 

Propane 

H 2 -Hi (kLkg- 1 ) 

1047 

245.8 

229.33 

m = Qevap (kg-s-'j 
(H 2 —Hi)' 1 

2.865 

12.21 

13.10 

Pv (kg • m -3 ) 

1.007 

4.605 

3.850 

Pin = —- ( m 3 • S _1 ) 

2.845 

2.650 

3.402 


Pv 
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The compressor efficiency (in this case, isentropic efficiency) 
can now be estimated and in turn the outlet temperature and 
compressor power. 



Ammonia 

Propylene 

Propane 

>hs (—) 

(from Equation 13.69) 

0.960 

0.866 

0.870 

Tou, (K) 

(from Equation 24.23) 

447 

318 

337 

W (MW) 

(from Equation 24.26) 

1.24 

1.50 

1.60 


From these results, the high temperature of the ammonia from the 
compressor outlet should be noted. This reinforces the points made 
earlier regarding ammonia compression. 

In principle, ammonia is the best refrigerant fluid in terms of 
power requirement. However, this conclusion disregards the poten¬ 
tial practical problems associated with compression. There is little 
to choose between propylene and propane in terms of the power 
requirements. 

It is also interesting to compare the more detailed calculations 
performed here with the approximate calculation in Example 24.3. 
The power was estimated to be 1.4 MW on the basis of the COP for 
an ideal cycle with an assumed 60% efficiency. 


24.8 Heat Integration of 
Pure Component 
Compression Refrigeration 
Processes 

Figure 24.22a shows an example of a refrigeration cycle matched 
against a grand composite curve. Heat is rejected from the process 
into the refrigerant at the lowest temperature. In Figure 24.22a, the 
heat rejection from the refrigeration cycle is to cooling water. 


Closer inspection of the grand composite curve in Figure 24.22a 
shows that it has a large requirement for heat at a temperature 
below cooling water temperature. Thus, Figure 24.22b shows a 
refrigeration cycle that rejects its heat into the process to reduce 
the power requirement with a lower temperature lift and to save 
hot utility. 

Figure 24.23 shows the same grand composite curve as in 
Figure 24.22, but cooled below ambient by a two-level refrigera¬ 
tion system. The grand composite curve is used to determine the 
heat rejection at each refrigeration level. Using a two-level refrig¬ 
eration system, as shown in Figure 24.23, reduces the power 
requirement compared with the single-level arrangement shown 
in Figure 24.22. This results from the smaller temperature lift 
required by the higher temperature refrigeration level. 

Figure 24.24 shows a much more complex refrigeration cycle 
matched against the same grand composite curve. Heat is rejected 
between Points 1 and 2 into the lowest level of refrigeration. 
Another level of refrigeration is placed between Points 3 and 4. So 
far, this is the same solution as shown in Figure 24.23. Figure 24.24 
shows an additional feature in which some heat is rejected back into 
the process between Points 5 and 6. Rejecting the heat in the way 
shown in Figure 24.24 at an intermediate temperature saves power 
for the rejection of heat that would otherwise have to be lifted 
above the pinch temperature before rejection. However, the inter¬ 
mediate heat rejection between Points 5 and 6 in Figure 24.24 
disturbs the energy balance in the pocket of the grand composite 
curve, requiring a third level of refrigeration to be introduced 
between Points 7 and 8 for heat rejection from the process. Going 
from the single-level refrigeration in Figure 24.22 to the two-level 
refrigeration in Figure 24.23 and on to the three-level refrigeration 
system with intermediate heat rejection in Figure 24.24 saves 
power with each additional level of complexity. However, the 
capital cost increases as the complexity increases. Thus, whether it 
is worthwhile to introduce a complex solution as the one shown in 
Figure 24.24 depends very much on the economy of scale and the 
trade-off between energy costs and capital costs. 

When refrigeration profiles are matched against the grand 
composite curve, either heat removal from the process or heat 
rejection to the process, the selection of temperature is not always 
straightforward. Sometimes, the refrigeration level fits neatly 



Figure 24.22 

Heat integration of a single level refrigeration system. 
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Figure 24.23 

Heat integration of a two-level refrigeration system. 




Figure 24.24 

Exploiting the pockets in the grand composite curve reduces the overall temperature lift and the shaftwork requirements. 


against a flat portion of the grand composite curve (e.g. 
Figure 24.23 between Points 1 and 2). Sometimes, the refrigeration 
level needs to be fitted against a sloping section of the grand 
composite curve, as shown in Figure 24.25. In this case, there is a 
degree of freedom to choose the level of the refrigeration. For the 
example in Figure 24.25, there are two levels of refrigeration. As 
the higher temperature refrigeration level is increased, the heat load 
and power requirement per unit of heat load both decrease. This 
will decrease the cost of the power requirements for the higher 
temperature refrigeration level. However, as the heat load on the 
higher temperature refrigeration level decreases, the heat load on 
the lower temperature refrigeration level increases, increasing its 
power requirement. As the temperature of the higher-level refrig¬ 
eration decreases, these trends reverse. There is thus a degree of 
freedom that needs to be optimized to determine the heat 
duty allocated to each of the two levels of refrigeration. To analyze 


T* 



■*- Loads—► 


Figure 24.25 

Optimization of refrigeration levels. 
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such a trade-off requires a quantitative prediction of the power 
required for given refrigeration evaporation and condensing 
temperatures. 


If the refrigeration system involves a cascade cycle, the partition 
temperature is an important additional degree of freedom to be 
optimized. 


Example 24.6 Determine the refrigeration requirements for 

the low-temperature distillation process from Example 17.1 

shown in Figure 17.19 for AT min = 5 °C. 

a) Plot the grand composite curve from the heat cascade given in 
Figure 17.21b and determine the temperature and duties of the 
refrigeration if two levels of refrigeration are to be used. 
Assume that both vaporization and condensation of the 
refrigerant occur isothermally. 

b) Calculate the power requirements for the refrigeration for heat 
rejection to cooling water operating between 20 and 25 °C 
approximated by Equation 24.15 with a Carnot Efficiency 
of 0.6. 

c) Repeat the calculation from Part b using refrigeration power 
targeting, assuming propylene as the refrigerant and a 
reciprocating compressor. 

d) Heat rejection from the refrigeration system into the process 
can be used to reduce the refrigeration power requirements. 
Calculate the power using Equation 24.15 with a Carnot 
Efficiency of 0.6. 

e) Repeat the calculation from Part d using refrigeration power 
targeting, assuming propylene as the refrigerant and a 
reciprocating compressor. 

Solution 

a) Figure 24.26a shows a plot of the grand composite curve from 
the problem table cascade given in Figure 17.21b. Also shown 
in Figure 24.26a are two refrigeration profiles. 



T* (°C) 

T (°Q 

Qevap (MW) 

Level 1 

-24.5 

-25 

1.04 

Level 2 

-42.5 

-45 

(1.84- 1.04) = 0.8 


b) For heat rejection to cooling water: 

T h = 25 + 5 = 30°C = 303K 


W i = 


W 2 = 


1.04 

06" 

0.8 

06 


303 - 248 


248 

303 - 228 
228 


= 0.38 MW 


= 0.44 MW 


Total power for heat rejection to cooling water = 
0.38+ 0.44 = 0.82 MW. 

c) Repeat the calculation from Part b but now using refrigeration 
targeting, assuming propylene as the refrigerant. Designate 
Cycle 1 to operate between —25 °C and 30 °C and Cycle 2 to 
operate between -45 °C and 30 °C. 



Pressure (bar) 

Cycle 1 

Cycle 2 

Evaporator 

2.5239 

1.1291 

Condenser 

13.0081 

13.0081 

Pressure ratio 

5.15 

11.52 


The pressure ratio is a little high for Cycle 2 to be carried out in 
a single compression stage. However, single-stage compres¬ 
sion will be assumed for the sake of comparison between 
different options. The heat capacity ratio y will be assumed to 
be constant with a value of 1.13. 



Cycle 1 

Cycle 2 

Q evap (MW) 

1.04 

0.8 

H 2 -/^(kJ-kg- 1 ) 

279.4 

258.2 

Qevap /, -i\ 

m = { H 2 -H i ) (kg - S ) 

3.722 

3.098 

Pv(kg • m -3 ) 

5.492 

2.593 

F in = — (m 3 -s ‘) 

Pv 

0.6778 

1.195 

The compressor efficiency (in this 

case, isentropic efficiency) 

can now be estimated. This allows the outlet temperature to be 
calculated. 


Cycle 1 

Cycle 2 

>lis ( _ ) 

(from Equation 13.69) 

0.849 

0.928 

T OUI (K) 

(from Equation 24.23) 

302 

328 

W (MW) 

(from Equation 24.26) 

0.36 

0.41 


Total power for heat rejection to cooling water = 
0.36 + 0.41 =0.77 MW. 

d) Now assume that part of Level 2 can be rejected to the process 
above the pinch as shown in Figure 24.26b. The heat 
exchangers represented in Figure 24.26b might be several 
exchangers in practice. The rejection load is fixed 
at 0.54 MW: 


W = 


Qevap 

0.6 


Tcond — Tevap 


W = 


Qcond — W 

0.6 

0.54 - W 


— T EV ap 


W = 

0.6 

W = 0.14 MW 


(5 + 273) - 248 


248 


Process cooling by Level 2 by this arrangement across the 
pinch 

= 0.54-0.14 
= 0.4 MW 
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Figure 24.26 

Refrigeration system for Example 6. 




(b) I leal (ejection to the process allows the power requirements to be reduced. 


The balance of the cooling demand on Level 2 (0.8 — 0.4) 
= 0.4 MW, together with the load from Level 1 must be either 
rejected to the process at a higher temperature above the pinch 
or to cooling water. The process has a heating demand at 20 °C, 
which means that heat could be rejected at 25 °C. However, 
there seems little advantage in such an arrangement since the 
heat can be rejected to cooling water at 30 °C, and rejection to 
the process would add to the complexity of both design and 
operation. Assume that the rest of the rejection heat goes to 
cooling water: 


Wj = 


1.04 

wT 


303 - 248 


248 


= 0.38 MW (as before) 


W 2 = 


0.8-0.4 

0.6 


303 - 228 


228 


= 0.22 MW 


Thus, the saving in refrigeration power by integration with the 
process 

= 0.82-0.74 


= 0.08 MW 

e) Repeat the above calculation using refrigeration power 
targeting. Designate the cycle operating between —45 °C 
and 5 °C to be Cycle 3. 


Pressure (bar) 
Cycle 3 

Evaporator 

1.1291 

Condenser 

6.7033 

Pressure ratio 

5.15 


Total refrigeration power for part rejection of Level 2 to the 
process 

= 0.38 + 0.22 + 0.14 
= 0.74 MW 


For Cycle 3, the refrigerant flowrate and power are dictated by 
the heat load on the condenser, Qcond = Qevap + W. Since W 
is unknown, some trial and error is required. Assume initially 
that Qcond = 0-4 MW for Cycle 3. 
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Qevap (MW) 

0.4 

0.38 

0.388 

H 2 - Hi (kJ ■ kg -1 ) 

258.2 

258.2 

258.2 

Qevap /, -is 

(ks ' ! > 

1.549 

1.472 

1.503 

Pv (kg • m -3 ) 

2.593 

2.593 

2.593 

Fin = — (m 3 ■ s *) 

Pv 

0.5974 

0.5676 

0.5795 

Vis (—) 

(from Equation 13.69) 

0.852 

0.852 

0.852 

Ton, (K) 

(from Equation 24.23) 

308 

308 

308 

W (MW) 

(from Equation 24.26) 

0.156 

0.149 

0.152 

Qcond (MW) 

0.556 

0.529 

0.540 


The duty on Cycle 1 remains unchanged from Part c, but the 
duty on Cycle 2 must be reduced from Part c to compensate for 
the duty on Cycle 3. For Cycle 2: 

Q evap = 0.8-0.388 


Adjusting the calculation in Part c to reduce Qevap to 
0.412 MW: 

m = 1.596 kg • s“‘ 

F in = 0.6153 m 3 -s-' 

W = 0.211 MW 

Total refrigeration power for part rejection of Level 2 to the 
process from refrigeration targeting 

= 0.36 + 0.21+0.15 
= 0.72 MW 

Thus, the saving in refrigeration power by integration with the 
process from refrigeration targeting 

= 0.77-0.72 
= 0.05 MW 

This is only a small benefit. 


= 0.412 MW 


24.9 Mixed Refrigerants for 
Compression Refrigeration 

It was discussed above how pure refrigerants have a restricted 
temperature range over which they can operate. The working range 
of refrigerant fluids can be extended and modified by using a 
mixture for the refrigerant rather than a pure component. Mixed 
refrigerants can then be applied in simple, multistage or cascade 
refrigeration systems. However, unlike pure refrigerants and azeo¬ 
tropic mixtures, the temperature and vapor and liquid compositions 
of nonazeotropic mixtures do not remain constant at constant 
pressure as the refrigerants evaporate or condense. Use of mixed 
refrigerants can be particularly effective if the cooling duty 
involves a significant change in temperature. The composition 
of the mixture is selected such that the liquid refrigerant evaporates 
over a temperature range similar to that of the process cooling 
demand. Figure 24.27 compares a pure refrigerant (or an azeo¬ 
tropic mixture) and a mixed refrigerant, both cooling a low- 
temperature heat source that changes temperature significantly. 
In Figure 24.27a, it can be seen that a pure refrigerant (or azeotropic 
mixture) evaporates at a constant temperature, leading to a small 
difference in temperature at one end of the heat exchanger, but a 
large difference in temperature at the other end. By contrast, a 
mixed refrigerant, as shown in Figure 24.27b, evaporates over a 
range of temperature and follows more closely the low-temperature 
cooling profile. Small temperature differences throughout the heat 
exchange in low-temperature systems lead to lower refrigeration 
power requirements. A higher average temperature for the 




(a) Pure refrigerant. (b) Mixed refrigerant. 

Figure 24.27 

Pure and mixed refrigerants. 


refrigeration evaporation means a lower temperature lift and a 
lower power requirement. 

Figure 24.28 illustrates a simple refrigeration cycle using a 
mixed refrigerant. Figure 24.28 shows temperature enthalpy pro¬ 
files for both the process cooling demand and the refrigerant 
evaporation profile. It can be seen that the refrigerant evaporation 
profile for the process cooling demand tends to follow the process 
cooling demand with a much smaller temperature difference 
than would be the case for a pure refrigerant. The match between 
the process cooling and the refrigerant evaporation would 
normally be carried out in plate-fin heat exchanger in a counter- 
current match with small temperature differences. It should be 
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Figure 24.28 

A simple refrigeration cycle using a mixed refrigerant. 


noted that it is normal practice in such cycles to feature some 
superheating of the refrigerant, as illustrated in Figure 24.28. 
Superheating the refrigerant before it is returned to the compressor 
protects the compressor against potential damage from liquid 
entering the compressor. 

The design of a mixed refrigerant system requires the degrees of 
freedom to be manipulated simultaneously. These are as follows 
(Lee, Smith and Zhu, 2003). 

1) Pressure level. The choice of pressure level for the mixed 
refrigerant evaporation affects the temperature difference 
between the process cooling curve and refrigerant evaporation 
curve. This is illustrated in Figure 24.29, where a natural gas 
stream is cooled and liquefied using a mixed refrigerant. The 
mixed refrigerant evaporation profile shown in Figure 24.29a is 


infeasible as a result of a temperature cross. Increasing the 
compressor discharge pressure, as shown in Figure 24.29b 
creates feasible temperature differences throughout the natural 
gas liquefaction in this case. However, this is at the expense of 
increased compressor power. Increasing the overall temperature 
difference will increase the refrigeration power requirements. 

2) Refrigerant flowrate. Increasing the refrigerant flowrate can 
widen the temperature difference between the process cooling 
curve and refrigerant evaporation curve, and vice versa. This is 
illustrated in Figure 24.30, again for a natural gas liquefaction 
process. The mixed refrigerant evaporation profile shown in 
Figure 24.30a is infeasible as a result of a temperature 
cross. Increasing the refrigerant flowrate, as illustrated in 
Figure 24.30b, creates feasible temperature differences 




(a) Liquefaction of a natural gas stream exhibiting a 
temperature cross. 


(bl Increasing the compressor discharge pressure with the 
same suction pressure creates leasible temperature 
differences throughout at the expense of increased 
compressor power. 


Figure 24.29 

Effect of pressure on temperature feasibility for liquefaction of a natural gas stream using a mixed refrigerant. 
















Cooling and Refrigeration Systems 675 


T 



(a) Liquefaction of a natural gas stream exhibiting a 
temperature cross. 



(bl Increasing the refrigerant flowrate creates feasible 
temperature differences throughout at the expense of 
increased compressor power. 


Figure 24.30 

Effect of refrigerant flowrate on temperature feasibility for liquefaction of a natural gas stream using a mixed refrigerant. 


throughout the natural gas liquefaction in this case. However, 
increasing the refrigerant flowrate increases the compressor 
power. If the refrigerant flowrate is too high, there might be 
some wetness in the inlet stream to the compressor, which 
should be avoided. Therefore, the refrigerant flowrate can be 
changed only within a feasible range. 

3) Refrigerant composition. The composition of the mixture can 
be varied to achieve the required characteristics. Introduction of 
new components or replacing existing components by new 
ones provides additional freedom to achieve better perform¬ 
ance. Unlike adjusting the refrigerant pressure level and flow- 
rate, optimization of the composition does not inevitably mean 
that increasing the temperature difference in some part of the 


heat exchange will result in higher refrigeration power require¬ 
ments. This is illustrated in Figure 24.31 for the same natural 
gas liquefaction. Figure 24.31a shows a mixed refrigerant 
evaporation profile that features a temperature cross. In this 
case, the refrigerant composition can be changed to alter the 
mixed refrigerant evaporation profile. Figure 24.31b shows an 
alternative refrigerant evaporation profile through changing the 
composition that features feasible temperature differences 
throughout. In this case, change actually lowers the compressor 
power. Since pressure levels and refrigerant flowrate can only 
be changed within certain ranges, the refrigerant composition is 
the most flexible and significant variable when designing 
mixed refrigerant systems. 


T T 



(a) Liquefaction of a natural gas stream exhibiting a 
temperature cross. 


(bl Changing refrigerant composition creates feasible 
temperature differences throughout and allows a 
decrease in compressor power. 


Figure 24.31 

Effect of refrigerant composition on temperature feasibility for liquefaction of a natural gas stream using a mixed refrigerant. 
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Figure 24.32 

A simple liquefied natural gas (LNG) process. (Repro¬ 
duced with permission from Lee G-C, Smith R and Zhu 
XX (2003) Optimal Synthesis of Mixed-refrigerant 
Systems for Low-temperature Processes, Ind Eng Chem 
Res , 41: 5016. Copyright © 2003, American Chemical 
Society.) 


Refrigerant 



The major difficulty in the selection of refrigerant composition 
for mixed refrigerants comes from the interactions between the 
variables and the small temperature difference between the process 
cooling curve and refrigerant evaporation curve. Any change in the 
refrigerant composition, evaporating pressure or the refrigerant 
flowrate will change the shape and position of the refrigerant 
evaporation curve. 

Optimization can be used to vary the refrigerant composition, 
flowrate and pressure level to obtain the desired refrigerant prop¬ 
erties and conditions. Ideal matching between the process cooling 
curve and refrigerant evaporation curve would lead to the evap¬ 
oration curve tending to follow the general shape of the cooling 
curve, but with the two curves not necessarily being parallel with 
each other, and the refrigerant profile will normally feature some 
superheating. 

To determine the optimum settings for the compressor suction 
and discharge pressures, the refrigerant flowrate and composition 
requires a simulation model that is subjected to optimization. The 
degrees of freedom can be manipulated using nonlinear program¬ 
ming (e.g. SQP, see Chapter 3) to perform the optimization by 
manipulating the composition, flowrate and pressures (Lee, Smith 
and Zhu, 2003). The objective is normally to minimize the 
compressor power. However, this approach is vulnerable to the 
highly nonlinear characteristics of the optimization. Alternatively, 
a stochastic search method can be used at the expense of the 
additional computational requirements. Genetic algorithms, as 
discussed in Chapter 3, have proven to be successful in developing 
good solutions (Wang, 2004; Del Nogal et al., 2008). Great care 
must be taken to ensure temperature feasibility throughout the 


cooling process. The temperatures need to be checked at discrete 
points along the cooling profile to ensure that the temperature 
difference is greater than some practical minimum. 

One major application of mixed refrigerant systems is in the 
liquefaction of natural gas (Kinard and Gaumer, 1973; Bellow, 
Ghazal and Silverman, 1997; Finn, Johnson and Tomlinson, 
1999). A mixture of hydrocarbons (usually with carbon numbers 
in the C] to C 5 range) and nitrogen is normally used as refrigerant 
(see Figure 24.31). The refrigerant characteristics are chosen such 
that there is a close match between the cooling and heating profiles 
with small temperature differences throughout the whole temper¬ 
ature range for a specific refrigeration demand (but not necessarily 
parallel). The simplest form of process for liquefaction of natural 
gas using a mixed refrigerant is illustrated in Figure 24.32. The 
function of such a process is to convert natural gas to the liquid state 
for transportation and/or storage. The natural gas enters the heat 
exchanger at ambient temperature and high pressure and is to be 
liquefied by the mixed refrigerant flowing countercurrently 
through the main heat exchanger. The main heat exchanger could 
typically be a plate-fin design (see Chapter 12). The mixed 
refrigerant is then recompressed and partially condensed, normally 
by cooling water. Because there is no other heat sink in the process 
that can totally condense the mixed refrigerant, it must be con¬ 
densed by the cold refrigerant itself. Thus, the mixed refrigerant 
after leaving the compressor is first cooled by cooling water and 
then passes through the main heat exchanger, where it is condensed 
by matching against the evaporating refrigerant. It is then expanded 
across a valve and returns countercurrently through the heat 
exchanger to the compressor. 
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Figure 24.32 shows the temperature profiles of the three streams 
in the main heat exchanger: the natural gas stream, the warm 
refrigerant stream before the expansion valve and the cold refrig¬ 
erant stream after the expansion valve (Lee, Smith and Zhu, 2003). 
The natural gas stream and the warm refrigerant stream need to be 
combined as a hot composite curve, as described in Chapter 17, to 
give the total cooling demand. The mixed refrigerant evaporates 
and condenses at two constant pressure levels, while both the 
evaporating and condensing temperatures vary over a wide range. 
The choice of the two pressure levels affects the temperature 
difference between the hot composite curve and the refrigeration 
evaporation profile. It should be noted that, in this case, as the 
degrees of freedom are manipulated, this alters the shape of both 
the cooling curve and the refrigerant evaporation curve. This 
means that the cooling curve (hot composite curve) must be 
recalculated, as the optimization progresses (Lee, Smith and 
Zhu, 2003). 

Many different structural variations are possible around the 
simple cycle shown in Figure 24.32. The cycle can be made more 
complex by introducing multiple expansion and compression 
stages. These structural variations can be screened using structural 
optimization, for example with a genetic algorithm (Del Nogal 
et al., 2008). Beyond that, many different complex cycles can be 
used that exploit mixed refrigerants. Two different mixed refrig¬ 
erant cycles can be cascaded or a complex multistage pure refrig¬ 
erant cycle used as precooling before using a mixed refrigerant 
cycle. 


24.10 Expanders 

Expanders are machines that convert pressure energy into work. 
The inlet might in principle be a liquid under pressure that partially 
vaporizes, a vapor that cools and partially condenses as a result of 
the expansion or any gas that cools as a result of the expansion. The 
purpose of the machine might be to recover power, or create a 
cooling effect, or both. 

Three types of expanders are used: 

a) Reciprocating expanders. Reciprocating expanders are anal¬ 
ogous to reciprocating compressors, but operating in reverse. 
Designs typically adopt two pistons in two cylinders with the 
pistons connected by a common shaft. These are used in low- 
temperature applications, but are uncommon devices and 
restricted to applications with a low flowrate and high pressure 
ratio. 

b) Radial flow turbines. Radial flow turbines, sometimes referred 
to as turboexpanders , are analogous to centrifugal compres¬ 
sors, but operating in reverse. The flow is at an angle to the 
turbine shaft. Machines most often feature a single impellor. 
Radial flow turbines are the devices most commonly used in 
low-temperature applications. 

c) Axial flow turbines. Axial flow turbines operate in an analo¬ 
gous way to axial compressors, but operating in reverse. Gas 
flows parallel to the turbine shaft. Axial flow turbines are 
normally used for high flowrates with high inlet temperatures 


where the prime function is to generate power from change in 
gas pressure and will not be considered further here. 

There are three ways in which the power recovered by a turbine 
can be dealt with: 

a) Expander-compressor. In this arrangement, an expander is 
coupled directly to a compressor and the power recovered in the 
expander used to satisfy fully or partially a compressor duty. 

b) Expander-generator. In this arrangement, an expander is 
linked to an electricity generator with the electricity sent to 
a local electrical network. 

c) Expander-brake. In some situations, it will be uneconomic to 
recover the power in small-scale applications. In this case, the 
recovered power is transformed into waste heat in a hydraulic 
braking arrangement. Such arrangements can be attractive in 
small-scale applications as a result of the effective cooling 
provided by the expanded gas. 

Substituting the throttle valve in a compression refrigeration 
cycle by a process expander both increases the efficiency of the 
cycle and allows power recovery. For example, consider 
Figure 24.7 in which the liquid refrigerant is expanded isentropi- 
cally. Compared with the expansion across a throttle valve in 
Figure 24.8, isentropic expansion will produce more liquid after 
the expansion when compared with a throttle valve. This reduces 
the compression duty, as the higher liquid fraction requires a lower 
refrigerant flowrate to provide the same cooling duty. Whilst the 
expansion in Figure 24.7 is not possible in practice, if the expan¬ 
sion can be made more isentropic than a throttle valve by using an 
expander, then this can bring the benefit of reducing the compres¬ 
sion requirements. 

Expansion of a process gas stream across an expander can also 
bring benefits when compared with expansion across a throttle 
valve. Such expanders will most often be radial flow turbines. 
Whilst the performance of centrifugal compressors is normally 
characterized in terms of a polytropic efficiency, the performance 
of radial flow turbines is normally characterized in terms of an 
isentropic efficiency. Isentropic efficiency is normally high, rang¬ 
ing between 70 and 90%, and in some cases higher than 90%. Such 
machines can typically operate with an outlet of over 40% liquid 
by mass without a significant loss of efficiency. Figure 24.33 
illustrates how effective expanders can be in providing low- 
temperature cooling. Figure 24.33 shows a number of different 
expansion paths starting with propylene at lObar and 350 K. 
Isentropic expansion gives an outlet temperature of 256 K when 
expanded to 1 bar. As the isentropic efficiency decreases, the 
expansion path to the same outlet pressure leads to higher and 
higher outlet temperatures. The expansion path corresponding with 
>hs = 0% corresponds with expansion across a valve. The gas after 
expansion across a valve has a much higher temperature of 340 K 
when compared with an isentropic expansion. This explains why it 
is sometimes desirable to use an expander for the gas expansion of a 
gas to produce low-temperature cooling and to not recover the 
power, but simply use a brake. 

As an example in the use of expanders, consider Figure 24.34. 
This shows a process for the liquefaction of natural gas using 
nitrogen gas in a refrigeration cycle. Nitrogen from compression is 
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Figure 24.33 

Expansion of a gas along different paths. An example 
using the expansion of propylene. 



cooled to ambient temperature and then enters a multistream heat 
exchanger, typically a plate-fin heat exchanger (see Chapter 12). 
The nitrogen refrigerant is first precooled by heat transfer in the 
multistream heat exchanger before entering a process expander, 
where the nitrogen expands and cools to the minimum temperature 
required for the natural gas cooling. The nitrogen from the outlet of 
the expander enters the multistream heat exchanger, where it 


provides both the cooling for the natural gas and the precooling 
for the nitrogen refrigerant. The nitrogen at the exit of the multi¬ 
stream heat exchanger is then compressed. Power recovered from 
the expander provides part of the compression power. The remain¬ 
der of the compressor power must be supplied by an electric motor, 
steam turbine or gas turbine. The nitrogen refrigerant cools the 
natural gas in the heat exchanger, after which the natural gas is 



Figure 24.34 

A nitrogen expander process for natural gas liquefaction. 
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flashed to a lower pressure to complete the cooling. Such refriger¬ 
ation cycles using nitrogen gas are inefficient but are used for 
small-scale natural gas liquefaction processes where the safety of 
the nitrogen refrigerant is preferred to be hydrocarbon refrigerants 
normally used for liquefaction. The efficiency of the liquefaction 
can be improved by introducing two cycles heat integrated 
together. The warmer cycle might use nitrogen, methane or a 
mixture of nitrogen and methane and the colder cycle completes the 
cooling using nitrogen refrigerant. Both cycles use expanders. 

The modelling of expanders has the same basis as compressors. 
Given that an ideal expansion is the reverse of an ideal compres¬ 
sion, then an adiabatic ideal gas (isentropic) expansion can be 
calculated from Equation G.22: 


W.v = - 


1 - 


p \ (r~ l W 

1 OU 

P 

1 III 


(24.30) 


where 


W s = 

Pin = 
P ~ 

1 out 

V in = 
Y = 


ideal work produced (J) 
inlet pressure (N-m 2 ) 
outlet pressure (N-m 2 ) 
inlet volume (m 3 ) 
heat capacity ratio C P /C V (—) 


For a real expansion, this becomes: 


IT = 


~j" J'llS^PinVin 


1 - 


O'-0/)'’ 


(24.31) 


where W = actual work produced (J) 

v\is,e = isentropic efficiency for the expansion 
process (—) 


Expressing V in as a volumetric flowrate returns a value of W in 
J-s . Alternatively, the work can be expressed in terms of the 
molar flowrate by introducing the compressibility factor, noting 
PV—ZRT (see Appendix A): 


W = 


r -1 


hs^ZRTj, 



(24.32) 


where W = actual work produced (J kmol -1 ) 

R = universal gas constant (8314.5 J-K _l -kmol _1 ) 
Z = compressibility factor ( —) 


The compressibility factorZcan be determined from an equation of 
state (see Appendix A). The outlet temperature can be calculated 
from Equation 13.80: 


Tout — Tini'! ISE 


Pn„ ,V r - 1)/r 1 


out 

p 

1 III 


+ -1 
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(24.33) 


where T out 
T 

1 in 


temperature of the outlet stream for a real 
expansion 

temperature of the inlet stream 


Equations 24.31, 24.32 and 24.33 can be used to model gas 
expansion. However, these equations need to be used with caution. 


as they are based on ideal gas behavior and heat capacity is 
assumed to be constant. Providing the pressure is not high and 
the gas does not deviate significantly from ideal behavior, then the 
equations can be used to model the expansion. In addition, the 
value of y can vary significantly through the expansion process. 

An alternative way to calculate the work for an adiabatic 
expansion discussed in Chapter 13 is from the difference between 
the total enthalpy of the outlet and inlet flows: 

W = H in -H out 

(24.34) 

= iflin ~ H out, is) 

power produced from expansion 
(N-m-s _1 =J-s _1 =W) 
total enthalpy of the inlet stream 
total enthalpy of the outlet stream for an 
isentropic expansion 

total enthalpy of the outlet stream for a real 
expansion 

isentropic efficiency for the expansion 
process (—) 

The calculation starts with the inlet enthalpy and, given the inlet 
enthalpy and the pressure, the entropy of the inlet is calculated. 
Then, assuming the outlet entropy is the same as the inlet (isen¬ 
tropic) and given the outlet pressure, the outlet enthalpy is calcu¬ 
lated. From the isentropic enthalpy change, the real outlet enthalpy 
can then be calculated by multiplying the isentropic enthalpy 
change by the isentropic efficiency to get the real enthalpy change. 
Neglecting any mechanical losses, this gives the overall power 
production. Knowing the outlet enthalpy and pressure allows the 
outlet temperature to be calculated from physical properties. This is 
the method normally used in simulation software, but is 
inconvenient to carry out using hand calculations. 


where 


W = 


H in 

Hom.is 

Hour 

UlS.E 


Example 24.7 A small-scale liquefied natural gas process is 
required to produce 210 tons per day of liquefied natural gas. The 
small-scale nature of the process makes it a possible candidate for a 
nitrogen expander cycle, as in Figure 24.34. The required flowrate 
of nitrogen to achieve the cooling is 0.43 kmol s -1 . The nitrogen 
expander can be modelled using an isentropic efficiency of 0.85. 
The large change in conditions of both temperature and pressure 
across the expander leads to a variation in the value of j through the 
process. Given that the variation in y is nonlinear with conditions, a 
simple average is not necessarily representative and a value of 1.42 
can be taken to be representative of the overall expansion process. 
The compressor can be assumed to be a multistage centrifugal 
compressor to be modelled by a polytropic compression with a 
maximum pressure ratio per stage of 3. It can be assumed that the 
intercoolers cool the gas back to the compressor inlet temperature 
and there is no pressure drop across the intercoolers. The universal 
gas constant R can be taken to be 8314.5 J kmol 1 K~ 1 . Values of 
the compressibility of nitrogen can be determined from the Peng- 
Robinson Equation of State (see Appendix A). 

a) The conditions at the expander inlet are 268 K, 59.9 bar with a 
compressibility of 0.966. The outlet pressure is 1.6 bar. 
Calculate the expander outlet temperature assuming the heat 
capacity is constant. 
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b) Calculate the power recovery from the expander. 

c) The conditions at the compressor inlet are 303 K, 1.4 bar with a 
compressibility of 0.999. The required outlet pressure is 
60.1 bar. Calculate the net power input for the process. 

Solution 

a) Assuming heat capacity and y to be constant, the expander 
outlet temperature can be calculated from Equation 24.33: 

Tout — Tin>hS,E 



Substituting for the inlet conditions and outlet pressure: 



268x0.85 


n ^\ (1 - 42 - 1)/L42 . 

\59.9j + 0.85 


= 118.2 K 


b) Power recovery from the expander can be calculated from 
Equation 24.32: 


W 



} hs,E^TT in 




fr-i)/V 


= 0.43 


1.42 
1.42 - 1 


x 0.85 x0.966x8314.5 


x268 



' 1.6 \ P - 42-1 )/ 1 - 42 
,593V 


= 1.75 x 10 6 W 


c) First determine the number of compression stages from 
Appendix G: 


N/Kut 

V Pin 

Try A=3: 

3/601 

' “ V 1.40 

This is too high. Try N = 4: 

4 /GOT! 
' " \~L4 


(G.32) 


3.50 


2.56 


Thus, assuming that four stages with intercooling are needed, 
calculate the volumetric flowrate: 


F- 

1 in 


m X 


ZRT in 
Pin 


_ 0.43 x0.999x8314.5 x303 
“ 1.40 x 10 5 

= 7.73 m 3 -s- 1 


Calculate the polytropic efficiency from Equation 13.70: 

Up = 0.017 lnF +0.7 
= 0.017 ln(7.73) +0.7 
= 0.73 

The polytropic coefficient n can be calculated from 
Equation 13.60: 


n — - 

Pip -y+ 1 

1.42x0.73 

~~ 1.42x0.73 -1.42+1 
= 1.68 


The power required for compression can be calculated from 
Equation 13.67: 


W = 


n — 1 t] P 

1.68 
1 . 68-1 


■ [l - (rf-W" 

1.40 X 10 5 X 7.73 x4 


0.73 


1 - ( 2 . 6) 1 


(1.68—1)/1.68 


= -6.92 x lO* 1 W 


The net power input 


= (-6.92+ 1.75) x 10 6 
= -5.17 x 10 6 W 

Thus the net power requirement is 5.17 MW. 

It should be noted that because of the large change in 
conditions of both temperature and pressure across the process, 
there is a change in both the heat capacity and y. Greater 
accuracy would therefore be expected from the approach based 
on enthalpy given in Equation 24.34. Flowever, this calculation 
requires simulation software. 


A gas expanded in an expander might be a process gas. If a gas 
or vapor process stream is available at a high pressure and down¬ 
stream conditions do not require this high pressure, the stream can 
be expanded to provide useful cooling, useful power or both. The 
cooling might allow partial condensation for recovery of the less 
volatile components in a mixture or to provide a cold stream for 
refrigeration purposes. Expansion across a throttle valve provides 
cooling only, whereas expansion across a process expander can 
provide more effective cooling as well as power recovery. As an 
example, suppose a distillation is required to be carried out at low 
temperature and high pressure for the separation of a mixture 
involving light gases. Uncondensed light gases from the condenser 
at high pressure, and not required to be at high pressure, can be 
expanded to cool the gases, which in turn can be used, for example, 
to precool the feed to the distillation. 





Cooling and Refrigeration Systems 681 


Compressed 

Refrigerant 

Vapor 



Compressor 


(b) 


W 



Refrigerant 

Vapor 


Compressed Refrigerant 

Solvent Vapor 



Figure 24.35 

Compression versus absorption refrigeration. 
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24.11 Absorption 
Refrigeration 

Consider now absorption refrigeration. Compression refrigera¬ 
tion is powered by a compressor compressing refrigerant vapor 
(Figure 24.35a). The basic problem with this is the high compres¬ 
sion costs. Figure 24.35b illustrates an alternative way to bring 
about the compression. A refrigerant vapor is first absorbed in a 
solvent. The resulting liquid solution can have its pressure 


increased using a pump. The compressed refrigerant is then 
separated from the solvent in a stripper (regenerator). The pump 
requires significantly less power to bring about the increase in 
pressure compared with the corresponding gas compression. The 
overall effect is to increase the pressure of the refrigerant with far 
less power. The drawback is that a heat supply is needed for the 
stripper (regenerator). 

Figure 24.36 shows a typical absorption refrigeration 
arrangement. To the left of the cycle in Figure 24.36 is the 
absorber and stripper (regenerator) arrangement. Low-pressure 



Figure 24.36 

A typical absoiption refrigeration arrangement. 
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Table 24.6 

Common working fluids for absorption refrigeration. 


Refrigerant 

Solvent 

Lower temperature 
limit (°C) 

Water 

Lithium bromide 

5 

Ammonia 

Water 

-40 


refrigerant vapor from the evaporator is first absorbed in a 
solvent, which is then increased in pressure and then increased 
in temperature in a heat exchanger. The refrigerant then enters 
the vapor generator where the refrigerant is stripped from the 
solvent. Heat is input to the vapor generator and the solvent is 
cooled in the heat exchanger, decreased in pressure and returned 
to the absorber. The high-pressure vapor from the vapor gener¬ 
ator is condensed in the condenser, expanded in the expansion 
valve to produce the cooling effect and then enters the evap¬ 
orator to provide process cooling. 

The features of absorption refrigeration are that there is a low 
power requirement relative to compression refrigeration, but heat 
input to the vapor generator (stripper) is required. Heat output from 
the absorber is required, usually to cooling water. Absorption 
refrigeration is only useful for moderate temperature refrigeration. 

The most common working fluids for absorption refrigeration 
are given in Table 24.6, together with the working range. 

When should absorption refrigeration be used rather than 
compression refrigeration? There are two important criteria. The 
first is that absorption refrigeration can only be used when moder¬ 
ate levels of refrigeration are required. Second, it should only be 
used when there is a large source of waste heat available for the 
vapor generator. This must be at a temperature greater than 90 °C, 
but the higher the better. 


24.12 Indirect Refrigeration 

Indirect refrigeration is often used. Figure 24.37 shows a liquid 
intermediate being recycled to provide the cooling to a process 
load. Heat is removed from the liquid intermediate by a refrigera¬ 
tion cycle. This arrangement is used for distribution of refrigeration 
across a number of process loads or when contact between 
refrigerant and process fluids is unacceptable for safety or product 
contamination reasons. The arrangement leads to higher power 
requirements than direct refrigeration because of the extra temper¬ 
ature lift required in the heat exchanger between the refrigerant 
fluid and intermediate liquid. 

The liquid intermediates used are typically water solutions of 
various concentrations such as salts (e.g. calcium chloride, sodium 
chloride), glycols (e.g. ethylene glycol, propylene glycol) and 
alcohols (e.g. methanol, ethanol), or pure substances such as 
acetone, methanol and ethanol. 


24.13 Cooling Water and 
Refrigeration Systems - 
Summary 

Rejection of waste heat is a feature of most chemical processes. 
Once the opportunities for recovery of heat to other process streams 
and to the utilities system (e.g. steam generation) have been 
exhausted, then waste heat must be rejected to the environment. 
The most direct way to reject heat to the environment above 
ambient temperature is by the use of air-cooled heat exchangers. 
Cooling water using once-through cooling systems based on river 



Figure 24.37 

Indirect refrigeration. 
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water, and so on, can be used. However, such once-through 
systems require large amounts of water and the waste heat rejected 
to aquatic systems can create environmental problems. 

The most common way to reject waste heat above ambient 
temperature is through recirculating cooling water systems. Both 
natural draft and mechanical draft cooling towers are used. Heat is 
rejected through the evaporation of water, but other losses of water 
result from the need for blowdown to prevent build-up of undesired 
contaminants in the recirculation and drift losses. Increasing the 
cycles of concentration reduces the blowdown losses, probably at 
the expense of increased chemical dosing to prevent fouling and 
corrosion. 

The design of the cooling tower and the design of the cooling 
water network interact with each other. Cooling duties can be 
configured in parallel or series. Decreasing the flowrate of cooling 
water and increasing the cooling tower return temperature increase 
the effectiveness of the cooling tower. Placing coolers in series, 
rather than parallel, benefits the performance of the cooling tower 
through reduced flowrate and increasing return temperature. How¬ 
ever, this is at the expense of reduced temperature differences in the 
coolers and increased pressure drop for the cooling water. Placing 
coolers in series for a few critical reuse opportunities might be 
extremely effective in improving the design. 

Refrigeration is required to produce cooling below ambient 
temperature. There are two broad classes of refrigeration: 

• Compression refrigeration 

• Absorption refrigeration. 

Compression refrigeration is by far the most common. Simple 
cycles can be employed to provide cooling typically as low as 
—40 °C. For lower temperatures, complex cycles are used. Econ¬ 
omizers, presaturators and the introduction of multiple refrigera¬ 
tion levels allow multistage compression and expansion to be used 
to reduce the power requirements for refrigeration. Very low 
temperature systems require the use of cascade cycles with two 
refrigerant cycles linked together, with each cycle using a different 
refrigerant fluid. 

The choice of refrigerant fluid depends on a number of issues. 
Use of an evaporator pressure below atmospheric pressure is 
normally avoided. It is desirable to have a high latent heat at 
the evaporator conditions in order to reduce the flowrate around the 
refrigeration loop to reduce the power requirements correspond¬ 
ingly. Various other factors relating to the shape of the two-phase 
region for the refrigerant fluid also affect the choice of refrigerant, 
as well as the toxicity, flammability, corrosivity and environmental 
impact. 

Refrigeration cycles offer many opportunities for heat integra¬ 
tion with the process. These can be explored using the grand 
composite curve. 

Refrigeration power can be targeted for specific refrigerant 
fluids by performing an energy balance around the cycle. Simple, 
multistage and complex cycles can be targeted for minimum 
refrigeration power. 

Mixed refrigerant systems use a mixture as refrigerant instead 
of pure refrigerants. Evaporation of the refrigerant mixture over a 
range of temperature allows a better match between the refrigerant 


duty and refrigerant evaporation if the refrigeration duty varies 
significantly in temperature. When designing mixed refrigerant 
systems, important degrees of freedom include: 

• composition of the refrigerant mixture, 

• pressure levels, 

• refrigeration flowrate. 

Expanders are more effective in producing low temperatures 
than expansion across a valve. Expanders can be used within the 
refrigeration cycle. Alternatively, if a process gas or vapor is at a 
high pressure and is not required at high pressure downstream, then 
it can be let down across an expander either to produce a low- 
temperature heat sink for the process or to recover power. 

Absorption refrigeration is much less common than compres¬ 
sion refrigeration. Absorption refrigeration reduces power require¬ 
ments by compressing the refrigerant fluid dissolved in a solvent 
using a pump. 

24.14 Exercises 

1. Cooling water is being circulated at a rate of 20 m 3 min -1 to a 
cooling network. The cooling water from the cooling tower is at 
a temperature of 25 °C and is returned at 40 °C. Measurements 
on the concentrations of the feed and circulating water indicate 
that there are five cycles of concentration. Assuming that the 
heat capacity of the water is 4.2kJ-kg -K _l and the makeup 
water is at a temperature of 10°C, calculate: 

a) the rate of evaporation assuming the latent heat of vaporiza¬ 
tion to be 2423 kJ-kg - at the conditions in the cooling tower; 

b) the makeup water requirement, assuming drift losses are 
negligible. 

2. What options might have been considered to accommodate the 
new cooling duty without having to invest in a new cooling 
tower if the cooling tower is near maximum capacity? 

3. For cooling duties at 

a) -40 °C, 

b) -60 °C, 

estimate the power required to reject 1 MW of cooling duty to 
cooling water with a return temperature of 40 °C. Assume the 
Carnot Efficiency to be 0.6, A T min = 5 °C for the refrigeration 
evaporator and A T min = 10 °C for the condenser. Suggest suit¬ 
able refrigeration fluids for these two duties using Figure 24.20. 

4. A cascade refrigeration system is to be used to service a cooling 
duty with an evaporation temperature of —90 °C and rejecting 
heat ultimately to cooling water with a rejection temperature of 
30 °C. The partition temperature of the interface between the 
two cycles is the temperature of the evaporator of the upper 
(high-temperature) cycle and is to be optimized. The minimum 
temperature allowed for the refrigerant in the upper cycle is 
225 K and the maximum temperature allowed for the refriger¬ 
ant in the lower cycle is 264 K. Assuming the cycles can be 
modelled by a Carnot Efficiency model with an efficiency of 
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Table 24.7 

Stream data for Exercise 5. 


Stream 

T s (°C) 

T t (°C) 

A H (MW) 

1. Hot 

65 

-35 

-15 

2. Hot 

-54 

-55 

-4 

3. Cold 

-85 

55 

7 

4. Cold 

-6 

-5 

12 


0.6, determine the partition temperature to minimize the total 
power input. Assume A T min = 5 °C. 

5. The stream data for a low-temperature process are given in 
Table 24.7. 

Assume \T min = 10°C. Steam is available at 120°C and 
cooling water at 25 °C to be returned at 35 °C. Refrigeration can 
be modeled using the Carnot Efficiency model with an effi¬ 
ciency of 0.6. 

a) Carry out a problem table analysis and plot the grand 
composite curve. 

b) Match a single-level refrigeration system using a pure 
refrigerant against the process. Determine the power 
required if heat is rejected from the refrigeration cycle to 
cooling water. 

c) Match a two-level refrigeration system using a pure refrig¬ 
erant against the process. Determine the power required if 
heat is rejected from the refrigeration cycle to the process. 

d) For the two-level refrigeration system, devise a scheme to 
reduce the power requirement by heat rejection to the 
process rather than to cooling water. All of the heat 
from the refrigeration should be rejected to the process. 


Table 24.8 

Stream data for Exercise 6. 


Stream 

T s (°C) 

Tt (°C) 

Stream 
heat duty 
(MW) 

No 

Type 

1 

Hot 

-20 

-20 

1.0 

2 

Hot 

-40 

-40 

1.0 

3 

Hot 

20 

0 

0.8 

4 

Cold 

20 

20 

1.0 

5 

Cold 

0 

0 

1.0 

6 

Cold 

0 

20 

0.2 

7 

Cold 

-40 

20 

0.6 


6. The data for a heat recovery problem are given in Table 24.8. 

Carry out a problem table analysis on the data for 

A7’ min = 5°C and plot the grand composite curve. 

a) To reduce power requirements to a minimum, two levels of 
refrigeration are to be used. What are the temperatures and 
duties on the two levels? 

b) Both the vaporization and condensation of the refrigerant 
occur isothermally in the refrigeration cycle. Assuming 
heat is to be rejected from the refrigeration cycle to cooling 
water, calculate the power requirements. Cooling water 
operates between 20 °C and 25 °C. The power required for 
the refrigeration system is given by Equation 24.15. 

c) Rather than reject heat from the refrigeration cycle to 
cooling water, part can be rejected back into the process. 



Figure 24.38 

The dual nitrogen expander process in Exercise 7. 
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Table 24.9 

Process data for Exercise 7. 



Warm cycle 

Cold cycle 

Flowrate (kmol s *) 

0.60 

0.26 

Expander inlet 
temperature (K) 

263 

182 

Expander inlet 
pressure (bar) 

59.8 

59.7 

Expander outlet 
pressure (bar) 

12.5 

12.6 

Heat capacity ratio y 

1.49 

1.78 

Expander inlet 
compressibility Z 

0.962 

0.806 


Calculate the power requirement if the maximum heat 
possible is rejected to the process. The balance is to be 
rejected into cooling water. 

7. A liquefied natural gas process is to use a dual nitrogen 
expander cycle, as shown in Figure 24.38. Table 24.9 gives 
the process conditions and fluid properties. The universal gas 
constant R can be taken to be 8314.5 J kmol _l K _l . 

a) The expanders can be modelled using an isentropic expan¬ 
sion with an isentropic efficiency of 0.85. Calculate the 
power recovery from the expander. 

b) A centrifugal compressor is to be used to compress the 
nitrogen with an inlet temperature of 300 K, inlet pressure 
of 12.3 bar, outlet pressure of 59.9 bar and compressibility 
of 0.995. The maximum pressure ratio per stage is 3. It can 
be assumed that intercoolers cool the nitrogen back to the 


inlet temperature and that there is no pressure drop across 
the intercoolers. The compressor can be modelled using a 
polytropic efficiency and y for the compression is 1.4. 
Calculate the net power input for the process. 
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Chapter 25 


Environmental Design for 
Atmospheric Emissions 


25.1 Atmospheric Pollution 

There are many types of emissions to atmosphere, and these can be 
characterized as particulate (solid or liquid), vapor and gaseous. 
Overall, the control of atmospheric emissions is difficult because 
the majority of emissions come from small sources that are difficult 
to regulate and control. Legislators therefore control emissions 
from sources that are large enough to justify monitoring and 
inspection. Industrial emissions of major concern are as follows. 

1) PM l0 . Particulate material less than 10 pm diameter is formed 
as a byproduct of combustion processes through incomplete 
combustion and through reactions between sulfur and nitrogen 
compounds in the atmosphere. PM 10 is a particular problem as 
it causes damage to the human respiratory system. 

2) PM 2 ,5 • Particulate material less than 2.5 pm diameter forms in 
the same way as PM| 0 , but it can penetrate deeper into the 
respiratory system than PM ]0 and can therefore be more 
dangerous. 

3) 03 . Ozone is a very reactive compound present in the upper 
atmosphere (stratosphere) and the lower atmosphere (tropo¬ 
sphere). Whilst ozone is vital in the stratosphere, its presence at 
ground levels is a danger to human health and contributes to the 
formation of other pollutants. 

4) VOCs. A volatile organic compound (VOC) is any compound 
of carbon, excluding carbon monoxide, carbon dioxide, car¬ 
bonic acid, metal carbides or carbonates and ammonium 
carbonate, which participate in atmospheric photochemical 
reactions (US Environmental Protection Agency, 1992a). 
VOCs are precursors to ground-level ozone production and 
various photochemical pollutants. They are major components 
in the formation of smog through photochemical reactions 
(Harrison, 1992; De Nevers, 1995). There are many sources 
of VOCs, as will be discussed later. 
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5) SO x . Oxides of sulfur (S0 2 and S0 3 ) are formed by the 
combustion of fuels containing sulfur and as a byproduct of 
chemical production. 

6) NO x . Oxides of nitrogen (principally NO and N0 2 ) are formed 
in combustion processes and as a byproduct of chemicals 
production. 

7) CO. Carbon monoxide is formed by the incomplete combus¬ 
tion of fuel and as a byproduct of chemicals production. 

8) C0 2 . Carbon dioxide is formed principally by the combustion 
of fuel but also as a byproduct of chemicals production. 

9) Dioxins and furans. Dioxins and furans are the abbreviated 
names for a family of over 200 different toxic substances that 
share similar chemical structures. They are not commercial 
chemical products but are trace-level unintentional byproducts 
from thermal oxidation, the processing of metals and paper 
manufacture. Dioxins and furans are also released naturally 
from forest fires and volcanoes. They are widely distributed 
throughout the environment at extremely low concentrations, 
but resist degradation and accumulate. They are considered to 
be human carcinogens and can promote adverse noncancer 
health effects. 

Atmospheric emissions are controlled by legislation because of 
their damaging effect on the environment and human health. These 
effects can be categorized into their local effects and global effects. 
There are six main problems associated with atmospheric 
emissions. 

1) Urban smog. Urban smog is commonly found in modern 
cities, especially where air is trapped in a basin. It is observable 
as a brownish colored air. The formation of urban smog is 
through complex photochemical reactions involving sunlight 
(hf) that can be characterized by: 

VOCs + NOx + 0 2 --—> O 3 + Other photochemical pollutants 

(25.1) 

Photochemical pollutants such as ozone, aldehydes and 
peroxynitrates such as peroxyethanoyl (or peroxyacetyl 
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nitrate - PAN) are formed. Ozone and other photochemical 
pollutants have harmful effects on living organisms. High 
levels of these pollutants can cause breathing difficulties and 
bring on asthma attacks in humans. Warm weather and still 
air exacerbate the problem. In addition to VOCs and NOx, 
the problem of urban smog is made worse by particulate 
emissions and carbon monoxide from incomplete combus¬ 
tion of fuel. 

2) Acid rain. Natural (unpolluted) rain and other forms of precip¬ 
itation are naturally acidic with a pH often in the range of 5 to 6 
caused by carbonic acid from dissolved carbon dioxide and 
sulfurous and sulfuric acids from natural emissions of SOx and 
H 2 S. Human activity can reduce the pH very significantly down 
to the range of 2 to 4 in extreme cases, mainly caused by 
emissions of oxides of sulfur, but also oxides of nitrogen. 
Because atmospheric pollution and clouds travel over long 
distances, acid rain is not a local problem. The problem may 
manifest itself a long way from the source. Acid rain leads to the 
acidification of oceans, freshwater and soil. Problems associated 
with acid rain include: 

• damage to plant life, particularly in forests; 

• acidification of soil leading to a decline in crop and pasture 
production, as some nutrients become less available, while 
other components in the soil may reach toxic levels; 

• acidification of water, leading to dead lakes and streams, loss 
of aquatic life and possible damage to the human water 
supply; 

• corrosion of buildings, particularly those made of marble 
and sandstone. 

3) Ocean acidification. Ocean acidification is the decrease in 
pH of the oceans, caused by the uptake of carbon dioxide 
from the atmosphere. A significant proportion of the anthro¬ 
pogenic carbon dioxide emissions dissolve in oceans. When 
carbon dioxide enters the ocean, it combines with seawater to 
produce carbonic acid, which increases the acidity of the 
water, lowering its pH. A consequence of the oceans becom¬ 
ing more acidic is that marine creatures cannot extract the 
carbonate ion they need to grow shells and skeletons. Even if 
creatures are able to build shells and skeletons in more acidic 
water, they spend more energy, decreasing reproduction. 
When shelled organisms are at risk, the entire food chain 
is also at risk. 

4) Eutrophication. Eutrophication occurs when a body of terres¬ 
trial or marine water suffers an increase in nutrients that leads to 
enhanced growth of aquatic vegetation or phytoplankton and 
algal blooms. This disrupts normal functioning of the eco¬ 
system, causing a variety of problems such as a lack of oxygen 
needed for aquatic life to survive, decreased biodiversity, 
changes in species composition and dominance, and toxicity 
effects. NO x emissions contribute to eutrophication. 

5) Ozone layer destruction. The upper atmosphere contains a 
layer rich in ozone. Whilst ozone in the lower levels of the 
atmosphere is harmful, ozone in the upper levels of the atmo¬ 
sphere is essential as it absorbs considerable amounts of 
ultraviolet light that would otherwise reach the Earth’s surface. 


The destruction of ozone is catalyzed by oxides of nitrogen in 
the upper atmosphere: 

NO* + O 3 -■ NO, + 0 2 

N0 2 + o - 9 NO* + 0 2 

hf 

N0 2 —-—*• NO* + O 

Destruction is also initiated by certain halocarbon compounds 
such as: 

CCI 2 F 2 —»*CC1F 2 + Cl* 

CT+O 3 ->C10*+0 2 

CIO* + O-> Cl* + 0 2 

The Cl* can then react with further ozone. Destruction of ozone 
has led to thinning of the ozone layer, especially over the North 
and South Poles where the ozone layer is thinnest. The result of 
ozone layer destruction is increased ultraviolet light reaching 
the Earth, potentially increasing skin cancer and endangering 
polar species. The thinning that leads to lower absorption of 
ultraviolet light also causes a cooling of the stratosphere and 
disruption of weather patterns. 

6) The Greenhouse Effect. Gases such as C0 2 , CH 4 , N 2 0 and H 2 0 
are present in low concentrations in the Earth’s atmosphere. 
These gases reduce the Earth’s emissivity and reflect some of the 
heat radiated by the Earth. Thus, the effect is to create a “blanket” 
to keep the Earth warmer than it would otherwise be. The 
problem arises mainly from burning fossil fuels and clearing 
forests by burning. The result is that global temperatures 
increase, leading to melting of the polar ice caps and glaciers, 
rising sea levels, desertification of areas, thawing of permafrost, 
increased weather disruptions and changes to ocean currents. 

When applying legislation to atmospheric emissions, the regu¬ 
latory authorities can either control emissions from individual points 
of release or combine all of the releases together as a combined 
release from an imaginary “bubble” around the whole manufactur¬ 
ing facility. 

25.2 Sources of 
Atmospheric Pollution 

As noted above, one of the major problems with atmospheric 
emissions is the number of potential sources. Solid emissions arise 
from: 

• solids drying operations, 

• kilns used for high-temperature treatment of solids, 

• metal manufacture, 

• crushing, grinding and screening operations for solids, 

• any solids handling operation open to the atmosphere, 

• incomplete combustion or fuel ash from furnaces, boilers and 
thermal oxidizers, 

• incomplete combustion in flares, and so on. 
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Vapor emissions are even more difficult to deal with as they 
have more sources. Some are from single identifiable point sour¬ 
ces, some are small, slow leakages from, for example, pipe flanges 
and valves and pumps seals, known as fugitive emissions. Vapor 
emission sources include: 

• condenser vents. 

• venting of pipes and vessels. 

• inert gas purging of pipes and vessels. 

• process purges to atmosphere. 

• drying operations. 

• application of solvent-based surface coatings. 

• open operations such as filters, mixing vessels, and so on, 
leading to evaporation of VOCs. 

• drum emptying and filling, leading to evaporation of VOCs. 

• spillages of VOCs. 

• process plant ventilation of buildings processing VOCs. 

• storage tank loading and cleaning. 

• road, rail and barge tank loading and cleaning. 

• fugitive emissions through gaskets and shaft seals. 

• fugitive emissions from sewers and effluent treatment. 

• fugitive emissions from process sampling points. 

• incomplete combustion of fuel in furnaces, boilers and thermal 
oxidizers. 

• incomplete combustion in flares, and so on. 

In larger plants, significant reductions in VOC emissions can 
usually be made by controlling major sources, such as tank venting, 
condensers and purges, and by inspection and maintenance of 
gaskets and shaft seals. 

The largest volume of atmospheric emissions from process 
plants occurs from combustion gaseous emissions. Such emissions 
are created from: 

• furnaces, boilers and thermal oxidizers, 

• gas turbine exhausts, 

• flares, 

• process operations where coke needs to be removed from 
catalysts (e.g. fluid catalytic cracking regeneration in refineries), 
and so on. 

In addition to the gaseous emissions from the combustion of fuel, 
gaseous emissions are also produced by chemical production, for 
example, SO x from sulfuric acid production, NO x from nitric acid 
production, HC1 from chlorination reactions, and so on. 


These approximate calculations reveal that the concentrations 
are many orders of magnitude greater than those permitted for such 
compounds in most situations (permitted levels are typically less 
than lOmgm - ). More precise calculations could be performed 
with an equation of state (e.g. the Peng-Robinson Equation of 
State, see Appendix A). 


Example 25.1 A storage tank with a vent to atmosphere is to 
be filled at 25 °C with a mixture containing benzene with a mole 
fraction of 0.2 and toluene with a mole fraction of 0.8. Estimate the 
concentration of benzene and toluene in the tank vent: 

a) at 25 °C, 

b) corrected to standard conditions of 0 °C and 1 atm. 

Assume that the mixture of benzene and toluene obeys Raoult’s 
Law and the molar mass in kilograms occupies 22.4 m 3 in the vapor 


phase at standard conditions. The molar masses of benzene and 
toluene are 78kg kmol _i and 92kg-kmol _1 respectively. The 
vapor pressures of benzene and toluene at 25 °C are 0.126 bar 
and 0.0376 bar respectively. 


Solution 

a) Vben = O— x 
= 0.024 

yroL — 0-8 X 


0.126 


1.013 
= 0.0249 

0.0376 
1.013 

= 0.0297 


The balance is inert gas (air). Thus, the concentration at 25 °C is 
given by: 


Cben — yBEN x 

22.4 

= 0.0249 X — 


1 


T 

273 

1 


X 78 


22.4 

= 0.0794 kg • m -3 


/298 

\273 


X 78 


= 79,400 mg • m 


Ctol — yroL X ■ 


1 


22.4 


("-) 

V273y 


X 92 


= 0.0297 x- 


1 


22.4 


298 

273 


X 92 


= 0.112kg ■ m“ 3 
= 112,000 mg • m -3 

b) Corrected to standard conditions of 0 °C and 1 atm: 

Cben = yBEN x p 4 x ^ 

= 0.0249 X — X 78 
22.4 

= 0.0867 kg • nr 3 
= 86,700 mg • m -3 

Cjol = yroL x X 

= 0.0297 x — X 92 
22.4 

= 0.122 kg • m -3 


= 122,000 mg • m 
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25.3 Control of Solid 
Particulate Emissions to 
Atmosphere 

The selection of equipment for the treatment of solid particle 
emissions to atmosphere depends on a number of factors (Sten- 
house, 1981; Svarovsky, 1981; Rousseau, 1987; Dullien, 1989; 
Schweitzer, 1997): 

• size distribution of the particles to be separated, 

• particle loading, 

• gas throughput, 

• permissible pressure drop, 

• temperature. 

There is a wide range of equipment available for the control of 
emissions of solid particles to atmosphere, as discussed in 
Chapter 7. These methods are classified in broad terms in 
Table 25.1 (Stenhouse, 1981). 

1) Gravity settlers. Gravity settlers have already been discussed 
in Chapter 7 and illustrated in Figures 7.1 and 7.3. These 
function purely on the basis of density difference and are used 
to collect coarse particles. They may be used as prefilters. Only 
particles in excess of 100 pm can reasonably be removed 
(Stenhouse, 1981; Rousseau, 1987; Dullien, 1989; Schweitzer, 
1997). 

2) Inertial separators. Inertial separators were also discussed in 
Chapter 7 and illustrated in Figure 7.4. The particles are given a 
downward momentum to assist the settling. Only particles in 
excess of 50 pm can be reasonably removed (Stenhouse, 1981; 
Rousseau, 1987; Dullien, 1989; Schweitzer, 1997). Like grav¬ 
ity settlers, inertial collectors are widely used as prefilters. 

3) Cyclones. Cyclones are also primarily used as prefilters. These 
have already been discussed in Chapter 7 and illustrated in 
Figure 7.6. The particle-laden gas enters tangentially and spins 
downwards and inwards, ultimately leaving the top of the unit. 


Particles are thrown radially outwards to the wall by the 
centrifugal force and leave at the bottom. 

Cyclones can be used under conditions of high particle 
loading. They are cheap, simple devices with low maintenance 
requirements. Problems occur when separating materials that 
have a tendency to stick to the cyclone walls. 

4) Scrubbers. Scrubbers are designed to contact a liquid with the 
particle-laden gas and entrain the particles with the liquid. They 
offer the obvious advantage that they can be used to remove 
gaseous as well as particulate pollutants. The gas stream may 
need to be cooled before entering the scrubber. Some of the 
more common types of scrubbers are shown in Figure 7.11. 

Packed columns are widely used in gas absorption, but 
particulates are also removed in the process (Figure 7.1 la). The 
main disadvantage of packed columns is that the solid particles 
will often accumulate in the packing and require frequent 
cleaning. Some designs of packed column allow the packing 
to self-clean through inducing movement of the bed from the 
up-flow of the gas. Spray scrubbers are less prone to fouling and 
use a tangential inlet to create a swirl, enhancing the separation, 
as illustrated in Figure 7.1 lb. An increase in the efficiency of 
particulate removal can be achieved at the expense of increased 
pressure drop using a venturi scrubber (Figure 7.11c). 

5) Bag filters. Bag filters, as discussed in Chapter 7 and illustrated 
in Figure 7.10b, are probably the most common method of 
separating particulate materials from gases. A cloth or felt filter 
material is used, which is impervious to the particles. Bag filters 
are suitable for use in very high dust load conditions. They have 
a high efficiency but suffer from the disadvantage that the 
pressure drop across them may be high. 

6) Electrostatic precipitators. Electrostatic precipitators are used 
where collection of fine particles at a high efficiency coupled with 
a low-pressure drop is necessary. The arrangement is illustrated 
in Figure 7.9. Particle-laden gas enters a number of tubes or 
passes between parallel plates. The particulates are charged and 
are deposited on the earthed plates or tube walls. The walls are 
mechanically rapped periodically to remove the accumulated 
dust layer. Electrostatic precipitators can be used to treat large gas 
flows, e.g. boilers, cement plants, waste thermal oxidizers. 


Table 25.1 

Methods of control of emissions of solid particles. 


Equipment 

Approximate particle size range 
(pm) 

Gravity settlers 

>100 

Inertial separators 

>50 

Cyclones 

>5 

Scrubbers 

>3 

Venturi scrubbers 

>0.3 

Bag filters 

>0.1 

Electrostatic precipitators 

>0.001 


25.4 Control of VOC 
Emissions 

Release limits for VOCs are set for either specific components (e.g. 
benzene, carbon tetrachloride) or as VOCs for organic compounds 
with a lower environmental impact and classed together and 
reported, for example as toluene. 

The hierarchy appropriate for control of VOC emissions is in 
descending order of preference (Flui and Smith, 2001): 

1) Eliminate or reduce VOC emissions at source through changes 
in design or operation. 

2) Recover the VOC for reuse. 

3) Recover the VOC for thermal oxidation with process heat 
recovery. 
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Figure 25.1 

Tank loading causes VOC emissions to atmosphere. 


4) Thermal oxidation of the VOC-laden gas stream with process 
heat recovery. 

5) Oxidation of the VOC-laden gas stream without process heat 
recovery. 

The problem with eliminating or reducing VOC emissions at 
source is that the sources of VOC emissions can be many and varied. 

Tank loading can be a significant source of VOC emissions from 
atmospheric storage tanks used for the storage of organic liquids. 
Figure 25.1 shows an atmospheric storage tank first being emptied. 
As the liquid level falls, air or inert gas must be drawn into the tank 
to prevent the tank from collapsing from the pressure of the 
atmosphere. The air or nitrogen drawn into the vapor space will 
become saturated with vapor from the volatile liquid in the tank. As 
the tank is filled, the liquid level rises, displacing the air or nitrogen 
from the vapor space in the tank that is now saturated in VOC 
material. There are a number of ways in which such VOC emissions 
can be prevented from being emitted from storage tanks. Figure 25.2 
shows a simple technique involving a balancing line. The atmo¬ 
spheric storage tank in Figure 25.2 is fitted with a vacuum/pressure 
relief system to guard against overpressure or underpressure of 
the storage tank. As the atmospheric storage tank is emptied and the 


road tanker filled in Figure 25.2, the displaced vapor from the road 
tanker is pushed back into the atmospheric storage tank. In this way, 
displaced vapor from the road tanker is prevented from being 
released to the atmosphere. The same system works if the road 
tanker is being emptied into the atmospheric storage tank, rather 
than being filled from the atmospheric storage tank as shown in 
Figure 25.2. If the atmospheric storage tank is being filled, then the 
displaced vapor from the atmospheric storage tank enters the road 
tanker vapor space and is not released to the atmosphere. Clearly, 
the same technique works for rail cars and barges. 

Another way storage tanks can “breathe” to atmosphere results 
from the expansion and contraction of the tank contents as the 
temperature changes between day and night. However, such effects 
tend to be smaller than those associated with tank filling and 
emptying. 

Floating roofs can be used, as illustrated in Figure 25.3: 

1) External floating roof. In this arrangement, the roof floats 
directly on the surface of the stored liquid and is open to the 
atmosphere (Figure 25.3a). The floating roof has a seal system 
for the gap between the roof and the tank wall. In principle, this 
eliminates breathing of the tank to atmosphere, but maintaining 



Figure 25.2 

A balancing line can prevent VOC emissions when filling and emptying tankers. 
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(a) External floating roof storage tank. 



Figure 25.3 

Floating roof and flexible membranes can be used to prevent the release of 
material. (Reproduced from Smith R and Petela EA (1992) Waste 
Minimization in the Process Industries Part 2 Reactors, Chem Eng, 
Dec(509-510): 17, by pennission of the Institution of Chemical 
Engineers.) 


a reliable seal between the edge of the floating roof and the tank 
wall can be problematic. 

2) Internal floating roof. In this arrangement, the tank has a fixed 
roof in addition to the floating roof, and the floating roof is not 
open to the atmosphere (Figure 25.3b). The space between the 
floating and fixed roofs should normally be purged with an inert 


gas. The inert gas would be vented to atmosphere after treat¬ 
ment. Internal floating roofs are used when there is likely to be a 

heavy accumulation of rainwater or snow on the floating roof. 

Liquid effluent systems can be significant sources of VOC 
emissions. If organic material is sent to effluent, along with 
aqueous effluent, then evaporation from open drains can create 
significant VOC emissions. If this is the case, then having separate 
sewers for organic and aqueous waste, as illustrated in Figure 25.4, 
can eliminate the problem. The organic waste is collected in a 
closed system, typically draining to a sump tank, from which the 
organic material can be recovered or treated before disposal. The 
segregation system shown in Figure 25.4 has many other benefits 
than simply eliminating VOC emissions from drains. Segregation 
of the effluents, as illustrated in Figure 25.4, is also useful due to 
reduced volume of liquid waste for treatment, as will be discussed 
in Chapter 26. 

Sampling of organic liquids for laboratory analysis, usually for 
reasons of quality control, can also be a significant source of VOC 
emissions. Figure 25.5 shows a traditional sampling technique 
involving a sample point with a valve. Significant amounts of 
waste can be created in order to create a representative sample. The 
sample vessel would then be taken to the laboratory, the required 
sample taken and the remainder or the contents of the sample vessel 
sent to waste. The material going to drain from this procedure can 
create VOC emissions from evaporation from the sewers, as 
discussed above. For some chemical processes where a considera¬ 
ble amount of laboratory analysis is required, sampling waste can 
be a significant source of waste sent to liquid effluent. Figure 25.5 
shows a method to eliminate sampling waste and, therefore, the 
VOC emissions associated with sampling waste. A sample vessel 
is connected directly to the pipe from which the sample needs to be 
taken by two tubes. The two tubes are connected to the pipe on 
either side of a restriction, such as an orifice plate or valve. If the 
valves in the tubes connecting the sample to the pipe are open, then 
the pressure drop across the restriction will create a flow through 


Aqueous 

Collection System 



Organic 

Collection System 


Figure 25.4 

Segregation of aqueous and organic waste can prevent VOC emissions from open drains. 
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Figure 25.5 

Prevention of emissions from sampling. 


the sample vessel, ensuring a representative sample is obtained. 
When the sample needs to be taken, valves are closed to isolate the 
closed sampling vessel. This can then be taken to the laboratory for 
analysis. Any unused material in the sample vessel is returned to 
the plant and reconnected, eliminating the waste of sampling 
material from the laboratory. 

Slow leaks from gaskets and from compressor, pump and valve 
seals can create significant fugitive emissions of VOCs. Such 
emissions can be reduced at source by better maintenance. How¬ 
ever, more sophisticated sealing arrangements are desirable to 
eliminate the problem at source. 

Once VOC emissions have been eliminated or reduced at source, 
then recovery of the VOC for reuse should be considered. 
Figure 25.6 shows a vapor recovery system associated with an 
atmospheric storage tank. The storage tank is fitted with a vacuum- 
pressure relief valve, which allows air (or nitrogen) into the vapor 
space when the liquid level falls (Figure 25.6a) but forces the vapor 
out through a recovery system when the tank is filled (Figure 25.6b). 

Many processes involve open operations (e.g. filters, drum 
handling, etc.) that create VOC emissions. If this is the case, it is 
often not practical to enclose individual operations, but to install a 
ventilation system that draws a continuous flow across the opera¬ 
tions into a duct and then a vapor recovery system, before being 
released to the atmosphere. 

The methods of VOC recovery are: 


Vent 



(a) As liquid level falls, air is drawn in from atmosphere or Nj from 
inert gas system. 


Vent 



(b) As liquid level rises, vapor is diverted to a vapor recovery system. 


• condensation, 

„ , Figure 25.6 

• membranes, ^ 

. Storage tank fitted with a vapor treatment system. (Reproduced from 

• a sorption, Smith R and Petela EA (1992) Waste Minimization in the Process 

• adsorption. Industries Part 2 Reactors, Chem Eng, Dec(509-510): 17, by permission 

of the Institution of Chemical Engineers.) 
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(a) Open loop. 


(b) Closed loop. 


Figure 25.7 

Condensation of volatile material. 


1) Condensation. Condensation can be accomplished by an 
increase in pressure or a decrease in temperature. Most often, 
a decrease in temperature is preferred. Figure 25.7 illustrates 
two ways in which VOC recovery can be accomplished from an 
air stream used in a process. Figure 25.7a shows an open loop in 
which air enters the process, picks up VOCs and enters a 
condenser for recovery of the VOCs before being vented 
directly or passed to secondary treatment before venting. An 
alternative way is shown in Figure 25.7b. This illustrates a 
recirculation system in which the VOC is recovered from 
recycled air. If this is possible, it is a better arrangement 
than Figure 25.7a as the exhaust is eliminated. 

Unfortunately, condensation of VOCs usually requires 
refrigeration. Figure 25.8a shows an arrangement with refrig¬ 
erated condensation using a primary refrigerant in a simple 
refrigeration loop. Figure 25.8b shows an arrangement in which 
a secondary refrigerant is used in the VOC condenser. The use 


of a secondary refrigerant is less efficient than using the primary 
refrigerant directly. However, if a number of cooling duties are 
required, then a single refrigeration loop cooling a secondary 
refrigerant can be used for a number of condenser duties. 

A further complication of refrigeration is that, if the gas 
stream contains water vapor or organic compounds with high 
freezing points, then these will freeze in the condenser, causing 
it to block up. It is therefore often necessary to precool the gas 
stream to remove water before condensing the VOCs. 
Figure 25.9a shows an arrangement in which a refrigeration 
loop is first used to precool the gas stream to the region of 2 to 
4°C to remove water vapor and high-boiling organics. A 
second condenser using a second refrigeration loop then con¬ 
denses the VOCs. Figure 25.9b shows the same basic arrange¬ 
ment but with a two-level refrigeration system, instead of two 
separate loops. In both cases in Figure 25.9, it is likely that the 
VOC condenser will have to be taken off-line periodically to 



Recovered Recovered 

Organics Organics 


(a) Use of primary refrigerant. (b> Use of secondary refrigerant (if a number of cooling 

duties required). 


Figure 25.8 

Refrigeration is usually required for the condensation of vapor emissions. 
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(a) Two independent refrigeration loops. (b) Two level refrigeration system. 


Figure 25.9 

If a gas stream contains water vapor or organic compounds with high freezing points, then precooling is necessary. 


25 


remove frozen water and organic material that will accumulate 
over time. 

If the site uses nitrogen as inert gas and stores the nitrogen 
as a liquid, then this can be used as a source of refrigeration. 
Rather than vaporizing the liquid nitrogen by low-pressure 
steam or an air heat exchanger, the liquid nitrogen can be 
used to cool a VOC-laden gas stream to condense the organic 
material. 

The problem of freezing on the condenser surface can be 
avoided by using direct contact condensation, as shown in 
Figure 25.10. A secondary refrigerant is contacted directly with 
the vent stream containing VOC. A refrigeration loop is used to 


cool the secondary refrigerant. The mixture of secondary 
refrigerant and condensed VOC then needs to be separated 
and the secondary refrigerant recycled. 

It is usually uneconomic to compress a gas in order to bring 
about the condensation of VOC. Figure 25.11 shows a flow¬ 
sheet in which the VOC-laden vent gas is compressed in order 
that condensation can take place using cooling water rather than 
refrigeration. The arrangement in Figure 25.11 uses an 
expander on the same shaft as the high-pressure compression 
stage in order to recover part of the work of compression. 
Around 60% of the work of compression can be recovered in an 
arrangement like the one in Figure 25.11. 



Figure 25.10 

Direct contact condensation. 
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Figure 25.11 

Compression of the vent with recovery of compression power. 


Example 25.2 An air stream contains acetone vapor. Estimate 
the following. 


a) The outlet concentration that can be achieved by cooling to 
35 °C at 1 atm pressure (cooling water temperature). 

b) The outlet concentration that can be achieved by cooling to 
-20 °C at 1 atm pressure. 

c) The outlet temperature to which the air stream must be cooled to 
obtain an outlet concentration of 20 mg ■ m 5 . 


The concentrations should be quoted at standard conditions of 0 °C 
and 1 atm. It can be assumed that the molar mass in kilograms 
occupies 22.4 m 3 at standard conditions. The molar mass of acetone 
can be taken to be 58 kg-kmol -1 . The vapor pressure of acetone is 
given by: 


In P SAT = 10.0310 


2940.46 
T - 35.93 


where P SAT = saturated liquid vapor pressure (bar) 
T = absolute temperature (K) 


Solution 


a) Acetone will start to condense when the partial pressure equals 
the vapor pressure. At 35 °C (308 K), the vapor pressure is given 

by: 


P SAT = exp 


10.0310 


= 0.460 bar 


2940.46 
308 - 35.93 


For a partial pressure of0.460 bar, the mole fraction is given by: 

_ 0.460 
- V " 1.013 
= 0.454 

C = vx—*—x58 
’ 22.4 

= 0.454 x —J— X 58 
22.4 

= 1.18kg-nr 3 
= 1.18 x 10 6 mg • m -3 


b) At -20 °C (253 K): 

P^ 7 = 0.0297 bar 
0.0297 1 

C = -x-x 58 

1.013 22.4 

= 0.0759 kg ■ nr 3 
= 75,900 mg • m -3 

c) For a concentration of 20mgm -3 (20 X 10 -6 kg m -3 ): 

20 x 10“ 6 

^ ~ 58 X 22 ' 4 

pSAT 

= 1.013 

,, T 20 x 10~ 6 

P SAT = 1.013 X-—-X 22.4 

58 

= 7.825 X 10“ 6 bar 

Rearranging the vapor pressure correlation: 

2940.46 

T = 35.93 - 


= 35.93 

= 169 K 
= -104 °C 


In P SAT - 10.310 
2940.46 

In 7.825 X 10“ 6 - 10.310 


This temperature is outside of the range of the vapor pressure 
correlation and below the freezing point of acetone (—95 °C). 
However, it illustrates just how low temperatures must be to 
achieve very low concentrations of VOC. 


Example 25.2 illustrates that low temperature is required for 
a high recovery rate of VOCs. However, extremely low tem¬ 
peratures are required to achieve high environmental standards. 
Therefore, condensation is often used in conjunction with 
another process (e.g. adsorption) to achieve high environmental 
standards. 

When the VOC-laden gas stream contains a mixture of 
VOCs, then the calculations must be performed using the 
methods described for single-stage equilibrium calculations 
in Chapter 8. The temperature at the exit of the condenser must 
be assumed, together with a condenser pressure. The vapor 
fraction is then solved by trial and error using the methods 
described in Chapter 8, and the complete mass balance can be 
determined on the basis of the assumption of equilibrium. 

The major advantage of condensation is that VOCs are 
recovered without contamination, in contrast with absorption 
and adsorption when water or other materials may be present 
after recovery. The significant disadvantage of refrigeration is 
that it has a relatively low efficiency of recovery (typically less 
than 95%) and the associated high operating costs. 

2) Membranes. VOCs can be recovered using an organic- 
selective membrane that is more permeable to organic vapors 
than permanent gases. Figure 25.12 shows one possible 
arrangement for recovery of VOCs using a membrane (Hydro¬ 
carbon Processing’s Environmental Processes, 1998). A vent 
gas is compressed and enters a condenser in which VOCs are 
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To Exhaust or Secondary 
Treatment 



Figure 25.12 

Recovery of VOCs using membranes. 


recovered. The gases from the condensers then enter a mem¬ 
brane unit, in which the VOC permeates through the mem¬ 
brane. A VOC-enriched permeate is then recycled back to the 
compressor inlet. Recovery rates for such an arrangement can 
be as high as 90 to 99%. Other arrangements than the one 
shown in Figure 25.12 are possible, again using a combination 
of membrane and condensation. 

3) Absorption. Physical absorption, as discussed in Chapter 9, 
can be used for the recovery of VOCs. If possible, the solvent 
used should be regenerated and recycled, with the VOC being 
recovered. If the VOC is water-soluble (e.g. formaldehyde), 
then water can be used as the solvent. However, high-boiling 
organic solvents are most often used for VOC absorption. 
Efficiency of recovery depends on the VOC, solvent and 
absorber design, but efficiencies of recovery can be as high 
as 95%. The efficiency of recovery increases with decreasing 


temperature and increases with increasing pressure. When 
using an organic solvent, care must be exercised in the selection 
of the solvent that vaporization of the solvent into the gas 
stream does not create a new environmental problem. 

4) Adsorption. Adsorption of VOCs is most often carried out 
using activated carbon with in situ regeneration of the carbon 
using steam. The details have been discussed in Chapter 9. A 
number of different arrangements are used for adsorption. One 
possible arrangement is shown in Figure 25.13. This involves a 
three-bed system. The first bed encountered by the VOC-laden 
gas stream is the primary bed. The gas from the primary bed 
enters the secondary bed, which will have just been regenerated 
using steam and is now being cooled by the flow of the gas 
stream. The third bed is off-line, being regenerated using steam. 
The steam from the regenerating bed is condensed, along with 
the recovered organics, and the condensate separated to recover 


Gas Stream 



Primary Bed Secondary Bed Regenerating Bed 

(Just steamed, now cooling) 


Figure 25.13 

Adsorption with a three-bed system. 
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the organics. The vent from the condenser receiver will nor¬ 
mally be too concentrated to vent directly to atmosphere and 
therefore will normally be connected back to the inlet of the 
primary bed. Once the primary bed has become saturated and 
breakthrough occurs (see Chapter 9), the beds are switched. 
The current secondary bed becomes the new primary bed. The 
regenerated bed becomes the secondary bed and the previous 
primary bed is now regenerated. The switching cycle is nor¬ 
mally based on a timing arrangement. 

Systems with one bed can be used for small duties (typically less 
than 5 kg per day discharge of organic material) as disposable 
cartridges. Two-bed arrangements can be used when environ¬ 
mental standards are not too demanding. One bed is absorbing 
whilst the other is being regenerated, with constant switching 
between the two. More complex cycles than the one in 
Figure 25.13 can be used involving four beds, instead of three, 
for more demanding duties. 

The efficiency of recovery for adsorption: 

• increases with molar mass of the VOC (carbon adsorbers are not 
good for controlling low-boiling VOCs with molar mass less 
than typically 40), 

• increases with decreasing adsorption temperature, 

• increases with increasing pressure, 

• increases with decreasing concentration of water vapor in the 
gas stream due to competition of water for the adsorption sites. 

In summary, condensation and absorption are usually the simplest 
methods of VOC recovery. Recovery methods can be effectively 
used in combination, but at a cost. Adsorption is usually the only 
method capable of achieving very low concentrations of VOC. If 
the gas stream contains a mixture of VOCs, then the recovered 


liquid might not be suitable for reuse and will need to be separated 
by distillation or destroyed by thermal oxidation. 

Once the potential for minimizing VOC emissions at source has 
been exhausted and the recovery of VOCs exhausted, then any 
remaining VOC must be destroyed. There are two methods of VOC 
destruction (US Environmental Protection Agency, 1992a): 

• thermal oxidation (including catalytic thermal oxidation), 

• biological treatment. 

Consider now the various methods of thermal oxidation. 

1) Flare stacks. Flares use an open combustion process with 
oxygen for the combustion provided by air around the flame. 
Good combustion depends on the flame temperature, residence 
time in the combustion zone and good mixing to complete the 
combustion. The flare stack can be dedicated to a specific vent 
stream or for a combination of streams via a header. Flares can 
be categorized by: 

• the height of the flare tip (elevated versus ground flares), 

• the method of enhancing mixing at the flare tip (steam 
assisted, air assisted, unassisted). 

The most common type used in the process industries is the 
steam-assisted elevated flare. This is illustrated in Figure 25.14. 
Combustion takes place at the flare tip. The flare tip requires 
pilot burners, an ignition device and fuel gas to maintain the pilot 
flame. In steam-assisted flares, steam nozzles around the perim¬ 
eter of the flare tip are used to provide the mixing. As shown in 
Figure 25.14, before the vent stream enters the flare stack, a 
knockout drum is required to remove any entrained liquid. 
Liquids must be removed as they can extinguish the flame or 
lead to irregular combustion in the flame. Also, there is a danger 



Figure 25.14 

An elevated steam-assisted flare stack. 
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that the liquid might not be completely combusted, which can 
result in liquid reaching the ground and creating hazards. The 
vent header needs to be protected against the flame propagating 
back into the header. A gas barrier or aflame arrester prevents 
the flame passing down into the vent header when the vent 
stream flowrate is low. A flashback seal drum containing water 
provides additional protection. In some designs the flashback 
seal drum is incorporated into the base of the flare stack. 

Flare performance can achieve a destruction efficiency of up 
to 98% with steam-assisted flares. Halogenated and sulfur- 
containing compounds should not be flared. Flares are appli¬ 
cable to almost any VOC-laden stream and can be used when 
there are large variations in the composition, heat content and 
flowrate of the vent stream. 

However, flares should only be used for abnormal operation 
or emergency upsets when there is a short-term requirement to 
deal with an abnormal flowrate of VOC-laden gases. For 
normal operation, other methods should be used. 

2) Thermal oxidation. In some cases, vent streams can be directed 
to be the inlet combustion air to steam boilers, such that any 
VOCs are oxidized to CO 2 and H 2 0. However, more often it is 
necessary to use a thermal oxidizer specifically designed to deal 
with waste streams containing VOCs. Figure 25.15 illustrates 
three designs of thermal oxidizers. Figure 25.15a shows a vertical 
thermal oxidizer. The vent enters a refractory-lined combustion 
chamber fed with auxiliary air and auxiliary fuel. Figure 25.15b 
shows the corresponding arrangement mounted horizontally. 
Figure 25.15c shows a fluidized bed arrangement. In this arrange¬ 
ment, the vent enters a bed of fluidized inert material (e.g. sand), 
along with supplementary fuel. The bed is fluidized by an air- 
stream. The fluidized bed provides good mixing in the combus¬ 
tion zone. It also provides some heat storage that can compensate 
for variations in the entering vent stream. 

Conditions in the thermal oxidizer are typically 25% oxygen 
over and above stoichiometric requirements to ensure complete 


oxidation to C0 2 and H 2 0. Minimum temperatures required for 
VOCs comprising carbon, hydrogen and oxygen are around 
750 °C, but 850 to 900 °C are more typical. The residence time of 
the VOCs in the combustion zone is typically 0.5 to 1 second. 

When thermally oxidizing halogenated organic compounds, the 
minimum temperature used is in the range of 1100 to 1300 °C, 
with a residence time of up to two seconds. When oxidizing 
waste containing halogenated materials, it is important to avoid 
conditions that form dioxins and furans. Dioxins and furans can 
form as the gases from the thermal oxidation are cooled, 
especially if there is fly ash present. The greatest formation 
of dioxins and furans is as the gases are cooled between 500 °C 
and 200 °C. Gases can be cooled quickly by quenching (water 
injection) to reduce formation. Typical conditions for thermal 
oxidation of halogenated materials are greater than 1200 °C, 
cooling to 400 °C in a waste heat boiler and then quench to 70 °C. 

Permitted emission levels of dioxins and furans are typically less 
than 0.1 ng/m . Adsorption on powdered activated carbon or a 
carbon filter can be used for treatment of the exhaust gases for 
dioxins and furans. Alternatively, catalytic oxidation using a 
honeycomb catalyst can be used. 25 

Supplementary fuel is required for start-up and required if 
the feed concentration of organic material is low or the feed 
concentration varies. Supplementary fuel is usually required for 
vent streams, as processed vents are normally designed to 
operate below the lower flammability limit in the case of 
destruction of VOCs in air or below the minimum oxygen 
concentration for VOCs in an inert gas mixture (see 
Chapter 28). The VOC should normally be less than 25 to 
30% of the lower flammability limit for air mixtures or less than 
40% of the minimum oxygen concentration for inert gas 
mixtures. These limits can be increased if on-line analysis 
equipment is installed to monitor VOC concentrations contin¬ 
uously. If the vent stream is above this limit, the airflow in the 
vent is normally increased accordingly. Otherwise, nitrogen 
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Figure 25.15 

Thermal oxidation. 
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can be introduced, but this is more expensive. The arrange¬ 
ments in Figure 25.15 are not energy efficient, with no attempt 
to recover heat from the flue gas. There are two general ways in 
which the heat in the flue gas can be exploited. In the first, the 
heat in the flue gas is used to preheat the incoming feed stream 
to reduce the fuel requirements. In the second, the heat is used to 
generate steam, which is exported for process use. 

Figure 25.16a shows a thermal oxidizer with recuperative 
heat recovery to preheat the incoming feed stream. In this 
arrangement, fuel and air enter directly into the combustion 
zone. However, the vent stream is preheated by heat transfer 
through the walls of the combustion chamber. Many different 
schemes for recuperative heat recovery through indirect 
exchange of heat in heat transfer equipment are possible. 
Figure 25.16b shows a thermal oxidizer with regenerative 
heat recovery to preheat the incoming feed stream. Fuel and 
air enter the combustion zone directly. However, the vent 
stream enters via a hot bed that preheats the vent stream prior 
to entering the combustion chamber. The scheme in 
Figure 25.16b shows two regenerative beds that are switched 
periodically. As the bed used to heat the vent stream cools, the 
other bed is being heated by the hot exhaust gases before being 
vented. Once the bed that is preheating the vent stream cools, 
then the beds are switched such that the cool bed is then 
preheated by the hot flue gas and the new hot bed used to 
preheat the incoming vent stream. The material used in the 
regenerative beds can be refractory material or metal. It should 
be noted that with a two-bed regenerative system, when one bed 
is switched from heating mode to cooling mode, that bed will 


contain vapor feed that has not yet been treated. This untreated 
vapor within the bed will thus be vented to atmosphere directly 
untreated. This problem can be overcome by the introduction of 
an additional bed in a three-bed system. However, this intro¬ 
duces additional capital cost and complexity of operation. 
Alternatively, the regeneration can be carried out continuously 
by a cylindrical rotating bed rather than having beds being 
switched. The rotating bed is in the form of a wheel that slowly 
rotates. The ducting arrangement is such that the incoming vent 
stream and the hot exhaust gas both flow axially across the 
wheel, with different parts of the wheel being exposed to each 
stream. Different parts of the wheel are thus in heating and 
cooling mode at the same time. This achieves the same purpose 
as the switching beds shown in Figure 25.16b but operates 
continuously. This continuous operation is preferable to 
switching beds, but it is mechanically more complex and 
introduces some challenging sealing requirements for the 
ducting of streams around the wheel. 

If the vent is to be preheated prior to combustion, it should be 
lower than the flammability limit or the minimum oxygen 
concentration (see Chapter 28). Recuperative heat recovery 
above 70% is usually not economic for gas-to-gas heat exchange. 
Heat recovery increases to typically 80% if steam generation is 
used. Regenerative heat recovery can be as high as 95%. 

If the vent stream contains halogenated material or sulfur, 
the exhaust gases must be scrubbed before release. 
Figure 25.16c shows a typical arrangement in which the cooled 
exhaust gases are scrubbed first with water and then with 
sodium hydroxide solution before being vented. The water 




(a) Recuperative heat recovery. 


(b) Regenerative heat recovery. 



Figure 25.16 

Recuperative and regenerative heat recovery from thermal oxidation. 
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Effluent Effluent 

(b) Steam generation heat recovery with gas scrubbing. 


25 


Figure 25.17 

Steam generation heat recovery from thermal oxidation. 


and sodium hydroxide scrubbers shown in Figure 25.16c are 
likely to be on a recirculation arrangement with a purge stream 
to liquid effluent. The arrangement in Figure 25.16c shows the 
exhaust gases from the thermal oxidation being cooled by 
regeneration before scrubbing. The hot flue gases from the 
thermal oxidizer must be cooled in one way or another before 
entering the scrubbers. This can be done by heat recovery, or by 
quenching with direct water injection, or a combination. Leg¬ 
islative requirements might dictate that there is no visible plume 
from the stack. If this is the case, the stack must be maintained 
above 80 °C, which might require the flue gas to be reheated 
before release. 

Figure 25.17a shows an arrangement in which the hot gases 
from the thermal oxidizer are used to generate steam for process 
use. Figure 25.17b shows the corresponding arrangement with 
scrubbing before release. 


The performance of thermal oxidizers usually gives destruc¬ 
tion efficiency greater than 98%. When designed to do so, 
destruction efficiency can be virtually 100% (depending on 
temperature, residence time and mixing in the thermal oxidizer). 
Thermal oxidizers can be designed to handle minor fluctuations 
but are not suitable for large fluctuations in flowrate. 

3) Catalytic thermal oxidation. A catalyst can be used to lower the 
combustion temperature for thermal oxidation and to save fuel. 
Figure 25.18 shows a schematic of a catalytic thermal oxidation 
arrangement. Combustion air and supplementary fuel, along 
with preheated VOC-laden stream, enter the preheater before the 
catalyst bed. Heat recovery, as illustrated in Figure 25.18, is not 
always used. The catalysts are typically platinum or palladium 
on an alumina support or metal oxides such as chromium, 
manganese or cobalt. The vent stream should be well below 
the lower flammability limit (see Chapter 28, typically 25 to 
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Figure 25.18 

Catalytic thermal oxidation. 
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30% of the lower flammability limit). The catalyst can be 
deactivated by compounds containing sulfur, bismuth, phos¬ 
phorus, arsenic, antimony, mercury, lead, zinc, tin or halogens. 
Catalysts are gradually deactivated over time, and their life is 
generally two to four years. Operating temperature for the 
catalyst should not normally exceed 500 °C to 600 °C; otherwise 
the catalyst can suffer from sintering. Typical operating condi¬ 
tions are between 200 °C and 480 °C with a residence time of 
0.1 seconds. Catalytic thermal oxidation is not suitable for 
halogenated compounds because of the lower combustion 
temperature used. If the heat release in the combustion is 
such that the temperature rise in the catalyst is too high, then 
part of the cooled stack gas can be recycled and mixed with the 
incoming vent stream. Recuperative heat recovery is possible up 
to 70 to 80% and regenerative heat recovery up to 95%. The 
destruction efficiency is up to 99.9%, but the arrangement is not 
suitable for large fluctuations in flowrate. 

The advantage of catalytic thermal oxidation is that the 
lower temperature of operation can lead to fuel savings 
(although effective heat recovery without a catalyst can offset 
this advantage). The major disadvantages of catalytic thermal 
oxidation are that the catalyst needs to be replaced every two to 
four years and the capital cost tends to be higher than thermal 
oxidation without a catalyst. Catalytic thermal oxidation also 
tends to increase the pressure drop through the system. 

4) Gas turbines. If the vent flow is both constant and has a high 
flowrate of air with a significant VOC loading, then a gas 
turbine can be used for thermal oxidation. A few gas turbine 
models have been designed specifically for such applications. 
This allows power to be generated directly from the vent flow. 
Such applications should be restricted to nonhalogenated, 
sulfur-free VOCs. If the VOC loading is high, then the appli¬ 
cation can be achieved without the use of supplementary fuel; 
otherwise supplementary fuel will be required. Destruction 
efficiency can be up to 99.9%. 

Example 25.3 A stream of air containing 0.4 vol % butane at 
20 °C is to be thermally oxidized at 800 °C. A minimum excess of 
air of 25% is to be used. The heat of combustion of butane is 
2.66X 10 6 kJkmol -1 and the mean heat capacity ofthe combustion 
gases can be taken to be 37 kJkmol - 1 K -1 . 

a) Is there sufficient oxygen in the inlet air for efficient combustion? 

b) What efficiency of heat recovery would be necessary to sustain 
combustion without auxiliary fuel at steady state? 

Solution 

a) The combustion requirements are given by: 

C 4 H 10 + 6 / 2 O 2 -> 4C0 2 + 5H 2 0 
Thus 6/2 kmol 0 2 required for combustion per kmol of butane 

= 0.004 x 6'fi 
= 0.026 

0 2 in steam(kmol) 

= 0.21 X (1 - 0.004) 

= 0.2092 


Excess oxygen 
_ 0.2092 - 0.026 
~~ 0.2092 

= 88 % 

Thus, there is plenty of excess air for the combustion, 
b) Temperature rise from combustion 

_ 0.004 x 2.66 X 10 6 

~~ 37 

= 288 °C 

Inlet temperature required before combustion 
= 800 - 288 
= 512°C 

Feed preheat duty 
= (512-20) X 37 
= 492 X 37 kj • kmoP 1 gas 

Heat available in exhaust gases 

= (800 - 20) x 37 
= 780 X 37 kj • kmol -1 gas 

Efficiency of heat recovety to avoid supplementary fuel 
_ 492 
“780 
= 63% 


5) Biological treatment. Microorganisms can be used to oxidize 
VOCs (Hydrocarbon Processing's Environmental Processes, 
1998). The VOC-laden stream is contacted with microorgan¬ 
isms. The organic VOC is food for the microorganisms. Carbon 
in the VOC is oxidized to C0 2 , hydrogen to H 2 0, nitrogen to 
nitrate and sulfur to sulfate. Biological growth requires an 
ample supply of oxygen and nutrients. Figure 25.19 shows a 
bioscrubber arrangement. The VOC-laden gas stream enters a 
chamber and rises up through a packing material, over which 
flows water. Nutrients (phosphates, nitrates, potassium and 
trace elements) need to be added to promote biological growth. 
The microorganisms grow on the surface of the packing 
material. The water from the exit of the tower needs to be 
adjusted for pH before recycle to prevent excessively low pH. 
As the film of microorganism grows on the surface of the 
packing through time, eventually it becomes too thick and 
detaches from the packing. This excess sludge must be 
removed from the recycle and disposed of. 

An alternative arrangement, as illustrated in Figure 25.20, 
replaces the packing with soil or compost in a biofilter. One 
advantage of the biofilter is that the compost usually used for 
such systems contains a reservoir of nutrients to sustain biologi¬ 
cal growth and additional nutrients do not normally need to be 
added. However, biological activity eventually starts to decrease 
and the bed will need to be replaced after typically five years. 

Destruction efficiency for biological treatment is typically up 
to 95%, but some VOCs are very difficult to degrade. Biological 
treatment is limited to low concentration streams (typically 
less than 1000 ppm) with flowrates typically less than 
100,000 m 3 -h _1 (US Environmental Protection Agency, 1992b). 
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Figure 25.19 

A bioscrubber for treatment of VOC. 
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Figure 25.20 

A biofilter for treatment of VOC. 
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25.5 Control of Sulfur 
Emissions 

Sources of sulfur emissions of SOj and SO 3 , collectively referred 
to as SOx, from the process industries are: 

• chemical production, for example, sulfuric acid production, 
sulfonation reactions, and so on; 

• smelting processes, for example, production of copper; 

• fuel processing operations, for example, fuel desulfurization; 

• combustion of sulfur-bearing fuel. 

When emissions of S0 2 and S0 3 are formed in combustion 
processes, chemical equilibrium would dictate that as the tempera¬ 
ture is decreased, the equilibrium would favor SO 3 formation. 
However, in practice the mixture does not achieve chemical 
equilibrium and the mixture tends to be dominated by S0 2 . 

Before considering treatment of sulfur emissions to atmo¬ 
sphere, their minimization at source should be considered. Sulfur 
emissions can be minimized at source through: 


• increase in process yield in chemical production, 

• increase in energy efficiency leading to less fuel burnt, 

• switch to a fuel with lower sulfur, 

• desulfurizing the fuel prior to combustion. 

Sulfur emissions from combustion processes can be reduced by 
switching to a fuel with lower sulfur. The sulfur content of fuels 
varies significantly. Generally, the sulfur content is gas < liquid < 
solid. This order arises mainly from the relative ease with which the 
fuels can be desulfurized. Desulfurizing coal prior to combustion is 
extremely difficult. It must be first ground to very fine particles (of 
the order of 100 pm) to liberate the mineral (inorganic) sulfur. The 
light coal can then be separated from the heavy mineral in a 
flotation process. Unfortunately, even this desulfurization only 
removes 30 to 60% of the sulfur, as the remaining sulfur is organic. 
Desulfurizing a liquid fuel is much more straightforward and is 
commonly practiced in refinery operations. The sulfur is present in 
the form of mercaptans, thiols, thiophenes, and so on. Desulfur¬ 
izing the liquid fuel requires reaction with hydrogen over a catalyst 
at elevated temperature and pressure. The organic sulfur in the 
liquid fuel is reacted to H 2 S. Desulfurizing gaseous fuel is the most 
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straightforward. The sulfur in gaseous fuel is mostly present as 
H 2 S. This can be removed straightforwardly, for example, in an 
amine separation absorption, as discussed in Chapter 9. 

Removal of sulfur from gas streams is in general either removal 
of HiS or removal of S0 2 (Crynes, 1977). Generally, removal of 
the sulfur in the form of H 2 S is much more straightforward than in 
the form of S0 2 . H 2 S can be removed by absorption, as already 
discussed. Chemical absorption using amines is the most com¬ 
monly used method. However, other solvents can be used for 
chemical absorption, for example, potassium carbonate. Physical 
absorption is also possible using solvents such as refrigerated 
methanol (the Rectisol Process) or a mixture of the dimethyl ethers 
of polyethylene glycol (the Selexol Process). 

When it is necessary to combust a fuel containing a high sulfur 
content, gasification is the preferred route. Gasification is the partial 
combustion of the fuel using pure oxygen (or air) in the presence of 
steam. Temperatures up to 1600 °C and pressures up to 150 bar are 
used. The product of the gasification is a mixture of CO, C0 2 , H 2 , 
H 2 0, CH 4 , H 2 S, COS, N 2 , NH 3 and HCN. The sulfur is converted 
mostly to H 2 S (typically 95%), with the balance to COS (carbonyl 
sulfide). The acid gases consisting of H 2 S, COS, C0 2 are removed 
by countercurrent absorption with a regenerative solvent. Depend¬ 
ing on the solvent used, COS might first need to be converted to H 2 S 
in a COS hydrolysis unit. HCN is converted to NH 3 and CO in the 
hydrolysis unit. H 2 S and C0 2 can be removed either simultaneously 
or selectively, depending on the synthesis gas composition from the 
gasifier and the final synthesis gas specification. The synthesis gas 
(H 2 and CO) can then be used as fuel, free of any sulfur. Hence, 
gasification has advantages over conventional combustion when 
dealing with fuels with high sulfur content. 


Figure 25.21 shows a flowsheet for an integrated gasification 
combined cycle for power generation using a combination of a 
gas turbine and a steam turbine. Figure 25.21 also shows the 
option of using the synthesis gas as a chemical feedstock. Fuel 
containing the sulfur, along with steam and oxygen, enters the 
gasification process. The gasification products are then treated to 
remove particulate material. COS may then be converted to H 2 S 
in a hydrolysis unit by reaction over a catalyst, followed by H 2 S 
removal. This synthesis gas can then be used as a chemical 
feedstock or combusted in a gas turbine combined cycle, as 
shown in Figure 25.21. In Figure 25.21, the option of integrating 
the gas turbine with the process has been included. Integrating 
the gas turbine in Figure 25.21 involves using the compressor 
for the gas turbine to provide both the compressed gas for the gas 
turbine cycle and the compressed air for the air separation unit 
that produces the oxygen. The nitrogen from the air separation 
unit, under pressure, is fed to the combustion of the gas turbine 
for NO x reduction through lowering the peak flame temperature 
(see later in Chapter 25) and then expanded in the turbine with 
the air from the compressor to recover the pressure energy from 
the nitrogen. The hot exhaust gases from the gas turbine are used 
to generate steam before being vented. The steam is used to 
generate further power in a steam turbine. Many variations 
around the basic theme in Figure 25.21 are possible. The 
important thing about gasification is that it is an effective 
method of producing chemical feedstock, power and heat 
from fuel that has high sulfur content as the sulfur is not 
oxidized all the way to S0 2 before being treated. 

Having removed sulfur in the form of H 2 S, it cannot be vented 
to atmosphere. The sulfur from H 2 S is normally recovered as 


H,S 



Figure 25.21 

Integrated gasification combined cycle. 
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Figure 25.22 

Removal of H 2 S using the Claus Process. 


elemental sulfur by partial oxidation in a Claus Process. 
Figure 25.22 shows the outline of a Claus Process. Hydrogen 
sulfide in air enters a reaction furnace where a partial combustion 
takes place. After cooling the gases by steam generation, the gases 
enter a converter. The chemistry is: 

Furnace 2 H 2 S + 30 2 -*■ 2 H 2 O + 2 SO 2 
Converter 2H 2 S + SO 2 —► 2 H 2 O + 3S 
Overall H 2 S +V 2 0 2 -* S + H 2 0 

After the converter in Figure 25.22, the sulfur is recovered by 
condensation. Conversion is limited by reaction equilibrium to 
about 60%, so several (usually three) stages of conversion are used, 
as shown in Figure 25.22. After each conversion stage, the sulfur is 


condensed and the gas is reheated before going to the next 
conversion stage. The tail gas contains C0 2 , H 2 S, S0 2 , CS 2 , 
COS and H 2 0 and cannot be released directly to atmosphere. 
Various processes are available for the cleanup of Claus Process 
tail gas. Figure 25.23 shows a process in which the sulfur com¬ 
pounds are converted to H 2 S by reaction with hydrogen. Hydrogen 
is generated by partial oxidation of fuel gas. Sulfur and sulfur 
compounds are hydrogenated to hydrogen sulfide in the hydro¬ 
genation reactor. Gases from the reactor are cooled by generating 
steam and then in a quench column by recirculating water (Figure 
25.23). Hydrogen sulfide is then separated from the other gases by 
absorption (e.g. in an amine solution). The solvent from the 
absorber is regenerated in the stripper and the hydrogen sulfide 
recycled to the Claus Process. 



S,(vapor) + 2H,<->2H,S 


Figure 25.23 

Claus Process tail gas clean-up. 


25 






































































706 Chemical Process Design and Integration 


Exhaust Exhaust 



Figure 25.24 

Removal of H 2 S by partial oxidation of H 2 S using iron chelate. 


An alternative process for the removal of H 2 S by partial 
oxidation is shown in Figure 25.24 (Hydrocarbon Processing’s 
Environmental Processes, 1998). This uses an iron chelate to 
partially oxidize the H 2 S. As shown in Figure 25.24, the gas is 
contacted in an absorber with the iron chelate solution. Fe 3+ reacts 
with H 2 S to produce Fe 2+ and elemental sulfur. Reduced iron 
chelate solution is oxidized by sparging with air and returned to the 
absorber. This process can operate over a wide range of conditions. 

So far, the techniques to recover sulfur have all related to sulfur 
in the form of H 2 S. Consider now how sulfur in the form of S0 2 can 
be dealt with. S0 2 can be removed from gas streams using sodium 
hydroxide solution. In an oxidizing environment: 

2NaOH +SCT Na 2 S0 3 +H 2 0 

sodium hydroxide sodium sulphite 

Na 2 S0 3 +/>0 2 —* Na 2 SC >4 

sodium sulfite sodium sulfate 


Feed Gas 



Figure 25.26 

Removal of S0 2 using dry limestone scrubbing. 


However, this is only economic for small-scale applications, as the 
sodium hydroxide is expensive relative to other reagents that can 
be used. A less expensive reagent to remove sulfur dioxide is 
limestone, which can be reacted to produce solid calcium sulfate 
(gypsum), according to (Crynes, 1977): 

CaC0 3 +S0 2 —> CaS0 3 -t-C0 2 

Limestone Calcium sulfite 

CaS0 3 +V 2 0 2 + 2H 2 0 - CaS0 4 -2H 2 0 

Gypsum 

The flowsheet for the removal of S0 2 using wet limestone scrub¬ 
bing is shown in Figure 25.25 (Crynes, 1977). The gas stream 
containing S0 2 enters a scrubbing chamber into which a limestone 
slurry is sprayed. The slurry is then collected, separated by 
thickening and filtration. This creates a solid material (gypsum) 
that does have some potential for use as building material. 



Figure 25.25 

Removal of S0 2 using wet limestone scrubbing. 
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Figure 25.27 

Removal of SO 2 using the Wellman-Lord Process. 


However, the solid product is usually of low value and often needs 
to be disposed of. 

Whilst wet limestone scrubbing can be effective for large-scale 
utility systems such as centralized power stations, it is not readily 
applied to smaller-scale processes, such as utility boilers on proc¬ 
essing sites. Rather than use wet limestone scrubbing, as illustrated 
in Figure 25.25, “dry” scrubbing can be used. Dry scrubbing refers 
to the state of the waste byproduct being dry, rather than the wet 
byproduct from wet limestone scrubbing. The process is illustrated 
in Figure 25.26. An aqueous slurry of calcium hydroxide (or some¬ 
times sodium carbonate) is sprayed into a flue gas. The reaction is: 

Ca(OH) 2 +S0 2 -+ CaS0 3 +H 2 0 

calcium hydroxide calcium sulfite 

CaS0 3 T / 9 O 2 —* CaSC >4 

calcium sulfate 

Water evaporates and reaction products are removed as dry solids. 
Advantages over wet scrubbing include simplicity, cheaper con¬ 
struction, a dry waste product and no wastewater. Disadvantages 
relative to wet scrubbing include less efficient use of reagent and 
lower S0 2 removal efficiency. S0 2 removal efficiency is typically 
70 to 90%. Around 2.2 tons dry waste are produced per ton of S0 2 
recovered. 

Another process for removal of S0 2 is the Wellman-Lord 
process (Crynes, 1977). The reactions are: 

S0 2 + Na 2 S 03 +H 2 0 -> 2NaHS0 3 

sodium sulfite sodium bisulfite 

crystallize 

2NaHS0 3 —-> Na 2 S0 3 + H 2 0 + S0 2 

A flowsheet for the Wellman-Lord process is shown in 
Figure 25.27. Again the gas stream with S0 2 enters a scrubber 
into which is sprayed a sodium sulfite solution. This is then fed to 
an evaporator/crystallizer to crystallize out the resulting sodium 
bisulfite, which converts the sodium bisulfite back to sodium 
sulfate, releasing the S0 2 . The crystals are dissolved in water 
and recycled to the scrubber. The effect of the Wellman-Lord 
process is to produce a concentrated S0 2 stream from a dilute S0 2 
stream. The resulting concentrated S0 2 still needs to be treated, 
typically by conversion to sulfuric acid. Compared with the 


limestone scrubbing process, the Wellman-Lord process treats 
the sulfur gas stream without producing a solid waste byproduct. 
On the other hand, it requires a sulfuric acid process to convert the 
concentrated S0 2 stream. 

The S0 2 from the Wellman-Lord process or any other concen¬ 
trated S0 2 stream (e.g. gases from copper smelting) can be 
oxidized to S0 3 to produce sulfuric acid, as discussed in Chapter 5. 

Rather than oxidize the S0 2 , it can be reduced in a process 
similar to the one illustrated in Figure 25.23. The S0 2 is reduced to 
H 2 S. The resulting H 2 S can then be separated and fed to a sulfur 
recovery process. 

Example 25.4 A power plant produces 500 standard m 3 s 1 of 
exhaust gas with 0.1 % S0 2 by volume. It is required to remove 90% 
of the S0 2 before the gas is discharged to atmosphere. Three 
methods of removal of S0 2 are to be evaluated. Assume the molar 
mass of a gas in kilograms occupies 22.4 m 3 at standard conditions. 

a) The first option is absorption at atmospheric pressure in water 
taken from a local river at a temperature of 10 °C. Assume the 
concentration of water at the exit of the absorber to be 80% of 
equilibrium. The equilibrium can be assumed to follow Henry' s 
Law: 

p, = HjXj 

where p, = partial pressure of Component i 

H t = Henry’s Law Constant (determined 
experimentally) 

Xi = mole fraction of Component i in the liquid 
phase 

Assuming ideal gas behavior (p, = y,P): 



where y* = mole fraction of Component i in vapor 
phase in equilibrium with the liquid 
P = total pressure 
H SOl = 22 atm at 10 °C 

How much water would be required for the removal of the S0 2 ? 
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b) The second option is absorption in sodium hydroxide solution. 
Assume that the sodium hydroxide and SO 2 react in an 
oxidizing environment to produce sodium sulfate. Calculate 
the quantity of material required for the absorption. 

c) The third option is absorption in a slurry of calcium carbonate. 
Calculate the quantity of material required for the absorption. 
Assume the plant operates for 8600 h y _1 . 


Solution 


a) 


*so 2 


0-ZvsoS 
Hso 2 
_ 0.8x0.001x1 
“ 22 
= 3.6 x 10 “ 5 


Now calculate the gas flowrate G: 

G - 500 x — 

22.4 

= 22.32 kmol • s“' 

Assuming gas and liquid flowrates constant: 
G(y in - y o ut) = L(x ou t — Xin) 

G(y in - you,) 


L = 


(x ou t Xin) 

22.32(0.001 -0.1 x 0.001) 
(3.6 x 10 -5 - 0) 


= 558 kmol • s 1 


= 558 X 18 x- 


1 

it? 


r t • s 


= lOt - s-‘ 

which is an impractically large flowrate. 

b) 2 NaOH + S0 2 +V 2 0 2 -» Na 2 S0 4 + H 2 0 

S0 2 in exhaust = 500 x —— X 0.001 
22.4 

= 0.0223 kmol • s“‘ 

NaOH required to remove 90% 

= 2 x 0.0223 X 0.9 kmol • s -1 
= 2x0.0223 X 0.9x40 kg- s " 1 
= 1.606 kg • s _1 

1.606x3600x8600 

=- 5 - 1 • y 

10 3 

= 49,7221 • y _1 

c) CaC0 3 + S0 2 +V 2 0 2 + 2H 2 0 -»• CaS0 4 2H 2 0 + C0 2 
S0 2 in exhaust = 0.0223 kmol • s -1 

CaC0 3 required to remove 90% 


= 0.0223 x 0.9 kmol -s 1 
= 0.0223 x 0.9 x 100 kg-s - 1 
= 2.007 kg • s - 1 
_ 2.007 x 3600 x 8600 
~ 10 3 
= 62,137 t-y 1 


25.6 Control of Oxides of 
Nitrogen Emissions 

Nitrogen forms eight oxides, but the principal concern is with the 
two most common ones: 

• nitric oxide (NO), 

• nitrogen dioxide (N0 2 ). 

These are collectively referred to as NO x . NO x emissions are 
produced from: 

• chemicals production (e.g. nitric acid production, nitration 
reactions, etc.), 

• use of nitric acid in metal and mineral processing, 

• combustion of fuels. 

NO x from the combustion of fuels is formed initially as NO, 
which subsequently oxidizes to N0 2 . There are three sources of 
NO production from the combustion of fuels (Wood, 1994). 

1) Fuel NO. Organically bound nitrogen in fuel reacts with 
oxygen to form NO. 

[Fuel N] +V2O2 , NO 

Organic nitrogen is more reactive than nitrogen in air. Fuel NO 
formation is weakly dependent on temperature. 

2) Thermal NO. Thermal NO is formed when molecular nitrogen 
in the combustion air reacts with oxygen to form NO, according 
to the reaction: 

N 2 + 0 2 , 2NO 

The reaction mechanism is via free radicals and is highly 
temperature dependent. 

3) Prompt (rapidly forming ) NO. Prompt or rapidly forming NO 
is formed when molecular nitrogen reacts with hydrocarbon 
radicals in a flame. The formation only occurs in the flame and 
is weakly dependent on temperature. 

Figure 25.28 illustrates the contributions of the three mecha¬ 
nisms to NO formation. It can be seen from Figure 25.28 that both 
the fuel and prompt NO are weakly dependent on temperature. 
Below around 1300°C thermal NO formation is negligible. How¬ 
ever, at the highest temperatures thermal NO is the most important. 
Once NO has been formed, it can then oxidize to N0 2 according to: 

NO +V2O2 > N0 2 

NO x in flue gases is predominantly (of the order 90%) NO. NO 
oxidizes in the atmosphere to N0 2 . 

NO x formation in combustion depends on the fuel and the type 
of combustion device. Generally, coal produces the highest NO x 
concentrations, then fuel oil, with natural gas producing the lowest 
concentrations. Thus, one way of reducing NO x formation is to 
change fuel. For example, a large steam boiler fired with fuel oil 
might produce a flue gas with 150 ppm NO x , which might be 
reduced to 100 ppm by switching to natural gas. However, it should 
be noted that the actual NO x concentration depends on both the fuel 
and the combustion device, and these are only illustrative figures. 
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Figure 25.28 

The contributions to NO x formation. 


Minimization of NO x emissions at source means: 

• increase the process yield in chemicals production, 

• increase in energy efficiency leading to less fuel burnt, 

• switch to a fuel with lower nitrogen content, 

• minimize NO x formation in combustion processes. 

Switching to a fuel with lower nitrogen content typically means 
switching from coal to fuel oil, or fuel oil to natural gas. It should be 
noted that nitrogen can be a significant percentage of natural gas (e.g. 
5 %), but the nitrogen will be molecular nitrogen and, therefore, behaves 
like nitrogen in the combustion air and be relatively unreactive. 

NO x formation in combustion processes can be reduced by 
(Wood, 1994; Garg, 1994) the following, which all reduce the 
flame temperature: 

1) Reduced air preheat. Preheating the air to combustion pro¬ 
cesses increases the flame temperature and furnace efficiency 
(see Chapter 12). However, the increase in flame temperature 
increases NO x formation. Thus, reducing preheat lowers the 
thermal NO x formation. However, this lowers the furnace 
efficiency at the same time. 

2) Flue gas recirculation. Recirculating part of the flue gas, as 
shown in the Figure 25.29, reduces the peak flame temperature 
through the increased mass of inert material in the flame and 
reduces the thermal NO x formation. Usually 10 to 20% of the 
combustion air is recirculated. 

3) Steam injection. Steam injection reduces the combustion tem¬ 
perature by adding an inert to the combustion process. In 
principle, water or steam could be injected, but dry superheated 
steam is usually used. This reduces the furnace efficiency as 
energy is used to produce the steam, and the latent heat in the 
steam cannot be recovered. It is only used for moderate NO x 
reduction. Steam injection can also be used in gas turbines. 



Figure 25.29 

Flue gas recirculation. 


4) Reduced excess air. Reducing the amount of excess air also 
reduces the NO x formation. 

5) Air staging. Air staging in the burner can be used to reduce 
NO x formation. The principle is illustrated in Figure 25.30a. 
Fuel and primary air is injected into the flame with a substoi- 
chiometric amount of oxygen. Secondary air is then injected to 
complete the combustion to give overall greater than stoichio¬ 
metric requirements. The effect is to reduce the fuel NO and the 
thermal NO by reducing the peak flame temperature. Air staging 
can be used both in furnaces and gas turbines. 

6) Fuel staging. Fuel staging is illustrated in Figure 25.30b. The 
primary fuel and primary air are first combusted at greater than 
stoichiometric requirements. In the staging zone, secondary 
fuel (typically 10 to 20% of the primary fuel) is burned under 
substoichiometric (reducing) conditions. The temperature 
should be at least 1000°C in the staging zone. In the final 
combustion zone, air is added to complete the combustion. Low 
temperatures (less than 1000 °C) are preferred in the final 
combustion zone to minimize NO formation. 

Table 25.2 compares the performance of the NO x minimization 
techniques (Wood, 1994). 

Once NO x formation has been minimized at source, if the NO x 
levels still do not achieve the required environmental standards, 
then treatment must be considered. 

The first option that might be considered is absorption into 
water. The problem is that N0 2 is soluble in water, but NO is only 
sparingly soluble. To absorb NO, a complexing agent or oxidizing 
agent must be added to the solvent. One method that can be used is 
to absorb into a solution of hydrogen peroxide according to: 

2NO + 3H 2 0 2 2HN0 3 + 2H 2 0 

2N0 2 + H 2 0 2 — 2HN0 3 

This allows nitric acid to be recovered from the oxides of nitrogen. 
It can be a useful technique, for example, in metal finishing 
operations where nitric acid is used. More commonly, NO x is 
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Air SR = Stoichiometric Ratio 


(a) Air staging. 


(b) Fuel staging. 


Figure 25.30 

Low NO x burners. 


Table 25.2 

Performance of the NO x minimization techniques (Wood, 1994). 


Technique 

NOx reduction 

Reduced air preheat 

25-65% 

Flue gas recirculation 

40-80% 

Water/steam injection 

40-70% 

Reduced excess air 

1-15% 

Air staging 

30-60% 

Fuel staging 

30-50% 


removed using reduction. Ammonia is usually used as the reducing 
agent, according to the reactions: 

6 NO + 4NH 3 -> 5N 2 + 6H 2 0 

4NO + 4NH 3 + 0 2 -»■ 4N 2 + 6H 2 0 

2N0 2 + 4NH 3 + 0 2 3N 2 + 6H 2 0 


This can be carried out without a catalyst in a narrow temperature 
range (850 to 1100°C) and is known as selective noncatalytic 
reduction (Hydrocarbon Processing’s Environmental Processes, 
1998). Below 850 °C, the reaction rate is too slow. Above 1100 °C, 
the dominant reaction becomes: 

4NH 3 + 50 2 ->• 4NO + 6H 2 0 

Thus, the technique can become counterproductive. A typical 
arrangement for selective non-catalytic reduction is shown in 
Figure 25.31. Aqueous ammonia is vaporized and mixed with a 
carrier gas (low-pressure steam or compressed air) and injected 
into nozzles located in the combustion device for optimum tem¬ 
perature and residence time (Hydrocarbon Processing’s Environ¬ 
mental Processes, 1998). NOx reduction of up to 75% can be 
achieved. However, slippage of excess ammonia must be con¬ 
trolled carefully. 

Rather than selective noncatalytic reduction, the reduction can 
be carried out over a catalyst (typically vanadium pentoxide and 
tungsten trioxide dispersed on titanium dioxide) at 250 to 450 °C. 
This is known as selective catalytic reduction. Figure 25.32 shows 
a typical selective catalytic reduction arrangement. Either 



Figure 25.31 

Removal of NO x using selective noncatalytic reduction. 
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Catalyst Beds 

Ammonia Air 


Figure 25.32 

Removal of NOx using selective catalytic reduction. 

Discharge 


anhydrous or aqueous ammonia can be used. This is mixed with air 
and injected into the flue gas stream upstream of the catalyst. 
Removal efficiency of up to 95% is possible. Again, slippage of 
excess ammonia needs to be controlled. 


Example 25.5 A gas turbine exhaust is currently operating 
with a flowrate of 41.6kg s _1 . The exhaust contains 200 ppmv 
NO x 1° be reduced to 60 mgm -3 (expressed as NO 2 ) at 0 °C and 
1 atm. The NOx is to be treated in the exhaust using low- 
temperature selective catalytic reduction. Ammonia slippage 
must be restricted to be less than lOmgm -3 , but a design basis 
of 5 mg'm 3 will be taken. Aqueous ammonia is to be used at a 
cost of 300 $ t _l (dry NH 3 basis). Estimate the cost of ammonia 
if the plant operates 8000hyr _l . Assume the exhaust gas 
composition to be similar to that of air. Molar mass data are 
given in Table 25.3. Assume the molar mass in kilograms 
occupies 22.4 m 3 at standard conditions. 


Table 25.3 

Molar mass data. 



Molar mass (kg kmol 1 ) 

Air 

28.9 

N0 2 

46 

nh 3 

17 


Solution Volume of exhaust at standard conditions 


= 41.6 X 22.4 x 
= 32.2 m 3 ■ s-> 


1 

285) 


Concentration of N0 2 at standard conditions 

= y x ' , x 46 
22.4 

= 0.0002 x — X 46 
22.4 

= 0.0004107 kg m ” 3 
= 410.7 mg - 111 3 


NO 2 to be removed 


= 32.2(410.7 - 60) X 10 “ 6 kg • s” 1 
= 0.01129 kg • s” 1 


The reduction reaction is given by: 

2N0 2 + 4NH 3 + O 2 3N 2 + 6H 2 0 
17x4 

NH 3 required for NO = 0.01129 X - 

4 46 X 2 

= 8.345 x 10 “ 3 kg • s - 1 

NH 3 slippage = 32.2 x 5 X 10 “ 6 

= 0.161 Xl0“ 3 kg s - 1 

Cost of NH 3 = (8.345 + 0.161) X 10 ~ 3 x 3600 

X 8000 x 300 x 10 “ 3 

= $73, 500 y 1 


25.7 Control of 
Combustion Emissions 


The major emissions from the combustion of fuel are C0 2 , SOx, 
NO x and particulates (Glassman, 1987). The products of combus¬ 
tion are best minimized by making the process efficient in its use of 
energy through efficient heat recovery and avoiding unnecessary 
thermal oxidation of waste through minimization of process waste. 
Flue gas emissions can be minimized at source by: 

• increased energy efficiency at the point of use (e.g. better heat 
integration), 

• increased energy efficiency of the utility system (e.g. increased 
cogeneration), 

• improvements to combustion processes (e.g. low NO x burners), 

• changing fuel (e.g. changing from fuel oil to natural gas). 

For a given energy consumption, fuel change is the only way to 
reduce C0 2 and SO x emissions at source. For example, fuel switch 
from coal to natural gas reduces the C0 2 emissions for the same 
heat release because of the lower carbon content of natural gas. 
Fuel change can also be useful for reducing NO x emissions. Once 
emissions have been minimized at source, then treatment can be 
considered to solve any residual problems. 

1) Treatment of SO x • The various techniques that can be con¬ 
sidered for the treatment of SOx are: 

• absorption into NaOH, CaC0 3 , water, and so on, 

• oxidation and conversion to H 2 S 04 , 

• reduction by conversion to H 2 S and then sulfur. 
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2) Treatment of NO x . The techniques used for treatment of 
NO x are: 

• absorption into an NO-complexing agent or oxidizing agent, 

• reduction using selective noncatalytic or catalytic processes. 

3) Treatment of particulates. The various methods for treatment 
of particulates were reviewed in Chapter 7. These include: 

• scrubbers, 

• inertial collectors, 

• cyclones, 

• bag filters, 

• electrostatic precipitators. 

4) Treatment ofCC> 2 . If C0 2 needs to be separated from the other 
combustion products for the purpose of reducing greenhouse 
gas emissions, there are different ways this can be done, 
depending on the combustion arrangement. There are two 
general combustion arrangements; postcombustion and pre¬ 
combustion separation (Steeneveldt, Berger and Torp, 2006). 
a) Postcombustion C0 2 separation. Figure 25.33 shows two 

arrangements for postcombustion C0 2 separation. The first 
arrangement in Figure 25.33a shows a standard combustion 
arrangement with air used for combustion of the fuel. The 
separation following the combustion is best suited to chem¬ 
ical absorption because of the low partial pressure of the 
C0 2 in the combustion gases. An amine or mixture of 
amines in an aqueous solution can be used, as discussed in 
Chapter 9. The amines used are monoethanolamine (MEA), 
diethanolamine (DEA) or methyldiethanolamine (MDEA). 
Rather than use an amine or mixture of amines, a hot 
aqueous solution of potassium carbonate (K 2 C0 3 ) can be 
used. 

The other postcombustion separation arrangement 
shown in Figure 25.33b is oxy-combustion. The process 
starts with an air separation plant to provide pure oxygen for 
the combustion. This removes the nitrogen from the com¬ 
bustion process, giving products of combustion that are 
essentially C0 2 and water vapor. The C0 2 can then be 
separated by condensation of the water vapor. However, use 
of pure oxygen alone would create temperatures from 
combustion of hydrocarbon in excess of 3000 °C, which 
is problematic for the design of the combustion chamber. 
Thus, an inert dilution stream needs to be added to the 
combustion chamber to control the flame temperature. This 


can be a recycle of C0 2 from after the separation, or in 
principle steam can be added. 

b) Precombustion C0 2 separation. Rather than wait until after 
the combustion process to separate C0 2 , various processes 
can be used to first produce synthesis gas (mixture of H 2 and 
CO), the CO converted to C0 2 and the C0 2 separated, 
leaving H 2 for combustion and/or chemical use. 
Figure 25.34 shows four arrangements for such precom¬ 
bustion. The four arrangements differ in the way the 
synthesis gas is produced. Figure 25.34 shows two different 
catalytic reformer processes. In a steam reformer the domi¬ 
nant reaction for a general hydrocarbon feed is: 

C„H/n + «H 2 0 < > nCO + (n + m/2)H 2 

The steam reforming reaction is strongly endothermic and 
takes place in a fired heater. Steam reforming is the 
preferred method for feeds with light hydrocarbons, but 
is difficult to scale down for small scales. 

An alternative reforming process for light hydrocarbon 
feeds shown in Figure 25.34 is autothermal reforming. This 
utilizes the heat of a partial oxidation reaction to drive the 
steam reforming reaction and is better suited to smaller- 
scale applications than steam reforming. An autothermal 
reformer uses two reaction zones, a combustion zone and a 
catalytic zone. The overall reaction is exothermic. Fuel, 
steam and oxygen are mixed and combusted in a substoi- 
chiometric flame in the combustion zone according to: 

C„H„, + (n /2 + m/ 4)0 2 < > nCO + m/2H 2 0 

In the catalytic zone, the reaction proceeds as the steam 
reforming reaction above. 

The other two options illustrated in Figure 25.34 are 
partial oxidation reactions. Catalytic partial oxidation, 
which can also be used for light hydrocarbon feeds, uses 
oxygen (but can use air) according to: 

C„ H,„ + n/ 20 2 < * nCO + m/2H 2 

The final option in Figure 25.34 is gasification, which 
has been described earlier. Although the reactions in gasi¬ 
fication are complex, the dominant reaction is the partial 
oxidation reaction above. Gasification can be used for a 
wide range of feeds, solid, liquid or gas. It is normally used 


Figure 25.33 

Post-combustion arrangements for the separation 
of CO 2 with ah* and oxygen combustion. 
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(a) Post-combustion separation of CO, with air. 



(b) Oxy-combustion separation of CO,. 
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Figure 25.34 

Pre-combustion arrangements for the separation of CO 2 . 
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for the more difficult feeds of biomass, coal, petroleum 
residue and other heavy hydrocarbons. Because of the 
nature of the feeds normally used, particulates need to be 
removed from the gas stream after the gasification. 

All of the precombustion arrangements in Figure 25.34 
also feature the water gas shift reaction: 

CO + h 2 o < > C0 2 + H 2 

Whilst this reaction occurs during the reforming and partial 
oxidation reaction steps, it is forced to a high conversion in 
a catalytic water gas shift reactor, as shown in Figure 25.34. 
In principle, the CO can be forced to a high conversion. 
Whether a high conversion is justified depends on the 
ultimate use of the synthesis gas and the method of separa¬ 
tion to be used after the water gas shift. If the synthesis gas is 
to be used for chemical conversion (as well as combustion) 
then a high conversion might be justified. Alternatively, if 
only a bulk separation of C0 2 is required before combus¬ 
tion to reduce environmental discharge, then a high con¬ 
version might not be justified. The conversion of CO in the 
water gas shift reaction is favored by low temperature. 
Thus, to obtain a high conversion requires two water gas 
shift reaction steps, one at high temperature and the second 
at low temperature with intermediate cooling. Different 
catalysts are used in the high and low temperature shifts. 
The high temperature shift operates in the range of300 °C to 
450 °C and takes advantage of high reaction rates at high 
temperature and can give conversion to below 3% carbon 
monoxide on a dry basis at the reactor exit. The low 
temperature shift operates in the temperature range 
180°C to 250 °C and can reduce the CO content in the 
product to as low as 0.2% on a dry basis at the reactor exit. 


Whether one or two shifts are used, the resulting gas is 
essentially a mixture of hydrogen, carbon dioxide, water 
vapor with small amounts of CO (and H 2 S if there is sulfur 
in the feed). 

The C0 2 then needs to be separated (and H 2 S if there is 
sulfur in the feed), leaving essentially pure hydrogen for 
combustion and/or chemical use. Separation of the C0 2 in 
precombustion arrangements allows a wider range of tech¬ 
niques, as the C0 2 is available at a higher partial pressure 
than the case of postcombustion with air. Separation can 
be by: 

• reactive absorption, e.g. using amines or hot potassium 
carbonate, 

• physical absorption, e.g. using refrigerated methanol 
(the Rectisol Process) or a mixture of the dimethyl 
ethers of polyethylene glycol (the Selexol Process), 

• pressure swing adsorption, e.g. using alumina or 
zeolite, 

• membrane, 

• cryogenic separation by condensing the C0 2 at low 
temperature. 

Once the C0 2 is separated, the remaining gas is essen¬ 
tially pure hydrogen, which can be used for chemical 
purposes or combusted to provide heat, or power, or both 
in cogeneration systems. Subsequent combustion produces 
mainly water vapor. 

The separated C0 2 can then be used or disposed of. The 
options are: 

• Small-scale use in food and beverage products, fire 
extinguishers, enhanced growth in greenhouses, etc. 
However, such uses are too small to make a significant 
difference to the global effects of C0 2 emissions. 
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• Conversion of the C0 2 to chemical products (e.g. 
carbon monoxide, methane, methanol, or formic 
acid). However, conversion to chemical products 
requires energy input, which might create additional 
C0 2 emissions depending on the source of the energy. 

• Separated C0 2 can be dehydrated, compressed to 
liquid and deposited in geological storage or used 
for enhanced gas/oil recovery. Such sequestration 
requires a stable location for long-term disposal and 
is an expensive way to deal with C0 2 emissions. 

If it is important to significantly reduce C0 2 emissions to the 
atmosphere; overwhelmingly the best solution is demand 
reduction through increased energy efficiency. 


Example 25.6 A medium fuel oil is to be burnt in a furnace 
with 10% excess air. Ambient temperature is 10°C and 60% 
relative humidity. Saturated vapor pressure of water at 10 °C is 
0.0123 bar. The analysis of the fuel is given in Table 25.4. 
Estimate the composition of the flue gas. 


Table 25.4 

Fuel analysis for Example 25.6. 



Molar mass 
(kg kmol -1 ) 

Fuel analysis 
(mass%) 

c 

12 

83.7 

H 

1 

12.0 

S 

32 

4.3 


Solution First, calculate the mole fraction of water vapor in the 
combustion air. The partial pressure of water in the combustion air 
is given by: 

p Mr (10°C) = 0.0123 bar 
Ph 2 o =0.6x0.0123 
= 0.00738 bar 

Mole fraction water in combustion air: 

Ph 2 o 
Mo - — y- 

= 0.00738 




Fuel 



Stoichiometric flue 
gas from fuel 


Molar mass 

m 

N 


N co 2 

n so 2 

Mo 


(kg kmol -1 ) 

(kg) 

(kmol) 

(kmol) 

(kmol) 

(kmol) 

(kmol) 

C 

12 

83.7 

6.975 

6.975 

6.975 



H 

1 

12.0 

12.000 

3.000 



6.000 

S 

32 

4.3 

0.134 

0.134 


0.134 




100.0 


10.109 

6.975 

0.134 

6.000 


79 

N 2 from combustion air = 10.109 X — = 38.03 kmol 

21 


H 2 Ofrom combustion air = (10.109 + 38.03) 


= 48.139 


Mo 
1 - Mo 
0.00738 \ 


,1 -0.00738/ 
= 0.358 kmol 


Stoichiometric moist air = 10.109 + 38.03 + 0.358 
= 48.497 kmol 

Stoichiometric flue gas = 6.975 + 0.134 + 6.000 + 38.03 + 0.358 
= 51.497 kmol 


Assume 10% excess air: 


N o 2 = 0.1 x 10.109 = 1.011 kmol 

A n , = 0.1 x38.03 + 38.03 =41.833 kmol 

A h ,o = 0.1 x 0.358 + 0.358 + 6.000 = 6.394 kmol 


Total flue gas flowrate = 1.0 1 1 + 41.833 + 6.394 + 6.975 + 0.134 


= 56.347 kmol 




Mi 


M 


Mo 


.M 


6.975 

56.347 

0.134 

56.347 

41.833 

56.347 

6.394 

56.347 

1.011 

56.347 


0.1238 

0.0024 

0.7424 

0.1135 

0.0179 


In addition to these components, some NOx will be formed. This 
depends on the combustion device, but assuming a typical value of 
300 ppm: 

>’no, ~ 0.0003 


25.8 Atmospheric 
Dispersion 

The objective must be to reduce atmospheric emissions to a 
minimum or at least below legislative requirements. However, 
there is inevitably some residual emission and this must be safely 
dispersed in the environment. The factors that affect the dispersion 
of gases to atmosphere are (De Nevers, 1995): 

• temperature, 

• wind, 

• turbulence. 

Temperature is a critical factor. Generally the temperature of 
the atmosphere decreases with height, and the actual change of 
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- Environmental lapse rate (EI.R) 

-Dry adiabatic lapse rate (DALR) 


Figure 25.35 

Temperature and atmospheric stability. 


temperature with height is known as the environmental lapse rate. 
Air originating at the surface of the Earth, if rising, will cool owing 
to expansion as the pressure changes. The rate of cooling is known 
as the dry adiabatic lapse rate and is about 9.8 °C per kilometer, 
until condensation occurs. The environmental lapse rate (ELR) will 
determine what happens to pockets of air if they are forced to rise. 
Figure 25.35a shows the situation where the ELR has a greater 
change of temperature with height than the dry adiabatic lapse rate. 
This means that a small volume of air displaced upward will 
become less dense than the surroundings and would continue its 
upward motion. This is a desirable condition for atmospheric 
dispersion, termed unstable conditions. Figure 25.35b shows a 
situation in which the ELR and dry adiabatic lapse rate are roughly 
equal, giving neutral conditions. In this case, there is no tendency 
for a displaced volume to gain or lose buoyancy. The third situation 
is shown in Figure 25.35c, in which the ELR is such that the 
temperature increases with height, known as an inversion. These 
are termed stable conditions and provide a strong resistance to 
vertical motion of a displaced volume. Such stable conditions are 
problematic from the point of view of gas dispersion. 

In the lower levels of the atmosphere, the ELR changes with the 
time of day. Figure 25.36 shows a typical daily variation of 
atmospheric stability. Starting before sunrise, the minimum 

Stable Unstable at Unstable Stable at 



Figure 25.36 

Typical daily variation of atmospheric stability. 


temperature is at the surface. This is caused by heat loss from 
long-wave radiation. It creates an inversion (increase of temperature 
with height) up to perhaps 100 meters. Soon after sunrise in 
Figure 25.36, warming of the surface layer occurs, but the inversion 
remains at higher levels. Around midday in Figure 25.36, warming 
has extended from the ground, and now there are unstable condi¬ 
tions (decrease of temperature with height) throughout the lower 
atmosphere. Near sunset in Figure 25.36, there is radiation from the 
ground, and an inversion begins to extend from the surface. 

Not only does wind direction change but also the wind speed 
increases with height above the ground to a maximum at a height at 
which speed is equal to the free air or geostrophic wind speed. The 
rate of change of wind speed with height is affected by the atmos¬ 
pheric conditions. It is also affected by the terrain. The buildings in 
urban areas, for example, slow the air close to the ground, meaning 
that the maximum speed occurs at a greater height than, for 
example, over level country. 

The third factor affecting dispersion is turbulence. Mechanical 
turbulence is caused by the roughness of the Earth’s surface. Away 
from the surface, convective turbulence (heated air rising and 
cooler air falling) becomes increasingly important. The amount of 
turbulence and the height to which it operates depend on the 
surface roughness, wind speed and atmospheric stability. 

The problem for the designer is to determine the appropriate 
stack height. This is illustrated in Figure 25.37. This shows that the 
effective stack height is a combination of the actual stack height 
and the plume rise. The plume rise is a function of discharge 
velocity, temperature of emission and atmospheric stability (De 
Nevers, 1995). 

The emissions from the stack itself must comply with environ¬ 
mental regulations relating to concentration and flowrate of pollu¬ 
tants. However, the stack must also be high enough such that any 
pollutant reaching the ground must be lower than ground level 
concentrations specified by the regulatory authorities. Pollution 
concentration at ground level depends on many factors, the most 
important being: 

• height of the emitting stack, 

• velocity and temperature of the emission from the stack. 
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Figure 25.37 

Stack height. 


• wind speed, 

• atmospheric stability, 

• precipitation, 

• topology of the surrounding terrain. 

Calculation of pollution concentration at ground level requires 
specialized modeling techniques. These need to consider mete¬ 
orological conditions over an extended period, often several years, 
to ensure that ground level concentrations remain below safe levels 
under all potential weather scenarios. These considerations are 
outside the scope of this text. 

25.9 Environmental 
Design for Atmospheric 
Emissions - Summary 

Emissions to atmosphere can be categorized according to their 
phase (gas, vapor, liquid and solid). Industrial emissions of major 
concern are: 

• VOCs 

• NO x 

• SO x 

• CO 

• C0 2 

• Dioxins and furans 

• Particulates 

• PM I0 

• pm 25 . 

Urban smog, acid rain, ocean acidification, eutrophication, ozone 
layer destruction and the greenhouse effect are environmental 
problems caused by atmospheric emissions. 

Solid (particulate) emissions are produced from incomplete 
combustion of fuels, drying operations, crushing and grinding 
operations, solids handling operations, and so on. The largest 


volume of emissions is from products of combustion (C0 2 , CO, 
NOx, SOx and particulates). Acid gases are produced by chemical 
production (C0 2 , NOx, SOx, H 2 S, HC1). Vapor emissions are 
often more difficult to deal with because of the variety of sources. 

Remediation processes to deal with atmospheric emissions 
include: 

• removal of particulates, 

• condensation, 

• membranes, 

• adsorption, 

• physical absorption, 

• chemical absorption, 

• thermal oxidation, 

• gas dispersion. 

The hierarchy of control of VOC emissions is: 

• eliminate or reduce VOC emissions at source, 

• recover the VOC for reuse, 

• recover the VOC for thermal oxidation with process heat 
recovery, 

• thermal oxidation of the VOC-laden gas stream with process 
heat recovery, 

• oxidation of the VOC-laden gas stream without process heat 
recovery. 

Four methods can be used for VOC recovery: 

• condensation, 

• membranes, 

• absorption, 

• adsorption. 

Once VOCs have been minimized at source and recovery possi¬ 
bilities have been exhausted, then any residual VOC needs to be 
destroyed using: 

• flares (but only for abnormal and emergency release), 

• thermal oxidation, 
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• catalytic thermal oxidation, 

• gas turbines, 

• bioscrubbers, 

• biofiltration. 

Atmospheric sulfur emissions can be minimized at source by 
improving the process yields and desulfurization of fuels prior 
to combustion. The difficulty of fuel desulfurization is solid > 
liquid > gas. Sulfur can be removed from emissions either as SO 2 
or H 2 S. Removal of the H 2 S can be by: 

• physical absorption, 

• chemical absorption, 

• gasification of material followed by H 2 S removal, 

• partial oxidation to elemental sulfur. 

Removal of S0 2 can be by: 

• absorption using sodium hydroxide, 

• wet limestone scrubbing, 

• dry limestone scrubbing, 

• Wellman-Lord process, 

• or many other methods. 

NO x (principally NO and N0 2 ) emissions are produced in chemical 
production, metal and mineral processing and combustion of fuels. 
NO x formed in combustion processes is by three mechanisms (fuel, 
thermal and prompt NO). NOx emissions can be minimized at 
source by increasing process yields in chemical production, switch¬ 
ing to a fuel with lower nitrogen content or minimizing NO x 
formation in combustion processes. After minimizing the produc¬ 
tion of NO x , removal by either oxidation or reduction can be 
considered. NOx can be absorbed in hydrogen peroxide, which 
forms nitric acid. Reduction is usually carried out using ammonia: 

• without a catalyst in a narrow temperature range (850 to 
1100°C), 

• with a catalyst with higher removal efficiency (up to 95%) at 
lower temperatures (250 to 450 °C). 

Flue gas emissions can be minimized at source by: 

• increased energy efficiency at the point of use, 

• increased energy efficiency of the utility system, 

• improvements to combustion processes, 

• changing fuel. 

Increased energy efficiency at the point of use can be achieved 
effectively by improved heat integration. Increased energy effi¬ 
ciency of the utility system can be improved through better 
matching between processes and the utility system, improved 
cogeneration, and so on. Improvements to combustion processes 
are effective for NOx reduction. 

25.10 Exercises 

1. A storage tank is filled with toluene at 40 °C and has a vent that 
is open to the atmosphere: 


a) Estimate the concentration of toluene in the vent from the 
tank. Is this above a legislative limit of 80mg-m“ ? 

b) The concentration of toluene in the vent from the tank is to 
be reduced using a refrigerated condensation system. Is it 
possible to achieve the legislative requirement of 
80mg m -3 by cooling the vent to -20 °C? 

c) Sketch a flowsheet to recover any volatile organic com¬ 
pounds from the vent by refrigerated condensation. 

d) What problems are likely to be encountered in using such a 
refrigerated condensation system? 

e) If the legislative limit of 80 mg-m -3 cannot be achieved by 
cooling to —20 °C, what would be the required pressure of 
the tank to achieve the limit, given the same refrigerated 
condensation system? Is this a realistic proposal? 

f) Suggest at least three alternatives to refrigerated conden¬ 
sation that would satisfy the environmental requirement. 

It can be assumed that the molar mass in kilograms at 

standard conditions occupies 22.4 m 3 . The vapor pressures of 
toluene can be represented by: 

3096.52 

In P SAT = 9.3935 -—— 

T- 53.67 

where p 5 ' 47 = saturated liquid vapor pressure (bar) 

T = absolute temperature (K) 

The freezing point of toluene is -95 °C and its molar mass is 
92kgkmol _l . 

2. A covered tank with a volume of 50 m 3 is used for the storage of 
acetone. The tank has a vent to atmosphere. The temperature of 
the storage area changes from 5 °C during the night to 25 °C 
during the day. The tank breathes to atmosphere as a result of the 
change in temperature. Assume that the vapor space above the 
liquid reaches equilibrium with the temperature of the surround¬ 
ing air, the vapor follows ideal gas behavior and that the change 
in volume of the liquid acetone can be neglected. 

a) Estimate the concentration of acetone in the tank vent 
(corrected to standard conditions of 0 °C and 1 atm) as 
the temperature begins to rise. 

b) Estimate the concentration of acetone in the tank vent 
(corrected to standard conditions of 0 °C and 1 atm) at 
the maximum temperature. 

c) Estimate the change in volume if the tank is on average 20% 
full. Assume ideal gas behavior. 

d) Estimate the mass of acetone vented to atmosphere from the 
expansion assuming a vapor pressure at the average 
temperature. 

e) Regulations dictate that the concentration and mass of 
volatile organic compounds (VOCs) should be related to 
the toluene equivalent. Express the concentration and mass 
released as toluene equivalent (according to the ratio of the 
molar masses). The regulations dictate that the vent should 
be a concentration of less than 80 mg-m -3 (toluene equiv¬ 
alent) if the mass vented is greater than 5000 kg-y _ toluene 
equivalent. If the temperature change is assumed to take 
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place 365 days per year, does this emission violate the 
regulations? 

f) One way of reducing the mass released would be to operate 
the tank with a higher average level. What would the 
average level need to be in order to reduce the mass released 
by half? 

g) Would you consider the estimate in Part d above to be high 
or low in terms of the concentration and the mass vented? 

h) How would you estimate the mass vented more accurately 
than taking the vapor pressure at the average temperature? 

i) Without using abatement equipment, how would you 
reduce the breathing losses resulting from temperature 
variations with fixed level in the tank? 

It can be assumed that the molar mass in kilograms occupies 
22.4 m 3 at standard conditions. The molar mass of acetone can 
be taken to be 58kg-kmoP' and toluene 92kgkmol '. The 
vapor pressure of acetone is given by: 


In = 10.0310- 


2940.46 
T - 35.93 


where P SAT = saturated liquid vapor pressure (bar) 
T = absolute temperature (K) 


3. Toluene is used as a solvent for the application of surface 
coatings. The solvents evaporate as a result of the application, 
creating a problem for the emission of volatile organic com¬ 
pounds (VOCs). The legislative framework for the emission of 
VOCs requires that the mass load of VOC emissions allowed to 
be released to atmosphere should be less than 60% of the mass 
of solids deposited during the coating process. The coating 
operations are currently depositing 50t y _1 of solids. The 
concentration of the solids in the coating material is 20%, 
the remainder being toluene. 

a) Calculate the mass of toluene released during the coating 
operations and the mass that needs to be recovered or 
destroyed as a result of the legislation. 

b) It is proposed to solve the emissions problem by installing a 
ventilation system using air to collect the vapors and to 
destroy these using thermal oxidation. For safety reasons, 
the concentration of the flammable material in the ventila¬ 
tion system must be less than 30% of the lower flammabil¬ 
ity limit. The lower flammability limit for toluene in air is 
1.2% by volume. The release of VOCs can be assumed to 
be evenly distributed over 8000 hours per year of operation. 
Calculate the air flowrate to the thermal oxidizer in m 3 h _ 
required to collect the VOCs that need to be destroyed. 

c) Toluene is also used for cleaning purposes and is stored on 
the site in a covered tank with a volume of 10 nr that is 
maintained on average to be half full. The tank has a vent to 
atmosphere. The temperature of the storage area changes 
from 5 °C during the night to 30 °C during the day. The tank 
breathes to atmosphere as a result of the change in temper¬ 
ature. Assume that the vapor space above the liquid reaches 
equilibrium with the temperature of the surrounding air, the 


vapor follows ideal gas behavior and the change in volume 
of the toluene can be neglected. Estimate the concentration 
of toluene in the tank vent (corrected to standard conditions 
of 0 °C and 1 atm) and the mass released as a result of the 
expansion, using the vapor pressure at the mean 
temperature. 

d) Regulations dictate that the vent should be a concentration 
of less than 80mgm -3 if the mass vented is greater than 
5000kg-y~'. If the temperature change is assumed to take 
place 365 days per year, does this emission violate the 
regulations? 

It can be assumed that the molar mass in kilograms at 
standard conditions occupies 22.4 nr . The vapor pressures of 
toluene can be represented by: 


lnP Mr 


= 9.3935 - 


3096.52 
T- 53.67 


where P SAT _ saturated liquid vapor pressure (bar) 
T = absolute temperature (K) 


The freezing point of toluene is —95 °C and its molar mass 
92kg-kmol _1 . 

4. A flue gas with a flow of 1 0 Nm 3 -s 1 (Nm 3 = normal m 3 ) 
contains 0.1% vol NO x (expressed as N0 2 at 0°C and 1 atm) 
and 3% vol oxygen. It is proposed to remove NOx by absorption 
in water to lOOppmv for discharge. Whilst N0 2 is highly 
soluble, NO is only sparingly soluble and there is a reversible 
reaction in the gas phase between the two according to: 

NO + 1 / 2 0 2 < N0 2 


The equilibrium relationship for the reaction is given by: 


K 


a 


P no 2 
PnoPoj 


where K a is the equilibrium constant for the reaction and p the 
partial pressure. At 25 °C, the equilibrium constant is 1.4 X 10 6 
and at 725 °C is 0.14. 


a) Calculate the mole ratio of N0 2 to NO assuming chemical 
equilibrium at 25 °C and at 725 °C. 

b) Calculate the flowrate of N0 2 and NO assuming chemical 
equilibrium at 25 °C and at 725 °C. Assume the kilogram 
molar mass occupies 22.4 m 3 at standard conditions. 

c) It is proposed to remove the NO x by absorption in water at 
25 °C. Do you consider this to be a good option if chemical 
equilibrium is assumed? 

d) In the worst case, if equilibrium is not attained, none of the 
NO would react to N0 2 . Calculate the flowrate of water to 
remove the NO to a concentration of 100 ppmv by absorp¬ 
tion in water at 25 °C and 1 atm. The solubility of NO in 
water can be assumed to follow Henry's Law: 



where *,• = mole fraction of Component i in the liquid 
phase 
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Table 25.5 

Fuel analysis for Exercise 5. 



% by wt 

c 

78 

o 

7 

H 

3 

s 

1 

Ash 

6 

h 2 o 

6 


y* = mole fraction of Component i in the vapor 
phase in equilibrium with the liquid 
P = total pressure 
H = Henry’s Law constant 

At 25 °C, //= 28 atm for NO. If the concentration in the gas 
phase at the exit of the absorber is assumed to be 80% of 
equilibrium and the gas phase is assumed to be ideal, 
calculate the flowrate of water required, 
e) Suggest other methods to treat the NO x - 

The molar masses of NO and N0 2 are 30kgkmol _l and 
46kgkmol _1 respectively. 

5. Coal with the analysis in Table 25.5 is to be burnt in 20% excess 
air in a boiler. The ash contains calcium (0.15% of the coal) and 
sodium (0.18% of the coal). Assume that the calcium reacts to 
calcium sulfate, CaS0 4 , and the sodium to sodium sulfate, 
Na 2 S0 4 . Assume all the remaining sulfur reacts to S0 2 . 
Regulations on the flue gas are to be based on a dry gas 
(free of water vapor) at 0 °C and 1 atm. 

a) What proportion of the sulfur in the coal is trapped in the 
ash and what proportion is oxidized to S0 2 ? 

b) What is the mass of the ash after combustion as a result of 
sulfate formation? 

c) Calculate the flowrate of the flue gases per kilogram of fuel 
for 20% excess air on a dry basis, neglecting any ash carried 
from the boiler. Assume air is 21% 0 2 and 79% N 2 and the 
kilogram molar mass occupies 22.4 m 3 at standard 
conditions. 

d) Calculate the composition of the flue gas on a dry basis. 
Atomic and molar masses are given in Table 25.6. 

6 . Coal with the analysis in Table 25.7 is to be burnt in 20% excess 
air in a boiler. 

The ash contains calcium (0.2% of the coal) and sodium 
(0.24% of the coal). Assuming the calcium reacts to form 
solid calcium sulfate, CaS0 4 , and the sodium to form solid 
sodium sulfate, Na 2 S0 4 : 

a) What proportion of the sulfur in the coal is trapped in the 
ash and what proportion is oxidized to S0 2 ? 


Table 25.6 

Atomic and molar masses. 



Atomic/molar mass (kg kmol ) 

H 

1 

C 

12 

O 

16 

N 

14 

Na 

23 

S 

32 

Ca 

40 

C0 2 

44 

h 2 so 4 

98 

CaCC >3 

100 

CaS0 4 

136 

Na 2 S0 4 

142 


b) One method to prevent the emission of the remaining sulfur 
as gaseous S0 2 is to carry out the combustion in a fluidized 
bed with the addition of limestone (CaCCL) to react the 
sulfur to calcium sulfate (CaS0 4 ). What mass of limestone 
must be added per mass of coal to prevent the emission of 
the remaining S0 2 , assuming a 20% excess of limestone is 
added? 

c) In what other way could limestone be used to prevent the 
emission of the S0 2 ? Write down the key reactions and 
steps in the process. What advantages could the alternative 
method have? 

d) An alternative to the reaction of S0 2 with limestone is to 
recover the S0 2 in a Wellman-Lord process. If the resulting 
S0 2 is converted to sulfuric acid, how much sulfuric acid 
(as 100% pure) would be produced per mass of coal 
combusted? 

Atomic and molar masses are given in Table 25.6. 

Table 25.7 


Fuel analysis for Exercise 6. 



% by wt 

C 

75 

o 

7 

H 

3 

S 

2 

Ash 

7 

H 2 0 

5 
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7. A gas turbine with power output of 10.7 MW and an effi¬ 
ciency of 32.5% burns natural gas. In order to reduce the 
NOx emissions to the environmental limits, 0.6 kg steam is 
injected into the combustion per kg of fuel. The airflow 
through the gas turbine is 41.6 kg-s -1 . The composition of 
the natural gas can be assumed to be effectively 100% 
methane with a molar mass of 16kg-kmol _1 . The kilogram 
molecular volume can be assumed to occupy 22.4 m 3 at 
standard conditions. 

a) Calculate the mass flowrate of natural gas. The fuel value of 
the natural gas is 34.9 MIm“~ at standard conditions. 

b) Calculate the flowrate of steam for NOx abatement. 

c) Without the steam flow, the turbine produces 10.7 MW 
power. Assuming the power output is proportional to the 
mass flow through the turbine, estimate the power output 
with NO x abatement. 

d) Assume that the steam used for NO x abatement was 
raised in a boiler burning natural gas (assumed to be 
100% methane) with an efficiency of 90%. The condi¬ 
tion of the steam is 20 bar and 350 °C with an enthalpy 
of 3138 kJ kg -1 and is raised from boiler feedwater at 
100°C with an enthalpy of 420kJ-kg _1 . Estimate the 
total CO 2 emissions from the boiler and the gas 
turbine. 

e) Instead of using a gas turbine, a steam turbine could 
have been used to generate power. For an ideal 
expansion of the 20 bar steam to 0.075 bar in a steam 
turbine, a flowrate of 3.7 kg of steam is required per 
kWh of power production. The steam turbine can be 
assumed to have an efficiency of 0.75. Calculate the 
C0 2 emissions using the power output calculated from 
Part c as the basis. 


f) Compare the emissions from the gas turbine and steam 
turbine for power generation. Suggest why one process is 
better than the other. 
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Chapter 26 


Water System Design 


I n the past, water has been assumed to be a limitless low-cost 
resource. However, there is now increasing awareness of the 
danger to the environment caused by the overextraction of water. In 
some locations, future increases in water use are being restricted. 
At the same time, the imposition of ever-stricter discharge regula¬ 
tions has driven up effluent treatment costs, requiring capital 
expenditure with little or no productive return. Figure 26.1 shows 
a schematic of a greatly simplified water system for a processing 
site. Raw water enters the processing environment and might need 
some raw water treatment. This might be something as simple as 
sand filtration. In many instances, the raw water supply is good 
enough to enter the processes directly. Water is used in various 
operations as a reaction medium, solvent in extraction processes, 
for cleaning, and so on. Water becomes contaminated and is 
discharged to effluent. Also, as shown in Figure 26.1, some of 
the raw water is required for the steam system. It first requires 
upgrading in boiler feedwater treatment to remove suspended 
solids, dissolved salts and the dissolved gases before being fed 
to the steam boiler, as discussed in Chapter 23. Deionized water 
might also be required for process use. The steam from steam 
boilers is distributed and some of the steam condensate is not 
returned to boilers but is lost to effluent. The boiler requires 
blowdown to remove the build-up of solids, as discussed in 
Chapter 23. Also, as discussed in Chapter 23, the ion-exchange 
beds used to remove dissolved salts and soluble ions need to be 
regenerated by saline solutions or acids and alkalis and this goes to 
effluent. Finally, as shown in Figure 26.1, water is used in 
evaporative cooling systems to make up for the evaporative losses 
and blowdown from the cooling water circuit, as discussed in 
Chapter 24. All of the effluents tend to be mixed together, along 
with contaminated storm water, treated centrally in a wastewater 
treatment system and discharged to the environment. It is usual for 
most of the water entering the processing environment to leave as 
wastewater. If the use of water can be reduced, then this will reduce 
the cost of water supplied. However, it will also reduce the cost of 
effluent treatment, as a result of most of the water entering the 
processing environment leaving as effluent. There is thus 
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considerable incentive to reduce both fresh water consumption 
and wastewater generation. 

Figure 26.2a shows three operations, each requiring fresh 
water and producing wastewater. By contrast. Figure 26.2b shows 
an arrangement where there is a reuse of water from Operation 2 to 
Operation 1. Reusing water in this way reduces both the volume of 
the fresh water and the volume of wastewater, as the same water is 
used twice. However, for such an arrangement to be feasible, any 
contamination level at the outlet of Operation 2 must be acceptable 
at the inlet of Operation 1. Not all operations require the highest 
quality of water. For example, the extraction process described in 
Section 10.7 for desalting crude oil prior to distillation does not 
need the highest quality water. Some level of contamination is 
acceptable, but certain specific contaminants (e.g. hydrogen sulfide 
and ammonia in the case of crude oil desalting) can cause prob¬ 
lems. Another example would be a multistage washing operation. 
Low-quality water could be used in the initial stages and high- 
quality water used in the final stages. There are many examples 
when water with some level of certain contaminants is acceptable 
for use rather than using the highest quality water. 

Figures 26.2c and 26.2d both show arrangements involving 
regeneration. Regeneration is a term used to describe any treat¬ 
ment process that regenerates the quality of water such that it is 
acceptable for further use. Figure 26.2c shows regeneration reuse, 
where the outlet water from Operation 2 is too contaminated to be 
used directly in Operation 3. A regeneration process between the 
two allows reuse to take place. Regeneration reuse reduces both the 
volume of the fresh water and the volume of the wastewater, as with 
reuse, but also removes part of the effluent load (i.e. kilograms of 
contaminant). The regeneration, in addition to allowing a reduction 
in the water volume, also removes part of the contaminant load that 
would have to be otherwise removed in the final effluent treatment 
before discharge. 

A third option is shown in Figure 26.2d, where a regeneration 
process is used on the outlet water from the operations and the 
water is recycled. The distinction between the regeneration reuse 
shown in Figure 26.2c and the regeneration recycling shown in 
Figure 26.2d is that in regeneration reuse the water only goes 
through any given operation once. Figure 26.2c shows that the 
water goes from Operation 2 to regeneration, then to Operation 3 
and then discharge. By contrast, in Figure 26.2d, the water can go 
through the same operation many times. Regeneration recycling 


26 



722 Chemical Process Design and Integration 


O 

CONTAMINATED 

STORMWATER 



Figure 26.1 

A typical water and effluent treatment system. 




(a) Fresh Water Used in All Operations. 




(b) Water Reuse. 



(c) Regeneration Reuse. 



Water 


Recycle 


(d) Regeneration Recycling. 


Figure 26.2 

Water reuse and regeneration. 
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reduces the volume of fresh water and wastewater and also reduces 
the effluent load by virtue of the regeneration process taking up part 
of the required effluent treatment load. 

Regeneration reuse and regeneration recycling are similar in 
terms of their outcomes. Regeneration recycling allows larger 
reductions in the fresh water use and wastewater generation 
than in the regeneration reuse. However, problems can be encoun¬ 
tered with regeneration recycling. Regeneration costs can be high. 
What is usually a greater problem, however, is that the recycling 
can allow the build-up of undesired contaminants in the recycle, 
such as microorganisms or products of corrosion. These contami¬ 
nants, if not removed in the regeneration, might build up to the 
extent of creating problems to the process. 

As shown in Figure 26.1, all of the wastewater was collected 
together and treated centrally before discharge. Another way to 
deal with the effluent treatment is by distributed effluent treatment 
or segregated effluent treatment. The basic idea is illustrated in 
Figure 26.3. In addition to some reuse of water between Operation 
2 and Operation 1, some local treatment (distributed treatment) is 
taking place on the outlet of Operation 1 and on the outlet of 
Operation 3 before going to final wastewater treatment and dis¬ 
charge. Another feature of the arrangement in Figure 26.3 is that a 
number of the effluents are no longer being treated before dis¬ 
charge. The arrangement in Figure 26.1 is such that the more 
contaminated effluents from the outlet of Operations 1, 2 and 3 


need to be diluted by the less contaminated streams before being 
treated and discharged. By contrast, as shown in Figure 26.3, the 
pretreatment on the outlet of Operation 1 and Operation 3 is such 
that the dilution is no longer required before final effluent treatment 
and discharge. This means that the streams with only light con¬ 
tamination now no longer need to be treated. 

The capital cost of aqueous waste treatment operations is 
generally proportional to the total flow of wastewater and the 
operating cost generally increases with decreasing concentra¬ 
tion for a given mass of contaminant to be removed. Thus, if 
two streams require different treatment operations, it makes no 
sense to mix them and treat the two streams in both treatment 
operations. This will increase both capital and operating costs. 
The concept of distributed effluent treatment is one that tends 
to treat effluents before they are mixed together. Treatment is 
made specific to individual (or small numbers of) contaminants 
while still concentrated. The benefit is that, by avoiding 
mixing, this increases the potential to recover material, leading 
to less waste and lower cost of raw materials. However, the 
overriding benefit is usually that the effluent volume to be 
treated is reduced significantly, leading to lower effluent 
treatment costs overall. 

Before developing more systematic ways of designing water 
systems, first consider the general issues of water contamination 
and treatment. 



CONTAMINATED 

STORMWATER 



Figure 26.3 

Distributed effluent treatment. 
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26.1 Aqueous 
Contamination 

There are two significant reasons why water contamination needs to 
be considered. The first is that aqueous effluent must comply with 
environmental regulations before discharge. The environmental 
effects of pollution can be direct, such as toxic emissions providing 
a fatal dose of toxicant to fish, animal life and even human beings. 
The effects can also be indirect. Toxic materials that are non- 
biodegradable such as insecticides and pesticides, if released to the 
environment, are absorbed by bacteria and enter the food chain. 
These compounds can remain in the environment for long periods of 
time, slowly being concentrated at each stage in the food chain until 
ultimately they prove fatal, generally to predators at the top of the 
food chain, such as fish or birds. The concentration, and perhaps 
load, of contamination of various specified contaminants must be 
less than the regulatory requirements. The second reason is that 
contaminant levels will affect the feasibility of reuse and recycling 
of water, as shown in Figure 26.2. If water is to be reused or 
recycled, then the level of inlet contamination to the operation 
receiving reused or recycled water must be acceptable. What types 
of contamination need to be considered? 

Consider first aqueous emissions of organic waste material. 
When this is discharged to the receiving water, bacteria feed on the 
organic material. This organic material will eventually be oxidized 
to stable end products. Carbon in the molecules will be converted to 
COj, hydrogen to H 2 0, nitrogen to NO3 - , sulfur to SO4 , and so 
on. As an example, consider the degradation of urea: 

CH 4 N 2 O + 9/2 0 2 ^C0 2 +2H 2 0 + 2N0 3 ” 

urea oxygen carbon water nitrate 

dioxide 

This equation indicates that every molecule of urea requires 9/2 
molecules of oxygen for complete oxidation. The oxygen required 
for the reactions depletes the receiving water of oxygen, causing 
the death of aquatic life. Standard tests have been developed to 
measure the amount of oxygen required to degrade a sample of 
wastewater (Tchobanoglous and Burton, 1991; Berne and 
Cordonnier, 1995; Eckenfelder and Musterman, 1995). 

1) Biochemical oxygen demand (BOD). A standard test has been 
devised to measure biological oxygen demand (BOD) in which 
the oxygen utilized by microorganisms in contact with the 
wastewater over a five-day period at 20 °C is measured (usually 
termed BOD 5 ). The period of the test can be extended to a much 
longer period (in excess of 20 days) to measure the ultimate 
demand. While the BOD 5 test gives a good indication of the 
effect the effluent will have on the environment, it requires five 
days to carry out (or longer for the ultimate BOD). Other tests 
have been devised to accelerate the oxidation process. 

2) Chemical oxygen demand (COD). In the chemical oxidation 
demand (COD) test, oxidation with acidic potassium 
dichromate is used. A catalyst (silver sulfate) is required to 
assist oxidation of certain classes of organic compounds. 
Chemical oxygen demand results are generally higher than 
BOD 5 , since the COD test oxidizes materials that are only 


slowly biodegradable. Although the COD test provides a strong 
oxidizing environment, certain organic compounds are oxi¬ 
dized only slowly, or not at all. 

The ratio of BOD 5 to COD varies according to the contami¬ 
nation. The ratio can vary between 0.05 and 0.8, depending on 
the chemical species (Eckenfelder and Musterman, 1995). 
Domestic sewage has a value of typically around 0.37 
(Wang and Smith, 1994a). An average value across all types 
of contaminants is around 0.35. 

3) Total oxygen demand (TOD). The total oxygen demand 
(TOD) test measures the oxygen consumed when a sample 
of wastewater is oxidized in a stream of air at high temperature 
(up to 1200 °C) in a furnace. Under these harsh conditions, all 
the carbon is oxidized to C0 2 . The oxygen demand is deter¬ 
mined from the change in oxygen in the carrier gas. The 
resulting value of TOD embraces oxygen required to oxidize 
both organic and inorganic substances present. 

The relationship between BOD 5 , COD and TOD for the 
same organic waste is in the order, 

BOD 5 < COD < TOD 

4) Total organic carbon (TOC). The total organic carbon (TOC) 
test measures the carbon dioxide produced when a sample of 
wastewater is subjected to a strongly oxidizing environment. 
One option is to oxidize the sample in a stream of air at a high 
temperature (around 1000 °C) in a furnace, similar to the 
TOD test, but measuring the change in C0 2 rather than the 
change in 0 2 . To allow complete oxidation of all carbon 
compounds also requires a catalyst such as copper oxide or 
platinum. Rather than using high temperature in a furnace, 
other strongly oxidizing environments can also be used. For 
example, UV light with sodium persulfate as a digesting 
reagent can be used. To obtain the TOC requires that 
inorganic carbon compounds be removed prior to test, or 
results corrected for their presence. The inorganic carbon can 
be removed prior to test by adding acid to convert the 
inorganic carbon to carbon dioxide that must be stripped 
from the sample by a sparge carrier gas. 

A chemical process is designed from knowledge of physical 
concentrations, whereas aqueous effluent treatment systems are 
designed from knowledge of BOD 5 , COD and TOD. Thus, the 
relationship between BOD 5 , COD and TOD and the concentration 
of waste streams leaving the process needs to be established. 
Without measurements, relationships can only be established 
approximately. The relationships between BOD 5 , COD and 
TOD are not easy to establish, since different materials will oxidize 
at different rates. To compound the problem, many wastes contain 
complex mixtures of oxidizable materials, perhaps together with 
chemicals that inhibit the oxidation reactions. 

If the composition of the waste stream is known, then the 
theoretical oxygen demand (ThOD) can be calculated from the 
appropriate stoichiometric equations. As a first level of approxi¬ 
mation, it can be assumed that the ThOD would be equal to the 
COD or TOD. The following example will help to clarify these 
relationships. 
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Example 26.1 A process produces an aqueous waste stream 
containing 0.1 mol % acetone. Estimate the COD and BOD 5 of the 
stream. 

Solution First, calculate the ThOD from the equation that rep¬ 
resents the overall oxidation of the acetone: 

(CH 3 ) 2 CO+ 40 2 -»3C0 2 + 3H 2 0 

acetone oxygen carbon water 

dioxide 

Approximating the molar density of the waste stream to be that of 
pure water (i.e. 56 kmolm -3 ), then theoretical oxygen demand 

= 0.001 X 56 x 4 kmol0 2 • m~ 3 
= 0.001 X 56 x 4 x 32 kg0 2 • itT 3 
= 7.2 kg 0 2 • m -3 

Thus: 

COD S 7.2 kg • m -3 
BOD 5 = 7.2x0.35 
= 2.5 kg ■ nr 3 

Effluent treatment regulations might specify a level of BOD 5 , 
COD or both. Increasingly, the tendency is toward the specification 
of toxicity. This measures the toxicity of an effluent to some kind of 
living species. Other contaminants that might be specified are: 

• specifically nominated contaminants (e.g. phenol, benzene, etc.), 

• heavy metals (e.g. chromium, cobalt, vanadium, etc.), 

• halogenated organic compounds, 

• organic nitrogen, 

• organic sulfur, 

• nitrates, 

• phosphates, 

• suspended solids, 

• pH, and so on. 

Nitrates and phosphates in particular can cause eutrophication of 
the receiving water, either terrestrial or marine water. Nitrates and 
phosphates act as nutrients that lead to enhanced growth of aquatic 
vegetation or phytoplankton and algal blooms. This disrupts 
normal functioning of the ecosystem, causing a variety of problems 
such as a lack of oxygen needed for aquatic life to survive, 
decreased biodiversity, changes in species composition and domi¬ 
nance, and toxicity effects. 

In addition to the levels of contamination, typically specified as 
parts per million (ppm) or milligrams per liter (mg-i ), there might 
be regulations for the total discharge of a contaminant in kilograms 
per day (kg-d _1 ) or tons per year (t-y _1 ). There might also be a 
specification for the maximum effluent temperature. 

Water treatment processes can be classified in order as 
(Tchobanoglous and Burton, 1991): 

• Primary (or pretreatment) 

• Secondary (or biological) 

• Tertiary (or polishing). 


26.2 Primary T reatment 
Processes 

Primary or pretreatment of wastewater can involve either physical 
or chemical treatment, depending on the nature of the contamina¬ 
tion, and serves three purposes: 

• Allows reuse or recycling of water. 

• Recovers useful material from the wastewater where possible. 

• Prepares the aqueous waste for biological treatment by remov¬ 
ing excessive load or contaminants that will inhibit the biologi¬ 
cal processes in biological treatment. 

The pretreatment processes may be most effective when applied to 
individual waste streams from particular processes or process steps 
before effluent streams are combined for biological treatment. 

A brief review of the primary treatment methods will now be 
given (Tchobanoglous and Burton, 1991; Berne and Cordonnier, 
1995; Eckenfelder and Musterman, 1995). Pretreatment usually 
starts with phase separation if the effluent is a heterogeneous 
mixture. 

1) Solids separation. Methods used for solids separation 
include most of the commonly used techniques: 

• Sedimentation 

• Centrifugal separation 

• Filtration. 

Clarifiers can be used, as discussed in Chapter 7 and as 
illustrated in Figure 7.2. As an example of the effectiveness 
of clarifiers, in petroleum refinery applications they are 
capable of removing typically 50 to 80% of suspended 
solids, together with 60 to 95% of dispersed hydrocarbon 
(which rises to the surface), 30 to 60% of BOD 5 and 20 to 
50% of COD (Betz Laboratories, 1991). The performance 
depends on the design and the effluent being treated. The 
performance can be enhanced by the use of chemical 
additives. The chemical additives neutralize the electric 
charges on the particles that cause them to repel each other 
and remain dispersed. 

Settling to remove solids from aqueous effluent can be 
enhanced by the use of centrifugal forces in hydrocyclones. 
Their design was discussed in Chapter 7. For solids removal, 
the solids are driven toward the wall of the hydrocyclone and 
removed from the base. Centrifugation can also be used for 
solids removal, but restricted to smaller volumes. Solids 
removal by centrifugation can typically be in the range 50 
to 80%, increasing to typically 80 to 95% with chemical 
addition. 

Filtration can be used to remove solid particles down to 
around 10 pm. Both cake filtration and depth filtration can be 
used, as discussed in Chapter 7. 

2) Coalescence. Coalescence by gravity in simple settling 
devices can often be used to separate immiscible liquid- 
liquid mixtures. The coalescence can be enhanced by the 
use of mesh pads and centrifugal forces, as discussed in 
Chapter 7. 
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Figure 26.4 

A typical API (American Peroleum Institute) separator. 


In petroleum and petrochemical plants, a common device 
used for the separation of dispersed hydrocarbon liquids from 
aqueous effluent is the American Petroleum Institute (API) 
separator, as illustrated in Figure 26.4. This is a simple 
settling device in which the effluent enters a large volume. 
The resulting low velocity allows light particles of hydro¬ 
carbon to rise to the surface and any heavy solid particles to 
settle to the base of the device. Rakes might be employed to 
move the light material along the surface and the heavy 
material along the base for collection. The light material 
can be removed using a scum skimmer. This, for example, 
could be as simple as a horizontal pipe with a slot in its upper 
surface. Rotation of the device, such that the slot is just below 
the surface of the liquid, allows the light material (hydro¬ 
carbon) to overflow into the pipe for collection. In petroleum 
refinery applications, API separators typically remove 60 to 
99% of dispersed hydrocarbon liquids, together with 10 to 
50% of suspended solids, 5 to 40% of BOD 5 and 5 to 30% of 
COD (Betz Laboratories, 1991). It is a very simple device 
used for the first stage of treatment. The performance depends 
on the design and the effluent being treated, and the perform¬ 
ance can be enhanced by the use of chemical additives. 

Centrifugal forces can also be exploited in hydrocyclones. 
As discussed in Chapter 7, designs are different for the 
removal of solids and dispersed oil. In contrast to solids 
removal, for oil removal the water is driven to the wall of the 
hydrocyclone and the treated water removed from the base. 
Performance for the removal of oil from an aqueous effluent is 
typically in the range 70 to 90%. 

3) Flotation. Flotation can be used to separate solid or 
immiscible liquid particles from aqueous effluent, as dis¬ 
cussed in Chapter 7. These particles should have a lower 
density than water and be naturally hydrophobic. Typical 
applications include removal of dispersed hydrocarbon 
liquids from petroleum and petrochemical effluents and 
removal of fibers from pulp and paper effluents. Direct air 
injection is usually not the most effective method of flotation. 
Dissolved-air flotation is usually superior. In dissolved-air 
flotation, air is dissolved in the effluent under a pressure of 
several atmospheres and then liberated in the flotation cell by 


reducing the pressure, as discussed in Chapter 7. The fine air 
bubbles attach to the particles and rise to the surface. Once the 
particles have floated to the surface, they are collected by 
skimming. Flotation is particularly effective for the separa¬ 
tion of very small and light particles. As an example of the 
performance of such units, when applied to effluent from a 
petroleum refinery, dissolved-air flotation can typically 
remove 70 to 85% of dispersed oil and 50 to 85% of 
suspended solids, together with 20 to 70% of BOD 5 and 
10 to 60% of COD (Betz Laboratories, 1991). The perform¬ 
ance depends on the equipment design and the effluent being 
treated. In such applications, it is normally used after an API 
separator has been used for preliminary treatment. 

4) Membrane processes. Conventional filtration processes can 
separate particles down to a size of around 10 pm (micro¬ 
meters). If smaller particles need to be separated, a porous 
polymer membrane can be used. Microfiltration retains par¬ 
ticles down to a size of around 0.05 pm. A pressure difference 
across the membrane of up to 4 bar is used. The two most 
commonly used arrangements are spiral wound and hollow 
fiber, as discussed in Chapter 7. 

In ultrafiltration, the effluent is passed across a semi- 
permeable membrane (see Chapter 9). Water passes through 
the membrane, while submicron particles and large molecules 
are rejected from the membrane and concentrated. The 
membrane is supported on a porous medium for strength, 
as discussed in Chapter 9. Ultrafiltration is used to separate 
very fine particles (typically in the range 0.001 to 0.02 pm), 
microorganisms and organic components with molar mass 
down to lOOOkg-kmoU 1 . Pressure drops are usually in the 
range 1.5 to lObar. 

Reverse osmosis and nanofiltration are high-pressure 
membrane separation processes (typically 10 to 50 bar for 
reverse osmosis and 5 to 20 bar for nanofiltration), which can 
be used to reject dissolved inorganic salt or heavy metals. The 
processes were discussed in Chapter 9 and are particularly 
useful for removal of ionic species, such as sodium, magne¬ 
sium, nitrate, sulfate, chloride ions, and so on. Depending on 
the membrane system design and the ionic species, these can 
be removed with an efficiency of up to 85 to 99%. 
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Configurations used include tubes, plate-and-frame 
arrangements and spiral-wound modules. Spiral-wound mod¬ 
ules should be treated to remove particles down to 20 to 50 pm, 
while hollow fiber modules require particles down to 5 pm to 
be removed. If necessary, pH should be adjusted to avoid 
extremes of pH. Also, oxidizing agents such as free chlorine 
must be removed. Because of these restrictions, reverse 
osmosis is only useful if the wastewater to be treated is 
free of heavy contamination. The concentrated waste material 
produced by membrane processes should be recycled if 
possible, but might require further treatment or disposal. 

Electrodialysis can be an alternative to reverse osmosis, as 
discussed in Chapter 9. 

5) Stripping. Volatile organic compounds and dissolved gases 
can be stripped from wastewater. The usual arrangement 
would involve wastewater being fed down through a column 
with packing or trays and the stripping agent (usually steam or 
air) fed to the bottom of the column. 

If steam is used as a stripping agent, either live steam or a 
reboiler can be used. The use of live steam increases the 
effluent volume. The volatile organic materials are taken 
overhead, condensed and, if possible, recycled to the process. 
If recycling is not possible, then further treatment or disposal 
is necessary. A common application of steam stripping is the 
stripping of hydrogen sulfide and ammonia from water in 
petroleum refinery operations to regenerate contaminated 
water for reuse. If significant quantities of both H 2 S and 
NH 3 need to be stripped, then this can be a problem. The ideal 
pH for stripping H 2 S is below 5, since above 5 sulfide is 
primarily in the form of HS~ and S 2 ~ ions that will not readily 
strip. On the other hand, at pH less than 7 the ammonia is 
present predominantly as NH 4 + and it will not readily strip. At 
a pH above 10, the ammonia is present in solution predomi¬ 
nantly as free NH 3 , which will strip much more readily. The 
optimum strategy would be to use two separate strippers, one 
operating at low pH (e.g. by the addition of sulfuric acid 
before stripping) to strip the H 2 S. The second stripping would 
operate at high pH (e.g. by the addition of sodium hydroxide 
before stripping) to strip the NH 3 . However, the cost of this 
two-stage approach can be prohibitive, so a compromise of 
operation using a pH around 8 allows reasonable removal of 
both gases. Injecting sodium hydroxide near the bottom of the 
tower improves the ammonia stripping while still allowing 
hydrogen sulfide stripping at the top. 

Steam stripping is capable of removing typically 90 to 
99% H 2 S, 90 to 97% NH 3 and 75 to 99% organic materials. It 
should be noted, though, that some organic materials are 
resistant to steam stripping, and it is thus not a universal 
solution to contamination with organic materials. 

If air is used as a stripping agent, further treatment of the 
stripped material will be necessary. The gas might be fed to a 
thermal oxidizer or some attempt made to recover material by 
use of adsorption. 

6) Crystallization. If contamination in wastewater has a solubil¬ 
ity that varies significantly with temperature, then cooling might 
allow crystallization of a significant proportion of the 


contamination. Crystallization was discussed in Chapter 9. 
Unfortunately, cooling crystallization to treat wastewater 
streams might require the use of refrigeration to cool below 
cooling water temperature and this can be expensive to install 
and incur a high cost of power to operate. An alternative way to 
create supersaturation is to use evaporation, as discussed in 
Chapter 9. This can be expensive to operate in terns of the heat 
required for evaporation, unless the heat required can be 
supplied by heat recovery or the latent heat available in the 
evaporated water can be recovered. An additional benefit is the 
production of relatively clean water from the evaporated water. 

7) Evaporation. An extreme case of the use of evaporative 
crystallization is to use evaporation to simply concentrate 
the contamination as a concentrated waste stream. This will 
generally only be useful if the wastewater is low in volume and 
the waste contamination is nonvolatile. The relatively pure 
evaporated water might still require treatment after condensa¬ 
tion if it is to be disposed of. The concentrated waste can then 
be recycled or sent for further treatment or disposal. As with 
evaporative crystallization, the cost of energy for such opera¬ 
tions can be prohibitively expensive, unless the heat required 
for evaporation can be supplied by heat recovery or the heat 
available in the evaporated water can be recovered. 

8) Liquid-liquid extraction. With liquid-liquid extraction, 
wastewater containing organic waste is contacted with a 
solvent in which the organic waste is more soluble. The 
waste is then separated from the solvent by evaporation or 
distillation and the solvent recycled. 

One common application of liquid-liquid extraction is the 
removal and recovery of phenol and compounds of phenol 
from wastewaters. Although phenol can be removed by 
biological treatment, only limited levels can be treated bio¬ 
logically. Variations in phenol concentration are also a 
problem with biological treatment, since the biological pro¬ 
cesses take time to adjust to the variations. 

9) Adsorption. Adsorption can be used for the removal of 
organic compounds (including many toxic materials) and 
heavy metals (especially when complexed with organic com¬ 
pounds). Activated carbon is primarily used as the adsorbent, 
although synthetic resins are also used. Both fixed and moving 
beds can be used, but fixed beds are by far the most commonly 
used arrangement. For activated carbon, the removal of 
organic compounds depends, amongst other things, on the 
molar mass and the polarity of the molecule. A general trend is 
that nonpolar molecules (e.g. benzene) tend to adsorb more 
readily than polar molecules (e.g. methanol) on activated 
carbon. As an example, adsorption with activated carbon 
when applied to petroleum refinery effluent can remove 
typically 70 to 95% BOD 5 and 70 to 90% COD, depending 
on the effluent being treated (Betz Laboratories, 1991). 

As the adsorbent becomes saturated, regeneration is 
required. When removing organic materials, activated carbon 
can be regenerated by steam stripping or heating in a furnace. 
Stripping allows recovery of material, whereas thermal regen¬ 
eration destroys the organic material. Thermal regeneration 
requires a furnace with temperatures above 800 °C to oxidize 


26 
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the adsorbates. This causes a loss of carbon of around 5 to 
10% per regeneration cycle. 

10 ) Ion exchange. Ion exchange is used for selective ion removal 
and finds some application in the recovery of specific materials 
from wastewater, such as heavy metals. As with adsorption 
processes, regeneration of the medium is necessary. Resins are 
regenerated chemically, which produces a concentrated waste 
stream requiring further treatment or disposal. 

11 ) Wet oxidation. In wet oxidation, an aqueous mixture is 
heated in the liquid phase under pressure in the presence 
of air or pure oxygen, which oxidizes the organic material. 
The efficiency of the oxidation process depends on reaction 
time and pressure. Temperatures of 150 to 300 °C are used, 
together with pressures of 3 to 200 bar, depending on the 
process and the nature of the waste being treated and whether 
a catalyst is used. Oxidation at low temperatures and pres¬ 
sures is only possible if a catalyst is used. Carbon is oxidized 
to CO2, hydrogen to H 2 0, chlorine to Cl - , nitrogen to NH3 or 
N 2 , sulfur to SO4, phosphorus to PO.f - , and so on. 

Wet oxidation is particularly effective in treating aqueous 
wastes containing organic contaminants with a COD up to 2% 
prior to biological treatment. Chemical oxygen demand can be 
reduced by up to 95% and organic halogen compounds by up to 
95%. Organic halogen compounds are particularly resistant to 
biological degradation. If designed for a specific organic con¬ 
taminant (e.g. phenol), removal can be 99% or greater. Wet 
oxidation is often used prior to biological treatment to pretreat 
wastes that would otherwise be resistant to biological oxidation. 

A basic flowsheet for a wet oxidation process is shown in 
Figure 26.5. Although the oxidation reactions release heat, 
the process might still require a net input of heat from an 
external source (e.g. steam or hot oil). In some cases, the heat 
release can be high enough to avoid the need for an external 
source of heat. The largest cost associated with the process is 
the capital cost of the high-pressure reactor, which normally 
has an internal titanium cladding. 

12 ) Chemical oxidation. Chemical oxidation can be used for the 
oxidation of organic contaminants that are difficult to treat 
biologically. It can be used to kill microorganisms by oxidation. 
When used before biological treatment, organic pollutants that 
are difficult to treat biologically can be oxidized to simpler, less 
refractory organic compounds. Chlorine (as gaseous chlorine or 


hypochlorite ion) can be used. In solution, chlorine reacts with 
water to form hypochlorous acid (HOC1) according to: 

Cl 2 + H 2 0 -> HOC1 + HC1 
HOC1 , H + + OC1 - 

Then, for example, the reaction for nitrogen removal is: 

2NH 3 + 3HOC1 -*■ N 2 + 3H 2 0 + 3HC1 

Heterogeneous solid catalysts can enhance the performance. 
Chlorination has the disadvantage that small quantities of 
undesirable halogenated organic compounds can be formed. 

Hydrogen peroxide is another common oxidizing agent. It 
is used as a 30 to 70% solution for the treatment of: 

• cyanides, 

• formaldehyde, 

• hydrogen sulfide, 

• hydroquinone, 

• mercaptans, 

• phenol, 

• sulfites, and so on. 

Ozone can also be used as an oxidizing agent, but because of 
its instability, it must be generated on site. It is a powerful 
oxidant for some organic materials, but others are oxidized 
only slowly or not at all. Ozone is only suitable for low 
concentrations of oxidizable materials. A common use is for 
the sterilization of water. 

The effectiveness of these chemical oxidizing agents is 
enhanced by the presence of ultraviolet (UV) light and solid 
catalysts. Chemical oxidation is also sometimes applied after 
biological treatment. 

13) Sterilization. In some processes, such as food and beverage 
and pharmaceutical processes, water might need to be steri¬ 
lized before it is reused or recycled. Chemical oxidation (e.g. 
ozonation) can be used. Ultraviolet light is an alternative for 
lightly contaminated water. Alternatively, a combination of 
chemical oxidation and UV light can be used. Also, heat 
treatment (pasteurization ) can be used. Heat treatment of 
water to 80 °C provides sterilization that is often good enough 
for many purposes. 

14) pH adjustment. The pH of the wastewater often needs 
adjustment prior to reuse, discharge or biological treatment. 


Figure 26.5 

A typical wet oxidation process. 
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For biological treatment, the pH is normally adjusted to 
between 8 and 9. Bases used include sodium hydroxide, 
calcium oxide and calcium carbonate. Acids used include 
sulfuric acid and hydrochloric acid. 

15) Chemical precipitation. Chemical precipitation followed by 
solids separation is particularly useful for separating heavy 
metals. The heavy metals of particular concern in the treat¬ 
ment of wastewaters include cadmium, chromium, copper, 
lead, mercury, nickel and zinc. This is a particular problem in 
the manufacture of dyes and textiles and in metal processes 
such as pickling, galvanizing and plating. 

Heavy metals can often be removed effectively by 
chemical precipitation in the form of carbonates, hydrox¬ 
ides or sulfides. Sodium carbonate, sodium bisulfite, 
sodium hydroxide and calcium oxide can be used as 
precipitation agents. The solids precipitate as a floe con¬ 
taining a large amount of water in the structure. The 
precipitated solids need to be separated by thickening or 
filtration and recycled if possible. If recycling is not 
possible, then solids are usually disposed of to landfill. 

The precipitation process tends to be complicated when a 
number of metals are present in solution. If this is the case, then the 
pH must be adjusted to precipitate out the individual metals, since 
the pH at which precipitation occurs depends on the metal 
concerned. 

26.3 Biological Treatment 
Processes 


In secondary or biological treatment , a concentrated mass of 
microorganisms is used to break down organic matter into stabi¬ 
lized wastes. The degradable organic matter in the wastewater is 
used as food by the microorganisms. Biological growth requires 
supplies of oxygen, carbon, nitrogen, phosphorus and inorganic 
ions such as calcium, magnesium and potassium. Domestic sewage 
satisfies the requirements, but industrial wastewaters may lack 
nutrients and this can inhibit biological growth. In such circum¬ 
stances, nutrients may need to be added. As the waste treatment 
progresses, the microorganisms multiply, producing an excess of 
this sludge, which cannot be recycled. 

There are three main types of biological process (Tchobano- 
glous and Burton, 1991; Berne and Cordonnier, 1995; Eckenfelder 
and Musterman, 1995): 

1) Aerobic. Aerobic reactions take place only in the presence of 
free oxygen and produce stable, relatively inert end products, 
such as carbon dioxide and water. Aerobic reactions are by 
far the most widely used. The oxidation reactions are of the 
type: 


C 

O 

H 

N 

S 


+ O 2 + [Nutrients] —> CO 2 + H 2 O + NH 3 
+[Cells] + [Other end products] 


Organic 

matter 


Endogenous respiration reactions also occur, which reduce the 
sludge formation: 

[Cells] + 0 2 C0 2 + H 2 0 + NH 3 + [Energy] 

Nitrification reactions can occur, in which organic nitrogen and 
ammonia are converted to nitrate: 

Organic nitrogen -> NH 4 + 

NH 4 + + CO 2 + Ot -» NOt - + H 3 0 + [Cells] + [Other end products] 
N0 2 “ + CO 2 + O 2 -> N0 3 “ + [Cells] + [Other end products] 

The nitrification reactions are inhibited by high concentrations 
of ammonia. 

2) Anaerobic. Anaerobic reactions function without the presence 
of free oxygen and derive their energy from organic com¬ 
pounds in the waste. Anaerobic reactions proceed relatively 
slowly and lead to end products that are unstable and contain 
considerable amounts of energy, such as methane and hydro¬ 
gen sulfide: 


+ [Nutrients] —> CO 2 + CH 4 + [Cells] 

+[Other end products] 

Organic 

matter 

3) Anoxic. Anoxic reactions also function without the presence of 
free oxygen. However, the principal biochemical pathways are 
not the same as in anaerobic reactions, but are a modification of 
aerobic pathways and hence are termed anoxic. Anoxic reactions 
are used for denitrification to convert nitrate to nitrogen: 

NOr + BOD N 2 + C0 2 + H 2 0 + OH“ + [Cells] 


C 

o 

H 

N 
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Various methods are used to contact the microorganisms with 
the wastewater. In a completely mixed system, the hydraulic 
residence time of the wastewater and the solids residence time 
of the microorganisms would be the same. Thus, the minimum 
hydraulic residence time would be defined by the growth rate of the 
microorganisms. Since the crucial microorganisms can take a 
considerable time to grow, this would lead to hydraulic residence 
times that would be prohibitively long. To overcome this, a number 
of methods have been developed to decouple the hydraulic and 
solids residence times. 

1) Aerobic digestion. 

a) Suspended growth or activated sludge. This method is 
illustrated in Figure 26.6. Biological treatment takes place 
in a tank where the waste is mixed with a flocculated 
biological sludge. To maintain aerobic conditions, the 
tank must be aerated. Sludge separation from effluent is 
normally achieved by gravity sedimentation. Part of the 
sludge is recycled and excess sludge is removed. The 
hydraulic flow pattern in the aeration tank can vary between 
extremes of mixed flow and plug flow. For mixed-flow 
reactors, the wastewater is rapidly dispersed throughout the 
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Feed Effluent 



Figure 26.6 

Suspended growth aerobic digestion. 


reactor and its concentration is reduced. This feature is 
advantageous at sites where periodic discharges of more 
concentrated waste are received. The rapid dilution of the 
waste means that the concentration of any toxic compounds 
present will be reduced, and thus the microorganisms within 
the reactor may not be affected by the toxicant. Thus, 
mixed-flow reactors produce an effluent of uniform quality 
in response to fluctuations in the feed. 

Plug-flow reactors have a decreasing concentration gra¬ 
dient from inlet to outlet, which means that toxic com¬ 
pounds in the feed remain undiluted during their passage 
along the reactor, and this may inhibit or kill many of the 
microorganisms within the reactor. The oxygen demand 
along the reactor will also vary. On the other hand, the 
increased concentration means that rates of reaction are 
increased, and for two reactors of identical volume and 
hydraulic retention time, a plug-flow reactor will show a 
greater degree of BOD 5 removal than a mixed-flow reactor. 

The biochemical population can be specifically adapted 
to particular pollutants. However, in the majority of cases, a 
wide range of organic materials must be dealt with and 
mixed cultures are used. 

Nitrification-denitrification reactions can be carried out in 
suspended growth by separating the reactor into different 
cells. A typical arrangement would control the first cell under 
anoxic conditions to carry out the denitrification reactions. 
These reactions require organic carbon and this will already 
be present in mixed effluents. If there is insufficient organic 
carbon in the feed, then this must be added (e.g. adding 
methanol). The water from the anoxic cell would then over¬ 
flow into a cell maintained under aerobic conditions in which 
the nitrification reactions are carried out, along with the 
oxidation of organic carbon. The nitrification reactions pro¬ 
duce nitrate and this requires a recycle back to the anoxic cell. 

In aerobic processes, the mean sludge residence time is 
typically 5 to 15 days. The hydraulic residence time is 
typically 3 to 8 hours. However, this depends on the effluent 
to be treated and the design of reactor used. Suspended 
growth aerobic processes are capable of removing up to 95% 
of BOD. The inlet concentration is restricted to a maximum 
BOD of around 1 kg-m 3 (1000 mg-liter -1 « 1000 ppm) or 
COD of around 3.5 kg-m -3 (3500mgliter -1 « 3500ppm). 
Chloride (as Cl - ) should be less than 8 to 15 kg-m -3 . The 


performance of the process can be enhanced by the use of 
pure oxygen, rather than air. This reduces the plant size and 
increases the allowable inlet concentration of COD to around 
10 kg-m - , but does not have a significant effect on the 
overall removal. If powdered activated carbon is added, this 
increases the overall removal slightly. More importantly, 
though, it helps to treat refractory organic compounds by 
adsorption and evens out fluctuations in the performance 
caused by fluctuations in the feed concentration, 
b) Attached growth (film) methods. Here the wastewater is 
trickled over a packed bed through which air is allowed to 
percolate. A biological film or slime builds up on the packing 
under aerobic conditions. Oxygen from the air and biological 
matter from the wastewater diffuses into the slime. As the 
biological film grows, it eventually breaks its contact with the 
packing and is carried away with the water. Packing material 
varies from pieces of stone to preformed plastic packing. 
Figure 26.7 shows a typical attached growth arrangement. 
Alternatively, the wastewater can be used to fluidize a bed of 
carbon or sand on to which the film is attached. 

Attached growth processes are capable of removing up 
to 90% of BOD 5 and are thus less effective than suspended 
growth methods. Nitrification-denitrification reactions can 
also be carried out in attached growth processes. 

2) Anaerobic digestion. With wastewaters containing a high 
organic content, the oxygen demand may be so high that it 
becomes extremely difficult and expensive to maintain aerobic 
conditions. In such circumstances, anaerobic processes can 
provide an efficient means of removing large quantities of 
organic material. Anaerobic processes tend to be used when 
BOD 5 levels exceed 1 kg-m -3 (1000 mg-liter -1 ). However, 
they are not capable of producing very high quality effluents 
and further treatment is usually necessary. 

The inability to produce high-quality effluents is one signifi¬ 
cant disadvantage. Another disadvantage is that anaerobic pro¬ 
cesses must be maintained at temperatures between 35 and 40 °C 
to get the best performance. If low-temperature waste heat is 
available from the production process, then this is not a problem. 
One advantage of anaerobic reactions is that the methane pro¬ 
duced can be a useful source of energy. This can be fed to steam 
boilers or burnt in a heat engine to produce power, 
a) Suspended growth methods. The contact type of anaerobic 
digester is similar to the activated sludge method of aerobic 
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Figure 26.7 

Attached growth aerobic digestion. 


treatment. The feed and microorganisms are mixed in a tank 
(this time closed). Mechanical agitation is usually required 
since there is no air injection. The sludge is separated from 
the effluent by sedimentation or filtration, part of the sludge 
recycled and excess sludge removed. 

Another method is the upflow anaerobic sludge blanket, 
illustrated in Figure 26.8. Here the sludge is contacted by 
upward flow of the feed at a velocity such that the sludge is 
not carried out of the top of the digester. 

A third method of contact known as an anaerobic filter 
also uses upward flow but keeps the sludge in the digester by 
a physical barrier such as a grid, 
b) Attached growth (film) methods. As with aerobic digestion, 
the microorganisms can be encouraged to grow attached to a 
support medium such as plastic packing or sand. In anaer¬ 
obic attached growth digestion, the bed is usually fluidized 
rather than a fixed-bed arrangement, as shown in 
Figure 26.9. 

Anaerobic processes typically remove 75 to 85% of COD 
(Tchobanoglous and Burton, 1991; Eckenfelder and Muster- 
man, 1995). 

3) Reed beds. Reed bed processes require reeds (phragmites) to 
be planted in soil, sand or gravel in the wastewater. 


Gas 



Figure 26.8 

Suspended growth anaerobic digestion using an upward flow anaerobic 
sludge blanket. 

Figure 26.10 shows a typical reed bed arrangement. Oxygen 
from air is transported through the leaves, stems and rhizomes 
to high concentrations of microorganisms in the root zone. 
Aerobic treatment takes place in the region of the rhizomes, 
with anoxic and anaerobic treatment in the surrounding soil. 


Gas 



Figure 26.9 

Attached growth anaerobic digestion using a fluidized 
anaerobic bed. 
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Figure 26.10 

A reed bed. 


Different flow arrangements other than that shown in 
Figure 26.10 can also be used. Reed beds are capable of 
removing 80% to 90% of BOD 5 (Schiemp, Brix and Lorenzen, 
1990). They are also capable of removing around 30% of total 
nitrogen and around 30% of total phosphorus (Schierup, Brix 
and Lorenzen, 1990). They have the advantage of no sludge 
disposal. The maximum inlet concentration can be as high as 
3.5 kg-m -3 BOD 5 . A significant disadvantage of reed beds is 
the time taken for them to become fully established and they 
need between six months and two years for this. The difference 
between winter and summer performance needs to be consid¬ 
ered for such arrangements. Another significant disadvantage is 
that the reed beds need to be refurbished every 7 to 10 years. 

Excess sludge is produced in most biological treatment pro¬ 
cesses, which must be disposed of. The treatment and disposal of 
sludge is a major problem that can be costly to deal with. Anaerobic 
processes have the advantage here, since they produce considera¬ 
bly less sludge than aerobic processes (of the order of 5% of aerobic 
processes for the same throughput). Sludge disposal can typically 
be responsible for 25 to 40% of the operating costs of an aerobic 
biological treatment system. Treatment of sludge is primarily 
aimed at reducing its volume. This is because the sludge is usually 
95 to 99% water and the cost of disposal is closely linked to its 
volume. The water is partly free, partly trapped in the floes and 
partly bound in the microorganisms. Anaerobic digestion of the 
sludge can be used, followed by dewatering. The dewatering can be 
by filtration or centrifugation. Alternatively, filtration or centrifu¬ 
gation can be used directly to carry out the dewatering. For 
centrifugation, the dewatering process can be enhanced by the 
addition of clay. Adding powdered activated carbon to aerobic 
suspended growth processes can also help with sludge dewatering. 
The resulting water content after these processes is reduced to 
typically 60 to 85%. The water content can be reduced to perhaps 
10% by drying. The sludge may finally be used for agricultural 
purposes (albeit a poor fertilizer) or thermally oxidized. 

Large sites might require their own biological treatment pro¬ 
cesses for final treatment before discharge. Smaller sites might rely 


Table 26.1 

Comparison of biological wastewater treatments. 


Aerobic 

Anaerobic 

Reed beds 

BOD 5 < 1 kg-m -3 
(higher if 0 2 used) 

BOD 5 > 1 kg-m -3 

BOD 5 < 3.5 kg-m -3 

Stable end products 
(C0 2 , H 2 0, etc.) 

Unstable end 
products (CH 4 , 

H 2 S, etc.) 

Stable and unstable 
end products 

BOD 5 removal up to 
95% 

BOD 5 removal 

75-85% 

BOD 5 removal 

60-80% 

High sludge 
formation 

Low sludge 
formation 

No sludge disposal 


on local municipal treatment processes, which treat a mixture of 
industrial and domestic effluent, for final effluent discharge. 

Table 26.1 provides a summary of the main features of biologi¬ 
cal wastewater treatment. 

Table 26.2 summarizes the treatment processes that can be used 
for various types of contamination. 

26.4 Tertiary Treatment 
Processes 

Tertiary treatment or polishing treatment prepares the aqueous 
waste for final discharge. The final quality of the effluent depends 
on the nature and flow of the receiving water. Table 26.3 gives an 
indication of the final quality required (Tebbutt, 1990). 

Aerobic digestion is normally capable of removing up to 95 % of 
the BOD. Anaerobic digestion is capable of removing less, in the 
range 75 to 85%. With municipal treatment processes, which treat a 
mixture of domestic and industrial effluent, some disinfection of 
the effluent might be required to destroy any disease-causing 
organisms before discharge to the environment. Tertiary treatment 
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Table 26.2 

Summary of treatment processes for some common contaminants. 


Suspended solids 

Dispersed oil 

Dissolved organic 

Gravity separation 

Coalescence 

Biological oxidation 
(aerobic, 
anaerobic, reed 
beds) 

Centrifugal 

separation 

Centrifugal 

separation 

Chemical oxidation 

Filtration 

Flotation 

Activated carbon 

Membrane filtration 

Wet oxidation 

Wet oxidation 


Thermal oxidation 

Thermal oxidation 

Ammonia 

Phenol 

Heavy metals 

Steam stripping 

Solvent extraction 

Chemical 

precipitation 

Air stripping 

Biological oxidation 
(aerobic) 

Ion exchange 

Biological 

nitrification 

Wet oxidation 

Adsorption 

Chemical oxidation 

Activated carbon 

Nanofiltration 

Ion exchange 

Chemical oxidation 

Reverse osmosis 



Electrodialysis 

Dissolved solids 

Neutralization 

Sterilization 

Ion exchange 

Acid 

Heat treatment 

Reverse osmosis 

Base 

UV light 

Nanofiltration 


Chemical oxidation 

Electrodialysis 



Crystallization 



Evaporation 




processes vary, but constitute the final stage of effluent treatment to 
ensure that the effluent meets specifications for disposal. Tertiary 
processes used include: 

1) Filtration. Examples of such processes are microstrainers (a 
fine screen with openings) and sand filters. They are designed to 
improve effluents from biological treatment processes by 
removing suspended material and, with it, some of the remain¬ 
ing BOD 5 . Sand filtration can remove effectively all of the 
remaining BOD 5 in many circumstances. 

2) Ultrafiltration. Ultrafiltration was described under pretreat¬ 
ment methods. It is used to remove finely divided suspended 
solids and, when used as a tertiary treatment, can in many 
circumstances remove virtually all the BOD 5 remaining after 
biological treatment. 


Table 26.3 

Typical effluent quality for various receiving waters (Tebbutt, 1990). 


Receiving water 

Typical effluent 

bod 5 

(mgr 1 ) 

Suspended solids 
(mgl -1 ) 

Tidal estuary 

150 

150 

Lowland river 

20 

30 

Upland river 

10 

10 

High-quality river 
with low dilution 

5 

5 


3) Adsorption. Some organic materials are not removed in bio¬ 
logical systems operating under normal conditions. Removal of 
residual organic material can be achieved by adsorption. Both 
activated carbon and synthetic resins are used. As described 
earlier under pretreatment methods, regeneration of activated 
carbon in a furnace can cause carbon losses of perhaps 5 to 
10 %. 

4) Nitrogen and phosphorus removal. Since nitrogen and phos¬ 
phorus are essential for growth of the microorganisms, the 
effluent from secondary treatment will contain some nitrogen 
and phosphorus. The amount that is discharged to receiving 
waters can cause eutrophication and has a considerable effect 
on the growth of algae. If discharge is to a high-quality 
receiving water and/or dilution rates are low, then removal 
may be necessary. Nitrogen principally occurs as ammonium 
(NH 4 + ), nitrate (N0 3 ~) and nitrite (N0 2 ~). Phosphorus princi¬ 
pally occurs as orthophosphate (P0 4 3 ~). A variety of biological 
and chemical processes are available for the removal of nitro¬ 
gen and phosphorus (Tchobanoglous and Burton, 1991; 
Eckenfelder and Musterman, 1995 ). These processes produce 
extra biological and inorganic sludge that requires disposal. 

5) Disinfection. Chlorine, as gaseous chlorine or as the hypo¬ 
chlorite ion, is widely used as a disinfectant. However, its use in 
some cases can lead to the formation of toxic organic chlorides 
and the discharge of excess chlorine can be harmful. Hydrogen 
peroxide and ozone are alternative disinfectants that lead to 
products that have a lower toxic potential. Treatment is 
enhanced by ultraviolet light. Indeed, disinfection can be 
achieved by ultraviolet light on its own. 

26.5 Water Use 

Water is used for a wide variety of purposes in process operations: 

• reaction medium (vapor or liquid), 

• extraction processes, 

• steam stripping, 

• steam ejectors for production of vacuum. 
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Figure 26.11 

Water use representation. 


• equipment washing, 

• hosing operations, and so on. 


Concentration 



Figure 26.12 

Reduction in the water flowrate is limited by minimum flowrate or 
maximum outlet concentration limits. 


illustrated in Figure 26.12. However, such an approach misses the 
opportunity to reuse water. To open up the opportunity to reuse 
water between operations, some level of inlet contamination must 
be accepted. Figure 26.13 shows a water-using profile such that 
both the inlet concentration and outlet concentration have been set 
to their maximum values. This particular setting, where both the 
inlet and outlet concentrations are set to their maximum values, can 
be used to define the limiting water profile (Takama et al., 1980; 
Wang and Smith, 1994a). As shown in Figure 26.14, the limiting 


The one thing all of these operations have in common is that the 
water comes into contact with process materials and becomes 
contaminated. Figure 26.11 shows the quantitative representation 
of this on the plot of concentration versus mass load of contami¬ 
nant. The water starts with no contamination and its level of 
contamination increases as a result of the mass transfer. 

If the flowrate of water to an operation is decreased by some 
change to the operation, then for the same mass load transferred the 
reduction in the water flowrate will lead to a steeper line and higher 
outlet concentration, as shown in Figure 26.12. The reduction in 
the water usage will be limited by either the operation requiring 
some minimum flowrate, below which it cannot operate, or the 
outlet concentration from the operation goes to a maximum value. 
The maximum outlet concentration might be set by a number of 
considerations: 

• maximum solubility of a contaminant, 

• corrosion limitations, 

• fouling limitations, 

• minimum of mass transfer driving force, 

• minimum flowrate requirements, 

• maximum inlet concentration for downstream treatment. 

If all operations use clean water, then reducing the flowrate to its 
minimum value can be used to minimize the water consumption, as 


Concentration 



Figure 26.13 

An alternative water profile uses more water but accepts slightly contam¬ 
inated water. 
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Concentration 



Figure 26.14 

The limiting water profile. 


water profile is used to define a boundary between feasible and 
infeasible concentrations. The concentration of a water profile is 
considered to be feasible as long as it is below the limiting water 
profile, as illustrated in Figure 26.14. This approach will be used 
later to identify reuse opportunities. The approach has a number of 
advantages: 

• Operations with different characteristics can be compared on a 
common basis (e.g. water used in an extraction process versus a 
hosing operation). 

• It does not require a model of the operation to represent the mass 
transfer. 

• It does not depend on any particular flow pattern (countercurrent 
versus cocurrent). 

• It works on any type of water-using operation (e.g. fire-water 
makeup, cooling tower makeup, and so on). 

26.6 Targeting for 
Maximum Water Reuse for 
Single Contaminants for 
Operations with Fixed Mass 
Loads 


As already noted, if fresh water is being used for all operations, 
then minimizing the flowrates to individual operations will mini¬ 
mize the water consumption. However, this misses opportunities 
for reuse. If some level of inlet contamination is allowed, then, in 
principle, water can be reused between operations. To illustrate 
how the overall minimum water consumption can be targeted when 
allowing reuse, consider the data for the simple problem given in 
Table 26.4. This specifies maximum inlet and outlet concentrations 
or limiting concentrations for a single contaminant. The single 
contaminant might be a specific component (e.g. phenol, acetone. 


starch) or an aggregate property (e.g. total organic material, 
suspended solids, dissolved solids, COD). Later the approach 
will be extended to systems where limiting concentrations for 
multiple contaminants are specified. 

A number of points need to be noted regarding the data in 
Table 26.4. First, the concentration is specified on the basis of the 
mass flowrate of water and not the mass flowrate of the mixture: 


me 

ni\y 


not 


C = 


m c 

mw + me 


(26.1) 


where C = concentration (ppm) 

m c = mass flowrate of contaminant (g-h -1 , g-d -1 ) 
m w = mass flowrate of pure water (t-h ', td -1 ) 


In most problems, the concentration of contaminant is so small 
that there is virtually no difference between the concentration 
based on the mass flowrate of water and the mass flowrate of the 
mixture. However, it is important to be consistent and follow the 
convention given in Equation 26.1. The other point to note is 
regarding the units. It is convenient to define the flowrate in 
terms of metric tons (typically tons per hour or tons per day). It is 


Table 26.4 

Data for a problem with four operations. 


Operation 

number 

Contaminant 
mass (g h" 1 ) 

r 

'-'in 

(ppm) 

( onl 

(ppm) 

m WL 

(t-h' 1 ) 

1 

2000 

0 

too 

20 

2 

5000 

50 

too 

100 

3 

30,000 

50 

800 

40 

4 

4000 

400 

800 

10 
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also convenient to define the concentration in terms of parts 
per million (ppm). If the basic unit of flowrate is taken to be 
tons and concentration to be parts per million, then the mass load 
is measured in grams (typically grams per hour or grams per 
day). 

The flowrate in Table 26.4 refers to the limiting water flowrate 
(. m W L)■ The limiting water flowrate is the flowrate required if the 
specified mass of contaminant is picked up by the water between 
the maximum inlet and outlet concentrations. If an operation has a 
maximum inlet contaminant concentration greater than zero and it 
is fed with water with zero concentration, then, for the specified 
mass load, a lower flowrate than the limiting water flowrate could 
be used. The case to be considered here is where the mass load of 
contaminant for each operation is fixed, but the flowrate is allowed 
to vary. Later the case for operations with fixed flowrates will be 
considered. 

Analysis of the data in Table 26.4 can be started by calculat¬ 
ing the flowrate that would be required for each of these 
operations if each operation was fed by fresh water with zero 
concentration. The relationship between mass pickup of con¬ 
taminant, mass flowrate of water and concentration change is 
given by: 


Amc = mw AC 


(26.2) 


where A m c = mass pickup of contaminant (g-h -1 , g-d” 1 ) 
m w = flowrate of pure water (t-h , t-d” 1 ) 

AC = concentration change (ppm) 


For fresh water feed and minimum flowrate for the streams from 
Table 26.4: 


m W i 


>n\v2 


m W 3 


t7l\Y4. 


2000 
100-0 
5000 
100-0 
30,000 
800-0 
4000 
800-0 


= 201 ■ h” 1 
= 50 t-h- 1 
= 37.5 t-h” 1 
= 5 t ■ h” 1 


Total flowrate of fresh water = 20 + 50 + 37.5 + 5 

= 112.5 th” 1 


Consider now the possibility of reuse. To determine the 
maximum potential for reuse. Figure 26.15a shows the four 
operations plotted on axes of concentration versus mass load. 
Note that the concentrations are maximum inlet and outlet 
concentrations (limiting concentrations). Figure 26.15b shows 
a limiting composite curve of the four water streams (Wang and 
Smith, 1994a). The construction of the limiting composite 
curve is analogous to the composite curves for energy devel¬ 
oped in Chapter 17. To construct the limiting composite curve 
in Figure 26.15b, the diagram is divided into concentration 
intervals and the mass load within each concentration interval 
is combined to obtain the limiting composite curve (Wang and 
Smith, 1994a). This represents a quantitative profile of the 
single-stream equivalent to the four separate streams. It is a 
combined boundary between feasible and infeasible 


C (ppm) 



C (ppm) 



m c (kgV > 


Figure 26.15 

Construction of the limiting composite curve for the simple example from Table 26.4. (Reproduced from Wang YP and Smith R (1994a) Wastewater 
Minimization, Chem Eng Sci, 49: 981, with permission from Elsevier.) 
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C (ppm) 



Figure 26.16 

Targeting minimum water flowrate for a single contaminant. 


concentrations. To target for the minimum water flowrate, a 
water supply line is drawn to represent the water supply, as 
shown in Figure 26.16 (Wang and Smith, 1994a). The water 
supply line starts at zero concentration in this case (as it must 
for this problem to satisfy the concentration requirements). In 
other cases, the water supply might not necessarily start from 
zero, depending on the quality of the water fed to the process. 
In principle, any slope can be drawn, as long as it is below the 
limiting composite curve. If the minimum water flowrate is to 
be obtained, the steepest line possible must be drawn for the 
water supply. This is shown in Figure 26.16, where the steepest 
slope corresponds with the water supply line touching the 
limiting composite curve at the pinch point. The pinch point 
corresponds with the concentration boundary that limits the 
slope of the water supply line. Knowing the mass load from 
zero concentration up to the pinch point (9000 g-h -1 in this 
case) and the concentration of the pinch (100 ppm in this case), 
the flowrate for the system can be calculated from 
Equation 26.2 to be 90 th 1 . This represents the minimum 
flowrate target for the case where the mass load is fixed and the 
flowrate allowed to vary in each operation, providing concen¬ 
trations are kept below minimum concentrations. 

A number of points should be noted regarding Figure 26.16. If a 
steeper water supply line was drawn than the one shown in 
Figure 26.16, it would cross the limiting composite curve and 
concentrations will be infeasible at some point. The fact that the 
water supply line touches the limiting composite curve does not 
imply, for example, a zero concentration difference in a mass 
exchange operation. It must be remembered that any allowances 
for driving forces have already been included in the limiting data. 
Where the water supply line touches the limiting composite curve 
implies that the water concentration goes to its maximum value at 


that point. This could correspond with a minimum mass exchange 
driving force, maximum solubility limit, and so on. At points in 
Figure 26.16 other than zero concentration and the pinch point, the 
concentrations of the water will all be below their maximum 
values. The point where the water concentration goes to its 
maximum at the pinch point dictates the minimum flowrate for 
the system. 

An alternative graphical representation has been suggested 
involving a plot of concentration (or purity) versus volumetric 
flowrate of water (Dhole et al., 1996). Using this approach, a 
plot is developed involving the water sinks (inlet concentration 
and flowrate) and water sources (outlet concentration and 
flowrate). While this plot is an alternative representation, it 
does not allow the minimum water flowrate to be targeted in a 
similar way to that developed in Figure 26.16 (Polley and 
Polley, 2000). 

Rather than use a graphical approach, a cascade analysis can be 
performed, analogous to the problem table algorithm for heat 
exchanger networks discussed in Chapter 17 (Foo, 2007, 2012). 
Whilst such cascade analysis has the advantage of providing more 
of an algorithmic approach to targeting, it does not provide insights 
in the way that graphical methods do. 

26.7 Design for Maximum 
Water Reuse for Single 
Contaminants for Operations 
with Fixed Mass Loads 

Having seen how to set a target for the data in Figure 26.16 
assuming operations have fixed mass loads and allowing the 
flowrates to vary, consider now how to achieve that target in 
design (Kuo and Smith, 1998a). Figure 26.17 illustrates the basis of 
the design strategy. First, the minimum water requirements in each 
region of the design are identified. In this simple example, there are 
two design regions: above the pinch and below the pinch. Below 
the pinch in Figure 26.17, by definition, the full amount of the 
target minimum flowrate is needed (90t-h _1 in this example). 
Above the pinch, not all 90 t h _1 are required and the process could, 
in principle, operate with a lower flowrate than the target. The 
minimum flowrate required above the pinch is determined by a 
simple mass balance (45.7 th _1 in this example). The design 
regions are identified by straight lines drawn between the convex 
points, to identify the pockets in the problem. The basis of the 
design strategy is to use the target flowrate below the pinch and 
then to use only the required amount above the pinch with the 
balance going to effluent. This design strategy serves two 
purposes: 

a) The mass balance is tightly defined, allowing very specific 

rules to be applied in the design. 

b) The strategy is compatible with minimizing effluent treatment 

costs overall through distributed effluent treatment, to be 

discussed later. 
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45.7 th*' (800 ppm) 



Figure 26.17 

The basis of the design strategy. 


Having formulated the basic design strategy, a grid can then be set 
up as shown in Figure 26.18 (Kuo and Smith, 1998a). The design 
grid starts by setting up three water mains, corresponding with 
fresh water concentration, pinch concentration and the maximum 
(effluent) concentration from Figure 26.17. The flowrate required 
by each water main is shown at the top of the main and the 


wastewater generated by the main at the bottom. Streams repre¬ 
senting the individual operation requirements are superimposed on 
the water mains. Operation 1 has limiting data corresponding with 
fresh water at the inlet and 100 ppm at the outlet and is therefore 
shown between the fresh water main and the pinch concentration 
water main. Operation 2 starts at 50 ppm and terminates at 100 ppm 


Flowrate 

required for t== £> 90 rh ' 

the interval FW 


45.7 th' 0 th-' 

100 ppm 800 ppm 



Wastewater 



Figure 26.18 

The design grid for the water system. 
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Figure 26.19 

The streams are connected with the water mains. 


and is therefore shown between the fresh water and pinch concen¬ 
tration mains. Operation 3 is divided into two parts as it features 
both below- and above-pinch concentrations. Operation 4 starts at 
400 ppm and ends at 800 ppm and therefore features between the 
pinch concentration and final concentration mains. The operations 
are then connected to the appropriate water mains, as illustrated in 
Figure 26.19. Figure 26.19 also shows the concentrations and 
limiting concentrations versus mass load in the individual opera¬ 
tions. This, in principle, is a working design. However, there is a 
problem created by Operation 3, in that below the pinch it receives 
a flowrate of 20 t-h _I of fresh water, but at the pinch it receives a 
flowrate of 40 t h _1 of water at 100 ppm. This change in flowrate in 
the middle of Operation 3 would be impractical for most opera¬ 
tions. It could be practical if Operation 3 involved, for example, an 
operation with multiple stages of washing. If this was the case, then 
the different stages could be fed with different flowrates and 
qualities of water. However, for most situations this change in 
flowrate would be impractical. 

The change in flowrate for Operation 3 is in fact readily 
corrected. Consider Figure 26.20, which shows the concentration 
versus mass load for an operation with a change in flowrate similar 


to Operation 3 in Figure 26.19. A mass balance around Part 1 in 
Figure 26.20 gives: 


m W i(C pinch ~ Co) — iriwiiC pinch ~ Cj njma ) (26.3) 

Moving the mixing junction to the inlet of the operation, as 
shown in Figure 26.20, and carrying out a mass balance on the 
new mixing junction gives: 


^ _ (, m w2 ~ niw\)C pinch + m W \Co 

'-'in — 

m W 2 

_ mw2C pinch — mw\{C pinch — Co) 
m W 2 


(26.4) 


Substituting Equation 26.3 into Equation 26.4 gives: 


H1W2 C PINCH — fnwl{CpiNCH — Cinjnax) 

m W 2 

r 

'-'in,max 


(26.5) 
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Figure 26.20 

An operation involving a change in flowrate. (Reproduced from Kuo W-CJ and Smith R (1998a) Designing for the Interactions Between Water Use and Effluent 
Treatment, Trans IChemE, A76: 287301, with permission from Elsevier.) 


In other words, if the mixing junction is moved from the middle of 
the operation to the beginning of the operation, then there is a 
constant flowrate throughout the operation corresponding with an 
inlet concentration after mixing of the maximum inlet concentra¬ 
tion. Also, by definition, the flowrate will be the limiting water 
flowrate. 


In Figure 26.21, the change in flowrate for Operation 3 that 
previously occurred at the pinch concentration water mains is 
now added at that concentration to the inlet of Operation 3. The 
design now features a constant flowrate in all of the operations 
and achieves the target minimum flowrate of 90t-h _1 . The 
arrangement shown in Figure 26.21 involves reuse of water 


Figure 26.21 

Correcting the change in flowrate in the design grid. 


90 th' 45.7 th 1 0 th' 

FW 100 ppm 800 ppm 
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90 th 1 
FW 


0 th 1 
800 ppm 



Figure 26.22 

Water network without the intermediate water main. 


from Operations 1 and 2 into Operations 3 and 4 via a water 
main at the pinch concentration of 100 ppm. An alternative way 
to arrange the design is to make the connections directly, rather 
than through an intermediate water main. Figure 26.22 shows a 
direct connection from Operation 1 to Operation 3 and another 
from Operation 2 to Operation 4 with 44.3 t-h -1 going to 
wastewater from Operation 2. The arrangement shown in 
Figure 26.22 is the only one possible arrangement of connec¬ 
tions between the sources and the sinks. Figure 26.23 shows the 
final design as a conventional flowsheet. The design in 
Figure 26.23 can be evolved to produce alternative networks. 
For example, rather than splitting the flow of water at the inlet 
of Operation 1 with 20 t h 1 going through the operation and 
20 t-h -1 bypassing, all 40 t-h -1 could be put through Operation 
1. Then, the outlet of Operation 1 could be fed directly to the 
inlet of Operation 3. Other options are possible. 


This simple example illustrates the basic principles of water 
network design for maximum reuse for a single contaminant 
with a fixed mass load and varying flowrate. A number of issues 
need to be considered that would apply to more complex 
examples. Consider Figure 26.24 involving three water mains 
and three operations. Operation 2 above the pinch terminates at 
a concentration less than the concentration for the high-con- 
centration water main. The outlet of Operation 2 must not be 
fed directly into this final water main. The basis of the mass 
balance from Figure 26.17 dictates that all streams must 
achieve the concentration of the water mains into which 
they are being fed; otherwise the mass balance will be violated. 
Thus, in Figure 26.24a, the outlet of Operation 2 must not be 
fed to the final water mains, but must be used again and brought 
to the concentration of the water main into which it is being fed 
(Figure 26.24b). 


20 t h 1 



Figure 26.23 

Flowsheet for the water network. 
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Below muins 
concentration 



(a) The final concentration of a stream might be below that of a water main. 



(b) Water should not be discharged to water mains until it has reached mains 
concentration. 

Figure 26.24 

Connecting to water mains if the final concentration of a steam is below 
mains concentration. 



Figure 26.25 

In more complex problems there might be more design intervals. 


Figure 26.25 shows a more complex limiting composite 
curve that involves three design regions, rather than two. The 
design regions are identified by straight lines drawn between 
the convex points, to identify the pockets in the problem. A 
water main is required at each of the extreme points. In 
Figure 26.25, there would be four water mains required in 
the design grid. However, the basic principles are exactly the 
same as those described so far, but with the additional water 
main. 


Example 26.2 Table 26.5 presents water-use data for a simple 
example involving three operations. 

a) Target the minimum water consumption for the system through 
maximum reuse. 

b) Design a network for the target water consumption. 

Table 26.5 

Water-use data for Example 26.2. 


Operation 

number 

Contaminant 
mass (g h -1 ) 

r 

1 U! 

(ppm) 

! 'out 

(ppm) 

m w7. 

(th->) 

1 

6000 

0 

150 

40 

2 

14,000 

100 

800 

20 

3 

24,000 

700 

1000 

80 


Solution 

a) Figure 26.26 shows the limiting composite curve for Example 
26.2. Figure 26.27 shows the limiting composite curve with the 


appropriate water supply line pinched at 150 ppm. From 
Table 26.5, the mass load up to 150 ppm can be calculated as: 

Mass load up to pinch concentration 

= 40(150-0) + 20(150- 100) 

= 7000 g-h -1 

. . Mass load up to pinch concentration 

Minimum flowrate =- 

Concentration change of water to pinch 

7000 

" 150-0 
= 46.7 t-lC 1 

b) The design to achieve the target must first identify the number of 
design regions. From the limiting composite curve in 
Figure 26.27, there are two design regions between zero and 
150 ppm and 150 and 1000 ppm. Below the pinch, the first 
design region requires 46.7 t h _1 by definition. Above the pinch, 
the concentration change extends from 150 to 1000 ppm with a 
mass load of 37,000 g-h -1 . This corresponds with a minimum 
flowrate requirement above the pinch of 43.5 th _l . Figure 26.28 
shows the design grid for the example with the streams in 
place. Figure 26.29 shows the completed network design. 
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C (ppm) 



Figure 26.26 

The limiting composite curve for Example 26.2. 


C (ppm) 



Figure 26.27 

The minimum water target for Example 26.2. 


The outlet from Operation 2 at 800 ppm has not been put directly 
into the water main at 1000 ppm. If this had been done, the mass 
balance would have been violated. Instead, further use of the 
water from the outlet of Operation 2 requires it to be fed to the 
inlet of Operation 3, finally discharging to the 1000 ppm main. 
Figure 26.30 shows a flowsheet for the completed water 
network. 

Even for a small problem involving three operations this 
turns out to be a solution that would be difficult to be achieved 
by inspection. Of course, the practicality and operability of a 
network would have to be explored before this design was 
accepted. It might be that some design features are considered to 
be inoperable. In which case, the design would have to be 
simplified. However, the consequence might be an increase in 
the water consumption. The procedure simply allows the maxi¬ 
mum potential for the reuse to be identified; thereafter the 
practicality must be explored and the design evolved if neces¬ 
sary. 


Flowrate required 

for the interval 46.67 t h' 1 43.53 t h"' 0 t h' 1 

FW 150 ppm 1000 ppm 



Wastewater (46.67-46.7) (46.67-43.53) (43.5-0) 

0 th' 1 3.14 th' 1 43.53 th' 1 

150 ppm 1000 ppm 


Figure 26.28 

The design grid for Example 26.2. 
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46.67 t h' 1 43.53 th" 1 0 t h' 1 

FW 150 ppm 1000 ppm 



(46.67-46.67) (46.67-43.53) (43.53-0) 

0 th' 3.14 th' 1 43.53 th-' 

150 ppm 1000 ppm 


Figure 26.29 

The completed network design for Example 26.2. 



Figure 26.30 

Flowsheet for the water network for Example 26.2. 


It is often the case that there is more than one source of fresh 
water available. There may be raw water available from a reservoir, 
lake, river, canal or borehole. It would also be usual to have potable 
water available sourced from a reservoir or a desalination plant. In 
addition, there may be demineralized water available (see 


Chapter 23). The order of water quality is usually also the order 
of the unit cost of the water. Demineralized water will normally be 
the most expensive, then potable water, and so on. Consider a 
simple example to illustrate how to deal with multiple water 
sources. 


Example 26.3 Limiting data for three operations are given in 
Table 26.6. 

Table 26.6 

Limiting data for three operations. 


Operation 

Contaminant 
mass (kg h - ') 

r. 

'-'injtiax 

(ppm) 

Coutjnax 

(ppm) 

m WL 

(th- 1 ) 

1 

2 

0 

100 

20 

2 

5 

50 

100 

100 

3 

30 

50 

800 

40 


Two sources of fresh water are available, WSI with a concentration 

of Oppm and WSII with a concentration of 25 ppm: 

a) Target the minimum water consumption for the system through 
maximum reuse. 

b) Design a network for the target water consumption. 

Solution 

a) The limiting composite curve for the three operations is plotted 
in Figure 26.31. Matched against it is a water supply line that is a 
composite of the two water sources. Between 0 ppm and 25 ppm 
only WSI can satisfy the requirements of the process. Here the 
flowrate of WSI has been minimized to 20 th~ 1 . This is dictated 
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C (ppm) 



by the slope of the limiting composite curve between 0 ppm and 
25 ppm. The requirements of the process above 25 ppm are 
being satisfied by the continued use of the 20 t-h _1 of WSI and 
the balance by the introduction of WSII at 25 ppm. The amount 
of WSII required can be determined by a mass balance below the 
pinch: 

9000 = m WSI A C wsi + m wsu A C wsn 

= 20 x (100 - 0) + m W sn(100 - 25) 
iiiwsn = 93.3 t • h * 

Rather than use a graphical approach to set targets in this way, a 
cascade analysis can be used as an alternative (Foo, 2007, 
2012 ). 

b) Figure 26.32a shows the corresponding design grid for the two 
water sources. An additional water main is introduced into the 
design grid to account for the second water source. 
Figure 26.32b shows the design as a flowsheet. 


Figure 26.31 

Targeting for multiple water sources for Example 26.3. 


WSI 

WS1 + 




WS1! 



20 lb' 

113.34 t-h ' 

40 Eh ’ 

OEh' 1 

0 ppm 

25 ppm 

100 ppm 

800 ppm 



0 0 (113.33-40) 40 Hr 1 

73.33 t-h ' 


(a) Design grid for multiple water sources. 



(b) Flowsheet for multiple water sources. 


Figure 26.32 

Design for multiple water sources for Example 26.3. 
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Another complication that often arises is loss of water from the 
system. This could be, for example, the loss of water to effluent 
from a hosing operation or the evaporative loss to atmosphere from 


a cooling tower, neither of which becomes available for reuse. To 
illustrate how water losses can be accounted for, consider the 
following example. 


Example 26.4 An operation is to be added to those in 
Table 26.6 with a maximum inlet concentration of 80 ppm and a 
flowrate of 10t h _l , all of which is lost: 

a) Target the minimum water consumption for the system through 
maximum reuse. 

b) Design a network for the target water consumption. 

Solution 

a) Figure 26.33 shows the limiting composite curve for the three 
operations from Table 26.6 (i.e. excluding the flowrate loss). 
Matched against the limiting composite curve is a water supply 
line that shows a change in slope where the flowrate loss occurs. 
The target flowrate can be determined by a mass balance below 
the pinch. 

9000 = m w (\C before loss) + ( m w -f LO ss) x (AC after loss) 
— m w (S0 - 0) + ( m w - 10) X (100 - 80) 
m w = 92.0th -1 

b) Figure 26.34a shows the corresponding design grid for the loss. 
Note that no additional water main is required to account for the 
water loss. It should also be noted that the fresh water target for 
the three operations in Table 26.6 with a single source of fresh 


C (ppm) 



Figure 26.33 

Targeting for water loss for Example 26.4. 


V2 fh' 4(1 rtf" 0 Hr' 

6 ppm UK) ppm 800 ppm 


20 rli 

100 l-h 1 
40 fh 1 

10 fh' 

0 fh' 1 1X>SS (92-40-10) 40 fll' 1 

= 42 fh 1 

(a) Design grid for water loss. 




(b) Flowsheet for water loss. 


Figure 26.34 

Design for water loss for Example 26.4. 
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water at Oppm is 90th -1 , which increases to 92 th -1 with a 
water loss of 10t h _1 at 80 ppm, rather than 100 t h -1 . This 
is because the water loss can be partially fed by reuse. 
Had the same loss occurred above the pinch concentration, 
then there would have been no increase in flowrate as a 


result of the introduction of the water loss. It should be 
noted that the target in Figure 26.34a is based on the 
assumption that the loss is being fed at its maximum 
inlet concentration. Figure 26.34b shows the design as a 
conventional flowsheet. 


The design procedure can be summarized in four steps (Kuo and 
Smith, 1998a): 

1) Set up the grid. 

2) Connect operations with water mains. 

3) Correct for changes in flowrate in individual operations. 

4) Remove intermediate water mains and connect operations 
directly. 

The final step in the procedure may or may not be appropriate. A 
design with an intermediate water main at the pinch concentration 
might in some circumstances be convenient. Having a water main on 
die plant corresponding with the one introduced for the design 
procedure might be a convenient way of distributing slightly con¬ 
taminated water around the plant and provides flexibility that direct 
connections between operations do not provide. Also, in batch 
operation, the demands on the water system and the production of 
water from the outlet of the operations will vary through time. This 
normally requires buffering capacity to bridge between the times 
when the water becomes available and when it is required (Wang and 
Smith, 1995b; Gunaratnam and Smith, 2005). Thus, the intermediate 
water main in a batch environment could easily be envisaged to be a 
storage tank providing buffer capacity between operations producing 
water and consuming water during different time intervals. 

26.8 Targeting for 
Maximum Water Reuse for 
Single Contaminants for 
Operations with Fixed 
Flowrates 


One key feature of this approach developed so far is that the water 
flowrates to individual processes have been allowed to vary as the 
inlet concentration of contaminant in the water varied. However, 
many processes have a fixed flowrate requirement. For example, 
vessel cleaning, hosing operations, hydraulic transport, and so on, 
tend to require a fixed flowrate irrespective of the concentration of 
contaminant at the water inlet. An additional complication, as 
discussed above, is that in some processes there is a fixed flowrate 
that is lost and cannot be reused. Now suppose that each of the 
operations has a fixed flowrate specified to be that of the limiting 
water flowrate. In principle, the concentrations can vary up to the 
maximum inlet and outlet concentration, but the flowrate is fixed. 

Consider the single operation in Figure 26.35a in which the 
maximum inlet concentration has been fixed to be C ithmax , the 
maximum outlet concentration has been fixed to be C out max and the 
water flowrate fixed to be m WL . Also shown in Figure 26.35a is the 


target minimum flowrate in Wmill for an inlet concentration Co- This 
seems to be a contradiction until it is considered how the fixed 
flowrate might be achieved in design. Figure 26.35b shows a 
design that imports m Wmin and achieves the fixed flowrate through 
the process m WL by local recycling of (m WL — m Wrnin ). A simple 
mass balance proves that the inlet concentration to the process is 
within the limit. The concentration after mixing the import m Wmin 
with the local recycling of ( m WL — m Wmi „) is: 


r. = 

in — 


C()WlWmin ~i~ C 0 ut,max (niwL - mwtnin ) 


mwL 


(26.6) 


From targeting: 


WlWmin 


Cout,max C in,max 


c, 


out,max 


-Co 


- >nwL 


(26.7) 


Replacing m Wmin in Equation 26.6 with Equation 26.7: 


C = 

^ in — 


l 


>n\VL 


C ou i max Cj n max 

>nwL<~o —^^- rm WL C outn 


—mwcCo, 


67 out,max -Co 

67out,max Ci n)fnax 
67out,max -C 0 


= r 


Therefore, the inlet concentration is within the maximum 
allowable limit for the operation (Wang and Smith, 1995a). 
Consider now the situation where multiple operations are 
involved, rather than a single operation. Suppose 
Figure 26.35a represents a mass load interval in a limiting 
composite curve. The stream in Figure 26.35a now represents 
several streams. The total flowrate requirements for the multi¬ 
ple processes exceed m Wmin , but again local recycling can be 
used to satisfy the constraints. Different recycle arrangements 
are possible, as illustrated in Figure 26.36. A simple mass 
balance demonstrates that there is a recycle flowrate to satisfy 
the constraints. In Figure 26.36a the total flowrate for the three 
processes is ^ ~J n wu • The recycle flowrate is then C^m WLi - 
mWmin)' The inlet concentration to the processes is given by: 


r 

'-'IK 


W^Wmiti Co ~\~ Cout,max [ (Y. n? WLi ) niwmin\ 

J2' n WLi 


(26.8) 


From targeting: 

(C out,max Co) — ^ WlwLi^ ( C Q ut,m 


c 


(26.9) 


Replacing m Wmin in Equation 26.8 with Equation 26.9: 


r — 

in 


(Z) m WLi) [C out,max ) ~~ (S m WLi) (C Q 


- c 

ir, 


— r 

— '-'ll 


m WLi 
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(a) Targeting for a single operation with a fixed 
flowrate allowing local recycling. 


("hr/. - 



< - 




min ^ 

, m WL 

OPERATION 

m„ L 

m Wmin 

c,„ 

r 

''out, max 


(b) Design for a single operation with a fixed 
flowrate allowing local recycling. 


Figure 26.35 

Local recycling to maintain flowrate constraints. (Reproduced from Wang YP and Smith R (1995a) Wastewater Minimization with Flowrate Constraints, Trans 
IChemE, A73: 889, by permission of the Institution of Chemical Engineers.) 


Thus local recycling can be used to overcome flowrate constraints 
both with single and multiple operations (Wang and Smith, 1995a). 
However, local recycling is not always acceptable. Contaminants can 
build up in a recycle that can cause process problems. Such contami¬ 
nants might be products of corrosion or microorganisms, and so on. 

Consider now how a single operation, as illustrated in 
Figure 26.35a, can be designed using m Wmin , but without local 


Y, m n * 1,1 It min 



(a) Local recycling around several operations. 



(b) Local recycling around individual operations. 


Figure 26.36 

Local recycling around several operations to maintain flowrate constraints 
can be implemented in different ways. (Reproduced from Wang YP and 
Smith R (1995a) Wastewater Minimization with Flowrate Constraints, Trans 
IChemE , A73: 889, by permission of the Institution of Chemical Engineers.) 


recycling and exploit reuse only (Wang and Smith, 1995a). In 
Figure 26.37a the operation has been split into two parts. 
Whether or not an operation can be split into parts depends 
very much on the nature of the operation. For example, a 
multistage washing operation can be readily split, whereas a 
steam stripping operation cannot be readily split. In 
Figure 26.37a the operation has been split such that each part 
has a flowrate requirement, which is less than or equal to m Wrnin , 
with Part 2 taking the balance of the flowrate. Figure 26.37 
shows that if water is reused between these two parts, the design 
will be feasible, providing the part requiring the lower flowrate 
is fed first. On the other hand. Figure 26.37c shows the same 
split, but in a different order. Figure 26.37d shows water being 
reused between the two parts with the part requiring the larger 
flowrate being fed first. Now the outlet concentration from Part 1 
exceeds the maximum inlet concentration for Part 2 and the 
design is infeasible. Had either of the part operations in 
Figure 26.37a exceeded m Wtnin in terms of its flowrate require¬ 
ments, it could have been split further until all of the parts 
required less than or equal to m Wmin . The arguments that apply to 
the order of matching would apply here also in that the water 
must be used in the part with the smallest flowrate requirement, 
then the part with the next largest flowrate, and so on. It can be 
concluded that the single operation in Figure 26.35a can be 
designed using m Wmin without local recycling provided the 
operation can be split into parts such that each part has a 
flowrate requirement less than or equal to m Wmj „. The reuse 
design must then be such that the water is used in ascending 
order of flowrate requirements (Figure 26.38a). It can be dem¬ 
onstrated that the inlet concentration to the final process part in 
Figure 26.38a is C in , max by a simple mass balance. The inlet 
concentration C,„ is given by: 

_ {m WL —m w ^)(C out,max ^in,max) i a\ 

'-'in = (-'O H (ZO. 1U) 

WlWmin 
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(a) Splitting an operation into two 
parts with Part I taking/,,,,,,. 




(b) Reuse in which the pail with 
the lower flowrate is fed first 
leads to a feasible design. 





(e) Splitting an operation into two (d) Reuse in which the pan with 

parts with Part I taking/,,,,, bill the larger flowrate is fed first 

used in a different order. leads to an infeasible design. 


Figure 26.37 

A single operation can be split into two parts to satisfy flowrate constraints, providing the part with the smallest flowrate is fed first. (Reproduced from Wang YP 
and Smith R (1995a) Wastewater Minimization with Flowrate Constraints, Trans IChemE, A73: 889, by permission of the Institution of Chemical Engineers.) 




c u 


Operation 
Part I 


Operation 
Part 2 


Operation I 


Operation 2 


Operation 3.1 



Operation 
Part 3 

M\Vmin ^ \r 

C u ‘ 

-► 













C,„ 


m Wl..Pari\ - m WL,Parti - m Wl.J‘urH ~ m Wmtn m WL\ - m \M2 - m It'Ll. \ * m lPL3.2 m Wrnin 

(a) Splitting a single operation into three parts with (b) Multiple operations with water used in ascending 

water used in ascending order of requirements. order of requirements. 


Figure 26.38 

Flowrate requirements can be satisfied by reuse of water in ascending order of flowrate requirements. (Reproduced from Wang YP and Smith R (1995a) 
Wastewater Minimization with Flowrate Constraints, Trans IChemE , A73: 889, by permission of the Institution of Chemical Engineers.) 


26 




























































































750 Chemical Process Design and Integration 


From targeting: 


m-wL (C out,max C in,max) Wl Wmin [C out,max Co) (26.11) 

Therefore, combining Equations 26.10 and 26.11 (assuming m ^ 


Cin — Q) + I My/L ( C ou t max Ci n max ) 

mwmin 


1 


\l7l Wmin (C 0 ut,max C i nma x'j j 


"X Wmin 

— Co + Ctnil.inax Co C 0 ut, m ax “I" C f > 

— r 

^ m.mnx 


recycling is not acceptable then Figure 26.38b shows a design 
for the interval with reuse. This follows the philosophy adopted for 
reuse with single operations. The difference now is that the 
operation is naturally split since the overall system already consists 
of several operations. As long as each operation requires a flowrate 
less than or equal to m Wmin , there is no need to split individual 
operations. In Figure 26.38b, Operation 3 has been split in order to 
meet the requirement for being less than ?n Wmi „. In Figure 26.38 the 
order of reuse must be increasing order of flowrate requirement in 
order to satisfy all of the constraints. 

If local recycling is not desirable and an operation cannot be 
split to be less than or equal to m Wmin , then the minimum target for 
an interval can no longer be m Wmin . Since each operation for reuse 
must have a flowrate requirement less than or equal to m Wmi „ for 
reuse, if operation splitting is not allowed for the interval then the 
target flowrate myj T is given by: 


Thus, for a single operation with fixed flowrate requirements 
defined by m WL in Figure 26.35a, it is possible to design with a 
flowrate of m Wmin by either local recycling or reuse with the 
operation split such that each part requires a flowrate smaller 
than or equal to m Wmin and the parts are fed in ascending order 
of flowrate requirement. 

Consider now the situation when multiple operations are 
involved. Suppose that, rather than a single operation, the stream 
in Figure 26.35a now represents several operations. If local 


mwT = max {m Wmin ,m WL i] (26.12) 

where m Wmi „ is given by the steepest water supply line that can be 
matched against the limiting composite curve and m WLi are the 
flowrate requirements for each Operation i. Note that 
Equation 26.12 only guarantees that operation splitting within 
any individual interval is not necessary. It might still be necessary 
to split an operation between intervals. The worked examples later 
will illustrate this point. 


FW 90 th ' 45.7th-' 0th' 1 


0 ppm 100 ppm 800 ppm 



0 th 1 44.3 th 1 45.7 th' 

(a) Design grid for local recycling. 

50 th' 1 



(b) Flowsheet for local recycling. 


Figure 26.39 

Design for local recycling. 
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26.9 Design for Maximum 
Water Reuse for Single 
Contaminants for Operations 
with Fixed Flowrates 

The design procedure developed in Section 26.7 for fixed mass 
load can be readily adapted to design for fixed flowrates once 
the correct targets have been established. This can be illus¬ 
trated by returning to the example data given in Table 26.4. 
Now it will be assumed that the concentration can vary up to 
the maximum, but the limiting water flowrate in Table 26.4 is 
fixed. First consider the case when local recycling is allowed. If 
local recycling is allowed, the target flowrate given in 
Figure 26.16 still applies. Also, for design the flowrate require¬ 
ments above and below the pinch are still given by 
Figure 26.17. Figure 26.39a shows the design grid for local 
recycling. The flowsheet corresponding with this design grid is 
shown in Figure 26.39b. 

If local recycling is not allowed, then a different target needs to 
be applied. Figure 26.40a shows the limiting composite curve, but 
with targets applied separately below and above the pinch. Below 
the pinch the target from Equation 26.12 is given by: 

mwT = m ax {m ii/mm, niwu} 

= max {90,20,100,40} 

= 100 th -1 

C (ppm) 



(a) Targeting below and above the pinch for no 
local recycling. 


The pinch corresponds with the concentration interval boundary 
that limits the slope of the water supply line, which is again 
100 ppm. The target above the pinch from Equation 26.12 is given 
by: 

m W T = max { IllWmin , mwLi } 

= max{45.93,40, 10} 

= 45.93 t ■ h -1 

Figure 26.40b shows the combined targets for no local recycling. 
Figure 26.41a shows the design grid for no local recycling corre¬ 
sponding with the targets in Figure 26.40b. The flowsheet corre¬ 
sponding with this design grid is shown in Figure 26.41 b. It should be 
noted that in order to achieve the target from Equation 26.12, 
Operation 3 has been split into two parts. This results from the 
fact that the targeting equation has been applied over more than one 
interval below the pinch and above the pinch. The target equation 
only strictly applies for no operation splitting across a single interval. 
However, Figure 26.41 shows a design to achieve the targets. 
Most often, it will be undesirable to split an operation. In order to 
remove the split, the design in Figure 26.41 must be evolved. 
However, eliminating the split for Operation 3 will inevitably bring 
some penalty in the water consumption. Figure 26.42a shows a 
design grid for an evolution of the design to remove the operation 
split. It can be seen that the water consumption increases from 
100t-h -1 to 111.43 t h -1 . Figure 26.42b shows the corresponding 
flowsheet. 

Consider again Examples 26.2 to 26.4 for a fixed mass load, but 
now constraining the flowrates to be fixed. 

C(ppm) 



(b) Overall tageis for no local recycling. 


Figure 26.40 

Targets for no local recycling. 
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r W 100 rh' 1 45.93 t.h-1 0 t.h-1 

0 ppm 100 ppm 775 ppm 



0 th’ 1 54.07 th' 45.93 th 1 

(a) Design grid for no local recycling. 



(b) Flowsheet for no local recycling. 


Figure 26.41 

Design for no local recycling. 


FW 111.43 th-' 
0 ppm 



0 th-' 61.43 th-' 50 th' 

(a) Design grid for no local recycling and no operation splitting. 



(b) Flowsheet for no local recycling and no operation splitting. 


Figure 26.42 

Evolution of the design for no local recycling and no operation splitting. 
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Example 26.5 Table 26.5 presents water-use data involving 

three operations. 

a) Target and design the minimum water consumption for the 
system through maximum reuse with the flowrates fixed, 
allowing local recycling. 

b) Target the minimum water consumption for the system through 
maximum reuse with the flowrates fixed, but no local recycling. 

c) Design a network for the target water consumption with fixed 
flowrates and no local recycling. 

Solution 

a) When local recycling is allowed, the targets correspond with 
those given in Figure 26.27. Figure 26.43a shows the design grid 
to achieve the targets. Figure 26.43b shows the corresponding 
flowsheet. 

b) When no local recycling is allowed, the target below the pinch is 
given by: 

mwT = max{mwmin,m W Li} 

— max{46.67,40,20} 

= 46.67 t • h -1 

The target above the pinch is given by: 

m W T = max{mvi/ m ;„,mivL,} 

= max{43.53,20, 80} 

= 801 • h -1 

These targets are shown against the limiting composite curve in 
Figure 26.44. The target above the pinch is greater than that 
below in this case. Feeding 46.67 t-h 1 below the pinch up to a 
concentration of 150 ppm and then mixing with the balance of 


C (ppm) 



Figure 26.44 

The minimum water target for no local recycling for Example 26.5 


33.33 t-h -1 of fresh water to be fed to the process above the 
pinch would lead to a feed concentration of 87.5 ppm. Flowever, 
this mixing arrangement is not necessary in the design, as will 
be seen later. Overall the process must be fed with 80 th 1 of 
fresh water. 

c) Figure 26.45a shows the design grid. It should be noted that the 
water mains are at concentrations of Oppm, 150 ppm and 
550 ppm, corresponding with the water supply targets in 
Figure 26.44. Figure 26.45a shows the completed design grid 
to meet the targets and Figure 26.45b the corresponding flowsheet. 


FW 90 th' 
0 ppm 


43.53 th 
150 ppm 


0 Hr' 

1000 ppm 


40 th 1 

20 th-' 

80 th-' 



0 th-' 


3.14 rh ' 

(a) Design grid for local recycling. 


43.53 th 


Figure 26.43 

Design for local recycling for Example 26.5. 



(b) Flowsheet for local recycling. 
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F\V 801 h' 1 
0 pptn 


40 t h' 1 
150 ppm 


Orh 1 
550 ppm 


800 ppm 


40 th' 


201 h 


801 lr 



0 !h ' 


0 th' 1 

la) Design grid for no local recycling. 


80 th' 


40 th' _ 33.33 th' 



(b) Flowsheet for no recycling. 


Figure 26.45 

Design for no local recycling for Example 26.5. 


Example 26.6 Limiting data for three operations are given 

in Table 26.6. Two sources of fresh water are available: WSI 

with a concentration of 0 ppm and WSII with a concentration of 

25 ppm: 

a) Target the minimum water consumption for the system 
through maximum reuse for fixed flowrates with no local 
recycling. 

b) Design a network for the target water consumption for fixed 
flowrates with no local recycling. 

c) Evolve the design from Part b to remove any operation 
splits. 

Solution 

a) The limiting composite curve for the three operations is plotted 
in Figure 26.46. with the targets above and below the pinch 
shown. 

b) Figure 26.47a shows the design grid for the two water sources 
with water mains at Oppm, 25 ppm, 100 ppm and 800 ppm, 
corresponding with the targets in Figure 26.46. Figure 26.47a 
shows the completed design grid and Figure 26.47b the 
corresponding flowsheet. 

c) Figure 26.48a shows an evolution of the design grid to 
remove the spit in Operation 3. It can be seen that there is a 
penalty of an extra 13.33 t h -1 of WSII to remove the 
operation split. The corresponding flowsheet is shown in 
Figure 26.48b. 


C (ppm) 



Figure 26.46 

Targeting for multiple water sources with fixed flowrates without local 
recycling for Example 26.6. 
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wsi wsi + 

wsti 

2«> t-h" 113.34 l b 1 40 tV o i'll ‘ 

Uppm 25 ppm 100 ppm xoo ppm 



Ot'h' Oth' (1)3.34- 40) 40 lh' 

73.34 lh ' 


(a) Grid diagram for two water sources with process fixed flowrates to meet ihe targets. 


WSII 



(b) Flowsheet tor two water sources with process fixed flowrates lo meet the targets. 


Figure 26.47 

Design to meet targets for multiple water sources with fixed flowates without local recycling for Example 26.6. 


WSI 

WSI + 


WSII 

20 fh' 

126.67 fh 

0 ppm 

25 ppm 



0 l-h 1 Ofh (126.07 40 ) 4(1 l h' 

86.67 fh 1 


(a) Grid diagram for two water sources with process fixed flowrates with no operation splits. 


WSII 



(b) Flowsheet for two water sources with process fixed flowrates with no operation splits. 


Figure 26.48 

Evolution of the design for multiple water sources without split operations for Example 26.6. 
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When there is a fixed loss from the system, the target for fixed 
flowrates with no local recycles is given by: 

m W T = max { m Wmin , m WLi } + m WTLO ss (26.13) 

where mwrLoss = target for fresh water to make up for the loss 
over and above the target without the loss 

If the loss is below the pinch, then it can be assumed to be made up 
by a combination of fresh water and water from the pinch main. A 
mass balance for the makeup gives: 

ikwlossCloss — m wrL0ssC<) + iiiwpinchCpinch (26.14) 

where m WLO ss = flowrate of water loss 

hiwpinch — flowrate of water from the pinch main to 
make up for the water loss 

Closs = concentration at which the water loss occurs 
C 0 = concentration of fresh water 

Cpinch = concentration of water at the pinch 


Rearranging Equation 26.14 gives: 


ikwtloss — m wLOSS 


(C pinch — Closs) 

('CpiNCH — Co) 


(26.15) 


Equation 26.15 assumes there is enough water at the pinch 
water main to satisfy the requirements for the water loss. The 
maximum flowrate of water available at the pinch concentra¬ 
tion is given by the difference between the targets below and 
above the pinch. If the loss is above the pinch then it can be 
assumed to be made up by a combination of fresh water and 
water from the wastewater main. A mass balance for the 
makeup gives: 


mwTLOss — niwwss 


('Cww — Closs) 
0 Cww ~ Co) 


(26.16) 


where Cww = concentration of the wastewater 

Again, Equation 26.16 assumes there is enough water at the 
wastewater main to satisfy the requirements for the water loss. 
Rather than use a combination of fresh water and either water at 
pinch concentration or wastewater to make up for the loss, a 
combination of fresh water with both water at pinch concentration 
and wastewater can in principle be used. However, this is more 
complex to deal with. 


Example 26.7 An operation is to be added to those in 

Table 26.6 with a maximum inlet concentration of 80 ppm and a 

flowrate of 10t h _1 , all of which is lost: 

a) Target the minimum water consumption for the system through 
maximum reuse for fixed flowrates with no local recycling. 

b) Design a network for the target water consumption for fixed 
flowrates with no local recycling. 

c) For the design from Part b, evolve the design to remove any split 
operations. 

Solution 

a) If the water loss is below pinch concentration, and it is assumed 
that there will be enough water at the pinch water main, then the 
target for the makeup water for the loss is given by 
Equation 26.15: 


iiiwtloss — m w LOSS 


( Cpinch — Closs) 

('CpiNCH — Co) 


= (100-80) 

( 100 - 0 ) 

= 21 h -1 

m W T = max{m Wmin ,m W u} +m WTL oss 
= max {90,20, 100,40} + 2 
= 102 t-h -1 


C (ppm) 



= 1021- h *' 

Figure 26.49 

Targeting for no local recycling with a water loss for Example 26.7. 


The target above the pinch is given by: 

m W T = max{ m w, nm, tn W u} 

— max{40,40} 

= 40 t-h -1 

These targets are shown in Figure 26.49. 


b) For the design, from Figure 26.49, there should be three water 
mains at 0 ppm, 100 ppm and 775 ppm. Figure 26.50a shows the 
design grid to meet the target featuring a water loss of 10 t-h -1 . 
Figure 26.50b shows the corresponding flowsheet. 

c) It can be observed in Figure 26.50 that Operation 3 has been split 
into two parts in orderto achieve the target. Figure 26.5 la shows 
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102 t-h-' 40 l-h*' 0 tV 

Oppni 100 ppm 775 ppm 


= S2 t-h' 1 

(a) Design grid for water loss witli fixed flowrates 



(bt f lowsheet for water loss with fixed flowrates. 


Figure 26.50 

Design to meet the targets for fixed flowrates and no local recycling with a water loss for Example 26.7. 



26 


the design grid with the design evolved to remove the split in It can be seen that the penalty to remove the split in Operation 3 

Operation 3. Figure 26.51 b shows the corresponding flowsheet. is an extra 20 t-h -1 of fresh water. 


122 l-h' 1 Ofh' 1 0t-h'' 

llppm 100 ppm 775 ppm 



Ol-h' 1 (122 -40-10) 40 tV 

- 72 t-h' 


(a) Design grid for water loss with fixed flowrates with no operation split. 



(b) Flowsheet for water loss with fixed flowrates with no operation split. 


Figure 26.51 

Evolution of the design for fixed flowrates and no local recycling with a water loss and no stream split for Example 26.7. 
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26.10 Targeting and Design 
for Maximum Water Reuse 
Based on Optimization of a 
Superstructure 

The methods presented so far are adequate for single contaminants 
(e.g. total solids, suspended solids, total dissolved solids, organic 
concentration, etc.), but it is often required to deal with problems in 
which the concentration limits require multiple contaminants to be 
specified. Consider the problem in Table 26.7 involving two 
operations. 

This time, maximum concentrations are specified separately for 
two Contaminants A and B. A simple approach to such a problem 
might be to target Contaminant A in isolation from Contaminant B, 
then Contaminant B to be targeted in isolation from Contaminant A, 
and the worst case chosen. Figure 26.52a shows the limiting 
composite curve and target for Contaminant A in isolation to be 
115 t-h“ . Figure 26.52b shows the limiting composite curve and 
target for Contaminant B in isolation to be 112.1 t h“ 1 . On the basis 
of these calculations, it would therefore be suspected that the target 
would be the worst case and would be 115 t-fT 1 . In fact, the true 
target for this problem is 126.5 t-h -1 by considering Contaminant A 
and Contaminant B simultaneously. The problem with considering 
each contaminant in isolation is that it does not allow for the fact 
that when Contaminant A is picked up. Contaminant B is picked up 
at the same time and vice versa. 

In some problems, the simple approach of targeting the indi¬ 
vidual contaminants and taking the worst case can give the correct 
answer. The target for a multicontaminant problem might well be 
the largest target of the individual contaminant. However, it might 
be a larger value, as it is in this case. 


C, (ppm) 



Table 26.7 

Data for a problem with two contaminants. 


Operation 

number 

"I WL 

(th- 1 ) 

Contaminant 

C- 

'-'III 

(ppm) 

f ' oul 

(ppm) 

1 

90 

A 

0 

120 



B 

25 

85 

2 

75 

A 

80 

220 



B 

30 

100 


A more sophisticated approach is therefore required when 
dealing with multiple contaminants. It is possible to extend the 
graphical approach described here to deal with multiple contami¬ 
nants, but it gets significantly more complex (Wang and Smith, 
1994a). Also, the graphical approach has a number of other 
limitations. Sometimes different mass transfer models might be 
required. Figure 26.53 gives three different models that are useful 
in different circumstances for the design of water networks. 
Figure 26.53a shows the model involving a fixed mass load, but 
allowing the flowrate to vary. Figure 26.53b shows the case that an 
operation requires a fixed flowrate, irrespective of the inlet con¬ 
centration. Different inlet concentrations can be chosen, but the 
slope must be fixed. A third option is shown in Figure 26.53c where 
the outlet concentration from the operation is fixed, as is the 
flowrate. This last case can happen if water is coming into contact 
with a contaminant that is sparingly soluble and can only dissolve 
up to a maximum concentration, the maximum solubility. In these 
circumstances, the mass load will vary according to the inlet 
concentration, as illustrated in Figure 26.53c. Other models might 
be appropriate for different problems. As an example of how 


C„ (ppm) 



(a) Target for Contaminant A in isolation. 


(b) Target for Contaminant B in isolation. 


Figure 26.52 

Targeting individual contaminants for a multiple contaminant problem from Table 26.7. 
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(a) Fixed mass load and 
variable flowrate. 


(b) Fixed mass load and 
fixed flowrate. 


(c) Fixed outlet concentration 
and fixed flowrate. 


Figure 26.53 

Different mass transfer models. 


different mass transfer models might be required, consider again 
the example of the crude oil desalter described in Section 10.7. This 
is a simple extraction process in which crude oil is mixed with 
water to extract salt from the crude oil into the water. The function 
of the desalter is to extract salt. Thus, the load of salt is specified. 
The flowrate of water can be varied to some extent, but there will be 
limits on this. At the same time that the water extracts the salt from 
the crude oil, other contaminants will be transferred from the crude 
oil to the water. These might typically be hydrocarbons with a 
maximum solubility and thus a maximum concentration might 
wish to be specified for such contaminants. Thus, not only might it 
be necessary to specify multiple contaminants, it also might be 
necessary to specify different mass transfer models in an individual 
operation. Also, the flowrate of water might be fixed, or allowed to 
vary only within a specified range. 

In addition to these complexities, there may be other issues that 
need to be included in the analysis that are not readily included 
using the graphical approach. These might include forbidden 
matches (e.g. because a long pipe run may be necessary). 


compulsory matches (e.g. for operability) and capital cost issues 
(e.g. the cost of running pipes between operations). 

To include all of these complexities requires a different 
approach from the graphical approaches described so far. The 
design approach based on the optimization of a superstructure can 
be used to solve such problems. Figure 26.54 shows the super¬ 
structure for a problem involving two operations and a single 
source of fresh water (Doyle and Smith, 1997). The superstructure 
allows for reuse from Operation 1 into Operation 2, reuse from 
Operation 2 to Operation 1, local recycles around both operations, 
fresh water supply to both operations and wastewater discharge 
from both operations. All structural features that are candidates for 
the final design have been included in the superstructure. The mass 
balances need to be modeled, cost models set up and the super¬ 
structure can then be optimized, as illustrated in Figure 26.54. 

The objective functions could be as simple as minimizing the 
supply of fresh water, or could be more sophisticated and minimize 
cost. Minimum cost could include features such as (Gunarantnam 
et al., 2005): 



Figure 26.54 

Water network design based on the optimization of a 
supers tincture. 


Freshwater 


* i i y 


Wastewater 
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• Multiple water sources with different costs 

• Effluent treatment costs 

• Piping costs. 

The cost of water from a given source will be proportional to its 
flowrate. Effluent treatment costs can also be formulated as a 
function of flowrate. The economics of water reuse is, however, 
often critically dependent on piping costs. Piping costs can be 
included in the optimization by providing information on the 
approximate length of pipe required to connect a water source 
and a water sink, together with cost information for the piping. 
During the course of the optimization, the flowrate of water will be 
calculated. Assuming a reasonable velocity of 1 to 2 m s -1 allows 
the pipe diameter to be calculated. From knowledge of the length 
and diameter, the cost of a pipe between a source and sink can be 
estimated. Given this information, the optimization will tend to 
produce solutions avoiding long and expensive pipe connections 
(Gunarantnam et al., 2005). 

The nature of the optimization problem can turn out to be linear 
or nonlinear depending on the mass transfer model chosen (Doyle 
and Smith, 1997). If a model based on a fixed outlet concentration 
is chosen, the model turns out to be a linear model (assuming linear 
cost models are adopted). If the outlet concentration is allowed to 
vary, as in Figure 26.53a and Figure 26.53b, then the optimization 
turns out to be a nonlinear optimization with all the problems of 
local optima associated with such problems. The optimization is in 
fact not so difficult in practice as regards the nonlinearity, because 
it is possible to provide a good initialization to the nonlinear model. 
If the outlet concentrations from each operation are initially 
assumed to go to their maximum outlet concentrations, then this 
can then be solved by a linear optimization. This usually provides a 
good initialization for the nonlinear optimization, as the network 
design will tend, in most instances, to try to force concentrations to 
their maximum outlet concentrations to maximize water reuse 
(Doyle and Smith, 1997). 

The advantages of an optimization-based approach are that it 
provides automation for complex problems, provides a design as 
well as a target and allows all kinds of constraints and costs to be 
included. One disadvantage is that there is no longer a graphical 
representation allowing conceptual insights. This shortcoming can 
be overcome by displaying the output from the optimization in 
graphical form. This is most conveniently done by using one 
contaminant at a time. The optimization provides a network design 
with inlet and outlet concentrations that can be taken and combined 
together in a composite plot, one contaminant at a time. By 
superimposing the flowrate predicted by the optimization on to 
this composite curve, conceptual insights can be gained. 

26.11 Process Changes 
for Reduced Water 
Consumption 

So far the discussion on water minimization has restricted consid¬ 
eration to identify opportunities for water reuse. Maximizing water 


reuse minimizes both fresh water consumption and wastewater 
generation. However, the process constraints for inlet concentra¬ 
tions, outlet concentrations and flowrates have so far been fixed. 
Often there is freedom to change the conditions within the opera¬ 
tion. Typical process changes that might be contemplated include: 

• Introducing a local recycle around a scrubber or washing operation. 

• Removing water from the operation completely if it is extraneous 
(e.g. replace the scrubbing operation used to separate an organic 
contaminant from a vapor stream by condensation, or replacing 
an extraction process using water by cooling crystallization). 

• Increasing the number of stages in an extraction process to 
reduce the water demand for a given separation. 

• Increasing the number of stages in absorption and scrubbing 
operations that use water to reduce the water consumption for 
the same separation. 

• Replacing live steam injection for distillation operations with a 
reboiler using indirect steam heating. 

• Introducing multiple stages for equipment cleaning, such that 
the initial stages are carried out using slightly contaminated 
water (e.g. to remove residual solids), followed by high-quality 
water for the final stages. 

• In multiproduct plants, scheduling operations to minimize 
product changeovers and thereby reduce the cleaning require¬ 
ments between product changeovers. 

• Introducing mechanical cleaning of vessels (e.g. wall wipers) 
and pipes (e.g. pipeline pigging) that process viscous materials 
and require periodic cleaning with water. 

• For cleaning agitated vessels, rather than filling up the vessel 
and use agitation for the cleaning, introducing a local recycle 
using less water, but with a spray system inside the vessel to give 
effective cleaning with less water. 

• Fixing triggers to hoses to prevent unattended running of water 
from the hoses when not in use, so that as soon as the trigger is 
released by the operator, the flow is stopped. 

• Introducing local recycles around liquid ring pumps. 

• Replacing direct contact condensation using a water spray by 
indirect condensation using cooling water. 

• Introducing local recycles around quench operations that use a 
water spray with some indirect cooling in the recycle loop. 

• For batch operations, introducing solenoid valves in water 
scrubbers, direct contact condensation and the flushes used to 
protect pump and agitator seals, such that if the operation is not 
in use, the flow of water is stopped. 

• Improving the energy efficiency to reduce steam demand and 
hence reduce the wastewater generated by the steam system 
through boiler blowdown, boiler feed water treatment and 
condensate loss (see Chapter 23). 

• Increasing condensate return for steam systems to reduce 
makeup water requirements, reduce aqueous waste from boiler 
feed water treatment and boiler blowdown (see Chapter 23). 

• Improving control of cooling tower blowdown (see Chapter 24) 
for evaporative cooling water circuits to increase the cycles of 
concentration and reduce the cooling tower blowdown rate. 
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• Decreasing the heat duty on evaporative cooling tower circuits 
by better energy efficiency to decrease the evaporation from the 
cooling tower and, hence, decrease the makeup requirements. 

• Introducing air cooling to replace evaporative cooling towers 
(see Chapter 24). 

• Considering reducing the water mains pressure or isolating 
areas when not in use, if leaks and unaccountable losses are 
a problem from underground piping systems, and so on. 

Listed above are just some of the many possible changes that 
can be made to operations to reduce their inherent water 
demand, but which changes are going to have an influence 
on the overall system? Consider the limiting composite curves 
in Figures 26.16 and 26.27. It is clear that only changes at or 
below the pinch for the system will reduce the demand for water 
for the overall system. A process located above the pinch 
should have more than enough water available in the system 
through the appropriate reuse opportunities. Thus, in general, 
the ways in which the overall system can benefit from process 
changes are: 

• For a given volumetric flowrate for the processes below the 
pinch, shift the mass load of contaminant from below the pinch 
to above the pinch by increasing concentrations. 

• For a fixed mass load of contaminant for the processes below the 
pinch, decrease the volumetric flowrate of the processes below 
the pinch, thus increasing concentrations. 

• A combination of the above two measures. 

The location of an operation relative to the pinch is one criterion for 
deriving a benefit from process changes. The other criterion is one 
of scale. The larger the flowrate fed to an operation, the larger is 
likely to be the overall effect of the process changes. To understand 
the resulting magnitude of suggested process changes on the 
overall water consumption, the targeting methods described above 
should be used to screen options. 


26.12 Targeting for 
Minimum Wastewater 
Treatment Flowrate for 
Single Contaminants 

Wastewater treatment in the process industries is most often carried 
out in a central treatment facility. Effluent streams are collected 
together in a common sewer system and passed to a central 
treatment facility, or, in some instances, given some pretreatment 
and sent off-site to a municipal treatment facility. The problem with 
centralized treatment is that combining waste streams that require 
different treatment technologies leads to a cost of treating the 
combined streams that is likely to be more expensive than the 
individual treatment of the separate streams. This situation results 
from the fact that the capital cost of most waste treatment processes 
is related to the total flowrate of wastewater. Also, operating costs 
for treatment usually increase with decreasing concentration for a 
given mass load of contaminant to be treated. On the other hand, if 
two waste streams require exactly the same treatment then it makes 
sense to combine them for treatment to obtain economies of scale 
for the equipment. 

A philosophy of design is required that will allow the designer 
to combine effluents for treatment when it is appropriate, but also 
segregate them if it is appropriate. Consider now the targeting of 
the minimum treatment flowrate for a given set of effluent streams 
that need to be treated to bring the concentration to below an 
environmental discharge limit. 

Figure 26.55a shows a system involving four effluent streams 
with different inlet concentrations that all need to be treated to 
remove mass load and bring down the concentration to an accept¬ 
able level for environmental discharge C e . To obtain an overall 
picture, rather than deal with four separate effluent streams, the 




(a) Wastewater streams. 


(b) Effluent composite curve. 


Figure 26.55 

A composite curve of wastewater streams. (Reproduced from Wang YP and Smith R (1994a) Wastewater Minimization, Chem Eng Sci, 49: 3127, with 
permission from Elsevier.) 
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C 




(a) Minimum flowrate for the treatment line. 


(b) Infeasible operation. 


Figure 26.56 

Targeting minimum wastewater treatment flowrate. (Reproduced from Wang YP and Smith R (1994a) Wastewater Minimization, Chem Eng Sci , 49: 3127, with 
permission from Elsevier.) 


streams can be combined together to produce a composite effluent 
stream (Wang and Smith, 1994b). The construction is analogous to 
that for the limiting composite curve. The diagram is divided into 
concentration intervals and the mass load of the streams within 
each concentration interval combined together (Figure 26.55b). 
This provides a picture of the overall effluent treatment problem 
and what is required to happen to the effluent streams. 

The mass load can be removed in a number of different network 
arrangements. The objective in designing an effluent treatment 
network is to minimize its cost. In the first instance, this means 
minimizing the flowrate through the treatment process. 
Figure 26.56a shows a composite effluent curve. Superimposed 
are treatment lines representing the actual performance of the 
effluent treatment process (Wang and Smith, 1994b). The effluent 
treatment process is required to remove the mass load in order to 
bring down the effluent concentration to its environmental dis¬ 
charge limit. The steeper the treatment line, the lower will be the 
flowrate through the effluent treatment. The maximum slope of the 
treatment line in Figure 26.56a is dictated at the low concentration 
end by a minimum outlet concentration, below which the treatment 
process cannot operate, and the pinch point between the effluent 
composite curve and treatment line (Wang and Smith, 1994b). The 
treatment line cannot be made any steeper than shown in 
Figure 26.56a. If the slope is increased, as shown in 
Figure 26.56b, then the treatment line crosses the effluent com¬ 
posite curve. This is infeasible, as it requires mass to be treated in 
concentration ranges where it is not available. Any attempt to 
design this flowrate will inevitably lead to an infeasible mass 
balance in the design of the effluent treatment system. 

In specifying effluent treatment processes, two specifications 
are used in conceptual design. The simplest case is where the 
concentration at the outlet of an effluent treatment process is 
specified to be a fixed value. Targeting with a fixed outlet concen¬ 
tration is illustrated in Figure 26.57a. The effluent composite curve 
is first constructed. The outlet concentration for the effluent 
treatment is specified and the slope of the treatment line pivoted 


around this value until the treatment line pinches with the effluent 
composite curve. The slope of the line will then dictate the 
minimum treatment flowrate. 

The performance of the treatment process is more likely to be 
specified by a removal ratio: 


Mass of contaminant removed 
Mass of contaminant fed 

(26.17) 

m W .in C in ttlw : outCout 
m W.in C in 


where R = removal ratio 

m win , mw.out = inlet and outlet flowrates 
C in , C out = inlet and outlet concentrations 

In many instances, the change in flowrate through the treatment 
process can be neglected, giving: 

R = Ci " - Cout (26.18) 

Cin 

Figure 26.57b shows the construction for targeting the minimum 
wastewater treatment flowrate when the removal ratio has been 
specified. If the initial effluent treatment line shown dotted in 
Figure 26.57b is considered, then there is a point of origin 
corresponding with a specified removal ratio. Applying the geom¬ 
etry of similar triangles, as shown in Figure 26.57b and rearranging 
indicates that the ratio A mjJm T equals the removal ratio. Thus, a 
given removal ratio corresponds with a given ratio of Anifflij-and, 
therefore, a fixed point of origin for the treatment line. If the 
treatment line is then pivoted around this point of origin, as shown 
in Figure 26.57b, the ratio Amj/m T wd, therefore, the removal ratio 
are both fixed. Finding the steepest slope where the treatment line is 
pinched against the composite effluent curve corresponds with the 
minimum treatment flowrate. 
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A m, mi 


C. ~ C„ _ Am, 


= Removal Ratio 


(a) Targeting with fixed outlet concentration. 


(b) Targeting with fixed removal ratio. 


Figure 26.57 

Targeting minimum wastewater treatment flowrate. (Reproduced from Wang YP and Smith R (1994a) Wastewater Minimization, Chem Eng Sci , 49: 3127, with 
permission from Elsevier.) 


Example 26.8 The data for a wastewater treatment problem 
are given in Table 26.8. Centralized treatment would correspond 
with a flowrate to be treated of 75t-h _l . For an environmental 
discharge limit of 20 ppm, determine the minimum treatment 
flowrate. 

a) For a process with a fixed outlet concentration of 10 ppm. 

b) For a treatment process with a removal ratio of 95%. 


Table 26.8 

Data for an effluent treatment problem. 


Stream 

C,n (PPm) 

Water flowrate 
(th" 1 ) 

1 

250 

40 

2 

100 

25 

3 

40 

10 


Solution 

a) Figure 26.58 shows the effluent composite curve plotted for the 
three streams in Table 26.8. The end of the effluent treatment 
line is fixed with a concentration of 10 ppm and the steepest line 
drawn until it pinches with the effluent composite curve at 
100 ppm. The removal flowrate is then given by: 



5400 
100 - 10 


60 th -1 


b) For a fixed removal ratio with no change in flowrate of 
water: 


R = 0.95 = 


C in ~ C a 
C in 


Rearranging gives: 


Ci„ — 20C OU , (26.19) 


C (ppm) 



Figure 26.58 

Targeting for a fixed outlet concentration of 10 ppm in Example 26.8. 
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The total mass load is given by: 

= WlWrtlin ^ C (If 901 

11,400 = m Wmin (C in - C out ) 1 J 

For the minimum flowrate, the treatment line will pass through 
the pinch point at 100 ppm. Writing the mass balance below the 
pinch point: 

5400 = m Wnin ( 100 - C out ) (26.21) 

Dividing Equation 26.20 by Equation 26.21 gives: 

11,400 C,„-C 0 „, 

5400 100-C OT „ 

Substituting Equation 26.19 gives: 

Cout = 10 ppm 

Thus: 

C in — 200 ppm 

tftWrnin — 60 t-h 

By coincidence the answer is the same in both cases, that is, 
10 ppm outlet concentration corresponds with a removal ratio 
of 0.95. 

One complication not considered so far that is very commonly 
encountered in effluent systems is where some of the effluents are 
already below their environmental discharge limit. Table 26.9 
presents a problem involving four effluent streams. The environ¬ 
mental discharge limit is 20 ppm. 

Note from Table 26.9, that Stream 4 with a concentration of 
10 ppm is already below the environmental limit of 20 ppm. 
Suppose that this is to be treated with an operation capable of 
producing 5 ppm outlet concentration. How can the target mini¬ 
mum flowrate be set under such circumstances? 

In fact, the availability of the stream with a concentration below 
the environmental limit removes part of the environmental load to 
be taken up by the effluent treatment system through its dilution 
effect. The construction of the effluent composite to include this 


Table 26.9 

A problem where one of the effluents is below the environmental discharge 
limit. 


Stream 

C,„ (ppm) 

Water flowrate 
(t-h" 1 ) 

1 

200 

40 

2 

100 

30 

3 

30 

20 

4 

10 

80 



Figure 26.59 

A stream below the environmental limit defines a new effective environ¬ 
mental limit. 


effect is shown in Figure 26.59. It can be seen that as the stream 
starting at 10 ppm increases in concentration to the specified 
environmental limit of 20 ppm, it takes up part of the effluent 
load from the other streams that would otherwise have to be 
removed by the effluent treatment process. The dilution effect 
of the stream below the environmental limit effectively creates a 
new environmental limit greater than 20 ppm. The target for the 
problem is shown in Figure 26.60. In this case, the specification for 
the treatment process was based on an outlet concentration. If the 
specification had been based on the removal ratio, then the basic 
approach would be the same. The only change would be the 
specification of the effluent treatment line. 

Sometimes the effluent treatment cannot be accomplished in a 
single effluent treatment process. For example, different treatment 
processes might be required to treat contaminants over different 


C (ppm ) 



Figure 26.60 

Target for the problem in Table 26.9. 
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(a) Division of mass balance for the multiple treatment 


processes. 



(c) Specification of the individual treatment processes. 



(b) Decomposition of the effluent composite curve. 



Figure 26.61 

Targeting for multiple treatment processes. 


concentration ranges. It might also be cheaper to use multiple 
treatment processes, rather than a single process. For example, 
when treating petroleum refinery effluent, it is usually cheap to start 
the treatment with an API Separator and then complete the 
treatment with other treatment processes, such as dissolved-air 
flotation (see Chapter 7) and biological treatment. The API Sepa¬ 
rator is a cheap process to remove part of the contamination before 
passing the effluent to more expensive treatment processes. Thus, 
limitations in the performance or the costs associated with effluent 
treatment processes might dictate the requirement for multiple 
treatment processes. 

The graphical approach to targeting the minimum treatment 
flowrate can be extended to multiple treatment processes, as 
shown in Figure 26.61 (Kuo and Smith, 1998b). In 
Figure 26.61a, the effluent composite curve is divided into 
parts of the effluent mass load being treated by the different 
processes (m TPI and m TPn in Figure 26.61a). The effluent 
composite curve is then decomposed into two parts at this point 
of division in the mass load, as shown in Figure 26.61b. 
Decomposition is the opposite procedure from creating a com¬ 
posite. In Figure 26.61b, the mass balance division is such that 
the effluent composite curve between C\ and C e needs to be 
decomposed. In this way, two separate effluent composite 
curves are created for treatment by Treatment Process I (TPI) 
and Treatment Process II (TPII). Treatment lines for TPI and 
TPII are then matched against the respective decomposed 
effluent composite curves, as shown in Figure 26.61c. The 
matching of the treatment lines against the decomposed effluent 


composite curve is now the same as that for single treatment 
processes, as described previously. Specifications can be based 
on outlet concentration or removal ratio. Figure 26.6Id shows 
that decomposed effluent composite curves and the treatment 
lines combined to obtain composites for each. It should be noted 
that the treatment line for TPII in Figure 26.61c would actually 
cross the original effluent composite curve and would appear to 
be infeasible. However, a composite of the two treatment lines 
does not cross the original effluent composite curve. The 
combination of the two treatment lines leads to a feasible 
solution, as seen in Figure 26.61d (Kuo and Smith, 1998b). 

Finally, the relative contaminant mass load on the two treatment 
processes can usually be varied within reasonable limits. As load is 
shifted from TPI to TPII, and vice versa, their relative capital and 
operating costs will change. This is a degree of freedom that can be 
optimized. 

26.13 Design for Minimum 
Wastewater Treatment 
Flowrate for Single 
Contaminants 

Having established how to set the target for the minimum 
treatment flowrate, the next question is how to design to achieve 
the target. The design principles to achieve the target are based 
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C 



Figure 26.62 

Achieving the treatment flowrate target. (Reproduced from Wang YP and 
Smith R (1994b) Design of Distributed Effluent Treatment Systems, 
Chem Eng Sci, 49: 3127, with permission from Elsevier.) 


on the starting concentrations of the streams relative to the pinch 
concentration: 


Group I. 

C,j > C pinch 

(26.22) 

Group II. 

Cnj = Cpinch 

(26.23) 

Group III. 

Cmj < Cpinch 

(26.24) 


where C, P C u j, C m , = concentration of Stream j in Groups I, 
II and III respectively. 

If m Wabove and m wbe i ow are defined to be the total wastewater 
flowrates in the concentration intervals immediately above and 
below the pinch concentration respectively, as shown in 
Figure 26.62, then: 

s, 

above — y: m wi.j (26.25) 


and 


s, s, 

MW, below = %/j + Y m wu,j (26.26) 

j j 


Therefore, the minimum treatment flowrate target m Wmin is given 

by: 

Si Si/ 

mwmin = / mwi,j + 6 mwnj (26.29) 

j j 

where 0 < 9 < 1 

Equation 26.29 reveals that the treatment flowrate target can be 
achieved when all the wastewater streams in Group I are treated, 
together with some of the wastewater streams from Group II and 
none from Group III. 

Having identified the streams to be treated in order to achieve 
the flowrate target, it is still necessary to prove that the mean inlet 
concentration of those streams, C mean j n , is equal to the targeted 
inlet concentration for the treatment process, C in . If the treatment 
flowrate target m Wmi „ consists of the wastewater streams defined by 
Equation 26.29, then the mean inlet concentration of the streams 
treated, C mmnM , is given by: 


Si Sji 

y mwijCij + 0J2 m wn,jC pinch 

Cmean,in = - - T - (26.30) 

•V -j // 

y niwi,j + 0 y mwnj 

j j 


From Figure 26.62, the targeted inlet concentration, C jn , for the 
treatment flowrate target is given by: 

Cin = e PINCH + AC = e PmCH + Amr ~ Amp,NCH (26.31) 

WlWmin 

where AC is the concentration change through the treatment 
process above the pinch. Then knowing that: 


s, 

Am T — AmpiNCH = ^ m wi,j(Cij — C pinch) (26.32) 

j 

where A m T = total mass treatment load 

A nipiNCH = mass treatment load below the pinch 

Equations 26.32 and 26.29 can be substituted into Equation 26.31 
to give the targeted inlet concentration, C,„: 


Whete IH\Vahi>\e- 
below 

m Wl,p m WIIJ 


Sj 

Sn 


water flowrate immediately above and 
below the pinch 

water flowrate for Stream j in Group I 
and II respectively 
total number of streams in Group I 
total number of streams in Group II 


Because the treatment line with a flowrate morris pinched with the 
composite curve at this point, the following relation holds: 

m W .above. — WlWmin — W .below (26.27) 

which means that: 

Si Si Sn 

'Y J fflWIJ ^ m Wmin < ^ f^WIJ + ^ f^WIIJ (26.28) 

j j j 


Si 

Y, mW U( Cl J - Cpinch) 

Cin = CPINCH + —^-f;- 

AI An 

Ymwij + oYmwnj 

j j 

S, Sj Si Sn 

YmwijCu — Ymwij Cpinch + Y^J n wijC pinch + 0Y] m wnj Cpinch 
_ _j_ _ j_ _ j_ _ i_ _ 

Si Su 

Y™wij + oYmmij 
j j 

Si S/i ^ 

+ O'Y/ 11 wiij C pinch 

_ _j_ _ i _ 

Si ^ Sn^ 

Y mw u y'Yj nwn J 

j j 

= r 

'-'mean,in 


(26.33) 
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Equation 26.33 proves that the mean inlet concentration of all the 
streams treated is equal to the targeted inlet concentration. 

Summarizing the above discussion gives the following design 
rules, which must be observed to achieve the treatment flowrate 
target. 

Design Rule I. If wastewater streams start above the pinch con¬ 
centration, then all of the flowrate of all of these streams must be 
treated. 

Design Rule II. If wastewater streams start at the pinch concen¬ 
tration, then these streams are partially treated and partially 
bypass the effluent treatment. 

Design Rule III. If wastewater streams start below the pinch 
concentration, then all of these streams bypass the treatment 
process completely. 

Design Rule II is dictated by the mass balance. The amount of the 
wastewater streams from Group II to be treated can be calculated 
from: 


niwu = 


Am-p — Anici 
C pinch — C ou , 


(26.34) 


where 


s, 

Amci = X - Ce) (26.35) 

i 


These three basic rules create a segregation policy to ensure that the 
target is achieved in design. 

If the effluent treatment involves multiple treatment processes, 
as shown in Figure 26.61, then the same basic approach can be 
followed as for single treatment processes. The problem is decom¬ 
posed, as shown in Figure 26.61. This provides the target and the 
basis of the design. Each treatment process has its own pinch and 
the network design for each can be developed separately. The 
network designs are then simply connected together (Kuo and 
Smith, 1998b). 


Example 26.9 Consider again Example 26.8. The target for 
the three streams in Table 26.8 was determined to be 60t-h _1 . 
This corresponded both with a treatment process achieving 
10 ppm at its outlet and also one with a removal ratio of 95%. 
Design an effluent treatment network to achieve the target 
of 60t h _1 . 

Solution To achieve the target in practice requires that the 
starting concentrations relative to the pinch be first identified. 
The pinch is at 100 ppm and Stream 1 starts above the pinch. 
Stream 2 starts at the pinch and Stream 3 starts below the pinch. 
Thus, Stream 1 must be completely treated, Stream 2 partially 
treated and partially bypassed and Stream 3 totally bypasses the 
effluent treatment. The question remains as to how much of Stream 
2 goes through the effluent treatment and how much bypasses. If 
Stream 1 with a flowrate of 40t h _1 must go through the effluent 
treatment and the target for effluent treatment is 60t h _1 , then 
20th~ 1 from Stream 2 must go through the effluent treatment 



Figure 26.63 

Design structure for Example 26.9. 


process. Figure 26.63 shows the design structure for the effluent 
treatment, together with the flowrates. 


The design to achieve the target is therefore a matter of 
following three simple rules. It is worth highlighting a few points 
though. First, streams starting at the pinch must be partially treated 
and partially bypassed in order to achieve the target. This splitting 
of the stream, while it is necessary to solve the problem as posed, is 
often not acceptable in practice. It provides design complexity in 
the need to split the stream. Also, regulatory authorities often find 
such an arrangement to be unacceptable, even though it solves the 
problem according to their regulations. Environmental regulations 
often have requirements for criteria such as best practice or best 
environmental option. It is therefore often considered to be not the 
best environmental practice to partially treat a stream. If part of the 
stream needs to be treated, then why not the whole stream? If the 
partial bypass is eliminated and all of the flow for the stream 
starting at the pinch is fed through the treatment process, then the 
performance of the system will exceed that of the regulatory 
requirements. While this might seem to be a drawback in small 
systems, in practice it is not such a problem. In practice, rather than 
dealing with three streams, it is likely that the number of streams 
from a site might be of the order of 100 or more. In this situation, 
changing perhaps one stream that is at the pinch to fully go through 
the treatment process, rather than partially bypass, will have a very 
small effect on the overall system performance (Smith, Petela and 
Howells, 1996). 

Another point regarding the design process is the effect of the 
streams that are already below the environmental limit. In practice, 
for a large site, many of the streams will already be below the 
environmental limit. These are dealt with as shown in Figure 26.60. 
In design terms, these should not be treated, but bypassed along 
with all other streams below the pinch concentration (Smith, Petela 
and Howells, 1996). 


26.14 Regeneration of 
Wastewater 


The basic principle of regeneration was introduced in Figure 26.2. 
Regeneration is a treatment process but is applied with the 
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Table 26.10 

Water-using data for a problem requiring the use of regeneration. 


Stream 

number 

Limiting water 
flowrate (t-h -1 ) 

C- 

'-'in 

(ppm) 

f out 

(ppm) 

Contaminant 
mass flowrate 
(gh- 1 ) 

1 

20 

0 

200 

4000 

2 

50 

too 

200 

5000 

3 

30 

too 

400 

9000 


objective of reusing or recycling the water, rather than discharge to 
the environment. Regeneration of wastewater is most likely to be 
economic if: 

• it allows process materials to be recovered; 

• it substitutes investment in treatment for discharge by taking up 
part of the effluent load, as well as reducing the overall demand 
for water; 

• limits are being imposed on fresh water consumption. 

Consider the data in Table 26.10 for three water-using operations. 
It is desired to minimize the consumption of fresh water and 
generation of wastewater. A regeneration process is available 
with a performance that can achieve an outlet concentration of 
5 ppm. 

Start by considering the performance of the system for reuse 
only. Figure 26.64 shows that the target for reuse only turns out to 
be 60 t-h -1 . For targeting regeneration reuse. Figure 26.65a shows 
a simplistic approach to targeting (Wang and Smith, 1995a). Fresh 
water is taken into the process, in this case at Oppm, and in 
Figure 26.65a used to a concentration of 200 ppm. Water with 
this concentration then enters a regeneration process that decreases 


C (ppm) 



Figure 26.64 

Target for the data in Table 26.10 for reuse only. 


its concentration down to 5 ppm. If it is assumed that the flowrate of 
water from the regeneration process is the same as fed to the 
regeneration process, then the water can be used after regeneration 
to complete the process. Because the flowrates of water before and 
after regeneration are the same, the slopes of the fresh water and 
regenerated water lines are the same. The target is obtained by 
moving the fresh water and regenerated water lines in parallel to 
achieve the steepest slope against the limiting composite curve. In 
this case, it corresponds with a flowrate of fresh water and 
regenerated water of 30.4 t-h -1 . It should be noted in 
Figure 26.65a that the profile for the fresh water line crosses the 
limiting composite curve. However, this is still feasible as the 


C(ppm) C(ppm) 



(a) Targeting for regeneration reuse, 


(b) Targeting for regeneration recycling. 


Figure 26.65 

A simple approach to target fot regeration reuse and regeneration recycling. 
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composite of the fresh water and regenerated water lines does not 
cross the limiting composite curve. In Figure 26.65a the fresh water 
has been used up to 200 ppm, which is the pinch concentration, 
before being fed to the regeneration process. It can be shown that 
for many problems regeneration at the pinch concentration mini¬ 
mizes the consumption of fresh water (Wang and Smith, 1995a). 
However, feeding the regeneration at pinch concentration does not 
always lead to the minimum flowrate of fresh water for regenera¬ 
tion reuse (Bai, Feng and Deng, 2007). 

If regeneration recycling is to be used, then a simplistic target¬ 
ing is illustrated in Figure 26.65b (Wang and Smith, 1995a). In this 
case, if recycling is to be allowed, then the minimum flowrate of 
fresh water is fed to the system, dictated by the slope of the limiting 
composite curve at low concentrations. At 200 ppm this enters the 
regeneration process where it is reduced in concentration to 5 ppm. 
To match against the limiting composite curve, the regenerated 
water line needs to be increased in flowrate in order to match 
against the limiting composite curve, 20 t h“ 1 for this example. The 
difference in flowrates between the fresh water line and the 
regenerated water line are reconciled by recycle of some of the 
water after regeneration, as illustrated in Figure 26.65b, 21 t-h -1 in 
this example. Again, it has been chosen to feed the regeneration 
process at the pinch concentration of 200 ppm in order to achieve 
the minimum flowrate. However, feeding the regeneration at pinch 
concentration does not always lead to the minimum flowrate of 
fresh water for regeneration recycling (Feng, Bai and Zheng, 
2007). 

The simplistic approach to targeting for regeneration reuse and 
regeneration cycling in Figure 26.65 has two fundamental draw¬ 
backs. First, the shape of the limiting composite curve dictates the 
optimum concentration at which to feed the regeneration process. 
In many cases, this is the pinch concentration, but it might be higher 
or lower than pinch concentration (Bai, Feng and Deng, 2007; 
Feng, Bai and Zheng, 2007). Second, any approach based on a 


construction like the one in Figure 26.65 will most often require 
operations to be split with one part being fed by fresh water and 
another by regenerated water in the design (Wang and Smith, 
1995a). Such an operation splitting is most often impractical. 

A better approach is to divide the operations into two groups. 
One group consists of the operations that must be fed by fresh 
water. The second group consists of operations that can be fed by 
regenerated water (Kuo and Smith, 1997). The grouping strategy 
depends on whether it is desirable to include or avoid recycling. 
Take first the case of regeneration reuse, in which no recycling is 
allowed. 

Figure 26.66 gives a simple algorithm to provide an initial 
grouping for problems exploiting regeneration reuse in which recy¬ 
cling is to be avoided (Kuo and Smith, 1997). The initial grouping is 
such that the streams are first divided into those that require a lower 
concentration than the regeneration can achieve, and those that can 
accept a concentration greater than regeneration can achieve. In 
Figure 26.66, some of the operations that can accept a concentration 
greater than regeneration can achieve are also put to fresh water, such 
that the balance of the mass loads between fresh water and regenera¬ 
tion water below the reuse pinch in Figure 26.66 is as evenly 
distributed as possible. In this example, from the data given in 
Table 26.10, Operation 1 must be fed with fresh water. It is then a 
matter of deciding whether Operations 2 and 3 are fed by fresh water 
or regenerated water. The mass loads below the reuse pinch are: 

Stream 1 4000 gh _1 
Stream 2 5000 g-lT 1 
Stream 3 3000g-h _1 

Given that Operation 1 belongs to the fresh water group, then an 
arrangement with Operations 1 and 3 in the fresh water group and 
Operation 2 in the regenerated water group balances the mass loads 
below the reuse pinch as evenly as possible. 


Divide Operations Into Two Groups 



Requiring Water With l.ower 
Concentration than Regeneration Can 
Achieve 


Can Accept Inlet Concentration Greater 
Than Regeneration Can Achieve 



Fresh Water Regenerated Water 


Figure 26.66 

Algorithm to provide an initial grouping for regeneration reuse. 
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iw 

35 th' 1 


<X> 


Regeneration 


WW 
25.6 t h' 
WW 

9,4 th*' 


Figure 26.67 

The targets for the data from Table 26.10 for regeneration reuse exploiting 
a regeneration process with an outlet concentration of 5 ppm. 


This arrangement is shown in Figure 26.67. The streams being fed 
by fresh water (Operations 1 and 3) are used to construct a limiting 
composite curve. For these two streams the target fresh water is 
35 t-h -1 . Only Operation 2 is included in the group using regenerated 
water and the target for regenerated water starting at 5 ppm is 
26.6 t-h -1 . Given that the target for fresh water of 35 t-h -1 is greater 
than the target for regenerated water of 26.6 t-h -1 , some of the water 
from the exit of Operations 1 and 3 goes directly to effluent, the 
remainder being regenerated and used in Operation 2. While 
Figure 26.67 provides an initial grouping, there is sometimes scope 
to improve the targets through migration of streams from the fresh 
water group into the regenerated water group and vice versa. This 
scope to improve arises from the fact that there are now two pinches 
for the system: the pinch for fresh water and the pinch for regenerated 
water. In some problems, exploiting the interactions between the 
pinches allows the targets to be improved. There are three basic 
approaches to refine the grouping of streams by such migration: 


1) A conceptual approach based on the fresh water and regenera¬ 
tion pinches (Kuo and Smith, 1997) 

2) A combinatorial search 

3) Mixed integer programming (Gunarantnam et al., 2005). 


In fact, in this simple example there is no scope to improve the 
targets by migration and the final target is that given in 
Figure 26.67. Design to achieve the target uses exactly the 
same water network design procedures as described so far but 
carried out separately on the two groups of streams. The two 
designs are then connected together via a regeneration process to 
comply with the outline flow diagram shown in Figure 26.67. 
Figure 26.68 shows a design for regeneration reuse. Compared 
with a fresh water target for reuse only of 60 t-h -1 , regeneration 
reuse allows the fresh water to be reduced to 35 t-h -1 . 

As with regeneration reuse, the objective of regeneration recy¬ 
cling is to divide the water-using operations into two groups, those 
requiring fresh water and those requiring regenerated water (Kuo 
and Smith, 1997). Figure 26.69 presents an algorithm to provide 
initial grouping for regeneration recycling (Kuo and Smith, 1997). 
This time the algorithm is as simple as dividing the streams into 
those that require water with a lower concentration than regenera¬ 
tion can achieve and those that can accept a concentration greater 
than regeneration can achieve. The targets based on this initial 
grouping are shown in Figure 26.70. Again, there is sometimes 
scope to improve the initial targets by migration. This again arises 
from the fact that there are two pinches in the problem, and the 
interactions between the two pinches can in some cases 
be exploited. In contrast to regeneration reuse, however, the migra¬ 
tion will only move streams from regenerated water on to fresh 
water in order to reduce regenerated water costs (Kuo and Smith, 
1997). This migration again can be based on a conceptual approach 
(Kuo and Smith, 1997), a combinatorial search or mixed integer 
programming (Gunarantnam et at, 2005). Once the final targets 
have been accepted, design is a matter of designing the network for 
the two groups separately and then joining the two designs together 
via the regeneration process and the recycle. The final design to 
achieve the target is given in Figure 26.71. The target for fresh water 
consumption is now reduced to 20 t-h -1 , in contrast with 35 t-h -1 for 
regeneration reuse and 60 t h -1 for reuse only. 



Figure 26.68 

Design for regeneration reuse for the problem in Table 26.10. 
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Divide Operations Into Two Groups 



Requiring Water With Lower 
Concentration Than Regeneration Can 
Achieve 



Can Accept Inlet Concentration Greater 
than Regeneration Can Achieve 


Fresh Water 


Regenerated Water 


Figure 26.69 

Algorithm to provide initial grouping for generation recycling. 


C (ppm) 



Figure 26.70 

The targets for the data from Table 26.10 for regeration recycling exploiting a regeneration process with an outlet concentration of 5 ppm. 



Figure 26.71 

Design for regeneration recycling for the problem in Table 26.10. 
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26.15 Targeting and Design 
for Effluent Treatment and 
Regeneration Based on 
Optimization of a 
Superstructure 

As with the case for water minimization, the graphical methods 
used for effluent treatment and regeneration have some severe 
limitations. As before, multiple contaminants, constraints, piping 
and sewer costs, multiple treatment processes and retrofit are all 
difficult to handle. To include all of these complications requires an 
approach based on the optimization of the superstructure. 

Figure 26.72 presents a superstructure for the design of an 
effluent treatment system involving three effluent streams and 
three treatment processes (Kuo and Smith, 1998b). The super¬ 
structure allows for all possibilities. Any stream can go to any 
effluent process and potential bypassing options have been 
included. Also, the connections toward the bottom of the super¬ 
structure allow for the sequence of the treatment processes to be 
changed. To optimize such a superstructure requires a mathemati¬ 
cal model to be developed for the various material balances for the 
system and costing correlations included. Such a model then 
allows the superstructure to be optimized and a final design 
obtained, as shown in Figure 26.72. The advantages of the super¬ 
structure approach are that targeting for large complex problems is 
facilitated, the design process is automated, it provides a design as 
well as a target, constraints can be readily included, piping and 
sewer costs can be included and the cost trade-offs explored (Galen 


and Grossmann, 1998; Gunarantnam et al., 2005). The major 
disadvantage of the approach is that the optimization is more 
difficult than the corresponding optimization for water reuse. The 
general problem is nonlinear and the best approach is to provide an 
initial solution for the nonlinear optimization via a simplified linear 
model (Galen and Grossmann, 1998; Gunarantnam et al., 2005). 

A disadvantage of the automated approach based on the 
optimization of a superstructure is that conceptual insights are 
lost. However, as with the case of optimization of water reuse 
networks, graphical representations based on concentration versus 
mass load can be constructed from the output of the optimization. 
The actual concentrations from the design are used to plot the 
effluent composite curve and the composite of the effluent treat¬ 
ment processes. This can be done on a single component basis, as 
illustrated in Figure 26.73. Figure 26.73 shows the output from an 
optimization involving the treatment of two contaminants. The 
composite treatment line involves multiple treatment processes 
and pinches with the effluent composite curve for Contaminant A. 
Also shown in Figure 26.73 is the corresponding representation for 
Contaminant B. The effluent composite curve is different. Also, the 
composite treatment line shows some interesting features. First, it 
is not pinched. Second, the composite treatment line extends 
beyond the effluent composite curve. This indicates that Contami¬ 
nant B has been overtreated. This presumably has arisen as a result 
of a necessity to fulfill the discharge requirements for Contaminant 
A. Contaminant A and B are treated simultaneously in the various 
treatment processes and Contaminant A was obviously limiting in 
this particular problem. 

A further option for treatment processes is that, rather than used 
for effluent discharge, they can be used for regeneration of waste- 
water for reuse or recycling. In principle, any treatment process can 


Superstructure 


Final Design 




Figure 26.72 

Superstructure for the design of an effluent treatment process with three streams and three treatment processes. 
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Note possible overtreatmcnt 

(b) Contaminant B. 


Figure 26.73 

Plots of composition versus mass load can be developed from the output of an optimization calculation. 



Figure 26.74 

A superstructure allowing for a treatment process to be used for either regeneration or discharge. 


be used for effluent discharge or wastewater regeneration. 
Figure 26.74 shows a superstructure for two operations and a 
single treatment process (Gunarantnam et al ., 2005). The super¬ 
structure allows for all of the basic reuse options between Opera¬ 
tions 1 and 2, together with the use of the treatment process for 
regeneration reuse or regeneration recycling. Alternatively, the 
same treatment process can be used for treatment and discharge of 
effluent. In this way, the analyses for reuse only, regeneration 
reuse, regeneration recycling and effluent treatment for discharge 
can all be examined simultaneously by the optimization of the 
superstructure in Figure 26.74. 


26.16 Data Extraction 

When considering heat exchanger network design, the important 
issue of data extraction was highlighted, as lost opportunities can 
result from poor data extraction in heat exchanger network design. 
Similarly, there are fundamental issues associated with data 
extraction for the design of water systems. 

1) Water balance. Before an existing system can be studied from 
the point of view of water consumption and effluent treatment, 
the first step must be to establish a water balance. For a new 
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design, this is a question simply of extracting the information 
relating to water streams from the flowsheets and material and 
energy balance for the processes on a site and the associated 
utility systems. However, it is rarely the case that the designer is 
faced with a completely new site. The most common situation 
is retrofit of an existing site, with all of the existing units in 
place, or the addition of new units to an existing site, or 
shutdown of units that modifies the basic site configuration. 
The objective could be to meet changes in the site load through 
addition or shutdown of units, improve the existing environ¬ 
mental and economic performance or to meet changes in 
environmental regulations. In retrofit situations, it is often 
very difficult to produce a water balance, yet it is a necessity. 
General lack of information, poor records and poor instrumen¬ 
tation mean that it is usually not possible to close a water 
balance to better than 90% accountability. This certainly 
applies to overall sites and will often apply to individual 
processes. A water balance that accounts for at least 90% of 
the water in a process or on a site is a necessary starting point. 

2) Contaminants. The next issue to address is which contami¬ 
nants should be included in any analysis? The answer is, as few 
contaminants as absolutely necessary. Contaminants should be 
lumped together where possible, for example, total organic 
material, salt, suspended solids, total solids, and so on. In some 
instances, it will be necessary to include individual components 
(e.g. phenol), if a particular constraint relating specifically to 
that component must be included. Care should be taken not to 
include contaminants into an analysis simply because analyti¬ 
cal data are available from process outlets. For water reuse 
analysis, contaminants should only be included where there is 
an inlet restriction. A good strategy in developing an analysis is 
to start by assuming that the whole problem can be analyzed 
with a single contaminant, for example, dissolved solids. 
Additional contaminants should then only be added where 
necessary. It should be noted that the methods for studying 
water systems described here are not attempting to simulate the 
water system. All that is of concern at this stage in the design of 
water-using systems is whether the contaminant specifications 
reflect the constraints that allow or prevent reuse or recycling of 
water. For effluent treatment systems, the study can often be 
performed by putting in the most important contaminants 
related to discharge regulations. Of course, when the design 
is completed, it must be checked to make sure that all environ¬ 
mental regulations are complied with. 

3) Flowrate constraints. Some processes require fixed flowrates, 
for example, cooling tower makeup, hosing operations, steam 
ejectors, and so on. In extracting the data, the designer needs to 
identify such flowrate constraints. If the objective of the study is 
to make a major impact in the consumption of fresh water and 
wastewater generation, then it makes sense not to include small 
streams in the analysis. Reuse or recycling of small streams is 
unlikely in most cases to be economic. Only the largest streams 
should be studied. 

4) Data accuracy. Water systems are usually complex and there 
is usually a lack of data for a study. It is important to avoid 
collecting a lot of unnecessary data early in a study. The most 


accurate data requirements will be around the area of the pinch 
and below the pinch for the system. By definition, this is the 
data that is limiting. Therefore, a good approach is to collect 
approximate data first and to carry out a preliminary analysis. 
An initial target and analysis of the data will then reveal where 
the design is most sensitive to data errors. Collecting better data 
in these areas can be carried out to refine the target. This 
approach should avoid collecting too much unnecessary data. 

5) Limiting conditions. When determining the opportunities for 
reuse, regeneration reuse and regeneration recycling, the start¬ 
ing point is the limiting water data that determine the most 
contaminated water acceptable to an operation. But how are 
limiting conditions determined? There is no straightforward 
answer to this and many factors can influence the setting of the 
limiting conditions: 

• judgment and experience, 

• corrosion limitations, 

• maximum solubility, 

• simulation studies, 

• laboratory studies, 

• plant trials, 

• sensitivity analysis. 

Sensitivity analysis is a particularly useful tool when deter¬ 
mining the limiting concentrations. Starting with initial limiting 
conditions, that might well be the existing concentrations, an 
initial target can be set as illustrated in Figure 26.75. The data 
can then be adjusted to increase the inlet concentrations and 
retargeted. It might be that the result is sensitive or insensitive to 
changes in the inlet concentration. Operation 2 in Figure 26.75 
shows that a small increase in the inlet concentration initially 
brings a large reduction in the water requirement. Further 
increases in the inlet concentration gradually bring diminishing 
returns. The point where flowrate becomes insensitive to 
changes in the inlet concentrations should then be examined 
more closely for practicality using simulation, laboratory stud¬ 
ies, and so on. By contrast, large increases in the inlet concen¬ 
tration to Operation 1 only bring a modest reduction in the 
overall flowrate. Carrying out such a sensitivity analysis allows 
the critical design variables to be identified in order that they 
can be studied more closely. 

6) Treatment data. When carrying out a study of an effluent 
treatment system, as with a water reuse study, as few contami¬ 
nants as possible should be included. Again, contaminants 
should be lumped together where possible, for example, sus¬ 
pended solids, COD, BOD 5 . When studying the performance 
of an existing biological treatment process, great care should be 
exercised if a mixed effluent from different processes is being 
treated. For example, suppose a site has an existing biological 
treatment unit that has an existing performance that removes 
90% of the COD. Suppose now that this performance is no 
longer acceptable and an increase in the performance is 
required, either on COD removal or individually nominated 
contaminants. Additional capacity could be added to the 
biological treatment unit, distributed-treatment applied 
upstream, or waste minimization applied at source (see 
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Figure 26.75 

Sensitivity analysis to determine the limiting conditions. 


Chapter 27). It might be extremely deceptive simply to 
assume that the existing performance of the biological 
treatment can be improved by adding extra capacity. It might 
be that when the performance of the treatment on the 
individual effluents from the different processes is examined 
more closely, the effect is quite different on the different 
effluent streams. It might be that some effluent streams, 
because the contaminants are easily digested, are treated 
almost completely in the biological treatment unit. Other 
effluents from other processes might be largely unchanged 
by the biological treatment, because the materials are refrac¬ 
tory. In other words, some effluent streams are overtreated, 
others are undertreated and the overall effect is to give a 
removal ratio for COD of 90%. Such situations can occur on 
chemical processing sites involving a diverse range of 
chemical processes. To study an improvement in the system 
for such circumstances would require the effluent to be 
broken down into different categories of COD, depending 
on the origin, rather than just an overall COD. Each process 
would be given a COD category characterized by how 
effective the biological treatment was on that effluent. To 
identify how the individual streams are degraded requires 
biological digestion tests to be carried out on the individual 
streams (e.g. BOD 5 ). The relative rates of digestion can then 
be modeled to give the overall removal ratio of the mixed 
effluent in the existing biological treatment unit. The options 
of waste minimization at source, pretreatment or additional 
biological treatment capacity can then be evaluated with 
greater confidence. 

7) Environmental limits. Each site will have environmental 
discharge limits specified by regulatory authorities. These 
might relate to concentrations, total load (i.e. total kilograms 
of contaminant discharged) or a combination of both. It is 
usual to have the major contaminants specified as 


concentrations (especially BOD 5 and COD). Given environ¬ 
mental discharge limits or consent limits from the regulatory 
authorities, it would be a bad practice to design precisely for 
those concentrations. The problem is, as with steam systems, 
water systems are almost never at steady state. Upset condi¬ 
tions cause surges in both the concentration and volume of 
effluent. For example, effluent is often collected in effluent 
pits until the pit is full, when the control system starts a pump 
and empties it. This causes both an increase in the flowrate 
and the concentration of the effluent. Given the dynamic 
nature of water systems, it is good practice to design for 
discharge concentrations significantly below the consent 
limits. Design for 60% of the consent limit is usually 
reasonable to allow for upset conditions. 

26.17 Water System 
Design - Summary 

Increasing awareness regarding the problems of overextraction 
of water and increasingly strict discharge regulations mean that 
water systems must be designed to be more efficient than in the 
past. Water consumption and wastewater generation can be 
reduced through reuse, regeneration reuse and regeneration 
recycling. 

Distributed effluent treatment requires that a philosophy of 
design be adopted that segregates effluent for treatment, wherever 
appropriate, and combines it for treatment, where appropriate. 
Various primary, secondary and tertiary treatment processes are 
available to achieve the required discharge concentrations. 

Maximum water reuse can be identified from limiting water 
profiles. These identify the most contaminated water that is 
acceptable in an operation. A composite curve of the limiting 
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water profiles can be used to target the minimum water flowrate. 
While this approach is adequate for simple problems, it has some 
severe limitations. A more mathematical approach using the 
optimization of a superstructure allows all of the complexities 
of multiple contaminants, constraints, enforced matches, capital 
and operating costs to be included. A review of this area has been 
given by Mann and Liu (1999). 

Creating a composite of the effluent streams and matching a 
treatment line against this composite curve, with an appropriate 
specification, can target the minimum flowrate of effluent to be 
treated. Targeting and design for simple problems is straightfor¬ 
ward. Regeneration of wastewater requires that the streams for 
regeneration be separated into two groups: those that require fresh 
water and those that require regenerated water. Various methods 
are available to divide the operations into two groups. Targeting 
and design for effluent treatment and regeneration can be based on 
the optimization of a superstructure. 

Water systems can be very complex to study and potentially 
require an enormous amount of data if a whole site is to be studied. 
Understanding the data requirements more fully can prevent 
collection of unnecessary data and avoid missed opportunities. 

26.18 Exercises 

1. A process involves four water-using operations as detailed in 
Table 26.11. 

a) Sketch the limiting water composite curve for the opera¬ 
tions for fixed mass load. 

b) Target the water flowrate for reuse only for fixed mass 
load. 

c) Generate the grid diagram and design the water-using 
operation network to achieve the target for fixed mass load. 

2. Four operations in a process are required to be supplied with 
water. Table 26.12 gives the maximum inlet and outlet 
concentrations for the water and the mass load of contamina¬ 
tion in each operation. 

a) If freshwater with no inlet contamination is used in each of 
the four processes, calculate the total water requirements 
in MT 1 . 


Table 26.12 

Limiting water data for Exercise 2. 


Operation 

Cin^nax (PPm) 

Coutjnax (PPUl) 

Mass load 
(kgh- 1 ) 

1 

0 

400 

16 

2 

200 

400 

16 

3 

200 

1000 

32 

4 

700 

1000 

6 


b) If water is reused up to its maximum potential, calculate 
the corresponding water requirements in t h _1 for fixed 
mass load and generate the grid diagram and design the 
water-using operation network to achieve the target. 

3. Consider a water-using network with a single contaminant. 

The limiting data for the problem are given in Table 26.13. 

a) Construct the limiting water composite curve and target 
minimum fresh water for fixed mass load without Opera¬ 
tion 4. 

b) Target the minimum fresh water and wastewater flowrate 
for maximum reuse for fixed mass load considering all 
operations. 

c) Design a network for fixed mass load to achieve the target. 
There is one constraint to designing a water network. 
Water from only Operation 1 can be reused for other 
operations. Show the design steps and represent the water 
network as a conventional flowsheet. 

4. Design a water network for the data in Table 26.13 to 

maximize water reuse, but constraining the operations to 

operate at fixed flowrates: 

a) When local recycling around operations is acceptable. 

b) When local recycling around operations in not acceptable. 

c) Suppose water for Operation 4 is a cooling tower makeup. 
There are several process changes that could reduce the 
water requirement for cooling tower operation. Suggest 
process changes. 


Table 26.11 Table 26.13 

Limiting water data for Exercise 1. Limiting water data for Exercise 3. 


Operation 

Limiting 

water 

flowrate 

(th -1 ) 

Cinjnax (PPm) 

( ’out.max (ppm) 

1 

20 

0 

300 

2 

46 

100 

300 

3 

14 

100 

600 

4 

40 

400 

600 


Operation 

r 

^ in,max 

(ppm) 

r 

'-'out,max 

(ppm) 

Limiting 

water 

flowrate 

(th- 1 ) 

Flowrate 
loss (t h -1 ) 

1 

0 

100 

30 

- 

2 

25 

100 

50 

- 

3 

50 

200 

40 

- 

4 

70 

- 

10 

10 
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Table 26.14 

Limiting water data for Exercise 5. 


Operation 

r. 

^ in, max 

(ppm) 

( 'oul.rnai 

(ppm) 

nir 

(gh- 1 ) 

Limiting 

water 

flowrate 
(t h- 1 ) 

Water 

loss 
(t h- 1 ) 

1 

0 

100 

1000 

10 

— 

2 

50 

100 

1000 

20 

— 

3 

too 

400 

6000 

20 

— 

4 

0 

10 

200 

20 

— 

5 

too 

200 

2000 

20 

— 

6 

too 

— 

2000 

20 

20 


5. Consider a water-using network with a single contaminant, 
represented by the COD. The limiting data for the problem are 
given in Table 26.14. 

a) Target the minimum fresh water and wastewater 
flowrates for maximum reuse only for a fixed mass 
load. 

b) Design a network to achieve the target. 

c) Show the design steps and represent the water network as 
a conventional flowsheet. 

6. The effluent data for a plant are given in Table 26.15. For an 
environmental discharge limit of 50 ppm: 

a) Sketch the composite curve for the effluent streams. 

b) Target the treatment flowrate for a fixed outlet concentra¬ 
tion C O£/r =20ppm. 

c) Target for the treatment flowrate removal ratio RR = (C,„ 
-C ou ,)/C in = 0.97. 

d) Determine the stream groups for treatment system design. 

e) Sketch the flow pattern. 

7. A chemical process has three major water-using operations 
that are contaminated mainly by NH 3 . The effluent data are 
given in Table 26.16. 


Table 26.15 

Effluent data for Exercise 6. 




Water flowrate 

Stream 

C (ppm) 

(t h 1 ) 

1 

1000 

20 

2 

600 

53.4 

3 

200 

22.6 


Table 26.16 

Effluent data for Exercise 7. 


Stream 

C (ppm) 

Water flowrate 
(t h- 1 ) 

1 

300 

50 

2 

150 

30 

3 

80 

20 


The effluent streams are currently combined and sent to a 
steam stripper to remove NH 3 from wastewater. The environ¬ 
mental discharge limit for NH 3 is 30 ppm. 

a) Construct the effluent composite curve for this process. 

b) What is the minimum treatment flowrate for the steam 
stripper (removal ratio of steam stripper = 90%)? 

c) Design a distributed-treatment network that achieves the 
minimum treatment flowrate target in Part b. Draw the 
final design as a conventional flowsheet, giving flowrate 
and concentration levels for all wastewater streams. 

d) The steam stripper is used to separate NH 3 from waste- 
water. If the wastewater stream contains NH 3 as well as 
H 2 S, describe process modifications or operating changes 
in the steam stripper that can remove both contaminants. 

8. A water network produces the six effluent streams in 
Table 26.17. The environmental discharge limit for the 
contaminant concentration is 50 ppm. There are two alter¬ 
native treatment processes available on the site, which are 
capable of reducing the contaminant concentration respec¬ 
tively to 20 ppm and 40 ppm (Table 26.18). 

a) Draw the effluent composite curve for the problem and 
determine the targets for each treatment process used 
separately. 

b) Draw the conventional flowsheet for the treatment system 
for each treatment process and determine which option is 
the most economic. 

c) Draw a superstructure for the problem. 


Table 26.17 

Effluent streams for Exercise 8. 


Stream 

Water flowrate 
(t-h- 1 ) 

C (ppm) 

1 

25 

200 

2 

40 

350 

3 

50 

200 

4 

90 

150 

5 

85 

120 

6 

40 

75 


26 
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Table 26.18 

Effluent treatment processes for Exercise 8. 


Treatment 

process 

C„ u , (ppm) 

Unit 

treatment cost 

($-t -1 ) 

Maximum 

flowrate 

capacity 

(t-h" 1 ) 

TP1 

20 

2.25 

700 

TP2 

40 

1.5 

500 


Table 26.19 

Water data for Exercise 9. 


Operations 

C,„ (ppm) 

C„ut (ppm) 

Water 

flowrate 

(t-h" 1 ) 

1 

0 

100 

20 

2 

0 

100 

30 

3 

0 

330 

50 


9. In a country with severe water scarcity, the government has 
placed limits on the amount of fresh water that may be used by 
industry. A company has three main water-using operations. 
In each operation, the water picks up contamination in the 
form of suspended solids (SS). The existing concentrations of 
SS are given in Table 26.19. 

The company has now been told that it must reduce the 
total water demand by at least 10%. Carry out a water 
minimization study to determine the scope for reusing water. 
Discussions with the operations managers have concluded 
that not all the operations need to be fed with fresh water. The 
maximum concentrations that can be tolerated at the inlet of 
the operations are given in Table 26.20. 

a) What is the contaminant mass load and limiting flowrate 
of each operation? Assume that the outlet concentrations 
in Table 26.19 are the maximum allowable ones. 

b) What is the minimum fresh water flowrate that is required 
if water is reused for fixed mass loads? 

c) Can the company achieve the required water reduction by 
reusing water? 

d) Design a network that will achieve the minimum water 
target for fixed mass loads. Draw the final design as a 
conventional flowsheet, giving flows and concentrations 
for all water streams. 

10. Table 26.21 lists the limiting data for a water network. The 
environmental discharge limit for the contaminant is 50 ppm. 
Fresh water is available with a concentration of Opprn. A 
treatment process is available that is capable of achieving a 
contaminant outlet concentration of 20 ppm. 

a) Construct the limiting water composite curve and obtain 
the target for the minimum fresh water flowrate for reuse 
only for fixed mass load. 


Table 26.20 

Maximum inlet concentrations for Exercise 9. 


Operation 

C in j„„ x (ppm) 

1 

0 

2 

50 

3 

30 


Table 26.21 

Water data for Exercise 10. 


Operation 

Limiting 
water flow 
(t-h' 1 ) 

m c (gh J ) 

c 

^ in,max 

(ppm) 

Cout,niax 

(ppm) 

1 

10 

1000 

0 

100 

2 

55 

8250 

100 

250 

3 

40 

4000 

300 

400 


b) Design a water-use network that achieves this target. 
Draw the network as a conventional flowsheet. 

c) From the streams directed to effluent, devise a distributed 
treatment problem. Construct the effluent composite 
curve. Obtain the target for the minimum treatment 
flowrate. 

d) Design a distributed effluent treatment network that 
achieves the minimum treatment target. Draw the network 
as a conventional flowsheet. 

11. The data for five water-using operations are shown in 
Table 26.22. Targeting indicates that the process requires 
80 t-h -1 for reuse only. It is proposed to reduce this target 
by introducing regeneration with a removal ratio of 
0.95. Different stream groupings are to be explored for 
regeneration. In each case, sketch the flow pattern of how 
the water flows would be distributed between the two 


Table 26.22 

Water data for Exercise 11. 


Operation 

Mass load of 

contaminant 

(kgh- 1 ) 

r 

'—in,max 

(ppm) 

6 out.niax 

(ppm) 

Limiting 

water 

flowrate 

(t-h' 1 ) 

1 

8 

0 

200 

40 

2 

5 

100 

200 

50 

3 

6 

100 

400 

20 

4 

6 

300 

400 

60 

5 

8 

400 

600 

40 
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groups. It is not necessary to determine the flow pattern 

within each group. 

a) The streams are divided into two groups for regeneration. 
The first group contains Operations 1 and 2 and the second 
group Operations 3, 4 and 5. Determine the targets for 
fresh water and regenerated water. 

b) An alternative grouping has only Operation 1 in the first 
group with the remainder in the second group. Again, 
determine the targets for fresh water and regenerated 
water. 

c) A third grouping has Operations 1 and 4 in the first group 
with the remainder in the second group. Determine the 
targets for fresh water and regenerated water. 

d) Which group would you recommend? 
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Chapter 27 


Environmental Sustainability in 
Chemical Production 


C hemical processes should be designed to maximize the 
sustainability of industrial activity. Maximizing sustainabil¬ 
ity requires that industrial systems should strive to satisfy human 
needs in an economically viable, environmentally benign and 
socially beneficial way (Azapagic, 2014). Sustainability thus 
has economic, environmental and social dimensions. For process 
design, it is the environmental dimension that is of prime concern. 
However, when addressing the design from the environmental 
dimension, the outcome must still be economically viable. 

Sustainability requires that the boundary of consideration 
should go beyond the immediate boundary of the manufacturing 
facility to maximize the benefit to society and to avoid adverse 
health effects, ecological damage, unnecessary use of materials, 
unnecessarily high burdens on transportation, and to avoid odor 
and noise nuisances. 

One of the prime potential causes of ecological damage is 
environmental emissions from processes. When dealing with envi¬ 
ronmental emissions from processes, there are two approaches: 

1) Treat the emission using thermal oxidation, biological diges¬ 
tion, and so on, to a form suitable for discharge to the environ¬ 
ment, the so-called end-of-pipe treatment. 

2) Reduce or eliminate the production of the emission by increas¬ 
ing the efficiency of raw materials, energy and water use, also 
referred to as waste minimization. 

The problem with relying on end-of-pipe treatment is that once 
waste has been created, it cannot be destroyed. The waste can be 
concentrated or diluted, its physical or chemical form can be 
changed, but it cannot be destroyed. Thus, the problem with 
end-of-pipe effluent treatment systems is that they do not so 
much solve the problem but move it from one place to another. 
For example, aqueous solutions containing heavy metals can be 
treated by chemical precipitation to remove the metals. If the 
treatment system is designed and operated correctly, the aqueous 
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stream can be passed on for further treatment or discharged to the 
receiving water. But what about the precipitated metallic sludge? 
This is usually disposed of to landfill (Smith and Petela, 1991a). 

Environmental sustainability requires that emissions be 
reduced or eliminated by increasing the efficiency of use of raw 
materials, energy and water. However, environmental sustainabil¬ 
ity has broader dimensions than simply avoiding emissions. For 
chemical process design, processes should make use of materials of 
construction that depletes as little as practicable the reserves of 
scarce materials of construction. This applies particularly to the use 
of exotic materials of construction that make use of rare metals. 
The equipment installed should create as little waste as possible 
from maintenance. Process raw materials should be used as 
efficiently as is economic and practicable, both to prevent the 
production of waste that can be environmentally harmful and to 
preserve the reserves of manufacturing raw materials as much as 
possible. Processes should use as little energy as is economic and 
practicable, both to prevent the build-up of carbon dioxide in the 
atmosphere from burning fossil fuels and to preserve the reserves 
of fossil fuels. Water must also be consumed in sustainable 
quantities that do not cause deterioration in the quality of the 
water source and the long-term quantity of the reserves, particu¬ 
larly aquifers. Aqueous and atmospheric emissions must not be 
environmentally harmful and solid waste to landfill must be 
eliminated wherever feasible. 

To direct a process design to maximize the sustainability of 
industrial activity requires that its location, construction and 
decommissioning, its feeds and products, its waste streams, and 
its connection to the transportation and wider industrial infra¬ 
structure be considered in terms of the whole life cycle of the 
process. 

27.1 Life Cycle 
Assessment 

Life cycle assessment (LCA) is a cradle-to-grave analysis of a 
product, process or service that evaluates all upstream and down¬ 
stream resource requirements and environmental impacts (Curran, 
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1996; Guinee, 2002; Azapagic and Perdan, 2011). Whilst in 
principle LCA can consider a range of different product options, 
here it will be assumed that the product has been fixed and the 
manufacture of that product is the focus of the LCA. The assess¬ 
ment should start with the extraction of the raw materials from 
natural resources. In principle, different raw materials and process 
routes can be used for the same product. The various transforma¬ 
tions of the raw materials are followed through to the manufacture 
of the final consumer product, the distribution and use of the 
product, recycling of the product (if this is possible) and finally to 
its eventual disposal. Each step in the life cycle uses resources and 
creates waste. Resource utilized and waste generated by transpor¬ 
tation and the manufacture and maintenance of processing equip¬ 
ment should also be included. 

LCA assesses the environmental aspects and potential impacts 
associated with a process by: 

• Compiling an inventory of materials of construction, manufac¬ 
turing raw materials, energy and water inputs and environ¬ 
mental releases 

• Evaluating the potential environmental impacts associated with 
the inputs and releases 

• Interpretation of the results to improve the sustainability of the 
process. 

An LCA involves four components, known as phases: 

1) Goal and scope definition. The first step is to define the 
purpose of the study and establish the system boundaries by 
defining what will be included in the analysis and what will be 
excluded. If the boundary is too wide, then the time and effort 
needed to collect information on the inputs and outputs and 
perform the analysis will be considerable. On the other hand, 
defining the boundary too narrowly can create an underestimate 
of the true life cycle impacts. It is necessary to keep the LCA 
manageable, but also comprehensive enough to capture the 
main environmental impacts. 

2) Inventory analysis. A life cycle inventory quantifies require¬ 
ments for materials of construction, process raw materials, 
energy and water, and quantifies atmospheric emissions, aque¬ 
ous emissions, and solid wastes for the entire life cycle of the 
process, including plant construction and decommissioning. 
The life cycle inventory provides the basis for evaluation and 
comparison of environmental impacts or any potential 
improvements. 

Once the boundaries of the analysis have been established, a 
flow diagram can be developed. Unit processes inside of the 
system boundary link together to form a life cycle picture of the 
required inputs to and outputs from the whole system, including 
construction and decommissioning. Particular attention should 
be paid to the use of materials of construction that use rare 
elements. Decommissioning should as much as possible 
emphasize the use of process components or recycling of 
materials of construction. Decommissioning should also 
account for the reuse of, or disposal of, the process inventory 
after production has ceased. 

Each subsystem within the boundary requires inputs of 
materials, energy, water and should include transportation of 


raw materials and resources. Outputs from each subsystem are 
products, byproducts, atmospheric emissions, aqueous emis¬ 
sions and solid wastes and should include transportation of the 
outputs. 

a) Raw materials and products. Raw material inputs to each 
subsystem should account for energy, water and transpor¬ 
tation associated with the extraction of the raw materials and 
delivery to the point of use. Products and byproducts are 
valuable outputs. Byproducts are process outputs that are 
not the main focus of the production, but have value and 
are not classified as wastes. The resource use, energy and 
water consumption, and emissions must be allocated to the 
products and byproducts. Waste byproducts must be 
assessed in terms of their environmental impacts, including 
the reuse or disposal of the process inventory as part of 
decommissioning. 

b) Energy. Energy input included in the inventory in the first 
instance considers direct process energy use and transpor¬ 
tation. Transportation energy is the energy required for 
transportation such as pipelines, trucks, rail cars, barges and 
ships. Energy input beyond the primary combustion of the 
fuel needs also to be included, as the energy used in fuel 
combustion is only part of the total energy input. Indirect 
energy or precombustion energy accounts for the energy 
used to extract fuel (e.g. mining coal, drilling for oil), to 
process the raw fuel into usable fuels and to transport the 
fuels to the point of use. Indirect energy is the total energy 
necessary to deliver a usable fuel to the point of use. For 
example, indirect energy for fuel oil should account for oil 
exploration and production, refining and transporting the 
fuel oil to the point of use. Only through inclusion of the 
indirect energy contributions can the life cycle energy 
demand of the system be fully accounted for. 

Import of electricity from centralized power generation 
might involve coal, natural gas, oil, waste-to-energy, 
nuclear power, hydropower, solar, wind power or geo¬ 
thermal energy to generate electricity. The fuel mix associ¬ 
ated with the various power generation sources feeding the 
electricity grid needs to be weighted to obtain a mean value 
for the sources feeding the power grid. Inefficiencies that 
must be accounted for include both the inefficiencies in the 
individual power generation cycles and the transmission 
losses. Some sources of power generation involve combus¬ 
tion of fossil fuels, others do not. The contribution from the 
non-fossil-fuel sources can be accounted for as their fossil 
fuel equivalency. For example, nuclear fuel indirect energy 
for nuclear power includes the energy for mining and fuel 
processing, as well as the increased energy associated with 
building the power plant relative to other power station 
designs. 

c) Water. Water input to the inventory measures the amount of 
water withdrawn from all sources. The input water incor¬ 
porated into the products and byproducts, or evaporated, 
must also be accounted for in the input. Aqueous output to 
the environment should include those amounts still present 
in the waste stream after wastewater treatment, and 
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represent actual discharges into receiving waters. The most 
commonly reported aqueous pollutants are biological oxy¬ 
gen demand (BOD), chemical oxygen demand (COD), 
suspended solids, dissolved solids, hydrocarbon, phenol, 
nitrates and phosphates, but many other measures are 
relevant depending on the circumstances. 

d) Atmospheric emissions. Output of emissions to atmosphere 
should be accounted for as discharges to the atmosphere after 
passing through emission control devices. Some emissions, 
such as fugitive emissions from pump, compressor and valve 
seals, pipe joints and storage areas, will not pass through 
control devices before release to the environment, but still must 
be included. Typical atmospheric emissions include particu¬ 
lates, volatile organic compounds (VOCs), oxides of sulfur, 
oxides of nitrogen, carbon monoxide and carbon dioxide. 
Atmospheric emissions from the production and combustion 
of fuel for process or transportation energy, as well as the 
process emissions, are included in the life cycle inventory. 

e) Solid waste. For solid wastes a distinction needs to be made 
between industrial solid wastes and consumer solid wastes, as 
they are generally disposed of in different ways. Industrial 
solid waste is the solid waste generated during the production 
of a product (including its packaging if appropriate) and is 
typically divided into two categories: process solid waste and 
fuel-related solid waste. Fuel-related solid waste includes 
mineral extraction wastes, fuel processing solid wastes, resid¬ 
ual ash from the combustion of solid fuels and solids collected 
from air pollution control devices. If included in the boundary 
of the analysis, consumer solid waste includes both the 
product and its packaging once it has met its intended use 
and is discarded to the municipal solid waste system. 

3) Impact assessment. Impact assessment evaluates the potential 
human and ecological impacts and resource depletion from the 
use of materials, energy and water, and releases to the environ¬ 
ment identified in the inventory analysis. Examples of impacts 
might be contribution to global warming from the release of 
greenhouse gases or eutrophication of receiving water from the 
discharge of nitrates and phosphates. 

a) Definition of impact categories. Impacts are the conse¬ 
quences caused by the input and output streams from the 
inventory on human health, the environment or the future 
availability of natural resources. Table 27.1 lists impact 
categories commonly used in LCA. The impact categories 
are quantified in terms of equivalents ( eq .) of the mass of 
a reference species (Azapagic and Perdan, 2011). For 
example, the global warming potential of an emission of 
greenhouse gases is quantified as a mass flow of kilograms 
of CO 2 equivalents. 

b) Classification. Classification translates the resource use and 
emissions to the environment to the appropriate impact 
category. For example, carbon dioxide emissions might be 
classified to the global warming impact category. On the 
other hand, oxides of nitrogen might be classified to photo¬ 
chemical smog formation, acidification and eutrophication. 

c) Impact characterization. Impact characterization uses fac¬ 
tors to characterize the impact of inputs and outputs of 


different species from the inventory into a single representa¬ 
tive indicator. Impact indicators are typically characterized by: 

Impact indicator = Characterization factor 

X Quantity of input or output 

In order to compare the impact of different species as a 
single factor, different species are expressed as the equiv¬ 
alent of a reference species. Table 27.1 gives examples of 
impact indicators (Azapagic and Perdan, 2011). Data for 
impact indicators can be obtained from various databases. 

For example, all greenhouse gases can be expressed in 
terms of their global warming potential (GWP) using carbon 
dioxide as a reference. The GWP of a species compares the 
global warming of the species with that for the same mass of 
carbon dioxide. Carbon dioxide thus has a GWP factor of 1, 
and this is assumed not to change with time. The effect of 
other greenhouse gases on the environment changes 
through time and an average value is calculated over a 
specified time, usually 20. 100 or 500 years. For example, 
the GWP factor for methane is 86 for a 20-year time horizon 
and 34 for a 100-year time horizon. The reference period for 
the assessment of global wanning environmental impact is 
normally taken to be 100 years. If the 100 year GWP factor for 
methane is 34, this means that 1 kilogram of methane has 34 
times more potential as a global warming agent than 1 
kilogram of C0 2 over a 100-year time horizon. A mixture 
of 1 kilogram of C0 2 and 1 kilogram of methane would then 
have a global wanning potential of 35 kilograms of C0 2 
equivalents for a 100-year horizon. 

d) Normalization. Normalization expresses the different 
impact potentials on a common scale by dividing by a 
selected reference value to allow comparisons across 
impact categories. There are numerous ways a reference 
value can be selected for normalization. One common way 
to normalize is on a per capita basis per year in an area 
defined as global, regional or local. It should be noted that 
normalized data can only be compared within a given 
impact category and not across impact categories. 

e) Grouping. Grouping involves bundling of impact categories 
to final damage groups to better facilitate the interpretation of 
the results. For example, grouping might be according to air, 
aqueous or solid emissions. Alternatively, grouping might 
be according to area (global, regional or local). 

f) Weighting. Weighting assigns weights to the different 
impact categories and resources reflecting their perceived 
relative importance. However, there is no universally cor¬ 
rect way to assign weights. Producing a single weighted 
impact factor assists the screening of options, but the 
interpretation of weighted results must always be viewed 
with caution. Only if one option is better than another option 
in all impact categories can it be interpreted as being clearly 
better in terms of its life cycle assessment. 

4) Improvement analysis. The puipose of a life cycle assessment 
within the development of a process design is to select the 
preferred process option with a life cycle perspective of the 
impacts on the environment and human health. It should be 


27 



784 Chemical Process Design and Integration 


Table 27.1 

Common impact categories (Azapagic and Perdan, 2011). 


Impact category 

Description 

Reference species 

Calculation 

Abiotic resource 
depletion (ADP) of 
elements 

Depletion of metals and 
minerals 

Antimony 

ADP = Y,i ADPiBi (kg Sb eq.) 

ADPj = abiotic depletion of Resource i 

Bi = quantity of Resource i 

Abiotic resource 
depletion (ADP) of 
energy 

Depletion of fossil fuels 

MJ energy 

ADP = '£ i LHV i B i (MJ) 

LHVi = lower heating value of Fossil Fuel i 

Bj = quantity of Fossil Fuel i 

Primary energy demand 
(PED) 

Total use of energy in the life 
cycle, including renewable and 
nonrenewable sources 

MJ energy 

PED = E, LHViB, + E , EFi + Qi + ^ — (MJ) 

r \EFi j IJENCi 

LHVi = lower heating value of Fuel i consumed for heating 

Bi = quantity of Fuel i consumed for heating 

EFj = quantity of electricity consumed that is generated from 
combustion of Fuel i 

Qi = useful heat from cogeneration derived from electricity 
generation from the combustion of Fuel i 
rjEFi = cogeneration efficiency of electricity generation from 
combustion of Fuel i 

ENCi = quantity of electricity consumed that is generated from Non¬ 
combustible Source i (e.g. nuclear, hydro, wind, solar) 
rj E NCi = efficiency of power generation from Non-combustible 

Source i 

Global warming 
potential (GWP) 

Global warming potential of 
greenhouse gases, e.g. CO 2 , 

CH 4 and N 2 0 

Carbon dioxide 

GWP = £. GWPiBi (kg C0 2 eq.) 

GWPi = global warming potential factor of Species i 

Bj = emissions of Greenhouse Gas i 

Stratospheric ozone 
layer depletion potential 
(ODP) 

Potential of emissions of 
chlorofluro-hydrocarbons and 
other halogenated 
hydrocarbons to deplete the 
ozone layer 

Trichloro- 

fluoromethane 

(CFC-11) 

ODP = ODPiBi (kg CFC-11 eq.) 

ODPi = ozone depletion factor for Species i 

Bj = emissions of ozone depleting Species i 

Human toxicity 
potential (HTP) 

Toxicity to humans of species 
release to air, water and soil 

1, 4-Dichloro- 
benzene (1,4-DB) 

HTP = S, HTP Ai B A i + S HTP Wi B Wi 
+ Z)i HTP Si B S i (kg 1,4-DB eq.) 

HTP Ai , HTP Wi , HTPsi = toxicological classification factors for air, 
water and soil 

B Ai , B W i, Bsi = emissions of Species i to air, water and soil 

Eco-toxicity potential 
(ETP) 

Potential for freshwater aquatic, 
marine aquatic, freshwater 
sediment, marine sediment and 
terrestrial toxicity 

1, 4-Dichloro- 
benzene (1,4-DB) 

ETP = E, Ej ETPjjBij (kg 1 , 4-DB eq.) 

ETP = ecotoxicity classification factor of Species i released into 
Medium j (freshwater aquatic, marine aquatic, freshwater 
sediment, marine sediment, terrestrial) 

By = emission of Species i into Medium j 

Photochemical oxidant 
creation potential 
(POCP) 

Potential of VOCs and NO x to 
create photochemical smog 

Ethylene 

POCP = POCPiBi (kg C 2 H 4 eq.) 

POCPj = photochemical oxidant classification factor for Species i 

Bi = emission of Species i participating in the formation of 
photochemical smog 

Acidification potential 
(AP) 

Potential for acid deposition, 
particularly due to emissions of 
SO x , NO x and NH 3 

Sulfur dioxide 

AP=ZiAPiBi (kg S0 2 eq.) 

APi = acidification potential for Species i 

Bi = emission of acidification Species i 

Eutrophication potential 
(EP) 

Potential of nutrients to cause 

overfertilization of water and 
soil and the growth of algae, 
particularly through emissions 
of NOx. NH 4 + , P0 4 3 “, N<V 

Phosphate 

(po 4 3 -) 

EP — Ei EP iBi (kgP0 4 3 -eq.) 

EPi = eutrophication potential for Species i 

Bi = emission of eutrophication Species i 
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used to evaluate opportunities to reduce material, energy and 
water inputs and environmental impacts of the emissions from a 
life cycle perspective. However, there must be a clear under¬ 
standing of the uncertainty and the assumptions used to generate 
the assessment. Choosing different boundaries might change the 
conclusions. Characterization factors must be extracted from a 
database and there is uncertainty regarding the reliability of the 
factors. Thus, life cycle assessment cannot on its own be used to 
choose a design option, but provides additional information to be 
considered when choosing a design option. 

To the process designer, life cycle assessment is useful because 
focusing exclusively on the performance of the process in isolation 
can sometimes create problems elsewhere in the life cycle. The 
designer can often obtain useful insights by changing the bounda¬ 
ries of the system under consideration to be wider than those of the 
process being designed. However, having identified a problem, the 
designer must focus mainly on improvement analysis. 


Example 27.1 A gaseous vent stream with a flowrate of 
1000Nm 3 h _l needs to be released to the environment. The 
gas contains 47% methane, with the balance being an inert gas. 
The methane can be assumed to have a GWP factor of 34 for a time 
horizon of 100 years. The inert gas can be assumed not to make any 
contribution towards global warming. Calculate the global warm¬ 
ing potential of the vent stream for a 100-year time horizon: 

a) If it is released directly to the atmosphere. 

b) If it is combusted in a steam-assisted elevated flare with a 
destruction efficiency of 98%. The steam required for the flare 
is at 2 bar and 140 °C with a flowrate of 500 kg • h“ 1 . The energy 
required to generate the steam can be assumed to be 
2601 kj-kg _1 . The overall steam generation and distribution 
efficiency can be assumed to be 85%. Steam generation can be 
assumed to be from natural gas. Natural gas is required for the flare 
pilot burner with a flowrate of 15 Nm 3 • h“ 1 . The natural gas can be 
assumed to be effectively pure methane with a net calorific value 
of 50 MJ • kg -1 . Any methane that is combusted in the pilot flame 
and the steam generation can be assumed to be completely 
combusted to C0 2 . Other products of combustion will be 
formed in the flare, such as CO and NOx (including N 2 0), but 
these are difficult to estimate and extremely small and will be 
neglected. Any water vapor formed in combustion processes can 
be assumed not to make a contribution towards global warming. 

It can be assumed that the molar mass of a gas in kilograms 
occupies 22.4 m 3 in the vapor phase at standard conditions. 
The molar masses of methane and carbon dioxide are 
16 kg • kmoff 1 and 44 kg • kmoP 1 respectively. 

Solution 

a) Mass flowrate of CH 4 in the vent 

= 1000 X 0.47 X-J-X 16 
22.4 

= 335.7 kg • h _l 

Global warming potential of the vent stream for direct release to 
the atmosphere 

= 335.7 x34 

= 11,413 kg C0 2 equivalents per hour 


b) If the vent is to be released to atmosphere via a steam-assisted 
flare, then there are four sources of contribution to global 
warming. These are the uncombusted methane, the products 
of the vent combustion, products of combustion of the pilot fuel 
and products of combustion from generation of steam for the 
flare steam. Emissions associated with the construction of 
the equipment will be neglected, as will be indirect energy 
emissions. First is the uncombusted methane. 

Mass flowrate of uncombusted methane released for 98% 
destruction 

= 335.7 x0.02 
= 6.714 kgh -1 

For combustion of the methane in the vent: 

CH 4 + 20 2 C0 2 + H 2 0 

Since 1 kmol of C0 2 is formed for each kmol of CH 4 com¬ 
busted, C0 2 formed from combustion of the vent methane 

= 1000 X 0.47x0.98 X-J- 
22.4 

= 20.56 kmol lr 1 
= 20.56 x 44 kg h” 1 
= 904.6 kg-h’ 1 
Pilot gas flowrate 


= 15 X - 


1 


22.4 

= 0.6696 kmol ■ h“ 


If the pilot gas is assumed to be 100% methane and the methane 
is assumed to be completely combusted, then the flowrate of 
C0 2 formed from the pilot 

= 0.6696 X 44 kg h 1 
= 29.46 kg h” 1 


If the fuel to generate the flare steam is assumed to be 100% 
methane, then the CH 4 required to generate the steam with an 
overall efficiency of 85% 


= 2601X500X 

= 30.6 kg h 1 
30.6 . 

= —— kmol ■ h 
16 

= 1.913 kmol h 


1 


x- 


1 


50 x 10 3 0.85 


-i 


C0 2 formed from the generation of the flare steam 

= 1.913x44 
= 84.17 kg • IT 1 

Global warming potential for release to atmosphere from a flare 
stack 


= 6.714 x 34 + 904.6 X 1 + 29.46 x 1 + 84.17 x 1 
= 1,247 kg C0 2 equivalents per hour 
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Flaring of the vent gas reduces the global warming potential of 
the release by 89% relative to direct release. It should also be 
noted for the flare that the uncombusted methane and emissions 
from the pilot fuel and steam generation contribute 27% 
towards the total global warming potential. Flaring should 
only be used for abnormal operation and emergency release. 
Continuous flow of vent gas should be released to atmosphere 
after combustion in a thermal oxidizer. This should reduce the 
global warming potential of the release even further, but for the 
continuous flow only. 

27.2 Efficient Use of Raw 
Materials Within Processes 

Consider improvement analysis with respect to raw materials use 
for the process being designed or modified before considering 
upstream and downstream issues. The efficient use of process raw 
materials both prevents the production of waste that can be 
environmentally harmful and preserves the reserves of those 
raw materials. Consider how the efficiency of use of raw materials 
can be increased for individual processes. 

1) Reducing waste from chemical reactors when recycling is 
difficult 

a) Increasing conversion for single irreversible reactions. If 
unreacted feed material is difficult to separate and recycle, 
it is necessary to force as high conversion as possible. If the 
reaction is irreversible, then the low conversion can be 
forced to higher conversion by a longer residence time in 
the reactor, a more effective catalyst, higher temperature, 
higher pressure or a combination of these. 

b) Increasing conversion for single reversible reactions. The 
situation becomes worse if the fact that unreacted feed 
material is difficult to separate and recycle coincides with 
the reaction being reversible. Chapter 5 considered what 
can be done to increase equilibrium conversion. 

• Excess reactants. An excess of one of the reactants 
can be used as shown in Figure 5.8a. 

• Product removal during reaction. Separation of the 
product before completion of the reaction can force a 
higher conversion, as discussed in Chapter 5. 
Figure 5.6 showed how this is done in sulfuric acid 
processes. Sometimes the product (or one of the 
products) can be removed continuously from the 
reactor as the reaction progresses, for example, by 
allowing it to vaporize from a liquid-phase reactor or 
incorporating a membrane in the reactor to allow it to 
permeate through the membrane. 

• Inert material concentration. The reaction might be 
carried out in the presence of an inert material. This 
could be a solvent in a liquid-phase reaction or an inert 
gas in a gas-phase reaction. Figure 5.8b shows that if 
the reaction involves an increase in the number of 
moles, then adding inert material will increase equi¬ 
librium conversion. On the other hand, if the reaction 
involves a decrease in the number of moles, then inert 


concentration should be decreased (Figure 5.8b). If 
there is no change in the number of moles during 
reaction, then inert material has no effect on equili¬ 
brium conversion. 

• Reactor temperature. For endothermic reactions. 
Figure 5.8c shows that the temperature should be set 
as high as possible, consistent with materials of con¬ 
struction limitations, catalyst life and safety. For exo¬ 
thermic reactions, the ideal temperature is continuously 
decreasing as conversion increases (Figure 5.8c). 

• Reactor pressure. In Chapter 5, it was deduced that 
vapor-phase reactions involving a decrease in the 
number of moles should be set to as high a pressure 
as practicable, taking into account that the high 
pressure might be expensive to obtain through com¬ 
pressor power, mechanical construction might be 
expensive and high pressure brings safety problems 
(Figure 5.8d). Reactions involving an increase in the 
number of moles should ideally have a pressure that is 
continuously decreasing as conversion increases (Fig¬ 
ure 5.8d). Reduction in pressure can be brought about 
either by a reduction in the absolute pressure or by the 
introduction of an inert diluent. 

If the separation and recycle of unreacted feed material is 
not a problem, then squeezing extra conversion from the 
reactor is usually not necessary. 

2) Reducing waste from primary reactions that produce waste 
byproducts. If a waste byproduct is formed from the reaction, 
as for example: 

FEED 1 + FEED 2 -+ PRODUCT + WASTE BYPRODUCT 

(27.1) 

then the waste can only be avoided by different reaction 
chemistry, that is, a different reaction path and possibly 
different raw materials. 

3) Reducing waste from multiple reactions producing waste 
byproducts. In addition to the losses described in Section 2 
above for single reactions, multiple reaction systems lead to 
further waste through the fomiation of waste byproducts in 
secondary reactions. A brief review from Chapters 4 to 6 reveals 
what can be done to minimize waste byproduct formation. 

a) Reactor type. Firstly, make sure that the correct reactor type 
has been chosen to maximize selectivity for a given conver¬ 
sion in accordance with the arguments presented in Chapter4. 

b) Reactor concentration. Selectivity can often be improved 
by one or more of the following actions (Smith and Petela, 
1991b): 

• Use an excess of one of the feeds when more than one 
feed is involved. 

• Increase the concentration of inert material if the 
byproduct reaction is reversible and involves a 
decrease in the number of moles. 

• Decrease the concentration of inert material if the 
byproduct reaction is reversible and involves an 
increase in the number of moles. 

• Separate the product partway through the reaction 
before carrying out further reaction and separation. 
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Figure 27.1 

If feed impurity undergoes a reaction then there is an 
optimum feed purity. (Reproduced from Smith R and 
Petela E.A (1991c) Waste Minimization in the 
Process Industries Part 3 Separation and Recycle 
Systems, Cliem Eng, 513: 24, by permission of the 
Institution of Chemical Engineers.) 


• Recycle waste byproducts to the reactor if by product 
reactions are reversible. 

Each of these measures can, in the appropriate circum¬ 
stances, minimize waste (Figure 5.9). 

c) Reactor temperature and pressure. If there is a significant 
difference between the effects of temperature or pressure 
on primary and byproduct reactions, then temperature and 
pressure should be manipulated to improve selectivity and 
minimize the waste generated by byproduct formation. 

d) Catalysts. Catalysts can have a major influence on selec¬ 
tivity. Changing the catalyst can change the relative 
influence on the primary and byproduct reactions. This 
might result directly from the reaction mechanisms at the 
active sites, or the relative rates of diffusion in the support 
material, or a combination of both. 

4) Reducing waste from feed impurities that undergo reaction. 
If feed impurities undergo reaction, it causes waste of feed 
material, products or both. Avoiding such waste is most 
readily achieved by purifying the feed. Thus, increased 
feed purification costs are traded off against reduced 
raw materials, product separation and waste disposal costs 
(Figure 27.1). 

5) Reducing waste by upgrading waste byproducts. Waste 
byproducts can sometimes be upgraded to useful materials 
by subjecting them to further reaction in a different reaction 
system. An example was quoted in Chapter 14 in which 
hydrogen chloride, which is a waste byproduct of chlorination 
reactions, can be upgraded to chlorine and then recycled to a 
chlorination reactor. 

6) Reducing catalyst waste. Both homogeneous and heteroge¬ 
neous catalysts are used. In general, heterogeneous catalysts 
should be used whenever possible, rather than homogeneous 
catalysts, since separation and recycling of homogeneous 
catalysts can be difficult, leading to waste. Heterogeneous 
catalysts are more common in large-scale processes. How¬ 
ever, they degrade and need replacement. If contaminants in 


the feed material or recycle shorten catalyst life, then extra 
separation to remove those contaminants before entering the 
reactor might be justified. If the catalyst is sensitive to extreme 
conditions, such as high temperature, then some measures can 
help avoid local hot spots and extend catalyst life: 

• better flow distribution, 

• better heat transfer, 

• introduction of catalyst diluent, 

• better instrumentation and control. 

Fluidized-bed catalytic reactors tend to generate loss of 
catalyst through attrition of the solid particles, causing fines to 
be generated, which are lost. More effective separation of 
catalyst fines from the reactor product and recycling the fines 
will reduce catalyst waste up to a point. Improving the 
mechanical strength of the catalyst is likely to be the best 
solution in the long term. 

7) Recycling waste streams directly. Sometimes waste can be 
reduced by recycling waste streams directly. This is the first 
option in Figure 27.2. If this can be done, it is clearly the 
simplest way to reduce waste and should be considered first. 
Most often, the waste streams that can be recycled directly are 
aqueous streams, which, although contaminated, can substi¬ 
tute part of the freshwater feed to the process, as discussed in 
Chapter 26. 

Figure 27.3a shows a simplified flowsheet for the production 
of isopropyl alcohol by the direct hydration of propylene (Smith 
and Petela, 1991c). Different reactor technologies are available 
for the process and separation and recycle systems vary, but 
Figure 27.3a is representative. Propylene containing propane as 
an impurity is reacted with water according to the reaction: 

C 3 H 6 + H 2 0^(CH 3 ) 2 CH0H 

propylene water isopropyl alcohol 

Some small amount of byproduct formation occurs. The 
principal byproduct is di-isopropyl ether. The reactor product 
is cooled and a phase separation of the resulting vapor-liquid 
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Figure 27.2 

Waste minimization in separation and recycle systems. 


(a) Purge Lights 



(h) Purge Lights 



Figure 27.3 

Outline flowsheet for the production of isopropyl alcohol by direct hydration of propylene. (Reproduced from Smith R and Petela E.A (1991c) Waste 
Minimization in the Process Industries Part 3 Separation and Recycle Systems, Chem Eng, 513: 24, by permission of the Institution of Chemical Engineers.) 
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mixture produces a vapor containing predominantly propyl¬ 
ene and propane and a liquid containing predominantly the 
other components. Unreacted propylene is recycled to the 
reactor and a purge taken to prevent the build-up of propane. 
The first distillation in Figure 27.3a (Column Cl) removes 
light ends (including the di-isopropyl ether). The second 
(Column C2) removes as much water as possible to approach 
the azeotropic composition of the isopropyl alcohol-water 
mixture. The final column in Figure 27.3a (Column C3) is an 
azeotropic distillation using an entrainer. In this case, one of 
the materials already present in the process, di-isopropyl ether, 
can be used as entrainer. 

Wastewater leaves the process from the bottom of the 
second column and the decanter of the azeotropic distilla¬ 
tion column. Although both of these streams are essentially 
pure water, they will nevertheless contain small quantities 
of organics and must be treated before final discharge. This 
treatment can be avoided altogether by recycling the waste- 
water to the reactor inlet to substitute part of the freshwater 
feed (Figure 27.3b). If waste streams can be recycled 
directly, this is clearly the simplest method for reducing 
waste. However, most often, additional separation is 
required. 

8) Feed purification. Impurities that enter with the feed inevita¬ 
bly cause waste. If feed impurities undergo reactions, then this 
causes waste from the reactor, as already discussed. If the feed 
impurity does not undergo reaction, then it can be separated 
out from the process in a number of ways, as discussed in 
Section 14.1. The greatest source of waste occurs when a 
purge is used. Impurity builds up in the recycle, and it is 
desirable for it to build up to a high concentration to minimize 
waste of feed materials and product in the purge. However, 
two factors limit the extent to which the feed impurity can be 
allowed to build up: 

a) High concentrations of inert material can have an adverse 
effect on reactor performance. 

b) As more and more feed impurity is recycled, the cost of the 
recycle increases (e.g. through increased recycle gas com¬ 
pression costs, etc.) to the point where that increase out¬ 
weighs the savings in raw materials lost in the purge. 

In general, the best way to deal with a feed impurity is to 
purify the feed before it enters the process. This is the 
second option shown in Figure 27.2. 

Returning to the isopropyl alcohol process from 
Figure 27.3, propylene is fed to the process containing 
propane as a feed impurity. In Figure 27.3, the propane is 
removed from the process using a purge. This causes waste of 
propylene, together with a small amount of isopropyl alcohol. 
The purge can be eliminated if the propylene is purified before 
entering the process. In this case, the purification can be 
achieved by distillation. Examples of where similar schemes 
can be implemented are plentiful. 

Many processes are based on an oxidation step for which 
air would be the first obvious source of oxygen. A partial list 
would include acetic acid, acetylene, acrylic acid, 


acrylonitrile, carbon black, ethylene oxide, formaldehyde, 
maleic anhydride, nitric acid, phenol, phthalic anhydride, 
sulfuric acid, titanium dioxide, vinyl acetate and vinyl chlo¬ 
ride (Chowdhury and Leward, 1984). Because the nitrogen 
in the air is not required by the reaction, it must be separated 
and leave the process at some point. Because gaseous 
separations are difficult, the nitrogen is normally removed 
from the process using a purge if a recycle is used. 
Alternatively, the recycle is eliminated from the design 
and the reactor forced to as high a conversion as possible 
to avoid recycling. The nitrogen will carry with it process 
materials, both feeds and products, and will probably 
require treatment before final discharge. If the air for the 
oxidation is substituted by pure oxygen, then, at worst, the 
purge will be very much smaller. At best it can be elim¬ 
inated altogether. Of course, this requires an air separation 
plant upstream of the process to provide the pure oxygen. 
However, despite this disadvantage, very significant bene¬ 
fits can be obtained, as the following example shows. 

Consider vinyl chloride production (see Example 4.1). In 
the “oxychlorination” reaction step of the process ethylene, 
hydrogen chloride and oxygen are reacted to form dichloro- 
ethane: 

C 2 H 4 + 2HC1 + I0 2 -» C 2 H 4 C1 2 +H 2 0 

ethylene hydrogen oxygen dichloroethane water 

If air is used, then a single pass with respect to each 
feedstock is used and no recycle to the reactor (Figure 
27.4a). Thus, the process operates at near stoichiometric 
feedrates to achieve high conversions. Typically, between 
0.7 and 1.0 kg vent, gases are emitted per kilogram of 
dichloroethane produced (Reich, 1976). If the air is substi¬ 
tuted by pure oxygen, then the problem of the large flow of 
inert gas is eliminated (Figure 27.4b). Unreacted gases can 
be recycled to the reactor. This allows oxygen-based pro¬ 
cesses to be operated with an excess of ethylene, thereby 
enhancing the HC1 conversion without sacrificing ethylene 
yield. Unfortunately, this introduces a safety problem 
downstream of the reactor. Unconverted ethylene can create 
explosive mixtures with the oxygen. To avoid explosive 
mixtures, a small amount of nitrogen can be introduced. 

Since nitrogen is drastically reduced in the feed and 
essentially all ethylene is recycled, only a small purge is 
required to be vented. This results in a twenty- to hundredfold 
reduction in the size of the purge (Reich, 1976). 

9) Elimination of extraneous materials for separation. The 
third option from Figure 27.2 is to eliminate extraneous 
materials added to the process to carry out separation. The 
most obvious example would be addition of a solvent, either 
organic or aqueous. Also, acids or alkalis are sometimes 
used to precipitate other materials from solution. If these 
extraneous materials used for separation can be recycled 
with a high efficiency, there is not a major problem. 
Sometimes, however, they cannot be recycled efficiently. 
If this is the case, then waste is created by the discharge of 
that material. To reduce this waste, alternative methods of 
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Figure 27.4 

The oxychlorination step of the vinyl chloride process. (Reproduced from 
Smith R and Petela E.A (1991c) Waste Minimization in the Process 
Industries Part 3 Separation and Recycle Systems. Chem Eng, 513: 24. by 
permission of the Institution of Chemical Engineers.) 


separation are needed, such as use of evaporation instead of 
precipitation. 

As an example, consider again the manufacture of vinyl 
chloride. In the first step of this process, ethylene and chlorine 
are reacted to form dichloroethane: 

C 2 H 4 + Cl 2 ->C 2 H 4 C1 2 

ethylene chlorine dichloroethane 

A flowsheet for this part of the vinyl chloride process is shown 
in Figure 27.5 (McNaughton, 1983). The reactants (ethylene 
and chlorine) dissolve in circulating liquid dichloroethane and 
react in solution to form more dichloroethane. Temperature is 
maintained between 45 and 65 °C, and a small amount of ferric 
chloride is present to catalyze the reaction. The reaction 
generates considerable heat. 

In early designs, the reaction heat was typically removed 
by cooling water. Crude dichloroethane was withdrawn from 
the reactor as a liquid, acid-washed to remove ferric chloride, 
then neutralized with dilute sodium hydroxide and purified by 
distillation. The material used for separation of the feme 
chloride can be recycled up to a point, but a purge must be 
taken. This creates waste streams contaminated with chlorin¬ 
ated hydrocarbons that are environmentally very damaging 
and must be treated prior to disposal. 

The problem with the flowsheet shown in Figure 27.5 is 
that the ferric chloride catalyst is carried from the reactor with 
the product. This is separated by washing. If a design of 
reactor can be found that prevents the ferric chloride leaving 
the reactor, the effluent problems created by the washing and 
neutralization are avoided. Because the ferric chloride is 
nonvolatile, one way to do this would be to allow the heat 
of reaction to raise the reaction mixture to boiling point and 
remove the product as a vapor, leaving the ferric chloride in 
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Figure 27.5 

The direct chlorination step of the vinyl chloride process using a liquid phase reactor. (From McNaughton KJ, Chem Engg, 1983, Dec 12,1983:54, reproduced 
by permission.) 
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Figure 27.6 

The direct chlorination step of the vinyl chloride process using a boiling reactor eliminates the washing and neutralization steps and the resulting effluents. 
(From McNaughton KJ, Chem Engg, 1983, Dec 12, 1983: 54, reproduced by permission.) 


the reactor. Unfortunately, if the reaction mixture is allowed to 
boil, then there are two problems: 

• ethylene and chlorine are stripped from the liquid phase, 

giving a low conversion; 

• excessive byproduct formation occurs. 

This problem is solved in the reactor shown in Figure 27.6 
(McNaughton, 1983). Ethylene and chlorine are introduced 
into circulating liquid dichloroethane. They dissolve and react 
to form more dichloroethane. No boiling takes place in the 
zone where the reactants are introduced or in the zone of 
reaction. As shown in Figure 27.6, the reactor has a U-leg in 
which dichloroethane circulates as a result of gas lift and 
thermosyphon effects. Ethylene and chlorine are introduced at 
the bottom of the U-leg, which is under sufficient hydrostatic 
head to prevent boiling. 

The reactants dissolve and immediately begin to react to 
form further dichloroethane. The reaction is essentially com¬ 
plete at a point only two-thirds up the rising leg. As the liquid 
continues to rise, boiling begins and finally the vapor-liquid 
mixture enters the disengagement drum. A slight excess of 
ethylene ensures essentially 100% conversion of chlorine. 

As shown in Figure 27.6, the vapor from the reactor flows 
into the bottom of a distillation column and high-purity 
dichloroethane is withdrawn as a sidestream, several trays 
from the column top (McNaughton, 1983). The design shown 
in Figure 27.6 is elegant in that the heat of reaction is 
conserved to drive the separation and no washing of the 
reactor products is required. This eliminates two aqueous 
waste streams, which would inevitably carry organics with 
them, requiring treatment and causing loss of materials. 


It is often possible to use the energy release inherent in the 
process to drive the separation system by improved heat 
recovery and in so doing carry out the separation at little or 
no increase in operating costs. 

10 ) Additional separation and recycling. Once the possibilities 
for recycling streams directly have been exhausted, and 
feed purification and extraneous materials for separation 
eliminated that cannot be recycled efficiently, attention is 
turned to the fourth option in Figure 27.2, the degree of 
material recovery from the waste streams that are left. It 
should be emphasized that once the waste stream is 
rejected, any valuable material turns into a liability as an 
effluent material. The level of recovery for such situations 
needs careful consideration. It may be economic to carry 
out additional separation of valuable material with a view to 
recycling that additional recovered material, particularly 
when the cost of downstream effluent treatment is taken into 
consideration. 

Perhaps the most extreme situation is encountered with 
purge streams. Purges are used to deal with both feed 
impurities and byproducts of reaction. In the previous section, 
reduction of the size of purges by feed purification was 
considered. However, if it is impractical or uneconomic to 
reduce the purge by feed purification, or the purge is required 
to remove a byproduct of reaction, then additional separation 
can be considered. 

Figure 27.7 shows the basic trade-off to be considered, as 
additional feed and product material is recovered from waste 
streams and recycled. As the fractional recovery increases, the 
cost of the separation and recycle increases. On the other hand, 
the cost of the lost material decreases. It should be noted that 
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Optimum 

Recovery 


Figure 27.7 

Effluent treatment costs should be included with raw materials costs when 
traded off against separation costs to obtain the optimum recovery. 
(Reproduced from Smith R and Petela E.A (1991c) Waste Minimization 
in the Process Industries Part 3 Separation and Recycle Systems, Chem 
Eng, 513: 24, by permission of the Institution of Chemical Engineers.) 


the raw materials cost is a net cost, which means that the cost of 
lost material should be adjusted to either: 

a) add the cost of waste treatment for unrecovered material or 

b) deduct the fuel value if the recovered material is to be burnt 
to provide useful heat in a furnace or boiler. 

Figure 27.7 shows that the trade-off between separation and 
net raw materials cost gives an economic optimum recovery. It 
is possible that significant changes in the degree of recovery 
can have a significant effect on costs, other than those shown 
in Figure 27.7 (e.g. reactor costs). If this is the case, then these 
must also be included in the trade-offs. 

It must be emphasized that any energy costs for the 
separation in the trade-offs shown in Figure 27.7 must be 
taken within the context of the overall heat integration prob¬ 
lem. The separation might after all be driven by heat recovery. 

11) Additional reaction and separation of waste streams. Some¬ 
times it is possible to carry out further reaction as well as 
separation on waste streams. Some examples have already 
been discussed in Chapter 14. 

12) Process operations for raw materials efficiency. Many of the 
problems associated with waste from process operations can be 
mitigated if the process is designed for low inventories of material 
in the process. This is also compatible with design for inherently 
safer processes (Chapter 28). Other ways to minimize waste from 
process operation are (Smith and Petela, 1992): 

• Minimize the number of shutdowns by designing for high 
availability. Install more reliable equipment or standby 
equipment. 

• Design continuous processes for flexible operation, for 
example, high turndown rate rather than shutdown. 

• Consider changing from batch to continuous operation. 
Batch processes, by their very nature, are always at 


unsteady state, and thus difficult to maintain at optimum 
conditions. 

• Install enough intermediate storage to allow reworking of 
off-specification material. 

• Changeover between products causes waste since equip¬ 
ment must be cleaned. Such waste can be minimized by 
scheduling an operation to minimize product changeovers 
(see Chapter 16). 

• Install a waste collection system for equipment cleaning 
and sampling waste, which allows waste to be segregated 
and recycled where possible. This normally requires sepa¬ 
rate sewers for organic and aqueous waste, collecting to 
sump tanks and recycle or separate and recycle if possible. 
This was discussed in Chapter 25. If equipment is steamed 
out during the cleaning process, the plant should allow 
collection and condensation of the vapors and recycling of 
materials where possible. 

• Reduce losses from fugitive emissions and tank breathing, 
as discussed in Chapter 25. 

There are many other sources of waste associated with process 
operations that can only be dealt with in the later stages of design, 
or after the plant has been built and became operational. For 
example, poor operating practice can mean that the process oper¬ 
ates under conditions for which it was not designed, leading to 
waste. 

27.3 Efficient Use of Raw 
Materials Between 
Processes 

When considering raw materials efficiency within individual 
processes, it becomes clear that there are often limited options to 
reuse and recycle material. Practical and economic considera¬ 
tions constrain the performance or reactors and separation and 
recycle systems. Once the boundaries of the performance have 
been encountered there is little option other than to consider the 
material not used for products, and byproducts with no com¬ 
mercial value, to be waste. Yet a waste stream from one process 
can be a useful feed to another process. Thus, an improvement 
analysis from the perspective of raw materials must consider 
upstream and downstream processes. 

Many of the products from the chemical industry, such as 
transportation fuels, detergents, soaps and cosmetics, are con¬ 
sumer end products. However, some three-quarters of chemicals 
manufactured are not consumer products, but are used to make 
other products by other parts of the chemical industry. The 
industry uses a wide range of raw materials from crude oil to 
minerals to air. The industry needs to form an integrated network 
of production plants linked by material flows. It is necessary as 
much as possible to use byproducts from an individual process 
that have no direct commercial value as raw material for other 
processes for the efficient use of raw materials and, at the same 
time, minimize the amount of waste and emissions. Maximizing 
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Figure 27.8 

An example of an integrated process network. 


the efficiency of raw materials use and, at the same time, 
minimizing the discharge of process effluents requires process 
networks or integrated chemical clusters to be created involving 
different production processes that reuse and recycle materials 
between the different processes. 

Figure 27.8 shows an example of a process network. The 
process raw material is crude oil. This is first distilled into various 
fractions. However, before the distillation fractions can be used, 
each fraction (with the exception of the residue) must be hydro¬ 
treated by reaction with hydrogen to remove sulfur and nitrogen 
before being transformed into products. In the case of the gas oil, 
this is fed to a hydrocracker, which in addition to removing the 
sulfur and nitrogen also breaks up the larger hydrocarbon mole¬ 
cules into smaller molecules. The hydrogen feed required by the 
hydrotreaters and hydrocracker in Figure 27.8 is generated in a 
steam reformer (see Chapter 5) and is distributed in a hydrogen 
network. The hydrogen network is a distribution system involving 
different purities and pressures of hydrogen. In turn, the hydrogen 
production in the steam reformer requires a feed of natural gas 
supplied from a natural gas network that is also distributed for fuel. 
The nitrogen impurity in the hydrotreater and hydrocracker feed 
streams reacts to NH 3 , which is readily absorbed in water. The 
sulfur impurity reacts to H 2 S, which is collected in an H 2 S network. 


The H 2 S is transformed into elemental sulfur in a Claus Process 
(see Chapter 25) and then to sulfuric acid (see Chapter 5). The 
hydrotreaters and hydrocracker create purge gas steams that 
contain significant amounts of hydrogen, albeit at significantly 
lower hydrogen concentrations than the hydrogen feed. These 
purge streams are normally returned to the hydrogen network for 
reuse in other processes, or potentially upgrading through purifi¬ 
cation such as membranes or pressure swing adsorption (see 
Chapter 9). However, ultimately some gas with low quality needs 
to be rejected from the hydrogen network to a fuel gas system for 
use as fuel in fired heaters and boilers. In Figure 27.8 the light 
naphtha from the crude oil distillation, which is mainly straight- 
chain and branched alkanes, is transformed to alkene (olefinic) 
products in an ethylene process. The heavy naphtha, which con¬ 
tains aromatic compounds and cyclic alkanes as well as straight- 
chain and branched alkanes, is fed to a continuous catalytic 
reformer. The continuous catalytic reformer reacts with the feed 
to increase the aromatic portion of the feed. The reactor product 
from the continuous catalytic reformer is passed to a liquid 
extraction process (see Chapter 9) that separates the aliphatic 
material as raffinate from the aromatic compounds. The aliphatic 
raffinate from the extraction is fed to the ethylene process and the 
mixed aromatics from the extraction is fed to an aromatics complex 
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to be transformed into various pure aromatic products. The pyrol¬ 
ysis gasoline (also known as debutanized aromatic concentrate or 
pygas ) from the ethylene process is hydrogenated to saturate 
various alkene components (which would otherwise cause prob¬ 
lems in the downstream processes) and is then fed to the reformer 
liquid extraction to separate the aliphatic and aromatic compounds. 
The diesel fraction from the crude oil distillation in Figure 27.8 is 
sold as diesel fuel. The gas oil fraction is transformed in a 
hydrocracker into lighter products that are fed to the ethylene 
process, a middle product that is fed to the continuous catalytic 
reformer and a heavy fraction that is sold as diesel. The residue 
from the crude oil distillation in Figure 27.8 is sent to a gasifier (see 
Chapter 25) where the residue is transformed into synthesis gas 
consisting mainly of H 2 and CO, but with quantities of C0 2 , H 2 0, 
CF 14 , H 2 S, COS, N 2 , NH ( and HCN. After cleaning of the gas to 
remove particulates and sulfur, in Figure 27.8 part is used to 
generate electricity in a combined cycle (see Chapter 25) and 
part has its composition adjusted before being transformed into 
methanol. 

Many variations around the arrangement in Figure 27.8 are 
possible. For example, hydrogen for the hydrogen network 
could be produced by the gasification, rather than a steam 
reformer. Different liquid fuels (e.g. jet fuel) can be manufac¬ 
tured. Alternatively, no liquid fuels might be produced and all 
streams used for chemical production. Different chemicals can 
be manufactured. The most important point to be noted from 
the example in Figure 27.8 is that some processes produce 
byproducts that do not have a direct commercial value. These 
are reused or recycled in other processes to be transformed into 
useful products and byproducts with a commercial value. A 
network is created that uses materials in an overall efficient 
way by transforming as much of the raw material as possible 
into useful products and byproducts. Process networks need to 
be designed such that, as much as possible, byproducts from 
processes with no commercial value can be used as feeds to 
other processes. However, there are significant constraints that 
prevent reuse and recycling between different processes, par¬ 
ticularly the reaction chemistry of the receiving process. The 
objective is to ideally transform all of the raw material into 
useful products and byproducts with nothing left over. It is 
clear that the wider the process network envelope, the more 
likely it is to be able to integrate the material flows efficiently. 

Such complex networks as the one in Figure 27.8 need to 
navigate through volatile commercial markets with variations in 
the demand for, and price of, the products and valuable byprod¬ 
ucts. The linking of process material flows links the operation of 
the various processes. Processes can breakdown and require 
shutdown for maintenance. This necessitates the strategic use of 
storage for the intermediate products. The design of process 
networks is therefore challenging from a number of perspec¬ 
tives. Raw materials efficiency should be maximized overall and 
the process network must be designed to be as flexible as 
possible, both to accommodate changes in the market and the 
operability of the various processes. Another problem in creat¬ 
ing process networks is that the network might stretch across the 
boundaries of different companies with the resulting contractual 
complexity. Waste streams from one company finding use in 


another company is sometimes referred to as industrial symbio¬ 
sis or industrial ecology. 

To maximize the sustainability of a manufacturing system 
requires the material flows within and between processes to be 
exploited as efficiently as possible. The whole supply chain, both 
upstream and downstream, needs to be considered to maximize 
sustainability. However, this is not the whole picture and other 
parts of the manufacturing system need to be considered. Energy, 
water and waste treatment also contribute to both the economic and 
environmental impact. This will be considered later in this chapter. 

27.4 Exploitation of 
Renewable Raw Materials 

Rather than use crude oil, natural gas and coal as sources of raw 
materials for the production of chemical products, renewable sources 
of raw materials can be used as an alternative for the production of 
many chemicals. Renewable sources of raw materials can be defined 
to be resources that are replenished on a human timescale. Biomass as 
a renewable source of raw materials can be used for the production of 
many chemicals. Biomass is biological material derived from living 
or recently living organisms and includes the entire biological food 
chain from simple microorganisms to mammals and other animals. At 
the primary level, the production of biomass is driven by the capture 
of sunlight, which is transformed into chemical energy by photo¬ 
synthesis. In the context of renewable sources of raw materials, 
biomass most often refers to plant-based materials and photosynthetic 
microorganisms such as some algae and fungi. To grow, these fonns 
of biomass absorb carbon dioxide from the atmosphere. A non- 
inclusive list of sources of biomass is: 

• wood from forestry or from wood processing, 

• carbohydrate-based crops such as com, sugarcane and wheat, 

• oil-based crops such as palm, rapeseed and canola, 

• high-yield crops grown specifically to be exploited for chemical 
or energy production, including woody crops such as willow or 
poplar and elephant grasses, 

• agricultural residues from harvesting or processing, 

• food waste from food and drink manufacture, 

• consumer food waste, 

• industrial waste from biochemical processing, 

• algae or fungi harvested for chemical or energy production. 

Various processes can be used to convert the biomass to interme¬ 
diate products that can then be used for chemical production: 

1) Fermentation. Fermentation is a biochemical process that 
converts sugars to acids, gases and alcohols. The acids and 
alcohols are useful chemicals. For example, ethanol produced 
from fermentation can be dehydrated to diethyl ether or ethyl¬ 
ene, oxidized to acetaldehyde and on to acetic acid, reacted with 
carboxylic acids to form esters, and so on. 

2) Bioaccumulation. Some microorganisms can exploit biomass 
by consuming it and converting it into oils and/or bioplastics, 
which accumulate inside them. The products can then be 
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harvested directly with some downstream processing. This can 
constitute an effective transformation of biomass to bioplastics 
or to oils. 

3) Anaerobic digestion. As discussed in Chapter 26, anaerobic 
digestion can be used for biochemical conversion of biomass to 
a gas consisting mainly of methane and carbon dioxide. 

4) Photobiological production of hydrogen from algae. Algae 
produce hydrogen under certain conditions. If certain types of 
algae are deprived of sulfur they will switch from the produc¬ 
tion of oxygen, as in normal photosynthesis, to the production 
of hydrogen. 

5) Gasification and synthesis gas conversion. Like coal and 
petroleum residue, biomass can be transformed into synthe¬ 
sis gas consisting mainly of hydrogen and carbon monoxide 
in a gasification process. The hydrogen and carbon mon¬ 
oxide can then be used as the basis of the production of many 
chemicals. The synthesis gas can be reacted to methanol and 
then on to acetic acid, dimethyl ether, formaldehyde, olefins 
(alkenes), and so on. Alternatively, the synthesis gas can be 
reacted to ammonia and then on to ammonium phosphate, 
nitric acid, urea, and so on. Another option is to react the 
synthesis gas to liquid fuels (gasoline, jet fuel and diesel) 
using Fischer Tropsch technology. Thus, synthesis gas from 
gasification can be used as the starting point for an enormous 
variety of chemicals. 

6) Pyrolysis. Pyrolysis is thermal decomposition occurring in the 
absence of oxygen at temperatures higher than 600 °C. The 
products from the pyrolysis are bio-oil, water, char (carbon) 
and a gas consisting mainly of hydrogen and carbon monoxide. 

7) Hydrothermal liquefaction. Both gasification and pyrolysis 
require dried biomass as feed, and the processes occur at 
temperatures higher than 600 °C. Hydrothermal liquefaction 
involves direct liquefaction of biomass to bio-oil in the pres¬ 
ence of water, and perhaps a catalyst. The reaction temperature 
is less than 400 °C. 

8) Transesterification. Diesel fuel (biodiesel) can be produced by 
the transesterification of vegetable oils with short-chain alco¬ 
hols (typically methanol or ethanol). Large quantities of impure 
byproduct glycerol are also produced. 

9) Biosynfining. Biosynfining catalytically converts the triglycer¬ 
ides and/or fatty acids from fats, algae and vegetable oils to a 
synthetic kerosene and synthetic diesel that are rich in alkanes, 
a renewable naphtha and light hydrocarbon gases. The process 
involves three steps. First, the raw feedstocks are treated to 
remove catalyst poisons and water. In the second step, the fatty 
acid chains are deoxygenated and transformed into mainly 
alkanes in a hydrotreater by reaction with hydrogen. In the third 
step the long straight-chain alkanes are hydrocracked to shorter 
branched alkanes. The hydrocracked products fall mainly in the 
kerosene and naphtha boiling range. The naphtha stream and 
light gases can be used as feed to an ethylene process. 

It would be a mistake to assume that just because a source of 

materials is renewable, that this leads to a process that is more 

sustainable. This can only be judged by a full life cycle assessment 

of alternative raw material sources. The production of biomass can 


compete with finite resources for the production of food and creates 
its own discharges to the environment. 

27.5 Efficient Use of 
Energy 

Consider now improvement analysis with respect to energy for the 
process being designed or modified. Later the wider energy net¬ 
work must be considered. The sources of emissions associated with 
energy use in processes are hot utilities (including cogeneration), 
cold utilities and the cooling water system. Furnaces, steam boilers, 
gas turbines and diesel engines all produce emissions as gaseous 
combustion products. These combustion products contain carbon 
dioxide, oxides of sulfur and nitrogen, and particulates (metal 
oxides, unbumt carbon and hydrocarbon), which contribute in 
various ways to the greenhouse effect, acidification and the 
formation of smog. As well as gaseous waste, the combustion 
of coal produces solid waste as ash from combustion and partic¬ 
ulates collected from the flue gas. In addition to gaseous emissions, 
steam generation creates aqueous emissions from boiler feedwater 
treatment. The emissions created by energy use tend to be less 
environmentally harmful than process waste. However, the quan¬ 
tities of energy-related emissions tend to be larger than process 
waste. This sheer volume can then result in greater environmental 
impact than process emissions. 

1) Life cycle energy emissions. When considering energy related 
emissions, it is tempting to consider only the local emissions 
from the process and its utility system (Figure 27.9a). However, 
this only gives part of the picture. The emissions generated 
from central power generation associated with any power 
import are just as much part of the process as those emissions 
generated on-site (Figure 27.9b). Precombustion emissions 
should also be included if data are available. These emissions 
should be included in the assessment of energy related 
emissions: 

Life cycle emissions = [Emissions from on-site utilities] 

+ [Emissions from central power 
generation corresponding with the 
amount of electricity imported] 

— [Emissions saved at central 
power generation corresponding 
with the amount of electricity 
exported from the site] 

+ [Indirect energy emissions] (27.2) 

Cogeneration can make a very significant contribution to 
energy related emissions. Assessing only the local effects of 
cogeneration is misleading. Cogeneration increases the local 
utility emissions. Besides the fuel burnt to supply the heating 
demand, additional fuel must be burnt to generate the power. 
It is only when the emissions are viewed on a life cycle basis 
and the emissions from central power generation are viewed 
that the true picture is obtained. Centralized power stations 
have a poor efficiency of power generation compared to a 
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Figure 27.9 

Local and global emissions. (Reproduced from Smith 
R and Petela E.A (1992b) Waste Minimization in the 
Process Industries Part 5 Utility Waste, Chem Eng, 
523: 32, by permission of the Institution of Chemical 
Engineers.) 


(a) Local Emissions 




cogeneration system. Once the other inefficiencies associated 
with centralized power generation are taken into account, 
such as distribution losses, the gap between the efficiency of 
cogeneration systems and centralized power generation 
widens. 

As an example, consider a process that requires a 
furnace to satisfy its hot utility requirements. Suppose it 
is a state-of-the-art furnace with a thermal efficiency of 90% 
producing 300 kg CO 2 • h“ for each megawatt of heat 
delivered to the process. Power is being imported from 
centralized generation via the grid. If, instead of the 
furnace, a gas turbine is installed, this produces 500 kg 
CC> 2 -h -1 for each megawatt of heat delivered to the 
process, an increase in local emissions of 200 kgC 02 -h _l 
per megawatt of heat. However, the gas turbine also gen¬ 
erates 400 kW of power, replacing that much in centralized 
generation. If the same power was generated centrally to 
supplement the furnace, 450 kg CO 2 ■ h _ would be released 
from centralized generation, giving a life cycle emission of 
750kgCO 2 -h _l for the furnace plus power from the grid 
(Smith and Delaby, 1991). 

2) Fuel switch. The choice of fuel used in furnaces and steam 
boilers has a major effect on the gaseous emissions from 
products of combustion. For example, a switch from coal to 
natural gas in a steam boiler can lead to a reduction in carbon 
dioxide emissions of typically 40% for the same heat released. 
This results from the lower carbon content of the natural gas. In 
addition, it is likely that the switch from coal to natural gas will 
also lead to a considerable reduction in both SO x and NO x 
emissions. Such a fuel switch, while being desirable in reduc¬ 
ing emissions, might be expensive. If the problem is SO x and 
NO x emissions, there are other ways to combat these, as 
discussed in Chapter 25. 

3) Energy efficiency of the process. If the process requires a 
furnace or steam to provide hot utility, then any excessive 
use of hot utility will produce excessive emissions from the 
generation of hot utilities through excessive generation of 


C0 2 , NO x , SO x and particulates. Improved heat recovery 
will reduce the overall demand for utilities and hence reduce 
energy related emissions. Process energy efficiency has been 
discussed in detail in Chapters 17 to 22. 

4) Energy efficiency across processes. Most process heating is 
provided from a steam network involving steam at various 
pressures. The processes on a site are linked to the steam 
network and, as discussed in Chapter 23, can exchange heat 
through the network. Utility steam boilers are normally 
required to supplement any steam generation from waste 
heat in the processes. Typically there are two or three steam 
mains to distribute steam at different pressures around the site. 
Local heating from a fired heater might be required in some 
processes. The steam network is also an integral part of the 
power generation system. 

Site composite curves can be used to represent the site 
heating and cooling requirements thermodynamically, as dis¬ 
cussed in Chapter 23. This allows the analysis of thermal loads 
and levels on the site. Using the models for steam turbines and 
gas turbines allows cogeneration targets for the site to be 
established (Chapter 23). 

Once the energy recovery within and between processes has 
been maximized, there is inevitably low temperature waste heat 
rejected from the site. Petroleum, petrochemical and chemical 
processes cannot use large quantities of low temperature waste 
heat by the nature of their processes. Below 200 °C there is 
limited use for the heat. Below 100 °C there is even less use for 
the heat. However, this is not true of biochemical, food and 
beverage processes, which mostly operate at lower tempera¬ 
tures. To make efficient use of energy across processes requires 
process networks to be designed such that the recovery of 
energy across the network is maximized, in a similar way to the 
recovery of material flows is maximized. The priority must be 
to minimize the waste heat rejection. This has been discussed in 
detail in Chapter 23. 

5) Exploitation of low temperature waste heat. Once waste heat 
rejection has been minimized, rather than reject heat to the 
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environment in cooling towers or air coolers at temperatures in 

excess of 100 °C, options to use the waste heat include: 

a) Boiler feedwater preheating. Boiler feedwater makeup is 
around ambient temperature and low-temperature waste heat 
can be used to preheat the makeup water before being fed to 
the deaerator. This decreases the steam fed to the deaerator 
and in turn the fuel fired in the steam boilers. In addition to the 
preheating of boiler feedwater makeup, condensate return can 
also be preheated before entering the deaerator. If higher 
temperature waste heat is available, the boiler feedwater after 
the deaerator can be preheated before entering the steam 
boilers, which will decrease the fuel fired in the boilers. 

b) Space heating onsite. The site might feature packaging 
areas, warehouses, workshops and offices that require space 
heating. Low-temperature waste heat can be used to substi¬ 
tute steam generated in the steam boilers and electric space 
heating. 

c) District heating offsite. District heating supplies heat, typi¬ 
cally, in the form of hot water to commercial and domestic 
users outside the factory fence. The economic performance 
depends on the capital cost of the distribution system, the 
distance that hot water must be transported and the pumping 
cost for the distribution system. Operation of the system is 
problematic, as the demand for heating will vary with the 
time of the day, day of the week and season of the year. Yet 
chemical manufacturing mostly operates at a relatively 
steady state. Storage of hot water can to some extent 
overcome this problem. 

d) Power generation using condensing turbines. Chapter 23 
considered power generation in steam turbines. Expansion 
in backpressure turbines is preferred, as long as the 
expanded steam has a use for further power generation 
or process heating. Ultimately, if expanded steam has no 
scope for process heating, additional power can be gener¬ 
ated by expansion down to vacuum pressure to a tempera¬ 
ture just above the cooling water temperature. However, the 
wetness of the steam after expansion must be no more than 
around 10%, otherwise it can lead to turbine damage (see 
Chapter 23). The heat from the steam turbine exhaust is then 
rejected to ambient at a temperature slightly above ambient. 

e) Power generation using Organic Rankine and Kalina 
Cycles. Steam is the normal working fluid for the conven¬ 
tional power generation. Steam offers advantages of low 
cost, nonflammability and nontoxicity. However, in the 
case of low-temperature heat sources, steam as a working 
fluid operates at a relatively low efficiency. Replacing steam 
in a steam Rankine cycle as the working fluid with an 
organic fluid in an Organic Rankine Cycle can increase the 
power generation efficiency for low-temperature applica¬ 
tions compared with steam. However, even with an organic 
working fluid, the efficiency is still low. The main challenge 
with the Organic Rankine Cycle is the choice of appropriate 
working fluid (Victor, Kim and Smith, 2013). Aside from 
the working fluid, a significant difference between a con¬ 
ventional Rankine cycle and an Organic Rankine Cycle is 
the machine employed for the expansion of the fluid to 


generate power. A conventional turbine cannot be used and a 
specialized expander device is required to cater for the 
properties of the organic working fluid. Another option is 
the Kalina Cycle. Rather than using steam or an organic 
fluid, the Kalina Cycle uses a binary mixture of ammonia and 
water as the working fluid. The binary properties of the 
mixture produce a nonisothermal evaporation and conden¬ 
sation in the cycle, which can contribute to a higher effi¬ 
ciency as compared with pure working fluids. The 
composition of the mixture of the working fluid in a Kalina 
Cycle can be optimized to suit the heat input and rejection 
temperatures. However, the power generation efficiencies of 
both Organic Rankine Cycles and Kalina Cycles are low for 
a low-temperature heat source (below 200 °C). 

f) Compression heat pumping. Compression heat pumps 
have been described in Section 17.10 and a schematic of 
a simple compression heat pump is shown in Figure 17.36. 
The heat pump absorbs heat at a low temperature in the 
evaporator, consumes power when the working fluid is 
compressed and rejects heat at a higher temperature in 
the condenser. The condensed working fluid is expanded 
and partially vaporizes. The cycle then repeats. The per¬ 
formance of the compression heat pump is measured by the 
coefficient of performance: 


Useful heat output 

COPchp = — -— 

Input energy 


Qcond 

W 


(27.3) 


where COPchp = coefficient of performance of 
compression heat pump (—) 

Qcond = useful heat output from the heat pump 
condenser (W, kW) 

W = power input for the compressor (W, kW) 

Performance depends on the choice of working fluid, the 
efficiency of the compressor and the temperatures of the 
evaporator and condenser. The performance can be pre¬ 
dicted by multiplying the ideal COP (COP of a reversible 
heat pump) by a Carnot efficiency: 


COPchp = = hcHpCOP 

T COND 
— dCHP 77 77. 

1 COND — i EVAP 


(27.4) 


where r\cHP = Carnot efficiency of compression heat 
pump (-) 

T C ond = condenser temperature (K) 

Tevap = evaporator temperature (K) 


The smaller the temperature lift required to make the waste heat 
useful, the more likely the heat pump is to be economic. The 
Carnot efficiency can be predicted by (Oluleye et ah, 2016): 


B 

'Ichp — A + £Op IDEAL — A + B 


Tcond — Tevap 
Tcond 


(27.5) 


where A, B = correlating coefficients given in Table 27.2 
assuming a compressor isentropic 
efficiency of 75% 


27 



798 Chemical Process Design and Integration 


Table 27.2 

Correlating coefficients for mechanical heat pumps (Oluleye, Smith and 
Jobson, 2016). 


Working 

fluid 

Tcond 

(°C) 

Tevap 
range (°C) 

A 

B 

Propylene 

50 

10-40 

0.6705 

-0.4313 


60 

10-50 

0.6391 

-0.4264 


70 

10-60 

0.5913 

-0.3847 


80 

10-70 

0.5110 

-0.2541 

Propane 

50 

10-40 

0.6811 

-0.5107 


60 

10-50 

0.6550 

-0.5290 


70 

10-60 

0.6165 

-0.5254 


80 

15-70 

0.5554 

-0.4697 

i-Butane 

50 

10-40 

0.7230 

-0.5688 


60 

10-50 

0.7108 

-0.5859 


70 

10-60 

0.7024 

-0.6724 


80 

15-70 

0.6871 

-0.7265 


90 

20-80 

0.6663 

-0.7795 


too 

25-90 

0.6375 

-0.8269 


110 

25-100 

0.5861 

-0.7916 

n-Butane 

50 

10-40 

0.7319 

-0.5154 


60 

10-50 

0.7259 

-0.5602 


70 

10-60 

0.7181 

-0.6077 


80 

15-70 

0.7081 

-0.6582 


90 

20-80 

0.6952 

-0.7107 


100 

25-90 

0.6781 

-0.7639 


110 

30-100 

0.6551 

-0.8149 


120 

35-110 

0.6217 

-0.8504 


130 

35-110 

0.5586 

-0.7767 

Chlorine 

50 

10-40 

0.7228 

-0.3337 


60 

10-50 

0.7144 

-0.3261 


70 

10-60 

0.7037 

-0.3167 


80 

10-70 

0.6901 

-0.3035 


90 

20-80 

0.6724 

-0.2837 


100 

25-90 

0.6492 

-0.2526 


110 

30-100 

0.6175 

-0.2022 


(< continued ) 


Table 27.2 (Continued ) 


Working 

fluid 

Tcond 

(°C) 

Tevap 
range (°C) 

A 

B 

Ammonia 

50 

10-40 

0.7267 

-0.4774 


60 

10-50 

0.7132 

-0.4003 


70 

15-60 

0.7006 

-0.3861 


80 

25-70 

0.6932 

-0.4851 


90 

25-80 

0.6628 

-0.3684 


100 

25-90 

0.6294 

-0.282 


110 

25-100 

0.5732 

-0.1195 


120 

25-100 

0.4971 

0.0586 


Equations 27.4 and 27.5 provide a simple model for the 
screening of options. However, once the screening has 
been completed, the model should be verified with a 
detailed simulation. 

g) Absorption heat pump. The basic difference between a 
simple vapor compression refrigeration cycle and an 
absorption heat pump cycle is that the absorption heat 
pump cycle replaces the compressor with a combined 
unit consisting of a generator , an absorber, a pump and 
a throttling valve (Figure 27.10). Increase in the pressure of 
the working fluid is achieved by dissolving the working 
fluid in a solvent, pumping the solution to a higher pressure 
and then stripping the working fluid from the solvent by the 
input of heat. Replacement of the compressor with a pump 
leads to a significant reduction in the power requirements. 
However, the absorption cycle requires a source of heat for 
the stripping and is therefore suited to applications where a 
source of relatively high temperature waste heat is availa¬ 
ble. The basic flow arrangement is shown in Figure 27.10a 
and again in Figure 27.10b in terms of pressure and 
temperature. Fow-temperature waste heat from the process 
is used to vaporize the working fluid (sometimes referred to 
as refrigerant) in the evaporator Qevap- This heat input to 
the evaporator from the process is from a source of waste 
heat. The low-pressure vapor working fluid from the evap¬ 
orator enters the absorber where it is absorbed at low 
pressure in a solution of the working fluid in a solvent. A 
quantity of heat Qabs is released at medium temperature as 
the working fluid vapor is absorbed. This heat should be 
recovered as useful heat. The solution from the absorber at a 
low pressure is then increased in pressure in a pump and 
increased in temperature in an economizer. The solution 
then enters the vapor generator where the working fluid is 
stripped from the solvent at high pressure from the input of 
Qgen from a higher temperature waste heat source. The 
high-pressure solution is cooled in the economizer, 
decreased in pressure and returned to the absorber. The 
working fluid vapor at high pressure and high temperature 
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(b > Pressure-temperature representation of the 
absorption heat pump cycle. 


Figure 27.10 

Absorption heat pumping. 


from the vapor generator is condensed in the condenser by 
the removal of heat Qcond > which should be recovered as 
useful process heat. The liquid working fluid from the 
condenser is expanded in a valve and then enters the 
evaporator where low-temperature waste heat is absorbed 
from the process and the cycle repeats. 

Water can be used as the working fluid (refrigerant) 
with lithium bromide as the solvent (absorbent). Alterna¬ 
tively, ammonia can be used as the working fluid (refrig¬ 
erant) with water as the solvent (absorbent). When 
ammonia-water is used a rectifier may be required after 
the generator. The rectifier is a refluxed cooler, rejecting 
heat to a sink and increasing the concentration of the vapor. 
Other combinations of working fluid and solvent are 
possible. Water-lithium bromide systems are most com¬ 
monly used. The phase equilibrium in the cycle can be 
represented using a Duhring plot in which the boiling point 
of the solution is plotted against that of the refrigerant 
(water). Figure 27.11 shows a Duhring plot for the water- 
lithium bromide system. The temperature of the solution in 
the generator can be represented on the x axis (abscissa) 
with the corresponding condenser temperature represented 
on the y axis (ordinate). The lines on the plot represent fixed 
concentration of the solution. Fixing the generator and 
condenser temperatures thereby fixes the concentration of 
the solution in the generator. Alternatively, fixing the 
generator temperature and the concentration fixes the 
condenser temperature or fixing the condenser temperature 
and the concentration fixes the generator temperature. 
Similarly, the temperature of the absorber can be repre¬ 
sented on the x axis with the corresponding evaporator 
temperature on the y axis. To achieve the required 


temperatures requires the pressures in the cycle to be 
adjusted according to the phase equilibrium. The pressure 
in the condenser (or evaporator) can be fixed by the 
temperature and vapor pressure relation for water. This 
then also fixes the pressure in the generator (or absorber). 

The performance of the absorption heat pump is again 
measured by the coefficient of performance: 

rr . v Useful heat output Q ABS + Q C0ND .. 

cUr AH p =—;-;-= 7,-— 77} - U/.O) 

Input energy Qgen + ^ pump 

where COP AHP = coefficient of performance of 
absorption heat pump (—) 

Qabs = useful heat output from the heat pump 
absorber (W, kW) 

Qcond = useful heat output from the heat pump 
condenser (W, kW) 

Qgen = heat input from the heat pump 
generator (W, kW) 

Wpump = power input for the liquid pump 
(W, kW) 

In most cases the power input from liquid pumping can be 
neglected. A simplified model for the COPahp can again 
be developed on the basis of the ideal COP. For an ideal 
cycle, assuming expansions and pumping are carried out 
reversibly with no energy input or loss, the reversible heat 
pump becomes a reversible Carnot engine in which the 
entropy change in the evaporator and condenser are equal 
(see Dodge, 1944; Hougen, Watson and Ragatz, 1959; 
Smith and Van Ness, 2007): 
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Figure 27.11 

Duhring plot for the water-lithium bromide system. 


Qevap _ Qcond 
Tevap Tcond 


(27.7) 


COP'ahp L = 1 + 


' ABS 
^ GEN 


COND ' 


■ Tevap 


(27.11) 


where Qevap = heat input to the evaporator (W, kW) 
Trvap = temperature of the evaporator (K) 
Tcond = temperature of the condenser (K) 


where COP l A ^ p L = ideal coefficient of performance of 
absorption heat pumps (—) 


For an ideal cycle, the change in entropy for the whole 
system is zero. Thus: 


The actual coefficient of performance is given by: 
COP AH p = r ]AHP COP' A D H E p AL 


Qevap Qgen _ Qabs + Qcond 
Tevap T gen T abs Tcond 


(27.8) 


where T CEN = temperature of the generator (K) 
Tabs = temperature of the absorber (K) 


Combining Equations 27.7 and 27.8: 


— r lAHP 


1 + 



I EVAP 


COND 


~ T, 


(27.12) 


Neglecting the energy input from liquid pumping, for a 
water-lithium bromide system the Carnot efficiency is 
given by (Oluleye, Smith and Jobson, 2015): 


Qgen _ Qabs ^7 9 ) 

Tgen T abs 

An overall energy balance, neglecting the energy input 
from the liquid pumping, gives: 

Qevap + Qgen = Qabs + Qcond (27.10) 

Combining Equations 27.6, 27.7, 27.9 and 27.10 and 
neglecting the energy input from the pump: 


COPahp — Arf AH p + B (27.13) 

where A, B = correlating coefficients given in Table 27.3 
for the water-lithium bromide system 

Equations 27.12 and 27.13 must be solved simulta¬ 
neously to obtain COP A hp ■ These provide a simple model 
for the screening of options, but the model should be 
verified with a detailed simulation once the screening 
has been completed. 
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Table 27.3 

Correlating coefficients for water-lithium bromide absorption heat pumps (Oluleye, Smith and Jobson, 2016). 


Tgen (°C) 

Tevap (°C) 

Tcond — Tabs (°C) 

A 

B 

90 

20 < Tevap <30 

50 

-2.5064 

3.4299 

too 

20 <C Tevap <30 

50 

-0.7448 

2.2099 


30 < Tevap < 40 

60 

-2.9497 

3.7592 

110 

20 < Tevap <30 

50 

-0.5081 

2.0366 


30 < Tevap < 40 

60 

-0.7478 

2.2099 


40 < Tevap <50 

70 

-2.4461 

3.3795 

140 

40 < Tevap <50 

80 

-1.7978 

2.8816 


h) Heat transformers. A heat transformer can also be used to 
increase the temperature of waste heat to a temperature high 
enough to make it useful. The basic flow arrangement is 
shown in Figure 27.12a and again in Figure 27.12b in terms 
of pressure and temperature. The arrangement has the same 
components as the absorption heat pump, but by contrast 
with the absorption heat pump, the condenser and generator 
work at low pressure and the evaporator and absorber work 
at high pressure. Waste heat at an intermediate temperature 
(between the process demand level and the environmental 
level) is supplied to the evaporator and the generator. Useful 
heat at a higher temperature is rejected from the absorber. 
In Figure 27.12, waste heat at an intermediate temperature 
Qgen to be upgraded is input to the generator, which 
vaporizes part of the working fluid from a solution of 
working fluid and solvent. The vaporized working fluid 
flows to the condenser where it is condensed, rejecting heat 


Qcond- The heat rejected from the condenser might be 
recovered usefully as process heat or rejected to the environ¬ 
ment via cooling water or air cooling. The liquid working 
fluid from the condenser is increased in pressure using a 
pump and enters the high-pressure evaporator. The working 
fluid is then vaporized in the evaporator by using a second 
quantity of intermediate temperature waste heat Qevap- The 
vaporized working fluid enters the absorber, where it is 
absorbed by a solution of the working fluid and solvent. The 
heat of absorption increases the temperature of the solution. 
The absorber delivers useful heat Q AB s at a higher tempera¬ 
ture. The solution from the absorber is cooled in the 
economizer and reduced in pressure in a throttle valve 
before entering the generator. The cycle then repeats. 

Overall, the heat transformer has the ability to increase 
the temperature of the solution to above the waste heat 
source temperature, which contrasts with the absorption 
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Figure 27.12 

Heat transformer heat pumping. 
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heat pump where the highest temperature heat is input. The 
use of liquid pumps in the heat transformer means that it 
requires less power to operate than a compression heat 
pump. The input of waste heat is necessary to vaporize the 
working fluid for absorption and to release the working 
fluid from the solvent. 

As with the absorption heat pump, water can be used 
as the working fluid with lithium bromide as the solvent. 
This is the most commonly used system. As with the 
absorption heat pump, the relationship between the 
absorber and evaporator temperatures and the generator 
and condenser temperatures can be represented on a 
Duhring plot, as shown in Figure 27.11 for the water- 
lithium bromide system. Ammonia can also be used as 
working fluid with water as the solvent. Other combina¬ 
tions are possible. 

The performance of the absorption heat transformer is 
measured by the coefficient of performance: 


CQp = Useful heat output = _ Q ^_ 

Input energy Q GEN + Q EVAP + W PUM p 

(27.14) 

Equations 27.7 to 27.10 also apply to the absorption heat 
transformer. Combining Equations 27.14, 27.7, 27.9 and 
27.10, neglecting the energy input from the liquid pump: 

QQpiDEAL _ _ T abs {T evap - Tcond) _ 

AHT T abs (T EV ap — T C ond) + Tcond(Ta B s ~ Tcond) 

(27.15) 

An alternative, but equivalent, form of Equation 27.15 is 
given by: 


COP 'aht L = 


Tabs{Tevap — Tcond) 

Tgen(Tevap ~ Tcond) + T EVA p(T ABS — Tom) 

(27.16) 


Neglecting the energy input from liquid pumping, for a 
water-lithium bromide system the Carnot efficiency is 


given by (Oluleye, Smith and Jobson, 2016): 

COP AHT = U aht COPZt L ( 27 . 17 ) 

COP A ht=A, 1a ht+B (27.18) 


where A, B = correlating coefficients given in Table 27.4 
for the water-lithium bromide 

Equations 27.17 and 27.18 need to be solved simulta¬ 
neously to obtain COP AH t- Again, the model should be 
verified with a detailed simulation once the screening has 
been completed. 

i) Absorption refrigeration. Absorption refrigeration was dis¬ 
cussed in Section 24.11. Absorption refrigeration uses the 
same cycle as the absorption heat pump, but operates across 
ambient temperature to provide refrigeration. This might be 
additional refrigeration capacity for the site or to substitute 
compression refrigeration by utilizing waste heat. Alterna¬ 
tively, cooling can be exported from the site. Like the 
absorption heat pump, the absorption refrigeration cycle 
is suited to applications where a source of relatively high 
temperature waste heat is available for the generator. The 
cycle is the same as that shown in Figure 27.10. Heat is 
absorbed from the process in the evaporator Qevap to 
vaporize the working fluid, which is the refrigeration cool¬ 
ing duty. Heat Q AB s is released at medium temperature as 
the working fluid vapor is absorbed in the solvent. Where 
possible this heat should be exploited as useful heat. 
Otherwise, the heat needs to be released to the environment 
via cooling water or air cooling. The working fluid is 
stripped from the solvent at high pressure from the input 
of Qgen from a high-temperature waste heat source. The 
heat Qcond removed in the condenser might be recovered 
usefully as process heat or rejected to the environment via 
cooling water or air cooling. 

The same working fluids as used in absorption heat 
pumps and heat transformers can also be used in absorption 
refrigeration cycles. Waste heat input should preferably be 
in excess of 90 °C. The water-lithium bromide system can 
be used for cooling down to 5 °C and ammonia-water 


Table 27.4 

Correlating coefficients for absorption heat transformers for 7 ’ cond = 30°C (Oluleye, Smith and Jobson, 2016). 


Tevap CO 

Tabs CO 

Tgen (°C) 

A 

B 

40 

60 < T AB s < 90 

50 < Tgen < 80 

0.6356 

-0.0549 

50 

70 < T abs < 100 

50 < Tgen < 80 

0.6303 

-0.0461 

60 

80 < T abs < 110 

50 < Tgen < 80 

0.6270 

-0.0392 

70 

90<T Ara <120 

50 < T G en < 80 

0.6190 

-0.0305 

80 

100 < T Ans < 130 

50 < T G en < 80 

0.5797 

-0.00704 

90 

120 < T A rs< 140 

60 < T G en < 80 

0.6568 

-0.0407 
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system can be used down to —40°C. The refrigeration 
produced from the waste heat in absorption refrigeration 
can be used for a number of purposes: 

• service new refrigeration duties in a process; 

• substitute a refrigeration duty being serviced by compres¬ 
sion refrigeration to reduce the overall power input; 

• substitute cooling water in a condenser with refrigeration 
to increase material recovery and decrease raw material 
losses; 

• substitute cooling water to cool the inlet gas to a com¬ 
pressor and in the compressor interstage cooling to reduce 
the power input to compression; 

• cool the inlet air to gas turbines to increase the efficiency 
( the exhaust heat from a gas turbine can be used to drive an 
absorption heat pump to cool the inlet air); 

• provide air conditioning to onsite packaging areas, ware¬ 
houses, workshops and offices in hot climates; 

• export cooling offsite in the form of chilled water or 
chilled solutions (e.g. glycol-water, salt-water or alco¬ 
hol-water) at temperatures below 0 °C to provide process 
cooling to neighboring businesses (e.g. food processing); 

• export cooling in the form of chilled water to provide air 
conditioning offsite in hot climates. 

The performance of the absorption refrigeration is 
measured by the coefficient of performance: 

COf„ = UsefUlCOOli " S =-^- (27.19) 

Input energy Q GEN + W PUM p 

Again neglecting the power input from liquid pumping: 

COP AR = = COP AHP - 1 (27.20) 

Ugen 

For waste heat below 100 °C, the most effective way to 
exploit the heat is to heat water for process use in processes that 
require hot water (e.g. food and beverage processes), boiler 
feedwater preheat, space heating onsite and district heating 
offsite. At a higher temperature, say in the range 100°C to 
200 °C, the waste heat can be used to generate additional power 
in an Organic Rankine Cycle or a Kalina Cycle. The cycle 
efficiency depends on the choice of working fluid, the temper¬ 
ature of the heat source and the heat rejection temperature. 
However, with waste heat of 200 °C, cycle efficiency is typi¬ 
cally less than 20%. Heat pumping using vapor compression 
cycles is expensive, both from the point of view of capital cost 
and power requirements. The use of heat transformers reduces 
the power input relative to a vapor compression cycle, but the 
capital cost can be prohibitive. For heat pumping using the 
simple cycles described here, the economic temperature lift is 
normally less than 50 °C. More complex cycles can also be used 
to provide greater efficiency, but still the economic temperature 
lift is normally less than 80 °C. There is no simple solution to the 
exploitation of low temperature waste heat to increase the 
sustainability of operations. Heat recovery must be maximized 
in the higher-temperature operations in order to minimize the 
generation of low-temperature waste heat. Thereafter, the wider 


the horizon for the integration of waste heat, the more likely that 
an efficient use can be found for the waste heat (e.g. district 
heating systems). 

Example 27.2 Figure 27.13a shows part of a site cold com¬ 
posite curve that is being serviced by heating from low-pressure 
steam. Figure 27.13b shows part of a site hot composite curve that 
is being serviced by cooling from cooling water. Cooling water is 
available at 20 °C, to be returned to the cooling tower at 25 °C. 

A source of higher temperature waste heat has also been identified 
in a fired heater flue gas with a temperature of 390 °C. Figure 27.13c 
shows the profile of the stack loss from the fired heater. The heat 
capacity flowrate of the flue gas is 15.974 kW • K -1 . The flue gas 
can be used to generate steam at 160°C from boiler feedwater at 
103 °C. The furnace is using a sulfur-free fuel gas, which allows the 
flue gas to be cooled to 100 °C. Assume the latent heat of steam 
generation is 2087 kj • kg -1 and the enthalpy of water at 160 °C and 
103 °C is 670kJ kg -1 and 432kJ kg -1 respectively. It should be 
noted in Figure 27.13 that the composite curves and the furnace 
stack loss profile have a A T min adjustment of 10 °C incorporated. 
The utility streams are shown at their actual temperatures. It is 
proposed to substitute as much of the current low-temperature 
steam heat as possible with a combination of steam recovered from 
the flue gas and heat pumping part of the heat being rejected to 
cooling water. 

a) Calculate how much steam can be generated from the furnace 
flue gas. 

b) Using the steam generated from the flue gas to substitute the 
existing steam consumption, calculate the power required to 
provide the balance of the low-temperature process heating 
from the output of a compression heat pump, assuming 
ammonia to be used as the working fluid. 

c) Assuming the power is supplied to the compression heat pump 
with a generation efficiency of 40%, calculate how much waste 
heat is created by the generation of the required power. 

d) Rather than use a compression heat pump, it is proposed to use a 
water-lithium bromide absorption heat pump. In principle, the 
heat from the furnace flue gas can be used directly to provide the 
generator heat for the absorption heat pump. However, it is 
more practical to generate steam from the flue gas and use this to 
provide the generator heat. Calculate how much heat can be 
recovered using an absorption heat pump. 

Solution 

a) Assuming the steam generation is pinched at the steam 
generation temperature of 160 °C, heat available for steam 
vaporization 

= 15.974 x (380- 160) 

= 3514kW 

Flowrate of steam 

_ 3514 

~~ 2087 

= 1.684 kg s- 1 

Check whether the boiler feedwater preheat can be accommo¬ 
dated. Heat required for boiler feedwater preheat 


27 
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I P Steam 



Hnthalpy (kW) 

(a) Part of the silo cold composite curve. 



(h) Part of the site hot composite curve. 



(e) Slack loss from a furnace that is a possible heal source. 


Figure 27.13 

Heat sink and heat sources for a site heat recovery problem. 


= 1.684 x (670-432) 
= 401 kW 

Total heat for steam generation 

= 3514 + 401 
= 3915 kW 


Heat available in the flue gas cooling down to 103 °C 

= 15.974 x (380- 103) 

= 4425 kW 

Thus, the flue gas can generate 1.684 kg • s -1 saturated steam at 
160 °C. This is shown in Figure 27.14a. 
b) Assuming only the steam generated in the flue gas is used and 
only the latent heat of the generated steam is being used for 
heating, then heating required from the heat pump 

= 8002 -3514 
= 4488 kW 

This is the heat required to be upgraded by the compression 
heat pump, as shown in Figure 27.14b. Calculate the COP 
for the heat pump initially assuming Tqond = 80 °C and 
Tevap = 50 °C. From Equation 27.5 and Table 27.2: 

. , D (Tcond ~ Tevap\ 

Ichp =A + B\ --- 

\ ' COND J 

/353 - 323 

= 0.6932 - 0.4851X - 

v 353 

= 0.6520 

From Equation 27.4: 


COPchp — *!chp 


TCOND 

T COND — TevAP 


= 0.6520 x 


' 353 \ 

353 - 323 ) 


= 7.672 


From Equation 27.4: 


w _ Qcond 
~ COP chp 

_ 4488 
~~ 7.672 
= 585 kW 

Qevap — Qcond ~ W 
= 4488 - 585 
= 3903 kW 


The cooling is shown in Figure 27.14c. 
c) Assuming the power generation efficiency is 40%, the waste 
heat generated by the power for the compression heat pump 


60 

= 585X40 
= 877.5 kW 


This illustrates the point that outside of the site boundary a 
significant amount of waste heat is generated as a result of the 
power imported for the heat pump to reduce the waste heat on 
the site. 
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(a) Hue gas with steam generation. 

I .P Steam 



(b) Site cold composite curve with compression heat pumping. 



Enthalpy (k.\V) 

(c) Site hot composite curve with compression heat pump. 

Figure 27.14 

Heat sink and heat sources with compression heat pumping. 

d) Initially assume T COND =T ABS = 80°C and T EVAP = 50°C. 
The generator temperature might be dictated by the heat 
available in the heat source. However, the operating 
temperatures are constrained by the Duhring plot. 
Crystallization must be avoided. For a steam temperature of 
160°C, then T GEN = 140°C. This allows A7’„„„ = 10°C 
between both the flue gas and the steam generation and the 
steam use and generator. A combination of Tcond = 80 °C and 


Tgen — 140 °C in Figure 27.11 implies a concentration of rich 
solution (absorbent) of 63% in the generator. A combination of 
T E vap = 50 °C and T ABS = 80 °C in Figure 27.11 implies a 
concentration of weak solution of 52% in the absorber. 
Thus, from Figure 27.11 no crystallization will occur. For 
the absorption heat pump from Equation 27.12: 

cop‘ a d h e p al = i + ( i L Teva : — 

\ TGEN J \TCOND ~ TEVAP 

( 353\ f 323 

+ V 413 J y353 — 323 

= 2.564 

From Table 27.3, A = —1.7978 and B = 2.8816 and Equations 
27.12 and 27.13 are given by: 

COP AHP - >i AHP COP IE, H E f L 
= 2.564y AHP 
COP A h P = A t] AHP + B 

= — 1.7978>/ i4HP + 2.8816 

Solving these equations simultaneously gives: 

>1ah P = 0.6606 

Then: 

COP AHP = 0.6606 x COP' AI fp L 
= 0.6606 x 2.564 
= 1.694 

From Equation 27.6, assuming the energy for liquid pumping is 
negligible: 

Qabs + Qcond — COP A h P X Qqen 
= 1.694x3514 
= 5953 kW 

Thus, the heat upgraded is 5953 kW. This just fits against the 
site cold composite curve at 80 °C in Figure 27.13. This leaves 
(8002 - 5953) = 2049 kW from steam heating. 

There are many trade-offs to be explored before the design 
is finalized. In particular, it is clear from Figure 27.14 that a 
higher temperature could have been taken for the evaporator. 
The temperature of the evaporator and condenser and the 
overall heat load in both the compression and absorption 
heat pumps should be varied in an optimization before the 
final design can be fixed. 


27.6 Integration of Waste 
Treatment and Energy 
Sytems 

The waste treatment and energy systems are most often considered 
separately. Yet integration of these systems can increase the 
sustainability of production systems. 


27 
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For a number of waste streams, combustion in a thermal 
oxidizer is the only practical way to deal with them. This is 
particularly true of solid and concentrated waste and toxic wastes 
such as those containing halogenated hydrocarbons, pesticides, 
herbicides, and so on. Many of the toxic substances encountered 
resist biological degradation and persist in the natural environment 
for a long period. Unless they are in dilute aqueous solution, the 
most effective treatment is usually thermal oxidation. Thermal 
oxidizers are also used to dispose of excess sludge from aerobic 
wastewater treatment processes. The excess sludge is typically 
dewatered by filtration or centrifugation, then dried and finally 
thermally oxidized. Depending on the waste being treated, the 
thermal oxidizer may or may not require auxiliary firing from fuel 
oil or natural gas. The various designs of thermal oxidizer for 
gaseous waste were discussed in Chapter 25. The designs dis¬ 
cussed in Chapter 25 are capable of oxidizing both gaseous and 
liquid waste, but are not suited to solid waste. If solid waste needs 
to be oxidized, then two classes are suited to such duties: 

1) Rotary kilns. Rotary kilns involve a cylindrical refractory- 
lined shell mounted at a small angle to horizontal and rotated 
at low speed. Solid material, sludges and slurries are fed at the 
higher end and flow under gravity along the kiln. Liquids can 
also be oxidized. Rotary kilns are ideal for treating solid waste 
but have the disadvantage of high capital and maintenance 
costs. 

2) Hearth thermal oxidizers. This type of thermal oxidizer is 
primarily designed to oxidize solid waste. Solids are moved 
through the combustion chamber mechanically using a rake. 

Thermal oxidizers located on the waste producer’s site can be 
fitted with waste heat recovery systems, usually steam generation, 
which can be fed into the site steam mains. 

Gasification is a flexible process that can turn waste streams 
containing mainly carbon and hydrogen into synthesis gas that can 
be used for power generation (or chemical production). Waste from 
the process site might be supplemented by biomass imported to the 
site for gasification. 

If waste material is concentrated and biodegradable, then the 
use of anaerobic digestion can be used to treat the waste, 
producing methane as a byproduct that can be used in the 
energy system. 

Weak aqueous solutions of organic material that are still too 
strong to be treated by biological treatment can be treated by wet 
oxidation (see Section 26.2). The wet oxidation process can create 
excess heat that can be exploited within the energy system. 

27.7 Renewable Energy 

Renewable sources of energy are ones that are replenished on a 
human timescale. Renewable energy sources include: 

• wind power, 

• hydropower, 

• wave power, 

• tidal power, 


• solar energy, 

• geothermal energy, 

• biomass, bio-oil and biogas. 

Within the boundary of a chemical processing site only biomass, 
bio-oil and biogas can be exploited to make any significant 
substitution of nonrenewable energy sources. Biogas can be 
used as a direct substitute for natural gas in furnaces, gas turbines 
and steam boilers. Bio-oil can be used as a direct substitute for fuel 
oil in furnaces and steam boilers, as can biodiesel. Exploiting solid 
biomass for combustion is more problematic. The use of fluidized- 
bed steam boilers fed with solid biomass was discussed in 
Chapter 23. Solid biomass can also be fed to a gasification process 
to produce synthesis gas that can be used as a fuel (or used for 
chemical production). Solid biomass and fossil fuel sources can be 
combined. For example, the residue feed to the gasification in 
Figure 27.8 could be supplemented with solid biomass. 

Renewable fuels can be used within the boundary of a chemical 
processing site to generate renewable power in combined heat and 
power systems. However, other sources of renewable power, such 
as wind and solar power generation, can normally only make a 
marginal contribution to on-site power generation. Power genera¬ 
tion from renewable sources can be imported to the site to substi¬ 
tute nonrenewable sources. 

Beyond the boundary of a chemical processing site, renewable 
energy can be exploited more fully and integrated with the wider 
energy system across a geographical region. Distributed energy is 
an alternative approach to power generation that refers to local 
generation of electricity, possibly at very much smaller scales than 
traditional centralized electricity production. Power production is 
moved closer to the demand for power. This allows greater use of 
combined heat and power through the use of district heating in 
colder climates. In hotter climates heat rejected from power 
generation can be used to produce chilling through the use of 
absorption refrigeration. Distributed energy systems mainly com¬ 
prise components such as steam boilers, gas turbines, gas engines, 
fuel cells, heat pumps or renewable devices like solar panels and 
wind turbines. Distributed energy could be installed to serve a 
house or building, or gathered in a distributed energy center to 
serve large numbers of residential, commercial and in principle 
industrial consumers. If heat in the form of hot water or steam is 
also produced and distributed through a district heating network, 
the energy generation efficiency of the distributed energy centers 
could be greater than in 85%, representing a significant potential 
for COj emissions reduction when compared with centralized 
power generation. 

Distributed energy can be explored at domestic, commercial 
and industrial levels in an integrated approach to take advantage of 
industrial waste heat already available in a particular geographical 
area. The problem with residential and commercial energy require¬ 
ments though is that they are variable through the time of the day, 
day of the week and month of the year. On the other hand, large- 
scale industrial systems are fairly constant in energy demand. 

Due to varying heat and power demands as well as electricity 
tariffs, the distributed energy center must be flexible enough to 
provide the peak demands. This will depend on the geographic 
location and demand for heating in winter or cooling in summer. 
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This feature creates trade-offs with respect to the selection of 
combined heat and power units. For example, a single unit provides 
economy of scale but might generate electricity only half of the 
year because there is no demand for the heat rejected. Alterna¬ 
tively, several smaller units can be installed, some of which can 
keep running throughout the year. 

27.8 Efficient Use of Water 

The efficient use of water has two dimensions. The first is water use 
within and across processes. The second is related to energy use in 
steam systems and heat rejection in cooling water systems. 

1) Efficient use of process water. Water is used within processes 
for a variety of purposes: 

• reaction medium in chemical reactors (vapor or liquid), 

• solvent in absoiption operations and extraction processes, 

• energy and mass transfer stream in steam stripping, 

• motive fluid in steam ejectors, 

• cleaning and decontaminating medium in equipment wash¬ 
ing and hosing operations, 

• etc. 

Reusing water between these various operations reduces both 
the volume of the freshwater and the volume of wastewater. 
Regeneration reuse increases the quality of water such that it is 
acceptable for further use. Regeneration reuse reduces both the 
volume of the freshwater and the volume of the wastewater, as 
with reuse, but also removes part of the effluent load by 
removing part of the contaminant load that would have to 
be otherwise removed in the final effluent treatment before 
discharge. A third option is where a regeneration process is 
used on the outlet water from the operations and the water is 
recycled. Methods to target and design for these three options 
have been discussed in detail in Chapter 26. 

2) Efficient use of water in steam systems. Figure 23.2 shows a 
schematic representation of a boiler feedwater treatment sys¬ 
tem. If condensate is lost and not returned then this must be 
compensated by makeup with freshwater. This makeup results 
in aqueous emissions: 

a) Wastewater is generated in the deionization process when 
the ion-exchange beds are regenerated with saline, or acid 
and alkaline solutions. 

b) Wastewater is generated from boiler blowdown. The main 
problem with boiler blowdown is that it is contaminated 
with water treatment chemicals. 

c) The lost condensate does not create a direct problem since it 
is likely to be contaminated only with perhaps a few parts 
per million of amines added to prevent corrosion in the 
condensate system. The major problems are indirect. The 
heat loss caused by the condensate loss must ultimately be 
made up by burning extra fuel and the generation of extra 
products of combustion. 

In addition, the loss of condensate also creates a loss of 
energy in the hot condensate that must be compensated by 


combustion of additional fuel. These aqueous emissions and 
heat loss from the steam system can be reduced by increasing 
the percentage of condensate returned. The aqueous emis¬ 
sions can also be reduced by increasing the energy efficiency 
through increased heat recovery, reducing the load on the 
steam system. 

3) Efficient use of water in cooling systems. Any additional heat 
imported into process energy systems as a result of 
inefficiencies in the heat recovery system will lead to that 
additional heat being rejected to cold utility. Such unnecessary 
load on cooling water systems requires additional heat to be 
rejected to the environment and also gives rise to additional 
wastewater generation. Most cooling water systems recirculate 
water rather than using “once-through” arrangements. Water is 
lost from recirculating systems in the cooling tower mainly 
through evaporation but also, to a much smaller extent, through 
drift (see Chapter 24). The build-up of solids is prevented by 
cooling tower blowdown. Cooling tower blowdown is the 
source of the largest volume of wastewater on many sites. 
The blowdown will contain corrosion inhibitors, polymers to 
prevent solid deposition and biocides to prevent the growth of 
microorganisms. Unnecessary load on cooling water systems 
creates unnecessary heat rejection to the environment, water 
makeup and blowdown. Cooling tower blowdown can be 
reduced by improving the energy efficiency of processes 
through increased heat recovery, thus reducing the thermal 
load on cooling towers or by increasing the cycles of concen¬ 
tration (see Chapter 24). Alternatively, cooling water systems 
can be switched to air-coolers, which eliminates the problem of 
makeup water load and emissions of blowdown, but requires 
additional power for the air cooler fans. 

27.9 Sustainability in 
Chemical Production - 
Summary 

Chemical processes should be designed to maximize the sustain¬ 
ability of industrial activity. Maximizing sustainability requires 
that industrial systems should strive to satisfy human needs in an 
economically viable, environmentally benign, and socially bene¬ 
ficial way (Azapagic, 2014). To direct a process design to maxi¬ 
mize the sustainability of industrial activity requires its location, 
construction and decommissioning, its feeds and products, its 
waste streams, and its connection to the transportation and wider 
industrial infrastructure to be considered in terms of the whole life 
cycle of the process. Life cycle assessment (LCA) is a cradle-to- 
grave analysis of a process that evaluates all upstream and down¬ 
stream resource requirements and environmental impacts. The 
boundary of consideration should go beyond the immediate 
boundary of the manufacturing facility. 

Individual processes must as much as possible minimize waste 
production through the efficient use of raw materials. If waste can 
be minimized at source, not only are effluent treatment costs 
reduced but also raw materials costs. 


27 
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Some processes produce byproducts that do not have a direct 
commercial value. A process network needs to be created that uses 
materials in an overall efficient way by transforming as much of the 
raw material as possible into useful products and byproducts. 

Rather than use crude oil, natural gas and coal as sources of raw 
materials for the production of chemical products, renewable 
sources of raw materials can be used as an alternative for the 
production of many chemicals. However, it would be a mistake to 
assume that, just because a source of materials is renewable this 
leads to a process that is more sustainable. This can only be judged 
by a full life cycle assessment of alternative raw material sources. 

When considering energy related emissions, it is tempting to 
consider only the local emissions from the process and its utility 
system. However, the emissions generated from central power 
generation associated with any power import are just as much part 
of the process as those emissions generated on-site. Precombustion 
emissions should also be included if data are available. Improved 
heat recovery will reduce the overall demand for utilities and hence 
reduce energy related emissions. This can be considered both at a 
process and site level. 

The waste treatment and energy systems are most often con¬ 
sidered separately. Yet integration of these systems can increase 
the sustainability of production systems. 

Within the boundary of a chemical processing site only bio¬ 
mass, bio-oil and biogas can be exploited to make any significant 
substitution of nonrenewable energy sources. 

The sustainability of water use can be increased by reuse, 
regeneration reuse and regeneration recycling both within pro¬ 
cesses and across processes. 

27.10 Exercises 

1. A reaction between organic compounds is carried out in the 
liquid phase in a stirred-tank reactor in the presence of excess 
formaldehyde. The organic reactants are nonvolatile in com¬ 
parison with the formaldehyde. The reactor is vented to atmo¬ 
sphere via an absorber to scrub any organic material carried 
from the reactor. The absorber is fed with freshwater and the 
water from the absorber rejected to effluent. The major con¬ 
taminant in the aqueous waste from the absorber is 
formaldehyde. 

a) If the absorption system is kept, how can the volume of 
aqueous waste be reduced from the system? 

b) How might the organic waste to effluent be eliminated? 

2. A chemical manufacturing site has a large aqueous effluent 
flowrate that passes through biological treatment before dis¬ 
charge to a river. Although the outlet concentrations of pollu¬ 
tants from the biological treatment are within permitted limits, 
the temperature at the outlet is too high. The maximum 
temperature permitted for discharge is 30 °C, whereas the 
current outlet is 40 °C. The inlet temperature to biological 
treatment is 36 °C. A temperature rise of 4°C occurs across 
biological treatment. Heat is generated within the biological 
treatment from the reactions but is also lost to the environment 
directly. The longer the residence time in biological treatment. 


the greater the heat loss. It has been proposed to solve the 
problem by installing a cooling tower downstream biological 
treatment. A better solution would be to solve the problem at 
source. 

a) What factors could be changed at the inlet to the biological 
treatment to alleviate the problem? 

b) The processes that create the effluent are batch in nature and 
involve various washing operations at different tempera¬ 
tures. What changes should be sought to solve the problem? 

3. A chemical production site producing a variety of specialty 
chemicals has a problem with its aqueous effluent. The site 
produces aqueous effluent that is currently discharged without 
treatment. The effluent has a high load of organic material and 
has a low pH. The regulatory authorities have demanded a 
reduction in the organic load before discharge of 90%, together 
with neutralization. An effluent treatment system has been 
designed and costed. The treatment system consists of collect¬ 
ing all of the effluent steams together, followed by neutraliza¬ 
tion using lime and then biological treatment. The cost of both 
the neutralization and biological treatment operations are 
proportional to the volume of effluent to be treated. The cost 
of biological treatment also increases with the load of organic 
material. The cost of the treatment system is unacceptable and 
the company is prepared to consider an alternative solution 
based on waste minimization. 

a) The worst effluent stream, in terms of its organic load, 
comes from Operation 1 of Plant A. This effluent is created 
when an organic product is washed free of salts in an 
extraction operation. This is done by mixing the product 
with water in a tank followed by separation of the water 
from the organic product by settling in a decanter. The 
washing operation picks up organic product as well as the 
salts. The salts are extremely soluble, whereas the organic 
product is sparingly soluble. The effluent leaving this 
operation is saturated with organic contaminants, but 
well below saturation for the salts. Taking this operation 
in isolation, what can be done to reduce the effluent volume 
and organic load? 

b) Another operation, Operation 2, in Plant A uses water in a 
cooling circuit. The water is used for condensation of 
organic vapor by direct contact. In this operation, the 
organic vapor is passed through a vessel into which is 
sprayed the cooling water. The resulting two-phase mixture 
is again separated by settling in a decanter. The water 
becomes saturated with organic contaminants and is recir¬ 
culated through a cooling tower. A purge must be taken 
from the cooling circuit, which is sent to effluent. This 
purge is another highly contaminated effluent stream from 
Plant A. What can be done to reduce the effluent from Plant 
A as a whole by integrating Operations 1 and 2? Explain 
what effect your suggestions are likely to have on the 
volume and the load. 

c) Plant B uses water to scrub hydrogen chloride from a vent. 
The resulting water is highly acidic but not contaminated 
with organic material. The other effluents on the site are 
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essentially neutral. Can anything be done to reduce the cost 
of treating the effluent? 

d) Plant C produces an aqueous effluent contaminated with 
organic contaminants. In addition, there is no policy for 
recovery of steam condensate resulting from the use of 
steam for heating. Large quantities of steam condensate are 
sent to drain. There is also a large cooling tower on-site that 
requires a large water makeup to compensate for evapo¬ 
rative losses. The blowdown from the cooling tower is sent 
to drain and contains no organic contaminants. Taking the 
site as a whole, what, in addition to the measures suggested 
so far, can be done to reduce effluent treatment costs? 
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Chapter 28 


Process Safety 


A lthough safety considerations have been left until late in this 
text, they should not be left to the final stages of the design. 
Consideration has been left late here to allow the many issues in 
process design that have an impact on safety to be dealt with first. 
Safety considerations must be embedded from the very beginning 
of a process design. Early decisions made purely for process 
reasons can often lead later to problems of safety, health and 
environment that require complex solutions. It is far better to 
consider safety issues early as the design progresses when making 
the basic process decisions. 

Start by considering the three major hazards in process plant, 
which are fire, explosion and toxic release (Lees, 1989). 

28.1 Fire 

The first major hazard in process plant is fire, which is usually 
regarded as having a disaster potential lower than both explosion and 
toxic release (Lees, 1989). However, fire is still a major hazard and 
can under the worst conditions approach explosion in its disaster 
potential. Fire requires a combustible material (gas or vapor, liquid, 
solid, solid in the form of a dust dispersed in a gas), an oxidant 
(usually oxygen in air) and usually, but not always, a source of 
ignition. Consider now important factors in assessing fire as a hazard. 

1) Flammability limits. A flammable gas or vapor will bum in air 
only over a limited range of composition. Below a certain 
concentration of the flammable gas, the lower flammability 
limit, the mixture is too "lean” to burn. Above a certain 
concentration, the upper flammability limit, it is too “rich” to 
burn. Concentrations between these limits constitute the 
flammable range. 

Combustion of a flammable gas-air mixture occurs if the 
composition of the mixture lies in the flammable range and 
if there is a source of ignition. Alternatively, the combustion 
of the mixture can occur without a source of ignition if the 
mixture is in the flammable range and is heated to its auto¬ 
ignition temperature. 
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The most flammable mixture is usually the stoichiometric 
mixture for combustion. It is often found that the concentrations 
of the lower and upper flammability limits are approximately 
one-half and twice that of the stoichiometric mixture respec¬ 
tively (Lees, 1989; Crowl and Louvar, 1990). 

Flammability limits are affected by pressure. The effect of 
pressure changes is specific to each mixture. In some cases, 
decreasing the pressure can narrow the flammable range by 
raising the lower flammability limit and reducing the upper 
flammability limit until eventually the two limits coincide 
and the mixture becomes nonflammable. Conversely, an 
increase in pressure can widen the flammable range. How¬ 
ever, in other cases, increasing the pressure has the opposite 
effect of narrowing the flammable range (Lees, 1989; Crowl 
and Louvar, 1990). 

Flammability limits are also affected by temperature. An 
increase in temperature usually widens the flammable range 
(Lees, 1989; Crowl and Louvar, 1990). 

2) Limiting (minimum) oxygen concentration (LOC). Whereas 
the lower flammability limit measures the lowest concentration 
that will allow combustion of a vapor-air mixture, sometimes 
inert gas (usually nitrogen, but sometimes carbon dioxide or 
steam) is added to the mixture to prevent combustion. The 
limiting (or minimum) oxygen concentration is the minimum 
concentration of oxygen below which the reaction cannot 
generate enough energy for the mixture (including inerts) to 
allow self-propagation of a flame, independent of the 
concentration of fuel. It is expressed in units of volume 
percent of oxygen in combustible material. The LOC varies 
with pressure and temperature. It is also dependent on the type 
of inert (nonflammable) gas. 

3) Minimum ignition energy. The minimum ignition energy is the 
minimum energy of an ignition source, such as a spark, required 
to ignite a vapor. The value of the minimum ignition energy 
varies widely. A typical value for flammable vapors is 0.025 ml 
(Crowl, 2012). 

4) Autoignition temperature. The autoignition temperature of a 
gas or vapor is the temperature at which it will ignite 
spontaneously in air, without any external source of ignition. 

5) Flash point. The flash point of a liquid is the lowest 
temperature at which it gives off enough vapor to form an 
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ignitable mixture with air. The flash point generally increases 
with increasing pressure. 

6) Limiting oxygen concentration of a dust. The limiting oxygen 
concentration of a dust is the minimum concentration of 
oxygen (displaced by an inert gas such as nitrogen) capable 
of supporting combustion of dust that is dispersed in the 
form of a cloud. A mixture with oxygen concentration below 
the limiting oxygen concentration is not capable of supporting 
combustion and hence cannot support a subsequent dust 
explosion. 

7) Minimum ignition temperature of a dust. The minimum 
ignition temperature of a dust is the lowest temperature at 
which dust that is dispersed in the form of a cloud can ignite. 
The minimum ignition temperature is an important factor in 
evaluating the sensitivity of dust to ignition sources such as hot 
surfaces. Increasing particle size of dust and increasing moisture 
content both increase the minimum ignition temperature. 


28.2 Explosion 

The second of the major hazards is explosion, which has a disaster 
potential usually considered to be greater than fire but lower than 
toxic release (Lees, 1989). Explosion is a sudden and violent release 
of energy. The energy released in an explosion on a process plant is 
either of the following. 

1) Chemical energy. Chemical energy derives from a chemical 
reaction. The source of the chemical energy is exothermic 
chemical reactions or combustion of flammable material 
(dust, vapor or gas). Explosions based on chemical energy 
can be either uniform or propagating. An explosion in a vessel 
will tend to be a uniform explosion, while an explosion in a 
long pipe will tend to be a propagating explosion. For a dust, 
the minimum explosible concentration is the lowest 
concentration in g m -3 in air that will give rise to flame 
propagation on ignition. 

2) Physical energy. Physical energy may be pressure energy in 
gases, thermal energy, strain energy in metals or electrical 
energy. An example of an explosion caused by release of 
physical energy would be fracture of a vessel containing 
high-pressure gas. 

Thermal energy is generally important in creating the condi¬ 
tions for explosions rather than a source of energy for the explosion 
itself. In particular, superheat in a liquid under pressure causes 
flashing of the liquid if it is accidentally released to the atmosphere. 

There are two basic kinds of explosions involving the release of 
chemical energy: 

1) Deflagration. In a deflagration, the flame front travels through 
the flammable mixture relatively slowly. 

2) Detonation. In a detonation, the flame front travels as a shock 
wave followed closely by a combustion wave that releases the 
energy to sustain the shock wave. The detonation front travels 
with a velocity greater than the speed of sound in the unreacted 
medium. 


A detonation generates greater pressures and is more destructive 
than a deflagration. The peak pressure caused by the deflagration of 
a hydrocarbon-air mixture or a dust mixture at atmospheric 
pressure is of the order of 8 to lObar. However, a detonation 
may give a peak pressure of the order of 20 bar. A deflagration may 
turn into a detonation, particularly if traveling down a long pipe. 

Just as there are two basic kinds of explosions, they can occur in 
two different conditions: 

1) Confined explosions. Confined explosions are those that occur 
within vessels, pipework or buildings. The explosion of a 
flammable mixture in a process vessel or pipework may be 
a deflagration or a detonation. The conditions for a deflagration 
to occur are that the gas mixture is within the flammable range 
and that there is a source of ignition. Alternatively, 
the deflagration can occur without a source of ignition if the 
mixture is heated to its autoignition temperature. An explosion 
starting as a deflagration can make the transition into a 
detonation. This transition can occur in a pipeline but is 
unlikely to happen in a vessel. 

2) Unconfined explosions. Explosions that occur in the open air are 
unconfined explosions. An unconfined vapor cloud explosion is 
one of the most serious hazards in the process industries. 
Although a large toxic release may have a greater disaster 
potential, unconfined vapor explosions tend to occur more 
frequently (Lees, 1989). Most unconfined vapor cloud 
explosions have been the result of leaks of flashing flammable 
liquids. The problem of the explosion of an unconfined vapor 
cloud is not only that it is potentially very destmctive, but also that 
it may occur some distance from the point of vapor release and 
may thus threaten a considerable area. The Flixborough disaster 
in the UK in 1974 was caused by the release of flashing 
cyclohexane liquid. This created a flammable vapor cloud that 
resulted in an unconfined vapor cloud explosion, killing 2 8 people 
and seriously injuring 36 out of a total of only 72 people on site. 

If the explosion occurs in an unconfined vapor cloud, the 
energy in the blast wave is generally only a small fraction of 
the energy theoretically available from the combustion of all 
the material that constitutes the cloud. The ratio of the actual 
energy released to that theoretically available from the heat 
of combustion is referred to as the explosion efficiency. 
Explosion efficiencies are typically in the range of 1 to 10%. 
A value of 3% is often assumed. 

The rupture of a vessel containing pressurized liquid can lead 
to a boiling liquid expanding vapor explosion (BLEVE). When 
the vessel ruptures, the pressure preventing the liquid from 
boiling is lost. If the rupture is catastrophic then a large mass of 
liquid will boil instantaneously, causing an extremely rapid 
expansion. Depending on the substance involved, the tempera¬ 
tures and pressure may lead to an explosion. The substance does 
not need to be flammable to create an explosion, as the stored 
energy might be enough to cause an explosion. However, if a 
flammable material is subject to a BLEVE and there is a source 
of ignition, a secondary explosion might be created by the 
primary BLEVE. BLEVEs can be caused by an external fire, 
or chemical reaction overpressurizing a vessel, or from any 
mechanical failure of the vessel. 
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When processing flammable materials, the hazard of an explo¬ 
sion should in general be minimized by avoiding flammable gas-air 
mixtures in the process. This can be done either by changing 
process conditions or by adding an inert material. It is bad practice 
to rely solely on elimination of sources of ignition. 

28.3 Toxic Release 

The third of the major hazards and the one with the greatest 
disaster potential is the release of toxic chemicals (Lees, 1989). 
The hazard posed by toxic release depends not only on the 
chemical species but also on the conditions of exposure. The 
high disaster potential from toxic release arises in situations in 
which large numbers of people are briefly exposed to high 
concentrations of toxic material. However, the long-term health 
risks associated with prolonged exposure at low concentrations 
over a working life also present serious hazards. In the Bhopal 
disaster in 1984, a release of toxic vapor (methyl isocyanate) to 
the air caused the death of approximately 3800 people in the 
immediate aftermath of the release. Subsequently it has been 
estimated that a further 10,000 to 20,000 people have since died 
from gas-related diseases. Even further, many thousands more 
have suffered disabling injuries. 

For a chemical to affect health, a substance must come into 
contact with an exposed body surface. The three ways in which this 
happens are by inhalation, skin contact and ingestion. 

In process design, the primary consideration is contact by 
inhalation. This happens either through accidental release of toxic 
material to the atmosphere or the fugitive emissions caused by slow 
leakage from pipe flanges, valve glands, pump and compressor 
seals. Tank filling also causes emissions when the rise in liquid level 
causes vapor in the tank to be released to atmosphere, as discussed 
in Chapter 24. 

The acceptable limits for toxic exposure depend on whether the 
exposure is brief or prolonged. Lethal concentration for airborne 
materials and lethal dose for nonairbome materials are measured by 
tests on animals. The limits for brief exposure to toxic materials that 
are airborne are usually measured by the concentration of toxicant 
that is lethal to 50% of the test group over a given exposure period, 
usually four hours. It is written as LC 50 (lethal concentration for 
50% of the test group). The test gives a comparison of the absolute 
toxicity of a compound in a single concentrated dose, acute 
exposure. For nonairborne materials, lethal dose LD 50 refers to 
the quantity of material (e.g. mg per lOOg or kg body weight of the 
test animal) administered, which results in death of 50% of the test 
group. It should be emphasized that it is extremely difficult to 
extrapolate tests on animals to human beings. Non-animal test 
methods are being introduced. 

The limits for prolonged exposure are expressed as the threshold 
limit values. These are essentially acceptable concentrations in the 
workplace. There are three categories of threshold limit values: 

1) Time weighed exposure. This is the time weighted average 
concentration expressed in parts per million (ppm) or mg m -3 
for a specified period of time, normally an 8-hour workday or 
40-hour workweek to which workers can be exposed, day after 
day, without adverse effects. Short excursions (typically less 


than 30 minutes during a workday) above the limit are allowed if 
compensated by other excursions below the limit. 

2) Short-term exposure. This is the maximum concentration to 
which workers can be exposed for a short period of time, usually 
15 minutes, without suffering from (1) intolerable irritation, 
(2) chronic or irreversible tissue change or (3) narcosis of 
sufficient degree to increase accident proneness, impair self¬ 
rescue or materially reduced efficiency. However, short-term 
exposure is only permitted as long as the time weighted average 
is not exceeded. Additional restrictions might demand no more 
than four excursions per day, with at least 60 min between 
exposure periods, and provided the daily time weighted value is 
not exceeded. 

3) Ceiling exposure. This is the concentration that should not be 
exceeded, even instantaneously. 

Low-level toxic emissions are most often fugitive in nature. 
Such emissions can be reduced by using leak-tight equipment (e.g. 
changing from packing to mechanical seals or even using sealless 
pumps, etc.) and regular maintenance checks. Equipment can also 
be enclosed and ventilated. Reducing vapor emissions from tank 
filling has been discussed in Chapter 24. 

28.4 Hazard Identification 

From the beginning of a process design the hazards need to be 
identified, such that where possible the design eliminates or miti¬ 
gates the hazard when making basic design decisions. This applies 
both to the basic process decisions and the layout and location of the 
facility. Considerations of layout and location should not be left 
until late in the design. Only through an awareness of the hazards 
can decisions be made to eliminate or mitigate hazards. 

Chemical processes by their nature are hazardous. Particular 
hazards are associated with the inventories of hazardous materials 
and the use of extreme operating conditions, but there are numerous 
others: 

1) Inventories of hazardous material. Any inventory of 
flammable or toxic material can potentially bring hazards. 
However, the larger the inventory of flammable or toxic 
material, the greater the hazard. The inventories to be 
avoided most of all are flammable or toxic liquids held 
under pressure above their boiling points. Gases leak at a 
lower mass flowrate than liquids through an opening of 
a given size. Flashing liquids leak at about the same rate as 
a subcooled liquid but then turn into a mixture of vapor and 
spray on release. The spray, if fine, is just as hazardous as the 
vapor and can be spread as easily by the wind. Thus, the leak of 
a flashing liquid through a hole of a given size produces a 
much greater hazard than the corresponding leak of gas (Kletz 
and Amyotte, 2010). 

2) High pressure. The use of high pressure greatly increases the 
stored energy in the plant. Although high pressures in 
themselves do not pose serious problems in materials of 
construction, the use of high temperatures, low 
temperatures or corrosive chemicals together with high 
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pressure does (Lees, 1989). With high-pressure operation, the 
problem of leaks becomes much more serious, since this 
increases the mass flowrate of fluid that can leak out 
through a given sized hole. This is particularly so when the 
fluid is a flashing liquid. 

3) Vacuum pressure. Vacuum pressures are not in general 
as hazardous as the other extreme operating conditions. 
However, one particular hazard that does exist in vacuum- 
pressure plant handling flammable materials is the ingress of 
air with consequent formation of a flammable mixture. 

4) High temperature. The use of high temperatures in 
combination with high pressures greatly increases stored 
energy in the plant. The heat required to obtain a high 
temperature is often provided by furnaces, which carry a 
number of hazards. Rupture of the tubes in the radiant zone 
carrying the process fluid can lead to explosions. If the fuel-to- 
air ratio is not controlled adequately, then substoichiometric 
combustion can lead to emissions of carbon monoxide and 
soot. The burners can be a source of ignition in the event of a 
release of flammable material elsewhere. There are materials- 
of-construction problems associated with high-temperature 
operation (see Appendix B). Equipment is subject to thermal 
stresses, especially during start-up and shutdown and creep is 
a major problem (see Appendix B). 

5) Subambient temperature. Subambient temperature processes 
(below cooling water temperature) most often require a 
refrigeration loop to create the low temperature. This 
requires extra equipment that has the potential to fail and 
additional inventory of flammable (e.g. propane) or toxic (e.g. 
ammonia) material required for the refrigerant fluid. The 
process itself can contain large amounts of fluids kept in 
the liquid state by pressure and/or low temperature. If for any 
reason it is not possible to keep them under pressure or keep 
them cold, then the liquids will begin to vaporize. If this 
happens vapor needs to be vented and impurities in the boiling 
liquids are liable to precipitate from solution as solids, 
especially if equipment is allowed to boil dry. Deposited 
solids may not only be the cause of blockage but also in some 
cases the cause of explosions. It is necessary, therefore, to 
ensure that the fluids entering a low-temperature plant are 
purified. Another problem that can occur at low temperatures 
is hydrate formation. Gas hydrates are nonstoichiometric 
crystalline solids comprised of hydrocarbons such as 
methane, ethane or propane trapped within the cavities of a 
lattice of water molecules. Formation of gas hydrates requires 
low temperature, high pressure, free water and the presence of 
a hydrocarbon. If formed, gas hydrates can block pipelines 
including relief and venting systems. A severe materials-of- 
construction problem in low-temperature processes is low- 
temperature embrittlement (see Appendix B). Also, in low- 
temperature as in high-temperature operations, the equipment 
is subject to thermal stresses, especially during start-up and 
shutdown. 

6) Utility failure. Failure of power, cooling systems (cooling 
water, air cooling or refrigeration), inert gas and instrument 
air can lead to extreme hazards. The safety of the process 


must, as much as possible, not be compromised by utility 
failure. 

7) Runaway reactions. Often the worst safety problem that can 
occur with reactors is when an exothermic reaction 
generates heat at a faster rate than the cooling system 
can remove it. Such runaway reactions are usually 
caused by coolant failure, perhaps for a temporary 
period, or reduced cooling capacity due to perhaps a 
pump failure in the cooling water circuit. The runaway 
happens because the rate of reaction, and hence the rate of 
heat generation, increases exponentially with temperature, 
whereas the rate of cooling increases only linearly with 
temperature. Once heat generation exceeds available 
cooling capacity, the rate of temperature rise becomes 
progressively faster (Tharmalingam, 1989). If the energy 
release is large enough, liquids will vaporize, and 
overpressurization of the reactor can occur. 

8) Unreliability. Historically, many of the major safety incidents 
that have happened in the past have been associated with 
equipment failure and maintenance. Designs should aim to be 
as reliable as possible and not subject to unexpected failure. 
Unexpected failure of equipment causes process upsets that 
can create safety problems and also the requirement for 
maintenance, which brings safety issues through the need 
to isolate, decontaminate and dismantle equipment. 
Maintenance might be preventive ahead of any failure by 
carrying out maintenance according to a schedule, or through 
monitoring of equipment performance, to avoid breakdown or 
failure. Maintenance might also be corrective to repair 
equipment that has already failed. A systematic analysis of 
reliability, availability and maintainability is required once 
the basic design has been developed. This might point to 
choosing more reliable equipment. Standby equipment is also 
commonly used to avoid unnecessary process upsets. The 
spare capacity or redundancy created by the standby 
equipment can be used in the event of failure of on-line 
equipment to avoid process upsets. The policies for 
equipment monitoring and preventive maintenance also 
impact the reliability. The maintenance strategy needs to 
be considered early in order to increase asset reliability. A 
reliability, availability and maintainability analysis is needed 
that considers the inherent reliability of equipment, the 
inclusion and operating policy for standby equipment, 
preventive maintenance and the inspection policy in a 
holistic analysis. Details of such considerations are outside 
the scope of this text. 

9) Maintenance hazards. Process equipment, such as pumps, 
compressors, valves, vessels, instrumentation, and so on, 
needs to be inspected and maintained. Whenever 
equipment needs to be maintained, in most cases it needs 
to be isolated, decontaminated and dismantled. Appropriate 
design features need to be included to allow the safe 
inspection and maintenance of equipment. Safe access is 
required to equipment to conduct maintenance. It is 
important that reliable equipment is incorporated into the 
design to avoid unnecessary maintenance. 



Process Safety 815 


10) Lifting hazards. Some maintenance operations need heavy 
equipment to be lifted. Safe provision must be made for such 
lifting by the inclusion of cranes in the design or safe access for 
portable cranes and clear lifting pathways. 

11) Transportation. Transportation of raw materials to the 
process, and products from the process, can create 
hazards both inside and outside of the facility. The 
transportation of materials and the storage of materials 
are intimately linked, as discussed in Sections 14.5 and 
16.13. In particular, transportation of hazardous materials 
to and from the facility by road and rail cars should be 
avoided where possible. 

12) Access and evacuation hazards. Personnel need safe access 
to, and safe evacuation from, process areas for both operations 
and maintenance personnel. Safe access to equipment must 
also be ensured for maintenance operations. 

13) Access for emergency vehicles. In the event of an incident, 
emergency vehicles will need access for firefighting and 
evacuation of personnel. 

14) Location of occupied buildings. Occupied buildings, such 
as control rooms, maintenance workshops, analytical 
laboratories and offices, should not be located in blast 
zones or where any release of toxic material would create 
risk to the personnel. In general, process plant should be 
designed to minimize occupancy within hazardous areas. This 
might mean centralizing control rooms at suitably remote 
locations. 

15) Wind direction. The layout of a facility should, as much as 
possible, allow the prevailing wind to disperse the release of 
any hazardous material in the safest direction. 

16) Natural and environmental hazards. Extreme weather 
(hurricanes, typhoons, tornados, extreme heat, extreme 
cold) and earthquakes need to be considered and measures 
taken to mitigate the consequences of such hazards. 

17) Other hazards. The list of hazards above is by no means 
comprehensive. Different types of processes can create 
hazards that apply to only a small set of processes. For 
example, offshore oil and gas production brings many 
hazards that only apply to those operations through 
helicopter and marine transportation, and so on. 

Formal managerial processes can be used for the identification 
of hazards, known as HAZID studies (Kletz, 1999). This is a 
structured brainstorming technique and typically involves process 
design, process operations, safety systems engineers, process 
control and instrumentation, mechanical engineering, commission¬ 
ing and project management personnel. Such managerial tools 
should be used early in a project as soon as process flow diagrams, 
preliminary material and energy balances and preliminary plot 
layouts are available. The process design also needs to be consid¬ 
ered in the context of the existing site infrastructure, transportation, 
weather and local conditions so that hazards external to the process 
can be identified as well as in the internal hazards. The HAZID 
study should not only identify potential hazards but also consider 
the consequences of hazards and identify safeguards for the 
elimination or mitigation of hazards. 



Figure 28.1 

The hierarchy of process safety management. (Reproduced from Center 
for Chemical Process Safety (2009) Inherently Safer Chemical Processes , 
2nd Edition, with permission from John Wiley & Sons.) 

28.5 The Hierarchy of 
Safety Management 

When managing safety, there is a hierarchy that should be followed, 
whether directed towards reducing the frequency or consequence 
of potential safety incidents, as illustrated in Figure 28.1 (Center 
for Chemical Process Safety, 2009). 

a) Inherent safety. Make changes integral to the process to 
eliminate or reduce hazards at source; e.g. change from a 
process that uses a flammable solvent to a water-based process. 

b) Passive safety. Incorporate design features that reduce the 
frequency or consequence of a hazard without the active 
functioning of a device; e.g. incorporate fire or blast 
protection walls. 

c) Active safety. Using process control, safety instrumented 
systems and process alarms to detect and respond to a 
hazardous condition, and allow a mitigating action to be 
taken; e.g. detection of a high liquid level in a storage tank 
shuts off the feed pump. Human intervention is also active safety. 
However, human intervention is on the whole less reliable than 
process control and safety instrumentation systems. 

d) Procedural safety. Using administrative controls and 
emergency response to prevent safety incidents or minimize 
the effects of an incident; e.g. use of safety permits for control 
of maintenance work. 

All four levels in the hierarchy can contribute to the overall 
safety of the process. However, inherent safety differs in that it 
seeks to eliminate or reduce potential hazards at source. 

28.6 Inherently Safer 
Design 

Whilst no process can be made inherently safe, the design objective 
should be to strive for an inherently safer design throughout the 
evolution of a design. The intent of inherently safer design is to 
eliminate the hazard completely or reduce its magnitude suffi¬ 
ciently to eliminate the need for elaborate safety systems and 
procedures. Hazard elimination or reduction should be accom¬ 
plished by means that are inherent in the process design. Designs 
that avoid the need for hazardous materials, use less of them, use 
them at less extreme temperatures and pressures or dilute them with 
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Figure 28.2 

The hierarchy of inherently safer design. 


inert materials will be inherently safer and will not require elaborate 
safety systems (Kletz and Amyotte, 2010). There is a hierarchy that 
applies to inherently safer design, as illustrated in Figure 28.2 
(Center for Chemical Process Safety, 2009): 

1) Substitution. The best way of dealing with a hazard in a process 
design is to remove it completely. Where possible, a hazardous 
material should be replaced with a less hazardous one. For 
example: 

• Change the reaction path to avoid hazardous material in the 
chemistry. 

• Replace an organic solvent with water. 

• Heat transfer media are sometimes liquid hydrocarbons used 
at high pressure. When possible, higher boiling liquids 
should be used. Better still, the flammable material should be 
substituted with a nonflammable medium such as water or 
molten salt. 

• Some operations need to be carried out at low temperature 
that needs refrigeration. The refrigeration fluid might be 
propylene, for example, and present a major hazard. 
Operation of the process at a higher pressure, on the one 
hand, brings increased hazards in the process equipment but, 
on the other hand, might eliminate the refrigeration or allow a 
less hazardous refrigeration fluid. 

• Etc. 

Often, hazardous materials are an integral part of a process 
and cannot be substituted, for example, flammable hydrocar¬ 
bons in petroleum refining and petrochemicals processes. 

2) Minimization. Once the possibilities to substitute hazardous 
materials have been exhausted, the inventory of hazardous 
material should be minimized. The inventories to be avoided 
most are flashing, flammable liquids or flashing, toxic liquids, 

a) Reactors. Reaction rates can be improved by the use of 

catalysts or alternative catalysts if a catalyst is already 
used. Alternatively, more extreme operating conditions can 
be used. More extreme conditions may reduce inventory 
appreciably. However, more extreme conditions bring their 
own problems. A very small reactor operating at a high 
temperature and pressure may be inherently safer than one 
operating at less extreme conditions because it contains a 
much lower inventory. A large reactor operating close to 
atmospheric temperature and pressure may be safe for 
different reasons. Leaks are less likely and, if they do 
happen, the leak will be small because of the low pressure. 
Also, little vapor is produced from the leaking liquid because 
of the low temperature. A compromise solution employing 
moderate pressure, temperature and medium inventory may 


combine the worst features of the extremes. The compromise 
solution may be such that the inventory is large enough for a 
serious explosion or a serious toxic release if a leak occurs; 
the pressure will ensure the leak is large and the high 
temperature results in the evaporation of a large proportion 
of the leaking liquid (Kletz and Amyotte, 2010). 

The potential hazard from mnaway reactions is reduced by 
reducing the inventory of material in the reactor or reducing 
the operating temperature. Batch operation requires a larger 
inventory than the corresponding continuous reactor. Thus, 
there may be a safety incentive to change from batch to 
continuous operation. Alternatively, the batch operation can 
be changed to semibatch in which one (or more) of the 
reactants is added over a period. The advantage of semibatch 
operation is that the feed can be switched off in the event of a 
temperature (or pressure) excursion. This minimizes the 
chemical energy stored up for a subsequent exotherm. For 
continuous reactors, plug-flow designs require smaller vol¬ 
umes and hence smaller inventories than mixed-flow designs 
for the same conversion, as discussed in Chapter 4. 

b) Distillation. There is a large inventory of boiling liquid, 
sometimes under pressure, in a distillation column, both in 
the base and held up in the column. If a sequence of columns 
is involved, as discussed in Chapter 10, the sequence can be 
chosen to minimize the inventory of hazardous material. 
Use of the partition column or dividing-wall column shown 
in Figure 10.13c will reduce considerably the inventory 
relative to two simple columns. Partition columns or 
dividing-wall columns are inherently safer than 
conventional arrangements since they not only lower the 
inventory but also the number of items of equipment is 
fewer, and hence there is a lower potential for leaks. 

The column inventory can also be reduced by the use of 
low hold-up column internals. Packed columns have a lower 
inventory than tray columns. The column base can be 
designed with a smaller diameter than the rest of the column, 
but maintaining the same liquid height, to reduce the 
inventory in the base. Distillate receivers can be designed to 
be smaller or eliminated altogether. Thermosyphon 
reboilers have a lower inventory than kettle reboilers. 
Peripheral equipment such as reboilers can be located inside 
the column (Kletz and Amyotte, 2010). 

c) Heat transfer operations. Enhancing heat transfer with 
shell-and-tube heat exchangers makes them smaller and 
reduces the inventory. As discussed in Section 12.12, heat 
exchanger designs with a higher area density than shell-and- 
tube heat exchangers can be used, reducing the inventory. 

d) Storage. The largest inventories of hazardous materials are 
most often held up in the storage of raw materials and 
products and intermediate (buffer) storage. The most 
obvious way of reducing the inventory in storage is by 
locating producing and consuming plants near each other so 
that hazardous intermediates do not have to be stored or 
transported (Kletz and Amyotte, 2010). It may also be 
possible to reduce storage requirements by making the 
design more flexible. Adjusting the capacity could then 
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be used to cover for delays in the arrival of raw material, 
upsets in one part of the plant, and so on, and thus reduce the 
need for storage (Kletz and Amyotte, 2010). 

Large quantities of toxic gases such as chlorine and 
ammonia and flammable gases such as propane and ethylene 
oxide can be stored either under pressure or at atmospheric 
pressure under refrigerated conditions. If there is a leak from 
atmospheric refrigerated storage, the quantity of hazardous 
material that is discharged will be less than the corre¬ 
sponding pressurized storage at atmospheric temperature. 
For large storage tanks, refrigeration is safer. However, this 
might not be the case with small-scale storage, since the 
refrigeration equipment provides sources for leaks. Thus, in 
small-scale storage, pressurized storage may be safer (Kletz 
and Amyotte, 2010; Lees, 1989). 

The optimization of reactor conversion was considered in 
Chapter 15. As the conversion increased, the size (and cost) of 
the reactor increased but that of separation, recycle and heat 
exchanger network systems decreased. The same trends also 
occur with the inventory of material in these systems. The 
inventory in the reactor increases with increasing conversion, 
but the inventory in the other systems decreases. Thus, in some 
processes, it is possible to optimize for minimum overall 
inventory (Boccara, 1992). In the same way as reactor conver¬ 
sion can be varied to minimize the overall inventory, the recycle 
inert concentration can also be varied. It might be possible to 
reduce the inventory significantly by changing reactor conver¬ 
sion and recycle inert concentration without a large cost penalty 
if the cost optimization profiles are fairly flat. 

3) Moderation. The use of an unnecessarily high-temperature hot 
utility or heating medium should be avoided. This may have 
been a major factor that led to the runaway reaction at Seveso in 
Italy in 1976, which released toxic material over a wide area. 
The reactor was liquid-phase and operated in a stirred tank 
(Figure 28.3). It was left containing an uncompleted batch at 
around 160 °C, well below the temperature at which a runaway 
reaction could start. The temperature required for a runaway 
reaction was around 230 °C (Cardillo and Girelli. 1981). The 
reaction was normally carried out under vacuum at about 160 °C 
in a reactor heated by steam at about 300 °C. The temperature of 
the liquid could not rise above its boiling point of 160 °C at the 
operating pressure. In this accident, the steam was isolated from 
the reactor containing the unfinished batch and the agitator was 
switched off. The reactor walls below the liquid level fell to the 
same temperature as the liquid, around 160 °C. The reactor 


walls above the liquid level remained hotter because of the high- 
temperature steam that had been used (but now isolated). Heat 
then passed by conduction and radiation from the walls to the 
top layer of the stagnant liquid, which became hot enough for a 
runaway reaction to start (Figure 28.3). Once started in the 
upper layer, the reaction then propagated throughout 
the reactor. If the steam had been cooler, say 170°C, the 
runaway could not have occurred (Kletz and Amyotte, 2010). 

The occurrence of flammable gas and dust mixtures should 
be avoided, rather than relying on the elimination of sources of 
ignition. This can be achieved in the first instance by changing 
the process conditions such that dust mixtures are below their 
limiting oxygen concentration and gas mixtures are outside 
their flammable range. If this is not possible, inert material such 
as nitrogen, carbon dioxide or steam should be introduced. 

For the particular case of dusts, electrical charge can accu¬ 
mulate on a powder. The resulting spark discharges can lead to 
fires or dust explosions. When processing dusty materials, the 
use of electrically insulating materials of construction (e.g. 
plastic pipes) should be avoided, as this allows the accumulation 
of electrical charge. High relative humidity can reduce the 
resistivity of some powders, increasing the rate of charge decay, 
decreasing the accumulation of static charge. 

Moderating the process conditions will result in a safer plant, 
providing the moderation does not increase the inventory of 
hazardous material. Also, moderating the conditions can reduce 
the reliance on protective equipment (Kletz and Amyotte, 
2010 ). 

4) Simplification. Simpler facilities are often inherently safer. For 
processes containing hazardous material, minimize: 

• number of equipment items, 

• pipe lengths, 

• pipe joints, 

• equipment penetrations for instrumentation (i.e. where 

possible use nonintrusive instruments). 

This minimizes the potential for leaks. “What you don’t 
have, can’t leak” (Kletz and Amyotte, 2010). Eliminating 
unnecessary equipment and unnecessary complexity is also 
likely to make the process control simpler, process operation 
more straightforward and the process operation more tolerant of 
maloperation. It will also simplify maintenance and be gener¬ 
ally more forgiving of poor maintenance practice. 

Relief systems are expensive and bring considerable envi¬ 
ronmental problems. Sometimes it is possible to dispense with 
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Figure 28.3 

Schematic of the Seveso reaction system. 
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(a) 




Figure 28.4 

A thick-walled pressure vessel might be economic when compared with a thin-walled vessel with its relief and venting system. 


relief systems and all that comes after them by using stronger 
vessels, strong enough to withstand the highest pressures that can 
be reached (Kletz and Amyotte, 2010). This is a form of passive 
safety. Regulations might dictate that a relief device must still be 
installed, for example to protect in case of an external fire. 
However, their size and relief capacity, as well as the hazards 
associated with the opening of relief devices might be reduced or 
eliminated. It might also be possible to eliminate catch pots, 
quench systems, scrubbers and flare stacks necessary to dispose 
of material from an emergency relief. Figure 28.4 shows as an 
example a comparison between a stronger vessel in Figure 28.4a 
and a weaker vessel with its relief and venting system in 
Figure 28.4b (Kletz and Amyotte, 2010). A stronger vessel 
may often be safer and cheaper (Kletz and Amyotte, 2010). 

Example 28.1 A process involves the use of benzene as a 
liquid under pressure. The temperature can be varied over a range. 
Compare the fire and explosion hazard of operating with a liquid 
process inventory of 1000 kmol at 100 °C and 150 °C, on the basis of 
the theoretical combustion energy resulting from catastrophic 
failure of the equipment. The normal boiling point of benzene is 
80 °C, latent heat of vaporization 31,000kJ kmoP', specific heat 
capacity 150kJkmol _1 K _1 and heat of combustion 3.2 x10 s 
kJ-kmol -1 . Assume that physical properties are constant over the 
temperature range. 

Solution The fraction of liquid vaporized on release is calculated 
from a heat balance (Crowl and Louvar, 1990). The sensible heat 
above saturated conditions at atmospheric pressure provides the 
heat of vaporization. The excess heat in the superheated liquid is 
given by: 

m Cp(Tsup - T B pt) 

where m = mass or moles of liquid 
C P = heat capacity 

Tsup = temperature of the superheated liquid 
Tbpt = normal boiling point 


If the mass of liquid vaporized is m v , then: 

mCp(T SUP - T bpt ) 

mv = --- 

A H VAP 

where m v = mass or moles of liquid vaporized 
A H vap = latent heat of vaporization 

Thus, the vapor fraction (VF) is given by: 

yp _ m v _ C P (T SUP - T bpt ) 
m AH V ap 

For operation at 100 °C: 

150(100 - 80) 

VF= 31.000 
= 0.097 

m v — 0.097 x 1000 
= 97 kmol 

Theoretical combustion energy = 97 x 3.2 x 10 6 

= 310 x 10 6 kj 

For operation at 150 °C: 

VF = 0.339 
m v = 339 kmol 

Theoretical combustion energy = 1085 X 10 6 kj 

Thus, against this measure of inherent safety the fire hazard is 
3.5 times larger for operation at 150 °C compared to operation at 
100 °C. In fact, the true potential fire load will be greater than the 
energy release calculated. In practice, such a release of super¬ 
heated liquid generates large amounts of fine spray in addition to 
the vapor. This can double the energy release based purely on 
vaporization. 
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28.7 Layers of Protection 

Once an inherently safer process design has been established, 
process safety requires multiple layers of protection to be added, 
as illustrated in Figure 28.5. Each layer of protection has its own 
level of risk reduction. It is important that each safety layer is 
independent of the others. If there is a failure in one safety layer then 
other layers should not be affected and still perform risk reduction. 

1) Layout and passive safety barriers. The layout of the plant 
needs to consider safe access and evacuation for personnel, 
access for maintenance (including mobile cranes) and access for 
emergency vehicles. The layout also needs to separate 
personnel and, as much as possible, critical equipment from 
hazards during normal operations. The location of the plant 
control room is critical in this respect. Layout should also 
seek where possible to separate potential hazards from each 
other to avoid hazards from spreading should an incident occur. 

Containment dikes are installed around storage tanks to 
prevent leakages from flowing to other locations to spread 
the hazard caused by a release of liquid. Locations that might 
be susceptible to spillage should have sloped containment pads 
for the same purpose. The prime function is for process safety 
(Center for Chemical Process Safety, 2009): 

• limiting the spread of a fire and preventing exposure of other 
equipment if a flammable material spills and is ignited; 

• preventing contact of incompatible reactive materials in case 
of leaks or spills; 

• limiting the spread of spilled corrosive material and pre¬ 
venting contact with equipment that could be damaged by 
contact with the corrosive material. 

Sloped containment pads also provide environmental pro¬ 
tection and prevent contamination of soil and surface water. 
Such pads are installed for pumps, process buildings and 


structures, road and rail car loading areas, and any other 
potential spillage location. 

Firewalls can be used to provide a fireproof barrier to prevent 
the spread of fire between or through structures to protect 
personnel and safety critical equipment. Blast walls carry out 
the same function and prevent the escalation of events due to 
explosions. Blast walls are expected to retain their integrity 
against any blast loading, as well as fire, that may subsequently 
follow. 

Fire-resistant cabling can be used to ensure critical equip¬ 
ment and emergency lighting continues to receive power during 
a local fire for a period of time. 

2) Process control. The control system compensates for the 
influence of external disturbances such as changes in feed 
flowrate, feed composition, temperature and pressure and 
product demand. Ensuring safe operation within the normal 
operating envelope is the most important task of a control 
system. This is achieved by monitoring the process conditions 
and maintaining them within the normal operating envelope. A 
control mechanism is introduced that makes changes to the 
process in order to cancel out the negative impact of 
disturbances or to respond to changes in setpoints made by 
operations personnel. In order to achieve this, instruments must 
be installed to measure the operational performance of the plant. 
These measured variables could include temperature, pressure, 
flowrate, composition, level, pH, density and particle size. 
Having measured the variables that need to be controlled, 
other variables need to be manipulated in order to achieve 
the control objectives. A control system is then designed, which 
responds to variations in the measured variables and 
manipulates variables to control the process. Control valves 
must be designed such that the most probable failure mode 
results in the fail safe condition. The fail safe condition might be 
fully closed, fully open, maintaining the current valve position 



Figure 28.5 

Layers of protection for the process design. 
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to maintain the current operation or to move to a predefined 
open position between 0 and 100% to keep the flow from going 
below a threshold. 

3) Process alarms. Alarms are used to alert process operators to 
abnormal operating situations at the limits of the normal 
operating envelope. These are normally high or low levels 
of process settings, such as a high or low liquid level in a vessel. 
Operator intervention can then in principle prevent personnel 
and environmental hazards, and maintain equipment integrity 
and product quality. It is important that the operator can quickly 
and accurately identify the alarms that require immediate 
action. The usual requirement is that an alarm must have an 
associated operator action or actions, which are documented. 
The alarm system should be independent from the process 
control system and can be of different types. Basic alarms 
detect deviations for single process measurements. Aggregated 
alarms or common alarms combine the state of a number 
of basic alarms and together describe the state of a process or 
subsystem more precisely than a single alarm. Model-based 
alarms are generated by online simulation of the process. 
Key alarms are critical alarms presented in a way that makes 
them distinguishable even during situations where many alarms 
are activated. Safety-related alarms should be defined as key 
alarms, but also other alarms could be included if appropriate. 

4) Safety instrumented systems. Safety instrumented systems 
are designed to prevent or mitigate hazardous events by 
taking the process to a safe state when there are violations in 
predetermined conditions, usually at or near the safe operating 
limits. A safety instrumented system is comprised of one or 
more safety instrumented functions. Safety instrumented 
functions consist of a combination of sensors, logic solvers 
and final control elements. Sensors collect information (e.g. 
temperature, pressure, flowrate) to determine whether a 
hazardous situation exists. Such sensors are dedicated to the 
safety instrumented function and not part of the control system. 
The purpose of the logic solvers of safety instrumented 
functions is to determine what action needs to be taken 


based on the information gathered. Logic solvers are 
controllers that read the signals from the sensors and execute 
preprogrammed actions with the final control elements to 
prevent a hazard. Logic solvers should provide both fail-safe 
and fault-tolerant operation. The final control elements are 
typically on-off valves. The safety instrumented function 
should safely isolate the hazardous part of the process in the 
event of a hazardous situation. Activation of the safety 
instrumented function may also trigger the control system to 
put the associated control valve into a safe state 

5) Pressure relief. Any system that has the potential to have its 
pressure increased beyond safe levels requires safety devices to 
protect people and equipment. Pressure relief devices are relief 
valves and bursting disks as illustrated in Figure 28.6. 
Figure 28.6a shows a typical relief valve in which an 
adjustable spring is used to offset the internal pressure. The 
set pressure is the pressure at which the relief valve begins to 
operate. If the internal pressure exceeds the set pressure for the 
valve, then the valve opens. Different mechanisms can be used 
from the simple spring arrangement in Figure 26.6a. There are 
different categories of relief valves, depending on the 
application: 

a) Safety valve. A safety valve is characterized by a full¬ 
opening or "pop" action and recloses when the pressure 
drops to a safe level. Such designs are normally used on gas 
and steam applications. 

b) Relief valve. A relief valve has a gradual lift, generally 
proportional to the increase in pressure over the opening 
pressure. It is primarily used on liquid service applications. 

c) Safety relief valve. A safety relief valve can be used for 
compressible fluids or liquids depending on its application. 
It functions as a safety valve for compressible fluids with 
rapid opening and as a relief valve for liquid applications 
with an opening in proportion to the increase in pressure. 
The other class of pressure relief device is bursting disks or 

rupture disks, as illustrated in Figure 28.6b. A bursting disk is a 
thin membrane (usually metal) that fails and ruptures at a critical 


Figure 28.6 

Pressure relief devices. 



(a) Relief valve. 



(b) Bursting (rupture) disk. 
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pressure. The bursting disk has a one-time use and, unlike a 
pressure relief valve, cannot close after the pressure has been 
relieved. There are different classes of bursting disks: 

a) Forward acting. Figure 28.6b illustrates a forward acting 
disk in which the internal pressure acts against the concave 
surface. As the pressure increases beyond the allowable 
pressure the disk bulges and fails in tension. Some designs 
use scoring on the convex surface of the disk to allow more 
controlled failure. 

b) Reverse acting. In a reverse acting disk, the internal pressure 
acts against the convex side of the disk. Compression 
loading causes it to reverse, snapping through the neutral 
position and causing it to fail by a scoring pattern on the 
surface of the disk on the low-pressure side or a knife blade 
penetration located on the low-pressure side. 

The main distinction between bursting disks and pressure 
relief valves is that pressure relief valves will reclose, whereas 
bursting disks cannot and need to be replaced if activated, 
which might mean a plant shutdown. This would suggest that 
pressure relief valves are the best solution and they are more 
commonly used. However, pressure relief valves are exposed 
to process material that might corrode or cause plugging of the 
device, preventing it from operating properly after time in 
service. There is thus a reliability issue. This means that 
pressure relief valves will need to be inspected and maintained 
regularly. It might also mean that two pressure relief valves are 
installed in parallel in case one fails to operate. An alternative 
solution is to install a pressure relief valve and bursting disk in 
parallel with the pressures of the two devices set such that the 
pressure relief valve opens first and the bursting disk operates 
only if the pressure relief valve fails to relieve the excess 
pressure. Another problem with pressure relief valves is that 
they can leak process material if not properly closed or under 
vacuum conditions allow air ingress. Bursting disks can be 
installed upstream of pressure relief valves to protect the valve 
from process material and prevent leaks. If excess pressure is 
imposed on the system, the busting disk and pressure relief 
valve both operate, but when the pressure subsides the pres¬ 
sure relief valve recloses to allow the process to continue 
operation if appropriate. In some cases the transient pressures 
that occur in an upset condition mean that the pressure relief 
valve cannot act fast enough to relieve the pressure and a 
bursting disk must be used. 

Process design specifies the operating pressure under nor¬ 
mal operating conditions. The maximum operating pressure 
extends beyond normal operating conditions to include startup, 
shutdown and other off-design conditions. The maximum allow¬ 
able working pressure or maximum allowable operating pres¬ 
sure is the maximum gage pressure that the weakest component 
of the system can safely withstand for a designated temperature. 
This is based on design codes and can vary from 10% to 25% 
above the maximum operating pressure of the system. 

Pressures might exceed the maximum allowable working 
pressure for one or more of the following reasons: 

• failure of the process control system, 

• failure of a safety instrumented function. 


• equipment failure, 

• failure of a cooling medium (e.g. failure of condenser 
cooling in distillation whilst maintaining reboiling), 

• outlet closed whilst maintaining the inlet pressure, 

• runaway chemical reactions, 

• heat from external fire, 

• thermal expansion of liquids under shut-in conditions, 

• operator error. 

These problems can be made worse by poor equipment 
design, poor equipment sizing or poor maintenance. Vessels 
and pipes must be protected from pressures above the 
maximum allowable working pressure by pressure relief. 
The highest set pressure is equal to maximum allowable 
working pressure. Overpressure is the pressure increase over 
the set pressure of the relieving device as a percentage. 
Overpressure is limited to 10% above the maximum working 
pressure, except in the case of a fire. In the case of a fire, the 
overpressure must not exceed 21% above the maximum 
working pressure. 

Emergency discharge from relief valves and bursting disks 
can be dealt with in a number of ways: 

a) Direct discharge to atmosphere under conditions leading to 
rapid and safe dilution. 

b) Total containment in a connected vessel, with ultimate 
disposal being deferred. 

c) Partial containment, in which some of the discharge is 
separated either physically (e.g. gravitational or 
centrifugal means) or chemically (e.g. absorption). 

d) Combustion in a flare. Flare systems normally include a 
catchpot that collects liquids and passes gases to flare (see 
Chapter 24). 

Sizing of vent lines is far from straightforward and beyond the 
scope of this text. For example, if a vessel under pressure 
containing a level of liquid is to be relieved of pressure, it 
might be suspected that the vent line can be sized to remove 
enough vapor from above the liquid surface to relieve the 
pressure. In practice sudden loss of pressure can cause the 
liquid to boil and be carried into the vent along with the vapor. If 
this is the case, the relief device and the vent line must be sized to 
handle the required two-phase flow. 

6) Active fire barriers. Sprinkler and deluge systems provide 
active fire protection to spray water on to a fire via a 
firewater distribution piping system. For sprinkler systems 
each sprinkler head is closed by a heat-sensitive plug that 
prevents water from flowing until the ambient temperature 
around the sprinkler head reaches the design activation 
temperature of the individual sprinkler head. In deluge 
systems all sprinklers connected to the firewater distribution 
system are open. Water is not present in the piping until the 
system operates. These systems are used for special hazards 
where rapid fire spread is a concern, as they provide application 
of water over the entire hazard. 

7) Incident management and emergency response. The final layer 
of protection is incident management and emergency response. 
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If a large safety event occurs this layer responds in a way that 
minimizes ongoing damage, injury or loss of life. It includes 
evacuation plans and firefighting. 

28.8 Hazard and 
Operability Studies 

A hazard and operability study (HAZOP) is a structured, qualitative 
methodology that identifies potential safety and environmental 
hazards and major operability problems, assesses consequences 
and generates recommendations for action, but does not attempt to 
modify the design. A formal managerial process is used for the 
HAZOP studies (Kletz, 1999, Crawley and Tyler, 2015). This is a 
structured brainstorming carried out by a multidisciplinary team. 
The team has a Chairman leading the team and aScribe to record the 
outcome of the HAZOP study. The makeup of the team depends on 
the process technology. Typically the makeup of the team includes 
one or more of process design engineers, process control engineers 
and process operations representatives. Depending on the nature of 
the process, other specialists may be involved. 

For a HAZOP to be performed, the design should be at an 
advanced stage, but not to the stage where the design has been fixed. 
However, process and instrumentation diagrams (P&IDs) must 
have been developed. The P&IDs are analyzed by dividing them 
into nodes. A node is a section of equipment on the P&ID with 
clearly defined boundaries, within which process parameters are to 
be investigated for deviations. For example, a node could be: 

• a tank with its associated equipment, 

• a pump and pipe transferring liquid from one tank to another, 

• a phase separator, 

• a compressor, etc. 

In each case, the node would include the associated control and 
instrumentation. Simple nodes can be combined where appropriate 
to give a compound node. For example, a pipe, pump and heat 
exchanger might be combined to a single node. The decision of how 
big a node should be is at the discretion of the team carrying out the 
HAZOP. If the node is too big and complex, the analysis might miss 
important problems. The intention of how the plant is expected to 
operate in the absence of deviations from the design intent needs to 
be defined before the deviations are explored. 

The next step is for each node to generate meaningful deviations 
from the intended operation by coupling a guideword and a 
parameter. The guideword qualitatively defines a change and 
the parameter defines what parameter is to be changed. 
Table 28.1 lists standard guidewords and their generic meaning. 
Table 28.2 lists examples of parameters for process operations. 

A deviation can be generated by choosing a parameter and 
combining it with each guideword in turn to see if a meaningful 
deviation results (the parameter-first approach). The alternative 
approach is to take a guideword and examine each parameter in turn 
(the guideword-first approach). The first seven guidewords in 
Table 28.1 are the ones normally used, with the others included 
if appropriate. The approach for continuous and batch processes is 
slightly different. Variations of the standard set can be used. 


Table 28.1 

Standard guidewords for HAZOP and their generic meanings (Crawley and 
Tyler, 2015). 


Guideword 

Meaning 

No (not, none) 

None of the design intent is achieved 

More (more of, higher) 

Quantitative increase in a parameter 

Less (less of, lower) 

Quantitative decrease in a parameter 

As well as (more than) 

An additional activity occurs 

Part of 

Only some of the design intention is 
achieved 

Reverse 

Logical opposite of the design intention 

occurs 

Other than (other) 

Complete substitution - another activity 
takes place OR an unusual activity occurs 
or uncommon condition exists 

Other useful guidewords include: 

Where else 

Applicable for flows, transfers, sources and 
destinations 

Before/after 

The step (or some part of it) is effected out 
of sequence 

Early/late 

The timing is different from the intention 

Faster/slower 

The step is done/not done with the right 
timing 


Table 28.2 

Examples of possible parameters for process operations (Crawley and Tyler, 
2015). 


Flow 

Pressure 

Temperature 

Mixing 

Stirring 

Transfer 

Phase 

Speed 

Particle size 

Measure 

Control 

pH 

Level 

Sequence 

Viscosity 

Signal 

Reaction 

Start/stop 

Composition 

Operate 

Addition 

Maintain 

Separation 

Services 

Time 

Communication 

Aging 



depending on the circumstances. The guidewords are used to 
search for meaningful deviations from the intended operation. 
The choice or parameters must be agreed by the HAZOP team 
and will depend on the process being studied. Parameters other than 
those listed in Table 28.1 might be appropriate depending on the 
process. However, many of the parameters listed in Table 28.1 will 
not apply to many problems. When seeking deviations, not every 
guideword will combine with a parameter to give a meaningful 
deviation. There is no point discussing combinations that do not 
have a physical meaning. Some examples of meaningful combina¬ 
tions are given in Table 28.3. 

Each node is examined with this approach and the design 
examined for potential hazardous scenarios and problematic 
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Table 28.3 

Examples of meaningful combinations of parameters and guidewords (Crawley 
and Tyler, 2015). 


Parameter 

Guidewords that can give a meaningful 
combination 

Flow 

None, more of, less of, reverse, elsewhere, as well as 

Temperature 

Higher, lower 

Pressure 

Higher, lower, reverse 

Level 

Higher, lower, none 

Mixing 

Less, more, none 

Reaction 

Higher (rate of), lower (rate of), none, reverse, 

Phase 

as well as/other than, part of 

Composition 

Other, reverse, as well as 

Communication 

Part of, as well as; other than 

None, part of, more of, less of, other, as well as 


operability issues. Follow-up actions are recorded. It must be 
emphasized that HAZOP is not a design activity, but is intended 
for assurance of the design only. Corrections and modifications to 
the design are carried out outside of the HAZOP. 

28.9 Layer of Protection 
Analysis 

A hazard and operability study identifies hazardous scenarios, but 
should not deal with their prevention or mitigation. After hazardous 
scenarios have been identified, and outside of the hazard and 
operability study, various actions need to be taken to mitigate 
the hazardous scenarios identified. A layer of protection analysis 
(LOPA) can be carried out after the hazard and operability study has 
identified hazardous scenarios. 

For a hazardous scenario, the likelihood of the hazardous 
scenario is determined from historic data, but without the benefit 
of protection layers. A specific hazardous scenario may have many 
initiating causes, all of which need to be examined from the 
perspective of layers of protection. For this, a failure frequency 
needs to be defined as failure events per year. That unmitigated 
event likelihood is then compared against a target mitigated event 
likelihood. If the unmitigated event likelihood is higher than the 
target mitigated event likelihood, this must be addressed through 
use of independent protection layers to reduce the likelihood in 
order to meet the target event likelihood. It should be emphasized 
that any gap between the unmitigated event likelihood and target 
mitigated event likelihood is best reduced or closed through the 
application of the principle of inherently safer design. 

The probability that a system will fail to perform a specified 
function on demand requires the probability of failure on demand to 
be determined. Probability of failure on demand is a statistical 
measure of how likely it is that a system or device will operate 
and be ready to serve the function for which it was intended. It 
is based on historic data and is numerically between 0 and 1 
(where 0 indicates impossibility and 1 indicates certainty). For 
example, a relief valve might have a probability of failure on 
demand of 1 X 1CT 2 . This means that is it likely to fail on 
demand once every hundred times it is required to function. 


Safety instrumented functions can fail in two basic ways. The 
first way is a spurious trip, which usually results in an unplanned 
but safe process shutdown. In the second type of failure, the 
failure remains undetected, continuing unsafe process operation. 
If an emergency demand occurred, the safety instrumented 
function would fail to operate for a true process demand. 
Among other things, it is influenced by the reliability of the 
system, the interval at which it is tested, as well as how often it is 
required to function. To determine the probability of failure on 
demand for the safety instrumented function, historic failure 
data for the system components are required. This failure rate is 
used in conjunction with the test interval to calculate the 
probability of failure on demand. The test interval accounts 
for the length of time before an unknown fault is discovered 
through testing. 

When safety instrumented functions are applied to reduce the 
mitigated event likelihood to below the target, each order of 
magnitude reduction required for the safety instrumented function 
corresponds with a discrete safety integrity level. The lower the 
safety integrity level, the higher the probability of failure on 
demand, where safety integrity level 1 (SIL-1) has the lowest 
safety integrity level and level 4 (SIL-4) has the highest level. 
However, as the safety integrity level increases, the cost and 
complexity of the system also increases. SIL-1 typically consists 
of a single sensor, single logic solver and single final element. 
Higher levels require multiple sensors (for fault tolerance), 
multiple channel logic solvers (for fault tolerance) and multiple 
final elements. Levels higher than SIL-3 tend not to be used in 
the process industries. The higher the level, the more complex 
testing and maintenance becomes throughout the life of the 
facility. If not tested and maintained adequately high SIL safety 
instrumented functions will not provide the protection required, 
leading potentially to very hazardous situations. The analysis 
should therefore strive not to use SIL-3 systems and to minimize 
as much as possible the use of SIL-2 systems. The reliance on 
such systems can be avoided by exploiting other protection 
layers. In particular, it is best avoided by inherently safer design. 

28.10 Process Safety - 
Summary 

The major hazards in the process industries are fire, explosion and 
toxic release. Potential hazards need to be identified early and, 
where possible, design changes incorporated to eliminate or miti¬ 
gate hazardous scenarios. The hierarchy of process safety manage¬ 
ment is given in Figure 28.1. Various layers of protection can be 
applied to eliminate or mitigate hazards, as illustrated in 
Figure 28.5. These layers must be independent of each other. 

The most significant improvements to process safety are 
achieved by incorporating inherently safer design features. The 
philosophy of inherently safer design should be applied from 
the very beginning of the design and continued through the life 
of the design activity, constantly reviewing the design to make it 
inherently safer. The hierarchy of inherently safer design is given in 
Figure 28.2. The following changes should be considered to 
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improve safety (Kletz and Amyotte, 2010; Lees, 1989; Crowl and 
Louvar, 1990; Center for Chemical Process Safety, 2009): 

Reactors 

• Batch to continuous. 

• Batch to semibatch. 

• Mixed-flow reactors to plug-flow. 

• Reduce the inventory in the reactor by increasing temperature or 
pressure, by changing catalyst or by better mixing. 

• Lower the temperature of a liquid-phase reactor below the 
normal boiling point, or dilute it with a safe solvent. 

• Lower the temperature to reduce the danger of runaway 
reactions. 

• Substitute a hazardous solvent. 

• Externally heated/cooled to internally heated/cooled. 

Distillation 

• Choose the distillation sequence to minimize the inventory of 
hazardous material. 

• Use partition or dividing-wall columns to reduce the inventory 
relative to two simple columns and reduce the number of items of 
equipment, and hence lower the potential for leaks. 

• Use of low hold-up internals. 

Heat transfer operations 

• Use water or other nonflammable heat transfer media. 

• Use a lower temperature utility or heat transfer medium. 

• Use a liquid heat transfer medium below its atmospheric boiling 
point if flammable or toxic. 

• If refrigeration is required, consider higher pressure if this allows 
the refrigeration to be eliminated or a less hazardous refrigerant 
to be used. 

Storage 

• Locate producing and consuming plants near to each other so 
that hazardous intermediates do not have to be stored and 
transported. 

• Reduce storage by increasing design flexibility. 

• Store in a safer form (less extreme pressure, temperature or in a 
safer chemical form). 

Relief systems 

• Consider strengthening vessels rather than relief systems, but 
relief valves may still be needed for the case of fire relief. 

Overall inventory 

• Consider changes to reactor conversion and recycle inert 
concentration to reduce the overall inventory. 

Designs that avoid the need for hazardous materials or use less 
of them or use them at lower temperatures and pressures or 
dilute them with inert materials will be inherently safer. When 
synthesizing a process, the occurrence of flammable gas mixtures 
should be avoided, rather than relying on the elimination of sources 
of ignition. 

One of the principal approaches to making a process inherently 
safe is to limit the inventory of hazardous material. The inventories 
to be avoided most of all are flashing flammable ortoxic liquids, that 


is, liquids under pressure above their atmospheric boiling points. If 
plants can be designed so that they use safer raw materials and 
intermediates or not so much of the hazardous ones or use the 
hazardous ones at lower temperatures and pressures or diluted with 
inert materials, then many problems later in the design can be 
avoided (Kletz and Amyotte, 2010). 

As the design progresses, it is necessary to carry out Hazard and 
Operability Studies (Lees, 1989; Crawley and Tyler, 2000). 
HAZOP studies should not be seen as part of the design, but is 
an assurance. Having identified hazardous scenarios a layer of 
protection analysis (LOPA) needs to be carried out to determine 
which independent protection layers are needed to reduce the 
probability of the hazard occurring to a target mitigated event 
likelihood. 

28.11 Exercises 

1. When processing flammable and toxic materials, why are 
superheated liquids above their atmospheric boiling point to 
be most avoided? 

2. a) Compare the flammability hazard of storing 1000 kmol of 

cyclohexane at 100°C and 200 °C, using catastrophic 
failure of the vessel as a basis for comparison. The 
atmospheric boiling point of cyclohexane is 81 °C, its 
latent heat of vaporization is 30, OOOkJ-kmol , liquid 
heat capacity is 210kJ-kmol _l -K _1 and its heat of 
combustion is 3.95 X 10 6 kJ-kmoU 1 . 
b) How much of the theoretical heat of combustion would you 
expect to be released in the event of an explosion? 

3. A chemical process uses as raw material hazardous Component 
A. Component A is fed as liquid under pressure to a continuous 
stirred tank vessel (mixed-flow reactor) in which it performs a 
first-order reaction to useful Product B. The reaction in the 
vessel is isothermal first order with a rate of reaction given 
by —r A = k Q exp(—E/RT), where r A is the rate of reaction 
(kmol-min -1 ), k 0 = 1.5 X 10 6 min _1 , £ = 67, OOOkJ-kmol -1 , 
R= 8.3145kJ-K -1 kmol -1 , T is the reactor temperature (K) 
and C A the concentration of A (kmol-m 3 ). T is also the supply 
temperature of A whose yet unknown inventory m A is in the 
form of a superheated liquid. The total amount of B to be 
produced is 100 kmol h -1 . T and m A are to be selected with 
the additional consideration of safety. For mixtures of A and B 
the normal boiling point can be assumed to be 70 °C, the latent 
heat of vaporization 25,000 kjkmol ', the liquid specific heat 
capacity 140 kJ kmol - K -1 and the heat of combustion 
2.5 X 10° kjkmol -1 . The residence time of the reactor is 
1 hour and the safety is measured in terms of fire and explosion 
hazards on the basis of the theoretical combustion energy 
resulting from catastrophic failure of the equipment. 

a) An initial choice of 80 °C has been made for T. Calculate the 
required inventory of A, the vapor fraction of A in the feed 
and the theoretical combustion energy at this temperature. 

b) Repeat the calculation at 130 °C and comment on whether or 
not this is a safer design. 
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Appendix A 


A 


Physical Properties 
in Process Design 


D esign calculations most often require knowledge of physical 
properties. This includes thermodynamic properties, phase 
equilibrium and transport properties. In practice, the designer often 
uses a commercial physical property or simulation software pack¬ 
age to access such data. It is important to understand the basis and 
limitations of the methods and correlations, so that the most 
suitable methods can be chosen and not used inappropriately. 


If standard conditions are specified to be 1 atm(101,325 N-m -2 ) 
and 0°C (273.15 K), then from the ideal gas law, the volume 
occupied by 1 kmol of gas is 22.4 nr. 

For gas mixtures, the partial pressure is defined as the pressure 
that would be exerted if that component alone occupied the volume 
of the mixture. Thus, for an ideal gas: 

PiV = NiRT (A.2) 


A.1 Equations of State 

The relationship between pressure, volume and temperature for 
fluids is described by equations of state. For example, if a gas is 
initially at a specified pressure, volume and temperature and two of 
the three variables are changed, the third variable can be calculated 
from an equation of state. 

Gases at low pressure tend towards ideal gas behavior. For a gas 
to be ideal: 

• the volume of the molecules should be small compared with the 
total volume; 

• there should be no intermolecular forces. 

The behavior of ideal gases can be described by the ideal gas 
law (Hougen, Watson and Ragatz, 1954, 1959): 

PV = NRT (A.l) 

where P = pressure (N-m -2 ) 

V = volume occupied by N kmol of gas (m 3 ) 

N = moles of gas (kmol) 

R = gas constant (8314Nmkmol -1 K -1 or 
J-kmol -1 -K -1 ) 

T = absolute temperature (K) 

The ideal gas law describes the actual behavior of most gases 
reasonably well at pressures below 5 bar. 
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where p ,- = partial pressure (N-m 2 ) 

/V, = moles of Component i (kmol) 

The mole fraction in the gas phase for an ideal gas is given by a 
combination of Equations A.l and A.2: 


where y t = mole fraction of Component i 

For a mixture of ideal gases, the sum of the partial pressures 
equals the total pressure (Dalton’s Law): 

NC 

Y J Pi = p ( A - 4 ) 

i 

where p, = partial pressure of Component i (N-m -2 ) 

NC = number of components (— ) 

The behavior of real gases and liquids can be accounted for by 
introducing a compressibility factor (Z), such that (Hougen, Watson 
and Ragatz, 1954, 1959; Poling, Prausnitz and O’Connell, 2001): 

PV = ZRT (A.5) 

where Z = compressibility factor (—) 

V = molar volume (nr-kmol -1 ) 

Z = 1 for an ideal gas and is a function of temperature, 
pressure and composition for mixtures. A model 
for Z is needed. 


A 
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In process design calculations, cubic equations of state are most 
commonly used. The most popular of these cubic equations is the 
Peng-Robinson equation of state given by (Peng and Robinson, 
1976; Poling, Prausnitz and O'Connell, 2001): 


Z = 


V 


aV 


V-b RT(V- + 2 bV - b 2 ) 


where 


Z = ^ 
RT 


V = molar volume 

d2 ' T'l 

a = 0.45724- c -a 


(A. 6 ) 


(A.7) 


b = 0.0778 


RT C 


« =( 1 + jc (1 - V^)) 2 
k = 0.37464 + 1 .54226a; - 0.26992 co 1 
Tc = critical temperature 
P ( = critical pressure 
co = acentric factor 

— l0g ( ~P ) _1 

\ “c J T R = 0.7 

R = gas constant 

T r = 

Tc 

T = absolute temperature 

The acentric factor is obtained experimentally. It accounts for 
differences in molecular shape, increasing with nonsphericity and 
polarity, and tabulated values are available (Poling, Prausnitz and 
O’Connell, 2001). Equation A.6 can be rearranged to give a cubic 
equation of the form: 


Z 3 +fiZ 2 + yZ + S = 0 


(A. 8 ) 


where Z : 


PV 


RT 
P = B- 1 
y — A — 3B 2 - 2B 
S = B 3 +B 2 -AB 
aP 


A = - 


>2 r r2 


R T 

B = b ± 
RT 


This is a cubic equation in the compressibility factor Z, which 
can be solved analytically. The solution of this cubic equation 
may yield either one or three real roots (Press et al., 1992). To 
obtain the roots, the following two values are first calculated 
(Press et al., 1992): 


q = ■ 


r-3 y 


2fr - 9Py + 27 S 
54 


(A.9) 
(A. 10) 


If q 3 — r 2 > 0, then the cubic equation has three roots. These roots 
are calculated by first calculating: 


Q = arccos 


,3/2 


Then, the three roots are given by: 

Zl =-f 


-2 q 1 ^ 2 c 


6 + 2 ;r\ /? 


(A. 11) 

(A. 12) 

(A. 13) 


Z 3 = -2 q x l 2 co S 1 (A. 14) 


If <7 - r <0, then the cubic equation has only one root, given by: 


Z x =-sign{r)\ ( r-q 3 ) 


i/2 . .1 ! /3 

+ r + - 


(r 2 -^r 3 ) 1 / + |r| 


1/3 


J_ 

3 

(A. 15) 

where sign(r) is the sign of r, such that sign(r) = 1 if r > 0 and sign 
(r) = — 1 if r< 0 . 

If there is only one root, there is no choice but to take this as the 
compressibility factor at the specified conditions of temperature 
and pressure, but if three real values exist, then the largest 
corresponds to the vapor compressibility factor and the smallest 
is the liquid compressibility factor. The middle value has no 
physical meaning. A superheated vapor might provide only one 
root, corresponding to the compressibility factor of the vapor 
phase. A subcooled liquid might provide only one root, corre¬ 
sponding to the compressibility factor of the liquid phase. A vapor- 
liquid system should provide three roots, with only the largest and 
smallest being significant. Equations of state such as the Peng- 
Robinson equation are generally more reliable at predicting the 
vapor compressibility than the liquid compressibility. 

For multicomponent systems, mixing rules are needed to 
determine the values of a and b (Poling, Prausnitz and O’Connell, 
2001; Oellrich et al., 1981): 


NC 


b = y^xjbj 


NC NC 

- Y, Y x ' x 


(A. 16) 


(A. 17) 
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where ky is a binary interaction parameter found by fitting exper¬ 
imental data (Oellrich et al., 1981). 

Hydrocarbons: ky very small, nearly zero 

Hydrocarbon/Light gas: kij small and constant 

Polar mixtures: ky large and temperature dependent 

Interaction parameters for a number of binary pairs have been 
given by Oellrich et al. (1981). 

In addition to the Peng-Robinson (PR) equation of state 
(Peng and Robinson, 1976), another popular cubic equation of 
state is the Soave-Redlich-Kwong (SRK) equation (Soave, 1972). 
The two equations are similar, but the PR equation gives a better 
prediction of the liquid density. There are many variations on the 
basic forms of the PR and SRK equations. One significant weak 


point of the cubic equations is their reliability when predicting the 
behavior of mixtures containing significant amounts of hydrogen. 
If there are significant amounts of hydrogen, finding the correct 
root of the cubic equation is problematic. In situations where 
hydrogen is a problem, it is advisable to use the Chao-Seader- 
Grayson-Streed model (Chao and Seader, 1961; Grayson and 
Streed, 1963). This is a semi-empirical model, but it is tailored 
to predicting the behavior of hydrogen-rich hydrocarbon mixtures. 
Other forms of equations of state include those derived from 
statistical thermodynamics, such as the SAFT (Statistical Associ¬ 
ating Fluid Theory) (Chapman et al.. 1989, Kontogeorgis and 
Folas, 2010). Many other equations of state are available for 
specialist applications. Table A.l compares the characteristics 
of some of the most commonly used equations of state. 


Table A.l 

Characteristics of some of the most commonly used equations of state. 


Equation of state 

Characteristics 

Reference 

Peng-Robinson (PR) 

Cubic equation of state used for hydrocarbons and gases. 
Cryogenic systems down to —250 °C. Pressures up to 1000 bar. 
Variations on the PR equation can be used for three phase flash 
calculations. Difficulties can arise obtaining the correct root to 
the cubic equation close to the critical point. Not recommended 
for heavy hydrocarbon mixtures at low pressures. Many 
variations available are derived from the original PR equation. 

Peng and Robinson (1976) 

Soave-Redlich-Kwong (SRK) 

Cubic equation of state used for hydrocarbons and gases. 
Produces comparable results to PR, but the range of application 
is smaller. Less accurate than PR for the prediction of liquid 
density (molar volume). Cryogenic systems down to —140 °C. 
Pressures up to 350 bar. Not as reliable as PR for nonideal 
systems. Variations on SRK can be used for three phase flash 
calculations involving water as the second liquid phase. 
Difficulties can arise obtaining the correct root to the cubic 
equation close to the critical point. Not recommended for heavy 
hydrocarbon mixtures at low pressures. Many variations 
available are derived from the original SRK equation. 

Soave(1972) 

Chao-Seader-Grayson-Streed (CSGS) 

Recommended for hydrocarbon mixtures with a high hydrogen 
content. Also recommended for mixtures containing mainly 
liquid or vapor H 2 0 (but use steam tables for pure H 2 0). Can 
be used for three phase flash calculations involving water as the 
second liquid phase. Temperatures from — 20 °C to 430 °C. 
Pressures up to 200 bar. 

Chao and Seader (1961), Grayson and 
Streed (1963) 

Benedict-Webb-Rubin (BWR) 

Requires 8 specific coefficients, together with binary interaction 
parameters for mixtures. Accurate for hydrocarbon systems and 
gases, but not polar mixtures. 

Benedict, Webb and Rubin (1940) 

Benedict-Webb-Rubin-Starling (BWRS) 

Requires 11 specific coefficients, together with binary 
interaction parameters for mixtures. Accurate for hydrocarbon 
systems and gases, but not polar mixtures. Commonly used for 
compression calculations for hydrocarbon systems. 

Starling (1973) 

Lee-Kesler-Plocker (LKP) 

A modification of the BWR equation to improve prediction 
over a wider range of substances. Accurate general method for 
nonpolar substances and mixtures. Can be more accurate than 
PR and SRK for liquid density for hydrocarbon mixtures. 

Lee and Kesler (1975), Plocker, Knapp 
and Prausnitz (1978) 

SAFT 

Use when strong hydrogen bonding is present and for mixtures 
involving polymers. 

Chapman et al., 1989, Kontogeorgis and 
Folas (2010) 
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Example A.1 Using the Peng-Robinson equation of state: 

a) Determine the vapor compressibility of nitrogen at 273.15 K 
and 1.013 bar, 5 bar and 50 bar, and compare with an ideal gas. 
For nitrogen, r c =126.2K, P c = 33.98bar and o> = 0.037. 
Take R = 0.08314 bar m 3 kmol “ 1 K“ 1 . 

b) Determine the liquid density of benzene at 293.15 K and 
compare this with the measured value of p L = 876.5 kgm -3 . 
For benzene, molar mass = 78.11 kgkmol -1 , T c = 562.05 K, 
P c = 48.95 bar and w = 0.210. 

Solution 

a) For nitrogen. Equation A .8 must be solved for the vapor compress¬ 
ibility factor. In this case, q 3 — r 2 < 0 and there is one root given by 
Equation A. 15. The solution is summarized in Table A.2. 

From Table A.2, it can be seen that the nitrogen can be 
approximated by ideal gas behavior at moderate pressures. 

b) For benzene, at 293.15K and 1.013bar (1 atm), Equation A .8 
must be solved for the liquid compressibility factor. In this 
case, q 3 — r 2 > 0 and there are three roots given by Equations 
A.12 to A.14. The parameters for the Peng-Robinson equation 
are given in Table A.3. 

From the three roots, only and Z> are significant. The smallest 
root (Zi) relates to the liquid and the largest root (Z 2 ) to the vapor. 
Thus, the density of liquid benzene is given by Equation A.5: 

78.H 

Pl ~ ZiRT/P 

78.11 

“ 0.0036094 x 24.0597 
= 899.5 kg • m“ 3 

This compares with an experimental value of p L = 
876.5 kg • m -3 (an error of 3%). 


Table A.2 

Solution of the Peng-Robinson equation of state for nitrogen. 



Pressure 1.013 bar 

Pressure 5 bar 

Pressure 50 bar 

K 

0.43133 

0.43133 

0.43133 

a 

0.63482 

0.63482 

0.63482 

a 

0.94040 

0.94040 

0.94040 

b 

2.4023 x 10~ 2 

2.4023 x 10~ 2 

2.4023 x 10~ 2 

A 

1.8471 X 10~ 3 

9.1171 x 10~ 3 

9.1171 x 10~ 2 

B 

1.0716X 10 -3 

5.2891 x 10“ 3 

5.2891 xlO -2 

P 

-0.99893 

0.99471 

-0.94711 

y 

-2.9947 xl0“ 4 

-1.5451 xl0“ 3 

-2.3004 xl0“ 2 

s 

-8.2984 x 10~ 7 

-2.0099 x 10~ 5 

-1.8767 x 10~ 3 

4 

0.11097 

0.11045 

0.10734 

r 

-3.6968 x 10~ 2 

-3.6719 x 10~ 2 

-3.6035 x 10~ 2 


-2.9848 x 10~ 8 

-7.1589 x 10~ 7 

-6.1901 x 10~ 5 

Zi 

0.9993 

0.9963 

0.9727 

RT/P (m 3 kmor 1 ) 

22.42 

4.542 

0.4542 

ZiRT/P (m 3 kmol -1 ) 

22.40 

4.525 

0.4418 


Table A.3 

Solution of the Peng-Robinson equation of state for benzene. 



Pressure 1.013 bar 

K 

0.68661 

a 

1.41786 

a 

28.920 

b 

7.4270 X 10~ 2 

A 

4.9318 x 10~ 2 

B 

3.0869 x 10~ 3 

P 

-0.99691 

Y 

4.3116 x 10 -2 

S 

-1.4268 xl0“ 4 

q 

9.6054 x 10~ 2 

r 

-2.9603 x 10~ 2 

q 3 -r 

9.9193 x 10~ 6 

Zi 

0.0036094 

z 2 

0.95177 

z 3 

0.04153 
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A.2 Phase Equilibrium for 
Single Components 

The phase equilibrium for pure components is illustrated in 
Figure A. 1. At low temperatures, the component forms a solid 
phase. At high temperatures and low pressures, the component 
forms a vapor phase. At high pressures and high temperatures, the 
component forms a liquid phase. The phase equilibrium bounda¬ 
ries between each of the phases are illustrated in Figure A.l. The 
point where the three phase equilibrium boundaries meet is 
the triple point, where solid, liquid and vapor coexist. The phase 
equilibrium boundary between liquid and vapor terminates at 
the critical point. Above the critical temperature, no liquid forms, 
no matter how high the pressure. The phase equilibrium boundary 
between liquid and vapor connects the triple point and the critical 
point, and marks the boundary where vapor and liquid coexist. For 
a given temperature on this boundary, the pressure is the vapor 
pressure. When the vapor pressure is 1 atm, the corresponding 
temperature is the normal boiling point. If, at any given vapor 
pressure, the component is at a temperature less than the phase 
equilibrium, it is subcooled. If it is at a temperature above the phase 
equilibrium, it is superheated. Various expressions can be used to 
represent the vapor pressure curve. 

The simplest expression is the Clausius-Clapeyron equation 
(Hougen, Watson and Ragatz, 1954, 1959): 

In P sat =A-j (A. 18) 

where A and B are constants and T is the absolute temperature. 
This indicates that a plot of lni >s ' 4r versus 1 IT should be a straight 
line. Equation A. 18 gives a good correlation only over small 
temperature ranges. Various modifications have been suggested 
to extend the range of application, for example, the Antoine equation 



Figure A.l 

Phase equilibrium for a pure component. 


(Hougen, Watson and Ragatz, 1954, 1959: Poling, Prausnitz and 
O’Connell, 2001): 

In P SAT = A -— (A. 19) 

C + T 

where A, B and C are constants determined by correlating exper¬ 
imental data (Poling, Prausnitz and O’Connell, 2001). Extended 
forms of the Antoine equation have also been proposed. For 
example: 

In P SAT = A +- + DT + E\nT + FT G (A.20) 

C+T 

where A, B, C, D, E, F, and G are constants determined by 
correlating experimental data. Extended forms of the Antoine 
equation allow prediction of the saturated liquid vapor pressure 
of a greater range of temperatures. Great care must be taken when 
using correlated vapor pressure data not to use the correlation 
coefficients outside the temperature range over which the data has 
been correlated; otherwise, serious errors can occur. 

A.3 Fugacity and Phase 
Equilibrium 

Having considered single-component systems, multicomponent 
systems now need to be addressed. If a closed system contains 
more than one phase, the equilibrium condition can be written 
as: 

/'=/"=/'" i= l,2,...,NC (A.21) 

where /’ is the fugacity of Component i in Phases 7, II and III and 
NC is the number of components. Fugacity is a thermodynamic 
pressure, but has no strict physical significance. It can be thought 
of as an “escaping tendency”. Thus, Equation A.21 states that 
if a system of different phases is in equilibrium, then the 
“escaping tendency” of Component i from the different phases 
is equal. 

A.4 Vapor-Liquid 
Equilibrium 

Thermodynamic equilibrium in a vapor-liquid mixture is given 
by the condition that the vapor and liquid fugacities for each 
component are equal (Hougen, Watson and Ragatz, 1959): 

ft =/f (A.22) 

where fj = fugacity of Component i in the vapor phase 
fl = fugacity of Component i in the liquid phase 

Thus, equilibrium is achieved when the “escaping tendency” 
from the vapor and liquid phases for Component i are equal. 
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The vapor-phase fugacity coefficient, tpj , can be defined by the When the liquid phase behaves as an ideal solution y,= 1 and 
expression: Equation A.29 simplifies to: 


fi = yffij P (A.23) 

where y,- = mole fraction of Component i in the vapor phase 
cpY = vapor-phase fugacity coefficient 
P = system pressure 

The liquid-phase fugacity coefficient cpf can be defined by the 
expression: 

ft = XitfP (A.24) 

The liquid-phase activity coefficient yi can be defined by the 
expression: 


/' - '77,/'' (A.25) 

where = mole fraction of Component i in the liquid phase 
(jfr = liquid-phase fugacity coefficient 
Yj = liquid-phase activity coefficient 
f? = fugacity of Component i at standard state 

For moderate pressures, ff can be approximated by the saturated 
vapor pressure, P? Ar ; thus, Equation A.25 becomes (Poling, 
Prausnitz and O’Connell, 2001): 


K. = 




Xi 


pSAT 

~P~ 


(A.30) 


which is Raoult’s law and represents both ideal vapor- and liquid- 
phase behavior. Correlations are available to relate component 
vapor pressure to temperature, as discussed in Section A.2. 

By contrast, highly nonideal behavior in which y, > 1 (positive 
deviation from Raoult’s Law) forms a minimum-boiling azeo¬ 
trope. At the azeotropic composition, the vapor and liquid are both 
at the same composition for the mixture. The lowest boiling 
temperature is below that of either of the pure components and 
is at the minimum-boiling azeotrope (see Figure 8.4b). For highly 
nonideal behavior in which y,- < 1 (negative deviation from 
Raoult’s Law) a maximum-boiling azeotrope can be formed 
(see Figure 8.4c). This maximum-boiling azeotrope boils at a 
higher temperature than either of the pure components and would 
be the last fraction to be distilled, rather than the least volatile 
component, which would be the case with nonazeotropic behavior. 

The vapor-liquid equilibrium for noncondensable gases in 
equilibrium with liquids can often be approximated by Henry’s 
Law (Hougen, Watson and Ragatz, 1954, 1959; Poling, Prausnitz 
and O’Connell, 2001): 


Pi = HjXj 


(A.31) 


fi=x iYi Py T (A.26) 

Equations A.22, A.23 and A.24 can be combined to give an 
expression for the K-value, K h which relates the vapor and liquid 
mole fractions: 



4± 


(A.27) 


where p f = partial pressure of Component i 

Hj = Henry’s Law constant (determined 
experimentally) 

Xj = mole fraction of Component i in the liquid phase 


Assuming ideal gas behavior (p, = y,P): 

11 ;X: 


(A.32) 


Equation A.27 defines the relationship between the vapor and 
liquid mole fractions and provides the basis for vapor-liquid 
equilibrium calculations on the basis of equations of state. 
Thermodynamic models are required for &Y and </>■ from an 
equation of state. Alternatively, Equations A.22, A.23 and A.26 
can be combined to give: 

y. y.P? A T 

R i = - = (A - 28) 

Xi p 


This expression provides the basis for vapor-liquid equilibrium 
calculations on the basis of liquid-phase activity coefficient 
models. In Equation A.28, thermodynamic models are required 
for cpY (from an equation of state) and y ( - from a liquid-phase 
activity coefficient model. Some examples will be given later. 
At moderate pressures, the vapor phase becomes ideal, as dis¬ 
cussed previously, and (pY — 1- For an ideal vapor phase, 
Equation A.28 simplifies to: 



Ti't 


iSAT 


(A.29) 


Thus, the P'-value is given by: 


K, = 


y,- 


Xi 


Hi 

P 


(A.33) 


A straight line would be expected from a plot of y, against x t . 

The ratio of equilibrium K -values for two components measures 
their relative volatility: 

atj = (A.34) 

k j 

where a^ = volatility of Component i relative to Component j 
These expressions form the basis for two alternative approaches 
to vapor-liquid equilibrium calculations: 

a) Kj = 4>\/fp] forms the basis for calculations based entirely on 
equations of state. Using an equation of state for both the liquid 
and vapor phase has a number of advantages. First,/® need not 
be specified. Also, in principle, continuity at the critical point 
can be guaranteed with all thermodynamic properties derived 
from the same model. The presence of noncondensable gases. 


P 
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in principle, causes no additional complications. However, 
the application of equations of state is largely restricted to 
nonpolar components. 

b) Kj = YjP^ AT / 4>) P forms the basis for calculations based on 
liquid-phase activity coefficient models. It is used when polar 
molecules are present. For most systems at low pressures, (f>)' 
can be assumed to be unity. If high pressures are involved, 
then (j> x - must be calculated from an equation of state. However, 
care should be taken when mixing and matching different 
models for y, and (p x - for high-pressure systems to ensure that 
appropriate combinations are taken. 


Example A.2 A gas from a combustion process has a flowrate 
of 10 m 3 s _ 1 and contains 200 ppmv of oxides of nitrogen, expressed 
as nitric oxide (NO) at standard conditions of 0 °C and 1 atm. This 
concentration needs to be reduced to 50 ppmv (expressed at standard 
conditions) before being discharged to the environment. It can be 
assumed that all of the oxides of nitrogen are present in the form 
of NO. One option being considered to remove the NO is by 
absoiption in water at 20 °C and 1 atm. The solubility of the NO 
in water follows Henry’s Law, with H NO = 2.6 X 10 4 atm at 20 °C. 
The gas is to be contacted countercun'ently with water such that the 
inlet gas contacts the outlet water. The concentration of the outlet 
water can be assumed to reach 90% of equilibrium. Estimate the 
flowrate of water required, assuming the molar mass of gas in 
kilograms occupies 22.4 m 3 at standard conditions of 0 °C and 1 atm. 

Solution 

Molar flowrate of gas = 10 X- 

22.4 

= 0.446 kmols -1 

Assuming the molar flowrate of gas remains constant, the amount 
of NO to be removed 


= 0.446(200 - 50) X 10 “ 6 
= 6.69 X 10 ~ 5 kmol • s -1 

Assuming the water achieves 90% of equilibrium and contacts 
countercun'ently with the gas, from Henry's Law (Equation A.32): 


*NO 


<>• W 

#NO 


where yj 0 = equilibrium mole fraction in the gas phase 


_ 0.9 X 200 X 10“ 6 X 1 

* N °- LfTxTo 4 

= 6.9 x 10 -9 

Assuming the liquid flowrate is constant, water flowrate 

6.69 Xl0“ 5 
~~ 6.9 X 10~ 9 - 0 
= 9696 kmol • s _1 
= 9696 x 18 kg -s- 1 
= 174, 500 kg-s- 1 

This is an unpractically large flowrate. 


A.5 Vapor-Liquid 
Equilibrium Based on 
Activity Coefficient Models 

In order to model liquid-phase nonideality at moderate pressures, 
the liquid activity coefficient y t must be known: 


Yi varies with composition and temperature. There are three 
popular activity coefficient models (Poling, Prausnitz and 
O’Connell, 2001): 


a) Wilson 

b> Nonrandom two liquid (NRTL) 
c) Universal quasi-chemical (UNIQUAC) 


These models are semi-empirical and are based on the concept that 
intermolecular forces will cause nonrandom arrangement of mol¬ 
ecules in the mixture. The models account for the arrangement of 
molecules of different sizes and the preferred orientation of 
molecules. In each case, the models are fitted to experimental 
binary vapor-liquid equilibrium data. This gives binary interaction 
parameters that can be used to predict multicomponent vapor- 
liquid equilibrium. In the case of the UNIQUAC equation, if 
experimentally determined vapor-liquid equilibrium data are 
not available, the Universal Quasi-chemical Functional Group 
Activity Coefficients (UNIFAC) Method can be used to estimate 
UNIQUAC parameters from the molecular structures of the com¬ 
ponents in the mixture (Poling, Prausnitz and O’Connell, 2001). 


a) Wilson equation. The Wilson equation activity coefficient 
model is given by (Wilson, 1964: Poling, Prausnitz and 
O’Connell, 2001): 


In Yi = -In 


NC 


where 


E x Aij 


Vf 

A ? = ^exp 


NC 

E 

Xk^-ki 

N 

k 

/C x Akj 


L 3 

Ay — 

Au\ 


(A.36) 


RT 


(A.37) 


where 


Vf = molar volume of pure Liquid i 
Ay = energy parameter characterizing the interaction 
of Molecule i with Molecule j 
R = gas constant 
T = absolute temperature 


A'i = Ajj = Am = 1 


Ajj = 1 for an ideal solution 

Ay < 1 for positive deviation from Raoult’s Law 

Ay > 1 for negative deviation from Raoult’s Law 
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For each binary pair, there are two adjustable parameters 
that must be determined from experimental data, that is, 
(Ay — An), which are temperature dependent. The ratio of 
molar volumes Vj'/Vf is a weak function of temperature. 
For a binary system, the Wilson equation reduces to (Poling, 
Praunitz and O’Connell. 2001): 


In Y\ = —ln[A] +x 2 A 12 ]+x 2 


A\2 

x\ + A\ 2 x 2 


A 2 \ 

XiA 2 1 + x 2_ 

(A.38) 


In Y 2 = -ln[x 2 + xiA 21 ] — X\ 


A 12 

Xl +A12X2 


A21 

X 1 A 21 + x 2 


(A.39) 


where 


V L ~, 

A 12 = ~yt exp 


A\ 2 - A 11 


RT 


A V l 

A21 = j7i ex P 
v 2 


^21 ~ A 2 2 


RT 


(A.40) 


The two adjustable parameters, (A\ 2 — An) and (A 21 —A 22 ), 
must be determined experimentally (Gmehling, Onken and 
Arlt, 1977-1980). 

b) NRTL equation. The NRTL equation is given by (Renon and 
Prausnitz, 1968; Poling, Prausnitz and O’Connell, 2001): 


NC 

) - r jiGji x j \ ( 

In y . = —_+ V Xj ij 

'< NC Z ^ NC 

E Gki x k 7 E GkjXk 


( 


NC 

Y. Xk'tkjGkj 

k 


\ 


T V ’ NC 


(-*kj%k 

k 


J 

(A.41) 


where Gy = exp (-ayry), Gy = cxpl-ayT,-,) 

_ 8ij ~ Sjj _ gji ~ 8 a 

v RT > ]• RT 

Gy -t- Gji, Ty + Tjj, Gu = Gjj = 1 . Ty — Ty — 0 
Ty = 0 for ideal solutions 


and gjj and gjj are the energies of interactions between Mole¬ 
cules i and /; ay characterizes the tendency of Molecule i and 
Molecule j to be distributed in a random fashion, depends 
on molecular properties and usually lies in the range 0.2 to 0.5. 
For each binary pair of components, there are three adjustable 
parameters, (g y - gjj), (g jt - g u ) and a & <=a // ), which are tem¬ 
perature dependent. For a binary system, the NRTL equation 
reduces to (Poling, Prausnitz and O’Connell, 2001): 


Inn 


721 


G 2 \ 


-V 


+ - 


ri 2 Gi 2 


X\ + x 2 G 2 i J (x 2 + X 1 G 12 ) 


(A.42) 


In Yi= A 


T\2 


G \ 2 


A 


+ - 


721G21 


X 2 + X\ G\ 2 ) (xi + X2G21) 


(A.43) 


where G 12 = exp(-a 12 7 12 ), G 2 , = cxp(-a 2] 7 21 ), 


712 


8 12 ~ 8 22 

RT 


721 


8 21 ~ £n 

RT 


The three adjustable parameters, (g\ 2 — g 22 ), (g 2 i—gn) and 
a l2 (= a 2 i), must be determined experimentally (Gmehling, 
Onken and Arlt, 1977-1980). 

c) UNIQUAC equation. The UNIQUAC equation is given by 
(Anderson and Prausnitz, 1978a; Poling, Prausnitz and 
O'Connell, 2001): 


,n A = 1 “ ( + l i ~ Y. x i l > 


Xj 


0j 




0, 


NC 


Xi 


+ 0 / 


!- ln Z 


NC 


@j T ij 


/NC 

7 E s^ki 

k 


(A.44) 


where q> — ™ , 0,. = q ‘ X ‘ 

1 NC ’ 1 NC 

E r kXk E Qk x k 

k k 


h = ^ (n - q) ~ {n - 1), ty = exp - 


("a Ujj\ 

V RT ) 


Uy = interaction parameter between Molecule i and 
Molecule j (uy = Uj,) 
z = coordination number (z = 10) 

Tj = pure component property, measuring the 

molecular van der Waals volume for Molecule i 
qt = pure component property, measuring the 
molecular van der Waals surface area for 
Molecule i 
R = gas constant 
T = absolute temperature 


For each binary pair, there are two adjustable parameters 
that must be determined from experimental data, that is, 
(uy — Ujj ), which are temperature dependent. Pure component 
properties r,- and q t measure molecular van der Waals volumes 
and surface areas and have been tabulated (Gmehling, Onken 
and Alt, 1977-1980). For a binary system, the UNIQUAC 
equation reduces to (Poling, Prausnitz and O’Connell, 2001): 


In /, = In 



+ i?i ln 



+ 0 2 



- q, ln(6>! + 02721) + 0201 


721 


0 ] + 02721 


721 \ 

02 + 01712/ 


(A.45) 


In Y 2 = In 



+ ^ 02 ln 



+ 0\ 



-02 ln(0 2 + 0l7 12 ) + 0102 


712 
02 + 0 U 12 


721 \ 

01 + 02 721 / 


(A.46) 
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where __ill_, 0 2 = __ 

riXi + r 2 x 2 ’ r x x\ + r 2 x 2 

e = <?i*i e = <h*2 

q x x\ + q 2 x 2 ’ q x x\ + q 2 x 2 

h = ^{n -q x ) ~(n - 1), 

h = ^ {r 2 - q 2 ) - (r 2 - 1) 

/Ml2 - «22\ 

Tl2 = exp - V Hr J 

(U 21 - Ml A 

T 2i = ex P — v Hr / 

The two adjustable parameters, ( u x2 ~ u 22 ) and (u 2 i — u\ i), must be 
determined experimentally (Gmehling, Onken and Arlt, 
1977-1980). Pure component properties r x , r 2 , q x and q 2 have 
been tabulated (Gmehling, Onken and Arlt, 1977-1980). 

Since all experimental data for vapor-liquid equilibrium have 
some experimental uncertainty, it follows that the parameters 
obtained from data reduction are not unique (Poling, Prausnitz 
and O’Connell, 2001). There are many sets of parameters that can 
represent the experimental data equally well, within experimental 
uncertainty. The experimental data used in data reduction are not 
sufficient to fix a unique set of "best” parameters. Realistic data 
reduction can determine only a region of parameters (Hougen, 
Watson and Ragatz, 1959). 

Published interaction parameters are available (Gmehling, 
Onken and Arlt, 1977-1980). However, when more than one 
set of parameters is available for a binary pair, which should be 
chosen? 

a) Check if the experimental data is thermodynamically con¬ 
sistent. The Gibbs-Duhem equation (Hougen, Watson and 
Ragatz, 1954, 1959) can be applied to experimental binary 
data to check its thermodynamic consistency and it should be 
consistent with this equation. 

b) Choose parameters fitted at the process pressure. 


c) Choose data sets covering the composition range of interest. 

d) For multicomponent systems, choose parameters fitted to 
ternary or higher systems, if possible. 

A.6 Group Contribution 
Methods for Vapor-Liquid 
Equilibrium 

The vapor-liquid equilibrium models discussed in Section A.5 
depend on knowledge of binary interaction parameters for each 
binary pair in the mixture to have been fitted from experimental 
data. It is often the case that binary interaction parameters are not 
available for all of the binary pairs in the mixture being studied. If 
only fragmentary data or no data are available, then vapor-liquid 
equilibrium can be estimated using group contribution methods. 
Using this approach, a molecule is divided into functional groups. 
The division into functional groups can be somewhat arbitrary. 
Molecule-to-molecule interactions are considered to be weighted 
sums of the group-to-group interactions. Thus in a multicomponent 
system, group contribution methods assume that each functional 
group behaves in a manner independent of the molecule in which it 
appears. It is necessary to correlate group-to-group interactions 
from experimental data for binary systems. It is then possible to 
calculate molecule-to-molecule interactions, and therefore phase 
equilibrium for molecular pairs when no experimental data are 
available. The advantage of the group contribution approach is 
that, because the number of possible distinct functional groups is 
much smaller than the number of distinct possible molecules, then 
it is possible to correlate more group-to-group interactions than 
molecule-to-molecule interactions. However, there are also many 
disadvantages, to be discussed later. 

The description of functional groups is illustrated in Figure A.2, 
which shows some examples of molecules divided into functional 
groups. Figure A.2a shows n-pcntane, which consists of two CH 3 
groups and three CH 2 groups. Figure A.2b shows ethanol, which 


/' H;h\ ;h\ /Hi ,'h \ 
i: i; i j ; ii *, 
!H-c4c4-c 4C-^-C-H' 
f !l;!| II I ' 
\ H ! \H< \H< \H /H / 


u H\ ;h\ 

< I I I'" - '' 
,'H—C 4 0-40—H, 

' i ' i N-■ 

\ H. \H/ 


Figure A.2 

Molecules as functional groups. 


(a) n-Pentane. 


h', ;o h '\ 
' i i : ii i > 
;h—c-^-c—C-H 
i i i 

\ H, \ H X 


(b) Ethanol. 



(e) Acetone. 


(d) Toluene. 
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consists of one CH 3 group, one CH 2 group and one OH group. 
Figure A.2c shows acetone, which consists of one CH 3 group and 
one CH 3 CO group. Finally, Figure A.2d shows toluene, which 
consists of five ACH (aromatic-CH) groups and one ACCH 3 
(aromatic-CCH 3 ) group. 

To calculate the activity coefficient requires the group mole 
fraction X k to be defined. This is analogous to the mole fraction of a 
molecule and is defined as: 


E 

£,■*;(£* 4) 


(A.47) 


2001). The residual component of the activity coefficient yf is 
defined by: 

All groups 

In yf= J2 4( ln A-ln r\) (A.51) 

k 

where 7* = group residual activity coefficient 

ri = residual activity coefficient of group k in a 

reference solution containing only molecules of 
Type i 

The group activity coefficient for both f k and P k is given by: 


where X k 


mole fraction of interaction Group k in Molecule i 
number of interaction Groups k in Molecule i 


In r k = Q k 


1-lnhTfl, 


nVmk 


E 


QmVkm 


(A.52) 


For example, in a mixture with the mole fraction of acetone 
Xac = 0.4 and the mole fraction of toluene X;ro£ = 0.6, the group 
fraction of the CH 3 group in the mixture is given by: 


2fcH3 = 


Me X 1 

xac X 2 + Xtol x 6 


0.4 x 1 

0.4 x 2 + 0.6 x 6 


0.0909 


The most commonly used group contribution method for 
vapor-liquid equilibrium is the UNIFAC (UNIQUAC Functional 
Group Activity Coefficient) method. The UNIFAC model repre¬ 
sents the activity coefficient of Species i by a combinatorial 
component ( C ) and a residual component ( R ): 

In yi = In yf + In yf (A.48) 


Both parts are based on the UNIQUAC equation above. The 
combinatorial component is given by: 


0i 


e, 


0, 


0 , 


jvc 


ln Y < = ln ( * ) + 2 q ‘ ]n (./, ) l/; ,'EV/ (A-49) 


Xi 


where 0j 


nxt _ q t Xj 

NC ' ~ NC 

£ r j X j £ Qj X j 

j j 


U = ^ {n - q,) - ( r > - 1), *=io 


Xj = mole fraction of Component i 
z = coordination number (z= 10) 
ri = pure component volume parameter for Molecule i 
q t = pure component surface area parameter for 
Molecule i 


The pure component r, and q t parameters are calculated from the 
group volume R k and surface area Q k contributions: 

r i = Y J » i k R k, <?, = E°t G A- (A.50) 

k k 


where 6 m 


Xm 
W nm 

T 


summation of the area fraction of group m over 
all groups 
QnAm 

mole fraction of Group m in the mixture (—) 



group interaction parameter (K) 
absolute temperature (K) 


The group interaction parameters a mn must be correlated from 
experimental data. It should also be noted that a mn ¥= a nm . 

To apply the UNIFAC method requires two different classes of 
group to be defined: subgroups and main groups. Subgroups are 
the smallest building blocks and the main groups are used to group 
subgroups together. For example, subgroups CH 3 , CH 2 , CH and C 
all belong to the main group CH 2 . The reason for this is that, 
although the subgroups have different volume and surface area 
parameters R k and Q k , the interaction parameters are the same for 
all subgroups within a main group. Table A.4 gives some examples 
of R k and Q k parameters and Table A.5 the corresponding inter¬ 
action parameters. 

There are a number of important restrictions for the UNIFAC 
method: 

• The UNIFAC method does not distinguish between isomers. 

• Noncondensable gases are excluded. However, such gases can 
be modeled separately using Henry’s law. 

• Polymers and electrolytes are excluded. 

• It is limited to moderate pressures of less than lObar. 

• Temperatures are limited approximately to the range 15 °C to 
150 °C. 

• Conditions must be remote from critical conditions. 

• UNIFAC parameters based on vapor-liquid equilibrium data 
cannot be used for liquid-liquid equilibrium predictions. Varia¬ 
tions from the original method allow the same parameters to be 
used for vapor-liquid and liquid-liquid equilibrium predictions. 

• The group contribution method assumes that a given group will 
behave the same in any molecule. However, this is not the case. 


The group volume and surface area contributions and Q k are An alternative group contribution method to UNIFAC is the 

normally obtained from tables (Poling, Prausnitz and O’Connell, ASOG (Analytical Solution Of Groups) Method (Poling, Prausnitz 
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Table A.4 

Examples of group volume and surface area parameters (Poling, Prausnitz and O’Connell, 2001). 


Main 

group 

Subgroup 

R k 

Qk 






Number 

Group 

Number 

Group 



1 

ch 2 

1 

ch 3 

0.9011 

0.848 



2 

ch 2 

0.6744 

0.540 



3 

CH 

0.4469 

0.228 



4 

C 

0.2195 

0.000 

2 

c=c 

5 

ch 2 =ch 

1.3454 

1.176 



6 

u 

II 

5 

1.1167 

0.867 



7 

ch 2 =c 

1.1173 

0.988 



8 

CH-C 

0.8886 

0.676 



70 

c=c 

0.6605 

0.485 

3 

ACH 

9 

ACH 

0.5313 

0.400 



10 

AC 

0.3652 

0.120 

4 

acch 2 

11 

acch 3 

1.2663 

0.968 



12 

ACCH2 

1.0396 

0.660 



13 

ACCH 

0.8121 

0.348 


Table A.5 

Examples of interaction parameters (Poling, Prausnitz and O’Connell, 2001). 


Main Group 

1 

2 

3 

4 

1 

0 

86.02 

61.13 

76.5 

2 

-35.36 

0 

38.81 

74.15 

3 

-11.12 

3.446 

0 

167.0 

4 

-69.7 

-113.6 

-146.8 

0 


and O’Connell, 2001). This is less commonly used than the 
UNIFAC Method, even though it was developed earlier. 

Despite their convenience, group contribution methods must 
not be seen as the first choice for the prediction of phase equili¬ 
brium, but a choice of last resort when binary interaction parame¬ 
ters are not available for other methods. 


determined. The relationship between the fugacity coefficient and 
the volumetric properties can be written as: 


In </;, = 


i r°° 

(DP' 

v RT 

RTJv 

Wo 

T,VJWj V 


dV-RT\nZ 


(A.53) 


A.7 Vapor-Liquid 
Equilibrium Based on 
Equations of State 


For example, the Peng-Robinson equation of state for this integral 
yields (Poling, Prausnitz and O’Conell, 2001): 


ln^ = -d(Z-l)-ln(Z-5) 



Z + (l +V2)g \ (A ' 54) 
Z + (l - sfi)BJ 


Before an equation of state can be applied to calculate vapor-liquid 
equilibrium, the fugacity coefficient (f >, for each phase needs to be 


a 
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where A = aP 
R 2 T 2 

B = bP 
RT 

Thus, given critical temperatures, critical pressures and acentric 
factors for each component, as well as a phase composition, 
temperature and pressure, the compressibility factor can be deter¬ 
mined and hence component fugacity coefficients for each phase can 
be calculated. Taking the ratio of liquid to vapor fugacity coefficients 
for each component gives the vapor-liquid equilibrium K-value for 
that component. This approach has the advantage of consistency 
between the vapor- and liquid-phase thermodynamic models. 
Such models are widely used to predict vapor-liquid equilibrium 
for hydrocarbon mixtures and mixtures involving light gases. 

A vapor-liquid system should provide three roots from the cubic 
equation of state, with only the largest and smallest being significant. 
The largest root corresponds to the vapor compressibility factor and 
the smallest is the liquid compressibility factor. However, some 
vapor-liquid mixtures can present problems. This is particular ly so 
for mixtures involving light hydrocarbons with significant amounts 
of hydrogen, which are common in petroleum and petrochemical 
processes. Under some conditions, such mixtures can provide only 
one root for vapor-liquid systems, when there should be three. This 
means that both the vapor and liquid fugacity coefficients cannot be 
calculated and is a limitation of such cubic equations of state. 

If an activity coefficient model is to be used at high pressure 
(Equation A.28), then the vapor-phase fugacity coefficient can be 
predicted from Equation A.54. However, this approach has the 
disadvantage that the thermodynamic models for the vapor and 
liquid phases are inconsistent. Despite this inconsistency, it might 
be necessary to use an activity coefficient model if there is reason¬ 
able liquid-phase nonideality, particularly with polar mixtures. 


equilibrium calculation, some of the conditions will be fixed. 
For example, the temperature, pressure and overall composition 
might be fixed. The task is to find values for the unknown 
conditions that satisfy the equilibrium relationships. However, 
this cannot be achieved directly. First, values of the unknown 
variables must be guessed and checked to see if the equilibrium 
relationships are satisfied. If not, then the estimates must be 
modified in the light of the discrepancy in the equilibrium, and 
iteration continued until the estimates of the unknown variables 
satisfy the requirements of equilibrium. 

Consider a simple process in which a multicomponent feed is 
allowed to separate into a vapor and a liquid phase with the phases 
coming to equilibrium, as shown in Figure A.3. An overall material 
balance and component material balances gives (see Chapter 8): 






F Ki 


Xi = ■ 


( Ki - 1)^+1 


(A.55) 


(A.56) 


where F 
V 

Zi 

yi 

Xi 


feed flowrate (kmol-s -1 ) 
vapor flowrate from the separator (kmol-s -1 ) 
mole fraction of Component i in the feed (—) 
mole fraction of Component i in vapor (—) 
mole fraction of Component i in liquid (—) 


The vapor fraction (V/F) in Equations A.55 and A.56 lies in the 
range 0 < VIF < 1. 

For a specified temperature and pressure, Equations A.55 and 
A.56 need to be solved by trial and error. Given that: 


NC NC 


E * = 5> 


= i 


(A.57) 


A.8 Calculation of 
Vapor-Liquid Equilibrium 

In the case of vapor-liquid equilibrium, the vapor and liquid 
fugacities are equal for all components at the same temperature 
and pressure, but how can this solution be found? In any phase 



Figure A.3 

Vapour-liquid equilibrium. 


where NC is the number of components, then: 

NC NC 

&-X> = 0 ^ A - 58 ) 

i i 

Substituting Equations A.55 and A.56 into Equation A.58, after 
rearrangement gives (see Chapter 8): 

Yi y Zi{ - Ki ~ X) = 0 =f(V/F) (A.59) 

'■ -(?f,-l)+l 

Equation A.59 is known as the Rachford-Rice Equation (Rachford 
and Rice, 1952). To solve Equation A.59, start by assuming a value 
of V/F and calculate fiV/F) and search for a value of V/F until the 
function equals zero. If it is necessary to calculate the bubble point 
(see Chapter 8): 

NC 

Y z ‘ K ‘ = 1 fA - 6 °) 

i 

Thus, to calculate the bubble point for a given mixture and at a specified 
pressure, a search is made for a temperature to satisfy Equation A.60. 
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Alternatively, temperature can be specified and a search made for a 
pressure, the bubble pressure, to satisfy Equation A.60. Another 
special case is when it is necessary to calculate the dew point. In this 
case, VIF= 1 in Equation A.59, which simplifies to: 



Again, for a given mixture and pressure, temperature is searched to 
satisfy Equation A.61. Alternatively, temperature is specified and 
pressure searched for the dew pressure. 


If the K-value requires the composition of both phases to be 
known, then to start the calculation, a temperature is assumed. 
Calculation of K-values requires knowledge of the vapor compo¬ 
sition to calculate the vapor-phase fugacity coefficient and that of 
the liquid composition to calculate the liquid-phase fugacity 
coefficient. If the liquid composition is known, the vapor 
composition is unknown and an initial estimate is required. 
Once the K-value has been estimated from an initial estimate of 
the vapor composition, the composition of the vapor can be 
reestimated, and so on. 


Example A.3 Calculate the vapor composition of an equimolar 
liquid mixture of methanol and water at 1 atm (1.013 bar): 

a) assuming ideal vapor- and liquid-phase behavior, that is, using 
Raoult’s Law and 

b) using the Wilson equation. 

Vapor pressure in bar can be predicted for temperature in Kelvin 
from the Antoine equation using coefficients in Table A.6 (Poling, 
Prausnitz and O’Connell, 2001). Data for the Wilson equation 
are given in Table A.7 (Gmehling, Onken and Arlt, 1977-1980). 
Assume the gas constant R = 8.3145 kJ kmol _1 K _l . 


Table A.6 

Antoine coefficients for methanol and water (Gmehling, Onken and Arlt, 
1977-1980). 



Ai 

B, 

Ci 

Methanol 

11.9869 

3643.32 

-33.434 

Water 

11.9647 

3984.93 

-39.734 


Table A.7 

Data for methanol (1) and water (2) for the Wilson equation at 1 atm 
(Gmehling, Onken and Arlt, 1977-1980). 


VT 

(m'kmol - ’) 

V 2 

(m 3 kmol -1 ) 

Ul2 “ ill) 

(kj kmol" 1 ) 

U 21 - i. 22 ) 

(kj kmol “') 

0.04073 

0.01807 

347.4525 

2179.8398 


Table A.8 

Bubble-point calculation for an ideal methanol-water mixture. 


Zi 

T = 340K 

r = 360K 

T = 350K 


K t 

ZiKi 

Ki 


Ki 

Z^ 

0.5 

1.0938 

0.5469 

2.2649 

1.1325 

1.5906 

0.7953 

0.5 

0.2673 

0.1336 

0.6122 

0.3061 

0.4094 

0.2047 

1.00 


0.6805 


1.4386 


1.0000 


Solution 

a) K-values assuming ideal vapor and liquid behavior are given by 
Raoult's Law (Equation A.30). The composition of the liquid is 
specified to be ;q = 0.5, *2 = 0.5 and the pressure 1 atm, but the 
temperature is unknown. Therefore, a bubble-point calculation is 
required to determine the vapor composition. The bubble point can 
be calculated from Equation A.60 or from Equation A.59 by 
specifying V/F= 0. The bubble point is calculated from 
Equation A.60 in Table A.8. The procedure can be carried out in 
spreadsheet software. Table A.8 shows the results for Raoult’s Law. 

Thus, the composition of the vapor at 1 atm is yi = 0.7953, 
y 2 = 0.2047, assuming an ideal mixture. 

b) The activity coefficients for the methanol and water can be 
calculated using the Wilson equation (Equations A.38 and 
A.39). The results are summarized in Table A.9. 

Thus, the composition of the vapor phase at 1 atm is = 
0.7863, y 2 = 0.2136 from the Wilson equation. For this mixture, 
at these conditions, there is not much difference between the 
predictions of Raoult’s Law and the Wilson equation, indicating 
only moderate deviations from ideality at the chosen conditions. 


Table A.9 

Bubble-point calculation for a methanol-water mixture using the Wilson equation. 


Zi 

T = 340 K 

J = 350K 

T = 346.13 K 


Yi 

Kt 

ZiKi 

Yi 

Ki 

ZiKi 

Yi 

Ki 

ZiKi 

0.5 

1.1429 

1.2501 

0.6251 

1.1363 

1.8092 

0.9046 

1.1388 

1.5727 

0.7863 

0.5 

1.2307 

0.3289 

0.1645 

1.2227 

0.5012 

0.2506 

1.2258 

0.4273 

0.2136 

1.00 



0.7896 



1.1552 



0.9999 


A 
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Example A.4 2-Propanol (isopropanol) and water form an azeo¬ 
tropic mixture at a particular liquid composition that results in the 
vapor and liquid compositions being equal. Vapor-liquid equili¬ 
brium for 2-propanol-water mixtures can be predicted by the Wilson 
equation. Vapor pressure coefficients in bar with temperature in 
Kelvin for the Antoine equation are given in Table A. 10 (Gmehling, 
Onken and Arlt, 1977-1980). Data for the Wilson equation are given 
in Table A. 11 (Gmehling. Onken and Arlt, 1977-1980). Assume the 
gas constant R = 8.3145 kjkmol -1 K -1 . Determine the azeotropic 
composition at 1 atm. 

Solution To determine the location of the azeotrope for a specified 
pressure, the liquid composition has to be varied and a bubble-point 
calculation performed at each liquid composition until a composition 
is identified, whereby x, = V;. Alternatively, the vapor composition 
could be varied and a dew-point calculation performed at each vapor 
composition. Either way, this requires iteration. Figure A.4 shows 
the.r-v diagram for the 2-propanol-water system. This was obtained 
by carrying out a bubble-point calculation at different values of 


Table A.10 

Antoine equation coefficients for 2-propanol and water (Gmehling, Onken 
and Arlt, 1977-1980). 



Ai 

Bi 

c, 

2-Propanol 

13.8228 

4628.96 

-20.524 

Water 

11.9647 

3984.93 

-39.734 


Table A.11 

Data for 2-propanol (1) and water (2) for the Wilson equation at 1 atm 
(Gmehling, Onken and Arlt, 1977-1980). 


the liquid composition. The point where the x—y plot crosses the 
diagonal line gives the azeotropic composition. A more direct search 
for the azeotropic composition can be carried out for such a binary 
system in a spreadsheet by varying T and X\ simultaneously and by 
solving the objective function (see Section 3.8): 

( X\K\ 4 - XjK-2 — I ) + (x\ — x\ K | y = 0 

The first expression in parentheses in this equation ensures that 
the bubble-point criterion is satisfied. The second expression in 
parentheses ensures that the vapor and liquid compositions are equal. 
The solution of this is given when x t =y, =0.69 and x 2 = yi = 0.31 
for the system of 2 -propanol-water at 1 atm. 


V| 



IT 

(m 3 kmol -1 ) 

V 2 

(nr'kmol - ') 

(7.12 - 7n) 

(kjkmol - ') 

(7.21 - 72 2 ) 

(kjkmol - ') 

0.07692 

0.01807 

3716.4038 

5163.0311 


Figure A.4 

An x—y plot for the system 2-propanol (1) water (2) from the 
Wilson Equation at 1 atm. 


Example A.5 Repeat the calculation from Example A.4, but two CH 3 , one CH and one OH functional groups. Water is itself a 
using the UNIFAC Model and compare the predictions of the Wilson functional group. Group volume and surface area parameters are 

equation with UNIFAC. 2-Propanol (CH 3 CHOHCH 3 ) consists of given in Table A. 12. Group interaction parameters are given in 


Table A.12 

Group volume and surface area parameters (Poling, Prausnitz and O’Connell, 2001). 


Component 

Subgroup 

Main group number 

R k 

Qk 

2-Propanol 

ch 3 

1 

0.9011 

0.848 


CH 

1 

0.4469 

0.228 


OH 

5 

1.0000 

1.200 

Water 

H 2 0 

7 

0.9200 

1.400 
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Table A.13 

Interaction parameters (Poling, Prausnitz and O’Connell, 2001). 



ch 3 

CH 

OH 

h 2 o 

ch 3 

0 

0 

986.5 

1318 

CH 

0 

0 

986.5 

1318 

OH 

156.4 

156.4 

0 

353.5 

H 2 0 

300.0 

300.0 

-229.1 

0 


Table A.13. Note in Table A. 13 that there are no interactions between 
subgroups in the same main group and that a mn A a, mt . Vapor 
pressure coefficients for the Antoine equation are given in 
Table A. 10. 


Solution Figure A.5 shows a comparison between the x—y dia¬ 
grams predicted by the UNIFAC Method and the Wilson equation. 
It can be seen that the UNIFAC Method predicts the formation of 
an azeotrope and gives a good prediction of the composition of 
the azeotrope in this case. However, at lower concentrations than 
the azeotrope there are significant errors in the prediction by the 
UNIFAC Method. For this system overall, the prediction of the 
vapor-liquid equilibrium is quite good. This is not surprising 
given that the conditions are moderate and there are only four 
functional groups involved. As the number of functional groups 
increases, the error in prediction is likely to increase. Also, the 2- 
propanol—water system is a well-studied system and the UNIFAC 
Method would be expected to give a good prediction. Despite 
the fact that the prediction in this case is quite good, other more 
complex systems can show serious errors with the UNIFAC 
Method and the method should only be used when no vapor- 
liquid equilibrium data are available. 



Figure A.5 

An x—y plot for the system 2-propanol (1) water (2) from the 
UNIFAC Model at 1 atm. 


A.9 Liquid-Liquid 
Equilibrium 

As the components in a liquid mixture become more chemically 
dissimilar, their mutual solubility decreases. This is characterized 
by an increase in their activity coefficients (for positive deviation 
from Raoult’s Law). If the chemical dissimilarity, and the corre¬ 
sponding increase in activity coefficients, become large enough, 
the solution can separate into two-liquid phases. 

Figure A.6 shows the vapor-liquid equilibrium behavior of a 
system exhibiting two-liquid phase behavior. Two-liquid phases 
exist in the areas abed in Figures A.6a and A.6b. Liquid mixtures 
outside of this two-phase region are homogeneous. In the two- 
liquid phase region, below ab , the two-liquid phases are subcooled. 
Along ab, the two-liquid phases are saturated. The area of the 
two-liquid phase region becomes narrower as the temperature 
increases. This is because the mutual solubility normally increases 
with increasing temperature. For a mixture within the two-phase 


region, say Point Q in Figure A.6a and A.6b, at equilibrium, two- 
liquid phases are formed at Points P and R. The line PR is the tie 
line. The analysis for vapor-liquid separation in Equations A.55 to 
A.59 also applies to a liquid-liquid separation. Thus, in Figures 
A.6a and A.6b, the relative amounts of the two-liquid phases 
formed from Point Q at P and R follow the Lever Rule (see 
Chapter 8 and Equation 8.24). 

In Figure A.6a, the azeotropic composition at Point e lies 
outside the region of two-liquid phases. In Figure A.6b, the 
azeotropic composition lies inside the region of two-liquid phases. 
Any two-phase liquid mixture vaporizing along ab, in Figure A.6b, 
will vaporize at the same temperature and have a vapor composi¬ 
tion corresponding with Point e. This results from the lines of 
vapor-liquid equilibrium being horizontal in the vapor-liquid 
region, as shown in Figure A.6b. A liquid mixture of composition 
e, in Figure A.6b, produces a vapor of the same composition and 
is known as a heteroazeotrope. The x—y diagrams in Figure A.6c 
and d exhibit a horizontal section, corresponding with the two- 
phase region. 
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-Dew Point 


Bubble Point 


Figure A.6 

Phase equilibrium featuring two liquid phases. 


For liquid-liquid equilibrium, the fugacity of each component 
in each phase must be equal: 

far if = (xi/i) 11 (A.62) 

where I and II represent the two-liquid phases in equilibrium. The 
equilibrium K-value or distribution coefficient for Component i 
can be defined by 

U V U 

K, = ‘ = (A.63) 

A A 

A.10 Liquid-Liquid 
Equilibrium Activity 
Coefficient Models 

A model is needed to calculate liquid-liquid equilibrium for the 
activity coefficient from Equation A.62. Both the NRTL and 
UNIQUAC equations can be used to predict liquid-liquid 
equilibrium. Note that the Wilson equation is not applicable to 
liquid-liquid equilibrium and, therefore, also not applicable to 
vapor-liquid-liquid equilibrium. Parameters from the NRTL and 
UNIQUAC equations can be correlated from vapor-liquid equi¬ 
librium data (Gmehling, Onken and Arlt, 1977-1980) or liquid- 
liquid equilibrium data (Sorenson and Arlt, 1980; Macedo and 
Rasmussen, 1987). The UNIFAC Method can be used to predict 
liquid-liquid equilibrium from the molecular structures of the 


components in the mixture (Poling, Prausnitz and O'Connell, 

2001 ). 

A.11 Calculation of 
Liquid-Liquid Equilibrium 

The vapor-liquid x-y diagram in Figure A.6c and A.6d can be 
calculated by setting a liquid composition and calculating the 
corresponding vapor composition in a bubble point calculation. 
Alternatively, vapor composition can be set and the liquid com¬ 
position determined by a dew-point calculation. If the mixture 
forms two-liquid phases, the vapor-liquid equilibrium calculation 
predicts a maximum in the x-y diagram, as shown in Figure A.6c 
and A.6d. Note that such a maximum cannot appear with the 
Wilson equation. 

To calculate the compositions of the two coexisting liquid 
phases for a binary system, the two equations for phase equilibrium 
need to be solved: 

(*ut) 7 = Cun/ 7 , {m 2) 1 = {m 2) 11 (A.64) 

where 

A + = 1, xf + A[ = 1 (A.65) 

Given a prediction of the liquid-phase activity coefficients, from, 
say, the NRTL or UNIQUAC equations, then Equations A.64 and 
A.65 can be solved simultaneously for A and A'■ There are a 
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Figure A.7 

Liquid-liquid equilibrium. 


number of solutions to these equations, including a trivial solution 
corresponding with xj = A ■ For a solution to be meaningful: 

0 < A < 1, 0 < x ^ 7 < 1, A ^ A' (A. 66 ) 

For a ternary system, the corresponding equations to be solved are: 

fan ) 1 = fan) 11 , (A67) 

fan)' = fa/2)", (X3Y 3 y = (X3/3) 11 

These equations can be solved simultaneously with the 
material balance equations to obtain xj, xt,, A and A- For a 
multicomponent system, the liquid-liquid equilibrium is illus¬ 
trated in Figure A.7. The mass balance is basically the same as 
that for vapor-liquid equilibrium, but is written for two-liquid 
phases. Liquid / in the liquid-liquid equilibrium corresponds 
with the vapor in vapor-liquid equilibrium and Liquid II cor¬ 
responds with the liquid in vapor-liquid equilibrium. The 
corresponding mass balance is given by the equivalent to 
Equation A.59: 

=0= /m (A.68) 

*' y(*i-l)+l 

where F = feed flowrate (kmol-s -1 ) 

L 1 = flowrate of Liquid I from the separator (kmol-s -1 ) 
Zi = mole fraction of Component i in the feed (—) 

K, = K-value, or distribution coefficient, for 
Component i (—) 

Also, the liquid-liquid equilibrium K-value needs to be defined for 
equilibrium to be: 

x 7 Y n 

Ki=Al = ~T (A.69) 

A n 

Xj, * 2 , . . . , Asic- 1 an d A 1 ’ *2 ■■■ ’ Aic- 1 > an d L 1 /F need to be 
varied simultaneously to solve Equations A .68 and A.69. 


Example A.6 Mixtures of water and 1-butanol bi-butanol) 
form two-liquid phases. Vapor-liquid equilibrium and liquid-liquid 
equilibrium for the water- 1 -butanol system can be predicted by 
the NRTL equation. Vapor pressure coefficients in bar with tem¬ 
perature in Kelvin for the Antoine equation are given in Table A. 14 
(Gmehling, Onken and Arlt, 1977-1980). Data for the NRTL 
equation are given in Table A. 15, for a pressure of 1 atm (Gmehling, 
Onken and Arlt, 1977-1980). Assume the gas constant 
R = 8.3145 kJ-kmoL'-K -1 . 

a) Plot the x—y diagram at 1 atm. 

b) Determine the compositions of the two-liquid phase region 
for saturated vapor-liquid-liquid equilibrium at 1 atm. 

Solution 

a) For a binary system, the calculations can be performed in 
spreadsheet software. As with Example A.4, a series of 
bubble-point calculations can be performed at different liquid- 
phase compositions (or dew-point calculations at different 
vapor-phase compositions). The NRTL equation is modeled 
using Equations A.42 and A.43. The resulting x—y diagram 
is shown in Figure A. 8 . The x—y diagram displays the 
characteristic maximum for two-liquid phase behavior. 

b) To determine the compositions of the two-liquid phase region, 
the NRTL equation is set up for two-liquid phases by writing 
Equations A.42 and A.43 for each phase. The constants are 
given in Table A. 15. Note that if x{ and A are specified, then: 

A = 1 — A and ^ = 1 — A 

A search is then made by varying x/ and x / 7 simultaneously 
(e.g. using a spreadsheet solver) to solve the objective func¬ 
tion (see Section 3.8): 



This ensures liquid-liquid equilibrium. Trivial solutions 
whereby A = A need to be avoided. The results are shown 


Table A.14 

Antoine coefficient for water and 1-butanol (Gmehling, Onken and Arlt, 
1977-1980). 



Ai 

Bi 

c, 

Water 

11.9647 

3984.93 

-39.734 

1 -Butanol 

10.3353 

3005.33 

-99.733 


Table A.15 

Data for water (1) and 1-butanol (2) for the NRTL equation at 1 atm 
(Gmehling, Onken and Arlt, 1977-1980). 


(gl2 ~ g2l) 

(kj kmol -1 ) 

tei - gn) 

(kj kmol -1 ) 

OLij 

(-) 

11,184.9721 

1649.2622 

0.4362 
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in Figure A.8 to be .rj = 0.59, x!( = 0.98. The system forms 
a heteroazeotrope. 

To ensure that the predicted two-phase region corresponds 
with that for the saturated vapor-liquid-liquid equilibrium, the 
temperature must be specified to be the bubble point predicted 
by the NRTL equation at either X\ = 0.59 or jq = 0.98 (366.4 K 
in this case). 

Care should be exercised in using the coefficients from 
Table A. 15 to predict two-liquid phase behavior under subcooled 
conditions. The coefficients in Table A.15 were determined 
from vapor-liquid equilibrium data at saturated conditions. 



Figure A.8 

An x—y plot for the system water (1) and 1 -butanol (2) from the NRTL 
Equation at 1 atm. 


Although the methods developed here can be used to predict 
liquid-liquid equilibrium, the predictions will only be as good as 
the coefficients used in the activity coefficient model. Such pre¬ 
dictions can be critical when designing liquid-liquid separation 
systems. When predicting liquid-liquid equilibrium, it is always 
better to use coefficients correlated from liquid-liquid equilibrium 
data, rather than coefficients based on the correlation of vapor- 
liquid equilibrium data. Equally well, when predicting vapor- 
liquid equilibrium, it is always better to use coefficients correlated 
to vapor-liquid equilibrium data, rather than coefficients based on 
the correlation of liquid-liquid equilibrium data. Also, when 
calculating liquid-liquid equilibrium with multicomponent sys¬ 
tems, it is better to use multicomponent experimental data, rather 
than binary data. 

A.12 Choice of Method for 
Equilibrium Calculations 

Choosing the most appropriate method from a number of options 
can be critical to obtaining a reliable design. Phase equilibrium 
(vapor-liquid, liquid-liquid, solid-liquid, etc.) is usually the most 


critical choice for physical properties. The choice of the most 
appropriate method for vapor-liquid, liquid-liquid and vapor- 
liquid-liquid equilibrium depends on a number of factors: 

1) The nature of the components (polarity, electrolytic, polymeric, 
reactive) 

2) Pressure 

3) Temperature 

4) The availability of experimental data. 

The significant issues in choosing the phase equilibrium model are: 

1) Nonpolar mixtures. For the prediction of vapor-liquid 
equilibrium for nonpolar mixtures of hydrocarbons and light 
gases, an equation of state method is normally used. 
Such mixtures are characterized by only moderate deviations 
from ideality in the liquid phase. Table A. 1 lists the equations 
of state normally used for process design. By far the most 
commonly used methods are Peng-Robinson and Soave- 
Redlich-Kwong, with Chao-Seadar-Grayson-Streed being 
used when there are large amounts of hydrogen present. Re¬ 
values are calculated using Equations A.27 and A.53. 
Limitations of the various equations of state are discussed in 
Table A.l. 

2) Polar mixtures. For prediction of vapor-liquid equilibrium 
for mixtures of polar substances, or mixtures of polar and 
nonpolar substances, an activity coefficient model is nor¬ 
mally used. Such mixtures are characterized by significant 
deviations from ideality in the liquid phase. K-values are 
calculated using Equation A.28 for high-pressure systems 
and Equation A.29 for low-pressure systems, when <j>Y =1. 
Models are required for the liquid phase activity coefficient y i . 
Table A. 16 compares the characteristics of the most 
commonly used models. These models should only be used 
when remote from the critical point. If supercritical gases 
are present in the mixture, then these can be modeled using 
Henry’s Law. Each of the activity coefficient models can 
handle very strong nonideality. If the model requires 
adjustable parameters based on experimental data, then it is 
preferred if possible that the adjustable parameters be fitted 
from data in the temperature, pressure and composition range 
of the operation. 

3) Pressure. For pressures below 5 bar, the vapor phase can be 
assumed to be ideal. For pressures above 5 bar, the vapor 
phase fugacity coefficient tj)Y must be calculated from an 
equation of state. The calculation of vapor-liquid equilibrium 
based on equations of state from Equation A.27 naturally 
takes the vapor phase nonideality into account. However, 
activity coefficients based on Equation A.28 require an 
equation of state to calculate <f>] ■ 

4) Liquid-liquid systems. Various methods can be used to 
predict liquid-liquid equilibrium. The most commonly used 
methods in process design are the NRTL, UNIQUAC and 
UNIFAC methods as discussed in Table A. 16. Care should 
be taken not to use interaction parameters correlated for 
vapor-liquid equilibrium to predict liquid-liquid equili¬ 
brium. Also, care should be exercised when predicting 









Physical Properties in Process Design 845 


Table A.16 

The commonly used activity coefficient models. 


Activity coefficient model 

Characteristics 

Reference 

Wilson equation 

Requires two adjustable parameters for each binary pair that 
have been correlated from experimental data. Cannot predict the 
existence of two liquid phases. 

Wilson (1964) 

NRTL (non-random two liquid) equation 

Requires three adjustable parameters for each binary pair that 
have been correlated from experimental data. Can be used for 
VLE and LLE. Parameters for VLE should not be used for LLE. 

Renon and Prausnitz (1969) 

UNIQUAC (universal quasi-chemical) 
equation 

Requires two adjustable parameters for each binary pair that 
have been correlated from experimental data. Can be used for 
VLE and LLE. Parameters for VLE should not be used for LLE. 

Anderson and Prausnitz (1978a, 1978b) 

UNIFAC (universal quasi-chemical 
functional group activity coefficients) 

Does not require interaction parameters fitted from experimental 
data. Molecules represented as functional groups. Interactions 
between molecules modelled as interactions between functional 
groups. Can be used for VLE and LLE. The original version 
required different parameters for VLE and LLE, but more recent 
derivatives of the method can model VLE and LLE with a 
single set of parameters. Temperatures restricted from 15 °C to 
150 °C for VLE and from 15 °C to 40 °C for LLE. Should only 
be used in the absence of experimental data for binary 
interactions. 

Fedenslund, Gmehling and Rasmussen 
(1977) 


behavior under subcooled conditions (e.g. in a decanter) as 
binary interaction parameters are mostly determined at sat¬ 
urated conditions. 

5) Electrolytes. Electrolytes are aqueous mixtures containing 
solutes that ionize either completely (e.g. sodium chloride) 
or partially (e.g. acetic acid). Phase equilibrium for such 
systems must account for the long-range interactions of 
the charges between ionic species. Special models must be 
used to predict phase equilibrium for electrolyte systems. 
Such models are available in commercial software. 

6) Polymers. Solutions of polymers in solvents of relatively 
smaller molar mass exhibit highly nonideal phase equilibrium 
behavior. Special models are required for such mixtures, 
normally available in commercial software. 

7) Reactions. Various separation processes that also involve 
reaction need to be modeled. The reaction might be a simple 
chemical association or oligomerization in the vapor phase 
to form dimers, tetramers and hexamers in the vapor phase. 
For example, formic and acetic acids can undergo dimeri¬ 
zation in the vapor phase, acetic acid tetramerization and 
hydrogen fluoride hexamerization. The standard methods, 
such as the activity coefficient models in Table A.16, need to 
be modified to account for the partial pressure of the oligomer 
as well as the partial pressures of the monomer. This requires 
special models available in commercial software. More 
complex reactions involve systems such as the separation of 
H 2 S and C0 2 using amines. An amine or mixture of amines in 
an aqueous solution can be used, as discussed in Chapter 9. 
The amines used are monoethanolamine (MEA), dieth¬ 
anolamine (DEA) or methyldiethanolamine (MDEA). These 
react with the H 2 S and C0 2 in the absorption process, with the 


reaction being reversed in the regeneration process. Special 
models are available in commercial software to model 
simultaneously the reaction and separation. 

8) Petroleum and petroleum fractions. Process design calcu¬ 
lations with crude oil and petroleum fractions present a 
special problem. It is not possible to obtain a detailed analysis 
for crude oil and petroleum fractions, except for the lightest 
components. It is usually possible to obtain an analysis for 
gases and hydrocarbons up to C6 compounds and possibly up 
to around Cio- For the heavier components it is not possible 
to characterize them individually. By contrast with detailed 
analysis, bulk properties can be more readily obtained. The 
more important bulk properties are the boiling temperature 
profile of crude oil (or petroleum fraction) versus the 
cumulative volume distilled and the corresponding density 
distribution. The crude oil (or petroleum fraction) is repre¬ 
sented by pure components for the lighter components 
(where known) and a mixture of hypothetical hydrocarbon 
components known as pseudo components. Empirical cor¬ 
relations allow physical properties to be attributed to the 
pseudo components. Each pseudo component is character¬ 
ized by a molar mass, critical properties and an acentric 
factor. The pseudo components can then be modeled by an 
equation of state. The properties of the pseudo components 
are adjusted to allow the predicted properties of the mixture to 
agree with the measured bulk properties of the mixture. This 
then allows process design calculations to be performed. The 
number of pseudo components used to represent the mixture 
is at the discretion of the designer. Cutting the petroleum 
streams into pseudo components requires specialized soft¬ 
ware available in commercial simulation packages. 
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9) Sour water systems. Sour water refers to streams in petro¬ 
leum refineries that consist of water contaminated with 
various dissolved gases. The gases of greatest concern are 
hydrogen sulfide and ammonia. Such sour water needs to 
be subject to separation, which requires specialized software 
available in commercial simulation packages. 

10 ) Steam tables. Steam tables are tabulated thermodynamic 
properties of water and steam that are the most accurate 
method of predicting the thermodynamic properties of pure 
water in various states. Interpolation must be carried out for 
conditions between the data points. However, the method can 
only be applied to pure water. 

11) Availability of experimental data. For nonpolar systems, 
lack of availability of experimental data for interaction 
parameters does not present such a serious problem, as such 
mixtures are characterized by only moderate deviations from 
ideality in the liquid phase. However, the same cannot be said 
for polar mixtures. If experimental interaction parameters are 
not available for polar mixtures, then the UNIFAC method 
can be used. However, this must be used with extreme 
caution. If parameters are available for UNIQUAC, then 
those should be used and the UNIFAC method only used for 
the binary pairs where experimental data are not available. 

12) Sensitivity analysis. There is always uncertainty regarding 
physical property data. Whether errors in physical property 
data are likely to be a problem or not can be tested by carrying 
out a sensitivity analysis. Perturbing the physical property 
parameters and repeating the process design calculation tests 
whether errors are likely to be a problem in the final design. 
For example, for vapor liquid equilibrium, the consequences 
of errors in the data are likely to be much more serious if 
the relative volatility is small. As an example, consider the 
separation by distillation of propylene and propane in eth¬ 
ylene production, which has a small relative volatility. An 
error of+1% in the prediction of the K-value for propane can 
lead to the requirement for 26% more trays or 25% more 
reflux (Streich and Kirstenmacher, 1979). 


A.13 Calculation of 
Enthalpy 


The calculation of enthalpy is required for energy balance calcu¬ 
lations. It might also be required for the calculation of other derived 
thermodynamic properties. The absolute value of enthalpy for a 
substance cannot be measured and only changes in enthalpy are 
meaningful. Consider the change in enthalpy with pressure. At a 
given temperature T, the change in enthalpy of a fluid can be 
determined from the derivative of enthalpy with pressure at fixed 
temperature, (dPUdP) T . Thus, the change in enthalpy relative to a 
reference is given by: 


[Hp-H Po \ T = 


F / dH\ 

— dP 
dP L 


Po 


(A.70) 


where Pl P = enthalpy at pressure P (kJ-kmol -1 ) 

PIp a = enthalpy at reference pressure P a (kJ-kmol -1 ) 
P = pressure (bar) 

Po = reference pressure (bar) 


The change in enthalpy with pressure is given by (Hougen, 
Watson and Ragatz, 1954): 


Also: 
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where Z = compressibility (—) 

R = universal gas constant 


Combining Equations A.70 to A.72 gives the difference between 
the enthalpy at pressure P and that at the standard pressure P () and is 
known as the enthalpy departure'. 
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(A.73) 


Equation A.73 defines the enthalpy departure from a reference 
state at temperature T and pressure P () . 

The value of (dZ/dT) P can be obtained from an equation of 
state, such as the Peng-Robinson equation of state, and the integral 
in Equation A.73 can be evaluated (Poling, Prausnitz and O'Con¬ 
nell, 2001). The enthalpy departure for the Peng-Robinson equa¬ 
tion of state is given by (Poling, Prausnitz and O’Connell, 2001): 


[Hp-H P o \ T 


= RT(Z - 1) + 


T(da/dT) — a 
2 sjib n 


Z + (l + sjl )B 
_Z + (1 - s/2 )B 
(A.74) 


where 


da 

dT 


r>2 r r2 

-0.45724-—— 
Pc 




where a, b, a and k are defined in Equation A.6. Equations of state, 
such as the Peng-Robinson equation, are capable of predicting 
both liquid and vapor behavior. The appropriate root for the 
equation of a liquid or vapor must be taken, as discussed previ¬ 
ously. Equation A.74 is therefore capable of predicting both liquid 
and vapor enthalpy (Poling, Prausnitz and O’Connell, 2001). 
Equations of state such as the Peng-Robinson equation are gener¬ 
ally more reliable at predicting the vapor compressibility than the 
liquid compressibility, and hence are more reliable predicting 
vapor enthalpy than liquid enthalpy. 

One problem remains. The reference enthalpy must be defined 
at temperature T and pressure P 0 . The reference state for enthalpy 
can be taken as an ideal gas. At zero pressure, fluids are in their 
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Figure A.9 

The enthalpy departure function. 


ideal gaseous state and the enthalpy is independent of pressure. The 
ideal gas enthalpy can be calculated from ideal gas heat capacity 
data (Poling, Prausnitz and O’Connell, 2001): 

H° =H° o + I CpdT (A.75) 

Jt 0 

where Hj = enthalpy at zero pressure and temperature T 
(kJ-kmoF 1 ) 

Hj q = enthalpy at zero pressure and temperature To, 
defined to be zero (kJ-kmol 1 ) 

To = reference temperature (K) 

Cp = ideal gas enthalpy (kJ-kmoF'-K -1 ) 

The ideal gas enthalpy can be correlated as a function of tempera¬ 
ture, for example (Poling, Prausnitz and O’Connell, 2001): 

c° 

—f = a 0 + a\T + aiT 2 + a 3 T 3 + a 4 T 4 (A.76) 
R 

where a 0 , a 1; a 2 , a 3 , a 4 = constants determined by fitting 
experimental data 

To calculate the enthalpy of a liquid or gas at temperature T 
and pressure P, the enthalpy departure function (Equation A.73) 
is evaluated from an equation of state (Hougen, Watson and 
Ragatz, 1959). The ideal gas enthalpy is calculated at temperature 
T from Equation A.76. The enthalpy departure is then added to 
the ideal gas enthalpy to obtain the required enthalpy. Note that 
the enthalpy departure function calculated from Equation A.73 
will have a negative value. This is illustrated in Figure A.9. 
The calculations are complex and usually carried out using 
physical property or simulation software packages. However, 
it is important to understand the basis of the calculations and 
their limitations. 


A.14 Calculation of Entropy 

The calculation of entropy is required for compression and 
expansion calculations. Isentropic compression and expansion 
is often used as a reference for real compression and expansion 
processes. The calculation of entropy might also be required 
in order to calculate other derived thermodynamic properties. 
Like enthalpy, entropy can also be calculated from a departure 
function: 

ls '- sr ° ] T=£{S) T dp (Aj7) 

where S P = entropy at pressure P 
Sp a = entropy at pressure P a 


The change in entropy with pressure is given by (Hougen, 
Watson and Ragatz, 1959): 



(A.78) 


Combining Equations A.72 and A.77 with Equation A.78 gives: 



RZ RT (dZ 
— + 


P \dT 


dP 


Pi T 


(A.79) 


The integral in Equation A.79 can be evaluated from an equation 
of state (Poling, Prausnitz and O’Connell, 2001). However, 
before this entropy departure function can be applied to calculate 
entropy, the reference state must be defined. Unlike enthalpy, the 
reference state cannot be defined at zero pressure, as the entropy of 
a gas is infinite at zero pressure. To avoid this difficulty, the 
standard state can be defined as a reference state at low pressure P a 
(usually chosen to be 1 bar or 1 atm) and at the temperature under 
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Figure A.10 

The entropy departure function. 



consideration. Thus, 


i' T C° 

St = S To + -fdT (A.80) 

JTq 

where St = entropy at temperature T and reference pressure 
Po 

St 0 = entropy of gas at reference temperature To and 
reference pressure P Q 

To calculate the entropy of a liquid or gas at temperature T 
and pressure P, the entropy departure function (Equation A.79) 
is evaluated from an equation of state (Poling, Prausnitz and 
O’Connell, 2001). The entropy at the reference state is calculated 
at temperature T from Equation A.80. The entropy at the reference 
state is then added to the entropy departure function to obtain 
the required entropy. The entropy departure function is illustrated 
in Figure A. 10. As with enthalpy departure, the calculations 
are complex and are usually carried out in physical property or 
simulation software packages. 


Correlated experimental data should be used whenever possible. If 
no such data are available, then the designer must resort to 
estimation methods. 

1) Correlated experimental data. The prediction of the physical 
properties of mixtures of components based on correlated 
experimental data starts with the prediction of the physical 
properties of the individual components and then these are 
combined according to mixing rules. Such mixing rules intro¬ 
duce errors depending on the physical property and the reli¬ 
ability of the mixing rule. For most calculations, the variation of 
the property with temperature is the most important considera¬ 
tion. Some typical forms of correlations used are as follows: 
a) Liquid density. Liquid density can be calculated from an 
equation of state. However, equations of state do not always 
provide a high enough accuracy for prediction of liquid 
density for process design calculations. Also, it is not always 
convenient to use an equation of state in a complex design 
calculation. Thus, for liquid density, correlated data are 
most often used. A form of correlation commonly used is: 


A.15 Other Physical 
Properties 

In addition to the thermodynamic properties of molar volume, 
density, enthalpy, enthalpy of vaporization, heat capacity and 
entropy, transport properties (viscosity, thermal conductivity 
and diffusivity) are also required for design calculations. The 
accuracy required of physical property data depends on the use 
to which the data will be put. Physical property predictions can 
be based on: 


A 

PL ~ sU+d-r/C) 0 ) 


(A.81) 


where p L = molar liquid density (kmol-m -3 ) 

A, B, C, D = correlating coefficients for liquid 
density from experimental data 
T = absolute temperature (K) 


Whereas Equation A.81 provides a reliable correlation over 
a wide temperature range, it requires four coefficients. A 
simpler equation that can be used over smaller temperature 
ranges is given by: 


Plt 0 

1 +A{T-T 0 ) 


• Correlated experimental data 

• Estimation methods. 
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(A.82) 
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where p LT = liquid density at temperature 
T (kmol m -3 ) 

Plt 0 = reference liquid density at temperature 
T 0 (kmol-m -3 ) 

A = correlating coefficient for liquid density 
from experimental data 
To = reference temperature (K) 


The density of a mixture of NC Components i is given 


by: 


1 


Pl = 


NC Y . 

E— 

i Pu 


(A.83) 


where pl = molar density of the liquid mixture 
(kmol-m -3 ) 

p Li = molar liquid density of Component i 
(kmol-m -3 ) 

xj = mole fraction of Component i (—) 


The mean molar mass can be used to convert molar to mass 
density: 


M = Y J X i M i 


(A.84) 


where p L = viscosity of the liquid mixture (N-s-m 2 ) 
p u = viscosity of Component i (N-s-m - ) 

d) Vapor viscosity. For vapor viscosity, the variation in tem¬ 
perature can be correlated by the equation: 


AT 1 


•B 


Pv ~ 


, C D 
1 + — H— ^ 
T T 2 


(A.88) 


where p v = vapor viscosity (N-s-m - -) 

A, B, C, D = correlating coefficients for vapor 
viscosity from experimental data 

Over relatively small ranges of temperature this can be 
simplified to: 


fly — AT 


(A.89) 


The viscosity of a vapor mixture of NC components i is 
given by (Wilke, 1950): 

NC 

ln /¥ = X/ 


Pvi 


' j c. 

1 


(A.90) 


j r*\ 


where M = molar mass of the mixture (kg-kmol L ) 

Mf = molar mass of Component i (kg-kmol -1 ) 

b) Vapor density. The calculation of vapor density from an 
equation of state is more reliable than liquid density. At 
moderate conditions, the ideal gas law can be used. Other¬ 
wise, a cubic equation of state can be used. If there are 
significant amounts of hydrogen in the mixture then 
the Chao-Seader-Grayson-Streed equation of state should 
be used. 

c) Liquid viscosity. For liquid viscosity, the variation in 
temperature can be correlated by the equation: 

B F 

\np L =A + - + C\nT + DT e (A.85) 

where p L = liquid viscosity (N-s-m -2 ) 

A, B, C, D, E = correlating coefficients for liquid 
density from experimental data 
T = absolute temperature (K) 

Over relatively small ranges of temperature this can be 
simplified to: 

B 


<t>n = 


1+ 

V Pvj\ M i) 


1/4' 


1 + — 

M, 


(A.91) 


where JT^ = viscosity of the vapor mixture (N-s-m” ) 
p vj = vapor viscosity of Component i (N-s-m -2 ) 
Mj = molar mass of Component i (kg-kmol -1 ) 

e) Liquid thermal conductivity. For liquid thermal conductiv¬ 
ity, the variation in temperature can be correlated by the 
equation: 


k L = A + BT + CT~ + DT + ET 4 


(A.92) 


In p L = A + - 


(A.86) 


Over relatively small ranges of temperature this can be 
simplified to: 

k L = A + BT (A.93) 


where k L = liquid thermal conductivity 

(W-m -l -K -1 ) 

A, B , C, D, E = correlating coefficients for liquid 
thermal conductivity from 
experimental data 


The viscosity of a liquid mixture of NC Components i is 
given by: 

NC 

\np, = (A-87) 


The thermal conductivity of a liquid mixture of NC com¬ 
ponents i is given by: 

NC 

r L = Y,Nk L i 


(A.87) 


(A.94) 



850 Chemical Process Design and Integration 


where k L = viscosity of the liquid mixture (Wm *-K *) 
k Li = viscosity of Component i (W m _l K _1 ) 

f) Vapor thermal conductivity. For vapor thermal conduc¬ 
tivity, the variation in temperature can be correlated by 
the equation: 

AT b 

kv = - q— jj (A.95) 

1 + — H- 7 

T T 2 


The thermal conductivity of a vapor mixture of NC 
Components i is given by: 


ky = ^ Xjky 


(A.96) 


where ky = viscosity of the vapor mixture (W m K ) 
k vi = viscosity of Component i (Wm _l K _l ) 


2) Estimation methods. There are two broad categories of 
estimation methods: 

a) Methods whereby known properties of a compound are 
used to estimate the unknown properties. For example, 
the surface tension of a liquid can be estimated from the 
critical properties and the normal boiling point (Poling, 
Prausnitz and O'Connell, 2001): 


a = Pq 3 T 1 J 3 Q(1 - T R ) n/9 

where a = surface tension (dyn-cm -1 ) 
P c = critical pressure (bar) 

T c = critical temperature (K) 

T r = reduced temperature (—) 

T 

= Tc 

T = temperature (K) 

Jwiln (l 01375 
Q =0.1196 1+- V 


(A.97) 


Tbr — reduced normal boiling point (—) 

= T„ 

Tc 

T b = normal boiling point (K) 

b) Group contribution methods, which are based on the 
concept that a particular physical property of a com¬ 
pound can be considered to be made up of the contribu¬ 
tions from the constituent chemical groups and chemical 
bonds. This is the same basic approach used for the 
group contribution methods for vapor-liquid equili¬ 
brium. For example, liquid heat capacity can be esti¬ 
mated as a function of temperature from the equation 
(Ruzicka and Domalski, 1993): 




(A.98) 


k k k 

where A = n,a, , B = n,7),, D = 

1=1 1=1 1=1 

R = universal gas constant 
T = absolute temperature (K) 
n, = number of groups of type i 
k = total number of different group types 
a h bj , d, = constants tabulated for different 

functional groups (Poling, Prausnitz and 
O’Connell, 2001) 

A.16 Physical Properties 
in Process Design - 
Summary 

Most design calculations require knowledge of physical properties. 
This includes thermodynamic properties, phase equilibrium and 
transport properties. In practice, the designer often uses a com¬ 
mercial physical property or simulation software package to access 
such data. 

Vapor and liquid equilibrium can be calculated on the basis of 
activity coefficient models or equations of state. Activity 
coefficient models are required when the liquid phase shows a 
significant deviation from ideality. Equation of state models are 
required when the vapor phase shows a significant deviation from 
ideality. Equations of state are normally applied to vapor-liquid 
equilibrium for hydrocarbon systems and light gases under signif¬ 
icant pressure. Such vapor-liquid equilibrium calculations are 
normally carried out using physical property or simulation soft¬ 
ware packages. 

Prediction of liquid-liquid equilibrium also requires an 
activity coefficient model. The choice of models of liquid-liquid 
equilibrium is more restricted than that for vapor-liquid equi¬ 
librium, and predictions are particularly sensitive to the model 
parameters used. 

It should be noted that the methods outlined in this appendix for 
phase equilibrium are not appropriate for systems in which the 
components exhibit chemical association in the vapor phase (e.g. 
acetic acid), reactions in the liquid phase, polymers or electrolytic 
systems. 

Both enthalpy and entropy can be calculated from an equa¬ 
tion of state to predict the deviation from ideal gas behavior. 
Having calculated the ideal gas enthalpy or entropy from 
experimentally correlated data, the enthalpy or entropy depar¬ 
ture function from the reference state can then be calculated 
from an equation of state. 

Other physical properties, especially particular transport prop¬ 
erties, are correlated as a function of temperature. As an alternative 
to the correlation of experimental data, physical properties can be 
estimated from estimation methods, such as group contribution 
methods. 
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A.17 Exercises 

1. For the following mixtures, suggest suitable models for both 
the liquid and vapor phases to predict vapor-liquid 
equilibrium. 

a) H 2 S and water at 20 °C and 1.013 bar. 

b) Benzene and toluene (close to ideal liquid-phase behavior) 
at 1.013 bar. 

c) Benzene and toluene (close to ideal liquid-phase behavior) 
at 20 bar. 

d) A mixture of hydrogen, methane, ethylene, ethane, propyl¬ 
ene and propane at 20 bar. 

e) Acetone and water (nonideal liquid phase) at 1.013 bar. 

f) A mixture of 2-propanol, water and diiospropyl ether 
(nonideal liquid phase forming two-liquid phases) at 
1.013 bar. 

2. Air needs to be dissolved in water under pressure at 20 °C for 
use in a dissolved-air flotation process (see Chapter 7). 
The vapor-liquid equilibrium between air and water can be 
predicted by Henry’s Law with a constant of 6.7 x 10 4 bar. 
Estimate the mole fraction of air that can be dissolved at 20 °C, 
at a pressure of lObar. 

3. The system methanol-cyclohexane can be modeled using the 
NRTL equation. Vapor pressure coefficients for the Antoine 
equation for pressure in bar and temperature in Kelvin are 
giveninTable A.17 (Gmehling, Onkenand Arlt, 1977-1980). 
Data for the NRTL equation at 1 atm are given in Table A. 18 
(Gmehling, Onken and Arlt, 1977-1980). Assume the gas 
constant R = 8.3145kJ-kmoP' K _l . Set up a spreadsheet to 
calculate the bubble point of liquid mixtures and plot the x-y 
diagram. 


4. At an azeotrope y,- = x h Equation A.29 simplifies to give: 

A = pSAT (A. 100) 

Thus, if die saturated vapor pressure is known at the azeotropic 
composition, the activity coefficient can be calculated. If the 
composition of the azeotrope is known, then the compositions 
and activity of the coefficients at the azeotrope can be substituted 
into the Wilson equation to determine the interaction parameters. 
For the 2-propanol-water system, the azeotropic composition of 
2-propanol can be assumed to be at a mole fraction of 0.69 and 
temperature of 353.4 K at 1 atm. By combining Equation A. 100 
with the Wilson equation for a binary system, set up two 
simultaneous equations and solve A 12 and A 2 \. Vapor pressure 
data can be taken from Table A. 10 and die universal gas constant 
can be taken to be 8.3145 kJ-kmol -K _l . Then, using the values 
of molar volume in Table A.ll, calculate the interaction parame¬ 
ters for the Wilson equation and compare with the values in 
Table A.ll. 

5. Mixtures of 2-butanol (sec-butanol) and water form two-liquid 
phases. Vapor-liquid equilibrium and liquid-liquid equili¬ 
brium for the 2-butanol-water system can be predicted by 
the NRTL equation. Vapor pressure coefficients for the 
Antoine equation for pressure in bar and temperature in Kelvin 
are given in Table A. 19 (Gmehling, Onken and Arlt, 
1977-1980). Data for the NRTL equation at 1 atm are given 
in Table A.20 (Gmehling, Onken and Arlt, 1977-1980). 
Assume the gas constant R = 8.3145kJ kmol _l K _l . 

a) Plot the x-y diagram for the system. 

b) Determine the compositions of the two-liquid phase region 
for saturated vapor-liquid-liquid equilibrium. 

c) Does the system form a heteroazeotrope? 


Table A.17 

Antoine coefficients for methanol and cyclohexane (Gmehling, Onken and 
Arlt, 1977-1980). 




B, 

c, 

Methanol 

11.9869 

3643.32 

-33.434 

Cyclohexane 

9.1559 

2778.00 

-50.024 


Table A.19 

Antoine coefficients for 2-butanol and water (Gmehling, Onken and Arlt, 
1977-1980). 



,1, 

Bi 

c, 

2-Butanol 

9.9614 

2664.0939 

-104.881 

Water 

11.9647 

3984.9273 

-39.734 


Table A.18 

Data for methanol (1) and cyclohexane (2) for the NRTL equation at 1 atm 
(Gmehling, Onken and Arlt, 1977-1980). 


Table A.20 

Data for 2-butanol (1) and water (2) for the NRTL equation at 1 atm 
(Gmehling, Onken and Arlt, 1977-1980). 


(gl2 ~ S' 22 1 
(kj kmol “ *) 

tei - gii) 

(kj kmol -1 ) 

%(") 

1034.30 

10,098.50 

0.4118 


(g 12 - gn) 

(kj kmol -1 ) 

tel - gn) 

(kj kmol -1 ) 

ay (-) 

5714.00 

6415.36 

0.4199 
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Appendix B 


Materials of Construction 


C hoice of materials of construction affects both the mechanical 
design and the capital cost of equipment. Estimation of the 
capital cost and preliminary specification of equipment for the 
evaluation of performance requires decisions to be made regarding 
the materials of construction. Consider first the mechanical prop¬ 
erties of materials. 

B.1 Mechanical Properties 

1) Yield and tensile strength. When a solid material is subjected 
to an increasing stress (force per unit area) normal to the 
stressed area, the material deforms as measured by the strain 
(the ratio of change in length of the material to the initial 
length). Tensile stress acts normal to the stressed area to 
lengthen the material. Figure B.l shows a typical stress-strain 
profile for a metal specimen under tensile stress. Initially, stress 
is proportional to strain, as expressed by Hooke’s law. Within 
this linear range, deformation is elastic and not permanent and 
the material will return to its original shape when the stress is 
removed. If stress is increased beyond the linear range up to the 
yield strength, deformation continues to be elastic and defor¬ 
mation is not permanent, even though stress is no longer 
proportional to strain. The yield strength marks the elastic 
limit beyond which the material will no longer go back to its 
original shape when the stress is removed. The yield strength is 
not a sharply defined point and is often defined as the stress that 
will cause a permanent deformation of 0.2% of the original 
dimension. As stress is increased beyond the yield strength, 
plastic deformation occurs and strains are only partially recov¬ 
erable. The material is permanently deformed if the stress is 
completely released. Increased stress causes the material to 
elongate uniformly along its length to the point where the 
stress-strain curve in Figure B.l reaches a maximum. The 
maximum point is known as the tensile strength or ultimate 
strength. As stress is increased beyond this point further, plastic 
deformation is concentrated in the region of the weakest point 
and the material begins to “neck” or thin down locally until 
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fracture occurs. Since designers are interested in maximum 
loads that can be carried by the complete cross-section before 
necking, the stress at the maximum point is taken to be the 
design basis, rather than the point of fracture. 

Nondeformable materials, such as cast iron, do not show the 
same behavior as Figure B.l. Brittle materials typically fail 
while the deformation is elastic. The tensile strength and 
fracture strength are the same for brittle materials. 

If the stress is applied normal to the stressed area, but to 
compress (shorten) the material, it is a compressive stress. 
Compressive strength is not equal to tensile strength. 

For mechanical design of equipment, the allowable stress 
should be limited to be below the yield strength. However, 
since the yield strength is difficult to determine accurately, 
the allowable stress is taken as either the yield strength or 
tensile (ultimate) strength divided by a safety factor greater 
than one. The allowable stress for structural steel is typically 
one-half to two-thirds of the yield strength or one-quarter of 
the tensile strength at the working temperature. The use of 
tensile strength as the design basis is necessary for materials 
such as cast iron that do not exhibit a yield point. The design 
basis depends on the material of construction and the appli¬ 
cable design code being followed. 

2) Ductility and malleability. Ductility is the ability of a material 
to deform plastically under tensile stress before fracturing. 
On the other hand, malleability measures the ability of a 
material to deform under compressive stress. Both of these 
mechanical properties measure the extent to which a solid 
material can be deformed plastically without fracture. A mate¬ 
rial with high ductility will be able to be drawn into long, thin 
wires without breaking. Ductility and malleability are espe¬ 
cially important in metalworking, as materials that crack or 
break under stress cannot be manipulated using metal forming 
processes, such as rolling and drawing. Brittle materials cannot 
be formed by processes such as rolling and drawing and must 
be cast or thermoformed. 

3) Toughness. Toughness is the ability of a metal to deform 
plastically and to absorb energy before fracture. Brittleness 
implies sudden failure; toughness is the opposite. Of prime 
importance is the ability to absorb energy before fracture. 
Toughness requires a combination of strength and ductility. 
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Figure B.1 

Stress-strain curve for a test material. 


One measure of toughness is the area under the stress-strain 
curve from a tensile test (see Figure B. 1). This value is termed 
material toughness and has units of energy per volume. In order 
to be tough, a material must have both high strength and 
ductility. Brittle materials that are strong but with limited 
ductility are not tough. Ductile materials with low strengths 
are also not tough. To be tough, a material should withstand 
both high stresses and high strains. 

4) Hardness. Hardness is a characteristic of material that deter¬ 
mines the resistance of a material to wear and abrasion. This is 
important for materials of construction in duties that are 
exposed to abrasive material, particularly solids and slurries. 
Various tests can be used for hardness leading to different 
measures of hardness. Hardness can be increased in many 
metals by heat treatment or cold working of the metals. 

5) Fatigue. Fatigue is progressive and localized structural dam¬ 
age that occurs when a material is subjected to cyclic loading. 
The stress that causes such damage can be much less than the 
yield or tensile strength of the material. If the loads are above a 
certain threshold, microscopic cracks begin to form. Eventually 
a crack can reach a critical size and propagate suddenly, causing 
structural fracture. The shape of the structure significantly 
affects the fatigue life. Square holes or sharp comers can 
lead to elevated local stresses where fatigue cracks can initiate. 
Round holes and smooth shapes increase the fatigue strength. 
Fatigue limit quantifies the amplitude of cyclic stress that can 
be applied to the material without causing fatigue failure. 
Ferrous alloys and titanium alloys have a distinct limit, i.e. a 
stress amplitude below which there appears to be no number of 
cycles that will cause failure. Other metals such as aluminum 
and copper do not have a distinct limit and will eventually fail 
even from small stress amplitudes. 

6) Creep. Creep is the tendency of a material to deform slowly 
under the influence of mechanical stresses. The deformation 


may become large enough for a component to no longer be able 
to perform its function. It can occur as a result of long-term 
exposure to high levels of stress below the yield strength. Creep 
is more severe when the material under stress is exposed to 
elevated temperature for long periods, and generally increases 
near its melting point. Creep is of particular concern when 
materials are subjected to a combination of high stress and high 
temperature. As a general guideline, for metals the effects of 
creep deformation generally become noticeable at approxi¬ 
mately 30% of the melting point (measured in absolute tem¬ 
perature). Creep creates initially a relatively high level of strain 
that slows with increasing time. 

B.2 Corrosion 

In chemical manufacture, corrosion resistance is most often the 
prime consideration in materials selection. Corrosion is the deteri¬ 
oration of materials (usually metals) as a result of chemical 
reactions between the materials and the surrounding environment, 
for example the oxidation of iron in the presence of water by an 
electrolytic process. Whilst the main concern is corrosion caused 
by process fluids, external corrosion in the surrounding environ¬ 
ment can also be an issue. There are various mechanisms for 
corrosion that depend on the material of construction and the 
corrosive environment. The rate of corrosion is also highly tem¬ 
perature dependent. In broad terms, corrosion can be categorized as 
either uniform or localized. The main types of corrosion are: 

1) Uniform corrosion. Uniform or general corrosion is attack to 
the material that is distributed more or less uniformly over a 
surface, and proceeds more or less uniformly at a uniform rate. 
It should be noted that uniform corrosion can also be accom¬ 
panied by localized corrosion. An acceptable rate of corrosion 
of relatively low-cost material, such as carbon steel, is of the 
order of 0.25 mm-y~' or less (Hunt, 2014). For more expensive 
materials, such as stainless steel, an acceptable rate of corrosion 
is of the order 0.1 mm y -1 (Hunt, 2014). 

2) Galvanic corrosion. Galvanic corrosion occurs when two 
different metals have contact, either physically or electrically, 
in a common electrolyte. A galvanic couple can be created in 
which the more active metal (the anode) corrodes at an 
accelerated rate and the more noble metal (the cathode) cor¬ 
rodes at a lower rate. The surface area of the two different 
metals affects the corrosion rates. If each material was 
immersed separately in the electrolyte, each metal would 
corrode at its own uniform rate. The same principle can be 
applied for corrosion protection through the use of sacrificial 
electrodes. For example, a zinc electrode can be connected 
electrically as a sacrificial anode to protect steel. 

3) Erosion corrosion. Erosion corrosion is a corrosion process 
enhanced by the erosion action of flowing fluids. The erosion 
action might result from high velocity and turbulence of a fluid, 
or the presence of impinging solid particles or bubbles in a 
liquid stream, or impinging solid particles or droplets in a gas 
stream. Cavitation , which is the formation and sudden collapse 
of vapor bubbles in a liquid, can also facilitate erosion 









Materials of Construction 855 


corrosion. The erosion action removes protective (or passive) 
oxide layers from the surface of the material, enhancing the 
corrosion. The erosion corrosion may also be accompanied by 
mechanical erosion. Erosion corrosion can be mitigated through 
avoiding sudden changes in the direction in fluid flow, avoiding 
the formation of jets directed at surfaces in the flow, installation 
of impingement plates to protect vulnerable surfaces, or the use 
of more resistant materials and surface coatings. 

4) Crevice corrosion. Crevice corrosion is localized corrosion 
in small crevices where fluid can stagnate. Such crevices 
can occur in a metal surface or at joints, screw threads, and 
so on. To function as a corrosion site, a crevice has to be wide 
enough to allow entry of the corrosive fluid, but narrow enough 
to ensure the corrosive fluid remains stagnant. Crevices can 
then develop a local chemistry that is different from the bulk 
fluid. Net anodic reactions can occur within the crevice and net 
cathodic reactions exterior to the crevice, causing corrosion 
similar to galvanic corrosion. Changing the design to avoid 
crevices and potential corrosion sites can mitigate crevice 
corrosion. 

5) Pitting corrosion. Pitting corrosion is localized corrosion that 
leads to the creation of small holes in the metal surface. Pitting 
corrosion is usually found on metals and alloys such as 
aluminum alloys, stainless steels and stainless alloys when 
an ultrathin passive film (oxide film) protects the metal surface 
from corrosion. If this layer is chemically or mechanically 
damaged and does not immediately repassivate, it can become 
anodic, with the main area becoming cathodic, leading to 
localized galvanic corrosion. 

6) Stress corrosion cracking. Stress corrosion cracking is a fail¬ 
ure mechanism caused by a combination of a susceptible 
material (normally a ductile metal), tensile stress and a specific 
corrosive environment. Tensile stress is required to open up 
cracks in the material. The stress can be either directly applied 
or can be present in the form of residual stresses frozen into the 
material from fabrication. Cracks produced by the stress can 
grow rapidly in a specific corrosive environment. Stress corro¬ 
sion cracking is highly chemically specific and only occurs 
when certain alloys are exposed to very specific chemical 
environments. For example, copper and its alloys are suscepti¬ 
ble to ammonia compounds, mild steels are susceptible to 
alkalis and stainless steels are susceptible to chlorides. Tem¬ 
perature is also an important factor. Stress corrosion cracking 
can be mitigated by selecting combinations of materials and 
process environments that avoid the problem, stress relieving 
components by heat treatment after fabrication or welding. 

7) Hydrogen embrittlement. Embrittlement is a phenomenon that 
causes loss of ductility in a material, making it brittle and 
reducing its load-bearing capacity. Hydrogen embrittlement 
involves the diffusion of hydrogen atoms into the metal. If steel 
is exposed to hydrogen at high temperatures, hydrogen atoms 
diffuse into the alloy and react with carbon in the alloy to form 
methane or combine with other hydrogen atoms to form 
hydrogen molecules in tiny pockets. Since these molecules 
are too large to diffuse through the metal, pressure builds at 
grain boundaries and voids within the metal, causing minute 


cracks to form. Copper alloys can be embrittled if exposed to 
hydrogen. The hydrogen diffuses through the copper and reacts 
with inclusions of Cu 2 0 to form water, which then forms 
pressurized bubbles at the grain boundaries and voids. 
Hydrogen embrittlement can be avoided by choosing a metal 
alloy that is resistant. 

B.3 Corrosion Allowance 

When equipment is mechanically designed, after determining 
the wall thickness needed to meet mechanical requirements, an 
extra thickness is added to compensate for the reduction in 
the wall thickness as a result of corrosion over the life of the 
equipment. This is referred to as the corrosion allowance. Thus, 
a corrosion allowance must be added to the wall thickness to 
meet the mechanical requirements over the life of the equipment. 
As noted above, an acceptable rate of uniform corrosion for 
relatively low-cost material, such as carbon steel, is of the order 
of 0.25 mm-y“ and of the order of 0.1 mm y -1 for more expen¬ 
sive materials, such as stainless steel (Hunt, 2014). However, this 
should be considered to be the maximum. The actual rate of 
uniform corrosion must be determined and used as the basis of 
the corrosion allowance. Then, because the penetration depth for 
the corrosion can vary across the surface, a corrosion allowance 
is normally assigned a safety factor of two. 

B.4 Commonly used 
Materials of Construction 

The most commonly used materials of construction used in 
chemical plant are: 

1) Carbon steel. Carbon steel is an alloy formed from iron 
and carbon with nominal amounts of other elements. Steel 
is considered to be carbon steel when the percentages of 
other trace elements do not exceed certain values. The 
maximum content of manganese is 1.65%, silicon 0.60% 
and copper 0.60%. Steel that also contains higher or specified 
quantities of other elements such as nickel, chromium or 
vanadium is referred to as alloy steel. Changing the amount of 
carbon changes the properties of the steel. Lower carbon 
steels are softer and more easily formed and steels with higher 
carbon content are harder and stronger, but less ductile and 
more difficult to machine and weld. Carbon steels can be 
classified as: 

• Low carbon steel, also known as mild steel, which has a 
carbon content of typically 0.05% to 0.25%, with up to 
0.4% manganese. It is a low-cost material that is easy to 
fabricate. It is not as hard as higher carbon steels. 

• Medium carbon steel has a carbon content of typically 
0.25% to 0.55%, with 0.60% to 1.65% manganese. It is 
ductile and strong with good wear properties. 

• High carbon steel has a carbon content of typically 0.55% 
to 0.95%, with 0.30% to 0.90% manganese. It is very 
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strong and holds its shape well, making it ideal for springs 
and wire. 

• Very high carbon steel has a carbon content of typically 
0.96% to 2.1%. The high carbon content makes it an 
extremely strong but brittle material. 

An alloy of iron with more than 2.1% carbon as the main 
alloying element is classed as cast iron. In addition to carbon, 
cast irons must also contain from 1% to 3% silicon. Cast iron 
cannot be used for pressure containment because of its 
brittleness, but can be used for some equipment components, 
such as pump casings. High silicon irons with carbon up 
to 1.1% and silicon up to 15% have excellent resistance to 
attack by sulfuric acid and most organic acids, but still suffer 
from brittleness. 

2) Stainless steel Stainless steels are the most commonly used 
materials of construction for corrosion resistance (Pitcher, 
1976). Stainless steel differs from carbon steel mainly by the 
amount of chromium present, with a minimum of 10.5% 
chromium. Other alloying elements are added to enhance 
properties such as strength at high or cryogenic temperatures, 
ease of fabrication and weldability (ability to be welded). 
These additional elements include nickel, molybdenum, 
titanium, copper, carbon and nitrogen. Stainless steels protect 
against corrosion as they contain enough chromium to form a 
passive film of chromium oxide, which prevents further 
surface corrosion. The oxide bonds strongly to the metal 
surface and blocks corrosion from spreading to the internal 
structure of the metal. Thus, stainless steels are most effective 
in oxidizing environments. 

There are many grades of stainless steels. The American 
Iron and Steel Institute (AISI) and the American Society of 
Testing and Materials (ASTM) have developed designations 
such as 304,430, etc. These are not specifications, but relate to 
steel grade composition ranges only. Stainless steels have 
different metallurgical structures and can be divided into 
five types: 

a) Austenitic grades. Austenitic grades are the most com¬ 
monly used types in chemical plants. The most common 
austenitic grades are iron-chromium-nickel steels that 
fomi the 300 series. Austenitic grades cannot be hardened 
by heat treatment, but can be hardened by cold-working. 
The letter ‘L’ after a stainless steel type indicates low 
carbon (e.g. 304L), in which the carbon is kept to 0.03% or 
below. These are used to provide extra corrosion resist¬ 
ance after welding. However, L-grades are more expen¬ 
sive and more carbon at high temperatures imparts greater 
physical strength. High carbon H-grades contain between 
0.04% and 0.10% carbon and retain strength at extreme 
temperatures. Some of the more commonly used grades 
are (Pitcher, 1976): 


( Continued) 


Type Typical composition Typical applications 


304L 18% to 20% Cr, 8% to 

11% Ni, 0.03% C, 
balance Fe 

316 16% to 18% Cr, 10% to 

14% Ni, 2% to 3% Mo, 
0.08% C, balance Fe 


316L 16% to 18% Cr, 10% to 

14% Ni, 2% to 3% Mo, 
0.03% C, balance Fe 

317 18% to 20% Cr, 11% to 

15% Ni, 3% to 4% Mo, 
0.08% C, balance Fe 


317L 18% to 20% Cr, 11 % to 

15% Ni, 3% to 4% Mo, 
0.03% C, balance Fe 


is also widely used for process 
equipment in the food and 
beverage industries. 

Low carbon version of Type 304. 
Used when welding and heat 
treatment are a problem with 
Type 304. 

Molybdenum used to control 
pitting corrosion. Widely used for 
chemical processing equipment in 
more corrosive environments. 
Also used for process equipment 
in the food and beverage and pulp 
and paper industries. 

Low carbon version of Type 316. 
Used when welding and heat 
treatment are a problem with 
Type 316. 

Higher percentage of 
molybdenum than Type 316 for 
extra corrosion resistance. 

Suitable for highly corrosive 
environments. 

Low carbon version of Type 317 
when welding and heat treatment 
are a problem with Type 317. 


b) Martensitic grades. Martensitic grades are stainless alloys 
that are both corrosion resistant and can be hardened by 
heat treatment. These grades are chromium steels with no 
nickel. The martensitic grades are used where strength, 
hardness and wear resistance are required. Some of the 
more commonly used grades are (Pitcher, 1976): 


Type Typical composition Typical applications 


410 11.5% to 13.5% Cr, 0.6% 

Ni, 1% Mn, 0.15% C, 
balance Fe 


420 12% to 14% Cr, 0.6% Ni, 

0.2% to 0.4% C, balance 
Fe 

431 15% to 17% Cr, 1.25% to 

2.5% Ni, 0.2% carbon 
maximum, balance Fe 

440 16% to 18% Cr, 0.6% Ni, 

0.75% Mo maximum, 0.6% 
to 1.2% C, balance Fe 


Basic martensitic grade. Low- 
cost, general-purpose stainless 
steel that can be heat treated and 
is used when corrosion is not 
severe. Typical applications are 
for highly stressed parts needing 
a combination of strength and 
corrosion resistance. 

Increased carbon improves 
mechanical properties. 

Better corrosion resistance than 
type 410 and good mechanical 
properties. Typical applications 
are for high-strength parts, such 
as valves and pumps. 

Further increases the chromium 
and carbon to improve strength 
and corrosion resistance. 


Type Typical composition Typical applications 

304 18% to 20% Cr, 8% to The most common of the 

11% Ni, 0.08% C, austenitic grades. Widely used for 

balance Fe chemical processing equipment in 

lesser corrosive environments. It 


c) Ferritic grades. Ferritic grades are suited to applications 
that need to resist corrosion and oxidation, but also require 
a high resistance to stress corrosion cracking. These 
grades cannot be heat treated. Ferritic grades are more 
corrosive resistant than martensitic grades, but generally 
not as good as the austenitic grades. Like martensitic 
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grades, these grades are chromium steels with no nickel. 
Some of the more commonly used grades are (Pitcher, 
1976): 


(Continued ) 


Hastelloy Typical Typical applications 

composition 


Type Typical composition Typical applications 


430 16% to 18% Cr, 0.12% C 

maximum, balance Fe 


405 11.5% to 14.5% Cr, 0.8% 

C maximum, 0.1 % to 
0.3% Al, balance Fe 


442 18% to 23 % Cr, 1 % Mn, 

0.2% carbon, balance Fe 


446 23% to 27% Cr, 1.5% Mn 

maximum, 0.2% carbon 
maximum, balance Fe 


The basic ferritic grade, with 
slightly less corrosion resistance 
than Type 304. High resistance to 
nitric acid, sulfur gases, and 
many organic and food acids. 
Lower chromium, but aluminum 
added to prevent hardening when 
cooled from high temperatures. 
Typical applications include heat 
exchangers. 

Increased chromium to improve 
resistance to oxidation scaling. 
Typical applications include 
furnace and heater parts. 

Contains even more chromium 
than Type 442 to offer high 
resistance to oxidation scaling at 
high temperatures and when 
sulfur may be present. 


d) Duplex grades. These grades are a combination of aus¬ 
tenitic and ferritic material. They have higher strength and 
better resistance to stress corrosion cracking. 

e) Precipitation hardening grades. Precipitation hardening 
grades offer a combination of strength, ease of fabrication, 
ease of heat treatment, and corrosion resistance not found 
in the other classes. These grades are used for bar, rod, 
wire, forgings, sheet and strip products. 

3) Nickel and nickel alloys. Nickel and its alloys have good 
resistance to many chloride-bearing and reducing environ¬ 
ments that attack stainless steels. The resistance of nickel to 
reducing environments is enhanced by molybdenum and 
copper. Pure nickel is generally only used for sodium and 
potassium hydroxide services, with its alloys being preferred 
for most applications. The most common grades of nickel 
alloys are (Hughson, 1976): 

a) Hastelloy. Hastelloy alloys offer high resistance to uni¬ 
form corrosion attack, localized corrosion, stress corro¬ 
sion cracking, and ease of welding and fabrication. Some 
of the more commonly used grades are: 


Hastelloy Typical Typical applications 

composition 

Type B 28% Mo, 2% Fe, 1% Hydrochloric acid, hydrogen 

Cr, balance Ni chloride gas, sulfuric, acetic and 

phosphoric acids. Thermal 
oxidation of chlorinated wastes. 

Type C 16% Mo, 5% Fe, Mineral (inorganic) acids (e.g. 

16% Cr, balance Ni sulfuric, nitric, phosphoric, etc), 
formic and acetic acids, acetic 
anhydride, chlorine, chlorine 
contaminated solutions (organic 
and inorganic), hypochlorite, brine 
solutions and seawater. Paper pulp 
processes. 


Type G 3% Mo, 30% Fe, 
21% Cr, 2% Cu, 
balance Ni 


Hot sulfuric and phosphoric acids, 
oxidizing and reducing agents, 
acid and alkaline solutions, mixed 
acids, sulfate compounds, 
contaminated nitric acid and 
hydrofluoric acid. 


b) Inconel. Inconel is a family of austenitic nickel-chro- 
mium-based alloys. When heated. Inconel forms a stable, 
passive oxide layer protecting the surface from further 
attack. Inconel retains strength over a wide temperature 
range and is attractive for high-temperature applications 
where aluminum and steel would be vulnerable to creep. 
Some of the more commonly used grades are: 


Inconel 

Typical composition 

Typical applications 

Type 

7% Fe, 16% Cr, balance 

Applications that require 

600 

Ni 

resistance to corrosion and 
heat. Reducing conditions for 
alkaline solutions. Resistant to 

chloride-ion stress corrosion 
cracking. 

Type 

9% Mo, 2.5% Fe, 22% 

Sulfuric acid at low 

625 

Cr, balance Ni 

temperatures. Phosphoric acid 
and sodium hydroxide 
solutions at high temperatures, 
but low concentrations. 

Type 

3% Mo, 30% Fe, 21% Cr, 

Reducing environments such as 

825 

balance Ni 

sulfuric and phosphoric acids. 
Oxidizing environments such 
as nitric acid solutions, nitrates 
and oxidizing salts. Most 
organic acids including boiling 
concentrated acetic acid, acetic- 
formic acid mixtures, maleic 
and phthalic acids. Most 
alkaline solutions. 


c) Monel. Monel is a group of nickel alloys, primarily 
composed of nickel (up to 67%) and copper (typically 
32%), iron (typically 2%), with small amounts of manga¬ 
nese, carbon and silicon. It is used for sulfuric acid, 
hydrochloric acid and reducing conditions. It can be 
used for many alkalis, but not at all concentrations. It 
has less resistance to alkalis than pure nickel. Monel can be 
used in seawater and brackish water services. It is not 
vulnerable to stress corrosion cracking by any of the 
chloride salts. Compared with steel. Monel is difficult 
to fabricate as it work-hardens very quickly. 

4) Aluminum and aluminum alloys. Aluminum is principally 
used in heat transfer applications, because of its high thermal 
conductivity. Aluminum plate-fin heat exchangers are used 
extensively in cryogenic applications. Aluminum fins are 
widely used to enhance the heat transfer in high transverse 
fins for air-cooled heat exchangers. One of the main limita¬ 
tions of aluminum is that its strength declines significantly 
above 150 °C. The highest working temperature is normally 
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taken to be 200 °C. However, it has excellent low-temperature 
properties and can be used down to —250 °C. Many mineral 
acids attack aluminum, but it can be used with concentrated 
nitric acid above 82%, concentrated sulfuric acid and 
most organic acids. Aluminum cannot be used with strong 
alkali solutions. As with stainless steels and nickel alloys, 
corrosion resistance is a result of the formation of a thin 
oxide layer, which means that it is most suited to use in 
oxidizing conditions. 

A number of aluminum alloys are available. The alloys are 
mainly to improve the mechanical properties, and most have 
lower corrosion resistance than the pure metal. 

5) Copper and copper alloys. Copper has the attraction that it 
has an extremely high thermal conductivity for use in heat 
transfer equipment. However, pure copper is rarely used in 
chemical plant equipment. Copper is generally attacked by 
mineral acids, but is generally resistant to caustic alkalis, 
organic acids and salts. Cupronickels containing 10 to 30% 
nickel have good corrosion resistance and are used for heat 
exchanger tubing. Resistance to seawater is particularly 
good for cupronickels and they are often used for heat 
exchangers where seawater is used as the coolant. 

6) Lead and lead alloys. Lead was one of the traditional 
materials of construction in chemical plant. It was particularly 
important in the construction of sulfuric acid plants. Lead 
relies for its high resistance to corrosion on layers of 
insoluble lead salts that form on the surface. However, 
the use of lead and lead alloys has declined as other metals 
and plastics have replaced it. 

7) Titanium. Titanium has good corrosion resistance in oxidiz¬ 
ing and mild reducing environments. It is resistant to nitric 
acid at almost all concentrations. It is resistant to hot chloride 
solutions and performs better than stainless steel for seawater 
duties. However, fabrication with titanium is difficult. 

8) Zirconium. Zirconium is similar to titanium in its corrosion 
properties. However, zirconium is more resistant to hydro¬ 
chloric acid and resistance to chlorides, except ferric and 
cupric. Zirconium resembles titanium in its difficulty of 
fabrication. All welding must be carried out in an inert 
medium. 

9) Tantalum. Tantalum is practically inert to many oxidizing 
and reducing acids. It is attacked by hot alkalis and hydro¬ 
fluoric acid. The mechanical properties of tantalum are 
similar to mild steel, but it has a higher melting point. 

10) Glass. Glass chemical plant equipment is available from 
specialist equipment manufacturers. Pipe joints use polytetra- 
fluoroethylene (PTFE) gaskets. Glass has excellent resistance 
to all acids except hydrofluoric acid. There are two major 
drawbacks to its use. First, it is brittle and not suited to high 
pressures and can also be damaged by thermal shock. Second, 
the availability of equipment is limited in scope and restricted 
to relatively small scales. However, glass-lined steel combines 
the corrosion resistance of glass with the strength of steel. 
Thus, glass-lined stirred reactor vessels are quite common. 

11) Plastic materials. Commonly used plastic materials of con¬ 
struction are polyvinyl chloride (PVC), acrylonitrile- 


butadiene-styrene (ABS) and polyethylene (PE). Generally, 
plastics have high resistance to weak mineral acids and 
inorganic salt solutions when metals might not be suitable. 
By comparison with metals, plastics are limited to use at 
relatively low temperatures. The use of plastic materials is 
generally restricted to tanks, pipes and valves. However, 
specialist designs of heat exchangers and pumps are also 
available in plastic materials. The most commonly used 
plastic materials are: 


PVC Most frequently specified of all thermoplastic piping 

materials. Resistant to corrosion and chemical attack by 
acids, alkalis, salt solutions and many other chemicals. 
However, it is attacked by polar solvents such as ketones 
and aromatics. The maximum service temperature for PVC 
is 60 °C under pressure and 80 °C in drainage. 

ABS Temperature range is —40 °C to 82 °C. ABS is resistant to a 
wide variety of process materials. 

PE Of the different grades of PE, process equipment is usually 

manufactured from high-density PE for strength and 
hardness. High-density PE tanks can be used up to 55 °C. 
Pipe is usually made from medium or high density PE. PE 
is generally used for gas distribution, water lines and slurry 
lines. 


12) Composite materials. A composite material combines two or 
more materials, often ones that have very different properties. 
The properties of the two materials combine together to give 
the composite properties. The most commonly used compos¬ 
ite material is fiberglass. Glass fiber reinforced plastics (GRP) 
or fiberglass reinforced plastics (FRP) use polyester resins 
reinforced with glass fiber. On its own, glass is strong but 
brittle and it will break if bent. The matrix holds the glass 
fibers together and protects them from damage by spreading 
the forces acting on them. Glass reinforced plastics are 
relatively strong and have a good resistance to dilute mineral 
acids, inorganic salts and many solvents, but are less resistant 
to alkalis. The use of glass reinforced plastics is mostly 
restricted to tanks and vessels that can be fabricated in sizes 
up to 20 m. 

Some advanced composites are now made using carbon 
fibers instead of glass. These materials are lighter and stronger 
than fiberglass but more expensive to produce and therefore 
do not find wide application in chemical plant. 

13) Linings. Many corrosion resistant materials are not suitable 
for the fabrication in large-scale equipment because they are 
difficult to weld, too brittle, too soft or too expensive. Rather 
than use an expensive alloy for the construction of large-scale 
equipment, a cheaper material such as carbon steel can be 
used, with a lining of corrosion resistant material to prevent 
damage. Glass can be used to line vessels and pipes. Plastic 
linings can be used. The most chemically resistant plastic for 
such applications is polytetrafluoroethylene (PTFE), which is 
resistant to all alkalis and acids except fluorine and chlorine 
gas at elevated temperatures. Rubber has been used exten¬ 
sively in the past to line tanks. Both natural and synthetic 
rubbers can be used. Natural rubber has good resistance to 
most alkalis and most acids, but not nitric acid. Synthetic 
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rubbers can be used with nitric acid and strongly oxidizing 
environments, but are generally not suited to chlorinated 
solvents. 

In addition to the use of linings for corrosion resistance, 
linings are also necessary in high-temperature equipment to 
protect the metal shells of furnaces. Refractory bricks and 
cements are used as lining for fired heaters, boilers and the 
furnace reactors. Carbon steel shells must be maintained 
below 500 °C in operation. 

B.5 Criteria for Selection 

Many factors go into the selection of materials of construction for a 

particular application: 

1) Corrosion. The primary consideration in many chemical pro¬ 
cess applications is corrosion. The general characteristics of 
corrosion and the use of different materials have been discussed 
earlier. Corrosion charts are available to give more detail in the 
selection process (Green and Perry, 2007). However, such 
corrosion charts should be used with great caution. Corrosion 
is very difficult to predict with precision. In addition to the bulk 
fluid major components, it is dependent on temperature, on low 
levels of components in the process materials and the prepara¬ 
tion of the material of construction. It is also dependent on 
localized phenomena, as discussed earlier. The most reliable 
way to predict corrosion resistance is to use experience from 
working processes operating with the same or a similar process. 
Laboratory tests are useful, but are not as effective as tests 
carried out on working plant processing the same chemicals. 
Test samples can be located in working plant and tested for 
corrosion resistance. However, again the temperature is impor¬ 
tant in the tests, as well as the composition of the process 
materials. 

The primary choice for material for most applications is 
carbon steel, if corrosion permits. An alternative is to use plastic 
materials, but these are limited by their inability to withstand 
elevated temperatures and by their low strength. Thus, lack of 
corrosion resistance for carbon steel, or adverse temperature 
and pressure in the case of plastic material, force the use of more 
expensive materials. Most corrosion problems encountered in 
process design can be solved by using one of the various grades 
of stainless steel discussed earlier (Pitcher, 1976). However, 
sometimes the corrosion problems are too severe for stainless 
steels to handle. In such cases, it might be necessary to resort to 
more expensive metals, such as nickel alloys. As a cheaper 
alternative, it is sometimes possible to line equipment con¬ 
structed with cheaper material, such as carbon steel, with glass, 
PTFE or some other corrosion resistant material. 

2) Temperature. In addition to the corrosion phenomena being 
highly temperature dependent, temperature significantly 
affects the mechanical properties of the material. Plastic mate¬ 
rials are generally restricted for use below 80 °C. Copper can be 
used up to 260 °C and aluminum up to 460 °C. Carbon steel is 
limited to use below 500 °C. Stainless steel grades 304 and 316 
and nickel can be used up to 760 °C. Some other stainless steel 


grades, such as 321 and 347, and Monel can be used up to 
815 °C. Type 446 stainless steel. Inconel and titanium can be 
used up to 1100 °C. Creep resistance is an important consider¬ 
ation for materials being exposed to high temperature, espe¬ 
cially when in combination with high stress. 

However, high temperature is not the only problem. Metals 
can fail catastrophically when exposed to very low tempera¬ 
tures through brittle fracture. Carbon steel can be used down to 
—45 °C. Stainless steels can be engineered for lower tempera¬ 
tures, but this depends on the grade. Some austenitic grades of 
stainless steel can be used as low as —270 °C. Aluminum can be 
used down to —250 °C. 

3) Pressure. For processes working under significant pressure, 
the main consideration is the strength of the material of 
construction, which will be temperature dependent. 

4) Abrasive environments. Processing solids and slurries can 
create an abrasive environment for materials of construction. 
Under such conditions, materials of construction without the 
necessary hardness will quickly deteriorate. 

5) Ease of fabrication. Fabrication involves cutting, bending, 
machining, joining and assembling to produce functional 
equipment. The mechanical properties of materials and their 
ease of fabrication are intimately linked. The mechanical 
properties can change as a result of the fabrication. Properties 
such as brittleness, ductility, malleability, and the work hard¬ 
ening and heat treatment properties of materials are all impor¬ 
tant factors in the ease of fabrication. 

Joining of materials is another important consideration. 
Welding joins metals by causing coalescence of the metals 
being joined. This is most often achieved by melting the metals 
to be joined and adding a filler material to form a pool of molten 
material that cools to become a strong joint. Many different 
energy sources can be used for welding. However, not all 
metals are easily welded and welding different metals together 
can present problems. Brazing is an alternative joining process 
for metals in which a filler metal is melted between the metals to 
be joined. The filler metals used in brazing usually have melting 
points between 450 °C and 1000 °C, but must have a lower 
melting point than the metals being joined. Unlike welding, the 
metals to be joined are not melted. The filler metal melts and 
reacts metallurgically with the metals to be joined, forming 
strong, permanent joints. Brazing has the advantage of produc¬ 
ing less thermal stresses than welding. 

Various methods are available for joining plastics and 
composites. These can be classed into mechanical fastening, 
adhesive and solvent bonding, and welding. Welding is an 
effective method of permanently joining plastic components, 
but can only be applied to thermoplastics and thermoplastic 
elastomers. 

6) Availability of standard equipment. When designing a chemi¬ 
cal process, it is necessary to choose equipment (e.g. pumps, 
compressors, valves and pipes) from suppliers that have a 
limited range of specifications, including materials of construc¬ 
tion. The choice of material of construction for such equipment 
might be dictated by the options available from equipment 
suppliers. 
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7) Cost. Cost effectiveness is one of the main considerations in 
process design. The choice of material of construction has major 
cost implications, as illustrated in Table 2.2, which shows that 
equipment constructed from stainless steels will be between 2.4 
to 3.4 times more expensive than if constructed from carbon 
steel, between 3.6 and 4.4 times more expensive if constructed 
from nickel alloys and for titanium 5.8 times as expensive as 
carbon steel. There is therefore a great incentive to avoid exotic 
materials of constmction. An alternative discussed above is to 
use low-cost material with a corrosion resistant lining. 

B.6 Materials of 
Construction - Summary 

Many factors enter into the choice of the materials of construction. 

Among the most important are: 

• mechanical properties (particularly tensile and yield strength, 
compressive strength, ductility, toughness, hardness, fatigue 
limit and creep resistance), 


• effect of temperature on mechanical properties (both low and 
high temperatures), 

• ease of fabrication (machining, welding, and so on), 

• corrosion resistance, 

• availability of standard equipment in the material, 

• cost. 

A much more detailed discussion of selection of materials of 
construction has been given by Kirby (1980). 

References 

Green DW and Perry RH (2007) Perry's Chemical Engineer's Handbook, 
McGraw-Hill. 

Hughson RV (1976) High-Nickel Alloys for Corrosion Resistance, Chemical 
Engineering, Nov: 125. 

Hunt MW (2014) Develop a Strategy for Material Selection, Chem Eng Progr, 
May: 42. 

Kirby GN (1980) How to Select Materials, Chemical Engineering, Nov: 86. 
Pitcher JH (1976) Stainless Steels: CPI Workhorses, Chemical Engineering, 

Nov: 119. 



Appendix C 

A 


Annualization of 
Capital Cost 


D erivation of Equation 2.7 is as follows (Holland, Watson and The future worth of the second annual payment after (n — 2) years 
Wilkinson, 1983). Let is: 


P = present worth of estimated capital cost 
F = future worth of estimated capital cost 
i = fractional interest rate per year 
n = number of years 

After the first year, the future worth F of the capital cost present 
value P is given by: 

F(l)=P + Pi = P(l+i) 

After the second year, the worth is: 

F(2) = P(1 +i) + P(\ + i)i 

= P( 1 + if 

After the third year, the worth is: 


(C.l) 


(C.2) 


F=A{ 1 + if~ 2 (C.l) 

The combined worth of all the annual payments is: 

F = A[(l + if~ l + (1 + if- 2 + (1 + if~ 3 + ■ ■ • + (1 + if~ n ] 

(C.8) 

Multiplying both sides of this equation by (1 + i) gives: 

F(1 + i) = A[(l + if + (1 + if~ l + (1 + if- 2 + • ■ • + (1 + I)] 

(C.9) 


Subtracting Equations C.8 and A.9 gives: 

F(1 + i) — F = A[(l + if — 1] (C.10) 


F(3) = P(l+if + P(l + ifi 

= p(i + 0 3 

After year n, the worth is: 

F(n) = P( 1 + if (C.4) 

Equation C.4 is normally written as: 

F = P( 1 + if (C.5) 

Take the capital cost and spread it as a series of equal annual 
payments A made at the end of each year, over n years. The first 
payment gains interest over (n— 1) years and its future value after 
(n — 1) years is: 


which on rearranging gives: 

P _ A[(l + 0" ~ 1] 

i 

Combining Equation C.ll with Equation C.5 gives: 

, mi + 'T] 

(i + «7-i 

Thus, Equation 2.7 is obtained. 
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Appendix D 

A 


The Maximum Thermal 
Effectiveness for 1-2 Shell-and- 
Tube Heat Exchangers 


T he derivation of Equation 12.34 is as follows (Ahmad, 1985). 
From Bowman, Mueller and Nagle (1940): 


When R±\\ 


\Jrf + lln 


Ft 


1 -P 
1 -RP 


(.R - l)ln 


When R=\ \ 


<2-p(r+ 1 - \Jr 2 +\ j' 
k 2-p(r+1 + V ^ 2 + l) y 

' \j2P 


Ft — - 


In 



~ P ) 

/2-P| 

(2-V5)\ 

\2-P\ 

( 2 + V5 )) 


(D.l) 


(D.2) 


The maximum value of P, for any R. occurs as F T tends to — oo. 
From the F T functions above, for F T to be determinate: 

1) P<1 

2) RP< 1 
2-p(r + i- 

2 - P(R + 1 + \JR 2 + 1) 


Condition 3 applies to Equation D.2 when R = 1. Both Conditions 
1 and 2 are always true for a feasible heat exchange with positive 
temperature differences. 

Taking Condition 3, either: 


a) 


b) 


P < 

or 
P > 


2 

R+ 1 - \Jr 2 + 1 
2 

R+ 1 - \Jr 2 + 1 


and 


and 


P < - 2 - (D.3) 

R + 1 + VW + 1 


P >- 2 - (D.4) 

R + 1 + Vfl + 1 


but not both. Consider Condition b in more detail. For positive 

values of R, R + 1 — V^ 2 + 1 is a continuously increasing 
function of R, and: 

• as R tends to 0, R + 1 — J R 1 + 1 tends to 0; 

• as R tends oo, R + 1 — "\A 2 + 1 tends to 1. 

For Condition b to apply, for positive values of R, P> 2. 
However, P < 1 for a feasible heat exchange. Thus, Condition b 
does not apply. 

Now consider Condition a. Because: 


R + 1 + Vr 2 + 1 > R + 1 - 'Jr 1 + 1 (D.5) 


both inequalities for Condition a are satisfied when: 

2 

P < 


r + i - Jr 1 +1 


(D.6) 


Thus, the maximum value of P for any value of R, P max , is 
given by: 


Pmax — /-t, - 

R + 1 + V# + 1 


(D.7) 
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Appendix E 


A 


Expression for the Minimum 
Number of 1-2 Shell-and-Tube 
Heat Exchangers for a 
Given Unit 


T he derivation of Equations 12.45 to 12.47 is as follows 
(Ahmad, 1985). From Bowman (1936), the value of P over 
Nshells number of 1-2 shells in series, Pn-in > can be related to the 
value of P for each 1-2 shell, P t _ 2 , according to: 

Rt 1: 


P =■ 


1 -P 1 - 2 K 

1 -Pi-2 


NSHELLS 


R 


I-P 1 - 2 R 

1 Pi—2 


N SHELLS 


(E.l) 


R= 1: 


This therefore requires that: 

Rt 1 : 


1 - 


fi __\ 

R + 1 + \/r 2 + 1 


HSHELLS 


1 - 


2 X P 


P = 


r + i + /r 2 + iJ 


R- 


L 2XpR 

R+ 1 + /r 2 + 1 


1 - 


2 X P 


\ R+1 + \/R 2 + l) 


(E.5) 


P SHELLS 
P\-lNSHELLS ~ P\-2 + 1 


(E.2) 


Now, the maximum possible value of P,_ 2 in a 1-2 shell is (see 
Appendix D): 


P\-2max = - , (E.3) 

R + 1 + V# + 1 

The value of Pi_ 2 required in each 1-2 shell to satisfy a chosen 
value of X P is defined by: 

Pi-2 = XpPl-2max (E.4) 


R= 1: 


2X P N SHELLS 

2 + s/2 


2XpN SHELLS 


2 X P 


2+ s /2 2+2/2 


+ 1 


(E.6) 


These expressions define Pn-in for N S hells number of 1-2 
shells in series in terms of R and X P in each shell. The 
expressions can be used to define the number of 1-2 shells in 
series required to satisfy a specified value of X P in each shell for 
a given R and Pn- 2 n- Hence, the relationship can be inverted to 
find that value of N that satisfies X P exactly in each 1-2 shell in 
the series: 


RP 1: 
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where 


R + 1 + V^ 2 + 1 - 2 X P R 
R + 1 + \Jr 1 + 1 - 2X/j 


/?=!: 


(E.8) 


Choosing the number of 1-2 shells in series to be the next largest 
integer above N SHELLS ensures a practical exchanger design satis¬ 
fying X P . 
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Appendix F 


A 


Heat Transfer Coefficient 
and Pressure Drop in 
Shell-and-Tube Heat 
Exchangers 


F igure F.l shows the basic layout of a shell-and-tube heat 
exchanger. The basic correlations used in the model are 
suitable for the following conditions (Wang et al., 2012): 

1) Single-phase heat transfer in a shell-and-tube heat exchanger 

2) Plain tubes 

3) Single segmental baffles with 20% to 50% cut 

4) Physical properties are assumed constant, based on an average 
between the inlet and outlet conditions. 


F.l Heat T ransfer and 
Pressure Drop Correlations 
for the Tube Side 


1) Tube-side heat transfer coefficient. Three equations are used 
to calculate the tube-side heat transfer coefficient, depending 
on the flow regime. The Seider-Tate correlation (Equation 
F. 1) is used for the laminar region (Serth, 2007; Kraus, Welty 
and Aziz, 2011). The Flausen correlation (Equation F.2) is 
used for the transition region and the Dittus-Boelter correla¬ 
tion (Equation F.3) is used for the turbulent region (Bhatti and 
Shah, 1987): 


Nu = 1.86 



1/3 


for Re < 2100 andL < 0.05 RePr d] 


(F.l) 


Chemical Process Design and Integration, Second Edition. Robin Smith. 
©2016 John Wiley & Sons, Ltd. Published 2016 by John Wiley & Sons, Ltd. 
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Nu = 0.116(Re 2 / 3 - 125)/V 1/3 

for 2100 < Re < 10 4 (F.2) 

Nu = CRe 0 S Pr 0A for Re > 10 4 (F.3) 

where Nu = tube-side Nusselt number 
_ hjdi 
k 

C = constant (0.024 for heating, 0.023 for cooling) 
Re = tube-side Reynolds number 
pvrdi 

P 

Pr = tube-side Prandtl number 
_ Cpp 

k 

di = tube inner diameter 
L = tube length 

h T = tube-side heat transfer coefficient 
p = tube-side fluid density 
Cp = tube-side heat capacity 
p = tube-side fluid viscosity 
k = tube-side fluid thermal conductivity 
v T = mean fluid velocity inside the tubes 
m T (Np / Np) 

P(nd]/ 4 ) 

m T = mass flowrate on the tube-side 
Np = number of tube passes 
N T = number of tubes 



Fluid physical properties are taken at the average bulk 
fluid temperature between the tube-side flow inlet and 
outlet. 


F 
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Shell-side 

Intel Nozzle Window lubes Baffles 



Figure F.1 

Geometry of shell-and-tube heat exchangers. 


The tube-side heat transfer coefficient can be calculated 
from Equations F.l to F.3: 

a) For laminar flow Re < 2100 and L < 0.05 Re Pr dj: 


hj = 1.86 — 
dj 

= 1.86^ 
dj 

= Khr\ v 1 / 3 


'pvrdA ( di 
R ) \L 


'(> d ,\p r (d, 


R J 


11/3 


1/3 


1/3 


(F.4) 


c) For fully developed turbulent flow Re > 1() 4 

h T =c- V 4 

di\ r J 


where 


= Ki,T4v'' 


, 0.8 


K IiT 4 = C—Pr 
d, 


. 0.4 I pdi \ 


R J 


(F-9) 


(F. 10) 


where 


Khri = 1-86 — 
di 


R ) \L 


b) For transition flow 2100 < Re < 10 4 : 
k 

h T = — X 0.116 


1/3 


(F.5) 


[(^V / 3 - 12 5 l 

Pr 1 / 3 


V R J 


\L J 


= o. 116 — \ 7 p r 1 / 3 l + (F) 

di \ Ri J \LJ 

=o.iibi V/3 

di \ r J 


2 / 3 ' 


2) Tube-side pressure drop. The total tube-side pressure drop 
A Pj for a single shell comprises the pressure drop in the 
straight tubes (A Ptt), pressure drop in the tube entrances, 
exits and reversals (A Pte), and pressure drop in nozzles 
(A P TN ) (Serth, 2007). 


- 0.116 x 125-^-Pr 1/3 

di 


'♦'r) 


2 / 3 ' 


(F.6) 


j,\ w 


1 + l r ) 


4 /3 - 14.5 ~^Pr l/3 

dj 


= KhTlVj^ ~ Ki, T 3 


1 + i t) 


2 / 3 ' 


where 


k fpdj\~ /3 1/3 fdi \ 2//3 

Kht 2 = 0.116-r— Pr 1 ' 3 1+ 

di \ p J \L J 


K hT 3 = 14.5-Pr 1 / 3 

dj 


J \ 2/3' 


a) Friction loss in the straight section of tubes APtt (Serth, 
2007): 


(F.7) 


(F.8) 


APjt — 


2N pCfTLpVj 

dj 


(F.l 1) 


where Np = number of tube passes per shell 
Cfp = tube-side friction factor 
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The Fanning friction factor is given by: 

c fT = F c Re mi (F.12) 


where 


F c = 16, nif=—l for Re < 2100 

F c = 5.36 x 10“ 6 , m f = 0.949 for 2100 > Re> 3000 

F c = 0.0791, m f = -0.25 for Re > 3000 

Substituting Equation F.12 into Equation F.ll gives: 

2N P F c Re m > Lpv\ 


A P T 


dj 


^ ' p\’rdi j 


m f 


fF. 13) 


2N P F C ( ——— j Lpv z 


2N P F C f Lpvl +mf 


b) Pressure loss due to the sudden contractions, expansions 
and flow reversals through the tube arrangement APje 
(Serth, 2007): 


APje = 0.5a R p\’pp (F.14) 


where 


a R = 3.25 N P - 1.5 for 500 < Re < 2100 
a R = 2N P - 1.5 for Re > 2100 

c) Pressure loss in the inlet and outlet nozzles APtn per shell 
(Serth, 2007): 


APtn = AP tn , inlet + AP TN,outlet 

= CTN,inletP v TN,inlet + Ctn outlet P V TN outlet 


fF. 15) 


where 


CtN, inlet = 0.75 for 100 < RepN, inlet < 2100 
CtN, inlet = 0.375 for RepN, inlet > 2100 

PVTN .inletdrN .inlet 


Re 


TN,inlet — 


h 


mp 


VTN,inlet — . .7 ... 

P(* d TN,inJ 4 ) 

d T N, inlet = inner diameter of the inlet nozzle for the tube- 
side fluid 

CTN,outlet = 0.75 for 100 < Re TN , out i et < 2100 
Ctn, outlet = 0.375 for Re tn, outlet ^ 2100 

pVjN ,outlet^TN,outlet 


Re 


^TN,outlet — 




rrij 


P(nd 2 TN „ utlet /4) 


d T N, outlet = inner diameter of the outlet nozzle for the 
tube-side fluid 


Thus, the total pressure drop for the tube-side per shell is: 

A P p = APj-j + APjp + A P'/v 

2NpCfLpfli 2 2 

— f 0.5 (XftpVj + CTN,inletP v TN inlet 

Uj 

+ Ctn, outletPVjN,outlet 

2 N P F C 0 —\ f Lpv 2 + mf 
= - ^ ^ - 1 - 0.5 a R pVp 

dj 

+ Ctn, inlet P V TN,inlet + CpN,outletP v TN,outlet 
= KpTlNpLl’j 1 + KpjlVj + Kpp3 


fF. 16) 


where 


Kpr\ — ■ 


pdiY v 

P ) 


2F c\ I P 


di 

Kptz = 0.5 a R p 
KpT3 = p{CTN,inletV TNin i et + CTN,outletV TNout iPj (F.19) 


(F.17) 
(F. 18) 


For heat exchangers with multiple shells connected in series, 
the total pressure drop on the tube-side fluid is estimated by the 
product of the pressure drop per shell and shell number in 


T,Nshells - NSHELLS AP T 


(F.20) 


where APt,n SH ells = tota ^ P ressure d ro P on the tube-side 
across N SHELLS 

AP T = pressure drop per shell, given by 
Equation F.16 

N shells = number of shells connected in series 

For heat exchangers with multiple parallel shells, the total 
pressure drop on the tube-side fluid is equal to the pressure drop 
in a single shell A P T . 

F.2 Heat T ransfer and 
Pressure Drop Correlations 
for the Shell Side 

1) Shell-side heat transfer coefficient. The shell-side heat transfer 
coefficient is calculated from (Ayub, 2005; Wang etal., 2012): 

0.06207 F S F P F L J sk 2 P{c P p ) 1 /3 

% =- - - (F.Zl) 

do 

where h s = shell-side heat transfer coefficient 
do = tube outer diameter 
k = shell-side fluid thermal conductivity 
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the number of tubes across the cross-sectional area is 
(D B — do)/p T and the gap between the tubes is {p T — do). 
Thus for a 90° layout: 


A-cf = B 


(D s ~D b ) + ——— (p r - d 0 ) 
Pt 


(F.26) 


The shell-side pressure drop is a strong function of the baffle 
spacing B, since the shell-side fluid velocity v B is inversely 
proportional to the baffle spacing B. From Equation F.21, the 
shell-side heat transfer coefficient h s is: 


h s = K' hS F s 


(F.32) 


where A CF = shell-side cross flow area 
B = baffle spacing 
D s = shell inside diameter 
D b = outside diameter of the tube bundle 
p T = tube pitch 
d 0 = tube outside diameter 

Figure F.2b shows the flow across a triangular (30°) layout 
The flow area is taken to be the minimum flow area, which is 
the minimum of (p T — do) and 2 X (p T — do), which is 
( p T — d 0 ). Thus the flow area for a triangular layout is also 
given by Equation F.26. 

Figure F.2c shows flow across a rotated square (45°) layout. 
The minimum flow area is the minimum of p T \J2 and 
2 X (p T — do). For the tube pitches used in practice (say 
p T = 1.25 d a ), the minimum is 2 (p T — do). Thus, for a 45° 
layout: 


rcF : 


■ B 


(D s -D b ) + {Db do) 2 (p T - d 0 ) 

\2p T 


Finally, Figure F.2d shows flow across a rotated triangular (60°) 
layout. The minimum flow area is the minimum of p T y^3 and 
2 X (p T — d 0 ). For the tube pitches use in practice the minimum 
is 2 (p T — do). Thus, for a 60° layout: 


where 


K' 


0.06207 F P F L J s k 2/3 (c P p) 1 / 3 


hS ' 


a) For Re s < 250. Substituting Equation F.22 into Equation 
F.32 gives: 

h s = K' hs (- 5.9969 X 10 4 Re 2 s + 0.6191/?e s + 17.793) 

= -5.9969 x 10 ~ A K' hs ( pd ^ 

\ ft 

+ 0 . 6191 ^/^+ 17 . 793 ^. 


= KhsiVs + KhsiVs + Khs3 


(F.33) 


where 


(F.27) K, 


hS 1 


-5.9969 X 10- 4 ^; 


hS 


pdo 


= -5.9969 X 10~ 4 X 


0.06201FpF L J s k 2 ^(c P p) l/3 Ppd 0 \ 


do 


-3.722 x 10 


_ 5 F P F L J s k 2 ' 3 Cp /3 p 2 dc 
«5/3 


P J 
(C.34) 


Acf = B 


(D s - D b ) + {Db do) 2 (p T - d 0 ) 
v3 Pt 


(F.28) 


Equations F.26, F.27 and F.28 can be combined to give: 

A cf = B I (D s - D„) + (p T - do) I (F.29) 


PcfPt 


K hS 2 = 0.6191 K'k 


, pdo 

P 


n , im 0.06201FpF L J s k 2 ' 3 (cpp) l/3 w pd 0 
= U.0192 X---X- 

UQ /i 


= 0.03843 


F P F L Jsk 2 ^ 3 Cp 3 p 


■FI 2 


(¥35) 


where p CF = pitch correction factor for flow direction 
= 1 for 90° and 30° layouts 
= \j2/2 for 45° layouts 
= \/3/2 for 60° layouts 


Assume: 


vs '■ 


m s 


pAcf 

where m s = mass flowrate on the shell-side 
Then combining Equations F.29 and F.30 gives: 

m s 


vs 


pB 


(D s - D b ) + 


(Db — dp)(p T - dp) 
PcfPt 


(F.30) 


(F.31) 


K hS 3 = H.193K' h 


hS 


= 17.793 x 


0.06201FpF L J s k 2/3 (c P p) 1/3 


1.104 


do 

FpF L J s k 2 l 3 (c P p) 113 


(F.36) 


b) For 250 < Re s < 125,000. Substituting Equation F.23 into 
Equation F.32 gives: 


,0.6633 d-0.5053 


h s = 1.40915 K' hs Re u s bbii B c 

/ , X 0.6633 

= 1.40915^(^^) B~ r 0 - 5053 (¥.31) 


= KhS4V$ 


,0.6633 


V p ) 
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where 


k,, S a = i ,40915 a:: 


, fpdo\ 


hS 


0.6633 


P ) 


r-0.5053 

D C 


1.40915 


= 0.08747 


0.06201FpF L J s k 2/3 (c P p) l/3 fpd 0 \ 0 


6633 


-0.5053 


V P ) 


F P F L J s k 2/3 Cp /3 p OM33 


u°^d° n 


3367 d0.5053 


O K 


(F.38) 


2) Shell-side pressure drop. The simplified Delaware method 
(Kern and Kraus, 1972) can be used for the calculation of 
the shell-side pressure drop. The total pressure drop A P s for 
the shell-side in one shell includes the pressure drop in the 
straight section of shell (A Pss) and pressure drop in nozzles 
(A P N s) (Kern and Kraus, 1972). 

a) Pressure drop in the straight section of shell AP$s per shell 
(Wang et al., 2012; Kern and Kraus, 1972): 


A Pss = AP ss ,20%(Bc/0.2) m f° 

(F.39) 

where 


NPss, 20 % = (Nb~ 1)4P, Bi 2o% +5,AP, b2 o% 

(F.40) 

a n CfsDspV 2 

^“SB,20% ~ 

(F.41) 

Rs = (S/5,-,,) 1 ' 8 + (B/B oul ) l>i 

(F.42) 


Re Se = pvsd e 

P 

Vs = shell-side fluid velocity 
d e = shell-side equivalent diameter 


The equivalent diameter is used to calculate the flow in 
noncircular channels in the same way as a circular tube. 
The equivalent diameter is defined as: 


4 x Flow Area 
Wetted Perimeter 


(F.46) 


For a square pitch (see Figure 12.14a): 


de 



nd 0 


4/4 


do 


(F.47) 


For a triangular pitch (see Figure 12.14c): 


de 



1 ndp\ 


jido 


2 


2 s/3 Py. 
n do 


— do 


(F.48) 


APss.20% 

A PSB, 20% 

m fo 

m fo 

m fo 

N b 

Rs 

Be 

B 

Bin 

Bout 

D s 

c fs 


f i 


f2 

b 


= pressure drop in the straight section of shell 
with 20 % baffle cut 

= pressure drop in one central baffle spacing 
zone with 20 % baffle cut 
= -0.26765 for 20% <B C < 30% 

= -0.36106 for 30% < B c < 40% 

= -0.58171 for 40% < 5 C < 50% 

= number of baffles 

= correction factor for unequal baffle spacing 
= baffle cut (%) 

= central baffle spacing 
= inlet baffle spacing 
= outlet baffle spacing 
= shell inner diameter 
= shell-side friction factor 

= 1441/! - 1.25(1 - B/D s )(f j -f 2 )\ (F.43) 

= aRe~° 125 (F.44) 

= 0.008190 forDs < 0.9 m 
= 0.01166 forDs > 0.9 m 

= bRe/' 51 (F.45) 

= 0.004049 forD, < 0.9 m 
= 0.002935 for D s > 0.9 m 


Equations F.47 and F.48 can be expressed as: 

d e = C De P J - d 0 (F.49) 

do 

where Co e = pitch configuration factor 
= 4 /n for square pitch 
= 2sj3/jt for triangular pitch 


Thus, Equation F.39 can be written as: 


APss 


^Pss,20%(Bc/20%r° 

/ b \ m f< 

[(A b - 1)AP SBi 20% + Rs APsb, 20 %] (qw) 


= (N b - 1 +Rs) 


CfsD s pv 2 s (B c \ mfo 


2 de 


0.2 


(Nb - 1 +Rs){ 144[/, - 1.25(1-5/0,)^ -/,)]} 


P s pv 2 s fB c \ m " 
2 d e V 0 - 2 / 


= (N b ~ 1 +R S ) 


36 ( 5 ^“ 1 )^° 125 


+ 180 



bRe 


-0.157 

Se 


Dspvj 
2 d e 



m fo 
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(Wj-l+ffs) 


3615 

D s J \ H 


-0.125 




-0.157 


D S pv I (°c 
2 d e V 0.2 


36 ( 5 A— iW _ i + R s ) a Al (^) f ° (PAX {U2 \^ 
1 Ds J K S> 2 d e \0.2J \p ) s 


( B \ bD s p (B c \ mfo fpd e 

+ H 1 -*r'- l+Rs) ^m vf 

Kpsiv 1 * 15 + K PS2 vl m 


-0.157 


.,1.843 


(F.50) 


dus,outlet = inner diameter of the outlet nozzle for the 
shell-side fluid. 

Thus, the total pressure drop for the shell-side per 
shell is: 


AP S ~ AP SS + A P N s 

.,1.875 , v _,,1.843 


— KpSl v s 5 + XpS2 v S ~ + CN S,inletP v NS,i, 

+ Cn S, outletP v NS,outlet 
= Kps iVj 875 + Kps2Vs' 843 + Kps 3 


(F.54) 


where 


KpS3 — p(CNS,inlet v NS,inlet + CNS, outlet^S ,outletj (F.55) 


where 


, B \ ciD s p (B c \ m/ ° (pde'' _0 ' 125 

^P5i = 18 5 —-1 1V B -1+^ —^ -f — 

D s ) d e \0.2J \ p 

(F-51) 

-0.157 


Kpsi = 90 ( 1 - — ) (Nb - 1 + Rs ) 


bDsp (B c \ m, ° (pde 
de V 0 - 2 


where 


a = 0.008190 for D s <0.9 m 


= 0.01166 


for Ds > 0.9 m 


b = 0.004049 for D s < 0.9 m 

= 0.002935 for D s > 0.9 m 


(F.52) 


For heat exchangers with multiple shells connected in series, 
the total pressure drop on the shell-side fluid is estimated by 
the product of the pressure drop per shell and shell number in 


APs,N SH ELUi ~ N SHELLSAPs 


(F.56) 


where 


APs,n SH ells ~ tota l pressure drop on the shell-side 
AP S = pressure drop per shell, given by 
Equation F.54 

Nshells = number of shells connected in series 

For heat exchangers with multi parallel shells, the total 
pressure drop on the shell-side fluid is equal to the pressure 
drop in a single shell A P§. 


b) Pressure loss in the inlet and outlet nozzles APns per shell 
(Serth, 2007): 
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A Pns = A P N s , inlet + AP N s , outlet 
= CNS,inletPVftS,inlet + ^ 'nS, outletP V NS,<outlet 


(F.53) 


where 

^NS,inlet : 
CNS,inlet ' 

NS, inlet : 

V NS, inlet : 
d NS, inlet z 

CnS, outlet : 
CnS, outlet : 

R&NS,outlet : 
^NS,outlet = 


: 0.75 for 100 < Re NS ,Met <2100 
: 0.375 for Re NS ,Met > 2100 

PV NS,inlet dNS,inlet 

P 

ms 

P(” d ls, inlet/ 4 ) 

■ inner diameter of the inlet nozzle for the shell- 
side fluid 

: 0.75 for 100 < Re NS , outlet < 2100 
: 0.375 for Re NS , outlet >2100 

PV NS,outletdNS,outlet 

P 

m s 


P i^d^NS,outlet /4^ 
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Appendix G 


Gas Compression Theory 


G.1 Modeling 
Reciprocating Compressors 


The mechanical work to compress a gas is the product of the 
external force acting on the gas and the distance through which the 
force moves. Consider a cylinder with cross-sectional area A 
containing a gas to be compressed by a piston. The force exerted 
on the gas is the product of the pressure (force per unit area) and the 
area A of the piston. The distance the piston travels is the volume V 
of the cylinder divided by the area A. Thus: 


W = 



■Vj 

PdV 

Vi 


(G.l) 


where W 
P 
V 
A 


work for gas compression 
pressure of the gas 
volume of the gas 
area of the cylinder and piston 


For gas compression, the final volume V 2 is less than the initial 
volume Vi and the work of compression is negative. For an 
expansion process, the work is positive. A compressor adds energy 
to the gas by doing work. A simple ideal compression process is 
shown in Figure G.l. In compressing the gas from pressure P t and 
volume Vi to pressure P 2 and volume V 2 , the work as defined by 
Equation G.l is the area under the graph. The integral in 
Equation G.l can be transformed from integration over V to 
integration over P by considering the areas in Figure G. 1: 


iv = 


rV2 

PdV 

JVi 


rVi 

= - PdV 

Jv 2 
cPl 

VdP-P 1 V 2 +P\V l 
ip 1 

= P 2 V 2 -P 1 V 1 - \ VdP 

JPi 


(G.2) 
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At this stage, the compression process is considered to be 
frictionless. 

To evaluate the integral in Equation G. 1 requires the pressure to 
be known at each point along the compression path. In principle, 
compression could be carried out either at constant temperature or 
adiabatically. Most compression processes are carried out close to 
adiabatic conditions. Adiabatic compression of an ideal gas along a 
thermodynamically reversible (isentropic) path can be expressed as 
(Hougen, Watson and Ragatz, 1959, Coull and Stuart, 1964): 

PV r — constant (G.4) 

where y = C P /C V 

C P = heat capacity at constant pressure 
Cy = heat capacity at constant volume 


From Equation G.4 for an adiabatic ideal gas (isentropic) compression: 


Pi 

Pi 


Vi> r 

Vi, 


(G.5) 


where P\, P 2 = initial and final pressures 
Vi, V 2 = initial and final volumes 


A general ideal gas adiabatic (isentropic) compression process is 
given by: 


P = 


p ivy 

yr 


(G.6) 


where P and V are the pressure and volume, starting from initial 
conditions of Pi and V\. Substituting Equation G.6 into 
Equation G.l gives: 


W = PiV\ 


■v 2 

v. 



= PiV\ 


1 


v 2 


(r - 1)^- 1 


V, 


p 1 Vi 

Y- 1 




r -1 


(G.7) 


G 
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Figure G.1 

A simple ideal compression process. 


Combining Equations G.7 and G.5 gives: 


Substituting in Equation G.9 gives: 


Ws = 


v 2 


PdV + P 3 V 3 - P 2 V 2 + 


v, 


v 4 


PdV + P\Vi -P4V4 


v 3 


■v 2 


PdV + P 1V1 -P 2 V 2 


LJ V, 


Vt 


LJ V 3 


PdV + P 3 V 3 - P4V4 
(G.10) 


Combining Equations G.10 and G.3 gives: 



rP 2 

?Pt 

= — 

VdP- 

VdP 

, 

Pi 

P 3 


rP 2 

rP, 

= - 

VdP+ 

VdP 

. 

Pi 

p 4 


(G. 11) 


For an adiabatic ideal gas (isentropic) compression or expansion: 

p 2 p 2 


VdP = P\ h V\ 


1 

p l /r 


dP 


= P\ /r V x 


L_ 1 Ipi/fr-i) 
7 


1 -y 


P 1V1 


1 - 


fr-t W 


(G.12) 


W = 


P1V1 
r- 1 



-p \ (r-W 

a ) 


(G.8) 


Equation G.8 only considers the work accompanying a change 
of state. In a reciprocating compressor, these changes form only 
one step in a cycle of changes. Figure G.2 represents the pressure 
and volume changes that occur in the cylinder of an ideal recipro¬ 
cating compressor. 

Between Points 1 and 2 in Figure G.2, the intake and discharge 
valves are closed and the gas in the cylinder is compressed from P x 
to P 2 . When the pressure reaches P 2 , the discharge valve opens and 
the gas is pushed from the cylinder between Points 2 and 3 in 
Figure G.2. Between Points 3 and 4, the intake and discharge 
valves are closed and any gas remaining in the cylinder is expanded 
to the intake pressure of P,. Between Points 4 and 1, the intake 
valve opens and the suction stroke draws gas into the cylinder at 
pressure P { . The total work for the cycle is the sum of the work for 
the four steps. The work required by the compression is often 
termed shaft work W s - Thus: 

Ws = Wn + W 23 + W 34 + W 41 (G.9) 

where W 12 = \ V y 2 PdV 

W23 = \ V v \PdV = P 3 V 3 - P 2 V 2 
W34 = ftpdV 

At = j y ' 4 Pdv = p l v 1 -P4V4 


Clearance 



Figure G.2 

Ideal single-stage reciprocating gas compressor. 
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Thus, from Equations G.ll and G.12: 


Thus: 


W s = -y'—PiVx 
1 - y 


1 - 


p \ fr-i)/r 

Pj 


rV 2 

PdU = Ws + Wi + W 2 (G.18) 

v, 


+ y^P 4 V 4 
1-7 


1 - 


/p \ (r-i)/r’ 

W 


(G.13) 


Given that P, = P 4 = P„„ P 2 = P 3 = Pout and (V, - V 4 ) = V in : 


Substituting Equations G.16 and G.17 into Equation G.18: 

rV 2 

PdV = Ws-PiVi +P 2 V 2 (G.19) 

• v , 


W s 




(G.14) 


Equation G.14 is the work required for an ideal adiabatic (isen- 
tropic) compression. To account for inefficiencies in the compres¬ 
sion process, the isentropic compression efficiency is introduced 
(see Figure 13.18): 

r \PinVi, 
r-i) hs 



l - 


p \ (r-i/r) 

r out 

P. 

1 111 


(G.15) 


Rearranging Equation G.19: 


W s = 


rV 2 

PdV+ PiV i -P 2 V 2 

v, 


which from Equation G.3 gives: 



VdP 


(G.20) 


(G.21) 


For an adiabatic ideal gas compression, from Equation G.12: 


where 


W = work required for gas compression (J) 
Pm, Pout = inlet and outlet pressures (N-nT) 

V in = inlet gas volume (m 3 ) 
r\ IS = isentropic efficiency (—) 
y = heat capacity ratio C P /C V (—) 


^ , Pin V in 

r -1 




(G.22) 


Introducing the isentropic compression efficiency gives: 


Expressing V in as a volumetric flowrate returns a value of W 
in watts. 


W = 




(G.23) 


G.2 Modeling Dynamic 
Compressors 

Unlike reciprocating compressors, dynamic compressors involve a 
constant flow through the compressor. Consider again adiabatic 
compression of an ideal gas in a dynamic compressor similar to a 
reciprocating compressor as above. A volume of gas V t flows into 
the compressor. Compression work is required to force the gas 
into the system. The constant force exerted on the gas is P\A U 
where is the cross-sectional area of the inlet duct. The distance 
through which the gas is forced as it enters the system is - V\/A\. 
The negative value of - V\IA \ results from the force acting from the 
surroundings on the system. Thus: 


W i 



-Pi Ui 


(G.16) 


Similarly, for the outlet from the compressor, the system must do 
work on the surroundings to force the gas out, such that: 


W 2 =P 2 V 2 (G.17) 

The work done by the compression is described by Equation G. 1. 


Equation G.23 is the same result as for a reciprocating compressor 
in Equation G.15. In a reciprocating compressor, the net effect of 
the cycle is a flow process, even though intermittent nonflow steps 
are involved. Expressing V in as a volumetric flowrate returns a 
value of W in watts. 


G.3 Staged Compression 


If the temperature rise accompanying single-stage gas compression 
is unacceptably high the overall compression can be broken down 
into a number of stages with intermediate cooling. 

Consider a two-stage compression in which the intermediate 
gas is cooled down to the initial temperature. The total work for a 
two-stage adiabatic gas compression of an ideal gas is given by: 




r 

r- 


l 


Pi Vi 


l - 


(P 2 \<r-W 

vv 


+ ^ t p 2 u 2 
r -1 


l - 


'p 3 \ (r-n/f 

P 2 J 


(G.24) 


where Pi, P 2 , P 3 = initial, intermediate and final pressures 
V\, V 2 = initial and intermediate gas volumes 
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For an ideal gas with intermediate cooling to the initial tempera- The pressure ratio for minimum work for N stages is given by: 


PiVi=P 2 V 2 


(G.25) 


(G.32) 


Combining Equations G.24 and G.25: 


y r fPA (r - i)/r ' 

W s = ^-P l V 1 2- ^ - - (G.26) 

7 - I \P \J \P 2 J 


The total shaft work for N stages is then given by: 


Pi,,V in N \ 1 - (rf- x M (G.33) 

7-1 L J 


The intermediate pressure P 2 can be chosen to minimize the overall 
work of compression. Thus: 


dW s y ( 1 

-— = 0 = —-— P\ V i - — 

dP 2 y- \Pi 


+ P 3 <r-i)/r (Zzl\i#-Wr 


y - p-1/r 


Simplifying and rearranging Equation G.27 gives: 

p( 2 y- 2 )/r = 


P 2 =\/PJ >2 


(G.27) 


(G.28) 


Introducing the isentropic compression efficiency gives: 


= X PinVinN [l - (G.34) 

7 -1 L J 


The corresponding equation for a polytropic compression is given 
by: 


W = v 1 _ (r)^ 1-1 )/" 

n — 1 ?/ P L 


(G.35) 


Consider now a two-stage compression in which the interme¬ 
diate gas is cooled to a defined temperature T 2 . different from the 
inlet temperature T\, and there is a pressure drop across the 
intercooler A Pi NT - Let 77 and P 2 now be the outlet temperature 
and pressure of the intercooler. For an ideal gas: 


Rearranging Equation G.28 gives: 

Pi = P 1= (P 1 
Pi P 2 \Pi 


(G.29) 


Thus, for minimum shaft work, each stage should have the same 
compression ratio, which is equal to the square root of the overall 
compression ratio. The implication of this from Equation G.24 is 
that, given P { V\=P 2 V 2 for an ideal gas, if the pressure ratio is the 
same for each stage, then the power input is the same for each stage. 
In summary, for a staged compression, if the gas is assumed to be 
ideal, with intercooling to the inlet temperature and no pressure 
drop across the intercooler, then the pressure drop per stage is the 
same and the power input per stage is the same for the lowest 
overall power input. This result is readily extended to N stages. The 
minimum work is obtained when the compression ratio in each 
stage is equal: 


P2 = Pl = P4 

Pi Pi Pi 

where r = compression ratio 


(G.30) 


P 2 V 2 =^PiVi 
7 1 


(G.36) 


Substituting Equation G.36 into Equation G.24 and allowing for 
the pressure drop in the intercooler gives: 


w s =^r,v, i_ P_1 + pH 

7-1 V P i 


r ^ 2 \ r fp 3 \^ 


+ —A^)Pi v i !-hr 

7-1 \T\ J \P 2 


(G.37) 


Differentiating with respect to intermediate pressure P 2 (assuming 
77 to be constant) gives: 


™i =Q= jUp iVi jy 

dP 2 7-1 \Pi. 


^-j^j(p 2 +APiNTr 1/r 


I p fr-l)/y fy _hp * 1 


(G.38) 


Rearranging Equation G.38 gives: 


(G.31) 


P 2 2y ~ x (T 2 


( P 2 +APjnt ) \T i 


(PiPif 


(G.39) 
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If SP /NT =0 and T 2 = T l , Equation G.39 simplifies to 
Equation G.28. Equation G.39 predicts the intermediate pressure 
for minimum shaft work for compression of an ideal gas. The 
corresponding expression for a polytropic compression is given by 
replacing y by n in Equation G.39. The important thing to note is 
that if the intercooling is not back to the original inlet temperature 
and there is a pressure drop in the intercooler, then Equation G.32 
does not predict the pressure ratio for minimum power consump¬ 
tion. In practice, this is normally allowed for by breaking the 
calculation down into different compressor stages with the appro¬ 
priate allowance for change in temperature and pressure drop 


between stages. However, the effect on the overall shaft work 
for compression is often insensitive to these effects. 

References 

Coull J and Stuart EB (1964) Equilibrium Thermodynamics, John Wiley & 
Sons. 

Hougen OA, Watson KM and Ragatz RA (1959) Chemical Process Principles. 
Part II Thermodynamics, John Wiley & Sons. 


G 




Appendix H 


Algorithm for the Heat 
Exchanger Network 
Area Target 


F igure H. 1 shows a pair of composite curves divided into vertical 
enthalpy intervals. Also shown in Figure H.l is a heat 
exchanger network for one of the enthalpy intervals, which will 
satisfy all of the heating and cooling requirements. The network 
shown in Figure H.l for the enthalpy interval is in grid diagram 
form. Hot streams are at the top, running left to right. Cold 
streams are at the bottom, running right to left. A heat exchange 
match is represented by a vertical line joining two circles on the 
streams being matched. The network arrangement in Figure H.l 
has been placed such that each match experiences the A T LM of 
the interval. The network also uses the minimum number of 
matches (5—1). Such a network can be developed for any 
interval, provided each match within the interval: 

a) completely satisfies the enthalpy change of a stream in the 
interval and 

b) achieves the same ratio of CP s as exists between the composite 
curves (by stream splitting if necessary). 


As each such match is successively placed in the interval, the 
minimum number of matches can be achieved because there is one 
fewer stream to match and the CP ratio of the remaining streams 
(that is, the ratio of "LCP H and ZCPc of the remaining streams) in the 
interval still satisfies the CP ratio between the composite curves. 

It is, thus, always possible to achieve the interval design with 
5 — 1 matches, with each match operating with the log mean 
temperature differences of the interval. 

Now consider the heat transfer area required by enthalpy 
interval k, in which the overall heat transfer coefficient is allowed 
to vary between individual matches: 


At 


1 Qij,k 

ATim. At' Uijk 


(H.l) 


where A k 


AT 'iMt 


Qij.k 


U u 


network area based on vertical heat exchange 
in enthalpy interval k 

log mean temperature difference for enthalpy 
interval k 

heat load on match between hot stream i and 
cold stream j in enthalpy interval k 
overall heat transfer coefficient between hot 
stream i and cold stream j in enthalpy interval k 


Introducing individual film transfer coefficients: 


A k 


1 

A T L M t 


E&/>* 



(H.2) 


where h h ly are film transfer coefficients for hot stream i and cold 
stream j (including wall and fouling resistances). From 
Equation H.2: 



Since enthalpy interval k is in heat balance, then summing overall 
cold stream matches with hot stream i gives the stream duty on hot 
stream i: 

j 

V QiJ,k = <y,A (H.4) 

j 

where q i k = stream duty on hot stream i in enthalpy interval k 
J = total number of cold streams in enthalpy interval k 


Similarly, summing overall hot stream matches with cold j gives 
the cold stream duty on cold stream j: 


- i 
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Figure H.1 

Within each enthalpy interval it is possible to design a 
network with (S— 1) matches. (Reproduced from 
Ahmad S and Smith R, 1989, IChemE ChERD, 67: 
48, by permission of the Institution of Chemical 
Engineers.) 



where qj >k = stream duty on cold stream j in enthalpy interval k 
I = total number of hot streams in enthalpy interval k 


Thus, from Equation H.4: 


E 


Qu 

hi 


h- 


(H.6) 


Substituting these expressions in Equation H.3 gives: 



(H.8) 


Extending this equation to all enthalpy intervals in the composite 
curves gives: 


and from Equation H.5: 
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absorption, 185-7, 383 
absorption factor, 187, 188 
chemical, 189, 712, 717 

height equivalent of a theoretical plate (HETP), 187 
hydrogen sulfide, 705-6 
Kremser equation, 186, 187, 190 
liquid flowrates, 188 
physical, 185, 697 
pressure of operation, 188 
stage efficiency, 187 
temperature, 188 
acid rain, 688 
added value, 2, 16 
adiabatic compression, 367-8 
adsorption, 196-9, 383 
adsorbent, 196, 697, 713 
breakthrough, 198 
chemical, 196 
Freundlich isotherm, 197 
front, 198 
physical, 196 
regeneration, 198, 700 
stripping see stripping 
VOCs, 697-8 
wastewater treatment, 733 
aggregates, 127 
agitation, 419 
air coolers, 650-6 
A-frame, 651 
cross flow, 651 
forced draft, 651 
induced draft, 651 
alumina, 197 

aluminium see materials of construction 
ammonia manufacture, 81, 83, 87, 92, 795 
reactor pressure, 92 
temperature of reaction, 88 
Antoine equation, 140,831 

approaches to process design see process design approaches 
atmospheric emissions 
acid rain, 688 
acidification of oceans, 688 
carbon dioxide, 687,712-14 
carbon monoxide, 687 
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atmospheric emissions ( Continued ) 
combustion emissions, 711-14 
carbon dioxide, 712-14 
minimization at source, 711 
nitrogen oxides, 712 
oxycombustion, 712 
particulates, 712 

post-combustion carbon dioxide separation, 712 
pre-combustion carbon dioxide separation, 712 
sulfur oxides, 711 
dioxins and furans, 687 
dispersion, 714-16 

adiabatic lapse rate, 715 
atmospheric conditions, 715 
stack height, 714-15 
environmental lapse rate, 715 
eutrophication, 688 
flares, 698-9 
fugitive, 689 
greenhouse effect, 688 
nitrogen oxides, 708-11 
catalytic reduction, 710-11 
minimization at source, 709 
non-catalytic reduction, 710 
ocean acidification, 688 
ozone, 687 

ozone layer destruction, 688 
particulates, 687, 690 
bag filter, 133, 690 
cyclone, 130, 690 

electrostatic precipitators, 131-2, 133, 690 
gravity settler, 127, 690 
inertial separators, 130, 690 
PM io, 687 
PM 2 . 5 , 687 
scrubbers, 134, 690 
smog, 687 
sulfur, 703-7 
Claus process, 705 
dry scrubbing, 707 
fuel desulfurization, 703-4 
hydrogen sulfide removal, 704 
iron chelate oxidation, 706 
oxides, 706-7 
Wellman-Lord process, 707 
wet limestone scrubbing, 706-7 
volatile organic compounds (VOC), 690-703 
absorption, 697 
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atmospheric emissions ( Continued ) 
adsorption, 697-8 
biological treatment, 702 
catalytic thermal oxidation, 701-2 
condensation, 694—6 
gas turbines, 702 
membranes, 696-7 
minimization at source, 691-2 
recovery, 693-4, 695-8 
tank loading, 691-2 
thermal oxidation, 698-701 
autocatalytic reactions, 68, 76 
availability, 5, 11 

azeotrope see vapor-liquid equilibrium 
azeotropic distillation 
decanter, 265 
distillation boundary, 254 
distillation line, 251 
distillation line map, 251 
distillation regions, 254 
entrainer, 247, 259-64 
selection, 267-70 
extractive distillation, 261, 264 
heterogeneous, 264-7 
lever rule, 249 
minimum reflux, 255-6 
multicomponent, 270 
operation leaf, 258 
pervaporation, 270-1 
pinch point curve, 256, 258, 260 
pressure change, 247-8 
residue curve map, 252, 253 
residue curves, 251-4, 254 , 255 
section profiles, 257-8, 264 
total reflux, 250 
tradeoffs, 270 

triangular diagrams, 248-50 

bag filter, 133,690 
batch process, 8-11, 10, 417-55 
advantages, 10-11 
agitation. 419, 432 
campaign, 445 
cooling, 434-5 
crystallization, 431-2, 452 
cycle time, 445-6 
distillation, 420-30 
cycle time, 425-6 
McCabe-Thiele, 422-3 
modeling, 423-5 
optimization, 438, 439^11 
Rayleigh Equation, 421-2 
with reflux, 422-3 
without reflux, 420-2 
equipment cleaning, 452 
equipment utilization, 444—6 
filtration, 433^1 

flowshop (multi-product) production, 444-5 
Gantt chart, 442-3 
heating and cooling, 433-5 
hold-up, 424-6 

intermediate storage, 444, 450, 452 


batch process ( Continued ) 

jobshop (multi-purpose) production, 444 

makespan, 445 

optimization, 436-41 

process synthesis, 446-51 

reactor 

agitation, 419-20 
contacting, 417-9 
operating conditions, 419 
optimization, 438 
solvent selection, 420 
time, 66 
recipe, 417 

semicontinuous steps, 442 
sequential, 442 
solvent selection, 417, 452 
storage, 452 
zero-wait transfer, 454 
battery limits investment, 19, 22 
benzene, 14, 98, 383-5, 390 
benzyl acetate, 68-70 
Bhopal disaster, 813 
binary distillation, 150-5 
binary variables, 51-2 
biochemical oxygen demand (BOD), 724 
biochemical reactions, 59 
catalysts, 99 

enzyme immobilization, 102 
oxygen levels, 99 
reactor concentration, 99 
biofuels, 806 

Birmingham wire gauge, 289 
BLEVE, 812 
bottlenecks, 11 
bulk chemicals, 1 
bursting disks, 820-1 
butyl hydrogen sulfate, 121 

cake filtration, 133 

calorific value, 28, 331, 331, 332, 591 
capital costs, 19-26, 493-5, 536 
annualized, 26-7, 34, 37, 861-2 
battery limits investment, 19, 22 
capital costs, cost indexes, 20, 24, 26 
equipment cost, 19-20, 21, 24, 34 
materials of construction, 22 
pressures, 22 
temperatures, 22 
installation factor, 23, 24, 25, 34 
materials of construction, 5, 20, 22, 24 
new design, 11,19-25 
off-site investment, 22, 34 
operating pressure, 28-9 
operating temperature, 20, 24 
retrofit, 25-6 
total, 23 

utility investment, 20 
working capital, 388 
carbon dioxide emissions, 687, 712-14 
carbon steel see materials of construction 
catalysts 

biochemical, 63, 102-3 
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catalysts ( Continued ) 
bulk, 100 
cost, 27 

degradation, 100 
effectiveness factor, 100 
heterogeneous, 99, 102 
homogeneous, 99, 102 
hot spots, 112, 117 
immobilized, 102 
pellet, 100, 101 , 110 

activity distribution, 100-1, 101 
Dirac delta function, 100 
shape, 100, 110, 117 
size, 100 

thermal oxidation, 701-2 
waste reduction, 787 
catalytic cracker, 119,372 
cavitation, 357 
centrifugal pump, 356-62 
centrifugal separation. 130-1 
cyclone, 130 
hydrocyclone, 130 
chemical absorption, 185, 189 
chemical oxygen demand (COD), 724 
chemical product 
differentiated, 1 
life cycle, 2-3 
patents, 2 
undifferentiated, 1 
chemicals 
bulk, 1 
commodity, 1 
fine, 1 
functional, 1 
specialty, 1 
classifier, 128 
Claus process, 705 
cogeneration, 480-6 
cold shot reactor, 109 
cold stream, 508 
commodity chemicals, 1 

composite materials see materials of construction 
compression, 875-9 
adiabatic, 367-8, 398-9 
isoentropic, 368-9, 398 
polytropic, 368, 399-400 
staged, 369-70, 399 
see also compressors 
compression refrigeration, 656-8 
compressors, 20, 21, 363-72 
axial, 371 
centrifugal, 370-1 

performance map, 356-7 
dynamic, 367-9 
ejector, 365-7 
liquid ring, 370 
polytropic compression, 399 
polytropic efficiency, 399 
positive displacement, 364-5 
power, 357 
reciprocating, 370 
efficiency, 399 
power, 399 


compressors ( Continued ) 
rotary piston, 370 
screw, 370 

sliding vane, 364, 370 
surge, 363—4 

vacuum systems, 363, 365 
see also compression 
condensation 

mechanisms, 316-17 
multicomponent, 320 
Nusselt equation, 318 
vertical, 318 
VOCs, 694-5 
condenser 

desuperheating, 318-9 
horizontal, 318, 320 
subcooling, 319 
vertical, 317-8, 319 
conjugate phases, 265 
constant molar overflow, 150 
constrained optimization, 45-7 
construction materials see materials of construction 
contingency, 4, 11, 12 
contour diagrams, 46 
control, 12-13 
disturbances, 12 
measured variables, 12 
primary, 12 
secondary, 12 
variable manipulation. 12 
convexity, 39 
cooling, 434, 647-85 

see also air coolers; cooling tower; cooling water system; 
refrigeration 
cooling tower, 647-50 
blowdown, 648 
chemical treatment, 648 
cycles of concentration, 649 
draft, 648 
drift loss, 648 
makeup, 648 
packing, 648 

cooling water system, 682-3 
once-through, 647 
recirculating, 648-50 
copper see materials of construction 
corrosion, 854-5 
allowance, 855 
crevice, 854-5 
erosion, 854-5 
galvanic, 854 
materials selection, 859 
pitting, 855 

stress corrosion cracking, 

855 

uniform, 854 
cost 

capital see capital costs 
operating see operating cost 
raw materials see operating cost 
cost indexes, 20 
critical point, 831 
crude oil, 168, 237-9 
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crystallization, 211-5,431-2 
batch process, 431-2,452 
cooling, 213, 431-2 
crystal growth, 212 
crystal habit, 213 
eutectic point, 211 
evaporation, 213 
hydrates, 211 
labile region, 213 
melt crystallization, 213 
nucleation, 212-13 
primary, 212 
secondaty, 213 
pH switch, 213 
reaction, 213 
salting, 213 
solvates, 211 
solvents, 431 
supersolubility, 212-13 
vacuum, 213 
wastewater treatment, 727 
cyclone separator, 130, 690 

Dalton’s law, 827 
debottlenecking, 11 
decanter, 127 

degrees of freedom, 38, 400 
depth filtration, 133 
design problems, 3-4 

bottlenecks/debottlenecking, 11 
grassroot design, 11 
retrofitting, 11, 16 
see also retrofit 
dialysis, 206 

dichloroethane, 81, 94, 789-91 
differentiated products, 1 
dioxins, 687 

discounted cash flow rate of return, 31, 32, 34 

disinfection, 733 

distillation 

azeotropic see azeotropic distillation 
batch process, 420-30 
cycle time, 425-6 
McCabe-Thiele, 422-3 
modeling. 423-5 
optimization, 438, 439-41 
Rayleigh Equation, 421-2 
with reflux, 422-3 
without reflux, 420-2 
binary, 150-5, 423 
McCabe-Thiele, 150, 152, 153, 423 
q-line, 152, 155 
rectifying section, 150-1, 423 
stripping section, 151, 152 
capacity parameter, 170 
column diameter 
packing, 169-70 
trays, 167-8 
column height 
packing, 165-6 
trays, 164-7 
condenser, 397, 424 
partial, 146 


distillation ( Continued ) 
total, 146 
type, 176 

constant molar overflow, 150, 424 
crude oil, 168, 236-9 
atmospheric, 239 
overflash, 239 
pseudocomponents, 237 
pumparound, 238 
pumpback, 238 
vacuum, 239 
dividing wall column, 241 
downcomer, 146-8 
flooding, 167-8 
hanging, 148 
number, 148-9 
sloped, 148, 149 
efficiency, 164, 177 
extractive see azeotropic distillation 
feed condition, 163, 177 
Fenske equation, 156-7, 182, 429 
fixed valve, 147-8 
floating valve, 147 
flooding, 167 

downcomer, 167-9 
packing, 169-70 
tray, 167-8 
flow parameter, 170 
Gilliland correlation, 163 
heat integration 

appropriate placement, 563-4 
capital cost considerations, 567-8 
characteristics, 568-9 
economic tradeoffs, 568 
evolution of simple columns, 564-5 
grand composite curve, 564 
heat pumping, 567 
intermediate condensers, 566 
intermediate reboiler, 566 
reflux ratio optimization, 568 
height equivalent of a theoretical plate (HETP), 
^ 165-7 

random packing, 166 
structured packing, 165-6 
key components, 155 
lever rule, 143, 249 
limitations, 179-80 
MESH equations, 177 
minimum number of stages, 155, 425 
multicomponent 

finite reflux conditions, 162—4 
total and minimum reflux conditions, 155-62 
packing 

random (dumped), 149 
structured, 149 
partition column, 241 
Petlyuk column, 234-5 
pinch, 155 

prefractionator, 230-1, 234-7 
pressure of operation, 174-5, 177 
reboiler, 174, 32 Im¬ 
partial, 236 

thermosyphon, 153, 154, 322 
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distillation ( Continued ) 

reflux ratio, 175, 179, 438. 439 
minimum, 175 
optimum, 175 
sequencing 

constraints, 221-2 
direct sequence, 221 
distributed (sloppy), 229 
heat integration, 572-5 
heuristics, 222-3 
indirect sequence, 221 
retrofit, 236-7 
side-rectifier, 231-2 
side-stripper, 232-3 
sidestream, 229-30, 233-4 
simple column, 221,571 
superstructure optimization, 239-41, 571 
thermal coupling, 231-2, 232, 234, 234, 236 
sieve trays, 176 
simulation, 177-9, 397 
single-stage, 146 
stage efficiency, 164 
Underwood Equations, 157-8, 160-1 
weeping, 167, 178 
weir loading, 148, 169 
distributed energy, 806 
dropwise condensation, 317 
drum dryers, 7, 136 
dryers, 136-7 
drum, 136 
efficiency, 136 
fluidized bed, 136 
heat integration, 577, 579 
evolution, 579-80 
rotary, 136 
spray, 136 
tunnel, 136 

economic criteria, 30-1 

discounted cash flow rate of return, 31, 32, 34 
economic potential, 30 
net present value, 31, 32, 33, 34 
payback time, 31 
return on investment (ROI), 31 
total annual cost (TAC), 30-1 
economic potential, 30 
electrodialysis, 206 

electrostatic precipitation, 131-2, 133, 690 
end-of-pipe treatment, 781 
enthalpy, 846-7 
entropy, 847-8 
environmental lapse rate, 715 
environmental sustainability 
efficient use of energy 

absorption heat pump see heat pump 
absoiption refrigeration see heat pump 
boiler feedwater preheating, 618, 797 
compression heat pumping see heat pump 
district heating offsite, 797 
energy efficiency across processes, 796 
energy efficiency of processes, 5, 796 
fuel switch, 711,796 
heat transformer see heat pump 


environmental sustainability ( Continued ) 
life-cycle emissions, 795-6 
Organic Rankine and Kalina cycles, 797 
power generation using condensing cycles, 797 
space heating offsite, 797 
space heating onsite, 797 
waste heat exploitation, 796 
efficient use of raw materials between processes, 792-4 
industrial symbiosis, 794 
process networks, 793—4 

efficient use of raw materials within processes, 786-92 
additional reaction and separation, 792 
additional separation and recycling, 792 
catalyst waste, 787 

extraneous material elimination, 789-90 
feed purification, 789 
reducing waste from operations, 792 
efficient use of water, 721-2, 807 
cooling systems, 849-50 
recycling, 721, 807 
regeneration, 721, 807 
reuse, 721, 807 
steam systems, 807 
industrial ecology, 794 

integration of waste treatment and energy systems, 805-6 
life cycle assessment, 781-6 
goal and scope definition, 782 
impact assessment, 783 
improvement analysis, 783-4 
inventory analysis, 782-3 
recycling waste streams, 787-8, 791 
renewable energy, 806-7 
renewable raw materials, 794-5 
conversion, 794-5 
sources, 794 

upgrading waste byproducts, 787 
vapor treatment of vent, 693, 693 
waste reduction, 786-7 
enzyme catalysts, 63, 76, 102-3 
equations of state, 827-30 
Benedict-Webb-Rubin, 829 
Benedict-Webb-Rubin-Starling, 829 
Chao-Seader-Grayson-Streed, 829 
cubic equations, 828 
ideal gas, 827 
Lee-Kesler-Plocker, 829 
Peng-Robinson, 828, 829 
SAFT, 829 

Soave-Redlich Kwong, 829 
equilibrium constant, 83, 85, 92 
equipment cost, 19-20, 24, 34 
ethanolamines, 62, 118-20, 712 
ethyl acetate, 70-3, 94-5 
eutrophication, 688 
evaporation/evaporators, 215-17 
appropriate placement, 577 
backward-feed, 215 
crystallization, 213 
degrees of freedom, 215 
evolution, 577, 577-8 
forward-feed, 215 
heat integration, 577 
characteristics, 577 
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evaporation/evaporators ( Continued) 
heat transfer area, 215, 216 
mixed feed, 215 
number of stages, 214 
parallel feed, 215 
pressure, 216-17, 579 
exothermic reactions, 89-90 
expanders, 372-4, 677-80 
axial flow, 677 
efficiency, 372, 677 
power recovery, 372-3, 677 
radial flow, 677 
reciprocating, 677 
explosions 
BLEVE, 812 
chemical energy, 812 
confined, 812 
deflagration. 812 
detonation. 812 
efficiency, 812 
unconfined. 812 
vapor cloud, 812 

Fenske equation, 155-7, 159. 182, 426, 429 
fermentation see biochemical reactions 
filmwise condensation, 316 
filtration, 133^1 
aids, 133 
bag, 133 

batch process, 432-3 
cake, 133 
depth, 133 

high-temperature, 133 
membrane, 133 
plate-and-frame, 133 
wastewater, 733 
see also membranes 
fine chemicals, 1 
fire, 811-12, 819 

fired heaters (furnace), 328^15, All-9 
acid dew point, 331, 479 
atmospheric emissions, 709 
box designs, 329 
bridgewall, 329 
combustion, 328-9, 709-14 
convection section, 329-31, 334 
dimensions, 339 
draft, 330 
efficiency, 335 

fraction heat release in radiant section, 337 

heat balance, 333 

heat of combustion, 332 

radiant heat flux, 337, 338 

radiant section, 330 

shield section, 330 

stack loss, 334-5 

theoretical flame temperature, 332-6, 477, 478, 479 
fixed costs, 30 
fixed-bed reactors 117-18 
flare stacks, 698-9 
Flixborough disaster, 812 
floes, 127 


flotation, 135-6, 726 
flowsheet, 4, 400 

simulation see simulation 
free radicals, 62, 75 
Freundlich isotherm, 197 
fugacity, 82, 831 
fugitive emissions, 689-90 
furans, 687 

furnaces see fired heaters 

Gantt charts, 442-6 
gas turbine, 480, 497, 498, 595-602 
aero-derivative, 596 
efficiency, 596 
exhaust treatment, 597 
heat rate, 596 

heat recovery steam generator, 583, 598, 599 
hollow shaft (twin spool), 595, 595 
industrial, 596 
integration, 480 
modeling, 598 
performance, 598 
regenerator, 595 
single shaft, 595 
staged combustion, 597 
steam injection, 597 
supplementary firing, 598-9 
twin shaft, 595 
VOC treatment, 702 
Willans Line, 598 
gasification, 704 
genetic algorithms, 43, 44-5 
Gibbs free energy, 81 
Gilliland correlation, 163, 425 
glass see materials of construction 
global optimum, 39, 42, 47, 53 
Golden Section, 40-1 

grand composite curve, 475, 559, 560, 564-5, 578-81, 613 
see also heat exchanger network target 
graph theory, 486-8 
grassroot design, 11 
gravity settlers, 690 
greenhouse effect, 688 

hazard identification, 813-15 
hazard identification studies (HAZID), 815 
hazard and operability studies (HAZOP), 822-3 
heat engine integration, 480-5 
gas turbines, 481 
steam turbines, 480-1 
heat exchanger, 673 

air cooled see air coolers 
concentric pipe, 308 
cross flow, 304 

extended surface, 308-11, 650-1 
finned tubes, 308-9, 651-2 
fin efficiency, 310 
fired heater see fired heater 
fouling, 279-81 

coefficient, 276, 278, 281 
mechanism, 279 
resistance, 278 
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heat exchanger ( Continued ) 

F T correction factor, 283-8, 308-9 
gasketed plate, 326-7 

heat transfer enhancement, 307-13, 314, 526 

plate-fin, 327-8 

rating, 301-7 

retrofit, 313-16 

shell-and-tube 

baffle configuration, 290-1 

coiled wire insert, 311 

fixed tube sheet, 284 

fluid allocation, 294 

fluid velocity, 297 

F T correction factor, 283-8 

heat transfer coefficients, 294-301, 867-73 

mesh insert, 311, 

overall heat-transfer coefficient, 294-5 
pass partition plate (flow divider), 283 
pull through floating head, 283 
rating, 301-3 
retrofit, 313-6 
sealing strips, 291-2 
shell diameter, 283, 292-3 
shell-side film coefficient, 276-7 
shell-side fouling coefficient, 276-7 
shell-side pressure drop, 296-7 
simulation, 396 
single pass, 283 
split ring floating head, 283 
TEMA shell types, 288-9 
temperature approach, 282, 285-6 
temperature cross, 282, 285-6 
tube configuration, 290 
tube inserts, 311-3,314 
tube length, 290 
tube pitch, 290 
tube wall coefficient, 277-8 
tube-side fouling coefficient, 278 
tube-side pressure drop, 295 
twisted tape insert, 311 
twisted tube, 311 
two pass, 283 
U-tube, 283, 290 
X P factor, 286 
simulation, 301-7 
spiral, 328 

temperature approach, 282, 285-6 
two pass, 283 
U-tube, 283, 290 
welded plate, 327 
heat exchanger network design 
automated, 536-8 

CP inequalities, 501-2, 503, 507, 509 
CP table, 503, 504 
data extraction, 544-51 
grid diagram, 464, 501 
loop, 487-8 
pinch, 461-3 
multiple, 511-6 
pinch design method, 501-7 
remaining problem analysis, 516-18 
repipe, 532-3, 536 


heat exchanger network design (Continued ) 
resequence, 531-2, 534-6 
retrofit, 530-6 
area addition, 526 
automated methods, 536-8 
fixed structures, 525-30, 536, 538 
heat transfer enhancement, 526-30 
network pinch, 531-3 
new match, 533, 535 
repipe, 532-3 
resequence, 531-2 
sensitivity analysis, 526 
stream split, 533 
segments of stream, 545, 550 
simulation, 518-9 
stream split, 507-11 
superstructure optimization, 523-5, 536 
tick-off heuristic, 503—4 
threshold problems, 464-6, 507 
utility paths, 520-1, 526 
utility pinch, 466, 511-5 
heat exchanger network target, 457-99 
area target, 489-93, 881-2 
areas of integrity, 473-5 
capital-energy tradeoff, 463 
cogeneration, 480-5 
cold stream, 457 
composite curves, 457-61 
balanced, 489 
shifted, 467-8 
energy target, 457 
enthalpy intervals, 489-93 
furnaces, 477-9 
acid dew point, 479 
efficiency, 479 
stack loss, 478-9 
theoretical flame temperature, 477 
gas turbine integration, 480 
grand composite curve, 475-7 
heat cascade, 468-70 
heat engines appropriate placement, 480 
heat pump appropriate placement, 485 
loops, 487-8 
hot stream, 457 

non-global minimum temperature, 472-3 
number of heat exchange units, 486-9, 504 
pinch, 461-4 

problem table algorithm, 466-72 
process changes, plus/minus principle, 
543^1 

process constraint, 473-5 
supply temperature, 457 
target temperature, 457 
temperature interval, 467-72 
threshold problems, 464-6 
utility selection, 475-7 
heat integration 

distillation see distillation, heat integration 
dryers see dryers, heat integration 
heat pump see heat pump, heat integration 
reactor see reactor, heat integration 
refrigeration see refrigeration 
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heat pump 

absorption heat pump, 789-80 
absorption refrigeration, 681-2, 802-3 
coefficient of performance, 797, 799, 800, 
802-3 

compression (mechanical), 485, 797-8 
heat integration. 485-6 
heat transformer, 801-2 
Henry’s Law, 113,185,832 
hierarchy of design, 6-8 
hot shot reactor, 109 
hybrid reaction and separation, 385-6 
membrane distillation, 270-1 
hydrates, 211 
hydrocracker, 118 
hydrocyclone, 130 
hydrogen manufacture, 95-6 

ideal batch reactor, 66 
industrial symbiosis, 794 
inherently safer design, 815-18 
minimization, 816 
moderation, 817 
simplification. 817 
substitution, 816 
installation factor, 23, 24, 25, 34 
integer variables, 48, 54 
investment criteria, 33—4 
ion exchange, 587, 728 
irreducible structure, 13-14 
isopropyl alcohol (IPA), 61, 268, 787 

Kalina cycle, 797 

Kremser equation, 186-8, 190-1 

Le Chatelier’s principle, 85, 89, 96 
lead see materials of construction 
lever rule, 143, 249 
life cycle assessment (LCA), 781-6 
linear programming, 47-9 
degenerate, 49 
shadow price, 49 

linings see materials of construction 
liquid-liquid equilibrium, 264-5, 841-4 
activity coefficient models, 842 
distribution coefficient, 842, 843 
heteroazeotrope, 841 
NRTL, 842 
UNIFAC, 842-3 
liquid-liquid extraction, 189-96 
distribution coefficient, 189 
extraction factor, 190 

height equivalent of a theoretical plate (HETP), 
195 

Kremser equation, 190-1 
raffinate, 189 
separation factor, 189 
solvent choice, 195-6 
liquid 

density, 848-9 
thermal conductivity, 849 
viscosity, 849 


maintainability, 11 
materials of construction, 855-9 
aluminium and alloys, 857-8 
brazing, 859 
carbon steel, 855-6 
composites, 858 
copper and alloys, 858 
corrosion, 854-5 
creep, 854 

ductility and malleability, 853 

fatigue, 854 

fiber glass, 858 

glass, 858 

hardness, 854 

lead and alloys, 858 

linings, 858-9 

mild steel, 855 

nickel and alloys, 857 

plastic 858 

selection criteria, 859-60 
stainless steel, 856-7 
tantalum, 858 
tensile strength, 853 
titanium, 858 
toughness, 853—4 
welding, 859 
yield strength, 853 
zirconium, 858 

membranes, 199-211,383,587,726 
asymmetric, 200 
concentration polarization. 204 
dense, 200 
dialysis, 206 
electrodialysis, 206 
fast gases, 202, 383 
flow pattern, 208 
gas permeation, 202 
microfiltration, 205-6, 726 
microporous, 200 
nanofiltration, 204-5, 726-7 
osmotic pressure, 204 
permeability, 200, 201 
permeance, 200-1, 207 
permeate, 199, 383 
permselective layer, 200-1 
pervaporation, 270-1 
recycle, 202, 383 
retentate, 199, 383 
reverse osmosis, 203^1, 587, 726 
selectivity, 200 
slow gases, 202, 383 
substrate, 200 
ultrafiltration, 205, 726 
Van t' Hoff equation, 204 
VOC recovery, 696-7 
wastewater treatment, 726-7 
see also filtration 
MESH equations, 177 
microfiltration, 205-6, 726 
mixed integer linear programming (MILP), 51-3 
mixed-flow reactor, 66-7 
monochlorodecane (MCD), 380-2 
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multiple reactions, temperature of operation, 91 
multivariable optimization, 39, 42-5 

nanofiltration, 204-5, 726-7 
net present value, 31, 32, 33, 34 
nickel see materials of construction 
nonlinear programming (NLP), 49-50 
NRTL equation, 266, 834. 845 
Nusselt equation, 317-18 

objective functions, 37-9 
ocean acidification, 688 
onion diagram, 7, 10 
operating cost 
catalysts, 27 

cooling water, 27, 29, 30 
labor, 30 
maintenance, 30 
project cash flow, 31-3 
refrigeration, 27, 29-30 
royalties, 30 
steam, 28-9, 638-41 

operating pressure see pressure of operation 
operating temperature see temperature of operation 
optimization 

batch process, 436-41 

binary variables, 50-3 

branch and bound, 51-3 

capital-energy tradeoff, 460-1, 520-3, 536 

concavity, 38-9, 56 

constrained, 45-7 

continuous variables, 51, 53-4 

contour diagrams, 42, 43, 46 

convexity, 39 

degrees of freedom, 38, 400 
design equations, 37-8, 400 
design specifications, 408 
design variables, 37-8, 400-1 
deterministic 

direct search, 42 
indirect search, 42 
disjunctive constraints, 51 
equation solving, 54-5 
(in)equality constraints, 37-8, 45-6, 50-2 
flowsheet sequencing, 408 
genetic algorithms, 43. 44-5 
Golden Section, 40-1 
heat recovery from waste streams, 37-8 
integer variables, 50-3 
linear programming, 47-9 
mixed integer linear programming (MILP), 50-3 
relaxed solution, 51-2 

mixed integer nonlinear programming (MILP), 53-4 

multivariable, 39, 42-5 

nonlinear programming (NLP), 49-50 

objective function, 37-9, 45, 56 

quadratic programming (QP), 50 

reactor conversion, 409-13 

recycle inert concentration, 411-3, 412 

region elimination, 40-1 

sequential quadratic program (SQP), 50 

sequential simplex search, 42 


optimization (Continued ) 

simulated annealing, 43—4, 47, 50, 56 
single-variable, 40-1 
steepest ascent (descent), 42 
stochastic search, 42-5 
structural, 50-4 

structural and parameter, 5-6, 15, 50—4 
unimodal, 38-40 
univariate search, 42 
optimum 

global, 38, 47, 53, 55-6 
local, 38, 43, 55-56 
saddle point, 38 
Organic Rankine cycles, 797 

partial pressure, 827 
patents, 2 
payback time, 31 
pellet catalysts, 100 

Peng-Robinson equation. 407, 666, 828-30, 829, 846 
Petlyuk column, 234-5 
phthalic anhydride, 549 
physical property models, 393-4, 827-52 
liquid 

density, 828, 848-9 
thermal conductivity, 849-50 
viscosity, 849 
vapor 

density, 828, 849 
thermal conductivity, 850 
viscosity, 849 

pinch design method, 501-7 
multiple pinches, 511-16 
pipe systems, 349-55 
piping and instrumentation diagram, 12-13 
plastic materials see materials of construction 
polycondensation, 62 
polymerization 
active center, 62 
active life, 62, 76 
free radicals, 62, 75 
initiation step, 62 
polycondensation, 62 
propagation step, 62 
reactor, choice, 75-6 
termination step, 62. 75 
pool boiling, 323 
pressure of operation 
absorption, 188 
ammonia synthesis, 92 
capital costs, 20 
distillation, 174-5, 177 
equilibrium conversion, 92-3 
materials selection, 859 
reactor, 92-3 
process control see control 
process design approaches 

evolution through optimization, 16 
irreducible structure, 13-14 
superstructure creation and optimization, 14-16 
process expander see expander 
process flow diagram (PFD), 4, 400 
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process recycle see recycle 
process yield, 386-8 
product removal during reaction, 97 
pumpback, 238 
pumps/pumping 
centrifugal, 356-63 

best efficiency point, 356 
impeller diameter, 357-9 
impeller speed, 357-9 
power, 356-9, 398 
dynamic, 355 

net positive suction head, 357, 361 
pipe fittings, 350-2 
positive displacement, 355 
pressure drop, 349-55 
similarity (affinity) laws, 359 
specific speed, 358 
straight pipes, 349-50 
purges, 378-9, 382-5 

quadratic programming (QP), 50 
quench, 110, 547, 760 

Raoult’s Law, 140, 143, 188, 832 
reaction catalyst see catalyst 
reaction equilibrium, 81-90 
ammonia production, 81, 83, 87 
endothermic reactions, 89 
equilibrium constant, 83 
ethyl acetate production, 70-3 
exothermic reactions, 89-90 
Gibbs free energy, 81 
heterogeneous reactions, 83 
homogeneous reactions, 83 
gas phase, 83 
liquid phase, 83 
hydrogen production, 95-6 
inert concentration, 96-7 
Le Chatelier’s principle, 85, 89, 96 
pressure, 92-3 

decrease in number of moles, 93 
increase in number of moles, 93 
multiple reactions, 93 
single reactions, 93 
reaction rate, 64-5, 76 
activation energy, 89 
temperature, 89 
reactions 

autocatalytic, 68 

benzene production, 98, 383-5, 390 
benzyl acetate production, 68-70, 452-3 
biochemical (fermentation), 59, 62-3, 76, 99 
catalysts, 63 
concentration, 76, 99 
enzymes, 62-3, 76 
inhibitors, 76 
oxygen levels, 99 
pH, 99 

temperature, 99 

butyl hydrogen sulfate production, 121 
dichloroethane production, 81, 94, 789-91 
ethanolamine production, 62, 118, 20 
ethyl acetate production, 70-3, 94-5 


reactions ( Continued) 

mixed parallel and series, 61-2, 74, 98 
parallel, 61. 77 
path, 59-60 

primary reaction, 61, 74, 77 
rate, 64-5, 73^1, 76, 78, 89, 91-2, 97 
reversible, 65, 77, 81-5, 94-8 
reactor concentration, 94 
series, 61 

single reactions, 61, 73, 77 
sulfuric acid production, 97, 703 
vinyl chloride production, 60 
reactor 
batch 

agitation, 419-20 
contacting, 417-9 
operating conditions, 419 
optimization, 438 
solvent selection, 420 
time, 66 

biochemical reactions, 706 
choice 

idealized models, 65-8 
mixed parallel and series reactions, 74-5 
parallel reactions, 73, 97 
polymerization reactions, 75-6 
series reactions, 74 
single reactions, 73 
cold shot, 109 
concentration 

biochemical reactions, 99 
mixed parallel and serial reactions, 98 
parallel reactions, 97-8 
product removal during reaction, 97 
series reactions, 98 
single irreversible reactions, 94 
single reversible reactions, 94-7 
conversion, 63-4 
fixed-bed 

catalytic, 117 
non-catalytic, 117-18 
fluidized bed 
catalytic, 118-19 
noncatalytic, 119 
gas-liquid, 112-5 
heat integration, 555-61 
adiabatic operation, 555 
grand composite curve, 558-60 
heat carriers, 555 

reactor appropriate placement, 557-8 
hot shot, 109 
kilns, 119-20 
liquid-liquid, 115-6 
mixed flow, 66-67 
space time, 67 
space velocity, 67 
mixer-settler, 116 
models, 65-73 
ideal batch, 66 
mixed-flow, 66-7 
plug flow, 67-8 
moving bed catalytic, 118 
operating conditions, 81-105 
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reactor ( Continued ) 

optimization of conversion, 409-13 
performance 

conversion, 63—4 
selectivity, 63-4 
yield, 63—4 
phase, 93, 112-16 
plug flow, 67-8 
space time, 68 
residence time, 68 
stirred-tank, 65, 66-7, 116-7 
trickle-bed, 113 
tubular, 116 
reboilers, 321-6 
critical heat flux, 323 
forced circulation, 324 
kettle, 275, 321-2 
natural circulation. 322 
partial, 152, 154 
recirculation ratio, 322 
thermosiphon, 153, 154 
horizontal, 321-2 
vertical, 322 
recycle 

byproduct for selectivity, 378 
byproduct formation, 377-8 
convergence, 402-7 
damaging contaminants, 378 
diluents and solvents, 379 
feed impurities, 378-9 
function, 377-82 
heat carrier, 379 
membranes, 383 
with purges, 382-5 
purges, 382-5 
raw materials, 791-2 
simulation, 400-2 
water, 721 
refrigeration 

absorption, 681-2, 802-3 
appropriate placement, 485-6 
cascade, 660-1 

coefficient of performance, 658 
compression, 658-61 
power targeting, 665-9 
costs, 27, 29-30, 223 
economizer, 659 
heat integration, 669-72 
indirect, 682 
mixed refrigerant, 673-7 
multistage cycles, 667-8 
presaturator, 660 
refrigerant choice, 662-5, 673-7 
simple cycle, 665-8 
subcooling, 657-8 
targeting power, 665-9 

see also cooling; cooling tower; cooling water system; heat 
exchangers 
reliability, 11 

remaining problem analysis, 516-18 
renewable energy, 806-7 
retrofit, 11 

capital costs, 25-6 


retrofit ( Continued ) 

distillation sequencing, 236-7 
heat exchanger, 313-16 
heat exchanger network, 525-38 
return on investment (ROI), 31 
reverse osmosis, 203-4, 587, 726 
reversible reactions see reactions 
Reynolds number, 317 
royalties, 30 
rupture disks, 820-1 

saddle point, 38 
safety 

autoignition temperature, 811 
Bhopal disaster, 817 
bursting discs, 820-1 
explosion see explosions 
fire, 811-2 

flammability limits, 811 
flashpoints, 811-2 
Flixborough disaster, 812 
hazard identification, 813-15 
hazard and operability (HAZOP) studies, 822-3 
hazard identification (HAZID) studies, 815 
hierarchy of safety management, 815 
inherently safer design, 815-18 
distillation, 816 
heat transfer, 816 
minimization, 816-7 
moderation, 817 
simplification, 817-18 
storage, 816-7 
substitution, 816 

layer of protection analysis (LOPA), 823 
safety integrity level (SIL), 823 
layers of protection, 819-22 
limiting concentration of dust, 812 
limiting oxygen concentration, 811 
minimum ignition energy, 811 
relief valves, 820 
Seveso disaster, 817 
toxic exposure, 813 
acute, 813 
chronic, 813 
lethal concentration, 813 
lethal dose, 813 
threshold limit values, 813 
toxic release, 813 
safety integrity level, 823 
scrubbing, 134-5, 690 
packed tower, 134, 134 
spray tower, 135 
venturi, 135 
selectivity, 63—4 
separation 

heterogeneous mixtures 
centrifugal, 130-1 
cyclone, 130-1 
drying see drying 
filtration see filtration 
flotation, 135-6, 726 
hydrocyclone, 130 
inertial, 130 



894 Index 


separation ( Continued ) 

membrane processes, 134, 726 
scrubbing see scrubbing 

settling and sedimentation see settling and sedimentation 
homogeneous mixtures 
absorption see absorption 
adsorption see adsorption 
crystallization see crystallization 
distillation see distillation 

liquid-liquid extraction see liquid-liquid extraction 
membrane separation see membranes 
stripping see stripping 
sequential modular see simulation 
sequential quadratic programming (SQP), 50 
settling and sedimentation, 126-9 
aggregates, 127 
clarifier, 128 
classifier, 128 
decanter, 127 
drag coefficient, 126 
flocculating agent, 127 
floes, 127 
Stake’s law, 126 
terminal settling velocity, 126 
thickener, 127-8 
Seveso disaster, 817 
sieve tray, 147 
silica gel, 197 

simplex algorithm, linear programming, 49 
simulation, 4, 393^-08 
equation orientated, 401 
degrees of freedom, 400 
design specifications, 408 
distillation, 176-9, 397 
flowsheet sequencing, 408 
heat exchanger, 301, 303-7, 396 
physical property models, 393—4 
sequential modular recycle convergence, 402-7 
Broyden’s method, 406 
direct substitution, 402-3 
Newton-Raphson, 404-6 
secant methods, 406-7 
Wegstein methods, 403^1 
unit models, 394-^-00 
validation, 408 
site targeting 

cogeneration, 623-6 
cogeneration efficiency, 627-30 
composite curves, 612-23 
power-to-heat ratio, 627-30 
site pinch, 617 
specialty chemicals, 1 
spray dryers, 136 
steam boiler 

acid dew point, 594 
air preheater, 594 
blowdown, 588 
calorific value of fuel, 591 
draft, 590-1 

economic continuous rating, 592 
economizer, 594 
fire-tube (shell), 589 


steam boiler ( Continued ) 
fluidized bed, 589-90 
heat balance, 591-2 
maximum continuous rating, 592-3 
water tube, 589 
steam cost, 28-9, 638—41 
fixed steam load, 638 
marginal, 639 
variable steam loads, 638 
steam system 

boiler feedwater treatment, 685-9 
chemical treatment, 588 
deaeration, 585, 587, 3<57, 627 
deionization, 587 
membrane, 587 
softening, 587 
cogeneration targets, 623-6 
desuperheating, 609 
flash steam recovery, 610, 633 
distribution, 609-12 
letdown station, 610 
machine drive, 627-31 
optimization, 633-8 
power-to-heat ratio, 628-30 
simulation, 631-3 
steam and power balance, 631-3 
steam conditions, 611-2 
steam mains, 610 
steam trap, 609-10 
steam turbines, 602-8 
back-pressure, 603 
condensing, 603 
efficiency. 604 
impulse, 602 
integration. 480 
isentropic efficiency, 28, 604 
mechanical efficiency, 604 
reaction, 602 
Willans Line, 605-6 
steel see materials of construction 
stochastic search see optimization 
stoichiometric factor, 63, 381, 387 
storage 

active/inactive stock, 388 
batch processes, 452 
continuous process, 388-9 
feed, 388, 452 
floating roof tanks, 691-2 
intermediate, 444 
product, 388-9, 452 
ullage, 388 

volatile organic compounds, 691-2 
stripping, 185-9 

Kremser equation, 186-8 
stripping factor, 188 
structural optimization, 50-4 
sulfuric acid manufacture, 97, 104, 703, 793 
superstructure, 14-16, 50 
distillation sequencing, 239—41 
effluent treatment, 772-3 
heat exchanger network, 523 
heat integrated distillation sequence, 571 
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superstructure ( Continued ) 
utility system, 631 
wastewater treatment, 772-3 
water minimization, 759-60 
sustainability see environmental sustainability 

tantalum see materials of construction 
tensile strength see materials of construction 
theoretical oxygen demand, 724 
thermal conductivity 
liquids, 849-50 
vapor, 850 

thermal oxidizer, 699-702 
catalytic, 701-2 
fluidized bed, 699, 699 
hearth, 806 
heat recovery, 700-1 
recuperative heat recovery. 700 
rotary kiln, 806 

thermosyphon reboilers. 153, 321-6 
thickeners, 127-8 

titanium see materials of construction 

total annual cost (TAC), 30-1 

total organic carbon (TOC), 724 

total oxygen demand (TOD), 724 

toxic exposure, 813 

toxic release, 813 

trickle-bed reactor, 113 

triple point, 831 

tunnel dryers, 136 

twisted tube, 311 

ultrafiltration, 205. 726, 733 
Underwood Equations, 157-62 
undifferentiated products, 1 
utilities, 7, 475^186, 583-646 
data extraction, 546-7 
operating cost, 27-30, 638-41 
selection, 475-7 

vacuum crystallization see crystallization 
valves, 350-1 
control, 351 
relief, 820-1 

Van t’ Hoff equation, 204 
vapor density, 827-30 
vapor pressure, 140, 689, 831 
vapor-liquid equilibrium 

activity coefficient, 139-40, 832-8 
activity coefficient models 
NRTL, 266, 834, 845 
UNIFAC equation, 835-7, 845 
UNIQUAC equation, 834-5, 845 
Wilson equation, 833—4, 845 
azeotropes 

maximum-boiling, 143, 248, 832 
minimum-boiling, 143, 248, 832 
bubble point, 141, 143, 838 
bubble pressure, 141, 839 
dew point, 141, 143, 839 
dew pressure, 142, 839 
Henry's law, 185, 832 


vapor-liquid equilibrium (Continued ) 
lever rule, 143,249-50,841 
Raoult’s law, 140, 188, 832 
see also azeotropic distillation 
venturi scrubbing, 135 
vinyl chloride, 60, 62 
volatile organic compounds (VOC), 687 
absorption, 697 
adsorption, 697 
biological oxidation, 702 
catalytic thermal oxidation, 701-2 
condensation, 694-6 
control of VOCs, 690-702 
evaporation, 727 
flare stacks, 698-9 
gas turbines, 702 
membrane treatment, 696-7 
thermal oxidation, 699-701 
wastewater, 727 

wastewater biological treatment, 729-32 
aerobic, 729-30 
anaerobic, 729, 730-1 
anoxic, 729 

nitrification-denitrification, 730 
reed bed, 731-2 

wastewater primary treatment, 725-9 
adsorption, 727-8 
chemical oxidation, 728 
chemical precipitation, 729 
coalescence, 725-6 
crystallization, 727 
evaporation, 727 
flotation, 726 
ion exchange, 728 
liquid-liquid extraction, 727 
membrane processes, 726-7 
pH adjustment, 728-9 
solids separation, 725 
sterilization, 728 
stripping, 727 
wet oxidation, 728 
wastewater tertiary treatment, 732-3 
adsorption, 733 
disinfection, 733 
filtration, 733 

nitrogen and phosphorous removal, 733 
ultrafiltration, 733 

wastewater treatment system, 761-7, 772-3 
composite treatment line, 761-2 
data extraction, 774-5 
environmental limits, 775 
treatment data, 774-5 
water balance, 773-4 

design for minimum treatment flowrate, 765-7, 772-3 

distributed, 723. 761-7, 772-3 

effluent treatment line, 762 

multiple treatment processes, 765 

pinch, 762 

regeneration recycle, 772-3 
regeneration reuse, 772-3 
superstructure optimization, 772-3 
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wastewater treatment system ( Continued ) 
targeting minimum treatment flowrate, 

761-5 

minimum outlet concentration, 762, 764 
removal ratio, 762 
water minimization, 735-61, 767-71 
aqueous contamination, 724-5 
data extraction, 773-4 
contaminants, 774 
data accuracy, 774 
flowrate constraints, 774 
limiting conditions, 774 
water balance, 773—4 
design for maximum reuse 
fixed flowrate, 751-7 
fixed mass load, 737-47 
superstructure optimization, 758-60 
limiting concentration, 735 
limiting concentration composite curve, 736 
limiting water profile, 734-5 
multiple contaminants, 758 
multiple water sources, 744 


water minimization ( Continued ) 
pinch, 737 

process changes for reduced water consumption, 760-1 
reuse, 721, 735-60 
superstructure optimization, 758-60 
targeting maximum water reuse, 
fixed flowrate, 747-50 
fixed mass load, 735-7 
water loss, 746, 756 
water main, 738 
water supply line, 737 
Wellman-Lord process, 707 
Willans Line, 598. 605 
Wilson equation, 833-4 

yield 

process, 386-8 
reaction. 63—4 

yield strength see materials of construction 
zeolites, 197 

zirconium see materials of construction 
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